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This thesis investigates the integration possibilities for a 430 MWth combined heat and
power (CHP) plant and an industrial scale continuous hydrothermal carbonization (HTC)
reactor. HTC is a biomass upgrading process that produces a valuable coal-replacement
product, “hydrochar,” with increased energy density, hydrophobicity, and grindability.
Steady state simulations of the two processes in their stand-alone operation were developed
in IPSEpro, and subsequently combined in two different integration schemes. Fluctuations
in load and weather conditions were accounted for by modeling eight discreet load points.
The objectives of this study were to assess the advantages of each integration case in terms
of operability, economic performance, and scale-up potential.

The two integration schemes primarily differed in their methods for recovering heat from
the HTC wastewater to the CHP cycle. The resulting efficiencies of producing heat, power,
and hydrochar were comparable between the two cases. Both schemes simplified the
HTC process components, reduced boiler fuel intake, and thus performed with higher
trigeneration efficiencies than parallel operation of the stand-alone CHP and HTC plants.

Primary operational differences between the integrates occurred in annual electricity
generation and wastewater production. Wastewater treatment capacity was found to have
a large impact on the capital costs of the integrated system, with the lowest waste-
producing integrate also having the lowest capital cost. However, the case with the
highest electricity production accumulated the largest annual cash flow. Changing the
hydrochar production capacity ultimately did not change which integration method was
more profitable. However, the more complex integration scheme, which had a lower
annual cash flow in both scales, exhibited favorable scaling behavior due to an increase
in electricity production, resulting in the largest improvement in profit upon scale-up.
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SYMBOLS AND ABBREVIATIONS

A list of the variable and parameter symbols, definitions and units is provided below, any
deviations from these units will be explicitly stated in the text:
A surface area (m2)
C cost (Me)
cp specific heat (kJ/kgK)
Ey energy yield (unitless)
G conductance (kW/K)
K turbine constant (unitless)
ṁ mass flow rate (kg/s)
My mass yield (unitless)
P power (kW, MW)
p pressure (Pa, bar)
rWB water to biomass ratio (kg H2O/kg dry biomass)
rO&M operation and maintenance cost ratio (eO&M/ePEC)
T temperature (◦C, K)
t residence time (h)
U overall heat transfer coefficient (kW/m2K)
v specific volume (m3/kg)
X component capacity (unitless)
x steam quality (unitless)
α cost scaling factor (unitless)
η efficiency (unitless)
Φ Heat transfer rate (kW, MW)



A list of the subscript and superscript symbols and definitions is provided below:
a,b component indices
avg average
bm biomass
c cold side
D design parameter
da f dry, ash free
db dry basis
el electricity
f furnace, fuel
f eed HTC feedstock
h hot side
hc hydrochar
in into the component
l large scale
lm logarithmic mean
OD off-design parameter
p purchased
rel relative
s isentropic
wet wet basis
y index year



A list of the acronyms and abbreviations and definitions is provided below:
BFB Bubbling fluidized bed
CFB Circulating fluidized bed
CHP Combined heat and power
DCA Drain cooler approach
DH District heating
DHC District heating condenser
EU European Union
FB Fluidized bed
FC Fixed carbon
FCI Fixed capital investment
FT Flash tank
GHG Greenhouse gas
HHV Higher heating value
HPPH High pressure preheater
HTC Hydrothermal carbonization
IGCC Integrated gasification combined cycle
IPH Industrial process heat
IRR Internal rate of return
LHV Lower heating value
LPPH Low pressure preheater
MDK Model Development Kit
MSW Municipal solid waste
NPV Net present value
OECD Organization for Economic Cooperation and Development
O&M Operation and maintenance
PEC Purchased equipment cost
PSE Process Simulation Environment
SCAH Steam coil air heater
TCI Total capital investment
VM Volatile matter



1 BACKGROUND AND INTRODUCTION

Meeting the increasing global energy demands while mitigating the environmental and
social impacts of anthropogenic climate change are central challenges of this century. Re-
newable energy technologies have developed rapidly, and deployment has been hastened by
policies and targets such as the Paris Agreement and the European Commission’s Renew-
able Energy Directive. Reducing carbon dioxide emissions to a suitable level to keep the
global temperature rise below or well below two degrees Celsius means tackling energy
related emissions in the power sector, heat sector, and transport sector, which each face
unique energy challenges. No singular technology can replace fossil fuel burning alone,
but rather a tailored energy generation mix must be implemented based upon a region’s
available resources and the specific local demands of the energy consumers.

Finland is one of the top EU countries for implementation of renewable energy technolo-
gies. In 2015, renewable resources accounted for 30.6% of Finland’s total primary energy
supply [1]. In the heating and power sector, biomass plays a key role in replacing fos-
sil fuels in thermal plants. Energy from biomass is advantageous due to its technological
maturity, reliable production of base-load energy, and carbon-reduction potential, when
feedstock sustainability concerns are well-managed [2]. Within the EU, almost two-thirds
of the renewable energy consumption is from biomass combined heat and power (CHP)
plants [2]. Finland, with its cold climate and advanced forestry industry is also a leader in
CHP implementation, with 26% of total electricity and 42% of total heat generated coming
from CHP plants [3]. In 2016 there were 136 operating CHP systems in Finland, with a total
capacity of 7000 MWe and 8000 MWth [3]. Of the electricity generated from CHP, 46% is
generated from biomass, while 43% of heat generated by CHP plants comes from biomass
sources [1]. Therefore 12% of the total electricity and 18% of the total heat is produced
from biomass CHP in Finland. This is in comparison to the OECD total of just 1.5% of total
generated electricity and 17% of generated heat from biomass CHP [1]. The maturity of the
CHP technology and widespread implementation in Finland provides a strong foundation
upon which to analyze the integration options for CHP plants and other biomass processing
technologies. The implementation of sustainable forestry and biomass harvesting practices
in Finland also enables the widespread use of wood in the energy sector.

While solid biomass fuels can be directly burned in CHP plants, the low energy content of
the feedstock and the heterogeneous composition make the biomass a more difficult and
ultimately more costly fuel to handle and burn. A variety of upgrading processes have
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been developed to transform raw biomass resources into higher value solid, liquid, and
gaseous fuels which can be directly substituted for traditional fossil fuels. Upgrading can
be achieved through thermochemical, physical, or biological processes. The goal of the
conversion processes is to produce a fuel product with improved handling characteristics,
combustion properties, and a higher economic value than the raw biomass feedstock. While
the technologies exist for upgrading biomass, industrial scale implementation is very lim-
ited, due to both the economics of scaling up lab-scale conversion methods as well as the
underdeveloped markets for the fuel products. Competition with low cost fossil fuel re-
sources requires highly efficient conversion strategies, as well as favorable carbon taxation
schemes to allow biomass to compete with traditional non-renewable fuels.

Integration of combined heat and power plant operation and thermochemical upgrading is
an emerging research area due to the possibilities for CHP waste heat utilization in biomass
pretreatment, and the economic benefits of co-locating biomass supply chains for both pro-
cesses. Biorefinery concepts, where biomass resources are utilized for the pulp and paper
industry, power, heat, chemicals, and fuels, have already been implemented in Finland in
order to efficiently and sustainably produce multiple products from the same biomass re-
sources, namely forestry residues and wood chips. Investigating the optimal integration
schemes and the economics of scale is crucial for future integration applications, as in-
dustrial partners continually improve and develop their biomass conversion sites, and new
markets come into existence for biomass based fuels.

1.1 Objectives

The objectives of this study are as follows:
1. To investigate the optimal integration scheme for a large scale CHP plant with a nom-
inal load of 430 MWth and a continuous hydrothermal carbonization (HTC) reactor. The
high temperature and pressure water from the CHP cycle can provide the thermal input to
the HTC process, which eliminates the need for an external heating source for the HTC
cycle, thus improving the efficiency of the combined process. The integration scheme will
be assessed based upon the efficiency of fuel use for combustion and thermochemical up-
grading, as well as on the basis of how water is used and conserved in the integrated cycle.
Producing excess waste water which must be treated after the HTC process increases the
costs to the system operator.
2. To determine the economic impact of varying the capacity of the HTC reactor. As
the capacity of the HTC plant changes, the thermal input required from the CHP process
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will change, impacting the amount of heat and electricity produced for the end consumers.
Weighing the benefits of increased HTC production against the capital and operating costs
of a larger HTC plant is a key question in this study.

1.2 Biomass feedstocks

Biomass is the energy source for the combustion process in the CHP plant studied, as well
as the raw material for the HTC upgrading process. The characteristics of the biomass
feedstock are important in determining the amount of heat and power that can be produced
in a biomass CHP plant, and also in modeling the upgrading of the biomass in an HTC
reactor. This section introduces the different types of feedstocks that are commonly used
in biomass energy conversion and their relevant properties.

The main biomass resources can be categorized as residues from agricultural and forestry
industries, waste from animals and humans, and energy crops which can be grown in short
rotations of 3-15 years [4]. Agricultural residues, food residues, municipal solid wastes
(MSW), animal manure and sewage sludge, as well as forestry residues and wood indus-
try wastes provide the main fuels for heat and power production [4]. Within the EU, the
forestry sector supplies the largest fraction of the biomass resource. Around half of the
biomass supply comes from industry byproducts including black liquor, bark, and sawdust,
while the next largest component is roundwood, and a smaller portion is residues from for-
est harvesting, such as the tops, branches, and stumps of trees not utilized for timber or
pulping [2].

The second largest source of biomass supply in the EU is wastes, including MSW, ma-
nure, and other biodegradable products [2]. The EU’s yearly production of sewage sludge
is over 10 million tons on a dry weight basis [5]. The amount of municipal solid waste
that is produced by an individual can range from 0.1-0.8 tons/person/year depending on
the country (and correlated with average income) [5]. The composition of MSW is varied
and includes residential wastes such as newspapers, packaging, and food waste, as well as
institutional waste from schools or hospitals, and commercial wastes from restaurants and
shops [5]. Because of the heterogeneity of the MSW feedstock, thermochemical process-
ing is complex, as sizing and composition impact the design of handling and conversion
equipment.

Agricultural residues consist of the byproducts from food production like stover and straw
[2]. Additionally, manure from large centralized farms is becoming an increasingly studied
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feedstock for energy purposes, as it surpasses the levels required for fertilization. Nitro-
gen and phosphorous introduced to ground and surface water from heavy application of
manures can lead to eutrophication, alongside the other damaging environmental effects
including ammonia and GHG emissions, and pathogen spreading [5]. Manure feedstock
can be dry, such as the mixture of bedding, manure, and waste feed streams from poultry
operations, or alternatively it can contain more than 90% water when collected from dairy
and swine feeding locations [5]. The increasingly concentrated animal population in these
farms requires a reevaluation of waste processing from large scale farming operations.

Energy crops are increasingly important in the energy market, especially in countries with
smaller forestry sectors and available fallow land. Commonly used energy crops are eu-
calyptus, poplar, willow, and miscanthus for power and heat, and sugar cane, corn, wheat,
rapeseed, sunflower, and palm oil for biofuel production [4]. When the biomass crops
are replanted, and the annual growth volume is greater or equal to the annual harvest,
the carbon dioxide emitted to the atmosphere from the biomass burning is equivalent to
that taken in by the new growth. Algae is also increasingly studied as a potential feed-
stock for biomass processes, especially thermal upgrading in HTC reactors [5], however its
applications are still under development.

Finland has a robust and sustainably managed biomass resource due to the expansive forest
cover. Over the past 50 years, there has been consistent growth in the forest biomass stock,
enabling the forests to act as both a carbon sink and a source for bioenergy feedstocks and
wood industry raw materials [3]. In order to ensure sustainability, the maximum amount
of wood that can be harvested in each year is determined by the Natural Resources Insti-
tute [3]. The integration between the wood product industries and the energy sector can be
seen in Figure 1.1. The majority of the woody biomass feedstock for the energy industry
is side streams from other wood based processes, rather than direct use of stemwood. Of
the harvested roundwood volume in 2013, nearly half was used for energy purposes, with
the majority utilized in large scale heating and CHP plants [3]. The use of wood waste
streams from forestry for energy use is clearly a well established process in Finland, with
sustainable management practices already implemented. Unlocking further potential of the
biomass feedstock in Finland is dependent on the continuance of best practices in forestry.
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Figure 1.1: Use of wood from Finnish forestry industry in 2013 [3].

1.2.1 Biomass composition

Biomass composition can be described in multiple ways, including by its proximate com-
position and its chemical (ultimate) composition. Biomass feedstocks vary widely in their
composition which means that the energy content of the biomass fuel depends on the type
of biomass. Additionally, biomass moisture content varies throughout the year as seasons
change, which means that the conversion process must be designed to handle both wetter
and drier feedstocks than the design point. Table 1.1 gives a breakdown of the proximate
and ultimate analysis for different biomass feedstocks, as well as their resulting higher
heating values. Higher heating value represents the amount of energy released by combust-
ing the feedstock at 25 ◦C. Proximate analysis is reported on a dry mass basis (db), while
ultimate or elemental analysis is reported on a dry and ash free basis (da f ).

Proximate composition is reported as three categories: volatile matter, fixed carbon, and
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Table 1.1: Selected properties of biomass fuels by type (adapted from [5], [6]).

Feedstock Woods Grasses Algaes

Proximate analysis VM 70-90 75-83 37-62
(weight % db) A 0.1-8 1.4-6.7 13-43

FC 9-29 19-32 9-29

Ultimate analysis C 50-55 46-51 39-54
(weight % daf) H 5-6 6-7 5-13

O 36-44 41-46 26-53
N 0.1-0.2 0.4-1.0 1-12
S 0-0.1 <0.02-0.08 0.5-3

HHVdb [MJ/kg] 19-22 18-20 8-24

VM: volatile matter; A: ash; FC: fixed carbon; HHVdb: higher heating value on dry basis.

ash. The volatile products are those which are released via thermal decomposition between
110-900 ◦C when exposed to high temperature in an inert atmosphere [7]. Typical coals
have volatile matter content ranging from 2-12% for anthracite and 15-45% for lower rank
bituminous, subbituminous, and lignite coals [7]. The volatile matter of the biomass sam-
ples reported in Table 1.1 can be up to twice that of coal, with algaes generally having the
lowest volatile matter, and woods and grasses having substantially higher volatile content
than coals or algaes. The ash content in the fuel is the portion that remains after the full
combustion of the fuel in air above 900 ◦C [7]. While the ash contains mostly minerals and
non-combustible carbon, the mineral content of the fuel is different from the ash content
due to chemical and thermal reactions that take place during the combustion process [7].
The ash content of woody and agricultural biomasses is generally lower than that of tradi-
tional coals, which can have ash contents of 7-12% and above [7]. However, algal biomass
can have an ash content higher than coal, with the top of the range nearing one half of the
weight of the algae, as shown in Table 1.1.

The fixed carbon in the fuel is defined as the solid combustible material, which is not
volatile matter nor ash, which combusts in the presence of oxygen at 900 ◦C. Coal has
higher fixed carbon content than the biomass feedstocks in Table 1.1, which accounts for
its higher energy density. Anthracite, the highest quality coal, has 75-85% fixed carbon by
weight, while bituminous, subbituminous, and lignite coals fall in the ranges of 50-70%,
30-57%, and 25-30% respectively [7]. While the values in Table 1.1 are reported on a dry
basis, the fuel will certainly have some amount of moisture which must be vaporized during
the combustion process, reducing the heat available from combustion. Moisture content of
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the fuel can vary based on the harvesting conditions as well as the inherent moisture that
is held in the walls of the biomass cells [8]. While there is a wide range of moisture con-
tents observed in the literature for biomass resources, the moisture content for coal remains
generally below 20%, with anthracite coal having the lowest moisture content [8, 7].

1.3 Combined heat and power production from biomass

Combined heat and power production describes the process in which a fuel is burned to
supply both electricity and heat from the same thermal source. Approximately two-thirds
of the energy contained in the primary energy source is not converted to electricity in tradi-
tional power plant operations [9]. Heat that is lost or exhausted in such condensing power
plants is recovered in CHP systems, and utilized to meet industrial or commercial heat de-
mands. The resulting process operates at higher efficiency than two separate processes for
converting individual fuel streams fuel to power and heat. A diagram of the main principle
of efficiency improvement through CHP operation is shown in Figure 1.2.

Figure 1.2: Principle of combined heat and power operation. [9]

While the technology for thermal conversion varies based upon the fuel source, the princi-
ple of the operation is the same: less fuel is required to produce the same amount of heat
and power when the operation is combined, in comparison to conventional generation. Im-
proving the efficiency of the electricity and heat supply is one key way that fossil fuel use
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and CO2 emissions from the energy sector can be reduced.

Additionally, utilizing biomass fuels in CHP technology can further reduce the environ-
mental impact of heat and power production. Throughout Europe, switching to biomass
fuels from fossil fuels has been shown to reduce the emissions from heat and power gener-
ation by between 55 and 98%, even when the biomass is sourced from abroad [2]. While the
combustion of biomass is considered to be a carbon-neutral process, the carbon footprint of
biomass processes still includes the harvesting and transportation of the feedstock. Though
fuel switching provides the biggest improvement in environmental impact, the costs asso-
ciated with redesigning and retrofitting existing fossil fuel boilers present a challenge to
biomass CHP implementation. Currently, biomass co-firing is the lowest cost method for
biomass power production, with efficiencies reaching up to 45% [4]. Biomass only plants
are often smaller than coal fired power plants due to the limited availability of the biomass
feedstock, and typical electricity-only efficiencies are lower than fossil fuel power gener-
ators. Dry biomass fired power plants have electrical efficiencies between 30-34%, while
MSW plants operate at about 22% electrical efficiency [4]. However, when these plants are
utilized in CHP production, efficiencies improve to 85-90% [4].

The combined production of heat and power is not only beneficial to the environment, but
also valuable as an economic solution, and as a means to achieve energy independence. Of-
ten, CHP systems are locally implemented, which means that losses from the transmission
and distribution network can be minimized, along with the waste heat losses [9]. Higher
efficiency and lower fuel costs translate into cost savings for the consumers of the energy,
while the investment costs for the energy system are also decreased due to the minimized
required infrastructure [9]. Policy makers see the advantages of CHP in both the CO2 re-
duction potential as well as the lower dependence on imports of fossil fuels, in cases where
separate generation can be replaced by CHP with lower fuel requirements [9]. Increas-
ing energy independence is a key political driver for energy policy, and CHP technology,
especially biomass CHP can allow for economical utilization of wasted or surplus local
resources to meet regional and national demands.

The applications of CHP are wide, and include industrial, commercial, and residential use.
In the industrial sector, systems range from 1-500 MWe and the heat demands require heat
delivered at high temperatures [9]. The industrial uses include production of chemicals,
pulp and paper, and metals, along with food, timber or minerals processing, and oil refin-
ing [9]. Because industrial heat and power demands are co-located, CHP technology has
already been widely implemented in this sector, and the integration of renewable biomass
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fuels into the existing infrastructure is considered by IEA to be possible with moderate
to high ease [9]. The main technologies used for generation in the industrial sector are
steam turbines, gas turbines, reciprocating engines, and combined cycle systems, designed
to follow the unique industrial heat loads and electricity demands [9].

For the commercial sector, which includes hospitals, hotels, large buildings, and agricul-
tural operations, the CHP applications are of smaller scale, between 1 kWe-100 MWe.
These demands are met most commonly with liquid fueled reciprocating engines, Stirling
engines, fuel cells, or micro turbines, which make biomass fuels more difficult to imple-
ment in this sector [9]. The residential sector has a wider range of applicable technologies,
which enables more flexibility in fuel use. Residential heat is often supplied by CHP con-
nected to a district heating system, which delivers heat to a large network using low to
medium temperature water or steam [9]. Most often, steam turbines, gas turbines, incin-
eration of waste, and combined cycle systems are used to meet the daily heat demands of
all users within the network, including office buildings, apartments, school campuses, and
other stand alone buildings [9]. The loads in the district heating network have daily fluctu-
ations associated with common user behaviors and schedules, as well a seasonal variations
with ambient temperature. The size of the CHP system in a district heating application does
not have a typical value, and can be designed as large or small as is required by the heating
network’s load [9]. For plants that are smaller than 1 MWe, it is possible to implement a
pre-packaged CHP system, while larger plants require equipment tailored to the site and
load profile [9].

1.3.1 Combustion technology for biomass CHP

Combustion is the main thermal conversion pathway for biofuels in the energy sector, in-
cluding in CHP heat and power production. Fundamentally, fossil or biomass hydrocarbon
fuel, in combination with excess oxygen releases the principle products of heat, carbon
dioxide and water [10]. Biomass combustion occurs at temperatures between 800 and
1200 ◦C [10], however it is not feasible without a pre-drying process for biomass that has
a moisture content much above 50% [11]. In this section, the stages of combustion are
introduced and the typical boiler configurations used to harness the energy released from
biomass combustion are discussed.

The first event in combustion is drying and heating of the fuel, followed by devolatilization
and combustion of volatiles, swelling with primary fragmentation, and finally char com-
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bustion and secondary fragmentation [12]. Figure 1.3 shows the stages of combustion in a
circulating fluidized bed boiler and their temperature levels as described by [12], as well as
the relative magnitudes of the time each stage takes.

Figure 1.3: Sequential stages of combustion [12].

As the fuel reaches temperatures of 500-600 ◦C, the first steady release of volatiles begins,
in the form of gaseous products. Volatile matter in the fuel is made up of a variety of hy-
drocarbons which produce both condensable and non-condensable products when released
[12]. The second step in devolatilization generally occurs at 800-1000 ◦C [12]. The release
of volatiles and subsequent burning of the product gases are overlapping processes in com-
bustion, with overall volatile yield in fluidized bed reactors increasing with temperature
increase [12]. For biomass fuels, between 70-90% of the combustible mass of the particle
is released during the devolatilization stage [13].

The swelling and fragmentation of a particle reduces the size of the fuel particle through-
out the combustion process concurrently with attrition. Swelling refers to the phenomena
when the release of volatiles from inside the fuel particle causes swelling of the particle if
the pores are not large enough to allow the volatiles to escape. The ensuing pressure in-
side the particle causes primary fragmentation, or the breaking of the particle into smaller,
similar-sized pieces. Another way the particle breaks down is through friction with other
particles, releasing fines through attrition. [12]

After the release of volatiles, the fixed carbon in the fuel particle, or char, begins to com-
bust, initiating the longest stage in the fuel combustion. Occasionally there is overlap of
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the volatile release and char combustion processes [12]. The char combustion in fluidized
beds is complex and influenced by the temperature, diffusion rate of oxygen, mass transfer
rate to fuel particles, and the reaction rate of the carbon with oxygen [12]. Because the char
is moving through the boiler during combustion, and losing mass due to fragmentation and
attrition, the parameters influencing the char combustion time are continuously changing
for a single particle. The main process in char combustion is the reaction of oxygen from
the fluidizing air with the surface of the char particle, oxidizing the carbon into CO2 and
CO [12].

Grate fired boilers

Small scale CHP operations commonly use grate fired boilers, in applications of 15 kW-
30 MW, with these boilers being the main type of firing for biomass application under
10MWth [14, 15]. This is because Grate firing is a well-established and inexpensive method
for burning solid fuel, and is therefore advantageous for waste burning and small scale
biomass applications. One of the challenges associated with grate fired boilers is the high
combustible matter content in the product ash [14]. Additionally, changes in fuel quality
can have substantial impacts on boiler performance, as they impact the firing rate and can
cause uneven combustion [15]

The grate is the mechanism for retaining the solid fuel layer while it combusts and releases
its heat to the furnace surfaces. It is located at the base of the boiler and can be either
stationary or moving. Grate architecture is categorized as horizontal, sloping or conical
depending on the mechanism for moving the solid fuel through the furnace [14]. Nearly all
applications of grate firing for steam generation utilize moving grates, in which the speed
of the movement can be regulated to control the fuel flow through the boiler [14, 15]. The
fuel feeding into the boiler and subsequent ash removal after firing are performed auto-
matically in mechanical grate applications [15]. In all grate types, the primary combustion
air is supplied through the base of the grate, flowing through the grate and into the bed of
combustible fuel to initiate the drying, ignition, and char burning phases of the combus-
tion. Air flow can be controlled using separated zones under the grate [15]. Regardless
of the mechanism for moving the fuel, the drying stage begins where the fuel enters the
furnace onto the grate, and char combustion takes place at the farthest end of the grate,
after sufficient temperatures for ignition and burning have been reached. For the burning
of volatile gases released from the fire bed, secondary air is supplied above the grate [14].
One main challenge for grate firing is effective transfer of heat from the char combustion
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to the incoming moist fuel in the drying stage, leading to large grate area requirements for
wet biomass fuel [15].

Fluidized bed boilers

Combustion of biofuels in fluidized bed boilers is an efficient way to burn low quality or
mixed quality fuels with high reliability and availability of the boiler, and minimized sulfur
and nitrous oxide emissions. The bed material, commonly sand, in this combustion strategy
is suspended in the primary airflow which allows the bed to behave like a fluid [15]. The
unique characteristics of fluidized bed (FB) combustion create an excellent environment
for low energy density and variable quality fuels like biomass [16], while improving the
reliability of the boiler and reducing the required maintenance [17]. Fluidized bed com-
bustion is utilized in bubbling fluidized bed (BFB) boilers and circulating fluidized bed
(CFB) boilers, which differ in the location and density of the bed particles in the boiler due
to fluidization air velocity [15]. Larger boilers with boiler load about 200 MWth are typi-
cally CFB boilers, while BFB boilers are used for smaller scale applications [18]. Example
schematics of the two types of boilers can be seen in Figure 1.4.

Figure 1.4: Fluidized bed boilers: BFB on the left and CFB on the right.

Bubbling fluidized beds were the first developed, while recent decades have seen more
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intensive research in the field of CFB boilers [19]. Additionally, reduction of NOx concen-
tration can be achieved due to the low temperature and unique design of CFB boilers [20].
While the stages of combustion are the same, the location and rates of reaction depend on
the bed type.

In fluidized bed combustion, the primary air comes into the furnace from the bottom and
passes through the bed in order to fluidize the sand particles [15]. The first zone of combus-
tion in bubbling fluidized bed boilers is considered to be the region above the primary air
ports and below the addition of the secondary air, called the dense bed. Fuel is fed into the
boiler in this region and the drying and volatilization reactions proceed in the dense bed.
Because BFB combustion does not have a fluidization velocity high enough to lift the sand
and fuel particles above the secondary air ports, most of the char combustion reactions also
take place in the dense bed. The upper part of the boiler is where the volatiles primarily
combust, and this region above the secondary air ports is called the freeboard. Depending
on the loading rate of fuel into the boiler, a third, intermediate zone sometimes exists be-
tween the dense bed and the freeboard, where solids are flung from the bubbles in the bed.
[15]

Combustion takes place in different locations in the CFB boiler due to the circulation of
solids which enable the solid char particles to travel through the upper zones of the furnace.
Residence time of the char particles is longer in a CFB, resulting in more complete com-
bustion, which is beneficial for fuels which are difficult to burn, or that would have larger
amounts of unburned carbon in other boiler types [15]. While volatiles burn quickly and do
not accumulate significantly in the furnace, char particles are spread throughout all zones
of the CFB [12]. According to Zhang and Teir [16], the CFB combustion zones can be
divided into three categories: the lower zone, upper zone, and solid separator zone, shown
in Figure 1.5.

The lower zone, similar to the BFB’s dense bed, is located below the secondary air ports.
While the CFB does not have a distinct bed level, the lower zone is denser and therefore
provides the main heat storage within the solid materials. The upper zone has lower density
of solids, as char clusters slide down the furnace walls or are transported out into the solids
separator and recycled back to the bottom of the furnace. In this zone, oxygen is readily
available from the secondary air injections, which causes most of the combustion to occur
in the upper zone. Because the unburned char is captured in the gas-solid separation zone,
the particles are in the boiler for longer than required for the completion of the combustion
reactions, yielding very high combustion efficiencies in CFB boilers. [16]
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Figure 1.5: Combustion zones in a CFB boiler [16].

1.4 Biomass upgrading

There are multiple ways to convert solid biomass resources into fuels, and further con-
vert the fuels into useful energy. The most common conversion strategies for biomass
are biological processes and gasification, while torrefaction and hydrothermal carboniza-
tion (HTC) have been the subjects of growing academic interest. Though each process
produces a different type of product, each has valuable applications for integration with
existing power plant technology, depending on the process parameters.

1.4.1 Biological processes

Biological processes either produce energy dense gas from green algae, water, and solar
energy, or use anaerobic digestion of organic material [21]. Biogas production from anaer-
obic digestion of agricultural wastes, animal manure, and slurry have been well developed
in the agricultural sector for energy applications [22]. The resulting biogas composition is
primarily CH4 and CO2, with smaller fractions of N2, NH3, SO3, H2S and H2 [22]. After
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cleaning and upgrading, it is possible to substitute biogas for natural gas in any application,
including injecting it into the existing gas grid, powering compressed natural gas (CNG)
vehicles of fueling power and CHP plants [22, 23]. Typical capacity range for CHP plants
using biogas from anaerobic digestion is 0.3 to 10 MWe [23].

Biomass can also be converted into an energy rich hydrogen gas through biophotolysis,
biological water gas shift reaction, and fermentation [24]. Gas production through pho-
tolysis uses microalgae with hydrogenase and nitrogenase enzymes to produce hydrogen
gas [24]. These technologies are being developed and researched at a laboratory scale, and
are not currently feasible for large-scale fuel production [24], though they may mature in
the long term [21]. Lignocellulosic biomass inputs must be finely ground and may require
pretreatment to allow cellulose and carbohydrate rich biomass to be processed as starch
in fermentation processes [21]. Fermentative processes also require high quantities of in-
expensive, biodegradable material that has a high carbohydrate content, creating further
challenges for this technology [21].

1.4.2 Gasification

Gasification, a process used since World War II [25], uses limited stoichiometric oxygen
to convert solid fuel into gaseous fuel containing primarily H2 and CO. This process was
originally designed for coal and has since been re-purposed for woody biomass fuel. This
“syngas” produced from solid fuels can be utilized in combustion engines ranging in size
from 10 kW to 10 MW and standard efficiencies of 30-35% [4]. Additionally, syngas can
be used in gas turbine cycles operating at higher efficiency, or the integrated gasification
combined cycle (IGCC) technology reaching electrical efficiencies up to 40-50% [26]. The
process of the IGCC involves an initial gasification of the solid fuel, followed by a gas
cleaning stage to remove sulfur, nitrogen, chlorine, and other contaminants like fly ash af-
ter gasification [27, 28]. Options for carbon capture and utilization or storage after this
stage are also under development [26]. The cleaned gas can then be used for combustion
in a standard gas fired turbine. A heat recovery steam generator (HRSG) is further utilized
to capture the waste heat after gas expansion for additional electricity production using a
steam turbine [26]. Additional power sector applications for gasification syngas include
use in pulverized coal boilers, which cannot handle direct solid biomass fuel feeding [3].

Biomass gasification is believed to occur in sequential steps: drying (100-200 ◦C), de-
volitilization (200-500 ◦C), gasification (500-900 ◦C) (2). The maximum temperature in
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biomass gasification are in a similar range to combustion, between 800 and 1200 ◦C [10].
There are three main reactors used for biomass gasification: fixed bed, entrained flow, and
fluidized bed gasifiers [29, 30]. Each gasification technique involves a different reactor
shape, fuel feeding point and gas path through the reactor.

Fixed bed gasifiers have the most simple and reliable designs and can gasify very wet
biomass [29]. They also have the ability to accommodate flexible feed rate and composi-
tion [30]. In off-grid or remote places where industrial-scale heat and power needs coexist
with cheap biomass resources, this application is especially valuable. In fixed bed gasifiers,
biomass is often added from the top of the gasifier and flows downwards. Depending on
the flow direction of gasifying agents, a fixed bed gasifier can be updraft (counter-current),
downdraft (co-current), or crossdraft (cross-current) [30]. Downdraft gasifiers have the ox-
idizing agent injected through port holes about one-third of the way up from the bottom,
while in downdraft gasifiers the gasifying agent enters through a grate at the bottom of the
gasifier [25]. The start up times for the fixed bed gasifier depend on their gas flow path,
with cross draft fastest and updraft slowest [25]. Updraft gasifiers produce more tar in the
resulting gas, which can condense into creosote and plug pipelines [25]. Updraft gasifiers
are better for non-volatile materials such as charcoal while downdraft gasifiers produce
products with less than 1% condensable oil and therefore reduce tar problems [25].

Entrained flow gasifiers offer an intriguing alternative on a large scale due to their high
carbon conversion and high temperature operation which decreases tar content [31]. How-
ever, entrained flow gasifiers require very fine biomass feed, with particle sizes of less than
0.1-0.4 mm, which deters wide use of such gasifiers in biomass applications [30, 31].

Fluidized bed gasifiers may come in three different types of reactor, bubbling, circulating,
and twin-bed. They differ in respect of fluidizing velocity and gas path [30]. Circulating
fluidized bed gasifiers have greater efficiency in carbon conversion because of the recycling
of fine particles that increases the residence time of the particles [31]. Biomass is fed into
the reactor from the side and hot gas exits the gasifier at the top of the reactor. This type of
reactor enables a high heating rate, uniform heating, and high productivity and reduces ash
related problems the best due to low gasification temperature, thus increasing the quality
of the syngas [29]. It also offers fuel flexibility, and can gasify a wide range of feedstocks,
though extensive char recycling is required due to the high particulate matter in the syngas
[32]. Fluidized bed gasifiers allow for better mixing and reaction rates, and can be sized
much larger than fixed bed gasifiers [31].

Two of the major parameters that impact the product of gasification are the temperature and
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the residence time of the biomass in the reactor. Temperature inside the reactor can change
the gaseous products that are formed in gasification reactions. Above 800 ◦C hydrogen
becomes the dominant product, as gaseous methane and higher hydrocarbons are cracked
into hydrogen [33]. Tar cracking reactions are necessary for reducing the amount of syngas
clean up necessary after the gases leave the reactor.

The residence time impacts the extent of gasification reactions. Residence time for gasifi-
cation reactors is calculated based on volume feed rates of the biomass, volume flow rate of
steam and the void volume of the reactor. Increasing gas residence time allows kinetically
controlled gasification reactions to get closer to equilibrium, which favors hydrogen forma-
tion at higher temperatures [33]. However, residence time is constrained by the steam flow
into a fluidized bed gasifier, because there is a minimum mass flow rate needed to fluidize
the particles in the reactor [33]. This trade off, as well as the desired product yield per hour
can impact the gasifier design and operation parameters.

The fuel shape and feeding characteristics impact the performance and design of gasifica-
tion technologies. Some feedstocks can use simple gravity feeding techniques, but others
require stirring and shaking, because some fuel types can have a tendency to form bridges
or tunnels in the reactor [25]. The reactor geometry can also have impacts on the tar con-
tent and particulate matter in the syngas. The gasification process typically suffers from
low thermal efficiency, especially when gasifying wet biomass, since moisture contained in
the biomass must also be vaporized [21]. High gasification temperature can achieve a high
carbon conversion of the biomass and low tar content in syngas [29]. However, too high of
an operating temperature also decreases the energy efficiency and increases the risk of ash
sintering and agglomeration [29].

1.4.3 Torrefaction

Biomass torrefaction refers to heat treatment at temperatures below combustion tempera-
ture in the absence of oxygen to produce primarily solid product. Torrefaction is a form of
mild pyrolysis in which the biomass is dried and some of the volatile matter is vaporized,
reducing the mass more than the energy content and thus resulting in an increased energy
density in the solid product. Residence times of biomass inside a torrefaction reactor can
range from a few minutes up to around 3 hours [34]. The solid feedstock in a torrefaction
process also undergoes a visual change from light to darkened biochar. The degree of the
color change depends on the reaction severity, which depends primarily on the temperature
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of the reaction, and secondarily on the residence time [8]. A representation of the color
changes is shown in Figure 1.6.

Figure 1.6: Color changes under torrefied conditions in experiments by [34]: A) Spruce
feedstock. B) 25min 260 ◦C. C) 8 min 310 ◦C. D) 25 min 310 ◦C.

The solid biochar has substantially improved grindability, energy density, and bulk density,
reducing transportation and storage costs [10]. Additionally, the solid fuel is less prone
to biological degradation, allowing for long term storage in both dry and humid locations
[10]. The gas produced contains primarily CO, CO2, H2, and a small amount of methane,
and can contain detectable amounts of toluene, benzene, and other hydrocarbons [35]. This
gas can be recovered and used as a fuel source for heating or electricity production, though
the low heating value of the gas limits the extent of these applications. The liquid fraction
of the product is generally composed of the condensed water vapor, organic acids, alcohols,
aldehydes and ketones [35]. Biomass processed in a torrefaction reactor, or torrefier, can
produce a solid fuel which can serve as a substitute for coal in thermal power plants and
metallurgical processes [35].

Pelletization of biochar is a well researched technology, with torrefied pellets having favor-
able attributes compared to raw biomass pellets. The main economic advantages are related
to feedstock, logistics, and combustion costs [2]. Feedstocks can be varied and low quality
when producing torrefied pellets, and this greater degree of flexibility improves the ability
to source feedstock locally and cheaply [2]. Because the torrefied pellets having higher
bulk density, hydrophobicity and heating value, the transportation and storage costs for tor-
refied pellets are also lower than traditional biomass pellets. Additionally, the enhanced
grindability reduces the need for processing equipment like hammer mills, improving the
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economics of fuel handling [2]. As with biochar, torrefied pellets can be cofired, and their
increased energy density and reduced ash content allow existing coal fired power plants to
escape boiler refurbishing costs and co-fire at higher rates than can be achieved with wood
pellets [2].

1.4.4 Hydrothermal carbonization

In HTC, the biomass feedstock is immersed in a high temperature, pressurized, aqueous
reactor chamber. Temperatures generally range from 180-250 ◦C [8, 5, 36, 37]. Pressure
in the reactor is the saturation pressure of the water at the given temperature due to the
closed nature of the reactor vessel. While energy input is required to reach the reaction
state, the large heat transfer input for phase change is not required, as the saturated wa-
ter does not transition into steam during the process. Residence time in the reactor can
range from minutes to hours [5]. The main product of the HTC reactions is solid hy-
drochar, while byproducts include both aqueous liquid compounds and gaseous streams.
Hydrochar, the solid carbonaceous product, typically accounts for 50-80% of the mass of
the products formed during HTC, while the liquid products are 5-20%, and gases comprise
the smallest share, only 2-5% of the product mass [38]. Some 20-70% of the minerals and
inorganic compounds found in biomass ash are precipitated in the liquid byproduct stream
[39] while the gaseous stream is approximately 90% CO2 [8]. Other components of the
gaseous stream include small shares of CO, H2 and light hydrocarbons [8].

Hydrochar properties are dependent both on the reactor conditions, such as temperature
and residence time in the reactor, as well as the feedstock composition. Previous work on
hydrothermal carbonization of different types of feedstocks and their resulting hydrochars
are presented in Table 1.2. HTC is favorable for wet feedstocks, eliminating the need for
energy intensive drying processes. The upgraded product has an increased carbon content
[5], and improved handling and storage characteristics including increased homogeneity,
improved grindability and hydrophobicity [5, 36, 40]. For waste feedstocks, such as hu-
man waste or municipal solid waste, the treatment with hydrothermal carbonization is more
appealing than other biological processes because the residence time in the reactor is lower,
and the size of the facility can be reduced [5]. Additionally, HTC’s high reaction temper-
atures permit the treatment of toxic feedstocks, or those with pathogens and contaminants
which cannot be subjected to biochemical conversion [5].

Hydrochar can also be produced from woody biomass feedstocks. The energy density of
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Table 1.2: Selected properties of hydrochars by feedstock. (Adapted from [38])

Feedstock Lignocellulosics Agr. residues Algaes

Residence Time [h] 0.5-20 1-2 1-2
Mass Yield [%daf] 40-50 40-60 20-40
HHV [MJ/kg] 28-30 19-26 8-12

Ultimate analysis C 60-80 55-72 30-50
(weight % daf) H 10-12 5-6 5-7

O 20-30 16-30 20-30
N 0-0.5 0.5-2 5-6

the hydrochar from lignocellulosic feedstocks is comparable to low grade lignite coal, with
higher heating values of 28-30 MJ/kg possible from raw feedstocks with 16-18 MJ/kg en-
ergy content [38]. Not only is the heating value comparable to traditional fossil coal, but
the atomic O/C and H/C ratios after HTC mimic those of coal. Reduced O/C and H/C
ratios increase the energy density of the fuel because the energy stored in carbon-hydrogen
or carbon-oxygen bonds is lower than that of carbon-carbon bonds [8]. A Van Krevelen
diagram showing the movement of biomass hydrochars towards coal at increasing HTC
temperature is shown in Figure 1.7.

Figure 1.7: Van Krevelen diagram of hydrochars compared to raw biomass feedstock and
traditional coals [38].

Many of the inorganic minerals which are found in ash, such as alkali metals, chlorine and
sulfur, are removed from the hydrochar during HTC processing [38]. Reduced alkali and
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earth metals in hydrochar can reduce slagging and fouling problems caused by biomass
combustion in heat and power applications, making hydrochar combustion favorable in
stand-alone and co-firing applications [39, 40].

1.5 HTC Process Chemistry

The chemical reactions involved in the HTC process have been studied, but further work
is necessary to explain the complex sequence of reactions and the interactions between
products. Multiple researchers, including Funke and Ziegler [41], and Titirici et al. [42],
have published studies of the chemistry involved in HTC processes. They found that while
the broad reaction mechanisms can be understood, the effects of the intermediate products,
as well as the dominance of certain reactions over others cannot be determined. At high
temperatures, the properties of water change, thus impacting the direction the reactions can
proceed in the HTC process. Major changes include the weakening of water’s hydrogen
bonds, as well as changes in dialectric constant, acidity, and polarity [38]. Therefore, water
behaves like a catalyst for reactions because it lowers the activation energy required for
reactions to take place. Additionally, the reduced dialectric constant of water under HTC
conditions allows for improved mixing of hydrocarbons and gases into the liquid, further
increasing the possible reaction pathways [38]. Rates of reaction also increase when the
acidity of the water increases. High concentrations of organic acids in the process water
after HTC suggest the beneficial effects of process water recirculation in reducing HTC
processing time. Uddin et al. [43] showed that recirculation of the process water actually
increases the yields for hydrochar. However, alkaline conditions, when process water has a
pH above 7, cause the production of notably different products during the reactions, namely
those with a high H/C ratio [41, 5].

The main mechanisms in HTC are hydrolysis, which cleaves ester and ether bonds; dehy-
dration, which removes hydroxyl groups; and decarboxylation, which removes carboxyl
and carbonyl groups [38]. Additional reaction mechanisms in HTC are polymerization and
aromatization [41]. Dehydration reactions mainly yield water, while hydrolysis reactions
consume water and yield soluble organic products. Decarboxylation reactions have CO2

as a main product [38]. The first stage in HTC is reported to be hydrolysis, due to its low
activation energy [5]. The components of biomass (cellulose, hemicellulose, and lignin)
are less stable under hydrothermal reaction conditions than in torrefaction or dry pyrolysis
conditions due to the presence of water, which enables the temperatures required for car-
bonization to be lower than for torrefaction [5]. The hemicellulose in the biomass feedstock
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begins to degrade at the lowest temperature, already showing signs of hydrolysis at 180 ◦C
[41]. In the range of 200-230 ◦C the cellulose goes through the hydrolysis reactions, and at
temperatures between 220-260 ◦C lignin begins to degrade as well [38].

Hydrolysis of biomass produces oligomers and monomers, which are subsequently in-
volved in further degradation steps of dehydration and decarboxylation [41]. Chemicals
formed in intermediary stages include 5-hydroxymethyl furfural (HMF) and lignin frag-
ments that are highly reactive [41]. These chemicals are also potentially valuable outside
of the HTC reaction as products for the chemical industry. After hydrolysis, dehydration
reactions extract water from the biomass structure, thus significantly reducing the atomic
ratios of H/C and O/C [41]. The dehydration of pure cellulose can be described by the
reaction

4(C6H10O5)n↔ 2(C12H10O5)n +10H2O (1.1)

Though the details of the reaction mechanisms involved in decarboxylation are unknown,
the ratio between decarboxylation and dehydration, characterized as molCO2/molH2O, is
largely dependent on the feedstock type, rather than the temperature [41]. Cellulose has
a ratio of 0.2 while lignite has a ratio of 1, indicating that in biomass feedstocks under-
going HTC, the dehydration rate of reaction is greater than that of decarboxylation [41].
The water and intermediary products from the hydrolysis and dehydration reactions can
also interact with the decarboxylation reactions, as these reactions progress in parallel.
The elimination of carboxyl and carbonyl groups occurs at temperatures above 150 ◦C,
and produces CO2 and CO [41]. Compounds from the dehydration and decarboxylation
reactions further undergo condensation reactions that produce larger molecules which are
further aromatized to produce highly stable planar rings [38]. Carbon dioxide can also be
produced during condensation reactions, which likely occurs in HTC, since the decarboxy-
lation reactions cannot solely account for the quantities of CO2 in the exhaust [41].

Polymerization and aromatization produce the main solid components of the product hy-
drochar. Aldol condensation was suggested by Funke et al. [41] to be the primary conden-
sation polymerization mechanism in the production of hydrochar. The aromatic structures
can form from cellulose and hemicellulous under HTC conditions, and have been shown to
increase with reaction severity [41]. These rings are also a building block of natural coal
which further supports the conclusion that chemical transformation of biomass via HTC
can produce a renewable coal-substitute.
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The overall HTC reaction is slightly exothermic, however it is highly dependent on the
temperatures and other reaction parameters, such as feedstock and reaction time. Initial
reaction phases can be endothermic due to the required input energy for the hydrolysis of
cellulose [5]. The heat of reaction can be estimated by using the following equation [5] as
a representation of the entire HTC process:

C6H12O5→C5.25H4O0.5 +0.75CO2 +3H2O (1.2)

The heat of reaction determined by one set of experimental tests supports the use of Equa-
tion 1.2 because the calculated heat of reaction of 1.6 MJ/kg is similar to the experimental
result, approximately 1 MJ/kg, for cellulose [5]. This heat of reaction is less than 10% of
the higher heating value of the solid product, and therefore plays a small role in the overall
energy balance on the HTC system. For comparison, the heat requirements for increasing
the temperature of water from 25 ◦C to 150 ◦C would be 3.1 MJ per kilogram of cellulose
(assuming water to biomass ratio of 6).

1.6 HTC Applications

The primary usage for which hydrochar has been developed is as an alternative to fossil
coal for use in centralized and distributed power generating technologies, to reduce the
negative environmental impacts of coal firing. As the severity of the reaction increases, the
fuel-related properties of the hydrochar approach lignite’s characteristics, making substitu-
tion possible in traditional power plants with limited equipment changes. Biomass firing
without prior upgrading presents challenges for combustion, including the low ash melting
point [42]. Hydrochar, however, can have a higher ash melting point, more comparable
to lignite, and additionally, the mineral content of the hydrochar can even be lowered from
the raw feedstock due to the precipitation of minerals into the liquid byproduct stream [42].
In comparison to combustion of raw biomass, hydrochar combustion efficiency is higher,
emissions are lower, and smoke and vapor production are also reduced [44]. Furthermore,
ignition temperature of hydrochar is increased from its raw counterpart, but the activation
energy is lower, improving the combustion characteristics. Additionally, due to the im-
proved grindability of the hydrochar, it can be considered to a be a more feasible option to
fully replace coal in pulverized coal firing, an application where untreated biomasses have
only been implemented for co-firing.
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Beyond the energy usage for combustion in the heat and power sector, hydrochars have
a large potential to provide a base material for producing sustainable adsorbents, cat-
alysts, and energy storage materials, as well as providing a route for effective carbon
dioxide sequestration [38]. Producing these materials from biomass rather than petroleum
based hydrocarbons is a necessity for eliminating non-renewable fuels in the chemicals
sector. While combustion of hydrochar can be undertaken after the most basic form of
hydrothermal carbonization, chemical applications often require additional treatment steps
or additives to the HTC reactor to produce the desired hydrochar characteristics.

Activated carbon adsorbents are particularly necessary for cleaning environmental pol-
lutants, and even wastewater. After chemical activation, for example using KOH, the
activated carbons produced from hydrochars have been shown to have high uptake of hy-
drogen, suggesting their promise as chemical adsorbents and hydrogen storage materials
[45]. The activated carbon derived from hydrochar was shown by Sevilla et al. [45] to
have higher specific uptake of hydrogen than other traditionally produced activated car-
bon. Acrylic acid addition to the HTC process can also produce hydrochars which have
favorable characteristics as water purification materials, serving as heavy metal adsorbents
with uptake above standard synthetic materials [46]. Wastewater treatment with activated
carbon derived from hydrochar may be a profitable future application, as the hydrochar’s
surface contains oxygen-rich functional groups that improve adsorption capacity compared
to other bio-based chars [47].

HTC technology can be utilized not only to create preferable material characteristics, but
also to create catalysts which synthesize chemicals in less harsh conditions than those cur-
rently used in industry. Adding noble metal salts to the HTC reactor during carbonization
can produce materials which act as catalysts, such as in the reduction of phenol to cyclo-
hexanone [46]. While the chemical processes described are currently under development in
lab scale operations, such advantageous applications indicate the large potential for future
scale-up.

Electrochemical applications for hydrochars are also under development. Hydrothermal
treatment was utilized in the production of porous nanostructures for metal oxides which
showed improved electrochemical characteristics when compared to the commercially
available alternatives [46]. Additionally, great promise has been seen in the use of hy-
drothermal upgrading as a method to produce electrodes in lithium ion batteries [46].
Recent studies have also investigated the utilization of carbon colloids derived from hy-
drochar in indirect carbon fuel cells, with improved results compared to traditional coal
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usage [46]. Ultimately, the high carbon content in hydrochar allows for diverse chemical
and energy based applications, which steer the materials and energy industries away from
reliance on fossil carbon sources.

Hydrochar can also be used as a soil amendment, effectively sequestering carbon in the
ground, as naturally formed char is when it is covered in the aftermath of a forest fire.
Additionally, the application of char to soil can increase the soil fertility and reduce the
amount of fertilizer used, thus reducing indirect GHG emissions [5]. There are many un-
certainties associated with the carbon sequestration potential for chars in soil, including
accounting for surface erosion, physical and biological natural influences, and the depth
of the soil [5]. Recent studies have found that while hydrochar decomposes more slowly
than raw biomass, the period of time that it takes to degrade to 50% mass could be as few
as 100 days [47]. This, along with increased GHG emissions from soil with hydrochars
applied (largely from the increased microbial activity) [47], indicates that carbon seques-
tration via hydrochar soil amendments may not be a feasible long term application, despite
the hydrochar’s improved stability.

While sequestration in soil requires further analysis and long term studies to determine
effectiveness, the application of hydrochars to soils could have marketable benefits for agri-
culture. Limited studies have investigated hydrochar applications to soil, however biochar
from dry pyrolysis and torrefaction, which produces similar solid products has been stud-
ied. Because biochar is porous and has a high surface area, it allows air and organisms to
move through the soil, increasing the nutrient supply to the crops [47]. Like hydrochar,
biochar is hydrophobic when it is produced, however when it is situated in soil, the oxygen
and water oxidize the surface of the char and produce carboxylic and phenolic groups [47].
These functional groups provide beneficial chemical and material properties of the soil to
be improved, including increasing the cation exchange capacity, nutrient retention capac-
ity, and water holding capacity [47] as well as reducing the tensile strength of soils that
are “hard-setting” [5]. Agricultural applications present an interesting application area, but
also require further research, as negative impacts have also been reported. For example,
hydrochar has been shown to decrease the nitrogen availability after first application, as
well as leeching heavy metals, or other toxic compounds into the the soil, depending on the
original feedstock [47]. Impacts of hydrochar application require further study for the agri-
cultural sector in order to ensure net positive benefits on plant growth, however it appears
that the variation in benefits may continue to require case by case analysis.

While energy applications are the main market potential for hydrochar, the possibilities

35



for utilizing this bioproduct are continuously growing as the research pool grows. Table
1.3 summarizes the areas in which hydrochars can be implemented, or industries where
hydrochar research is currently being performed.

Table 1.3: Hydrochar application potential in industry (Adapted from [48]).

Chemical
Industry

Iron &
Steel

Metal
Industry

Activated
Carbons

Gas Agriculture

carbon
disulphide

iron
smelting

foundry
operation

water & gas
purification

gas for
motor
vehicles

animal feed
additives

sodium
cyanide

high purity
irons

copper
smelting

catalysts &
pollution
control

gas for
engines

soil
conditioners

metallic
carbides

ferro
silicon

metal & tin
smelting

solvent
recovery

gas for
carbonated
drinks

tobacco
curing

sintering electrodes pharmaceuticals

Beyond the use of only the product hydrochar, other byproducts of hydrothermal upgrading
have potential to be used in subsequent chemical and biological processes. Waste water
from HTC can contain elevated levels of total organic compounds, which can be success-
fully converted to biogas in anaerobic digesters [38]. The organic materials found in the
liquid byproduct stream are also potentially valuable as chemicals, or as a base for further
chemical conversions. Future potential exists to also produce oils under similar conditions
at higher temperatures, depending on the feedstock [41].

1.7 Continuous HTC reactors

Limited testing has been reported in the literature for continuous biomass HTC reactors.
Most of the experimental work in HTC is done using small-scale batch-reactor processes.
Challenges associated with the operation of industrial scale processes include the manage-
ment of large particles which may cause clogging or blockages in plug-flow type reactors
or back-pressure regulators [38]. Additionally, different mechanisms for delivering heat
and achieving reactor pressure in the biomass slurry have been used. Slurry feeding and
preheating is a challenge for the mechanical equipment design, due to the often variable
dry matter concentration and particle size. Companies including SunCoal, AVA-CO2, TFC
Engineering, Terra Nova Energy, and Ingelia SL have operated industrial scale HTC plants
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beginning in 2010-2012 [38]. The continuous reactor technologies are still in development,
but two main types systems have been employed in industrial scale HTC: the continuous
plug reactor and the continuous stirred-tank reactor [38]. Semi-continuous and batch scale
reactors are also under development for large scale processes, but due to the ongoing me-
chanical development, no single industrial layout can be said to be preferable [38]. The
data available on the reactor conditions for existing industrial scale processes (or previ-
ously existing demonstrations) is given in Table 1.4. Discussion of the details of some of
the plants in Table 1.4 is subsequently presented based on publicly available data.

Table 1.4: Industrial scale HTC plants (Adapted from [38]).

Manufacturer First Built Reactor Type
HTC
Conditions

Capacity

SunCoal 2012 Continuous
200 ◦C,
20 bar,
6-12 h

60000+ t/a

AVA-CO2 2010 Batch
220-230 ◦C,
24 bar,
5-10 h

50000 t/a

TFC
Engineering

2012 Continuous
200-230 ◦C,
20-25 bar,
3-4 h

10000 t/a

Terra Nova
Energy

2010
Continuous
(stirred)

200 ◦C,
20-25 bar,
4 h

8000 t/a

Ingelia SL 2010 Continuous
180-220 ◦C,
17-24 bar,
4-16 h

6000 t/a

The technological details of SunCoal’s CarboREN R© technology system are not publicly
available, however, process parameters and typical values for the product characteristics
are reported by the company [49]. Since its development, the process has been scaled up
to be able to process 375000 tons per year of biomass, outputting 150000 tons per year of
hydrochar [49]. The wastewater from the industrial plant that is not recycled for the HTC
process and must be sent to wastewater treatment is 150000 m3 per year. The phases of the
CarboREN R© process as described by SunCoal include crushing and filtering for feedstock
purification, washing, hydrothermal carbonization, mechanical dewatering and finally dry-
ing. The final energy content is approximately 20 MJ/kg (LHV) and the moisture content
after drying is 5% [49]. SunCoal’s patent [50] makes it clear that flash vaporization of the
steam is the preferable way to use the enthalpy of the HTC liquid (saturated steam fraction).
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Additionally, the steam would ideally be generated at multiple pressure levels in the flash
tanks. This way, the steam recovered can be used as input to the dryer, thus reducing the
external energy input required to the process [50].

The reactor developed by Terra Nova focuses on converting sewage sludge to hydrochar,
as sludge can be pumped in a slurry and maintained at reaction pressures more easily than
biomass wood chips. The slurry input has only 5-30% dry matter content [51]. The reactor
is described as an agitated reactor, which can be assumed to fall under the category of a
continuous stirred reactor type. Heat is provided to the Terra Nova reactor through the
use of a preheating heat exchanger and an externally heated reactor jacket with thermal
heating oil, which can receive heat input from CHP exhaust or other thermal sources [51].
A separate thermal oil circuit is also used to recover heat from the hydrochar after car-
bonization, and then recirculated to the slurry preheater. Terra Nova [51] reports that the
volume of the sludge after dewatering in an automated filter press is one-third of the orig-
inal volume, which further improves its handling characteristics. Because the Terra Nova
reactor is primarily design for treating sewage sludge, the use of the waste water is a key
factor in the reactor design. After mechanical dewatering, the filtered liquid contains high
concentrations of nitrogen and phosphorous from the sludge, which makes this product
water valuable as a fertilizer, or as an input to nitrogen or phosphorous recovery processes
[51].

Ingelia SL’s HTC plant has been used to treat sewage sludge, digestate, green wastes, and
household wastes, as well as organic MSW [48]. The type of reactor is a patented inverted
flow reactor, in which biomass both enters and exits as hydrochar from the bottom of the
reactor, while gases and organic liquids can be extracted from the top of the reactor [48].
The continuously operating reactor does not include moving parts or heat exchangers, re-
ducing the required operation and maintenanc,e and further lowering the system cost [52].
Ingelia has become successful at marketing both its HTC reactor and the hydrochar prod-
uct, offering scaled up versions of its reactor technology to be designed based on client
requirements.
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2 MODEL DEVELOPMENT

In this chapter, the process of simulating an HTC plant and a large scale CFB based steam
cycle are discussed. The possibilities for integration of these two plants are the main focus
of this thesis, requiring both in depth evaluation of previous work and innovative simula-
tion work. The prior work that informs the current model is described in Section 2.1. The
software and required input parameters are detailed in Section 2.2.

2.1 Review of HTC modeling and CHP-HTC integration

Because continuous hydrothermal carbonization processes currently exist in a limited num-
ber of installations, the modeling work undertaken in this thesis is primarily based upon
previous models created by Erlach et al. [53] and Saari et al. [54]. The main considerations
for modeling the HTC reactor are ensuring that the water and biomass mixture is provided
with enough heat input to reach the desired reaction temperature, and that saturation pres-
sure is reached. The saturation temperature can be reached by means of heat addition from
high pressure steam, or the saturated conditions can be achieved through the use of slurry
pumps before the reactor inlet. The capacities of the previous literature studies is similar,
with Erlach et al. designing for 5000 kg/h of raw biomass input to the HTC process [53]
and Saari et al. designing for a 5000 kg/h flow of hydrochar output [54]. The heating
mechanisms for the biomass and water slurry were similar in both cases, with small boiler
systems used to deliver steam to the HTC reactor at high temperature and pressure. Addi-
tionally, heat recovery from the depressurized hydrochar slurry after the reaction was used
to heat the incoming biomass and water slurry.

The model schematic created by Erlach and Tsatsaronis [53] in Aspen Plus is shown in
Figure 2.1. The main components of the Erlach et al. [53] HTC model are the hydrothermal
carbonization reactor, four flash tanks, two slurry heat exchangers, mechanical dewatering
equipment, and a hydrochar drier. After the slurry of water and biomass is pumped to high
pressure and heated directly and indirectly by the waste heat from flash steam, the biomass
enters the reactor and is heated to its final state by steam from a natural gas fired boiler. The
reactor conditions were 210 ◦C and 23 bar. The study varied the water-to-biomass ratio of
the slurry, the moisture content of the biomass, temperature of the reaction, and the degree
of carbonization and quantified the energy yield and efficiency of the HTC plant. Erlach
et al. [53] report that an increase in carbonization severity improves the overall energetic
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efficiency of the HTC plant. Additionally, the overall exergetic efficiency of a CHP plant
running on hydrochar was found to be higher than that of the CHP running on raw wood
[55]. However, the exergetic efficiency of the entire conversion chain from raw wood to
electricity was lower when the conversion to hydrochar was included, primarily due to the
exergy losses in the waster water and exergy destruction in the HTC reactor [55]. The
energetic efficiencies achieved for the HTC plant alone were between 85% and 90% on a
HHV basis [53].

Figure 2.1: Stand-alone HTC reactor model by Erlach et al. [53]

The model created by Saari at al. [54] was made in IPSEpro, and is based upon the model
developed by Erlach et al. [53]. It represents a simplified version of the HTC plant, with the
main difference being the reduced number of flash tanks and the sole reliance for recovery
heat on direct heating from the flash tanks, eliminating the use of slurry heat exchangers.
This is mainly due to the concerns about fouling of the heat transfer surfaces and additional
costs associated with indirect slurry heating. The schematic of the process is shown in
Figure 2.2. The main components of the model by Saari et al. [54] are the HTC reactor,
two flash tanks, mechanical dewatering and thermal drying equipment and a wastewater
cooling heat exchanger. The reduction in number of flash tanks also reduces the number of
required slurry pumps in the Saari et al. model, with only two pumps compared to Erlach
et al.’s four.

While industrial scale HTC operations are limited in scope, it is possible to improve the
economic appeal of industrial scale carbonization by integrating the HTC process with an
existing combined heat and power plant. Modeling work by Erlach [56, 55] and Saari et
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Figure 2.2: Stand-alone HTC reactor model by Saari et al. [54]

al. [54, 57] has provided a basis for understanding the possibilities for integration with
CHP systems, and the economic costs and benefits of the combined processes. Both previ-
ous models utilize lignocellulosic biomass, with Erlach et al. [56] modeling a mixture of
poplar wood and straw, while Saari et al. [54] use the composition of pine as the basis for
the biomass feedstock properties. The CHP cycles both use standard Rankine steam cycles,
and are controlled on the condition of meeting a district heating load. The district heating
capacity of the two models is similar, with a maximum capacity of the district heating
network of around 20 MW [53, 54].

Promising integration options proposed by Erlach include extraction from the steam tur-
bine for direct heating of the HTC reactor, and HTC process heat recovery usage in CHP
feedwater preheating, air preheating, and supplemental district heat production [56]. The
resulting trigeneration efficiency in the work presented by Erlach et al. was found to be
60.8% on a HHV basis. The integration of the CHP plant and the HTC plant modeled by
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Elrach showed a 10% savings in equipment cost for the HTC plant due to the reduction in
complexity of the heat exchange and pressurizing steps, as well as the elimination of the
small scale boiler used to provide heat in the stand-alone case. This decrease in cost was
found to be smaller, however, than the increase in cost of the CHP plant, which expanded
its capacity to produce additional steam for the HTC reactor. Cost of the biomass feedstock
accounted for approximately half of the total costs for the integrated CHP-HTC system,
indicating that the economic profitability of the system is highly dependent on the biomass
price. [56]

Saari et al. investigated six cases for the integration of the CHP and HTC processes, and
selected three promising integration schemes for further economic analysis. The promising
cases utilized live steam or drum water from the CHP cycle for the direct heating of the
HTC reactor. Additional flash vapor injection within the HTC cycle, and indirect heat trans-
fer to the CHP feedwater was considered for improving waste heat recovery. Cases that had
high wastewater flow rates were found to have the lowest integrated efficiencies, indicating
the importance or recirculation of HTC product liquid in the CHP-HTC integrated cycle.
The integrated plant was run at full load as well as at 40% load, and the part load behavior
was taken into account when considering the optimal integration schemes. Saari et al.
[57] also modeled an integration scheme to mimic the one proposed by Erlach et al. [56]
and found that the part-load behavior of that integration scheme had the worst efficiency
performance at 40% load. The integration cases’ efficiencies were found to improve with
increasing reactor temperature up to 220 ◦C. Only two of the studied integration schemes
showed efficiency improvements over the stand-alone cases, with a maximum trigenera-
tion efficiency of 67.7% on a HHV basis [57]. While the efficiency was not substantially
improved in all all integration cases, the economic profitability of the integration schemes
showed clear advantages over the stand-alone operation of the CHP and HTC plants [54].
Important parameters in assessing profitability were found to be the hydrochar price and the
sold electricity price, which are difficult to predict reliably for the future. At a hydrochar
price of 40 e/MWh, Saari et al. [54] found two integration schemes that were likely to be
more profitable than stand-alone operation, due to their decreased complexity and improved
operating hours. In fact, the base case of stand-alone operation was only profitable in Saari
et al.’s study when the investment capital was obtained at an interest rate of 5%, whereas
the scheme had a negative annual cash flow when the investment had a 10% interest rate
[54].
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2.2 IPSEpro modeling software

IPSEpro 6.0 was used to model the CHP and HTC processes separately, as well as to an-
alyze their different integration schemes. This software is used for modeling steady state
operation in power plants for design and off-design scenarios. Some components already
exist in the Advanced Power Plant Library, such as pumps and heat exchangers, while
others can be created as required for the process, like the HTC reactor and slurry feeding
components. The user of the software can define both how the components are connected
to each other in the system, as well as how the components behave as functions of their
inputs and outputs, enabling a high degree of flexibility.

The Process Simulation Environment (PSE) provides an interface for the user to connect
components into a model cycle which accurately represents the physical process. The
components are stored in a library and can be created or modified using another IPSEpro
module, the Model Development Kit (MDK). Each component in the interface is defined by
a series of equations and the variables can either be set by the user or estimated by the soft-
ware. The number of equations in the model and the number of free variables which are not
set must be equal , in order to achieve convergence of the solution. When IPSEpro solves
the systems of equations, it does so by first organizing the equations into groups in which
equations must be solved simultaneously, then determines the order in which to solve these
groups [58]. Subsequently, the software uses numerical methods to calculate the solution
and achieve convergence via the Newton-Raphson method, which uses linearization of the
functions to estimate variable values after each iterative step [58]. The maximum number
of iteration steps is 500.

In the Model Development Kit, components are defined symbolically and their govern-
ing equations are expressed using the model description language. The appearance of the
component can be edited, along with its mathematical description. The equations in each
component always include mass balances and energy balances on the component, as well
as important heat transfer and fluid dynamics related correlations which describe the func-
tion of the component and associated losses. The variables used in the model description
language are saved in the MDK library and then added to the model when the library is
loaded and the component is dragged from the library into the modeling environment of
the PSE.

Convergence of the solution means that all parameters and variables have been calculated
to within a set error tolerance. In this work, x and y tolerances were set to 9.99x10−6.
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Setting initial values for variables in an appropriate range for each component is sometimes
required to achieve convergence, while other times the default values used by IPSEpro are
adequate for obtaining convergence.

2.2.1 CHP plant model and parameters

The CHP model in this analysis is generally based off of the large scale Kaukaan Voima
CHP plant which operates in Lappeenranta, Finland.In this model, the CHP plant provides
electricity, district heat and industrial process heat at two pressure levels, 10 bar and 4.5 bar.
The operation of the plant is designed to follow the heating load of the district heat network,
which changes throughout the year based on the ambient temperature. The consumption
of each of the industrial sinks is assumed to be constant, with the 10 bar sink receiving
40 MWth and the 4.5 bar sink receiving 80 MWth. Design values for the operation of the
CHP plant in this study are given in Table 2.1.

Table 2.1: Design point operation of the modeled CHP plant.

Nominal fuel power 430 MWth
Net electricity generation 102 MWe
Process heat production 120 MWth
District heat production 130 MWth
Total efficiency (LHV) 81.92%

The climate conditions impact the fuel moisture content, ambient temperature, and water
temperatures that are inputs to the CHP design model. The chosen operating conditions for
the design point were based off the design point utilized by Saari et al. [54] using typical
values for a day during the winter heating season, and are reported in Table 2.2. The type of
biomass used as fuel also impacts the energy content of the fuel, and therefore the required
mass input to meet the nominal fuel power demand. The composition of the feedstock
was determined with data from [59] based upon an assumption of equal amounts spruce
and pine wood, with 50% coming from forest thinnings and the rest from logging residues.
Composition of the dry feedstock is given in Table 2.3.

The schematic layout of the CHP plant is given in Figure 2.3. The boiler is modeled as
a CFB furnace with separately connected drum, economizer (Eco), superheater (SH), and
air preheater (Luvo) components. The furnace model includes both the steam generator
heat exchange surfaces as well as an additional superheating surface, the INTREX, which
is the final superheating surface the steam passes through before it leaves the boiler. The
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Table 2.2: Inputs to the CHP model in design mode.

Boiler input
Fuel energy content (LHVdry) 19.5 MJ/kg
Fuel moisture content 50%

Fuel temperature 0 ◦C
Excess air ratio 1.15
Ambient air temperature 25 ◦C
Ambient air humidity 60%

Turbine input
Steam mass flow 148.3 kg/s
Live steam pressure 110 bar
Live steam temperature 550 ◦C

Water conditions
Feedwater temperature 10 ◦C
DH input 50 ◦C
DH output 90 ◦C

Table 2.3: Elemental composition of biomass feedstock in modeled scenarios.

Component Composition
(dry mass)

C 50.56%
H 6.0%
O 42.0 %
N 0.4%
S 0.04%
Ash 1.0%

INTREX superheater is located in the base of the CFB’s return passage for bed material af-
ter the cyclone. The furnace heat transfer is modeled as a linear function of the temperature
difference between the incoming saturated water and the exiting flue gas, which is assumed
to be at the bed temperature in a CFB system. Heat transferred to the steam is the product of
the temperature difference and conductance, G. Besides the furnace, the individual boiler
components were modeled as counter-flow heat exchangers. Conductance, the product of
heat transfer coefficient, U , and area A, for a given heat exchanger, can be used to calculate
the heat transferred by

Φ = G∆Tlm (2.1)

where Φ is the heat transfer rate in kW, G is the conductance in kW/K, and ∆Tlm is the
logarithmic temperature difference based on the inlet and outlet temperatures of the heat
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exchanger. The design point conductances for the CFB boiler are listed in Table 2.4.

Furnace & 
INTREX

RegDrum
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Air

Flue gas

Fuel

Figure 2.3: Stand-alone CHP plant configuration in IPSEpro

Table 2.4: Design point conductances for modeled CFB heat transfer surfaces in IPSEpro.

Component Conductance, G [kW/K]

Economizer 340
Superheater 488
Luvo 690
INTREX 50
Furnace 299

The losses from the boiler at the design point are calculated by IPSEpro using the MDK
equations described by Saari [60]. These consist of the radiative heat loss of 737 kW,
unburnt loss of 425 kW, ash loss of 158 kW, stack loss of 33 MW, and other losses of 1%
of the fuel power, or 4.3 MW. The overall boiler efficiency is therefore 90.97% in design
point operation.

Live steam exits the boiler and passes through the partial admission regulating stage of the
turbine, labeled “Reg” in Figure 2.3, which controls the mass flow rate of the steam through
the turbine through the use of multiple valves. The majority of the steam expands through
the back pressure turbine, modeled in sections (T1-T6 in Figure2.3), between which ex-
tractions can be taken. Steam from the turbine extractions provides high temperature and
pressure steam to other parts of the CHP process, or, in the case of an integrated scheme, to
the HTC process as well. The last turbine section, T7, is a condensing turbine which can be
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operated with variable flow, ranging from the minimum flow rate to prevent overheating up
to the swallowing capacity of the turbine, in the range of 2.5-21 kg/s. The auxiliary power
used in the CHP plant is modeled by a single component connected to the generator, based
upon the fuel and flue gas flow rates due to the handling components associated with these
streams having the largest electrical consumption [57].

Extraction steam is taken from T2 and T3 to preheat the feedwater before the economizer in
two high pressure preheaters (HPPH) with the hot side condensate subsequently routed to
the deaerator. The design sizes of the high pressure preheaters are listed in Table 2.5 along
with the other CHP heat transfer component dimensions. Turbine section T3 also provides
the location for the extraction to the 10 bar industrial process heat sink (IPH1) at the design
load. An additional extraction is taken from T3 to provide heat to the steam coil air heater
(SCAH) which serves as an additional air preheater before the Luvo to ensure high enough
flue gas temperature at low loads. The flue gas temperature should not be reduced below
135 ◦C in order to minimize the risk of acid condensation and low-temperature corrosion.
Appropriate limits utilized in the design and control of the CHP plant are compiled in Table
2.6.

Table 2.5: Heat exchanger design sizing in the CHP IPSEpro model, with categorization
by type of heat transfer surface if applicable to the model parameters.

Design heat transfer
coefficient [kW/m2K] Area [m2] ∆phot ∆pcold

DSH C SC DSH C SC [bar] [bar]

HPPH1 1.0 3.5 1.5 60 400 24 1.0 0.5
HPPH2 1.0 3.5 1.5 55 400 40 0.5 0.5
DHC1 Overall: 3.3 Total: 2200 0.01 0.5
DHC2 Overall: 3.1 Total: 2200 0.01 0.5
Condenser Overall: 2.7 Total: 1500 0.001 0.6
SCAH Overall: 0.1 Total: 250 0.0 0.0

DSH: desuperheating; C: condensing; SC: subcooling.

Extraction steam after T4 is used primarily for supplying low pressure industrial process
heat at 4.5 bar, while additionally supplying superheated steam to the deaerator to assist
in deaeration and preheating the feedwater. Steam is additionally extracted after turbine
section T4 and rerouted through a valve into condensing turbine section T7. The remaining
steam enters turbine sections T5 and T6, which serve as the final back pressure turbine sec-
tions, after which steam can be extracted for use in the district heating condensers DHC1
and DHC2, respectively. The valves that control the pressures and flow rates through the
last three turbine sections were set to initial values during the design phase, enabling oper-
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ation at the swallowing capacity of the condensing turbine in the integration design cases.
Additionally, the initial value set points were adjusted to maintain adherence to the allow-
able temperature limits of the back pressure turbine, as described in Table 2.6. After the
design architecture was set, physical parameters of the turbine sections and the mass flow
rates required by each extraction dictated the pressure drops over the three valves during
modeled operation. Off-design operation of the turbine is described in further depth in
Section 2.2.2

Table 2.6: Operational limits used in design and control of the CHP stand-alone model

Minimum limit Maximum limit

Flue gas temperature 135 ◦C –
Bed temperature 700 ◦C –
T6 outlet temperature – 250 ◦C
T7 inlet mass flow 2.5 kg/s 21 kg/s
Blowdown mass flow 1% of fw –

At the design point, the district heating (DH) water’s temperature rise is equal over the two
DH condensers, with DHC2 raising the return water from 50 to 70 ◦C and DHC1 raising
the temperature to the final 90 ◦C DH outlet temperature. Design sizes and heat transfer
coefficients listed in Table 2.5 are based on the standard range for steam-water heaters
given by Peters et al. [61]. The district heating condenser behavior is controlled in the
model using two different methods in order to achieve the heat transfer in the desired ratio.
In DHC1, the drain cooler approach (DCA), or the difference between the hot side out
and the cold side inlet temperatures, is set to 8 ◦C, within the safe range for horizontally
oriented heat exchangers as described by Blair [62]. This method leaves the subcooling of
the extraction stream free to increase or decrease with turbine operation, as the saturation
temperature of the T5 extraction steam is still substantially higher than the DHC1 inlet
temperature. On the other hand, DHC2 has a lower temperature steam input, and in order
to make sure the hot side leaves at a high enough temperature to raise the DH water to the
design point of 70 ◦C, the subcooling must be set to zero in DHC2, and consequently the
second condenser’s DCA is a variable parameter.

On the alternative path to the condensing turbine, the extraction steam from T4 expands
through a valve before entering T7 at low temperature and pressure, roughly 2 bar and
150 ◦C at the design point, and after exiting the turbine it is routed to the condenser,
marked “Cond” in Figure 2.3. This vacuum condenser is sized based upon the mass flow
rate through the back end turbine that enables the highest T7 isentropic efficiency, 15 kg/s,
even though the CHP is not operated with this throughput to T7 in the design model. The
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waste heat is transferred in the condenser to a high throughput of ambient pressure and low
temperature water (10 ◦C in the design model), representing the power plant exhaust to a
neighboring body of water.

Closing the CHP cycle shown in Figure 2.3, the cooled water from the DH condensers,
the vacuum condenser, and condensate returned from process heat consumers is sent along
with fresh makeup water to the deaerator at 4.41 bar. Makeup water is preheated before
the deaerator with flash steam from the drum blowdown. In addition to removing dissolved
gases, the deaerator serves as a feedwater storage and preheating component in the CHP
process. It also has water inputs from the HPPHs and the SCAH hot side exit streams, while
the steam input comes from the T4 extraction as previously discussed. In order to ensure
that there is no boiling between HPPH2 outlet and the inlet to the deaerator, the pressure
is maintained at 9 bar. Though this is higher than the deaerator pressure, the low mass
flow that will flash into vapor upon entry can be incorporated into the deaerator design
to ensure safe operation and mitigate the harm from high velocity droplet spray during
expansion. Feedwater exiting the deaerator must be pumped back to high pressure in the
main feedwater pump before reaching the cold side of HPPH2 and beginning the heating
portion of the cycle again.

2.2.2 Multiperiod model

The CHP plant is assumed to follow the heating load throughout the year, which means that
in the winter time, the plant will run at or above its design point capacity, and in the summer,
when the district heating load is minimized, the plant will operate at part load conditions.
The seasonal variation impacts the heat load as well as the ambient air, water and fuel
inlet temperatures, and the moisture content of the wood feedstock, as the summer months
provide drier fuel input than the wet winter months. Because the CHP plant provides heat
for both the district heating network and the industrial heat demand, the industrial demand
was assumed in this study to remain constant year round, while the district heating load
changes.

The operating hours of the year are divided into eight periods which are modeled at a
single average value of heat demand. This means that daily variation is not considered in
the model, which may significantly impact the efficiency of operation over the course of
the year. Additionally, steady state modeling does not reflect the impacts of start up and
shut down of the plant, or the dynamic responses of the heating supply to changes in fuel

49



input and boiler operation parameters.

The periods of the year and their heating loads, as well as fuel and ambient conditions
are described in Table 2.7. The periods in the model correspond to the same times as the
periods in the HTC-CHP integration study by Saari et al. [54], but the district heating
load has been scaled up by a factor of 6.5 to account for the larger design point of the
current CHP plant than in the previous work [54]. The peak district heating demand is
227.5 MWth in the winter, with 130 MWth at 1800 hours, and a linear approximation of
the load down to 16.9 MWth during the summer months. The industrial process heat (IPH)
load is a constant 120 MWth for all load points. The ambient conditions used are based
upon 30 year monthly averages for the temperature in Jyväskylä, Finland [54], while the
air inlet temperature from the boiler room to the furnace is assumed to be 25 ◦C above the
ambient temperature. The heating demand of the district heating network and industrial
process heat demand, along with the load curve approximation and multiperiod model of
the CHP plant’s heat and power output is visualized in Figure 2.4.

Table 2.7: Multiperiod model load points and their assumed parameters adapted from [54].

Parameter P0 P1 P2 P3 P4 P5 P6 P7 P8
Time
period duration [h] 0 240 1560 1400 1400 1400 1400 490 870
cumulative at end [h] 0 240 1800 3200 4600 6000 7400 7890 8760
Load and production
mean DH heat load [MW] 227.5 195 146.3 117.0 91.0 65.0 39.0 21.5 16.9
CHP DH heat output [MW] 130 130 130.0 117.0 91.0 65.0 39.0 21.5 16.9
CHP IPH heat output [MW] 120 120 120 120 120 120 120 120 120
Temperatures
ambient [ ◦C] -20 -10 -5 0 5 10 12 15 15
makeup water [ ◦C] 5 5 5 5 10 10 10 10 10
DH water out [ ◦C] 105 90 85 80 75 75 75 75 75
DH water return [ ◦C] 60 50 50 50 45 45 45 45 45
Fuel
moisture content [mass %] 55 55 55 50 50 45 45 40 40
temperature [ ◦C] -20 -10 -5 0 5 10 12 15 15
LHV [MJ/kg wet basis] 7.43 7.43 7.43 8.53 8.53 9.63 9.63 10.72 10.72

Off design components and CHP part-load control

Components that are substantially effected by the part load operation are the furnace and
boiler heat transfer surfaces, the turbine, condensers, and high pressure preheaters. The
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Figure 2.4: Stand-alone performance of the CHP plant, and multiperiod model approxima-
tion for heat and electricity production.

pumps were modeled at their design point in all cases, as the efficiency impacts of these
components on efficiency was assumed to be negligible in comparison to the impacts of the
larger components. The efficiency of the pumps was considered to be 0.8, while the elec-
trical efficiency of their motors was assumed to be 0.85 in all load conditions. Mechanical
efficiencies were set to 0.99 for both the pumps and the motors. Other components each
utilized off-design models created in IPSEpro’s MDK, developed by Saari et al. [57], to
related the part-load behavior to operation at the design point.

The furnace heat transfer rate was modeled to vary proportionally with the 4th power of
the furnace temperature, while the other boiler heat exchange surfaces were modeled as
counter-flow heat exchangers with off-design conductances varying with the mass flow of
the flue gas raised to the 0.8th power [57]. The changing heat transfer coefficient in the
furnace is calculated using Saari’s developed correlation

U f ,OD =U f ,D
40

105
+

LHVbm,wetṁ f uel

Φ f ,D

(
U f ,D−U f ,D

40
105

)
(2.2)

where U f is the furnace heat transfer coefficient in kW/m2K, LHV is energy content of the
wet biomass in MJ/kg and subscripts D and OD represent design and off design conditions
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respectively [60].

The expansion of the steam through the turbine sections is governed by the ellipse law in
off-design operation in order to provide a mathematical relationship for the pressure reduc-
tion through the turbine stages at reduced mass flow rates. The equation for the ellipse law
that is used in the IPSEpro software is

K = ṁin

√
pinvin√

p2
in− p2

out

(2.3)

where ṁin is the mass flow rate into the turbine section in kg/s, p is the pressure in Pa
and v is the specific volume in m3/kg, and K is a constant. This relationship is valid for all
multistage turbine sections [63]. During model development, the coefficient K is allowed to
change, in order to set the inlet and outlet temperature and pressure conditions, extraction
pressures, and valve pressure drops to the desired values. However, in the final model, K is
set to a constant value for each turbine stage due to the unchanging physical morphology
of the turbine sections, and therefore the pressures are able to change in relation to the
lowered mass flow at low load points. Values for K for the turbine sections shown in Figure
2.3 are found in Table 2.8.

Table 2.8: Turbine section design values for constant K in the ellipse law governing equa-
tion (Eqn. 2.3).

Section T1 T2 T3 T4 T5 T6 T7

K 0.01236 0.038163 0.042089 0.06283 0.05976 0.17469 0.013939

Actual isentropic efficiency of each turbine stage, ηs, is then calculated by the model as
described by [57] by

ηs = ηs,D
(
−1.0176ṁ4

rel +2.4443ṁ3
rel−2.1812ṁ2

rel +1.0535ṁrel +0.701
)
−0.5(xD− x)

(2.4)
where ṁrel = ṁin/ṁD where ṁ is the mass flow rate in kg/s, x is the quality, and subscript
D refers to the design value of a variable. The design values for mass flow through each
turbine section and quality were taken from the results of the design model simulation.

Off design equations for the district heating condensers require design point inlet and outlet
temperatures, design mass flow rates and design point hot side pressure (T5 and T6 outlet
pressures for DHC1 and DHC2 respectively). The part load operation of the DHC uses the
effectiveness- number of transfer units (ε-NTU) method to approximate off-design operat-
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ing parameters [57]. The heat transfer coefficient is calculated in off-design operation as
described by Saari et al. [57] using Equation 2.5.

UDHC,OD =UDHC,D

[
0.35

(
ṁc,D

ṁc

)0.8(tc,D
tc

)0.5

+0.25
(

ph,D

ph

)0.064

+0.4

]−1

(2.5)

where UDHC is the overall heat transfer coefficient, with subscripts D and OD signifying
design and off-design conditions respectively, ṁc is the district heating cold side water
mass flow rate and tc and ph are the mean water temperature of the cold side and pressure
of the hot side respectively. Part load operation of the DHCs also assumes that the DCA of
DHC1 reduces linearly with heat transferred in order to ensure the temperature rise stays
relatively even over each of the condensers.

For optimizing the operation of the CHP cycle, the cogeneration efficiency, defined by
equation 2.6, was maximized.

ηCHP,LHV =
Pel,net +ΦDH +ΦIPH

Φ f ,LHV
(2.6)

In this equation, ηCHP,LHV is the cogeneration efficiency on a lower heating value basis,
Pel,net is the net power produced, ΦDH is the district heating load, ΦIPH is the industrial
process heat load and Φ f ,LHV is the thermal power of the input fuel in lower heating value
terms. The CHP efficiency is optimal when the mass flow through the condensing turbine
is at its minimum, and when the pressure drop between turbine section T4 and T5 is min-
imized, because the expansion through the valve reduces the power that can be produced
in the later stages of the turbine. As the valve pressure drop is reduced, the pressure of the
extraction after T3 decreases. However, because the industrial process heat (IPH1) must
be delivered at 10 bars, and the pressure drops below this in periods P2-P8, the extraction
after T2 is used to supply IPH1’s steam under those load conditions. Under low load con-
ditions in periods P6-P8, the pressure after turbine section T2 becomes too low to supply
the appropriate mass flow to the high pressure preheater HPPH1. Therefore, in P6-P8 the
model is run with steam extraction from T1 feeding HPPH1.

2.2.3 HTC model and parameters

The model of the HTC plant, including components, sizing, and control strategies, is di-
rectly based upon the previous work by Saari et al. [54, 57]. The labeled schematic of the
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stand-alone HTC plant is depicted in Figure 2.5.
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Figure 2.5: Stand-alone HTC plant configuration in IPSEpro

In the design operation, HTC feedstock, with an assumed composition identical to that of
the CHP feedstock, enters the slurry mixer as chips at 0 ◦C and 50% moisture content by
mass. A combination of recirculated HTC liquid product water and preheated fresh makeup
water is also introduced to the slurry. While the slurry is a single two-phase stream, it is
modeled as two separate streams in IPSEpro, requiring special components to represent the
vapor injection and the slurry pumps. The temperature of the liquid and solid phases are
equal at all points along the slurry path. The temperature increase in the biomass is based
off of the specific heat correlation utilized by Saari et al. [57] in their HTC reactor model,
given by

cp,avg = 0.1031+0.003867Tavg (2.7)

where cp,avg is the specific heat on average for the dry biomass in kJ/kgK, and Tavg is the
average temperature of the wood in K.

After each heat injection (at points labeled 2 in Figure 2.5), the biomass and water slurry is
pumped by piston pumps (labeled 3 in Figure 2.5) with a pump efficiency of 0.3 and motor
electrical efficiency of 0.85. The slurry of water and biomass is considered pumpable at
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a concentration of up to 30% dry solids [38]. In this model, a ratio of at least 4:1 water
to dry solids was maintained in all operating conditions to ensure no problems with slurry
pumping. The slurry must ultimately reach a pressure of at least the reactor pressure, and
in this model a pressure of 25 bar was set to ensure that the reactor could operate at the
proper reaction conditions.

The design for the HTC reactor assumes that the temperature of the reaction is 220 ◦C
with a residence time of 3 hours and a water-to-biomass ratio of 6. The correlations for
the hydrochar mass yield, My are from the bench scale experimental work conducted by
Sermyagina [8] and given by

My = 1−0.04081(T −150)0.3373t0.2141r0.3052
WB (2.8)

where T is the temperature in ◦C inside the HTC reactor, t is the residence time in hours
and rWB is the ratio of water mass to dry biomass in the reactor.

Stand-alone operation requires a small biomass fired grate boiler to produce the live steam
for heating input to the reactor, as detailed by Saari et al. [57]. The increased design size
of this HTC plant required a grate boiler size of 11 MW, which operated at an efficiency
of 79.5% in the design case. Despite the exothermic nature of the HTC reaction discussed
in Section 1.5, large uncertainty in this parameter led Saari et al. [57] to discount the
impact of this heat source, setting enthalpy of reaction to zero in the modeled reactor, and
the same was done for this model. The steam in the HTC vent gas was assumed to be
1/3 of the vented stream’s mass, while the ratio of the liquid products volatilized during
carbonization to the gaseous products was 2:1. The composition of the gaseous products
excluding the vented steam was assumed to be 90% CO2, 8% CO, 1% H2, and the rest CH4.
Heat recovery from the HTC gas is not considered in this model, and recirculation of the
product gas is not considered, as its energy value is low for combustion [57]. The modeled
HTC process also neglects the chemicals which are dissolved in the aqueous solution, as the
liquid byproduct stream is modeled using the properties of water in this case. In actuality,
the liquid byproduct stream would contain chemical components that, when recycled, can
improve the reaction rates in the HTC process due to their acidity and therefore improve
the energy densification and hydrochar yields [38].

After the hydrochar and liquid slurry leaves the reactor, it enters the first of two flash tanks,
FT1, where the vapor fraction is sent to the slurry at a pressure of approximately 9 bar, and
the liquid and solid fraction passes to the next flash tank. In the second flash tank, FT2
in Figure 2.5, the slurry again expands, to 1.05 bar, and the vapor fraction is once again
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injected into the slurry in the first vapor injection location. Part of the flash vapor is also
sent to the thermal dryer for the hydrochar. The remaining liquid and solids pass on to the
mechanical dewatering filter press, which was assumed to have an outlet moisture content
of 40% based upon previous models. Mechanical dewatering takes place at atmospheric
pressure, but involves inevitable water and solid mass losses, equaling 1% of the dry solids
and 5% of the liquid. The specific electricity consumption of the mechanical dewatering
equipment is assumed to be consistent with previous models, equal to 108 kW for every
kg/s of dry mass flow. Temperature losses in the dewatering stage are based upon Saari et
al.’s model, and depend solely on the temperature differential between the slurry mixture
and ambient temperatures [57].

Water recovered after mechanical dewatering is utilized in three ways: as a heat input to the
thermal dryer; for heat transfer to the incoming fresh makeup water; and as recirculation
water to the slurry. The amount of water that is recirculated is set by the recirculation
ratio, equal to 3 in the design case, while the additional water not used in the dryer enters
a counter-flow heat exchanger, labeled 5 in Figure 2.5, with conductance of 20 kW/K to
preheat the makeup water. The dryer is considered to be a belt dryer with electrical con-
sumption of 200 kW per kg/s of dry hydrochar output, based upon the previous models [57].
The thermal input at the design point is maintained from the previous work at 1.1 kWhth per
kg of evaporated water, with an assumed constant enthalpy of evaporation of 0.678 kWh per
kg of evaporated water. Thermal consumption varies as a function of ambient temperature,
while electrical consumption remains constant with the non-variable mass throughput [57].

The hydrochar exits the dryer at 70 ◦C and moisture content of 5%. At the design point,
the flow rate of the product hydrochar is 10800 kg/h. Composition of the hydrochar was
not calculated by the software, but rather the energy content was calculated manually based
on the energy yield correlation derived from experiments performed by Sermyagina [8] on
pine logging residues. The energy yield, Ey is calculated using the correlation

Ey = 1−0.0563(T −150)0.062t0.285r0.441
WB (2.9)

As energy yield is also defined as the product of the mass yield and the ratio of higher
heating values, HHVhydrochar/HHVf eedstock, the correlation in Equation 2.9 along with the
known feedstock energy content was used to calculate the hydrochar’s lower heating value.
The hydrochar product’s lower heating value was determined to be 23.33 MJ/kg on a wet
basis.
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HTC part-load operation

The HTC process has fewer limitations than the CHP process and is therefore easier to
control. The main concern in the HTC model is that temperatures before each slurry pump
must be at least 5 ◦C below the saturation temperature to prevent the slurry from boiling. At
the design point, as well as in load periods P0-P6, the recirculation ratio between the reused
HTC liquid byproduct stream and the fresh makeup water is set at 3, and the mass flow of
HTC liquid sent to the dryer can be used to control the temperature level before slurry
pump 2. Because the dryer heat requirement is constant, adjusting the liquid byproduct
sent to the dryer impacts the portion of the flash vapor transferred from the second flash
tank. Consequently, due to the heat input from FT2 having a limitation based on the tem-
perature set point before the first slurry pump, the first flash tank pressure and contingent
slurry vapor injection will change as the dryer input is adjusted. In periods P7 and P8, the
recirculation ratio must be allowed to decrease below this ratio in order to maintain flow
through the makeup water preheater, as well as maintain a temperature below the maximum
limit before the second slurry pump.
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3 MODELING RESULTS

3.1 CHP-HTC integration cases

After IPSEpro models were finalized for the stand-alone operation of the CHP and HTC
plants, various integration methods were created, in which the HTC plant could be largely
simplified due to the heat injection from CHP water and steam flows. In this work, two in-
tegration cases are presented, which were chosen from seven different integration models,
for their optimal performance considering system complexity, trigeneration efficiency, and
wastewater production. Trigeneration efficiency is calculated the same way as cogeneration
efficiency for the CHP plant in Equation 2.6 with the addition of the hydrochar energy flux
in the numerator and HTC feedstock energy flux in the denominator. Integration attempts
mainly varied in three ways: the method for providing heat to the HTC reactor from the
CHP process, the source for the thermal dryer heat, and the utilization of waste heat after
the carbonization reaction. The main design differences for each of the initially developed
cases are detailed in Table 3.1. In many cases, at low loads, it was found that the extraction
steam pressure dropped too low for the HTC process, and this required additional extraction
locations to be investigated. However, only the design point HTC steam extraction location
is described in this table. Each case was improved through multiple iterations, with this
table describing the final version of the case, and if applicable, the reason for the final re-
jection. In depth designs for the two chosen cases, as well as operation and control at part
load conditions are detailed in Sections 3.1.1 and 3.1.2. Further, the operating parameters,
and the annual energy production and consumption of the integration cases are compared
in Sections 3.2.1 and 3.2.2, respectively.

The HTC reaction occurs at 23.2 bar and 220 ◦C, requiring both heat input and pressuriza-
tion of the biomass-water mixture. This was done by choosing an appropriate location from
which high pressure steam or water was extracted from the CHP cycle and sent to the slurry
or reactor, as well as utilizing heat exchangers and pumps in the HTC process to ensure the
required conditions were met. Direct heat input refers to the method of injecting the hot
pressurized liquid or vapor from the CHP cycle into the HTC feedwater or the reactor,
while indirect heat inputs are those that use a heat exchanger to transfer heat from the CHP
process water to the HTC feedwater. In Table 3.1, “HP extraction” refers to an extraction
following section T1 of the turbine in Figure 2.3. Drum water was also considered as
a direct and indirect input to the HTC process, with the extraction taken from the same
location as a typical blowdown stream. Because the slurry requires a minimum amount of
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water to flow (assumed in this study to be at least 4 times the dry feedstock mass), one
or more of the following is always mixed with the biomass before it enters the reactor,
regardless of the heat input method: recirculation water, fresh make up water, and/or CHP
extraction water.

The heat recovery methods describe how the saturated vapor from each of the two HTC
flash tanks is utilized. It is possible to inject this vapor directly back into the HTC cycle, or
send it to a condensing low pressure preheater (LPPH) which preheats the CHP feedwater
before the deaerator. Wastewater that is not recirculated to the HTC process is rejected to
wastewater treatment following heat exchange with either incoming HTC make up water
or incoming CHP makeup water in all cases. As the wastewater sensible heat represents
a smaller thermal quantity than the flash vapor, the method for recovering this heat is not
considered a significant design feature for determining the optimal integration scheme,
and is not presented in Table 3.1. Additionally, the costs for the wastewater cooling were
assumed to be comparable across all cases, and would not be a significant reason to reject
any case over others.

Special equipment is also detailed in Table 3.1 to give a sense of the complexity of the
system. While slurry pumps are likely to increase maintenance costs due to clogging and
erosion, additional equipment such as low pressure condensing heat exchangers have the
potential to increase the capital costs of the system, and are therefore included as notable
design features in this section. Economic analysis was performed after the final cases were
chosen, therefore the rejections due to complexity and cost concerns were based upon the
previous economic analysis for small scale integration cases reported by Saari et al. [54].

3.1.1 Integration Case A

Case A derives from Case 6B in previous integrations developed by Saari et al. [57, 54]
and is the final form of Case 5 in Table 3.1. The layout of Case A is shown in Figure 3.1.

The design of Case A includes an extraction after the first high pressure turbine stage to
provide steam to directly heat the HTC reactor. This steam must be at or above the re-
action pressure, 23.2 bar. The overall trigeneration efficiency of the combined process is
increased when the extraction steam is closer to the pressure of the reactor, as it is able to
expand further in the turbine and boost electricity output. The slurry pumps of the stand-
alone case are eliminated in Case A, as high pressure recirculation water is fed into the
chip slurry above the reaction pressure of the HTC process. After the HTC process, the
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Figure 3.1: Case A design schematic.

water and hydrochar mixture leaves the HTC reactor and energy is recovered in two flash
tanks, similarly to the stand-alone operation. The first flash tank produces vapor at 2.8 bar
in the design case, which is utilized in a low pressure preheater (LPPH) to heat the makeup
water for the CHP cycle. The sizing for the LPPH requires balancing the benefits of CHP
makeup water preheating with returning high temperature waster to the HTC slurry, as well
as minimizing the necessary heat transfer surface size as much as possible for capital cost
reductions. The chosen conductance of the LPPH’s condensing surface is 220 kW/K with a
subcooling conductance of 2 kW/K, set just large enough that the temperature at the outlet
water on the hot side is 5 ◦C below the saturation temperature as it enters the recirculation
pump. Pressure drops over each side of the LPPH are set to be 0.1 bar in this analysis. The
wastewater is then pumped to high pressure and redirected into the slurry feedwater for
the HTC process, recovering the energy and liquid byproducts for use in the reaction once
more.
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The second flash tank provides heat for the dryer as saturated steam at atmospheric pres-
sure, similarly to the stand-alone case. After the second flash tank, the liquid phase water
and biomass at atmospheric pressure are sent to the mechanical dewatering filter press and
dried to a moisture content of 40% based upon the previous models by Saari et al. [57].
The biomass then is conveyed to the belt dryer. A second heat input to thermal dryer was
introduced in this case, which utilizes district heating water to further dry the hydrochar to
the desired 5% moisture content. The model treats these drying streams as two separate dry-
ers, however in actuality, the two drying input streams would be included as separate heat
transfer sections in the same dryer equipment. Therefore, electrical power consumption of
the two-dryer model remains equal to the simulations with a single dryer. The addition of
the district heat powered dryer allows the flash steam input from the second flash tank to
be manually controlled, thus freeing the mass flow and pressure of the first flash tank for
efficiency optimization. The flash steam condenses in the dryer and is subsequently sent
to wastewater treatment, however the district heating water is recirculated to the district
heating condensers in the CHP cycle.

Slightly more than half of the water after mechanical dewatering is recirculated as feedwa-
ter for the HTC process. Recycled water is pumped to a pressure of 27.4 bar, combined
with the process water leaving the hot side of the low pressure preheater, and subsequently
heated in a heat exchanger with blowdown drum water (BD HX in Figure 3.1), before
being mixed with the biomass feedstock. The blowdown heat exchanger has a conductance
of 100 kW/K and pressure drops on both hot and cold sides of 0.2 bar. After the heat
exchange, the blowdown stream is combined with the condensate from the CHP’s high
pressure preheaters en route to the deaerator. The mixed condensate line pressure set point
of 9 bar is high enough to prevent boiling, even with the blowdown water’s high pressure
and temperature in this scheme because the mass flow of the blowdown water is small in
all periods, at 1% of the feedwater flow rate.

The water after dewatering that does not get recycled exchanges heat with the incoming
makeup water for the CHP plant before it is sent to the wastewater treatment facility. The
wastewater (WW) cooler heat exchange surface has a conductance of 140 kW/K and pres-
sure drops of 0.1 bar on both sides. Wastewater treatment is not modeled in this study,
however due to the presence of organic acids, an on-site treatment is included in the cost
analysis for the HTC plant. Additionally, a bypass of the WW cooler was included for
control purposes, but its use was not required for any load periods in this study.

Other integration schemes based upon this case were considered but ultimately rejected.
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The first allowed for splitting of the flash steam from the first flask tank and diverting a
portion directly to the recirculation water as a vapor injection, while the rest passed through
the LPPH. This case required additional pumping of the recirculation water to reach the
pressure of the first flash tank, but had only a small benefit for the efficiency due to the
limited the amount of vapor which could be injected into the recirculation water without
causing boiling before the final recirculation pump. The small increase in efficiency was
not considered to be substantial enough to warrant the greater complexity of the system,
which would include piping and mechanical losses in controlling the flow rates, as well
as increased cost and maintenance considerations due to the additional pumping. An ad-
ditional source of feedwater for the HTC slurry was also considered by using an injection
from the high pressure CHP feedwater after the feedwater pump. However, including an
extraction from this preheated water did not improve the efficiency of the process because
it reduced the recirculation water within the HTC cycle and increased wastewater flow.

Additionally, this case was considered without the second dryer. In the single dryer model,
the pressure and mass flow rate of the first flash vapor stream are dependent on the heat
input required by the dryer. The LPPH therefore transfers less energy to the feedwater, and
a greater mass flow of T4 extraction steam is required as an input to the deaerator, reducing
electricity production from the turbine. As the dryer electricity consumption was assumed
to remain the same in all cases, based upon the throughput of solid matter alone, the sec-
ond drying input from the district heating network was considered to be worthwhile in this
integration. Pumping energy in the two dryer model increases slightly, as the return water
must be increased to the DH return pressure, but the increase in electrical production from
more mass flowing through the low pressure stages in the turbine surpasses this electrical
demand.

Part load operation and control

The modeled part load operation is similar in method to the part load operation of the CHP
plant, in that the boiler fuel load is released to be calculated by the software and the mass
flow rate through the condensing turbine is set to maximize the efficiency of the system.
As in the CHP stand-alone plant, maximum efficiency for the integrated plant is achieved
when the condensing turbine section has the minimum acceptable mass flow rate of 2.5 kg/s
because the unusable waste heat rejected in the vacuum condenser is minimized. In part
load operation, the pressure of the high pressure turbine steam extraction drops below the
pressure required by the HTC reactor. This means that for load points P3 through P8, the
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extraction steam is taken from the regulating stage of the turbine rather than the first high
pressure turbine section. The extraction from the regulating stage is done in this model
in order to limit the losses which would originate from depressurizing live steam to the
reactor pressure. However, greater analysis of the mechanical and fluid flow implications
of this extraction need to be studied to ensure that this extraction location is feasible in
practice. At low loads, additionally, the extraction locations for the industrial process heat
are adjusted in order to ensure that steam at the required pressure can be delivered to the
industrial processes. In order to maximize the efficiency of the CHP operation, the extrac-
tion at T4 should be reduced as close to 4.5 bar as possible, requiring the extraction for
the IPH1 steam to be taken from T2 at load periods P3-P8, as was the case in the CHP
stand-alone model. Additionally, in periods P5-P8, the HPPH1 extraction mass flow rate
from T2 reduces below zero, which means that in order to keep using this preheater, the
steam extraction must be taken from T1 during these load periods. Additional care must be
taken that the flue gas flow rate does not reduce below the 135 ◦C limit, and therefore the
mass flow of the extraction taken before IPH1, which powers the SCAH, must be allowed
to change in periods P6-P8.

Optimization of the trigeneration efficiency of this integration scheme is done by reducing
the pressure of the first flash tank to maximize the heat recovery to the CHP cycle. As
shown in Figure 3.2, the flash pressure on the left axis is inversely related to the heat
transferred to the CHP cycle in the LPPH on the right axis. The pressure is determined
by the software based off of the minimum pressure required in the LPPH given the design
parameters which are set by the heat exchanger morphology.

The design parameters for the LPPH were chosen when the first flash tank pressure was
set at 2.8 bar with no pressure reduction across the valve before the LPPH. The pressure
of the vapor from FT1 fluctuates in the different load periods around this set point due
to the variable heat transfer from the blowdown preheater. It was determined that the flash
tanks should not have pressures within 1 bar of each other, which informed the design point
pressure. The trigeneration efficiency is also impacted by the ratio of heat transfer to the
HTC process from the extraction turbine heat injection and the blowdown heat exchanger.
Ultimately it was found that at all load points, the efficiency-optimized blowdown mass
flow rate was the minimum blowdown, equal to 1% of the drum feedwater.
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Figure 3.2: Flash tank FT1 pressure and heat transferred to the CHP cycle in the LPPH in
Case A for all load periods.

3.1.2 Integration Case B

Case B presents a new integration scheme which is the final form of Case 7 in Table 3.1, and
differs from Case A mainly in its approach to utilizing the flash steam for heat recovery.
The schematic diagram for Case B with notable integration features labeled is given in
Figure 3.3.

In the Case B design model, the direct heating of the reactor is provided by the same T1
extraction from the CHP turbine as in Case A, and additional heat input is received through
heat exchange with the drum blowdown. However, after the HTC reactor, the first flash
tank directs saturated vapor both to the recirculation water and to the second of two low
pressure heat exchangers in the CHP cycle. The first LPPH (LPPH1 in Figure 3.3) is fed by
the remaining HTC flash vapor produced at near atmospheric temperature (1.05 bar) in flash
tank 2. The flash vapor routed to LPPH 1 does not expand to lower pressure before reaching
the preheater, because the cooled product liquid is returned to the same point in the HTC
feedwater cycle as the direct vapor injection. Any pressure drop greater than the reduction
in pressure through LPPH2 (0.1 bar) would increase the risk of boiling in the feedwater
pipes before the second recirculation pump. Reduced risk of boiling and increased heat
transfer to the CHP feedwater can also be achieved by increasing the subcooling in LPPH2.
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Figure 3.3: Case B design schematic.

For this reason, LPPH 2 has a conductance of 70 kW/K for the condensing section and 30
kW/K for the subcooling section. While it is preferable to have significant subcooling
in LPPH2 for control purposes, LPPH1 only needs enough subcooling to prevent boiling
before the subsequent recirculation pump, assumed to be safe at 5 ◦C below the saturation
temperature. For this reason, LPPH1 has condensing section conductance of 2 kW/K as in
Case A, but a condensing conductance of 350 kW/K. The increase in conductance of the
condensing section compared with Case A is due to the lower pressure of the flash vapor
exiting FT2 that powers this heat exchanger. Water leaves the hot side of LPPH1 and is then
pumped to the slurry pressure and recovers heat from the blowdown water as in Case A.

Like in Case A, the hydrochar and liquid slurry remaining after the second flash tank is
mechanically dewatered to 40% moisture content and conveyed to a thermal dryer which
reduces the moisture of the solid product to 5% of its mass. The dryer is powered in
Case B by district heating water alone, in order to limit the wastewater produced in the

66



drying process. A majority of the water recovered from mechanical dewatering is once
again recirculated to the slurry and the remainder is passed through a heat exchanger with
the CHP makeup water before being directed to wastewater treatment. The recirculated
water must first be pumped to the pressure of the first flash tank, so that minimal pressure
is lost when the streams are combined. The second recirculation pump then raises the
recirculation water to the slurry pressure of 27.4 bar, after which the stream combines with
the effluent from LPPH1 and is sent to the blowdown heat exchanger and onward to the
biomass slurry. The blowdown heat exchanger is utilized to a greater extent in Case B
than in Case A, and the greater hot side mass flows through this component result in an
increased high temperature and enthalpy addition to the HPPH condensate en route to the
deaerator. This increases the risk of boiling in the pipes in many of the periods, which
required the addition of a water flash tank (BD flash in Figure 3.3) to separate the vapor
and liquid as the blowdown stream expands from drum pressure to the deaerator pressure.
The BD flash tank pressure is 9 bars, to match the pressure of the HPPH condensate. The
liquid stream combines with the HPPH2 condensate and the SCAH condensate, while the
vapor is combined with the steam extraction from turbine section T4 at a pressure of 4.41
bar. The design sizes of the blowdown heat exchanger and wastewater cooler are the same
in Case B as were used in Case A’s model. The wastewater bypass was again not needed
for control in Case B at the design scale, but its use was required upon scaling up the HTC
system, as discussed in Section 3.2.3.

This case was considered with multiple different locations for returning the cooled recir-
culation water from LPPH2. If the pressure is reduced before LPPH2, the condensate can
be combined with the atmospheric pressure water directly after the mechanical dewatering
equipment. However, this both requires a larger LPPH2 heat transfer area, and increases
pumping and thus reduces the efficiency of the integration. Alternatively, the case was
considered in which the condensate was directly pumped to the slurry pressure and not fed
between the two recirculation pumps. However, in this iteration, the temperature of the
HTC feedwater was too high (above saturation temperature) after the direct vapor injection
and it was therefore determined that the cooling effects of the condensate injection were
required between the two recirculation pumps.

Part load operation and control

Like in Case A, reductions in pressure in the turbine sections cause the extractions for
the HTC reactor steam, HPPH steam, and IPH steam to be moved to different locations

67



throughout the operating periods of the year. Additionally, for all load periods, the mass
flow of the steam through the condensing turbine was reduced to 2.5 kg/s to optimize the
trigeneration efficiency of the system. Periods P0-P3 operate in the design mode, but at
P4 the extraction pressure at T1 is too low for the HTC reactor and thus the extraction
must be taken from the regulating stage. In addition, in order to reduce the pressure at T4
to the IPH2 pressure of 4.5 bar, the IPH1 extraction is moved from T3 to T2 to increase
the overall efficiency. In P5-P8, the extraction that feeds HPPH1 is changed from after
T2 to after T1 in order to maintain mass flow to this preheater. An additional adjustment
can be made to improve efficiency in P6 if the IPH1 steam is also taken from T1, as this
allows expansion all the way to 4.5 bar after T4. However, this extraction is not possible at
lower loads because the pressure after T1 reduces significantly enough that flow to the high
pressure preheaters becomes negative, requiring the IPH1 extraction to be moved back to
T2. This ultimately causes an increase in the pressure at T4, as further discussed in Section
3.2.1, and thus reduces the potential to generate electrical power due to increased pressure
drops over the control valves after T4.

Optimization of the HTC process in Case B is also more complex due to the limitations on
the temperature between the two recirculation pumps. The pressure of the first flash tank
can be controlled, with lower pressure increasing the efficiency of the overall integrated
plant operation within a single period’s operation. However, lower pressures have reduced
boiling point temperatures, which means that adequate cooling from LPPH2’s condensate
is necessary to make such a pressure reduction feasible. The temperature of LPPH2’s con-
densate depends both on the mass flow rate of the hot side vapor as well as the temperatures
and mass flow rates of the cold side CHP feedwater. Lower cold side inlet temperature
allows the hot side temperature to be lower coming in, which generally corresponds to a
lower achievable FT1 pressure and higher mass flow rate of hot vapor, transferring more
heat to the CHP feedwater. The pressure of FT1 reaches its minimum in period 3, at 4.95
bar. The minimum feasible pressure for each period’s model at which a safe temperature
below the saturation limit can be maintained at the re-injection point is shown in Figure 3.4,
along with the cold side inlet temperature of the second CHP feedwater heater (LPPH2).
As the heat transferred to the feedwater is increased from LPPH2, the heat transferred from
LPPH1 is reduced due to the lowered mass flow of vapor, which is additionally beneficial
because it helps keep the feedwater temperature of CHP lower between the first and second
LPPH.

The final parameter used to control the HTC cycle with optimal efficiency was the mass
flow rate of extraction steam routed to the deaerator. Controlling this parameter in particular
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Figure 3.4: Flash tank FT1 pressure and temperature of the cold CHP feedwater input to
LPPH2 in Case B for all load periods.

allowed the mass flow rates of blowdown water to the indirect HTC preheater and the direct
steam injection to the reactor to be calculated by the software to ensure appropriate water-
to-biomass ratio and temperature in the reactor. The blowdown mass flow rate however, is
not allowed to go below 1% of the CHP feedwater flow rate. In full load periods P0 and P1,
the efficiency is maximized when the deaerator extraction steam is minimized, but in all
other load periods, there is a peak in efficiency observed at a specific extraction mass flow
rate. After the CHP extractions were set, and the optimum flash tank pressure found, the
mass flow from the deaerator was iteratively adjusted for each model to find the maximum
trigeneration efficiency in each simulated period.

3.2 Comparison of modeled operation

In order to assess the benefits of the integration schemes, the two integration cases were
compared to a base case which consisted of the parallel operation of the two stand-alone
plants, deemed Case 0. Parameters that impact the operation and output of the integrations
are discussed in Section 3.2.1, and key differences in output over the course of the year
are analyzed in Section 3.2.2. Appendix 1 contains an expanded table of all major model
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inputs and outputs in each simulation case. The impacts of scaling up the HTC process on
the outputs and parameters is detailed in Section 3.2.3.

3.2.1 Operating parameters

One of the main limitations on the operation of the CHP stand-alone plant is the stack
temperature, which cannot drop below 135 ◦C due to corrosion concerns. The integration
cases show benefits in increasing the operating time before this limit is reached, as shown
in Figure 3.5a. In order to maintain the appropriate flue gas temperature, the SCAH is
utilized to a greater extent, with the pressure of the steam extraction rising as more heat
is transferred to the air before it reaches boiler. The maximum pressure reached in both
integrations and the base case are similar, nearing 2 bar. The extraction that provides the
steam to the SCAH is at or above 10 bar in all periods of the year, which means that the
steam is expanded through a valve to reduce the pressure in all cases. While the mass
flow rates to the SCAH are low, below 0.67 kg/s in all cases, and power losses due to its
extraction are small, it would be favorable to expand this steam further in the turbine and
extract it instead after turbine section T4, where the pressure minimum is 4.5 bar.

The stack temperature is impacted mainly by the furnace temperature and the flue gas flow
rate, which both decrease as the district heating load decreases, shown in Figure 3.5b.
However, unlike in the small scale BFB studied by Saari et al. [54], the bed temperature in
the furnace does not drop below the minimum operating temperature of 700 ◦C, allowing
all cases to operate for the full 8000 hours of the year. Because the boiler must provide
increased heat for not only DH and IPH applications, but also as input to the HTC process,
the flue gas flow rate and furnace temperature are slightly increased compared to the base
case operation of the boiler. Case A and B differ only slightly in their operation at full load,
with Case A maintaining a higher bed temperature and flue gas flow rate in the coldest
season of the year.

The integration scheme substantially impacts the behavior of the feedwater flow rate, or
the mass flow leaving the deaerator, as well as the flow of live steam to the turbine. Figure
3.5c shows the feedwater and turbine inlet flow rates for all periods of the year. Notably,
the feedwater flow rate is highest in Case B, nearly 20 kg/s higher than Case A at full load,
yet the flow to the turbine in the same time period is the lowest of the three cases. This
is primarily because of the higher utilization of the blowdown heat exchange surface for
indirect heating of the HTC water in Case B. This increases the circulation of water that
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Figure 3.5: Change in operating parameters as a function of operating time for the stand-
alone base case, Case 0, and the two integration cases studied.
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is heated in the boiler but leaves the drum before it is superheated and sent to the turbine
inlet. Turbine inlet steam flow rate is an important parameter in this analysis because it
directly influences the electricity production from the turbine, and thus the profits which
are possible from selling the generated power.

One of the reasons that the blowdown heat exchanger is utilized to a greater extent in
Case B is due to the larger fraction of HTC liquid that is recirculated in Case B compared
to Case A or the base case. As a result, as shown in Figure 3.5d, the wastewater produc-
tion is substantially lower for all periods of the year in Case B. The recirculation ratio is
calculated as the mass flow rate of recirculated product liquid divided by the fresh water
input, or input from the CHP cycle. The steam that leaves in the vent gas is subtracted
from the fresh water input, as this is an unavoidable loss, and cannot be recirculated. In
the base case, the HTC stand-alone reactor has a set recirculation ratio of 3, but it must be
decreased in periods P7 and P8 as described in Section 2.2.3 to maintain appropriate flow
through the WW cooler and ensure no boiling occurs in the slurry. While recirculation ratio
is similar to the base case and remains almost constant in Case A, Case B’s recirculation
ratio fluctuates between a minimum of 6:1 and a maximum of 15:1. While the wastewater
output generally responds in inverse proportion to the recirculation ratio, the correlation is
more pronounced for Case B than Case 0 or Case A. Case B has its highest recirculation
ratio in period 3 when the pressure of flash tank 1 (FT1) is at its minimum, sending the
largest mass flow to LPPH2. Wastewater decreases in Case A as load decreases because
the LPPH transfers less heat to the CHP feedwater (as shown in Figure 3.5e). The reduction
in flash vapor mass flow to the LPPH means that greater recirculation is required to achieve
an appropriate water flow rate to the slurry, and thus less flow is routed to the WW cooler.

The efficiency of operation is impacted by a variety of operating parameters, but two key
parameters that can be adjusted within operational limits are the extraction pressure of the
superheated steam after turbine section T4, and the heat transfer to the CHP feedwater
before the deaerator from the HTC flash vapor (via LPPH in Case A or LPPH1 and LPPH2
in Case B). The minimum value for the T4 extraction pressure is 4.5 bar, which is achieved
in periods P3-P5 in Case A, and P4-P6 in Case B. The minimized pressure ensures that
power production from the expansion of steam is not lost when the steam instead expands
through a valve. Higher pressures are required at T4 in all cases after approximately 5000 h,
when DH load decreases and mass flow through the turbine decreases. This is because the
pressure at the preceding turbine sections must be maintained at high enough points to sup-
ply adequate mass flow to the HPPHs and IPH1. Pressure cannot be controlled across each
turbine section individually, as the pressure is bound by the ellipse law, leaving mass flows
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and physical geometry in each turbine section to determine the extraction pressure after
each multistage section. In full load periods of Case A and Case B, the extraction pressure
is increased above the minimum because the pressure at T3 is set to the IPH1 pressure of
10 bar in optimal-efficiency operation. The reduced flow through the condensing turbine
from the design case improves efficiency, but also increases the pressure at T4 above the
minimum at high loads, until the period when the extraction for IPH1 must be switched to
a higher pressure location.

While the reduction in extraction pressure is one method to boost the electrical production
and increase the trigeneration efficiency, reducing the mass of the extraction steam from
the turbine has a similar effect. One way to do this is to reduce the extraction after T4 that
is used for preheating in the deaerator by boosting the CHP feedwater temperature due to
indirect heating from the the HTC LPPH(s). The heat transferred from the LPPH to the
feedwater is greatest for the integration scheme in Case A in all load periods but P0, and
peaks at P4. In Case A, the extraction pressure and the heat transfer in the LPPH generally
change in opposite ways as the periods shift, while there is no correlation between the
trends in Case B. This is because in Case B, the heat transferred to the CHP cycle comes
from both flash tanks, and therefore the amount of heat transferred to the cycle shows less
fluctuation. There is no thermal dryer in Case B, meaning that all the flash vapor produced
is routed through one of the two LPPH surfaces.

While it appears that Case A is favorable compared to Case B in terms of T4 extraction
pressure and indirect heat transfer from HTC to CHP cycles, especially at high loads, the
heat transferred from the CHP to HTC cycle additionally influences the trigeneration effi-
ciency. Case B has a clear advantage in the later category, as shown in Figure 3.5f. The
heat transferred via direct injection to the HTC reactor as well as indirect heat transfer
from the blowdown steam heat exchanger is plotted for all integration cases throughout the
year. Case 0 has the lowest total heating need (in this case steam from the stand-alone grate
boiler) because the flash steam is recycled mainly to preheat the HTC slurry, and not cooled
by heating the CHP feedwater as in the integration cases. Case B has the second lowest heat
consumption from the CHP cycle in total, with a maximum combined direct and indirect
heat transfer of 18.7 MW. The direct steam heating to Case B is more than 50% lower
than that in Case A at full load because the blowdown heat transfer dominates. Case A on
the other hand gets nearly all of its process heat for the HTC cycle from the direct steam
injection, and has a maximum total heat transfer of 24.2 MW from the CHP cycle. With
blowdown held at its minimum 1% of the feedwater in Case A, the HTC extraction must be
taken at a high mass flow rate, reducing the steam available for expansion through T2-T4
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and thereby negatively impacting potential electricity production in Case A.

The direct and indirect heat transfers to the HTC process in Case B are inversely related, as
expected, with blowdown heat transfer decreasing as direct steam heating increases. The
reduced total heat need in Case B can be explained primarily by the decreased wastewater
and thus decreased heat loss due to sensible heat of the liquid in this case. The reduction of
steam extraction and overall heat need increases the electrical production and reduces the
boiler fuel consumption in Case B, which can benefit the trigeneration efficiency.

3.2.2 Annual production and consumption

Determining the optimal integration case requires considering the production and consump-
tion of energy in each period of the year, as well as on a total annual basis. In Figure 3.6, the
steady state IPSEpro modeled power production (3.6a) and biomass feedstock consumption
(3.6b) are visualized for all periods of the year. Case 0 and the stand-alone CHP plant have
equivalent power production, while the Case 0 integrate has higher feedstock consumption
due to the inclusion of the HTC feedstock. The low load periods show similar behavior
in both quantities for all integrates, while the full load cases feature the largest differences
between the integration schemes.
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Figure 3.6: Comparison of production and consumption throughout the year between the
integration cases and the base case.

The efficiency of trigeneration for the integrated cases, as well as the CHP stand-alone
cogeneration efficiency are shown for the modeled periods in Figure 3.7. Efficiency on
a higher heating value basis is always lower than LHV efficiency due to the inclusion of
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latent heat of vaporization for the moisture in the fuel in the higher heating value. The
step-like appearance of the HHV efficiency is reflective of the changing moisture content
assumptions at the periods of the year progress. Overall, the behavior of the integration
cases is very similar over the course of the year, with both integrates outperforming the
base case of separate stand-alone operation. Particularly in the low load periods of the year
(P5-P8), the gap between the base case and the two integrated schemes begins to increase.
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Figure 3.7: Trigeneration efficiency over the course of the year along with cogeneration
efficiency of the stand-alone CHP plant in LHV and HHV terms.

The energy production and consumption were found for each period by multiplying the
steady state power or heat flux values calculated by the IPSEpro software with the total load
hours for that period. Total annual production and consumption could then be calculated as
the sum of the resulting energy values for all periods. Trigeneration efficiency on a yearly
basis is calculated as

ηLHV =
Eel,net +QDH +QIPH +Qhc,LHV

Q f ,LHV +Q f eed,LHV
(3.1)

where Eel,net is the annual net electrical energy produced in MWh, Q represents a ther-
mal energy input or output annually, subscripts DH and IPH represent district heat and
industrial process heat, respectively, and f and f eed represent the boiler fuel and the HTC
feedstock, respectively. The efficiency can also be represented on a higher heating value
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basis as
ηHHV =

Eel,net +QDH +QIPH +Qhc,HHV

Q f ,HHV +Q f eed,HHV
(3.2)

Table 3.2 gives an overview of the annual energy inputs and outputs to the HTC and CHP
stand-alone models, as well as the separate operation base case and two integrated models.

Table 3.2: Annual production and consumption of energy for the stand-alone HTC and
CHP plants and studied integration cases.

Case HTC CHP Case 0 Case A Case B

Fuel input
CHP fuel, Q f ,CFB,LHV [GWhLHV ] – 2600 2600 2687 2655
HTC boiler fuel, Q f ,G,LHV [GWhLHV ] 110.1 – 110.1 – –
HTC feedstock, Q f eed,HTC,LHV [GWhLHV ] 631.0 631.0 631.0 631.0 631.0
Total fuel, Qchips,HHV [GWhHHV ] 134.2 3173 3307 3278 3238
Total fuel, Qchips,LHV [GWhLHV ] 110.1 2600 2710 2687 2655
Energy products
Net electricity sold, Eel,net [GWh] – 521.5 511.5 510.2 484.6
Purchased electricity, Eel,p [GWh] 10.0 – – – –
District heat, QDH [GWh] – 683.2 683.2 683.2 683.2
Industrial process heat, QIPH [GWh] – 960.0 960.0 960.0 960.0
Hydrochar output, Qhc,HHV [GWhHHV ] 590.5 – 590.5 590.5 590.5
Hydrochar output, Qhc,LHV [GWhLHV ] 560.0 – 560.0 560.0 560.0
Trigeneration efficiency
ηHHV [%] 64.90 68.23 67.41 67.85 67.90
ηLHV [%] 74.54 83.25 81.24 81.78 81.80

Total fuel input for each process impacts the storage and handling of the biomass feedstock
as well as the costs associated with procuring, transporting, and handling the biomass chips.
It is noteworthy that both the integrated cases have lower annual biomass chip consump-
tion than the base case of separate stand-alone plants. Case B uses 32 GWh per year less
biomass feed than the Case A integrate on a lower heating value basis. This is a 1.2%
decrease compared to Case A, while the reduction from the base case is 2.0%. Therefore,
the feedstock decrease, while quantifiable, is not likely to have a large impact on the scale
of the processing equipment required nor the associated costs. If biomass chip price were
to increase significantly, the reduction in Case B would become more advantageous.

Among the three integration cases and the stand-alone CHP case, the electrical production
is highest in the CHP stand-alone case. Because the HTC equipment uses electricity for
dewatering, drying, and pumping, the reduction in the net electrical production is expected
in Case 0. The base case and integration Case A have very similar annual electricity that
can be sold to the grid, with only 1.3 GWh of reduction from Case 0 to Case A. Case B
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however produces substantially less electricity over the course of the year, with a reduction
of 5% reduction from the base case. The electricity production is a byproduct of operating
the CHP plant to serve the district heating load, however it can have a large effect on the
profitability of the integration scheme, especially with volatile electricity prices. Because
the CHP plant can operate in all periods of the year and does not hit any limitations that
would restrict its operation, the production of DH and IPH heat is the same for all inte-
grations and the CHP stand-alone operation. This means that the efficiency values will be
impacted by the fuel input and electricity output fluctuations only.

On an annual basis, the integrated cases do not provide an efficiency advantage over the
stand-alone CHP system when either the higher heating value or lower heating value of the
biomass is considered. Saari et al. found that in small scale BFB operation it was possible
to improve upon the HHV efficiency in one integration case, but others also fell short [54].
In comparison to the base case (Case 0) however, both integration cases result in a higher
annual ηLHV and ηHHV . Case B has a slightly higher trigeneration efficiency than Case A,
but outperforms by only 0.05 percentage points on a HHV basis and 0.02 percentage points
on the LHV basis. Therefore, while Case B appears to be preferable from an efficiency
perspective, it is likely that the uncertainties involved with the simple multiperiod model
mean that in actual operation differences in efficiency performance between Cases A and
B would be negligible.

3.2.3 Impact of scale on CHP-HTC integration operation

In order to assess the impact of the scale on the operation of the HTC plant, identical plant
layouts were made for Case A, Case B, and the stand-alone HTC plant with the hydrochar
production doubled, to 6 kg/s. Overall impacts on the designs and annual impacts are
discussed in this section, as well as in depth explanations of case-specific changes in be-
havior. All component design parameters were kept the same when feasible. Because of
the doubled biomass and water input, it was necessary to make a few key modifications in
the integration cases, particularly to the components that handle the flash vapor, which is
doubled in mass from the original design cases.

In Case A, the size of the LPPH heat transfer area must be increased, assuming the heat
transfer coefficient remains the same. Where the conductance, equal to the product of the
heat transfer coefficient and area (G =UA), was designed at 220 kW/K for the condensing
section and 2 kW/K for the subcooling section, G must be increased to 330 kW/K and
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2.5 kW/K for the same respective surfaces in the large scale model. The increase in the
subcooling area is required in order to maintain an outlet temperature of at least 5 ◦C be-
low the saturation temperature to prevent boiling in the feedwater before the recirculation
pump. Increasing the design size will increase the associated costs, and therefore the small-
est possible increase was assumed to be favorable. Additionally, increasing the condensing
surface area was found to cause a decrease in the trigeneration efficiency of the plant, due
to the increase in wastewater losses. In the case that the WW cooler size is increased along
with LPPH surface area, an improvement in efficiency can be achieved. In such a case, the
integration could be more cost effective, if the capital cost increases are exceeded by the
profits from improved efficiency. However, further study on the interaction between these
economic parameters and the operating parameters is necessary to determine the least cost
design size for the LPPH and wastewater cooler. In this analysis, the WW cooler size was
held constant through the scale up and only LPPH area was optimized. Because minimizing
the LPPH size was deemed optimal for the scale up, a minimum value was set based upon
the dryer heat supply at low load cases. In the summer time, during P8, the dryer heat
demand is served almost entirely by the low pressure flash tank, FT2, as the mass flow of
flash vapor increases from FT2 as load decreases. This is mainly due to the lower CHP
feedwater flow through the LPPH cold side, reducing the heat transfer and requiring less
flash vapor from FT1. Any further reduction of the LPPH area would further reduce the
mass flow from FT1, and an the resulting increase in the constant pressure FT2’s vapor flow
rate causes the model to produce an error of negative flow from the district heating network
to the dryer. This result indicates that the secondary input to the dryer is not required at
low loads, however, in order to ensure the model functionality, and to provide an accurate
comparison to design Case A, the second dryer was kept in the scaled up model, and the
LPPH conductance was limited by the lower bound of 325 kW/K.

Case B also required increased sizes for both of its LPPH heat exchangers, and for the
same reasons as Case A, the sizes of the other HTC heat exchange surfaces were held
constant from the design scale. The scaled up sizes were once again iteratively chosen to
ensure that the maximum pressure required in LPPH1 was not more than the 1.05 bar of
FT2, while also ensuring that the condensate remained at least 5 ◦C below the saturation
temperature before pumping. The sizes of the two LPPH heat transfer surfaces also impact
each other quite significantly, with increasing the size of LPPH1 allowing for decreased
size of LPPH2, as more mass flows from the first flash tank to LPPH2 in such a case.
Generally increasing one heat transfer area and reducing the other had a limited impact on
the efficiency, as similar amounts of heat were transferred to the CHP cycle, but in different
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ratios between the two preheaters. Therefore, the sizes were chosen in an attempt to provide
enough flexibility for efficient control of the HTC plant, but also with an eye for maintain-
ing the sizes as low as possible to keep costs of each preheater to a minimum. However, the
sizes chosen were ultimately substantially larger than in the design scale as well as those in
the Case A scale up. For LPPH1, the conductance is 570 kW/K for the condensing section,
but the subcooling section is maintained at 2 kW/K. The scale up factor for LPPH2 is much
greater, with a conductance increasing from 70 kW/K in the design case to 470 kW/K in
the large scale case. Subcooling in LPPH2 also increases to 50 kW/K to account for the
greater mass flow and critical cooling requirements from the condensate when it is injected
back into the HTC process water.

The results of the large scale simulations show very similar efficiency between the two
cases over the course of the year, while the integration scheme has a noticeable impact on
the scale up behavior of the electricity and the wastewater production. Figure 3.8 shows
the trigeneration efficiency of each integration case as well as the base case, Case 0, under
both the original design conditions and the scaled up HTC process conditions. Efficiency
clearly decreases for all cases during the scale up, while the relationships between the cases
remain similar. Efficiency performance was already comparable in the design cases, and
it continues to be similar in the scaled up cases, with Case A having a slight advantage
over Case B in P0-P4 and P8. The maximum difference between the two integration’s ef-
ficiencies is still less than 0.2 percentage points however, even in the large scale operation.
The base case in the design size is favorable from an efficiency perspective over both of
the large scale integration cases, while the scaled-up Case 0 plant performs substantially
worse than the integrates. The LHV trigeneration efficiency on an annual basis for the
large Case B is 80.64% compared with Case A’s 80.67%. While this difference remains
small, it is worth noting that it was Case B that held a 0.02 percentage point advantage
in this same parameter in the design scale. Therefore, the scale up of Case B results in
a further reduction in annual efficiency, and indicates that Case A may have preferable
scaling behavior from an efficiency perspective.

Unlike the efficiency, the net power generation behaves differently during scale up based
on the integration, visualized in 3.9. In the design case, the electricity production is very
similar between Case A and Case 0, while Case B has substantially reduced electricity gen-
eration in comparison to the base case in full load periods, and slightly higher electricity
production at low loads P6-P8. Upon scale up, the Case 0 electricity generation reduction
from increased HTC consumption is nearly equivalent in all periods of the year, as the major
electricity consumption in the HTC plant comes from the dryer and mechanical dewatering
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Figure 3.8: Efficiency over the course of the year in both design scale and large scale
integration cases.

consumption, which are constant with the consistent hydrochar flow rate. The electrical
generation from Case A reduces below its design size operation for all load points, and
deviates additionally below the base case electrical production in partial load operation at
P3, and P6-8. The maximum reduction in electricity generation below the base case for
Case A rises from 1.3 MW at design scale to 3.1 MW at the large size, indicating that the
scale up of the base case causes less deviation in electricity produced than the scale up of
Case A.

Figure 3.9 also shows the alternative behavior of Case B upon scale up, with the scaled up
case improving its full load period performance significantly compared to design size. The
maximum lag between Case B and Case 0 improves from 12.4 MW to only 5.9 MW due to
the HTC size increase. While P1-P4 do continue to have electrical production lower than
the base case and Case A scale-ups, the electricity generation in periods P6-P8 is again
higher than the base case. During the low load periods of the year, Case B begins to pull
ahead of Case A, where electricity generation decreases at a sharper rate. The improvement
in electricity due to the scale up of Case B is minor periods P7 and P8 as compared to the
high load periods, but there is a small improvement during scale up nonetheless. These
changes amount to a slight overall increase in electricity generation in the larger Case B,
where Case A and the base case produce less electricity in their scaled up forms. Addition-
ally, the differences in the slope of the net electricity production become more noticeably
different in the low load periods, with Case A declining in electricity production the fastest,

80



!"

#"

$"

%"

&"

'"

("

)"

*"

" !""" #""" $""" %""" &""" '""" (""" )"""

!
"
#$
%&
"
'%
()

*
+

,-.-#/'01"%23"4/'0&5%'0."%(6+

+,-./"/0.-

+,-./"/1,23.

+,-./4/0.-

+,-./4/1,23.

+,-./5/0.-

+,-./5/1,23.

Figure 3.9: Power production over the course of the year in both design scale and large
scale integration cases.

while Case B declines at the slowest rate. This suggests that Case B may have advanta-
geous scaling behavior, particularly at full DH load, due to the importance of electricity
production as a parameter in the economic analysis. Future work on scaling may be most
suitable using Case B as an integration scheme, however, additional intermediate sizes are
necessary to further confirm this finding.

Another important parameter to consider in the scaling comparison is the production of
wastewater. The wastewater represents an energy loss from the HTC process, but it also
impacts the economics of the integration scheme, because of the investment requirements
for the downstream wastewater treatment facility. Simply due to the fact that the larger
HTC production facilities process more hydrochar and thus require larger volumes of wa-
ter to maintain the appropriate water to biomass ratio, the wastewater increases in all cases
during the scale up. However, the integration scheme comes into play as a factor in the
wastewater scaling behavior as seen in Figure 3.10.

In the design size, the wastewater production for each case remains in a similar range for all
periods of the year, while the large scale cases show more substantial decreases in wastew-
ater as the loads decrease. Because the wastewater treatment system is sized based upon
the maximum throughput, it is notable that in the design scale, Case A and Case 0 have
nearly identical maximum wastewater throughput, whereas Case B has a maximum which
is only 60% of the Case A flow rate at its maximum. However, the scale up of Case A
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Figure 3.10: Wastewater production at all operating points in both design scale and large
scale integration cases.

requires a greater increase in the WW treatment size than the scale up of Case 0, while
Case B still has the lowest wastewater throughput in the scaled up cases, 5.1 kg/s below
Case A at its maximum. The lack of a wastewater powered thermal dryer is the main reason
why Case B has a lower waste production than Case A or the base case, as the recirculation
of HTC process water can be increased through control of the other HTC parameters in
Case B. Variation in the wastewater flow rate depends on the ratio of heat transferred from
the direct heating of the HTC reactor with the T4 extraction steam and the heat transferred
indirectly from the blowdown water to the HTC recirculation liquid. This ratio changes
depending on the control scheme for the integration, and at what combination of flow rates
the efficiency is maximized. In some scenarios, maximizing efficiency has the effect of
increasing the wastewater, so further economic analysis is necessary to determine whether
the increasing costs of wastewater treatment equipment is significant enough to negate the
benefits of the improved efficiency in those situations.

Case A scale up

Table 3.3 outlines the total trigeneration efficiency (LHV), net electricity generated and the
boiler fuel consumption for each period of the year in the design case (3 kg/s hydrochar
production) and the large scale case (6 kg/s hydrochar production) for Case A. Addition-
ally, the change in each parameter is listed. For all load points in Case A, the efficiency of
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trigeneration is decreased due to the scale up. The average decrease in efficiency is 1.13
percentage points, or an average percent reduction of 1.38% from the design point, with
little variation between the load points. The largest reduction in efficiency comes in P7,
with a 1.57% reduction, while the smallest occurs in P2, with a 1.22% reduction. The low-
est efficiency is just above 78% at low summer district heating loads, which is higher than
the annual efficiencies reported for the two of the three small scale CHP-HTC integration
cases investigated by Saari et al. [54] as well as the system modeled by Erlach [56].

Table 3.3: Impact of HTC scale up on trigeneration efficiency, net electricity generation
and fuel consumption for Case A.

P0 P1 P2 P3 P4 P5 P6 P7 P8

ηdesign (LHV) [%] 81.02 81.31 81.45 82.54 82.39 82.04 81.02 79.88 79.56
ηlarge (LHV) [%] 79.94 80.29 80.46 81.49 81.35 80.76 79.83 78.62 78.36
∆η [%pts] -1.08 -1.02 -0.99 -1.04 -1.04 -1.28 -1.19 -1.26 -1.20

Pel,design [MW] 84.5 91.6 92.6 85.7 69.7 54.5 33.0 19.4 16.3
Pel,large [MW] 84.5 91.2 92.1 84.0 68.2 53.3 31.2 18.3 15.4
∆ Pel [MW] 0.00 -0.40 -0.55 -1.78 -1.47 -1.18 -1.84 -1.06 -0.87

Φ f uel,design [MW] 422.2 429.0 429.5 396.2 346.1 295.6 241.8 205.6 197.1
Φ f uel,large [MW] 439.3 445.0 444.9 406.4 356.1 305.1 250.2 214.5 206.2
∆Φ f uel [MW] 17.2 16.0 15.4 10.2 10.0 9.5 8.5 8.9 9.1

While the scaling factor for the efficiency is similar for all load points, the electrical gen-
eration does not scale in such a linear manner. At full district heating load of 130 MW,
the electricity production from the CHP plant is impacted only minorly by the HTC scale
up, with the greatest reduction below 1% of the design efficiency. In the coldest part of
winter, P0, the electricity production is unchanged in the scaled up case, not only due to the
increased live steam mass flow, but also because additional heat transfer from the LPPH
reduces the mass of the extraction steam required from T4 for the deaerator, compensating
for the electricity lost from the increased extraction steam from T1. The pressure to which
the steam is able to expand after T4 influences the electrical generation, with the changes
in Pel for periods P0-P2 and P6-P8 following the same pattern of increases and decreases
as the change in T4 extraction pressure. However, as the district heating load decreases in
periods P3-P5, the pressure remains constant at T4 during scale up due to the minimum
limitation for the IPH2 steam. The difference in net electricity generation between the two
different sized cases jumps to -1.78 MW in P3 due to the change in extraction location for
the HTC steam. However, the pressure of this extraction can be lowered more substantially
in the large case than in the design case as the periods progress, which means that the
large case has a smaller reduction in electricity produced in periods P4 and P5. Periods
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P6 through P8 are once again influenced by the extent of the steam expansion in turbine
T4, with a jump in magnitude of the electrical losses as the pressure must be set above
the minimum limit once again to ensure appropriate pressure levels for other components
in the integrated cycle. The T4 extraction pressure increase between the design and large
cases is highest in P6, corresponding to the highest reduction in electrical production. As
the pressure change drops slightly in periods P7 and P8, the electrical losses again begin to
decrease between the differently sized cases.

Because the district heating and industrial process heat loads are consistent for each period
of the year between the scaled cases, the only other factor influencing the efficiency is the
boiler fuel intake. The thermal input varies primarily with the feedwater flow rate, which
depends on DH load and HTC wastewater rejection. In Table 3.3, it is clear that the fuel
input, Φ f uel , increases for all periods when the HTC plant is scaled up, but the total input in
MW increases the most during the coldest part of the year when the fuel moisture content
is the highest. The increase in thermal power required due to the scale up diminishes as
the DH load decreases until P6, after which the change in fuel begins to increase. This is
mainly due to the fact that at low loads in P6 and P7, the change in feedwater required is
also increasing.The feedwater requirement is not increasing due to the wastewater rejected,
which decreases over the same time period, so the most likely reasons for the increasing
change are the water requirements for desuperheating are increasing in the larger system,
and the extraction mass required for SCAH air preheating is decreasing, reducing one of the
streams to the deaerator which must then be supplemented with higher feedwater intake.

Case B scale up

Case B is controlled very similarly in its scaled up operation as it was in the design opera-
tion. The limitations which impact case B are still the minimum required blowdown mass
flow of 1% of the feedwater, the temperature before recirculation pump 2 of 5 ◦C below
saturation temperature, and the minimum turbine extraction flow to the deaerator, set at
0.01 kg/s. The extraction flow rate of the mass to the deaerator and the pressure of FT1
were adjusted in all cases until the peak trigeneration efficiency was identified or one of the
limiting boundaries was reached. In periods P0, P7 and P8, the pressure required of the hot
stream entering LPPH1 exceeds the pressure of the low pressure flash tank (FT2) when it
is constrained by the above mentioned limitations, therefore, the bypass stream is opened
around the wastewater cooler. Bypassing the WW cooler allows the the temperature of the
feedwater to be lower when it enters the first LPPH, and subsequently the water leaving
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the cold side of LPPH1 is cooler, enabling a lower temperature at the exit of the hot side
of LPPH1 and a hot side pressure of less than or equal to 1.05 bar (the FT2 pressure set
point). As shown in Figure 3.11, the flow rates of extraction steam and blowdown vary
substantially between the design scale and the large scale models. For the design point, the
efficiency is maximized when the extraction steam hits its lower limit only in periods P0-P1
for the design case, while periods P0-P2 and P4 have the minimum extraction steam sent
to the deaerator in the scaled up model. The deaerator in these periods thus receives the
majority of its steam input from the flashed blowdown vapor, ensuring adequate deaeration,
and eliminating the risk of two-phase pipe flow before the deaerator.
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Figure 3.11: Impact of the control scheme on mass flow rates from the drum blowdown to
indirect HTC heating and steam extraction flow rate from T4 to the deaerator in design and
scaled up Case B.

Another trend exhibited in Figure 3.11 shows that the T4 extraction steam flow rate to the
deaerator generally responds in the opposite manner as the blowdown mass flow rate; as
extraction steam to the deaerator increases, the blowdown mass flow rate decreases, and
vice versa. Therefore, increasing mass flow of T4 extraction steam to the deaerator is cou-
pled with an increase in direct injection steam to the HTC to supplement for the lowered
blowdown heat transfer. It is likely that the substantially lowered mass flow to the deaerator
is a major factor in the improvement in the net electricity generation when Case B is scaled
up, because two of the extractions from the turbine are significantly reduced, allowing more
steam expansion through the turbine sections. The integrated efficiency, net electricity gen-
eration, and fuel consumption for scaled-up, efficiency-optimized Case B are listed along
with the changes between the sizes in Table 3.4.
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Table 3.4: Impact of HTC scale up on trigeneration efficiency, net electricity generation,
and fuel consumption for Case B.

P0 P1 P2 P3 P4 P5 P6 P7 P8

ηdesign(LHV) [%] 80.86 81.36 81.50 82.45 82.42 82.07 81.12 79.95 79.63
ηlarge (LHV) [%] 79.78 80.27 80.43 81.36 81.34 80.77 79.93 78.65 78.30
∆η [%pts] -1.08 -1.10 -1.07 -1.09 -1.08 -1.30 -1.19 -1.31 -1.34

Pel,design [MW] 74.9 79.5 82.5 79.9 66.9 54.9 35.7 21.0 17.8
Pel,large [MW] 81.5 86.3 86.8 80.1 66.6 53.9 35.9 23.0 19.9
∆ Pel [MW] 6.62 6.77 4.25 0.14 -0.36 -1.01 0.21 1.92 2.10

Φ f uel,design [MW] 411.2 413.8 416.7 389.6 342.5 296.0 244.6 207.4 198.7
Φ f uel,large [MW] 436.7 439.0 438.4 402.5 354.1 305.7 255.5 220.2 212.2
∆Φ f uel [MW] 25.5 25.2 21.7 12.8 11.6 9.8 11.0 12.8 13.4

Like Case A, the scaled up operation in Case B resulted in very similar behavior for ef-
ficiency in each load period, while electricity output and fuel intake had more noticeable
difference in each period of operation. The efficiency’s greatest drop was in the sum-
mer load period of P8, with 1.34 percentage points of reduction below the design case,
accounting for 1.68% of the original efficiency value for Case B.

The electricity production is increased from the design size in all but period P4 and P5.
This is because the steam extracted from the turbine is at higher pressure than required for
the IPH1 heat sink in period P4, and the mass flow to HPPH1 is larger due to higher than
required pressure at the first extraction after T1 in P5. From P6 onward, the improvement
in electricity production is once again increasing as the integrated plant operates into the
low load periods, and losses from the extractions decrease as the valves and mixers have
reduced pressure drops.

A similar pattern of fuel consumption increases during scale up is seen for Case B as was
exhibited by Case A, namely, that initially the required additional fuel decreases as the load
decreases, but in the lowest load periods the increase in required fuel also increases. For
Case B, the minimum is reached in P5, with only 3.3% more fuel in the scaled up case than
in the design scale. In Case B, unlike in Case A, the large difference in feedwater flow rate
between the two different scales reduces in the low load periods and the small increase in
wastewater flow does not have a large impact on the fuel requirements in P6-P8. However,
the increased mass flow rate to the turbine in the scale up of periods P7 and P8 requires a
higher input fuel increases in the same periods to reach the temperature and pressure level
of the live steam at the turbine inlet.
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The results of the scale up analysis show that the scaling behavior is an important factor
to consider for future work on industrial scale HTC integrations. Case A appears to have
slightly better scaling behavior from the perspective of efficiency, however, the efficiencies
are comparable between the integrations at all load points, and both cases still vastly out-
perform Case 0 upon scale up. Case A also remains the the highest electricity producer
of the two integrated cases, with substantially higher power production than Case B in the
high load periods of the year. However, Case B appears to have a notably different scaling
behavior, and while it does not result in higher annual electricity production than Case A,
it does have an overall the increase in electricity production during scale up as opposed to
the reduction in electricity seen in the base case and Case A. While the large scale Case A
integration is advantageous for efficiency and electricity, Case B is still preferable from a
wastewater production perspective and from a fuel use perspective, which will reduce the
costs associated with storage and handling of the feedstock and waste at the plant location.
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4 ECONOMIC RESULTS

In this chapter, the methods and results of a capital investment analysis and a profitability
analysis are discussed. The assumptions, equations, and comparison of the cases based
upon the total capital investment are outlined in Section 4.1. Profitability during the op-
erating lifetime of the stand-alone plants and their integrated counterparts is considered in
Section 4.2. The impacts of the scale up on the profitability, as well as the uncertainties
that come from economic parameters are also further investigated.

4.1 Capital investment analysis

Capital costs vary substantially for CHP systems and HTC components, and can be im-
pacted by location, equipment manufacturers, and other external influences. The capital
cost analysis in this study aims not to provide an exact value for the systems studied, were
they to be built today, but rather to provide an insight into the comparative magnitudes of
the required capital investments into each system studied. Equipment costs are made up of
the purchased cost of the equipment (PEC) and the cost of equipment erection including the
instrumentation, controls, piping and construction expenses. The sum of the cost factors is
called the bare module cost, abbreviated CBM. The relationship between PEC and CBM
can be either found in the literature, or when no literature data is available, it is estimated
using the approximation CBM = 2.88PEC [57, 8]. Both values are important parameters
in this analysis, because the indirect costs are calculated based upon PEC, while the CBM
is the main direct cost in the total capital investment calculation.

Purchased costs can be approximated for boiler and turbine components based upon similar
size existing systems with reported costs. The CHP boiler cost is approximated by scaling
up the reported purchased equipment cost (PEC) based on the fuel power throughput of the
boiler given the reference values for biomass CFB power generation systems in the U.S.
EPA’s Biomass Combined Heat and Power Catalog of Technologies [64]. Scaling of costs is
done by using two or more known costs to find the scaling factor, α , and then applying the
calculated scaling factor and one reference size in Equation 4.1 to determine the purchased
cost.

Ca =Cb

(
Xa

Xb

)α

(4.1)

In this equation, X and C are the capacity and cost respectively of the piece of equipment,
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while subscripts a and b indicate the reference equipment and current model equipment,
respectively. For the turbine, the total installed cost, assumed to represent the CBM for
large scale back pressure turbines in CHP operation is given by the U.S. EPA [65] as
666 USD/kWe. Cost data calculated for the boiler and turbine in the reference year y

were subsequently converted into year 2017 euros using Chemical Engineering Plant Cost
Indexes, CI, which are found in Appendix 2. Currency is converted from USD to Euros
using the 2017 average annual exchange rate, R, of 0.884 e/USD [66]. Costs conversions
are calculated as

Ce,2017 =CUSD,y
CI2017

CIy

e2017

USD2017
(4.2)

For integrated case cost analysis, the boiler and turbine sizes were taken to be the larger
of the two capacities between the stand-alone design size and the simulation results. This
is because even if the integrated capacity is a smaller value (for example for the turbine
output in integration cases, or the boiler capacity in Case B), the CHP plant must be able to
operate in stand-alone conditions in the event of problems or routine maintenance requiring
shutdown of the HTC plant.

While the boiler and turbine costs were determined based upon their design point sizes,
other CHP cycle components were analyzed by using the simulated maximum capacity
with an overdesign factor of between 1.1 and 1.2, as recommended to account for design
uncertainties [54]. The boiler and turbine, while required to operate above their rated ca-
pacity during some load points, do not have changes in their physical parameters in the
models, therefore, to maintain consistency, the costs associated with these components are
held constant across all loads and integration schemes, regardless of the maximum through-
put. However, the boiler conveying equipment, storage for the feedstock, and ash handling
costs are all calculated based upon the maximum feedstock throughput of the individual
case. All pump, motor and heat exchange surface purchased equipment costs were taken
from Peters et al. [61].

Information about industrial scale HTC system costs are limited. Therefore, costs were
estimated individually for the components used in the HTC system similarly to the CHP
system’s pumps and heat exchangers. The HTC reactor and flash tank costs were estimated
based on the cost data collected by Saari et al. [54]. Individual component sizes and their
resulting costs are given for each analyzed case in Appendix 3.

Once the PEC and CBM were determined for each case based upon the equipment used
and the required capacities, the total direct and indirect costs for the systems could be
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calculated. Direct costs are comprised of the bare module cost and the offsite costs, which
account for land and building costs as well as site development and utility costs. Offsite
costs are calculated as 45% of the PEC [8, 54]. Indirect costs are the engineering and
startup costs for the system, which are calculated to be 12% of the PEC and 10% of the
PEC, respectively. The engineering costs cover the design of the construction, purchasing
and procurement costs, and the costs of the construction supervision [54]. Start-up costs
provide the buffer for any necessary material or component changes during start-up, as well
as the loss of income during the period between start-up and full operability of the plant
[54].

Additional costs included in the capital investment are the contractors’ fees, which are
estimated to be 5% of the direct and indirect costs, as well as the costs of contingencies,
due to unforeseen problems or conditions, which are given a value of 10% of the indirect
and direct cost sums. The sum of the previously described costs make up the fixed capital
investment (FCI), given in Table 4.1. The working capital is the additional investment
required to operate the plant from the time of start-up until the point when the plant begins
to earn income, and is assumed to be 15% of the FCI. Total capital investment is therefore
the sum of the FCI and the working capital, as shown in Table 4.1, for each of the studied
integrations and their stand-alone counterparts.

The capital costs for the CHP stand-alone plant fall somewhat below the range expected of
a typical CHP power plant. Typical BFB or CFB plants that operate on biomass have a total
capital investment of 2950-4000 e/kWe according to the International Renewable Energy
Agency (IRENA) [3]. The CHP costs calculated in this study, by summing the costs of
the main components, give a total investment cost of 2600 e/kWe, which is below the low
end of the range suggested by IRENA. However, the component summing method neglects
the costs of CHP components outside of the main steam cycle, including costs for the
generator, transformers, and control equipment. Additionally this method does not account
for the cost of the land and buildings in which the components and workers operate. While
the capital costs for the CHP plant and the integrations may be ultimately underestimating
the actual investment required, it is nonetheless reasonable to use this calculation method
to draw conclusions about the integration cases in terms of their relative costs. Because
there are not many industrial scale HTC plants in existence, it is not possible to compare
the stand alone costs calculated in this study to a range of typical values.

Among the HTC-CHP combined operation models, the capital costs are greatest for Case 0,
largely due to the need for the additional grate fired boiler to provide steam to the HTC
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Table 4.1: Breakdown of the capital cost components for CHP and HTC stand-alone and
integration cases

HTC CHP Case 0 Case A Case B

Direct costs
HTC PEC [Me] 8.59 - 8.59 7.99 7.91
Stoker boiler PEC [Me] 2.66 - 2.66 - -
CHP PEC [Me] - 61.99 61.99 62.37 62.42

Total module cost [Me] 32.42 178.54 210.96 202.63 202.56
Offsite cost [Me] 5.06 27.90 32.96 31.66 31.65
∑ [Me] 37.48 206.44 243.92 234.29 234.21

Indirect costs
Engineering [Me] 1.35 7.44 8.79 8.44 8.44
Start-up [Me] 1.13 6.20 7.33 7.04 7.03
∑ [Me] 2.48 13.64 16.12 15.48 15.47

Contractor’s fee [Me] 2.00 11.00 13.00 12.49 12.48
Contingencies [Me] 4.00 22.01 26.00 24.98 24.97

Fixed capital investment (FCI) [Me] 45.95 253.09 299.04 287.23 287.13
Working capital [Me] 6.89 37.96 44.86 43.08 43.07

Total capital investment (TCI) [Me] 52.84 291.06 343.90 330.32 330.20

reactor. Additionally, the costs of the HTC related equipment in the stand-alone scenario
and in Case 0 are higher than those in the integrated cases due to the additional costly slurry
pumps. As expected, the integrated cases are more expensive overall than the CHP plant
alone due to the HTC equipment, but it is also clear from Table 4.1 that the CHP equipment
costs (PEC) are higher in the integrated cases as well. In both integration cases, the main
sources of the CHP-related PEC increases are the increased capacity for fuel handling and
storage, ash handling, and increased DH condenser capacities due to the inclusion of HTC
dryer heating with DH water.

Cases A and B have similar capital costs for their CHP equipment, with Case A having
slightly cheaper CHP components. Because Case B has the lowest fuel input of the in-
tegration cases, the cost of fuel handling, storage, and ash handling equipment is lower
than those in Case A. However, the higher feedwater flow rate in Case B and the added
water flash vessel offset the benefits from reduced boiler-related costs, as the costs for the
deaerator and high pressure feedwater pump are greater than those in Case A. Overall, the
difference in purchased equipment cost between the two integrates is only 0.05 Me, while
the CHP-related costs increase above those in the base case by 0.38 Me and 0.43 Me for
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Case A and B, respectively.

The difference in the HTC-related costs between the two integrates is greater in magni-
tude than for the CHP equipment, despite the HTC components representing a smaller
fraction of the total PEC. Case 0 has the largest HTC PEC fraction due to the expensive
slurry pumping equipment required. Both integration cases improve upon the HTC-related
costs, and even with the addition of the low pressure preheaters, the 0.75 Me reduction in
investment from eliminating the slurry pumps far exceeds the increases due to new com-
ponents. Case A and B improve upon the HTC PEC by 0.61 Me (7% of stand-alone
PEC) and 0.69 Me (8% of stand-alone PEC), respectively. The stand-alone HTC plant and
Case 0 also require the HTC grate boiler which further increases the PEC of the system
by 2.66 Me, a cost that is entirely avoided in the integrated cases. The differences in
cost in the HTC equipment between Case A and Case B are primarily due to the decrease
in the wastewater treatment size. The lower capacity wastewater facilities in Case B cost
0.12 Me less than those in Case A. Though Case B includes increases in pump and motor
capacities over Case A, and the addition of a second LPPH, the cost benefit due to the
smaller wastewater treatment equipment is substantially greater.

Ultimately, the sum of the PEC costs has a direct impact on the TCI, as each of the
subsequent indirect costs are fractions of the system PEC. For this reason, variations in
equipment cost can have large impacts on the economic profitability of the system. Case B
is slightly more favorable from a capital cost perspective than Case A, though the dif-
ference between these cases is only 0.12 Me. The TCI reduction from the base case of
combined stand-alone plants to Case B is 13.7 Me, a decrease of approximately 4%. In
this analysis, sensitivity to the overdesign factor was not investigated, however, this may be
a significant parameter influencing the cost of the systems were they to be actually designed
and implemented. Additionally, this analysis does not include the costs of purchasing and
maintaining redundant back up equipment. For systems with more pumps, like Case B and
the stand-alone HTC system, these redundancies could further add to the investment costs,
and may minimize the gap between Case A and Case B.

4.2 Profitability analysis

Each integration’s profitability was compared on the basis of the annual net cash flow. An-
nual cash flow comprises the sum of all yearly profits from selling the heat, electricity, and
hydrochar products, minus the costs of the investment amortization, maintenance, and fuel.
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Discussion of the impacts of the scale up on the economic profitability is further assessed
in Section 4.2.2. The significant parameters assumed in this economic analysis are given in
Table 4.2.

Table 4.2: Parameters and prices used in economic analysis.

Maximum annual operating time [h] 8000
Plant economic lifetime [a] 25
Annual CHP O&M cost ratio rO&M [%] 0.04
Annual HTC O&M cost ratio rO&M [%] 0.08
Wood chip price [e/MWhLHV ] 20
Sold electricity price [e/MWh] 44
Purchased electricity price [e/MWh] 100
District heat price [e/MWh] 60
Industry process heat price [e/MWh] 40

The investment amortization is calculated using the annual interest rate, i, the plant eco-
nomic lifetime, n, and the TCI value for the given case, using Equation 4.3. Because the
interest rate available for the funds is unknown without an actual investor, calculations for
the investment amortization were performed for two interest rates: 10% and 5%.

Investment amortization =
i · (1+ i)n

(1+ i)n−1
TCI (4.3)

Operation and maintenance costs are assumed to vary proportionally to the purchased
equipment costs, and are calculated by

CO&M =

(
rO&M,CHP

PECCHP

PECCHP+HTC
+ rO&M,HTC

PECHTC

PECCHP+HTC

)
TCI (4.4)

where rO&M is the assumed ratio between annual operation cost and capital cost, equal to
0.04 for CHP and 0.08 for HTC, PEC is the purchased equipment cost, and TCI is the
total capital investment. The purchased equipment cost used in this calculation refers to
the cost of the individual case’s CHP equipment or HTC equipment, not the stand-alone
PEC value. The difference in the value of rO&M between the HTC and CHP plants is due
to the expected fouling and clogging bound to occur during the two-phase slurry handling,
as well as the current limited experience with large scale industrial HTC systems [54].

Prices for electricity and district heat were based off of Saari et al.’s 2016 study [54], while
the price for industrial process heat for industry was based off the current price for natural
gas, reported by Statistics Finland [67]. The hydrochar price chosen was shown in previous
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work to be a significant parameter in the profitability analysis [56, 54], however the sensi-
tivity to this parameter was not assessed in the scope of this study. The variable was held
constant and chosen to maintain consistency and comparability with the previous work by
Saari et al. [54]. Future work must undertake a more complex analysis of the impact of this
parameter on the integration cases in their design scales and in the larger scale-ups to give
a better understanding of the benefits in each case.

Using these economic parameters, the annual cash flows for each year of the plant’s eco-
nomic lifetime were calculated. Components of the cash flows and their total values for the
design scale integrations are listed along with those of the base case in Table 4.3. Negative
values indicate a cost, while positive values are a profit.

Table 4.3: Profitability analysis of stand-alone and design scale integrations.

HTC CHP Case 0 Case A Case B

Investment amortization (i = 10 %) [Me] -5.82 -32.07 -37.89 -36.39 -36.38
Investment amortization (i = 5 %) [Me] -3.75 -20.65 -24.40 -23.44 -23.43
Operation and maintenance [Me] -4.23 -11.64 -15.87 -14.71 -14.69
Boiler fuel [Me] -2.20 -52.00 -54.21 -53.74 -53.09
HTC feedstock [Me] -12.62 0.00 -12.62 -12.62 -12.62
Purchased electricity [Me] -1.00 0.00 0.00 0.00 0.00
Sold electricity [Me] 0.00 22.95 22.51 22.45 21.32
Sold heat (DH+IPH) [Me] 0.00 79.39 79.39 79.39 79.39
Sold hydrochar [Me] 22.40 0.00 22.40 22.40 22.40

Annual net cash flow (i = 10 %) [Me] -3.48 6.63 3.71 6.78 6.33
Annual net cash flow (i = 5 %) [Me] -1.40 18.04 17.20 19.73 19.28

From the annual cash flows, it is clear that the HTC stand-alone plant is not profitable
under the conditions assumed in this study. Though receiving funds at a lower interest
rate improves the profitability for all plants, the HTC case is still not profitable even with
the low interest rate, as evidenced by its negative annual cash flow. The CHP stand-alone
plant is profitable in the 10% interest scenario, and has the second highest annual net cash
flow out of all the plants studied, including the integrated cases. This is primarily due to
the lower investment costs, which lead to lower operation and maintenance costs, as well
as the greater profit from electricity sold. When the funding is available at 5% interest,
the stand-alone CHP plant is less profitable than both integrates. Case 0, on the other hand,
underperforms in comparison to the CHP stand-alone plant and the integrated cases for both
interest rates. While still technically profitable, the combined operation of the stand-alone
plants is unfavorable due to the high investment, O&M, and fuel costs. Though Case 0
has greater electricity sold than the other two integrated cases, the profit is too marginal to
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make the case economically competitive with Case A or Case B.

Cases A and B are both profitable, and advantageous in comparison to Case 0 at all interest
levels considered. It is notable that while Case A is also more profitable than the CHP
stand-alone plant in both interest scenarios, Case B is only favorable in the 5% interest
case. In both interest scenarios, Case A outperforms Case B in annual cash flow, with an
additional 0.45 Me per year of profit. Though Case B has slightly lower investment amorti-
zation, O&M, and purchased fuel costs in both interest scenarios compared to Case A, these
economic benefits are negated by the reduced profits from lower electricity sold. Case A,
therefore, is deemed the most profitable case in its design scale operation, outperforming
all other cases in its annual cash flows.

4.2.1 Uncertanties

The economics are clearly impacted by the integration scheme and the cost data chosen
for the components. Additionally, the electricity, heat, and hydrochar prices play a large
role in the outcome of the profitability assessment, as these govern the majority of the
profits. Hydrochar, district heat, and industrial process heat are produced at the same rate
in each scenario, which means that variations in the prices for these products will likely not
change the results of the economic analysis. While the final values reported in this study
for the annual profit may be inaccurate due to price fluctuations, the relationships between
the cases will remain the same, and give valuable information about the feasibility of the
integration schemes.

The volatility of electricity price is not addressed in this study. The price for electricity is
higher in the winter months than in the summer months [68], however this analysis treats
electricity price as a static value year-round, which may underestimate the benefits of the
higher electricity production in Case A in both design point and scaled up HTC operation.
Additionally, the electricity price can have an impact on how the CHP plant is operated. In
all the models in this study, T7, the condensing turbine, has the minimum required flow as
a fixed parameter, as this maximizes trigeneration efficiency. Controlling the turbine flow
rate based upon maximum power generation, rather than maximum trigeneration efficiency
was suggested by Saari et al. [54] as a more profitable control scheme in a CHP-HTC
integration that used only a back pressure turbine. However, with the large scale CHP plant
used in this integration, utilizing the condensing turbine to a greater extent has the effect
of quickly reducing the trigeneration efficiency, while simultaneously boosting electricity
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production. A preliminary analysis shows that only at high electricity prices would the
maximization of electricity be worth the loss in efficiency from a profit standpoint. An
analysis of the operation of design Case A under three different electricity price scenarios
was used to determine the best control scheme. A low electricity price of 21 e/MWh,
medium price of 44 e/MWh, and high price of 77 e/MWh were used, corresponding to
the prices used by Saari et al. [54]. Table 4.4 lays out the changes in the operation of the
CHP-HTC integration in terms of flow rate through the condensing turbine, ṁT 7, the net
electricity production, Pel,net , and the CFB boiler fuel power, Φ f uel .

Table 4.4: Changes in operation and profit when control of Case A at design size is switched
from maximizing ηLHV to maximizing Pel .

∆ṁT 7 ∆Pel,net ∆Φ f uel ∆Profit [Me]
[kg/s] [MWe] [MWth] low med high

P1 18.5 9.3 62.5 -0.25 -0.20 -0.13
P2 18.5 9.1 62.3 -1.65 -1.32 -0.85
P3 11.8 19.0 51.0 -0.87 -0.26 0.62
P4 11.8 18.8 50.1 -0.85 -0.25 0.62
P5 11.7 19.6 50.2 -0.83 -0.20 0.70
P6 12.2 23.5 54.9 -0.85 -0.09 1.00
P7 11.7 27.5 57.5 -0.28 0.03 0.47
P8 12.6 28.7 61.0 -0.07 0.00 0.11
Annual profit change -5.64 -2.28 2.54

In periods P1 and P2, the change in the flow rate through the condensing turbine is the
maximum possible change, as the turbine section reaches its assumed swallowing capacity
of 21 kg/s. During load periods P3-P8, the turbine is not able to reach the swallowing
capacity, either due to the extraction pressure T4 hitting its minimum of 4.5 bar as required
for IPH2, or due to the pressure drop over the regulating valve before T7 reaching zero
bar. As seen in Table 4.4, the change in the profit in the low electricity price scenario
and the medium electricity price scenario are both negative, indicating that controlling the
integration based on power production is less profitable than controlling the system using
trigeneration efficiency as the optimized parameter. This preliminary analysis did not in-
clude an assessment of the impact of control schemes on component sizing, which may
additionally impact the capital investment. It was assumed that over the lifetime of the
plant, the impact of the control scheme on electricity profits and feedstock costs would be
substantially larger than the possible savings or losses due to capital expenditures. Further
work is required to assess the accuracy of this assumption, particularly in the medium and
high electricity price scenarios.
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4.2.2 Impact of scale on CHP-HTC integration economics

The scale of the HTC plant integrated with the CHP cycle clearly impacted the compo-
nent sizing, operating parameters, and annual energy flows for the integrates as discussed
in Chapter 3. Therefore, the components of the economic profitability are important to
analyze again in the large scale cases. The breakdown of capital cost components that
contribute to the TCI for the scale up cases are given in Appendix 4, and only the final
profitability results are discussed here. The processes and assumptions used in Section
4.2 were also used when analyzing the large scale set ups. Table 4.5 shows the annual cash
flows and their components for large scale integration cases (where subscript l indicates the
larger size). The change in costs from the design scale to the large scale is also given, where
the percentage increase represents the change in the absolute value of the cost component
from the design scale analysis. Therefore, a positive 3% change in a negative parameter
like fuel cost indicates that the fuel costs have increased by 3% and have a larger magnitude
negative value in the scaled-up scenario. The CHP stand-alone costs are the same regardless
of the scale of the HTC plant, and therefore the differences between Case 0 in the design
and large scales is entirely attributable to changes in HTC costs and operation.

Table 4.5: Impact of scale up on economic profitability results.

Case 0l ∆C0 Case A l ∆CA Case B l ∆CB
[Me] [Me] [Me]

Inv. amortization (i = 10 %) -42.87 13 % -39.84 9 % -39.92 10 %
Inv. amortization (i = 5 %) -27.61 13 % -25.66 9 % -25.71 10 %
O& M -19.49 23 % -17.16 17 % -17.18 17 %
Boiler fuel -56.64 4 % -55.47 3 % -55.31 4 %
HTC feedstock -25.24 100 % -25.24 100 % -25.24 100 %
Sold electricity 22.06 -2 % 21.66 -4 % 21.33 0.03 %
Sold heat (DH+IPH) 79.39 0 % 79.39 0 % 79.39 0 %
Sold hydrochar 44.80 100 % 44.80 100 % 44.80 100 %

Annual net cash flow (i = 10 %) 2.01 -46 % 8.14 20 % 7.87 24 %
Annual net cash flow (i = 5 %) 17.27 0.4 % 22.32 13 % 22.08 15 %

For all cases, the costs from the HTC feedstock and the profits from hydrochar sales double.
Additionally, because the CHP plant and DH network remain a constant size, with the same
demand profile, the changes in profits from selling heat are zero in all cases. In the scale up
of Case 0, under the assumption of 10% interest, the annual net cash flow is substantially
decreased compared with the design scale due to the increases in investment and operation
and maintenance costs, as well as a decrease in electricity sales. The resulting profits are
halved in the 10% interest case, while they are only marginally improved in the event that
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lower interest funding is available.

Case A has the lowest increase in investment amortization and boiler fuel costs, but also
has the largest reduction in sold electricity out of the two integration cases, at 4% of the
design scale. The investment amortizations of Case A and Case B are equal in the scaled
up integrations, where Case B was less costly at the design scale. Primarily this increase in
investment cost in Case B comes from the increased CHP equipment costs, which exceed
those in Case A. This is primarily because of the increased DH condenser capacity due to
the HTC dryer’s sole reliance on district heat in Case B, as well as the increased fuel and
ash handling from the jump in boiler fuel input. The CHP-related PEC in the large scale
Case B is 0.15 Me greater than in Case A, which is only countered by a 0.01 Me reduction
in HTC-related costs. The HTC capital costs increase more significantly between the two
scales in Case B than in Case A because of the required size increases for the LPPHs in
Case B’s scale up, as well as the greater number of pumps operating at larger mass flow
rates. The most significant difference between Cases A and B in their profitability comes
from the changes in sold electricity. Where Case A has a reduction in the electricity profits
annually, Case B has a slight increase in electricity profits upon scale up. While the increase
in electricity profits is not enough for Case B to surpass Case A in overall profitability, it is
an important trend to consider in future scaling work, as the economic benefits of scaling
up Case B are improved compared with Case A. The increase in profitability upon scale up
is 20% for Case A, while Case B improves in profitability by 24% when the interest rate is
10%. A similar improvement is seen for the 5% interest scenario, with Case B increasing
its profitability by 2 percentage points more than Case A.

Case A once again has the highest annual cash flow in both the interest rate cases, exceeding
the profits from Case B by 0.24 Me and 0.27 Me in the 5% and 10% interest scenarios,
respectively. Notably, the profit margin between Case A and Case B is decreased from
the design scale (previously 0.45 Me for both interest rates), as Case B has a larger im-
provement in annual cash flow during scale up. This means that for the assumptions in this
analysis, Case A remains the better choice when the HTC size is doubled, however, Case B
may have favorable scaling behavior economically over a larger range of considered sizes.
Future work on other size integrations is necessary to give insight into whether the trends
exhibited in profit change will impact the comparison of the integrations at other larger
HTC sizes.
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5 CONCLUSIONS

Two integration cases, A and B, were developed that allow the CHP and HTC plant to op-
erate with high trigeneration efficiency for 8000 operating hours each year. Control of each
case was based upon meeting the heating loads of the system while achieving the optimal
efficiency for producing electricity, heat, and hydrochar. In this chapter, the significant
findings from each portion of the study are reported, including the differences in operation
between the integration cases, the economic profitability, and the results of the HTC scale
up analysis. Finally, gaps in knowledge and research questions for future work are laid out.

5.1 Design operation

The two integrated schemes primarily differed in how they recovered HTC waste heat, in
the form of flash vapor, after the carbonization reaction. Case A sent its flash steam from
the first, higher pressure flash tank, to a low pressure preheater which exchanged heat with
the CHP feedwater. The second flash tank’s vapor partially covered the heat demand of the
thermal dryer for the hydrochar, while the rest of the drying was provided by district heat.
On the other hand, in Case B, both flash tanks sent their recovered vapor to indirectly heat
the CHP main condensate, and the first flash tank also provided vapor for heat injection
directly into the recycled HTC liquid. Case B therefore only used district heating water to
power the hydrochar dryer.

The ways in which the heat was transferred from the CHP to the HTC cycle were also
different. Both integration cases used extractions from after the first high pressure turbine
in full load periods, and from the regulating stage in part load operation, as direct heat to the
HTC reactor. However, in Case B there was also a substantial utilization of the blowdown
water heat exchanger to provide indirect heating to the HTC cycle, whereas in Case A only
the minimum blowdown flow was used at all load periods.

On an annual basis, the integration schemes had different production and consumption of
energy, though the efficiencies were ultimately similar. In comparison to the base case of
independently operating HTC and biomass CHP plants, both integration schemes showed
slight improvements in the trigeneration efficiency, increasing on a LHV basis from 81.24%
in Case 0 to 81.78% and 81.80% in Cases A and B, respectively. Net electrical generation
was highest for Case 0, with 511.5 GWh, followed closely by Case A with 510.2 GWh,
and trailed by case B with 484.6 GWh. While integration Case A had a higher annual
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output of electricity than Case B, it also had a higher fuel consumption and higher wastew-
ater production, which ultimately reduced the efficiency benefits of the bolstered electrical
generation. Case B had lower wastewater production than both Case A and the base case,
which had maximum waste production of 10.7 kg/s and 10.9 kg/s, respectively. The low-
ered wastewater in Case B, only 6.0 kg/s, meant that less boiler fuel was needed to provide
heat to the integrated system, thus bolstering the efficiency.

All of the modeled integration schemes, as well as the stand-alone plants, were able to
run without hitting any of the operating limits for 8000 hours of the year, the maximum
assumed operating hours for the CHP plant. This was not possible in the study published
by Saari et al. [54] in two of the three integrations, nor in the stand-alone base case, as
CHP boundaries were exceeded at low load points. The longer operating times increase
the profits from selling the CHP products and eliminate the need for the system operator to
bring more costly generation sources on-line to cover the district heating demand.

While the literature results suggest that the models in this study have efficiencies in the
appropriate range for a CHP-HTC integrated system, the differences invite speculation. On
a higher heating value basis, the annual trigeneration efficiencies achieved in this study,
67.85% for Case A and 67.90% for Case B, were slightly lower than the integrated effi-
ciencies reported by Saari et al. [54] of 68.7%-69.4% [54]. The main differences between
this study and the past literature work is the layout of the CHP plant, and additionally its
scale in relation to the HTC production capacity. Because a large scale CHP plant was
studied, this work introduces the use of a condensing turbine, which, though minimally
utilized, adds a vacuum condenser into the model that did not exist in Saari et al.’s [54]
models. Therefore, this model has more heat losses because it cannot utilize the entirety of
the exhaust steam from the turbine for district heating and HTC purposes, as was possible
in the back pressure only models. The starting point for the CHP stand-alone efficiency
before any integration was 69.1% in the Saari et al. model [54], while the current work
started from a base CHP efficiency of 68.2%. In order to reach the values obtained by Saari
et al. [54], the trigeneration efficiency would have to improve over the CHP co-generation
efficiency. Saari et al. [54] were only able to achieve such an improvement in the efficiency
over the CHP base in one integration, which was primarily made possible by the large scale
of the HTC plant in relation to the CHP plant, using more biomass in the HTC upgrading
process than in the CHP boiler. Therefore, improving the HTC operation and subsequent
efficiency swayed the overall efficiency for Saari et al. [54]. In this work, however, the
HTC plant takes in less than 25% of the biomass that the boiler burns, and this means that
improving on the CHP stand-alone efficiency could not be realized in the current cases
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modeled, despite HTC process improvements. Though the annual efficiencies in this work
do not reach the values reported for small scale back pressure only system integrations, the
operational results clearly align with previous studies in the field.

5.2 Design scale profitability

In this study, it was found that the total capital investment of Case B was lower than that
of Case A, yet the economic profitability of Case A, quantified by the annual net cash flow,
was greater. Case B has lower capital costs due to the decreased size of the wastewater treat-
ment facility required, despite the increase in system components in the Case B integrate.
Though the capital costs and the proportional operation and maintenance costs play a role
in determining the profitability of the systems, the sold products, particularly electricity, in
this study had a greater impact on the profitability results. Case B’s greater efficiency and
improved capital costs could not make up for the fact that Case A generated greater elec-
tricity, ultimately selling 22.45 Me worth, while Case B managed only 21.32 Me per year.
The annual cash flows of the integrated cases both showed preferable results in comparison
to the base case, which brought in 3.71 Me per year when investment interest rate was
10%, and 17.20 Me when the investment rate was reduced to 5%. Case B improved upon
this result by earning 6.33 Me and 19.28 Me for i = 10% and 5%, respectively, while
Case A rose to the top of the group with overall annual profits of 6.78 Me (i = 10%) and
19.73 Me (i = 5%).

Economic benefits of the integrations studied in comparison to previous works are multi-
faceted. While the annual net cash flows are substantially larger in the current study due to
the larger size of the CHP plant, HTC plant, and the inclusion of sold heat to industry, the
relationship between the stand-alone profits and integration profits are worth considering,
as investors may use these values to make investment decisions. Similarly to Saari et al.
[54], the HTC stand-alone plant was not economically profitable, but unlike the small scale
system, this work’s large scale CHP plant was profitable enough that combined parallel
operation in Case 0 remained profitable. However, the base case was the worst performing
case in terms of annual net income in this study. Saari et al. [54] similarly found that two
of three integrations outperformed the base case.

As expected from previous integrations, the HTC process was simplified substantially by
combining it with an existing CHP plant. In the previous investigations, the capital costs
were consequentially reduced for the HTC equipment (including the small boiler in the
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stand-alone case) in the integrated cases, by 10% in Erlach et al.’s [53], and nearly 40%
in Saari et al.’s [54]. For both Case A and Case B in this work, the purchased equipment
costs for the HTC equipment alone are reduced by nearly 30%, with the latter having a
marginally better reduction. This result may fall short of Saari et al.’s [54] small scale
system simply because the HTC system studied herein has a larger throughput, requiring
larger reactors, flash tanks, and drying equipment, and therefore the costs of the slurry
pumps (an subsequent cost reduction upon elimination) occupy a smaller fraction of the
total HTC equipment costs.

Because the scale of the CHP plant was much smaller in the previous studies, the HTC
equipment also accounted for a greater fraction of the total purchased equipment costs.
This means that reducing the HTC costs through integration led to an 18% reduction in
total capital investment for the cheapest integrated case studied by Saari et al. [54] in
comparison to the base case. However, in this work, the larger CHP plant costs mean that
the reduction in HTC equipment purchased only reduced the overall TCI by 4% at best
(in Case B). However, the capital costs of the integrations represent only a 13% increase
in capital costs above the stand-alone CHP cost for both integrates. In the small scale
operation, investors would be looking at a 57% increase in investment with the cheapest
integration option, and may be more inclined to therefore rule out the HTC inclusion on a
capital cost basis.

5.3 Scaled up operation and profitability

The models were changed minimally during the scale up of the HTC plant, to double its
production capacity, with the main changes occurring in the design size of the low pressure
preheaters, and minor adjustments to the control schemes to ensure maximized efficiency
in each operating period. All cases, including the base case, had reduced trigeneration effi-
ciencies upon scale up due to the larger heat input required by the HTC reactor. While the
annual operating efficiency was slightly higher in the design size in Case B, upon scale up,
Case B’s control scheme results in greater increases in fuel consumption, and its resulting
efficiency, 80.64% (LHV), is slightly lower than Case A’s 80.67%. Case A also remains the
highest producer of electricity out of the two integration cases, though its electricity pro-
duction is reduced to 492.2 GWh from the design size’s 510.2 GWh. Conversely, Case B
increased its electricity production from the design scale, though by only 2 MWh.

Economically, the capital costs of Case B are increased slightly above those of Case A,
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as the greater increase in the equipment design sizes in Case B eliminates the advantage
from lower waste water treatment. TCI costs in all cases increase above the design scale
costs, to 361.7 Me and 362.4 Me for Cases A and B, respectively, due to the component
size increases. Case A remains more favorable from a profitability standpoint in its large
scale configuration, however, the scaling behavior of Case B is notably better. Case B
improves in profitability by 24% in comparison to Case A’s 20%, when investment capital
is available at 10% interest. Because both integrations remain more profitable than the base
case and the stand-alone CHP plant, it is worth considering other HTC capacities in future
integration work. Case B is particularly interesting for its scaling potential in comparison
to the more profitable Case A.

5.4 Future work

There are four primary realms for continuing analysis based upon this work. First, the late
addition of the flash tank to Case B to prevent boiling before the deaerator was one of two
possible mitigating strategies. The other strategy involves pumping the drum water after the
BD heat exchanger up to the feedwater pressure with the use of a second feedwater pump,
and combining this stream with the cold side feedwater between the two high pressure
preheaters. An initial analysis of this system was run for the design scale of Case B, and
warrants further investigation, because though the capital costs increase with the additional
high pressure pump, the electricity production and efficiency also increase, boosting the
profits in comparison to the current Case B scheme. The economic results from this pre-
liminary analysis can be found in Appendix 5. Further work is needed to determine if the
scale-up behavior of the alternative operation would be similar or different to the scheme
assessed in this thesis.

The second area for future work involves the cost calculations. The economic analysis
is influenced by the assumptions of hydrochar, electricity, and heat prices. Additionally,
the over-design factors and ratio between PEC and CBM were held constant throughout
this study, regardless of the type of component, representing a significant simplification.
Different design capacities, or the addition of parallel redundant back up systems, could
significantly increase the capital costs of the systems studied, and alter their relationships
to each other. Saari et al. [54] performed a sensitivity analysis for the small scale BFB-
HTC integrate and found that the internal rate of return (IRR) for the integration schemes
was particularly sensitive to the wood chip price, investment, and O&M costs. Calculations
of the IRR and payback period were not performed in this work, however, these parameters
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are most commonly used by investors for evaluating projects, and should be assessed in
future work. The hydrochar market is also a source of uncertainty because markets are still
developing for this product, and the prices are bound to fluctuate in the future depending
on the applications of the products.

The modeled results are sensitive to not only changes in prices, but also to the method
used to control the system. In this study’s preliminary assessment of Case A, changing
the control strategy of the integrated plant based on maximal electricity production was
not beneficial compared to the control based on maximized trigeneration efficiency for
medium and low electricity prices. However, this analysis can be further developed by
performing similar calculations for Case B and the large scale cases. Additionally, the
changes in component capacity were not considered when assessing the impact of the con-
trol scheme, though it was clear from the economic analysis that the capital costs, especially
for wastewater treatment, play a key role in the economic profitability.

Finally, the operation and economics of a variety of scales should be further investigated
to fully evaluate how the integrations behave when the HTC plant increases in size. In this
study, only two HTC sizes were compared, one with hydrochar flow rate of 3 kg/s, and one
with hydrochar output of 6 kg/s. The results indicated that the scaling behavior is different
depending on how the integration is performed. In actual industrial implementation, an
HTC reactor may need to operate at a variable throughput, and thus the impact of the HTC
scale on the CHP operating parameters and component sizing is consequential. In addition,
the profitability upon further scale up, or scale down may not follow the same trends as
were seen in the HTC size doubling. The ratio between the CHP capacity and the HTC
capacity should be further investigated to determine if there are notable trends in behavior
that could indicate an advantage of one integration scheme over the other.
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6 SUMMARY

Hydrothermal carbonization has been studied as an appropriate thermochemical upgrading
process for a variety of biomass feedstocks, including lignocellulosic biomass like that
available from Finnish forest residues. Currently in many colder climates, like Finland,
there are existing large scale, biomass-powered CHP plants which serve electricity, district
heating and industrial heat loads. HTC processes have been developed by a few companies
for stand-alone operation at an industrial scale, but integration of CHP plants and HTC pro-
cesses has not yet been undertaken in industry. Modeling work for small scale CHP-HTC
integration has been carried out by previous researchers [56, 54] with DH network sizes
of ∼20MW, and HTC throughputs of 1300-5000 kg/h. This work builds upon the models
created by Saari et al. [57, 54] for a BFB combined heat and power cycle integrated with
a continuous HTC process. A larger CHP cycle with a CFB boiler that provides not only
district heat, but also high pressure industrial heat, was integrated with the HTC processing
equipment. The objectives of this thesis were to investigate operation of different inte-
grations and evaluate their energetic and economic performance. Additionally, this study
aimed to determine the impacts on operability and profitability of increasing the size of the
HTC process in the integrations.

IPSEpro software was used to create steady-state models of CHP, HTC, and integrated
operation in both design and part-load operating conditions. Calculation of the component
parameters, and energy and mass flows between each component in the model was accom-
plished by the software by numerically solving groups of equations until convergence was
achieved. Because the HTC process requires heat input, in stand-alone operation it includes
a small grate fired boiler. However, in integrated schemes, heat can be transferred directly
or indirectly from the CHP cycle, eliminating the need for an HTC boiler. Out of seven pos-
sible integration schemes, which differed largely in their reactor heating method and waste
heat recovery scheme, two integrations were chosen for further operational and economic
analysis. Models were developed for these two schemes, Case A and Case B, for eight load
periods of the year. Additionally, the impact of increasing the size of the HTC process on
both the operating characteristics and the economic profitability of the integration schemes
was assessed. The modeling work undertaken in this study suggests that the HTC process
can be drastically simplified from its stand-alone operation if it is integrated with a CHP
system, and thus the investment costs required for the HTC system are reduced. While the
profitability is highly dependent on the hydrochar price, under the economic assumptions
in this study, with hydrochar price of 40e/MWh, the integrated CHP-HTC systems studied
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were both more profitable than running the two processes separately in stand-alone mode.

Integration Case A has fewer components in the HTC cycle and is therefore easier to con-
trol in part load operation than Case B, which has additional pumps and heat exchangers.
Both the fuel consumption and electricity generation in Case A are larger than in Case B.
However, Case B has slightly improved trigeneration efficiency on a yearly basis than Case
A. Though from an efficiency perspective, Case B outperforms Case A, the profitability of
Case A exceeds that of B due to its greater electricity sales on a yearly basis. Even with
lower investment costs for the equipment in Case B, the profits are still not able to match
those in Case A annually. Case A is therefore recommended for implementation under the
conditions studied, due to its economic benefits.

The HTC plant size was then doubled and the integration schemes adjusted and run again
for all periods of the year. Upon scale up, the integration schemes showed different behav-
ior and relationships to each other, which warrant further study. Case A moved above Case
B in the efficiency of operation, yet its electricity production decreased from the design
scale. In contrast, Case B began producing more electricity than in its design scale model,
and thus the profitability of Case B showed a larger improvement due to the scale up.
Though Case A remains the most profitable integration case under the conditions studied,
the improvement during scale up of Case B makes it a more interesting case to pursue in fu-
ture work. Particularly, future work that investigates further HTC scale changes is required
to develop a deeper understanding of the fundamental differences between the scaling be-
havior in the two integration schemes. Additionally, sensitivity analysis that examines the
impacts of price assumptions on the economic results is required when comparing the two
integration cases at either scale.

Because the implementation of industrial HTC plants is so limited, and due to the modeled
unprofitability of the hydrothermal carbonization process alone, it is clear that CHP-HTC
integrations are an important pathway to improve the profitability of hydrochar production.
Hydrochar is a valuable end product for many industries, including as a coal substitute in
energy applications. However up until this point, producing the hydrochar by HTC has been
only marginally implemented due to the costs associated with running an HTC process at
an industrial scale. This thesis suggests two profitable integration schemes that can operate
at 10800 kg/h and 21600 kg/h of hydrochar output when integrated with a 430 MWth CFB-
fired CHP plant. Applications of this work can be used in existing and future bioenergy
systems, as coal-based energy production dwindles in the face of climate change.
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APPENDICES



P0 P1 P2 P3 P4 P5 P6 P7 P8
Overall P el,net MW -1.27 -1.26 -1.26 -1.26 -1.26 -1.25 -1.25 -1.24 -1.24

q m,waste kg/s 9.38 9.38 9.38 8.62 8.62 7.99 7.99 9.01 9.01
HHV wood MJ/kg 9.36 9.36 9.36 10.40 10.40 11.45 11.45 12.49 12.49
LHV wood kJ/kg 7433 7433 7433 8529 8529 9627 9627 10724 10724

tot,HHV % 60.7 61.3 61.7 64.7 65.2 65.7 65.7 66.0 66.0
tot,LHV % 72.5 73.2 73.6 74.8 75.4 74.0 74.0 72.8 72.8

Grate boiler fuel MW 18.9 17.9 17.4 13.4 12.8 12.4 12.4 12.2 12.2
q m,fuel kg/s 2.54 2.41 2.34 1.58 1.50 1.29 1.28 1.14 1.14

th,boiler MW 14.4 13.8 13.5 10.8 10.3 10.2 10.1 10.2 10.2
P el,pumps kW 25.4 24.3 23.8 19.2 18.5 18.3 18.2 18.3 18.3
P el,aux kW 98.9 93.8 91.3 61.5 58.4 50.2 50.1 44.4 44.4
P el,TOT kW 124.3 118.1 115.1 80.7 76.9 68.5 68.3 62.7 62.7

boiler % 76.8 76.9 76.9 79.5 79.5 80.7 80.7 81.7 81.7
HTC process HTC-steam kW 14425 13798 13485 10799 10294 10175 10146 10171 10171

dryer kW 7689 7309 7120 6930 6740 6551 6475 6361 6361
P el,dryer kW 570.0 570.0 570.0 570.0 570.0 570.0 570.0 570.0 570.0
P el,dewatering kW 310.9 310.9 310.9 310.9 310.9 310.9 310.9 310.9 310.9
P el,pumps kW 262.3 264.8 266.0 296.5 297.6 298.2 298.0 298.7 298.7
P el,TOT kW 1143 1146 1147 1177 1179 1179 1179 1180 1180
recirculation ratio - 3.0 3.0 3.0 3.0 3.0 3.0 3.0 2.2 2.2
q m,feed kg/s 10.2 10.2 10.2 9.2 9.2 8.4 8.4 7.7 7.7
q m,feed t/h 36.8 36.8 36.8 33.1 33.1 30.1 30.1 27.6 27.6
q m,hc kg/s 3.0 3.0 3.0 3.0 3.0 3.0 3.0 3.0 3.0
q m,hc t/h 10.8 10.8 10.8 10.8 10.8 10.8 10.8 10.8 10.8

Appendix 1 Operational parameters from IPSEpro models

Table A1.1 HTC stand alone design scale



P0 P1 P2 P3 P4 P5 P6 P7 P8
Overall P el,net MW -2.55 -2.54 -2.54 -2.52 -2.51 -2.50 -2.50 -2.49 -2.49

q m,waste kg/s 18.77 18.77 18.77 17.23 17.23 15.98 15.98 15.63 15.63
HHV wood MJ/kg 9.36 9.36 9.36 10.40 10.40 11.45 11.45 12.49 12.49
LHV wood kJ/kg 7433 7433 7433 8529 8529 9627 9627 10724 10724

tot,HHV % 59.8 60.5 60.8 64.4 64.9 65.4 65.2 65.8 65.8
tot,LHV % 71.4 72.2 72.5 74.4 75.0 73.7 73.4 72.5 72.5

Grate boiler fuel MW 40.6 38.6 37.6 27.9 26.5 25.6 26.3 25.2 25.2
q m,fuel kg/s 5.46 5.19 5.06 3.27 3.10 2.66 2.73 2.35 2.35

th,boiler MW 29.3 28.1 27.5 21.4 20.4 20.1 20.6 20.1 20.1
P el,pumps kW 50.7 48.7 47.6 37.2 35.9 35.4 36.3 35.4 35.4
P el,aux kW 212.8 202.3 197.1 127.4 120.9 103.7 106.5 91.6 91.6
P el,TOT kW 263.5 251.0 244.7 164.6 156.8 139.1 142.8 127.0 127.0

boiler % 72.5 72.7 72.7 75.9 76.0 77.3 77.1 78.4 78.4
HTC process HTC-steam kW 29317 28122 27525 21376 20374 20137 20642 20131 20131

dryer kW 15377 14619 14239 13860 13481 13102 12950 12722 12722
P el,dryer kW 1140.0 1140.0 1140.0 1140.0 1140.0 1140.0 1140.0 1140.0 1140.0
P el,dewatering kW 621.8 621.8 621.8 621.8 621.8 621.8 621.8 621.8 621.8
P el,pumps kW 524.5 529.1 531.5 593.9 596.1 597.4 594.3 598.6 598.6
P el,TOT kW 2286 2291 2293 2356 2358 2359 2356 2360 2360
q m,feed kg/s 20.4 20.4 20.4 18.4 18.4 16.7 16.7 15.3 15.3
q m,feed t/h 73.6 73.6 73.6 66.2 66.2 60.2 60.2 55.2 55.2
q m,hc kg/s 6.0 6.0 6.0 6.0 6.0 6.0 6.0 6.0 6.0
q m,hc t/h 21.6 21.6 21.6 21.6 21.6 21.6 21.6 21.6 21.6
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Table A1.2 HTC stand alone large scale



P0 P1 P2 P3 P4 P5 P6 P7 P8
fuel MW 407.6 414.9 415.6 386.2 336.1 283.3 233.9 196.8 186.6
boiler,th MW 361.2 368.3 369.4 348.8 305.1 260.8 215.6 183.1 173.8

q m,fuel kg/s 54.8 55.8 55.9 45.3 39.4 29.4 24.3 18.4 17.4
q m,air kg/s 176.5 180.2 181.0 163.4 142.8 117.9 97.6 80.7 76.5
q m,FG kg/s 231.1 235.7 236.6 208.5 182.0 147.1 121.7 99.0 93.8
q m,turbine kg/s 136.2 139.1 139.5 131.1 113.5 95.9 81.0 68.4 64.8
P gen MW 96.0 103.0 104.0 96.8 79.7 61.3 42.6 27.2 22.4
P el,CHP MW 85.4 92.2 93.2 86.6 70.3 52.8 34.9 20.1 15.5
P el,net MW 85.4 92.2 93.2 86.6 70.3 52.8 34.9 20.1 15.5
P el,pumps MW 2.73 2.80 2.81 2.63 2.24 1.87 1.57 1.32 1.25
P el,aux MW 7.91 7.99 8.00 7.62 7.15 6.60 6.15 5.78 5.69
q m,ECO,in kg/s 124.2 126.8 127.1 119.8 103.8 88.2 75.7 64.7 61.5
q m,waste kg/s 1.24 1.27 1.27 1.20 1.04 0.88 0.76 0.65 0.61
p FW bar 122.6 122.9 122.9 122.1 120.6 119.3 118.5 117.8 117.6
p drum bar 120.9 121.1 121.1 120.6 119.4 118.5 117.8 117.3 117.2
p T4, out bar 4.63 4.50 4.50 4.50 4.50 4.50 5.30 7.01 8.23
p T5, in bar 4.63 4.50 4.47 3.99 3.07 2.19 1.34 0.80 0.67
p SCAH bar 0.07 0.04 0.04 0.04 0.05 0.28 0.34 1.68 1.98
p DHC1 bar 1.26 0.78 0.67 0.55 0.43 0.40 0.39 0.39 0.39
p DHC2 bar 0.82 0.36 0.30 0.25 0.20 0.22 0.27 0.33 0.35
T SCAH,out °C 5.0 15.0 20.0 25.0 30.0 41.1 44.8 59.8 62.1

SCAH MW 0.00 0.00 0.00 0.00 0.00 0.73 0.78 1.63 1.73
air MW 0.89 2.73 3.66 4.15 4.36 4.96 4.48 4.97 4.89

HHV wood MJ/kg 9.36 9.36 9.36 10.40 10.40 11.45 11.45 12.49 12.49
LHV wood kJ/kg 7433 7433 7433 8529 8529 9627 9627 10724 10724
T stack °C 142.6 149.3 152.3 144.2 141.2 135.0 135.0 135.0 135.0
T furn °C 899.8 903.0 903.3 915.2 891.5 877.1 843.0 819.5 808.7

boiler % 90.7 90.3 90.1 91.2 91.4 92.1 92.1 92.3 92.3
tot,HHV % 65.3 65.5 65.5 68.7 68.6 70.6 69.7 70.5 70.1
tot,LHV % 82.3 82.5 82.6 83.8 83.7 83.9 82.9 82.1 81.7
CHP % 82.3 82.5 82.6 83.8 83.7 83.9 82.9 82.1 81.7
el % 20.9 22.2 22.4 22.4 20.9 18.6 14.9 10.2 8.3
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Table A1.3 CHP stand alone



P0 P1 P2 P3 P4 P5 P6 P7 P8
CHP Process fuel MW 422.2 429.0 429.5 396.2 346.1 295.6 241.8 205.6 197.1

boiler,th MW 373.6 380.4 381.2 357.8 314.0 270.9 222.7 191.2 183.5
q m,fuel kg/s 56.8 57.7 57.8 46.5 40.6 30.7 25.1 19.2 18.4
q m,air kg/s 182.8 186.3 187.0 167.5 147.1 123.0 100.8 84.3 80.9
q m,FG kg/s 239.3 243.8 244.5 213.8 187.4 153.5 125.8 103.4 99.1
q m,turbine kg/s 142.3 145.0 145.3 134.2 116.5 102.7 83.5 71.3 68.3
P gen MW 95.4 102.6 103.7 96.2 79.3 63.2 40.9 26.6 23.4
P el,CHP net MW 84.5 91.6 92.6 85.7 69.7 54.5 33.0 19.4 16.3
P el,CHP-HTC MW 83.6 90.6 91.7 84.8 68.8 53.5 32.1 18.4 15.3
P el,CHP pumps MW 2.88 2.94 2.95 2.70 2.31 2.02 1.63 1.38 1.32
P el,aux MW 8.05 8.12 8.13 7.71 7.25 6.71 6.22 5.86 5.78
q m,ECO,in kg/s 130.0 132.4 132.7 122.4 106.4 95.1 77.8 67.2 64.5
q m,waste kg/s 10.91 10.85 10.81 8.48 8.56 7.64 7.65 6.82 6.80
p FW bar 123.2 123.5 123.5 122.4 120.8 119.9 118.6 117.9 117.8
p drum bar 121.4 121.6 121.6 120.8 119.6 118.9 117.9 117.4 117.3
p T4, out bar 5.98 5.73 5.70 4.50 4.50 4.50 5.99 7.43 7.71
p T5, in bar 4.79 4.67 4.64 4.12 3.19 2.29 1.44 0.87 0.74
p SCAH bar 0.07 0.04 0.04 0.04 0.05 0.06 0.29 1.58 1.84
p DHC1 bar 1.27 0.78 0.67 0.56 0.44 0.41 0.39 0.39 0.39
p DHC2 bar 0.81 0.36 0.30 0.25 0.20 0.22 0.26 0.32 0.34

LPPH1 MW 11.04 11.85 12.02 12.15 12.18 11.99 11.69 11.52 11.47
T SCAH,out °C 5.0 15.0 20.0 25.0 30.0 35.0 43.9 58.6 60.5

SCAH MW 0.00 0.00 0.00 0.00 0.00 0.00 0.71 1.60 1.69
air MW 0.92 2.82 3.79 4.25 4.49 4.40 4.54 5.08 5.03

HHV wood MJ/kg 9.36 9.36 9.36 10.40 10.40 11.45 11.45 12.49 12.49
LHV wood kJ/kg 7433 7433 7433 8529 8529 9627 9627 10724 10724
T stack °C 145.2 151.8 154.8 144.8 141.8 136.9 135.0 135.0 135.0
T furnace °C 906.0 908.8 908.9 919.1 896.1 887.2 849.0 828.1 819.6

boiler % 90.6 90.2 90.0 91.2 91.3 92.0 92.1 92.3 92.3
tot,HHV % 64.9 65.1 65.3 68.3 68.3 69.9 69.1 69.7 69.5
tot,LHV % 81.0 81.3 81.5 82.5 82.4 82.0 81.0 79.9 79.6
CHP % 79.2 79.6 79.8 81.5 81.1 81.0 79.4 78.2 77.7
el % 20.0 21.3 21.6 21.6 20.1 18.4 13.7 9.4 8.3

HTC process HTC-steam kW 22831 22660 22562 19800 19861 19488 19590 19325 19343
dryer1 kW 4387 3594 3424 3306 3276 3460 3760 3931 3982
dryer2 (DH) kW 3302 3715 3696 3624 3464 3090 2715 2430 2379
blowdownPH kW 1343 1373 1377 1274 1101 982 798 688 660

P el,dryer1 kW 570.0 570.0 570.0 570.0 570.0 570.0 570.0 570.0 570.0
P el,dewatering kW 310.9 310.9 310.9 310.9 310.9 310.9 310.9 310.9 310.9
P el,HTC pumps kW 73.6 75.9 78.2 90.5 87.0 88.6 87.0 90.1 90.1
P el,TOT kW 954.5 956.9 959.1 971.4 967.9 969.5 967.9 971.1 971.0
recirculation ratio - 2.13 2.16 2.17 3.10 3.04 3.25 3.24 3.47 3.48
q m,feed kg/s 10.22 10.22 10.22 9.20 9.20 8.36 8.36 7.66 7.66
q m,feed t/h 36.8 36.8 36.8 33.1 33.1 30.1 30.1 27.6 27.6
q m,hc kg/s 3.0 3.0 3.0 3.0 3.0 3.0 3.0 3.0 3.0
q m,hc t/h 10.8 10.8 10.8 10.8 10.8 10.8 10.8 10.8 10.8
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Table A1.4 Case A design scale



P0 P1 P2 P3 P4 P5 P6 P7 P8
CHP Process fuel MW 439.3 445.0 444.9 406.4 356.1 305.1 250.2 214.5 206.2

boiler,th MW 388.4 394.2 394.6 366.8 323.0 279.6 230.4 199.4 191.9
q m,fuel kg/s 59.1 59.9 59.9 47.6 41.8 31.7 26.0 20.0 19.2
q m,air kg/s 190.2 193.3 193.7 171.9 151.3 126.9 104.4 88.0 84.6
q m,FG kg/s 249.1 252.9 253.3 219.3 192.9 158.4 130.2 107.8 103.7
q m,turbine kg/s 147.7 150.0 150.2 137.3 119.5 105.6 86.2 74.2 71.3
P gen MW 95.7 102.5 103.4 94.5 78.0 62.2 39.2 25.7 22.7
P el,CHP net MW 84.5 91.2 92.1 84.0 68.2 53.3 31.2 18.3 15.4
P el,CHP-HTC MW 82.6 89.3 90.2 82.0 66.3 51.4 29.3 16.4 13.5
P el,CHP pumps MW 3.00 3.06 3.06 2.77 2.38 2.09 1.68 1.44 1.38
P el,aux MW 8.22 8.28 8.28 7.80 7.34 6.80 6.30 5.94 5.86
q m,ECO,in kg/s 134.8 136.8 136.9 125.1 108.9 97.6 80.1 69.7 67.1
q m,waste kg/s 22.18 22.03 21.96 17.24 17.35 15.48 15.46 13.78 13.74
p FW bar 123.8 124.0 124.0 122.7 121.1 120.1 118.7 118.1 117.9
p drum bar 121.8 122.0 122.0 121.0 119.8 119.0 118.0 117.5 117.4
p T4, out bar 6.22 6.01 5.99 4.50 4.50 4.50 6.54 7.81 8.06
p T5, in bar 4.79 4.69 4.66 4.12 3.17 2.26 1.39 0.81 0.67
p SCAH bar 0.07 0.04 0.04 0.04 0.05 0.06 0.25 1.48 1.73
p DHC1 bar 1.27 0.78 0.67 0.56 0.44 0.41 0.39 0.39 0.39
p DHC2 bar 0.82 0.36 0.30 0.25 0.20 0.22 0.27 0.33 0.35

LPPH1 MW 1.42 1.32 1.33 0.38 1.33 2.24 5.15 7.01 7.38
T SCAH,out °C 5.0 15.0 20.0 25.0 30.0 35.0 42.8 57.4 59.2

SCAH MW 0.00 0.00 0.00 0.00 0.00 0.00 0.62 1.56 1.66
air MW 0.96 2.93 3.92 4.36 4.62 4.55 4.58 5.20 5.15

HHV wood MJ/kg 9.36 9.36 9.36 10.40 10.40 11.45 11.45 12.49 12.49
LHV wood kJ/kg 7433 7433 7433 8529 8529 9627 9627 10724 10724
T stack °C 146.4 152.9 155.8 145.3 142.3 137.4 135.0 135.0 135.0
T furnace °C 911.4 913.7 913.6 922.8 900.4 892.5 855.2 836.3 828.4

boiler % 90.5 90.1 89.9 91.1 91.3 92.0 92.1 92.3 92.3
tot,HHV % 64.5 64.7 64.9 67.9 67.9 69.3 68.7 69.3 69.1
tot,LHV % 79.9 80.3 80.5 81.5 81.4 80.8 79.8 78.6 78.4
CHP % 76.1 76.7 76.9 79.0 78.4 78.1 76.0 74.5 73.9
el % 19.2 20.5 20.7 20.7 19.2 17.5 12.5 8.5 7.5

HTC process HTC-steam kW 46765 46347 46129 40461 40373 39511 39544 38906 38917
dryer1 kW 12163 10838 10557 10511 10643 11160 11965 12460 12607
dryer2 (DH) kW 3214 3780 3682 3349 2838 1941 985 262 115
blowdownPH kW 1381 1403 1403 1287 1114 995 813 706 680

P el,dryer1 kW 1140.0 1140.0 1140.0 1140.0 1140.0 1140.0 1140.0 1140.0 1140.0
P el,dewatering kW 621.8 621.8 621.8 621.8 621.8 621.8 621.8 621.8 621.8
P el,HTC pumps kW 140.9 144.2 146.6 169.0 165.0 170.7 169.2 176.3 176.3
P el,TOT kW 1902.7 1906.0 1908.4 1930.8 1926.8 1932.5 1931.0 1938.1 1938.1
recirculation ratio - 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
q m,feed kg/s 20.44 20.44 20.44 18.39 18.39 16.72 16.72 15.33 15.33
q m,feed t/h 73.6 73.6 73.6 66.2 66.2 60.2 60.2 55.2 55.2
q m,hc kg/s 6.0 6.0 6.0 6.0 6.0 6.0 6.0 6.0 6.0
q m,hc t/h 21.6 21.6 21.6 21.6 21.6 21.6 21.6 21.6 21.6
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Table A1.5 Case A large scale



P0 P1 P2 P3 P4 P5 P6 P7 P8
CHP Process fuel MW 411.2 413.8 416.7 389.6 342.5 296.0 244.6 207.4 198.7

boiler,th MW 308.2 303.9 315.1 321.5 278.6 257.3 218.8 189.5 181.9
q m,fuel kg/s 55.3 55.7 56.1 45.7 40.2 30.7 25.4 19.3 18.5
q m,air kg/s 178.1 179.7 181.4 164.8 145.4 123.1 102.0 85.1 81.5
q m,FG kg/s 233.1 235.2 237.2 210.2 185.4 153.7 127.3 104.3 99.9
q m,turbine kg/s 128.8 128.6 131.3 128.4 109.4 100.6 82.2 71.4 68.4
P gen MW 86.2 90.9 93.9 90.6 76.7 63.8 43.6 28.3 24.9
P el,CHP net MW 74.9 79.5 82.5 79.9 66.9 54.9 35.7 21.0 17.8
P el,CHP-HTC MW 73.9 78.5 81.5 78.9 65.9 54.0 34.7 20.1 16.8
P el,CHP pumps MW 3.33 3.43 3.38 2.98 2.59 2.16 1.69 1.43 1.36
P el,aux MW 7.95 7.98 8.01 7.65 7.21 6.72 6.25 5.87 5.80
q m,ECO,in kg/s 152.2 156.6 153.8 136.1 119.7 101.8 80.5 69.3 66.5
q m,waste kg/s 6.03 5.92 6.01 4.57 4.35 4.27 5.16 4.95 5.03
p FW bar 122.7 122.8 122.9 122.3 120.6 119.9 118.5 118.0 117.8
p drum bar 120.2 120.1 120.3 120.3 119.0 118.7 117.8 117.4 117.3
p T4, out bar 6.85 6.88 6.68 6.74 4.50 4.50 4.50 7.21 7.52
p T5, in bar 4.97 4.85 4.80 4.31 3.31 2.41 1.55 1.00 0.86
p SCAH bar 0.07 0.04 0.04 0.04 0.05 0.06 0.50 1.51 1.77
p DHC1 bar 1.27 0.79 0.68 0.56 0.44 0.41 0.39 0.39 0.39
p DHC2 bar 0.81 0.36 0.29 0.25 0.19 0.21 0.26 0.31 0.32

LPPH1 MW 6.33 6.05 6.03 5.74 5.81 5.93 6.21 6.33 6.45
LPPH2 MW 5.05 5.58 5.76 5.72 5.77 5.56 5.27 5.03 4.99

T SCAH,out °C 5.0 15.0 20.0 25.0 30.0 35.0 46.5 58.1 60.0
SCAH MW 0.91 0.92 0.93 0.84 0.74 0.63 1.51 2.00 2.08
air MW 0.90 2.72 3.67 4.18 4.44 4.41 4.86 5.08 5.03

HHV wood MJ/kg 9.36 9.36 9.36 10.40 10.40 11.45 11.45 12.49 12.49
LHV wood kJ/kg 7433 7433 7433 8529 8529 9627 9627 10724 10724
T stack °C 143.6 149.7 153.0 145.7 141.0 137.0 135.0 135.0 135.0
T furnace °C 901.5 902.8 903.8 917.2 893.9 887.3 850.0 829.8 821.2

boiler % 90.7 90.3 90.1 91.1 91.4 92.0 92.1 92.3 92.3
tot,HHV % 64.8 65.2 65.3 68.3 68.3 69.9 69.2 69.8 69.6
tot,LHV % 80.9 81.4 81.5 82.4 82.4 82.1 81.1 80.0 79.6
CHP % 79.0 79.6 79.8 81.3 81.1 81.1 79.6 78.4 77.8
el % 18.2 19.2 19.8 20.5 19.5 18.6 14.6 10.1 8.9

HTC process HTC-steam kW 7554 7205 7505 6187 5871 8367 11343 13075 13378
dryer kW 7689 7309 7120 6930 6740 6551 6475 6361 6361
blowdownPH kW 11190 11522 11306 9721 9911 7188 4500 2522 2325

P el,dryer kW 570.0 570.0 570.0 570.0 570.0 570.0 570.0 570.0 570.0
P el,dewatering kW 310.9 310.9 310.9 310.9 310.9 310.9 310.9 310.9 310.9
P el,HTC pumps kW 102.6 105.6 109.0 119.7 114.5 110.4 103.0 102.8 102.0
P el,TOT kW 983.5 986.5 989.9 1000.6 995.4 991.3 983.9 983.7 982.9
recirculation ratio - 9.26 9.83 9.35 12.52 14.53 9.65 6.62 5.79 5.64
q m,feed kg/s 10.22 10.22 10.22 9.20 9.20 8.36 8.36 7.66 7.66
q m,feed t/h 36.8 36.8 36.8 33.1 33.1 30.1 30.1 27.6 27.6
q m,hc kg/s 3.0 3.0 3.0 3.0 3.0 3.0 3.0 3.0 3.0
q m,hc t/h 10.8 10.8 10.8 10.8 10.8 10.8 10.8 10.8 10.8
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Table A1.6 Case B design scale



P0 P1 P2 P3 P4 P5 P6 P7 P8
CHP Process fuel MW 436.7 439.0 438.4 402.5 354.1 305.7 255.5 220.2 212.2

boiler,th MW 347.8 342.5 341.2 322.0 280.3 252.1 219.3 204.6 197.3
q m,fuel kg/s 58.8 59.1 59.0 47.2 41.5 31.8 26.5 20.5 19.8
q m,air kg/s 189.1 190.7 190.9 170.2 150.3 127.2 106.6 90.3 87.0
q m,FG kg/s 247.6 249.5 249.6 217.1 191.6 158.8 133.0 110.7 106.7
q m,turbine kg/s 140.2 139.9 139.6 130.6 111.3 101.2 84.0 76.3 73.5
P gen MW 93.1 97.9 98.5 91.0 76.6 63.1 44.1 30.4 27.2
P el,CHP net MW 81.5 86.3 86.8 80.1 66.6 53.9 35.9 23.0 19.9
P el,CHP-HTC MW 79.6 84.3 84.8 78.1 64.6 52.0 33.9 21.0 17.9
P el,CHP pumps MW 3.36 3.46 3.47 3.17 2.75 2.36 1.85 1.49 1.43
P el,aux MW 8.19 8.22 8.22 7.77 7.32 6.81 6.35 5.99 5.92
q m,ECO,in kg/s 151.5 156.2 156.7 144.5 126.5 110.8 87.7 71.5 69.0
q m,waste kg/s 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
p FW bar 123.6 123.6 123.6 122.7 120.9 120.0 118.7 118.2 118.0
p drum bar 121.0 121.0 120.9 120.4 119.1 118.7 117.9 117.6 117.5
p T4, out bar 6.54 6.59 6.62 7.06 4.50 4.50 4.50 7.40 7.66
p T5, in bar 5.22 5.09 5.05 4.57 3.55 2.64 1.77 1.20 1.06
p SCAH bar 0.07 0.04 0.04 0.04 0.05 0.06 0.43 1.27 1.49
p DHC1 bar 1.29 0.80 0.69 0.57 0.45 0.42 0.40 0.39 0.39
p DHC2 bar 0.79 0.35 0.29 0.25 0.19 0.21 0.24 0.28 0.30

LPPH1 MW 1.33 1.50 1.57 2.48 0.95 1.86 2.73 6.20 6.61
LPPH2 MW 2.07 2.11 2.14 2.57 0.04 0.04 0.04 2.92 3.18

T SCAH,out °C 5.0 15.0 20.0 25.0 30.0 35.0 45.4 55.9 57.6
SCAH MW 0.97 0.97 0.97 0.87 0.77 0.65 1.45 1.93 2.01
air MW 0.95 2.89 3.86 4.32 4.59 4.55 4.96 5.20 5.16

HHV wood MJ/kg 9.36 9.36 9.36 10.40 10.40 11.45 11.45 12.49 12.49
LHV wood kJ/kg 7433 7433 7433 8529 8529 9627 9627 10724 10724
T stack °C 145.8 151.8 154.7 146.5 141.8 137.3 135.0 135.0 135.0
T furnace °C 910.1 911.2 911.0 922.0 899.0 892.5 857.7 841.6 834.2

boiler % 90.5 90.2 90.0 91.1 91.3 92.0 92.1 92.3 92.3
tot,HHV % 64.4 64.7 64.9 67.8 67.9 69.3 68.8 69.3 69.0
tot,LHV % 79.8 80.3 80.4 81.4 81.3 80.8 79.9 78.6 78.3
CHP % 75.9 76.6 76.8 78.8 78.4 78.2 76.3 74.7 73.9
el % 18.7 19.7 19.8 19.9 18.8 17.6 14.0 10.4 9.4

HTC process HTC-steam kW 30342 29793 30031 24024 23397 23036 24777 32343 32240
dryer kW 15377 14619 14239 13860 13481 13102 12950 12722 12722
blowdownPH kW 11451 12134 12463 12211 12166 10864 8381 608 584

P el,dryer kW 1140.0 1140.0 1140.0 1140.0 1140.0 1140.0 1140.0 1140.0 1140.0
P el,dewatering kW 621.8 621.8 621.8 621.8 621.8 621.8 621.8 621.8 621.8
P el,HTC pumps kW 183.8 190.2 197.7 224.8 214.8 213.4 204.2 197.1 196.9
P el,TOT kW 1945.6 1952.0 1959.5 1986.6 1976.6 1975.2 1966.1 1958.9 1958.7
recirculation ratio - 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
q m,feed kg/s 20.44 20.44 20.44 18.39 18.39 16.72 16.72 15.33 15.33
q m,feed t/h 73.6 73.6 73.6 66.2 66.2 60.2 60.2 55.2 55.2
q m,hc kg/s 6.0 6.0 6.0 6.0 6.0 6.0 6.0 6.0 6.0
q m,hc t/h 21.6 21.6 21.6 21.6 21.6 21.6 21.6 21.6 21.6
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Table A1.7 Case B large scale



Year Cost index
1999 390.6
2000 394.1
2001 394.3
2002 396.0
2003 402.0
2004 444.2
2005 468.2
2006 499.6
2007 525.4
2008 575.4
2009 521.9
2010 550.8
2011 585.7
2012 584.6
2013 567.3
2014 576.1
2015 556.8
2016 541.7
2017 571.9

Appendix 2 Chemical Engineering Plant Cost Indices (CEPCI) [69]
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Appendix 3 Component PEC and CBM for design scale models

Table A3.1 HTC stand alone design scale cost breakdown

Table A3.2 CHP stand alone design scale cost breakdown



Component unit Max capacity 
in simulation

Overdesign 
factor

Design 
capacity CBM [M€] PEC [M€]

HTC reactor m3 422.5 1.2 507.0 12.70 4.41
slurry mixing tank m3 52.9 1.2 63.5 0.33 0.11
flash tank 1 m3 38.0 1.2 45.7 0.41 0.14
flash tank 2 m3 31.9 1.2 38.3 0.37 0.13
LPPH m2 110.2 1.15 126.7 0.11 0.04
WW heat exchanger m2 70.0 1.15 80.5 0.07 0.03
filter press m3/h 89.6 1.2 107.5 2.80 0.97
recirculation heat exchanger m2 50.0 1.15 57.5 0.05 0.02
HTC pumps

pump 1 m3/s 0.014 1.1 0.016 0.045 0.016
pump 2 m3/s 0.006 1.1 0.006 0.024 0.008
pump 3 m3/s 0.010 1.1 0.011 0.015 0.005

biomass conveyor (HTC) kg/s 10.2 1.2 12.3 0.09 0.03
biocoal dryer kgevap/h 6300 1.2 7560.0 2.35 0.82
WW treatment m3/h 0.011 1.2 0.013 1.16 0.40
pellet press kg/h 10800 1.2 12960 1.73 0.60
biocoal storage/handling kg/h 10800 1.2 12960 0.75 0.26
CFB boiler t/d 4998 -- -- 91.84 31.89
biomass conveyor (boiler) kg/s 57.9 1.1 63.6 3.43 1.19
ash handling kg/s 0.64 1.1 0.7 6.60 2.29
biomass storage kg/s 68.1 1.1 74.9 5.43 1.89
steam turbine MWel 112.8 1.1 124.1 65.97 22.91
condenser MW th 6.4 1.1 7.0 0.18 0.06
DH condenser 1 MW th 76.0 1.1 83.6 1.66 0.58
DH condenser 2 MW th 90.3 1.1 99.4 1.94 0.67
deaerator kg/s 146.6 1.2 176.0 1.79 0.62
feedwater pump m3/s 0.16 1.1 0.17 0.52 0.18
condensate pumps 

pump 1 m3/s 0.13 1.1 0.14 0.23 0.08
pump 2 m3/s 0.07 1.1 0.08 0.03 0.01

Case A
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Table A3.3 Case A design scale cost breakdown



Component unit Max capacity 
in simulation

Overdesign 
factor

Design 
capacity CBM [M€] PEC [M€]

HTC reactor m3 422.5 1.2 507.0 12.70 4.41
slurry mixing tank m3 59.5 1.2 71.4 0.35 0.12
flash tank 1 m3 38.0 1.2 45.7 0.41 0.14
flash tank 2 m3 33.2 1.2 39.9 0.38 0.13
filter press m3/h 89.7 1.2 107.7 2.80 0.97
LPPH 2 m2 50.0 1.15 57.5 0.04 0.01
LPPH 1 m2 176.0 1.15 202.4 0.16 0.05
recirculation heat exchanger m2 50.0 1.15 57.5 0.05 0.02
WW heat exchanger m2 50.0 1.15 57.5 0.04 0.01
HTC pumps

pump 1 m3/s 0.015 1.1 0.017 0.02 0.008
pump 2 m3/s 0.020 1.1 0.022 0.06 0.020
pump 3 m3/s 0.003 1.1 0.003 0.02 0.006
pump 4 m3/s 0.006 1.1 0.007 0.01 0.004

biomass conveyor kg/s 10.2 1.2 12.3 0.09 0.03
biocoal dryer kg_ev/h 6300 1.2 7560 2.35 0.82
WW treatment m3/s 0.006 1.2 0.007 0.82 0.28
pellet press kg/h 10800 1.2 12960 1.73 0.60
biocoal storage/handling kg/h 10800 1.2 12960 0.75 0.26
boiler t/d 4844 -- -- 91.84 31.89
biomass conveyor (boiler) kg/s 56.1 1.1 61.7 3.34 1.16
ash handling kg/s 0.62 1.1 0.68 6.45 2.24
biomass storage kg/s 66.3 1.1 72.9 5.34 1.85
steam turbine MWel 112.8 1.1 124.1 65.97 22.91
condenser MW th 6.3 1.1 7.0 0.18 0.06
DH condenser 1 MW th 78.6 1.1 86.4 1.71 0.59
DH condenser 2 MW th 92.0 1.1 101.2 1.97 0.69
deaerator kg/s 172.5 1.2 207.0 2.04 0.71
feedwater pump m3/s 0.19 1.1 0.21 0.55 0.19
condensate pumps

pump 1 m3/s 0.13 1.1 0.14 0.23 0.08
pump 2 m3/s 0.07 1.1 0.08 0.03 0.01

flash tank m3 5.3 1.1 5.8 0.12 0.04

Case B
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Table A3.4 Case B design scale cost breakdown
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Appendix 4 Total capital investment components for large scale models

Table A4.1 Large scale TCI breakdowns for all cases

Table A4.2 HTC stand alone large scale PEC and CBM breakdown



Component unit Max capacity 
in simulation

Overdesign 
factor

Design 
capacity CBM [M€] PEC [M€]

HTC reactor m3 845.0 1.2 1014.0 25.41 8.82
slurry mixing tank m3 105.3 1.2 126.4 0.50 0.17
flash tank 1 m3 76.1 1.2 91.3 0.62 0.21
flash tank 2 m3 65.5 1.2 78.7 0.56 0.20
LPPH m2 166.0 1.15 190.9 0.14 0.05
WW heat exchanger m2 70.0 1.15 80.5 0.07 0.03
filter press m3/h 179.4 1.2 215.2 4.57 1.59
recirculation heat exchanger m2 50.0 1.15 57.5 0.05 0.02
HTC pumps

pump 1 m3/s 0.031 1.1 0.034 0.086 0.030
pump 2 m3/s 0.010 1.1 0.011 0.039 0.014
pump 3 m3/s 0.019 1.1 0.020 0.019 0.007

biomass conveyor (HTC) kg/s 20.4 1.2 24.5 0.12 0.04
biocoal dryer kgevap/h 12600 1.2 15120.0 3.32 1.15
WW treatment m3/h 0.022 1.2 0.027 1.77 0.61
pellet press kg/h 21600 1.2 25920 2.80 0.97
biocoal storage/handling kg/h 21600 1.2 25920 1.19 0.41
CFB boiler t/d 4998 -- -- 91.84 31.89
biomass conveyor (boiler) kg/s 59.9 1.1 65.9 3.52 1.22
ash handling kg/s 0.66 1.1 0.7 6.76 2.35
biomass storage kg/s 80.3 1.1 88.3 6.07 2.11
steam turbine MWel 112.8 1.1 124.1 65.97 22.91
condenser MW th 6.4 1.1 7.0 0.18 0.06
DH condenser 1 MW th 75.9 1.1 83.5 1.66 0.58
DH condenser 2 MW th 90.3 1.1 99.4 1.94 0.67
deaerator kg/s 151.5 1.2 181.8 1.84 0.64
feedwater pump m3/s 0.16 1.1 0.18 0.54 0.19
condensate pumps 

pump 1 m3/s 0.14 1.1 0.13 0.22 0.08
pump 2 m3/s 0.07 1.1 0.15 0.24 0.08

Case A
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Table A4.3 Case A large scale PEC and CBM breakdown



Component unit Max capacity 
in simulation

Overdesign 
factor

Design 
capacity CBM [M€] PEC [M€]

HTC reactor m3 845.0 1.2 507.0 25.41 8.82
slurry mixing tank m3 115.3 1.2 138.3 0.53 0.18
flash tank 1 m3 76.1 1.2 91.3 0.62 0.21
flash tank 2 m3 65.5 1.2 78.6 0.56 0.20
filter press m3/h 179.4 1.2 215.3 4.57 1.59
LPPH 2 m2 260.0 1.15 299 0.20 0.07
LPPH 1 m2 286.0 1.15 328.9 0.19 0.07
recirculation heat exchanger m2 50.0 1.15 57.5 0.05 0.02
WW heat exchanger m2 50.0 1.15 57.5 0.04 0.01
HTC pumps

pump 1 m3/s 0.028 1.1 0.031 0.02 0.007
pump 2 m3/s 0.039 1.1 0.042 0.03 0.009
pump 3 m3/s 0.005 1.1 0.005 0.09 0.033
pump 4 m3/s 0.018 1.1 0.019 0.03 0.011

biomass conveyor kg/s 20.4 1.2 24.5 0.12 0.04
biocoal dryer kg_ev/h 12600 1.2 15120 3.32 1.15
WW treatment m3/s 0.017 1.2 0.020 1.51 0.52
pellet press kg/h 21600 1.2 25920 2.80 0.97
biocoal storage/handling kg/h 21600 1.2 25920 1.19 0.41
boiler t/d 4998 -- -- 91.84 31.89
biomass conveyor (boiler) kg/s 59.1 1.1 65.0 3.48 1.21
ash handling kg/s 0.65 1.1 0.71 6.69 2.32
biomass storage kg/s 79.5 1.1 87.5 6.03 2.09
steam turbine MWel 112.8 1.1 124.1 65.97 22.91
condenser MW th 6.3 1.1 6.9 0.18 0.06
DH condenser 1 MW th 84.4 1.1 92.8 1.83 0.63
DH condenser 2 MW th 94.5 1.1 104.0 2.02 0.70
deaerator kg/s 173.0 1.2 207.6 2.04 0.71
feedwater pump m3/s 0.19 1.1 0.21 0.56 0.19
condensate pumps

pump 1 m3/s 0.13 1.1 0.15 0.22 0.08
pump 2 m3/s 0.07 1.1 0.08 0.24 0.08

flash tank m3 4.0 1.1 4.4 0.10 0.03

Case B
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Table A4.4 Case B large scale PEC and CBM breakdown



 

 

 

Appendix 5 Preliminary economic analysis using alternative Case B
scheme with additional feedwater pump

Table A5.1 TCI breakdowns for all cases

Table A5.2 Annual cash flow for all cases
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