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A B S T R A C T

Fractionation of Li-ion battery waste leachates into high-purity Li, Ni, and Co streams in a liquid−liquid ex-
traction circuit was studied using numerical simulations. A new mechanistic mathematical model explaining the
phase equilibrium in the loading, scrubbing, and stripping stages using bis(2,4,4-trimethylpentyl)phosphinic
acid (Cyanex 272) as extractant was developed. Including the distribution equilibrium of ammonia in the model
enabled simulation of metal extraction with partially neutralized extractant. The model facilitates the design and
optimization of liquid–liquid extraction circuit for fractionation of Li-ion battery leachates. Four leachates from
recent research articles were selected to the study in order to cover a wide composition variation. In the se-
paration process scheme studied, Co and Ni are first selectively extracted, yielding a pure Li raffinate, and then
separated as pure products in the stripping steps. The simulation results confirm the viability of the scheme. The
influence of the leachate composition on the feasible range of O/A ratios in loading and scrubbing as well as acid
concentration in Ni stripping was quantified. With proper operating parameters, high recoveries of Li and Co
(> 99.9%) are achieved for all leachate compositions. The leachates containing 10–25 g/L Co,> 10 g/L Ni,
and>2.5 g/L Li are particularly suitable for fractionation of the metals into high-purity (> 99%) Li, Ni, and Co
streams.

1. Introduction

Li-ion batteries are widely used for powering portable electronic
devices of different types due to the favorable properties of Li, which
has the highest redox potential value, and the highest specific heat
capacity, of any solid element [1]. Currently, Li-ion batteries account
for 37% of all the rechargeable batteries produced in the world, and
their share is increasing. The number of appliances powered by this
type of battery is growing as well. In total, 39% of produced Li is
consumed in the manufacture of batteries [1]. Moreover, a sharp in-
crease in Li demand is expected in the near future, due to the rapid
development of the electric vehicle market [2,3].

Along with Li, spent Li-ion batteries contain hazardous materials; Co
is classified as critical, and others are extensively used base metals (Mn,
Ni, Cu, etc.) [2]. As the estimated operational life of Li-ion batteries is
10 years, the amount of these metals available from spent batteries, as a
secondary resource, will only increase, along with an increase in the
number of batteries in use [4]. Therefore, the investigation of processes
for recovery and recycling of metals from spent batteries has become

highly desirable, from both environmental and economic viewpoints
[2,5].

In a hydrometallurgical process applied for the recovery of valuable
metals from spent Li-ion batteries, the battery waste is usually leached
with H2SO4 or HCl acid [6,7] after mechanical and possibly some other
pretreatment [8,9]. Also, H3PO4 was reported [10] to be a suitable
agent for the leaching of the cathode materials (LiCoO2) and Co re-
covery. In addition, some organic acids such as citric acid [11] were
considered as a leaching agent. As mentioned above, along with Li, Ni,
and Co, Li-ion batteries contain significant amounts of Cu (7–17%), Al
(3–10%) and Fe (up to 20%) [12] that may also be leached. Cu, Al, Mn,
and Fe can be removed from the leachate by precipitation [13,14], or
liquid−liquid extraction with 2-hydroxy-5-nonylsalicylaldoxime
(Acorga M5640) [5], leaving Li, Ni, and Co in the solution. The utili-
zation of the hydroxyoxime reagent also allows recovery of pure Cu.

Organophosphorus reagents bis(2,4,4-trimethylpentyl)phosphinic
acid (Cyanex 272, Mextral 272P, P507) and 2-ethylhexyl hydrogen(2-
ethylhexyl)phosphate (PC-88A) are solely used for separation of Co, Ni,
and Li due to their good Co/Ni selectivity and low extractability of Li
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from acidic solutions [6]. The separation of Co and Ni is a well-studied
application of liquid−liquid extraction in hydrometallurgy [15]. The
plants that use liquid−liquid extraction for Co/Ni separation process
solutions resulting from ores, concentrates, precipitates, matte, various
scrap materials, and waste effluents [16], operate mostly with di(2,4,4′-
trimethylpentyl)phosphinic acid (Cyanex 272, Mextral 272P, P507).
The active component has been shown to yield high selectivity, low
aqueous phase solubility, and high chemical stability [15]. Virolainen
et al. [6] showed that high Co/Ni selectivity of Cyanex 272 makes this
extractant a more attractive choice than PC-88A for the fractionation of
Co, Ni, and Li.

In response to the increasing necessity to recycle spent Li-ion bat-
teries, a number of studies have suggested employing liquid–liquid
extraction to recover and separate Co, Ni, and Li from battery leachates
[3,5,6,11]. A challenge for utilization of the phase equilibrium and pilot
data available in the literature is that the composition of the leachate
may vary strongly depending on the exact Li-ion battery chemistry and
leaching conditions. To the authors’ knowledge, the influence of Li
battery leachate composition on the performance and operation of
continuous counter-current liquid–liquid extraction processes has not
been investigated.

Numerical simulation of extraction processes can aid in under-
standing the influence of different operation conditions on process
performance. Yet, there are no detailed numerical modeling and si-
mulation studies on the liquid−liquid extraction processes for Li-ion
batteries recycling. Slope analysis is often used for determining the
nature of the extracted complexes and the stoichiometry of the metal
extraction reactions [5,17–20]. Process design usually relies on
McCabe-Thiele analysis, which is used for determination of the number
of theoretical stages required in loading, scrubbing, and stripping steps
to achieve a specified purification and recovery in a counter-current
operation [18,20–22]. The method heavily relies on extraction equili-
brium data in the form of loading, scrubbing, and stripping isotherms,
which are different for different extractant concentrations and acidity
of aqueous phase. Moreover, it is best suited for designing single metal
extraction and does not give a good indication of the impurity transfer
in the process. Bourget et al. [23] introduced a simulation software that
relies on the simultaneous solution of multiple equilibrium calculations
based on pre-generated equilibrium data. The capabilities of the si-
mulation tool were demonstrated in optimization of the design para-
meters of a circuit for recovery of Ni and Co. Even though the modeling
method allows for transfer of impurities, it requires large variations in
the experimental data to predict process performance accurately over a
wide range of operating conditions. Alternatively, mechanistic mod-
eling offers higher flexibility and accuracy in process simulation and

design [24,25], especially in systems with competitive extraction re-
actions. Calibration of the models with reasonable amount of experi-
mental data is however still required.

An effective Li-ion battery leachate fractionation process was earlier
proposed by Virolainen et al. [6] and demonstrated in continuous
counter-current runs for loading, scrubbing and stripping steps in-
dividually. However, the operation of the entire process was not vali-
dated. The process focuses on the separation of Co, Ni, and Li, which is
the final stage in the processing of Li-ion battery leachate when all the
other impurities (e.g. Cu, Al, Mn, and Fe) are removed by either se-
lective precipitation or liquid–liquid extraction.

The objective of this study was to examine by numerical simulations
the operation of the entire process scheme proposed by Virolainen et al.
[6] in application to fractionation of Li-ion battery leachates of different
compositions. For this purpose, a new mechanistic mathematical model
of the equilibrium liquid–liquid extraction of Li, Co, and Ni with Cyanex
272 extractant from a sulfate solution was developed. The removal of
other impurities in the initial stages of the Li-ion battery leachates
processing is not considered because there are several known solutions
discussed above. The same process scheme was studied for fractionation
of four different Li-ion battery leachates presented in the literature
[6,21,26,27]. The four leachates differed significantly in the target
metals concentrations (Co, Ni, and Li). For three leachates [21,26,27],
different process flowsheets have been originally suggested but the
designs have not been verified by continuous experimental runs or si-
mulations. It is shown here that numerical simulations can be used for
optimization of the entire process and for analysis of process operation
limitations over a wide range of feed concentrations.

2. Modeling

In the current study, the liquid–liquid extraction of Co, Ni, and Li is
considered to be an interphase extraction process (Fig. 1). The extrac-
tion equilibrium is modeled by taking into account the aqueous phase
speciation, the competing interfacial ion exchange extraction reactions
of the cations, and the formation of extracted cation-extractant com-
plexes of different stoichiometries in the bulk organic phase.

Acidic organophosphorus extractants are frequently used in the
form of their Na or ammonium salts in order to facilitate pH control of
the operations when the leaching solutions contain high concentrations
(> 3 g/L) of the metals being extracted [28–30]. Hence, it is important
to study, in addition to the extraction behavior of the metal ions, also
the extraction of ammonia [30]. Yet, up to now, no model has been
suggested that could describe the ammonia equilibrium distribution in
the range of pH 2–7, corresponding to the loading and stripping steps in

Nomenclature

Abbreviations

LLX liquid–liquid extraction
SSR sum of the squared residuals

Letters

A deprotonated phosphinic acid
a activity
c molar concentration
E extent of extraction
HA protonated phosphinic acid
I ionic strength
k reaction rate constant
K equilibrium constant
M extractable cations Co2+, Ni2+, Li+, or NH4

+

R rate of an elementary reaction
S number of reactions in the system

Greek

γ activity coefficient
ϑ stoichiometric coefficient of the species
σ standard deviation of the parameter estimates

Subscripts and superscripts

Aq aqueous phase
exp measured experimental data
f forward
mod data calculated with model
Org organic phase
r reverse
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the process of liquid−liquid separation of Co and Ni. The liquid−liquid
equilibrium distribution of ammonia is thus accounted for here.

2.1. Extraction of Co, Ni, and Li

2.1.1. Aqueous phase speciation
The aqueous phase in liquid–liquid extraction contains ions that are

products of the dissociation reactions listed in Table 1. The corre-
sponding equations for the equilibrium constants (Eqs. (1–18)) are also
listed in Table 1. The values of the equilibrium constants were taken
from the database of Medusa software [31]. The value of the equili-
brium constant for sulfuric acid in Eq. (1) was set to be small
(logK=−3) to represent complete dissociation [25]. The hydrolysis
reactions of Co and Ni were included in the speciation model because
the operation of some steps in the process considered herein is intended
to be around pH 7, where precipitation of the metal hydroxides is
possible (but of course undesirable). The equilibrium constants of the
hydrolysis reactions listed in Table 1 include the concentration of
water, which was assumed to be constant.

In concentrated aqueous solutions, electrolyte speciation can be
determined using appropriate reaction equilibrium constants and ionic
activity coefficient models, derived from the Debye–Hückel theory
[25,32]. The extended Debye–Hückel model, Eq. (19), was used herein
to calculate activity coefficients for the aqueous phase species. A dis-
cussion on the model is presented elsewhere [24,25,32]. The activity
coefficient γ relates the activity a to a measured molar concentration
for the species in the aqueous phase: =a γc. Activity coefficients of the
species in the organic phase were assumed unity.

=
−

+
+γ

Az I
a B I

BIlog
1 ˚

̇
i

i

i

2

(19)

where åi is the hard-core diameter of the i-th ionic species, zi is the
charge of the i-th species, A and B are the Debye–Hückel parameters,
and I is the ionic strength of the electrolyte solution.

2.1.2. Extraction mechanism
Depending on the extraction conditions, organophosphorus acid-

based extractants are known to form complexes of variable stoichio-
metry with metal ions. These complexes are preferentially distributed
into the organic phase [18–20,28]. The extractant-to-metal molar ratio
for divalent metal ions changes from four (tetrahedral complex) to two
(polymer formation), as the loading of the organic phase increases and
less extractant molecules are available for metal complexation [29].
The liquid–liquid extraction of a given divalent metal by an

organophosphorus acid-based extractant can be described assuming
two stepwise reactions [33,34], the first one of which is an ion transfer
at the interface of the aqueous and organic phases, where M stands for
Co or Ni:

+ ⇄ ++ +M HA MA HA H2( ) ( ) 22
2 2 2 (20)

and the second of which occurs in the bulk organic phase as a break-
down of the complex MA HA( )2 2:

⇄ +MA HA MA HA( ) ( )2 2 2 2 (21)

In the case of Co and Ni, the first extraction reaction step takes the
form shown in Eqs. (22) and (24), which leads to the expression of the
extraction equilibrium constants, Eqs. (23) and (25):

+ ⇄ ++ +Co HA CoA HA H2( ) ( ) 22
2 2 2 (22)

=
+

+
K a CoA HA a H

a Co a HA
( ( ) )· ( )

( )· (( ) )LLX
Co

,1
2 2

2

2
2

2 (23)

+ ⇄ ++ +Ni HA NiA HA H2( ) ( ) 22
2 2 2 (24)

=
+

+
K a NiA HA a H

a Ni a HA
( ( ) )· ( )

( )· (( ) )LLX
Ni

,1
2 2

2

2
2

2 (25)

At high organic loading, the breakdown of the extracted complexes
of Co and Ni in the bulk organic phase is described by Eqs. (26) and (28)
that lead to the expression of the extraction equilibrium constants, Eqs.
(27) and (29):

⇄ +CoA HA CoA HA( ) ( )2 2 2 2 (26)

Fig. 1. Mechanism of the liquid−liquid extraction of Li, Ni, and Co from a
sulfate solution with saponified phosphinic acid in an aqueous/organic two-
phase system. M stands for extractable cations Co2+, Ni2+, Li+, or NH4

+; A
stands for deprotonated phosphinic acid.

Table 1
Aqueous speciation reactions included in the model for aqueous phase specia-
tion in the simulated sulfate leachate of Li-ion battery waste [25,31]. Equili-
brium constants of the hydrolysis reactions include the concentration of water,
which was assumed to be constant.

Chemical reaction Equation for equilibrium
constant

logK

H++HSO4
−⇄ H2SO4 = + −K a H SO

a H a HSO1
( 2 4)

( )· ( 4 )
−3 (1)

H++SO4
2−⇄ HSO4

−

=
−

+ −K
a HSO

a H a SO2
( 4 )

( )· ( 4
2 )

1.98 (2)

Co2++ SO4
2−⇄ CoSO4 = + −

K a CoSO
a Co a SO3

( 4)
( 2 )· ( 4

2 )
2.34 (3)

Co2+ H2O⇄ H++CoOH−

=
− +

+K a CoOH a H
a Co4

( )· ( )
( 2 )

−9.2 (4)

Co2++H2O⇄ 2H++Co(OH)2 =
+

+K a Co OH a H
a Co5

( ( )2)· ( )2

( 2 )

−18.6 (5)

Co2++H2O⇄ 2H++Co(OH)2,S =
+

+K a H
a Co6

( )2

( 2 )
−12.2 (6)

Co2++NH3⇄ CoNH3
2+

=
+

+K a CoNH
a Co a NH7

( 32 )
( 2 )· ( 3)

2.1 (7)

Ni2++ SO4
2−⇄ NiSO4 = + −

K a NiSO
a Ni a SO8

( 4)
( 2 )· ( 4

2 )
2.29 (8)

Ni2++H2O⇄H++NiOH−

=
− +

+K a NiOH a H
a Ni9

( )· ( )
( 2 )

−9.5 (9)

Ni2++H2O⇄ 2H++Ni (OH)2 =
+

+K a Ni OH a H
a Ni10

( ( )2)· ( )2

( 2 )
−20.01 (10)

Ni2++H2O⇄ 2H++Ni (OH)2,S =
+

+K a H
a Ni11

( )2

( 2 )
−10.5 (11)

Ni2++NH3⇄NiNH3
2+

=
+

+K a NiNH
a Ni a NH12

( 32 )
( 2 )· ( 3)

2.73 (12)

Li++ SO4
2−⇄ LiSO4

−
=

−

+ −K a LiSO
a Li a SO13

( 4 )
( )· ( 4

2 )
2.29 (13)

Li++H2O⇄H++LiOH
=

+

+K a LiOH a H
a Li14

( )· ( )
( )

−9.5 (14)

Li++NH3⇄ LiNH3
+

=
+

+K a LiNH
a Li a NH15

( 3 )
( )· ( 3)

−0.7 (15)

H++NH3⇄NH4
+

=
+

+K a NH
a H a NH16

( 4 )
( )· ( 3)

9.237 (16)

H++NH3+ SO4
2−⇄ NH4SO4

−
=

−

+ −K a NH SO
a H a NH a SO17

( 4 4 )
( )· ( 3)· ( 4

2 )
9.237 (17)

H2O⇄H++OH−
= + −K a H a OH( )· ( )18 −14 (18)
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=K a CoA a HA
a CoA HA
( )· (( ) )

( ( ) )LLX
Co

,2
2 2

2 2 (27)

⇄ +NiA HA NiA HA( ) ( )2 2 2 2 (28)

=K a NiA a HA
a NiA HA
( )· (( ) )

( ( ) )LLX
Ni

,2
2 2

2 2 (29)

Li is extracted by Cyanex 272 at lower acidity in comparison to
cobalt and nickel. Under such conditions, the organic phase is assumed
to be loaded, to a high degree, by Co and Ni, and extraction of Li is
possible with only one dimeric extractant molecule according to the
reaction in Eq. (30). This leads to the expression of the extraction
equilibrium constant shown in Eq. (31).

+ ⇄ ++ +Li HA LiA HA H( ) ·2 (30)

=
+

+
K a LiA HA a H

a Li a HA
( · )· ( )
( )· (( ) )LLX

Li

2 (31)

As has already been discussed in the introduction, when leaching
solutions contain high concentrations of the metals to be extracted, the
extractant is used in the saponified form to reduce the generation of
acid during the extraction. The reaction in Eq. (32) is usually used to
describe the extraction mechanism of a divalent metal ion, with the pre-
neutralized organophosphorus extractant, when slope analysis is em-
ployed [5,17,18]:

+ + ⇄ ++ +M HA NH A MA HA NH( ) 2 ( ) 22
2 4 2 2 4 (32)

The reaction explains how the pre-neutralization prevents excessive
generation of acid in the loading step by means of exchange of the
metal and ammonium ions. However, Eq. (32) gives only a qualitative
explanation of the overall interfacial extraction mechanism, and is not
suitable for the mechanistic modeling of the extraction equilibrium of
Co, Ni, and Li. Therefore, a model of ammonia equilibrium distribution,
developed in the next section, was included in the model for an ex-
traction equilibrium of the metal ions.

2.1.3. Liquid–liquid distribution equilibrium of ammonia
Inoue et al. [30] studied the extraction of ammonium with Cyanex

272 and found that it is extracted as an ion-pair NH4A(HA)4, according
to Eq. (33), in the low pH region (pH < 6), in which the loading of
ammonia in the organic phase is low. The extraction equilibrium con-
stant for the extraction reaction can be expressed in the form of Eq.
(34). Also, it was concluded that ammonia exists as NH4A complex in
the organic phase in the region of the high loading ratio of ammonia to
the extractant, at pH > 7 [30]; however, there have been no quanti-
tative studies on its distribution equilibrium at pH 2–8 to date.

+ ⇄ ++ +NH HA NH A HA H2.5( ) ( )4 2 4 4 (33)

=
+

+
K a NH A HA a H

a NH a HA
( ( ) )· ( )
( )· (( ) )LLX

NH A HA( ) 4 4

4 2
2.5

4 4

(34)

Lindell et al. [28] studied the water (NH3)/Cyanex 272/aliphatic
diluent (D-70, Shell Chemicals) system and concluded that, at a high
aqueous ammonia concentration, a single-phase microemulsion is
formed at an ammonia/organic acid molar ratio of 1. The microemul-
sion contains reversed micelles enclosing the water. Upon contact with
an acidic aqueous phase in the loading stage of the liquid−liquid ex-
traction, the breakdown of the microemulsion is assumed here to follow
the reaction in Eq. (35), which has an extraction equilibrium constant
in the form of Eq. (36). The influence of the presence of water in the
microemulsion on volume change was neglected.

+ ⇄ ++ +NH HA NH A H2 ( ) 2 24 2 4 (35)

=
+

+
K a NH A a H

a NH a HA
( ) · ( )

( ) · (( ) )LLX
NH A 4

2 2

4
2

2

4

(36)

The reaction in Eq. (32) is actually obtained by combining the re-
actions in Eqs. (20) and (35). Therefore, Eq. (32) represents the net
extraction reaction, whereas Eqs. (20) and (35) describe the extraction
in detail, and enable the mechanistic modeling of the extraction pro-
cess.

In order to study the extraction equilibrium of ammonia in the pH
2–10 range, the aqueous speciation reactions shown in Table 2 were
considered, following the approach presented by Inoue et al. [30]. The
value of the dissociation constant of ammonium nitrate was taken from
Mozurkewich (1993) [35], whereas the rest of the constants were taken
from the database of Medusa software [31].

2.2. Numerical methods

The model for the liquid–liquid extraction equilibrium of Co, Ni,
and Li consists of nonlinear algebraic equations for the equilibrium
constants of all the aqueous speciation reactions (Eqs. (1–18)), and the
reactions in the assumed extraction mechanism (Eqs. (23), (25), (27),
(29), (31), (34), (36)). In the same manner, the model for the li-
quid–liquid distribution equilibrium of ammonia consists of equations
for the aqueous speciation reactions (Eqs. (37)–(40)), and the reactions
in the assumed extraction mechanism (Eqs. (34) and (36)). In addition,
the mass balance and electrical charge balance equations are needed to
solve the systems of nonlinear algebraic equations for the equilibrium
phase composition. The set of equations can be solved since it is pos-
sible to formulate the same number of independent equations as there
are variables (species). However, a good initial guess is required, since
otherwise erroneous or inaccurate results can be obtained. Therefore, a
rate-based approach, described in the following section, is used herein
as an alternative.

Solution of the phase equilibrium model
A rate-based approach [24,25,36] was used herein to solve the

model equations, since the approach was found to be more efficient in
comparison to the solution of a system of nonlinear algebraic equations
using, for example, a Newton-Raphson method. The rate-based ap-
proach implies conversion of the nonlinear algebraic equations of the
equilibrium constants and linear balance equations into the system of
ordinary differential equations (ODEs). Since reversible chemical re-
actions proceed until an equilibrium is reached, the solution of a system
of ODEs at plateau gives the same result as the solution of the respective
system of nonlinear algebraic equations. Therefore, the element balance
equations for the aqueous phase species, Eqs. (41), and the total mass
balance equations, Eq. (42), for the heterogeneous two–phase reactions
in a batch reactor can be used to calculate the composition of the
process phases at equilibrium.

∑= −
=

a
t

R
d

d
ϑ

j

S
i
Aq

1
ij j

(41)

= −
a

t
V
V

a
t

ϑ
d

d
ϑ

d
d

k
kj

Org

ij
Aq

Org

i
Aq

(42)

where VAq and VOrg are the volumes of the aqueous and organic phases

Table 2
Aqueous speciation reactions in the liquid–liquid extraction of ammonia from
an ammonium nitrate solution [31,35].

Chemical reaction Equation for equilibrium constant logK

NH4
++NO3

−⇄ NH4NO3 = + −K a NH NO
a NH a NO19

( 4 3)
( 4 )· ( 3 )

−1.63 (37)

H++NO3
−⇄ HNO3 = + −K a HNO

a H a NO20
( 3)

( )· ( 3 )
−1.283 (38)

H++NH3⇄NH4
+

=
+

+K a NH
a H a NH21

( 4 )
( )· ( 3)

9.237 (39)

H2O⇄H++OH−
= + −K a H a OH( )· ( )22 −14 (40)
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respectively, t is the time, i is the index of species in the aqueous phase,
k is the index of the corresponding species in the organic phase, j is the
index of equilibrium reactions, S is the number of reactions in the
system; ϑ is the stoichiometric coefficient of the species and Rj is the
rate of an elementary reaction.

For an elementary reaction, Eq. (43), a reaction rate equation, Eq.
(44), is formed directly from the reaction stoichiometry, in agreement
with the mass action law. The reaction equilibrium constant, Eq. (45),
gives a relationship between the forward and backward parts of the
reversible reactions. The forward reaction rate constant can be assigned
the value kf = 1000. It can be the same for all the reactions, since it
does not affect equilibrium but the time required to reach it.

+ + ⇄ + +α β γ δA B ... C D ... (43)

= ⋯−R k a a a a K( / )α β
C
γ

D
δ

j f,j A B j (44)

=K
k
kj

f,j

r,j (45)

where kf and kr are the reaction rate constants of the forward and
backward reactions, respectively, K is the equilibrium constant.

The ODEs in Eqs. (41) and (42) can be solved simultaneously as an
initial value problem by integration. In such a way, the model can be
solved faster, at the same time the accuracy of the solution can be easily
controlled by solver settings. The model was solved numerically using
ode15s solver in Matlab.

Estimation of parameter values
All modeling in the current study was done in Matlab. An open

source MCMC code package, developed by Laine [37,38], was used to
estimate the reliability of the modeling results. The model developed
for the liquid–liquid extraction equilibrium of Co, Ni, and Li was cali-
brated with the data presented by Virolainen et al. [6]. The unknown
model parameters, i.e. the extraction equilibrium constants (Eqs. (23),
(25), (27), (29), (31)), were estimated by nonlinear regression fitting of
the experimentally measured extent of extraction of the metals, mini-
mizing the sum of the squared residuals (Eq. (46)):

∑ ∑= −
= =

SSR E E( )
m

T

j

N

m j m j1
1 1

,
exp

,
mod 2

(46)

where SSR is the sum of the squared residuals, E is the extent of metal
extraction, j is the index of an experimental data point, N is the total
number of experimental points, m is the number of a metal, and T is the
total number of metals.

The model for the liquid–liquid extraction equilibrium of Co, Ni,
and Li contains equilibrium constants for the ammonia liquid−liquid
equilibrium distribution (Eqs. (34) and (36)). The constants were esti-
mated separately, from independent data retrieved from Inoue et al.
[30]. The extraction equilibrium constants (Eqs. (34) and (36)) were
estimated by nonlinear regression fitting of logarithmic total con-
centration of ammonia in the organic phase, minimizing the sum of the
squared residuals (Eq. (47)).

∑= −
=

+ +SSR Log NH Log NH( ([ ] ) ([ ] ) )
j

N

j j2
1

4 org
exp

4 org
mod 2

(47)

where j is the index of experimental points, and N is the total number of
experimental points.

Process simulation
The process simulations were done using a sequential modular si-

mulation approach. In the approach, the process step models are solved
in the sequence in which the steps appear in the process under the
condition, that the inlet stream compositions and flowrates are regu-
lated. In the processes with the recirculating streams, the models of the
interconnected steps are solved iteratively, until the mass balance over

the entire process converges. The model developed in Section 2.1 is
used to simulate loading, scrubbing and stripping stages in a continuous
counter-current liquid–liquid extraction process.

3. Results and discussion

The model for the liquid−liquid extraction equilibrium of Co, Ni,
and Li from a sulfate solution, developed in the current study, accounts
for the extraction of ammonium along with the extraction of the metals.
The models for ammonium equilibrium distribution and extraction of
Co, Ni, and Li are first calibrated and then validated below. Finally, the
main task, analysis of the separation process operation with different
leachates is presented.

3.1. Model calibration

3.1.1. Ammonia equilibrium distribution
The extraction reaction equilibrium constants for ammonium shown

in Eqs. (34) and (36), KLLX
NH A(HA)4 4 and KLLX

NH A4 , were fitted against the
data retrieved from Inoue et al. [30] minimizing the sum of the squared
residuals in Eq. (47). The estimated values of the model parameters are
presented in Table 3. The estimated value of KLLX

NH A(HA)4 4 differs from the
value estimated by Inoue et al. [30]. This difference may result from the
different approaches used for parameter estimation. The nonlinear re-
gression modeling used herein is considered superior to linear regres-
sion, since linearization alters the error structure of the data.

The model developed in the current study shows an excellent fit
(Fig. 2a) to the experimental data presented by Inoue et al. [30]. In
comparison to the model of Inoue et al. [30], the model developed
herein explains well the extraction behavior from acidic to basic solu-
tions (pH 2–10).

3.1.2. Extraction equilibrium of Co, Ni, and Li
The model for calculating the compositions at phase equilibrium in

the liquid−liquid extraction of Co, Ni, and Li from a sulfate solution
using Cyanex 272 extractant was developed as described in Section 2.1.
The parameters were fitted against the pH-extraction isotherms from
Virolainen et al. [6] minimizing the sum of the squared residuals in Eq.
(46). The composition of the sulfate leachate was 14 g/L Co, 0.5 g/L Ni,
and 2.8 g/L Li. The estimated values of the model parameters, extrac-
tion equilibrium constants for Co, Ni, and Li, are presented in Table 3.
The values of the model parameters were estimated for 1M Cyanex 272
modified with 5% v/v trioctylamine (TOA). The modifier was used for
decreasing organic-phase viscosity, and preventing third phase forma-
tion at high loading. The goodness of fit presented in Fig. 2b indicates a
good correlation of the experimental data with the developed model.

The results of the MCMC analysis of the model parameters are
presented in Fig. 3, which shows two-dimensional posterior distribu-
tions. The density of the dots in each subfigure represents the

Table 3
Estimated values of the parameters in the models for ammonia equilibrium
distribution and extraction equilibrium of Co, Ni, and Li.

log K log σa

K A HA
LLX
NH4 ( )4 −5.69 −6.20

K A
LLX
NH4 −14.33 −14.46

KLLX
Co

,1 −6.43 −7.11

KLLX
Ni

,1 −9.97 −10.21

KLLX
Li −6.71 −6.92

KLLX
Co

,2 −2.28 −2.46

KLLX
Ni

,2 −0.72 −0.88

a The standard deviation of the parameter estimates was estimated using the
Markov chain Monte Carlo method.
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probability that the true values of the parameters lie in that region, and
the two circles represent the 95% and 90% probability regions of the
parameters. It can be seen from the banana-shaped distribution in Fig. 3
that parameters KLLX

Ni
,1 and KLLX

Ni
,2 are slightly correlated. Such a corre-

lation results from the small number of data points on the extraction
isotherm for Ni in between pH 6 and 7, as the corresponding pair of

parameters for Co does not correlate. All of the other parameters are
well determined, as shown by the well-centered probability distribu-
tions, and the sharp peaks in the one-dimensional distributions. In ad-
dition, despite the correlation, the model with the fitted parameters
explains the extraction of Co, Ni, and Li well, as can be seen in Fig. 2b.

Fig. 2. (a) Extraction of ammonia with Cyanex 272. Total monomeric extractant concentration: = 1.45M, =0.657M, ● = 0.340M. Experimental data from
Inoue et al. [30]. Solid lines: prediction of the model from the current study, dashed lines: model from Inoue et al. [30]. (b) Dependence of metal extraction from the
simulated sulfate leachate of Li-ion battery waste on the equilibrium pH. Symbols: circles= Co, triangles=Ni, squares= Li. Lines: model from the current study.
Experimental data from Virolainen et al. [6].

Fig. 3. Two-dimensional posterior distributions for the model parameters fitted with the data for the modified extractant. The 50% and 95% confidence regions
(black lines), and the one-dimensional marginal densities (red lines), were calculated based on the density estimation. (For interpretation of the references to colour
in this figure legend, the reader is referred to the web version of this article.)

F. Vasilyev et al. Separation and Purification Technology 210 (2019) 530–540

535



3.2. Model validation

Once the equilibrium model parameters were estimated from the
pH−extraction isotherms, the model was validated against experi-
mental data on loading and stripping of the metals from Virolainen
et al. [6]. The organic phase contained 1M Cyanex 272 modified with
5% v/v TOA, and 48% pre-neutralized with ammonia, as presented by
Virolainen et al. [6]. As can be seen in Figs. 4 and 5, the fitted model
predicts well the loading and stripping equilibria.

From the excellent results of the predicted loading and stripping
steps of the liquid−liquid extraction of Co, Ni, and Li, it was inferred
that the model is also capable of predicting the scrubbing step in the
process.

3.3. Separation process operation with different leachates

The model developed and validated above can be employed to de-
sign and analyze a continuous counter-current process for the separa-
tion of metals from Li-ion battery leachate. The common approach is to
extract Co and Ni in separate liquid−liquid extraction circuits, whereas
Li remains in the final raffinate after Ni extraction. For instance, such a
process has been suggested in which both Co and Ni were produced as
99.9%, and Li as 99.8%, pure, using 2-ethylhexyl hydrogen(2-ethyl-
hexyl)phosphonate (PC-88A) extractant [21,22]. Recently, Virolainen
et al. [6] suggested a simplified flowsheet, in which Co and Ni were
selectively extracted from the leachate with Cyanex 272, yielding pure
Li raffinate. Co and Ni were consequently separated in the stripping
stage and obtained as pure products. The loading, scrubbing, and
stripping steps of the process were studied individually in equilibrium
and bench-scale continuous counter-current separation experiments
[6]. In the current numerical simulation study, this simplified and more
efficient flow sheet is used to separate Co, Ni, and Li in a single process
with loading, scrubbing, and two stripping steps (Fig. 6).

Since the leachates considered herein contain rather high con-
centrations of the metals, the extractant has to be partially neutralized
to limit the release of protons in the loading stages, but this step is not
explicitly considered here. Instead, the feed organic phase (PNO in
Fig. 6), entering the loading step, is set to contain 1M of Cyanex 272
with 5% v/v TOA, and is 48% pre-neutralized with ammonia.

The main difficulty in designing the process in Fig. 6 is the selection
of appropriate operation parameters for the loading and scrubbing
stages (O/A phase ratios and number of stages). This is because there is
a recycling stream that feeds scrubbed Ni and Li back to the first loading
stage. This interconnection makes performance of both of the stages
interdependent.

The influence of the number of loading stages on the performance of

the process is presented in Table 4. Here the leachate contains 14 g/L
Co, 0.5 g/L Ni, and 2.8 g/L Li, and has a pH of 3.5. The scrubbing sulfate
solution contains 0.3 g/L of Ni, and has a pH of 1.4. The O/A in loading
and scrubbing were 0.57 and 1.00, respectively, in all simulations. The
equilibrium pH of 7.5 was maintained in the last loading stage. The
simulations show that the effect is minor and is mainly seen in Ni re-
covery. Using a single stage would yield low Li recovery and lower
purity of Co and Ni in the loaded organic. Addition of the second
loading stage resolved these issues. However, addition of a third stage
makes the performance worse, since purity of Li in raffinate and re-
covery of Ni slightly drop. The cause of this drop is that the saponified
extractant is consumed according to Eq. (20) in the last loading stages,
whereas the extraction proceeds according to Eq. (32) in the first stage,
where pH decreases, decreasing Ni extraction. The number of loading
stages does not affect the Li recovery or its purity in the raffinate very
much. Two loading stages appear to be the optimal process configura-
tion, providing high recovery of Li, and loaded organic with high purity
of Co and Ni. This result agrees well with the conclusion based on the
experimental studies [6].

The influence of phase ratios on the performance of the inter-
connected loading (two stages) and scrubbing steps, with given feed
composition and flow rate of the leachate, is presented in Fig. 7. Only
the operation with <O A O A(scrubbing) (loading) is feasible here, due
to the mass balance of the process streams. Fig. 7a shows the equili-
brium pH in the second loading stage. It can be seen that the desired pH
of around 7 is achievable within a narrow region only under the con-
ditions studied. This requires a very stable process operation. The re-
gion where the pH is between 6.5 and 7.5 is marked in Fig. 7b–d with
cyan and magenta lines. Fig. 7b shows that, when the process is oper-
ated such that pH 7 is maintained in the second loading step, the de-
sired purity of Li (> 99%) in the raffinate is not achievable if the
scrubbing product is recycled back to the loading feed. Instead, addi-
tional purification must be carried out by e.g. precipitation of lithium
carbonate [7,39] or lithium phosphate [11,14]. Thereby a pure Li
product can be achieved with the suggested liquid−liquid extraction
process. Otherwise, pH around 7.5 can be adjusted by varying the O/A
ratio in the second loading stage to increase Li purity in the raffinate,
since concentrations of Co and Ni in the aqueous phase in this stage are
such low that they are not precipitated. Fig. 7c demonstrates that op-
erating the process at pH between 6.5 and 7.5 in the second extraction
stage provides a pure mixture of Co and Ni in the scrubbed loaded
organic phase.

Virolainen et al. [6] argued that keeping pH at around 6.5 in the
scrubbing step provides complete scrubbing of Li leaving Ni and Co in
the scrubbed loaded organic phase. The simulations of the inter-
connected loading and scrubbing steps, however, show (Fig. 7d) that

Fig. 4. Loading isotherms of (a) Co and (b) Ni for
the 1M Cyanex 272 modified with 5% TOA, used in
the equilibrium experiments for the simulated sul-
fate leachate of Li-ion battery waste. Squares: ex-
perimental results, circles: modeling results. The
equilibrium pH was not controlled. Experimental
data is from Virolainen et al. [6].
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this process scheme does not allow maintaining the equilibrium
pH > 6 in the scrubbing stage, when pH is between 6.5 and 7.5 in the
last loading stage. As a result, Ni is partially scrubbed along with Li.
Therefore, some amount of Ni always circulates between the loading
and scrubbing stages, decreasing the efficiency of extractant utilization.
The low recovery of Ni (< 93%) in the simulations presented in Table 4
is explained by the same reason.

The recovery of Ni in the two-stage process can be improved by
dosing a base to the first loading stage, which can decrease the required
degree of neutralization of the PNO to the second loading stage. Even
though part of the Ni is lost to the raffinate in the two-stage process in
Table 4, the purity of the Li in the raffinate is very high (99.54%). This
is due to the low concentration of Ni in the leachate (0.5 g/L) and the
high equilibrium pH of 7.5 in the second loading stage. Low amounts of
Co and Ni in the raffinate also decrease the risk of precipitation.

The performance (simulation results) of the interconnected loading
and scrubbing stages of the processes with varying leachate composi-
tion is presented in Table 5. The O/A ratio in the scrubbing was set to 1
in all simulations, while the O/A in the two-stage loading step was
adjusted so that the equilibrium pH of 7.5 maintained in the second
loading stage. The same scrubbing solution (0.3 g/L Ni and pH 1.4) was
used in all the processes. The simulations show very good performance
of the processes with different leachate compositions when the equili-
brium pH of 7.5 is maintained in the last loading stage by adjustment of

O/A phase ratios in the loading and scrubbing stages. Co is recovered
completely from the leachates into the LO, and most of the Li (> 99%)
is left in the raffinate. At the same time, complete recovery of Ni is not
achieved (due to low pH in the first loading stage as discussed above)
with the highest recovery corresponding to the leachates II and III that
have the highest Ni concentration. The higher recovery of Ni is followed
by the lower purity of Li in the raffinate. However, the underlying
reason is the higher Ni concentration in the leachates. It is thus con-
cluded that higher Ni content of leachate impedes pure Li recovery in
the process.

The performance of the separation process with the different lea-
chate compositions in Table 5 is shown in Fig. 8. As seen in the figure, a
purity of> 99% of Li in the raffinate is achieved with different O/A
ratios for different leachates. Also the location of the feasible operating
window (cyan and magenta lines) depends on the leachate composition.

Fig. 5. Stripping isotherms of (a) Ni and (b) Co, with 0.025M H2SO4 solutions from the 1M Cyanex 272 modified with 5% TOA. Squares: experimental results,
circles: modeling results. Equilibrium pH was not controlled. The experimental data is from Virolainen et al. [6].
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Fig. 6. Flowsheet for the continuous counter-current solvent extraction fractionation of metals in Li-ion battery waste leachate. LO= loaded organic, BO=barren
organic, PNO=pre-neutralized organic. Thick and thin lines show organic and aqueous streams, respectively.

Table 4
Performance of the interconnected loading and scrubbing stages depending on
the number of the loading stages.

Loading Stages PLi
Raff , % RLi

Raff , % +PCo Ni
LO , % RCo

LO, % RNi
LO, %

1 99.72 99.86 99.78 100.00 92.76
2 99.54 99.99 99.99 100.00 88.06
3 99.42 99.99 99.99 100.00 84.55
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The leachates with higher total concentration of Co and Ni (Leachate II,
III, and IV), require higher O/A ratio in the loading stage for the same
O/A ratio in scrubbing.

Performance of the two-stage stripping of Ni from the loaded or-
ganic phases corresponding to the four cases in Table 5 is shown in
Fig. 9. The loaded organic phase contains 11 g/L Co, O/A=1. The
stripping efficiency increases with increasing strip liquor acidity. The
complete stripping of Ni is possible only at the cost of co-stripping of Co
and, consequently, reduced Ni purity. The achievable Ni purity in the
loaded strip liquor increases with the Ni concentration in the LO. If the
Ni concentration in the LO is lower than 2 g/L, which is the case in
Leachate I and Leachate IV, it is not possible to reach high Ni purity
(> 99%) in strip liquor. Therefore, Leachates II and III with higher Ni
concentrations are particularly well suited for this process since the
product strip liquor with high Ni purity can be produced. Complete

stripping of Co from the loaded organic after Ni stripping can be easily
accomplished in one stage, for example, with a strip feed of 10 g/L Co
and 25 g/L H2SO4 [29].

4. Conclusions

The influence of leachate composition on operation and perfor-
mance of solvent extraction circuits for recovery and purification of Li,
Co, and Ni from spent Li-ion battery leachates was studied by numerical
simulations. For this purpose, a new model for the equilibrium of the
liquid−liquid extraction of these metals from a sulfuric acid solution
with bis(2,4,4-trimethylpentyl)phosphinic acid (Cyanex 272 extractant)
was developed and validated. The model accounts for the aqueous
phase speciation of the species present in the sulfate solution, and ex-
plains the extraction of the metal ions with Cyanex 272 by interfacial

Fig. 7. Performance of the interconnected loading and scrubbing stages for the process with leachate I in Table 5 (a) Equilibrium pH in 2nd extraction step; (b) purity
of Li in raffinate; (c) purity of Co and Ni together in the scrubbed loaded organic phase; and (d) equilibrium pH in the scrubbing step. The region with equilibrium pH
in the second extraction step between 6.5 and 7.5 is between the cyan and magenta lines. (For interpretation of the references to colour in this figure legend, the
reader is referred to the web version of this article.)

Table 5
Performance (simulation results) of the interconnected loading and scrubbing stages of the processes with varying leachate composition.

Leachate Co, g/L Ni, g/L Li, g/L Source O/A loading PLi
Raff , % RLi

Raff , % +PCo Ni
LO , % RCo

LO, % RNi
LO, % cNi

LO, g/L

I 14.0 0.5 2.8 [6] 0.57 99.57 99.99 99.98 100 88.59 0.62
II 16.7 11.0 1.4 [26] 0.72 98.48 99.95 99.98 100 98.45 4.59
III 11.3 11.5 1.8 [27] 0.67 98.98 99.94 99.96 100 98.73 5.76
IV 25.1 2.5 6.2 [21] 0.72 99.65 99.98 99.96 100 94.37 1.25
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competitive ion exchange reactions of different stoichiometries. In ad-
dition, ammonium equilibrium distribution in the extraction system
was modeled to enable prediction of the metal extraction with the pre-
neutralized extractant.

The process flowsheet, in which Co and Ni are recovered together
from the leachate in the loading step, leaving Li in the raffinate and
where, subsequently, Co and Ni are separated and purified in the se-
lective stripping step, was found to be very flexible. The process was
shown to be applicable to separate Co, Ni, and Li from leachates of
different composition. The process can be tuned for treatment of dif-
ferent leachates by adjustment of O/A phase ratios in the loading and
scrubbing stages. It was found that high Ni content of the leachate
impedes pure Li recovery in the process. The higher the Ni concentra-
tion in leachate, the higher purity of Ni is obtained in the stripped
fraction. The process scheme allows adjusting the process performance
to the changing market value of the metals.
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