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Direct leaching is an alternative to conventional roast-leach-electrowin (RLE) zinc 
production method. The basic reaction of direct leach method is the oxidation of 
sphalerite concentrate in acidic liquid by ferric iron. The reaction mechanism and 
kinetics, mass transfer and current modifications of zinc concentrate direct 
leaching process are considered. Particular attention is paid to the oxidation-
reduction cycle of iron and its role in direct leaching of zinc concentrate, since it 
can be one of the limiting factors of the leaching process under certain conditions.  
 
The oxidation-reduction cycle of iron was experimentally studied with goal of 
gaining new knowledge for developing the direct leaching of zinc concentrate. In 
order to obtain this aim, ferrous iron oxidation experiments were carried out. 
Affect of such parameters as temperature, pressure, sulfuric acid concentration, 
ferrous iron and copper concentrations was studied. 
 
Based on the experimental results, mathematical model of the ferrous iron 
oxidation rate was developed. According to results obtained during the study, the 
reaction rate orders for ferrous iron concentration, oxygen concentration and 
copper concentration are 0.777, 0.652 and 0.0951 respectively. Values predicted 
by model were in good concordance with the experimental results. The reliability 
of estimated parameters was evaluated by MCMC analysis which showed good 
parameters reliability.  
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LIST OF SYMBOLS AND ABBREVIATIONS 
 

Symbol Definition Unit 

A particle surface area m2 

C concentration g/L, mol/L, mol/m3 

C* concentration of saturated solution mol/m3 

C0 initial concentration g/L, mol/L 

C(Cu2+) concentration of copper g/L 

C(Cum
2+) mean concentration of copper mol/L 

C(Fe2+) concentration of ferrous iron mol/L, g/L 

C(Fem
2+) mean concentration of ferrous iron mol/L 

C(H2SO4) concentration of sulfuric acid mol/L, g/L 

C(H2SO4m) mean concentration of sulfuric acid mol/L 

C(O2) concentration of oxygen mol/L, g/L 

C(O2 m) mean concentration of oxygen mol/L 

Ci concentration of ion i kmol/m3 

CG concentration of dissolved gas kmol/m3 

CG,0 concentration of dissolved gas in pure water kmol/m3 

CS salt concentration kmol/m3 

Ct total molar concentration kmol/m3 

D diffusion coefficient  m2/s 

De effective diffusion coefficient m2/s, m2/min 

DL diffusion coefficient of the liquid m2/s, m2/h 

E1 activation energy kJ/mol 

J diffusional gas-liquid mass transfer flux mol/ m2 s 

KP-B Pilling – Bedwords criterion - 

Kpr coefficient of proportionality - 

G amount of substance dissolved per unit time mol/s, mol/h 

H Henry’s constant bar, atm 

H0 representation of Henry’s law constant - 

L characteristic length  m 
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Symbol Definition Unit 

M molecular mass g/mol 

Mim molecular mass of initial matter g/mol 

Mpr molecular mass of product g/mol 

N impeller speed rev/s 

NS minimum impeller speed for complete 

suspension of the particles 

rev/s 

NSG minimum impeller speed for complete 

suspension in presence of sparged gas 

rev/s 

Pi pressure of gas i bar, atm 

PREACTOR pressure in the reactor bar 

PSOL solution vapor pressure bar 

Pw power  W 

R gas constant J K-1 mol-1 

S surface area  m2 

Sc Schmidt number - 

S  function of the impeller type and di/dt - 

T temperature ˚C, K             

Tmean mean temperature ˚C, K            

Ea activation energy kJ mol-1 

Vim molar volume of initial matter m3/mol 

VL volume of liquid m3 

Vpr molar volume of product m3/mol 

W weight of undissolved solid at time t kg 

X convertion - 

K Setschenov constant - 

K100˚C reaction equilibrium constant - 

 H100˚C 

 

reaction enthalpy kJ mol-1 

a specific gas-liquid interfacial area m2/m3 

b  stoichiometric coefficient - 
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Symbol Definition Unit 

c concentration of solute in the liquid at time t kmol/m3, kg/m3 

cS concentration of solute in the liquid at 

saturation 

kmol/m3, kg/m3 

d diameter m 

db mean bubble diameter mm 

di impeller diameter m 

dp particle diameter m 

dt tank diameter m 

g acceleration of gravity m/s2 

hG gas-specific constant  

hG,0 variable m3/kmol 

hi ion-specific parameter m3/kmol 

hj variable m3/kmol 

hT variable m3/kmol K 

j flux mol m-2 s-1 

jA molar flux of species A Kmol/s m2 

k rate constant  

kc reaction rate coefficient controlled by surface 

reaction 

- 

kd reaction rate coefficient controlled by 

diffusion 

- 

kL liquid side mass transfer coefficient m/s 

akL  liquid side volumetric liquid mass transfer 

coefficient 

s-1 

kS reaction rate for surface reaction m/s 

kSL solid particle-liquid mass transfer coefficient m/s 

k1 overall rate constant (L/mol)0.2021 s-1 

k1,m rate constant at the mean temperature (L/mol)0.2021 s-1 

n1 reaction order for ferrous iron  - 

n2 reaction order for sulfuric acid - 

n3 reaction order for oxygen - 
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Symbol Definition Unit 

n4 reaction order for copper - 

r reaction rate mol/L s 

r0 initial radius of the particle m 

r1 rate of ferrous iron oxidation mol/L s 

t time h, s 

td elapsed reaction time h, s 

tc elapsed reaction time h, s 

x  particle loading % of weight 

  exponent - 

  exponent - 

δ thickness mm, m 

G  gas hold-up % 

  exposure time s 

L  dynamic viscosity Ns/m2, kg/m s 

  amount of moles of solid product formed 

from 1 mol of initial matter 

mol 

L  liquid velocity m/s 

G  density of gas kg/m3 

im  density of initial matter kg/m3 

L  liquid density kg/m3 

pr  density of the product kg/m3 

S  specific density of concentrate kg/m3 

  solid-liquid density difference kg/m3 

G  gas superficial flow rate dm3/min 

AAS atomic absorption spectroscopy  

MCMC Marcov chain Monte Carlo  

NTP normal temperature and pressure  

RLE roast-leach- electrowin  
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1 INTRODUCTION 
 

Zinc is a relatively active metal and under normal conditions it is brittle with 

bluish white color. The content of zinc in Earth crust is 8.3 310  % by mass 

(Sevrykov et al., 1978). The amount of zinc in different kinds of rocks is assessed 

to be 20 – 200 ppm and in uncontaminated soils it is approximately 10 – 30 ppm. 

Usually in seawater the concentration of zinc is about 1 – 27 mg/L and sweet 

water contains less than 10 mg/L (Kirk and Othmer, 1998).  

 

Zinc is not found free in nature, therefore it is usually extracted from zinc–

containing ores. Nowadays the number of zinc minerals is estimated as 55 (Kirk 

and Othmer, 1998), but not all among them are used in zinc production. The most 

important ores for production of zinc are: sphalerite (ZnS), hemimorphite 

(Zn4Si2O7 (OH)2·H2O), smithsonite (ZnCO3), hydrozincite (Zn5(OH)6(CO3)2), 

zincite (ZnO), willemite (Zn2SiO4) (Kirk and Othmer, 1998). Sphalerite holds the 

leading position among them because 90 % of zinc (Kirk and Othmer, 1998) has 

been produced from it.  

 

Zinc is mainly applied to protect metals such as iron and steel from corrosion. 

Zinc is used in galvanizing process as well. Paints are produced from zinc dust 

and their significance is increasing. Alloys for die casting are an important area of 

zinc application due to their low cost and high quality (Kirk and Othmer, 1998). 

Zinc oxide is used in cosmetic industry, in medicine, as flux agent in ceramic 

production and also in the rubber industry (zinc information center, 2009).  

 

Direct leaching is an alternative to conventional zinc production method. 

Conventional method, the so-called roast-leach-electrowin (RLE) consists of three 

main stages: roasting of zinc concentrate in order to oxidize sphalerite, leaching of 

calcine and electrowinning of zinc. Compared to the conventional method, one 

can identify a number of advantages in direct leaching. Firstly, roasting of zinc 

concentrate is not needed. Therefore, the emissions of sulfur dioxide are 

eliminated (Haakana et. al., 2008). In the conventional process sulfuric acid is 
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produced from the by-products. Important preference of the alternative method is 

that sulfide sulfur is converted to the solid elemental form which can be easily 

stored.  

 

The basic reaction of this method is the oxidation of sphalerite concentrate in 

acidic liquid by ferric ion. The mechanism of the reaction is complex and it is not 

fully investigated. An important role in direct leaching plays the oxidation-

reduction cycle of iron. It can be one of the limiting factors of the leaching 

process under certain conditions.  

 

The intention of the thesis is to establish the role of oxidation-reduction cycle of 

iron in direct leaching of zinc concentrates.  

 

2 PHENOMENA OF ZINC LEACHING 
 

In nature zinc sulphide is present in two major forms: sphalerite and wurtzite 

which have different type of crystal lattice and often contain as an impurity 

significant amount (5 – 15 %) of iron (Maslenetsky et al., 1969). Nowadays, there 

are numerous investigations in the field of leaching of these minerals. 

 

Sphalerite has some specific chemical properties such as a relatively high 

steadiness to external actions (Maslenetsky et al., 1969). Studies of sphalerite 

leaching in different mediums have been carried out by many scientists. However, 

in industrial scale mostly ammoniacal and sulfuric leaching are used (Kazanbaev, 

et.al., 2007). 

 

2.1 Reaction mechanism 

 

Usually leaching is carried out in hot acidic sulphate media with oxygen or air 

(Filippou, 2004).  The overall chemical reaction of direct zinc leaching is 

presented below (Maslenetsky et al., 1969): 
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ZnS + H2SO4 + 0.5 O2  ↔   ZnSO4 + S0 + H2O             (1) 

 

H100˚C =  - 456 kJ/mol, K100˚C = 6,9 ∙ 1020 (Takala, 1999) 

 

If concentration of acid-soluble iron in the solution is insignificant, the rate of this 

reaction is slow.  Transport of oxygen is provided by acid-soluble iron and 

therefore, the concentration of iron in the solution affect the rate of the process 

(Kaskiala, 2005 b). According to Kammel et al.(1987), the addition of ferric iron 

sulphate in amount equal to stoichiometric improves zinc leaching gradually. 

However, ferric sulphate exceeding stoichiometric amount does not accelerate the 

reaction (Kammel et al., 1987.Ref. Markus et al., 2004). As it shown in the 

reaction (2), ferric ions oxidize metal sulfides which are present in the concentrate 

(Takala, 1999). According to this reaction, ferric ions are reduced to ferrous ions.  

 

Fe2(SO4)3 + MeS → 2 FeSO4 + MeSO4 + S0                        (2) 

 

Me = Zn, Fe, Pb, Cu, Cd, Ca 

 

For zinc: H100˚C = - 249 kJ/mol, K100˚C = 3,8 ∙ 1012 

 

In order to maintain the reaction rate ferrous ions are oxidized back to ferric ions 

by oxygen as shown in the reaction (3) (Takala, 1999). 

 

2 FeSO4 + H2SO4 + 0.5 O2 → Fe2(SO4)3  + H2O                       (3) 

 

H100˚C = - 207 kJ/mol, K100˚C = 1,8 ∙ 108 

 

Oxygen can be an oxidizing agent as well. But concentration of oxygen in the 

solution is low, therefore the reaction with ferric iron as oxidant is predominating 

(Kaskiala, 2005 b).  

 

Bjorling, Forward and Veltman (1959) carried out successful experiments of 

sphalerite leaching in 1959. Mackiw and Veltman (1967), and O’Kane and 
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Veltman (1972) continued the research and achieved a reduction in the retention 

time of the process. As a result a reaction mechanism presented below was 

proposed (Jan et al., 1976).  

  

ZnS + H2SO4 → ZnSO4 + H2S                   (4) 

 

H2S + Fe2(SO4)3 → 2 FeSO4 + H2SO4 + S             (5) 

 

and the last reaction in the proposed mechanism is presented by the reaction (3). 

 

Another reaction mechanism based on previous research and experimental data 

was proposed by Jan, Hepworth and Fox (1976). It includes four main steps. The 

first step can be described by the following reactions:  

 

FeS + H2SO4 = FeSO4 + H2S               (6) 

 

FeS2 + H2SO4 = FeSO4 + H2O + S               (7) 

 

Rate of pyrrhotite and pyrite dissolution is relatively fast. The last reaction of the 

first step can be defined by Equation (4). If the initial concentration of H2S in the 

solution is low, the last reaction is fast as well (Jan et al., 1976).  

 

The second step is the oxidation of the ferrous iron produced in the first step to the 

ferric form. This step can be described by Equation (3). During the next step H2S 

is oxidized by ferric sulphate as it is shown in Equation (5). The rate of the H2S 

oxidation depends on the amount of ferric ion and it increases with rising of ferric 

ion concentration. Ferrous sulphate formed as the reaction product is oxidized 

back to ferric iron according to the step 2. The last step of the reaction mechanism 

is the steady-state of all the previous steps. The overall reaction is presented by 

Equation (1) (Jan et al., 1976). 

 

According to Y. Hisamatsu and N. Matsuko (1964), the mechanism of the process 

of acid oxidative leaching of sphalerite is composed of two main stages. In the 
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first stage interaction of hydrogen ions with zinc sulfide takes place. As a result 

formation of Zn2+ ion and hydrogen sulfide occurs. In the second stage oxidation 

of dissolved hydrogen sulfide takes place with the participation of copper ions.  

 

An electrochemical model of reaction mechanism was proposed by Exner, 

Gerlach and Pawlek (1969). In this model the leaching of zinc is considered as a 

process analogous to the corrosion of metal. The anodic partial reaction is 

presented below (Jan et al., 1976):  

 

ZnS = Zn2+ + S0 + 2e-                 (8) 

 

The reactions occur at the surface of solids separately from each other. 

Consumption of the electrons generated during anodic reaction take place in the 

cathodic reaction (Jan et al., 1976).  

 

2e- + 2H+ + 0.5 O2 = H2O                (9) 

 

An electrochemical model seems not to be reasonable since any correlation 

between data obtained during the experiments and theory has not yet been found 

(Jan et al., 1976).   

 

For example, Hudson Bay Mining and Smelting implemented a two stage pressure 

leach zinc refinery at Flin Flon. The process is carried out in autoclaves at 

temperature 145 - 150˚C and oxygen pressure 11 bar. The mechanism of the 

reaction can be described in the following way: sphalerite is oxidized in presence 

of ferric ions as it is shown in the reaction (2), simultaneously ferric ion convert to 

ferrous ion. Then ferrous ion are oxidized by oxygen (reaction 3), which allows to 

leach more sphalerite. Excess of dissolved iron settles in form of jarosite or in 

form of hydrated iron oxide (reactions 11 and 10 respectively). Under conditions 

presented at Flin Flon refinery only 15 -20% of iron is precipitated in the form of 

jarosite and the rest of iron precipitates in the form of iron oxide (Krysa, 1995).  

 

Fe2 (SO4)3 + (X+3) H2O → Fe2O3∙XH2O↓ + 3H2SO4           (10) 
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3 Fe2 (SO4)3 + 14 H2O → (H3O)2Fe6(SO4)4(OH)12↓ + 5H2SO4           (11) 
  
 

The mechanism of the process is usually described by Equation (1), but also some 

side reactions take place (Zaytsev and Margulis, 1985):  

 

FeS + H2SO4 + 0.5O2 → FeSO4 aq + S0 + H2O            (12) 

 

PbS + H2SO4 + 0.5O2 → PbSO4 + S0 +H2O           (13) 

 

Copper ions affect the leaching process of sphalerite in a catalytic way. The 

mechanism of copper ion effect is not fully investigated. The mechanism of 

sphalerite oxidation in the presence of copper ions can be described in the 

following way (Zelikman et al, 1983): 

 

ZnS + 8Cu2+ + 4H2O → Zn2+ + 8Cu+ + SO4
2- + 8H+          (14) 

8Cu+ + 2O2 + 4H2O → 8Cu2+ + 8OH-                                  (15) 

ZnS + 2O2 → Zn2+ + SO4
2-             (16) 

 

According to some investigations, addition of 0.5 g/L of copper sulfate during the 

sphalerite leaching in acidic environment at temperature 150˚C and under oxygen 

pressure 7 bar accelerates the rate of the leaching by 4.3 times (Zelikman et al, 

1983).  

 

2.2 Oxidation-reduction cycle of iron 

 

It is a known fact that during the direct leaching process zinc is dissolved in acidic 

media and ferric ions are reduced to ferrous ions according to the reaction (2) 

(Markus et al., 2004). This reaction can be also represented in the following way 

(Santos et al., 2007): 

 

ZnS + 2Fe3+ = Zn2+ + 2Fe2+ + S0                                 (17) 
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The reaction rate is decreased due to reduction of ferric ions. Therefore, additional 

oxidation is necessary for the transformation of ferrous ions back to the ferric 

form to maintain the reaction rate (Santos et al., 2007).  

 

According to some sources, the reaction mechanism can be presented in two main 

steps (Takala, 1999).  First, ferric ion oxidizes sulphide sulphur and turns into 

ferrous ion, as shown in the reaction (2). Then ferrous ion is interacting with 

oxygen and is transformed back to the ferric ion, as given in the reaction (3).  

 

The reaction mechanism suggested by Rönnholm et al. (1999) states that 

oxidation occurs through intermediate complexes and cleavage of oxygen – 

oxygen bond. Oxidation of ferrous iron leads to the formation of ferric iron. 

Oxidation can be done by oxygen or air. One molecule of oxygen reacts with four 

ferrous ions. Therefore, the first four stages of the presented mechanism are 

disclosing the step-by-step oxidation of ferrous ion.  

 

I  O2 + FeII = (Fe – O – O*)2+           (18) 
 

II  (Fe – O – O*)2+ + FeII  = (Fe – O – O – Fe )4+        (19) 
 

III (Fe – O – O – Fe )4+ + FeII  = (Fe2 – O) 4+ + (O – Fe) 2+    (20) 

 

IV (O – Fe) 2+ + FeII  = (Fe2 – O) 4+              (21) 

 

V  (Fe2 – O) 4+  + H3O+ = OH- +H2O + 2FeIII                                (22) 

 

VI H3O+  + OH- = 2H2O              (23) 

 

The intermediate complex is marked as (Fe – O – O*)2+. As it was reported, the 

decomposition of oxygen bonds in Equation (20) accelerates the successive stages 

of the reaction (Rönnholm et al., 1999).  
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Other possible reaction paths presented below were suggested by Mathews and 

Robins (1972). The first reaction mechanism consisting from four steps is the 

following: 

 

I  Fe2+ + O2 ↔ FeO2
2+                        (24) 

 

II  FeO2
2+ + Fe2+ + H2O → 2 Fe3+

 + OH- + O2H-         (25) 

 

III O2H-
 + H+ → H2O2             (26) 

 

IV  H2O2 → H2O + 0.5 O2            (27) 

 

Another reaction mechanism suggested by Mathews and Robins (1972) consists 

of three steps. 

 

I Fe2+ + O2 ↔ FeO2
2+                              (28) 

  

II  Fe2+ + H2O ↔ FeOH+ + H+            (29) 

 

III  2H2O + FeO2
2+ + FeOH+ → 2Fe3+ + 5OH-          (30) 

 

In order to provide relatively high rate of zinc leaching from the sulfates it is 

recommended to keep ferric iron concentration in the range of 0.5 – 30 g/L.  For 

efficient leaching the reduction potential should also be kept at the level more 

than 400 – 450 mV. For this purpose the ratio of ferric iron concentration to the 

sum of ferric and ferrous iron concentration [Fe3+]/([Fe3+]+[Fe2+]), should be in 

the range from 0.5 to 1. Hence, the concentration ratio Fe3+/Fe2+ should be at least 

1 (Filippov and  Nesterov, 2009). 

 

As it was discussed earlier, under normal conditions the rate of leaching in 

sulfuric solutions of ferric iron is relatively low. Increasing the temperature and 

ferric iron concentration leads to significant rise in the rate of dissolution rate. 
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Therefore, water-soluble compounds of ferric iron are considered to be the most 

acceptable industrial oxidants (Filippov and  Nesterov, 2009).   

 

Efficiency of the oxidative action of ferric iron water-soluble salts subject to the 

temperature is presented in Table 1. Experiments were carried out for the 

artificially prepared zinc sulfate (Filippov and  Nesterov, 2009).  

 

Table 1 Dissolution of zinc sulfate in the solution of FeCl3 (concentration 
of FeCl3 was 34 – 52g/L, duration of the process was 4 hours) 
(Shahtinsky et al. 1986. Ref.Filippov and  Nesterov, 2009)    

 
Temperature, ˚C Leaching yield, % 

40 10.48 

60 33.26 

80 58.54 

90 80.17 

100 92.63 

 

As it can be seen from Table 1 temperature of the process is one of the crucial 

factors affecting the leaching yield.  

 

The main problem with iron during the atmospheric direct leaching is the 

formation of non-soluble compound – jarosite. Usually jarosite formation occurs 

at temperature 90 - 100˚C and pH = 1 – 2.5 (Halvaara 1996. Ref. Kaskiala 2005 

b). Jarosite formation takes place according to the following overall reaction 

(Arauco and Doyle 1986. Ref. Kaskiala 2005):  

 

3Fe2(SO4)3 + Me2SO4 + 12H2O → Me2Fe6(SO4)4(OH)12 + 6H2SO4            (31) 

 

where Me: Na+, K+, Rb+, Ag+, NH4+, Ti+ and H3O+ 

 

or  

 

3Fe2(SO4)3 + MeSO4 + 12H2O → MeFe6(SO4)4(OH)12 + 6H2SO4         (32) 
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where Me: Pb2+ and Hg2+ 

 

2.2.1 Ferric to ferrous iron reduction 

 
A model to describe the reduction rate of ferric to ferrous ion has been proposed 

by Markus et al. (2004) and it is presented in Equation (33). According to this 

model, the rate of reduction is proportional to the ferric iron concentration.  

 

r = k exp( )11(
mean

a

TTR
E

 )∙ ][)( 35,1
42

0

 FeC
C
C

SOH
ZnS

ZnS           (33) 

 

where k is the rate constant at reference temperature ( meanT ) equal to 

0.211.5/(mol1.5 min), aE  is the activation energy equal to 67 kJ/mol and meanT  is 

equal to 353 K.  

 

The results of the experimental ferric to ferrous iron reduction obtained by 

Markus et al. (2004) are in a good agreement with the presented model. 

Temperature, ferric iron and sulfuric acid concentration affect the reduction rate 

as reported.  

 

For instance, the effect of ferric iron concentration to the reduction kinetic was 

investigated by Markus et al. (2004) in the range from 0.2 to 0.4 mol/L. The 

experimental results are presented in Figure 1. In this figure the points represent 

experimental data and the solid lines represent calculated results obtained from 

Equation (33).  

 

From the obtained results presented in Figure 1 it was reported that an increase in 

the ferric iron concentration leads to an increase in the reduction rate (Markus et 

al., 2004).  
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` 

 
Figure 1. Influence of initial concentration of ferric iron. Conditions: zinc 

sulphide-to-ferric iron molar ratio 1:1, concentration of sulphuric 
acid 0.41 mol/L, temperature 85˚C.    = 0.2 M,       = 0.3 M,         = 
0.4 M  (Markus et al., 2004) 

 

It was also reported that temperature and concentration of sulfuric acid affect the 

reduction rate gradually. The rate of the process grows with rising temperature 

and sulfuric acid concentration. An interesting observation concerning the 

behavior of sulfur was derived from the experiments. According to this no product 

layer was formed during the process as it has been expected earlier. Inversely, 

separate particles of elemental sulfur were formed (Markus et al., 2004).  

 

2.2.2 Ferrous iron oxidation 

 
According to some studies the rate of ferrous iron oxidation depends on which 

ferrous species predominate in the solution. Ferrous species are variate subjected 

to sulfate and acid concentrations. The oxidation rate of each ferrous species is 

different and therefore, the overall rate of the reaction is changeable (Baldwin 

et.al., 1995).  

 

According to Huffman and Davidson postulation, FeSO4 ion pair is more easily 

oxidized by oxygen than the uncomplexed ferrous ion. The proposed postulation 

was collaborated by their investigation (Huffman and Davidson, 1956). Ferrous 
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iron oxidation experiments conducted by Dreisinger and Peters are in 

correspondence with the postulate as well (Dreisinger and Peters, 1989). 

 

The above mentioned postulate was supplemented with another ferrous ion 

species which is FeHSO4
+ (Filippou et al., 1993.Ref. Baldwin et al., 1995). 

According to the authors, FeHSO4
+ dominates FeSO4 and Fe2+ in wide range of 

conditions.  

  

The kinetics of ferrous to ferric iron oxidation by molecular oxygen has been 

studied by many scientists. The results of these studies are presented in Table 2. 

 

Table 2. A review of ferrous oxidation studies in sulphate media (Dreisinger 
and Peters, 1989; Kaskiala, 2005) 

 

T, ˚C Rate law 
Ea, 

kJ/mol 
Comments 

140 
2

22
2

][][
OPFek

dt
Fed 



  - 
No acid 

dependence 

25 - 85 36.0

222

][
][][ 2



 


H
PFek

dt
Fed O  68.6 - 

40 - 135 
2

22
2

][][
OPFek

dt
Fed 



  56.9 
Copper 

catalysis 

70 - 90 22

22
4

22
2

22
1

2

][][][][
OO PSOFekPFek

dt
Fed 





 

51.6 

(1) 

94.4 

(2) 

Some acid 

dependence 

20 - 80 
25.0

01.184.122

][
][][ 2



 


H
PFek

dt
Fed O  73.7 

Copper 

catalysis 

20 - 50 
35.0

04.1222

][
][][ 2



 


H
PFek

dt
Fed O  94.1  

100 - 130 
2

22
2

][][
OPFek

dt
Fed 



  62.0  
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T, ˚C Rate law 
Ea, 

kJ/mol 
Comments 

100 - 130 25.0222
2

][][][
2




 CuPFek
dt
Fed

O  69.1  

140 - 180 
22

22
2

2
1

2

][][][
OO PFekPFek

dt
Fed 



  

56.1 

(1) 

68.2 

(2) 

Copper 

catalysis 

 

50 - 130 2

22
2

][][
OPFek

dt
Fed 



  56.9 - 

 

According to several studies, the rate of oxidation of ferrous iron to ferric is of the 

first order with respect to 
2OP  and second order with respect to ][ 2Fe  (Baldwin 

et.al., 1995). 

 

For instance, Dreisinger and Peters (1989) reported a kinetic model for the ferrous 

iron oxidation carried out at temperature range 120 - 155˚C. Such parameters as 

temperature, amount of zinc sulfate in the solution, acidity, presence of copper, 

type of sulfate salt and its amount have significant effect on the rate of the 

process. Proposed model is included below: 

 

dt
Fed ][ 2

  = (3.6 ∙ 10-5 [Fe2+]2 
2OP  + 5.2 ∙ 10-4 [Fe2+] [FeSO4] 

2OP  + 1.66 ∙ 

10-2 [FeSO4]2 
2OP ) (1.0 + 5.0 [CuSO4]0.5 {exp[-9660∙(

15.423
11


T

)]}     (34) 

 

where ][ 2Fe  is the concentration of ferrous ion, t is time, 
2OP is oxygen partial 

pressure, [FeSO4] is concentration of ferrous sulphate, [CuSO4] is the 

concentration of copper sulphate and T is temperature.  

 

Iwai et al. (1982) proposed kinetic equation for ferrous iron oxidation which is 

shown below. 
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dt
Fed ][ 2

  = k [Fe2+] 2 
2OP  + [SO4

2-] [Fe2+]2 
2OP           (35) 

 

As it can be seen from Equation (35) the reaction can occur in two ways. In the 

first way the reaction rate is of the second order with respect to ferrous ion 

concentration, of first order with respect to partial pressure of oxygen and does 

not depend on the SO4
2- ions. The value of the activation energy is equal to 51.6 

kJ/mol. The other reaction way is characteristic for dilute solutions (concentration 

of sulphuric acid < 0.4 mol/dm3). In this case the reaction rate is of second order 

with respect to ferrous ion concentration, of first order with respect to oxygen 

partial pressure as well but it depends on the concentration of SO4
2- and H+ ions. It 

was reported that with decrease of H+ ions concentration the reaction rate 

increased (Iwai et.al., 1982.Ref. Kaskiala, 2001).  

 

Mathews and Robins (1972) carried out ferrous iron oxidation experiments in the 

temperature range 20˚C - 80˚C and proposed following reaction rate equation: 

 

dt
Fed ][ 2

 = k [Fe2+]1.84 [O2]1.01 [H+]-0.25           (36) 

 

Another rate equation for ferrous iron oxidation was proposed by Verbaan and 

Crundwell (1986): 

 

dt
Fed ][ 2

  = k [Fe2+]2 [O2] [H+]-0.36              (37) 

 

From all aforesaid it can be summarized that the rate of ferrous ion oxidation 

increases with temperature and pressure, copper catalyzes the reaction. The 

limiting factor in ferrous ion oxidation is the chemical reaction (it can be seen 

from the values of the activated energies). It should be mentioned as well that 

elevating the sulfuric acid concentration in excess to 1 M does not affect the 

reaction rate. However, increasing the sulfuric acid concentration up to 1 M brings 

down the reaction rate (Iwai et.al., 1982.Ref. Kaskiala, 2001). 
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According to majority of authors, the reaction rate is of the second order with 

respect to ferrous iron concentration and first order with respect to oxygen partial 

pressure. Usually in dilute solutions (concentration of sulfuric acid < 0.4 mol/dm3) 

SO4
2- ions enhance and H+ ions decrease the reaction rate. In addition retardation 

of ferrous iron oxidation is observed in case when ferric sulphite is added to the 

solution. This can be connected to ferric sulphate complex formation (Iwai et.al., 

1982.Ref. Kaskiala, 2001).  

 

2.3 Leaching kinetics 

 

Leaching is an interaction process between dissolved reagents and solid phase. 

The rate of leaching is the amount of solid substance passing into solution in unit 

time. Temperature, concentration of regents, rate of mixing, surface area of solid 

phase and other parameters affect the rate of leaching (Zelikman et.al., 1983).  

 

Dissolution of sphalerite can be considered as a combination of three rate steps: 

mass transfer between solid particles and liquid, diffusion and chemical reaction. 

Elimination of mass transfer allows classifying dissolution process in compliance 

with diffusion and chemical reaction as the rate controlling steps (Kaskiala, 2005 

b).   

 

The classical model used for description of sulphide minerals leaching mechanism 

is shrinking core model (Levenspiel, 1972. Ref. Markus et al., 2004).The 

suitability of the shrinking core model in sphalerite leaching has been supported 

by many authors (Perez and Dutrizac, 1991; Cheng et al., 1994; Suni et al., 1989; 

Enkinci et al., 1998; Babu et al., 2002.Ref. Markus et al., 2004).  

 

2.3.1 Dissolution of concentrate 

 
Crundwell (1988) proposed a fundamental model for zinc sulfide dissolution. 

According to this model the rate of dissolution process is directly proportional to 
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the iron concentration in the matrix and half-order with respect to ferric iron in the 

solution.  

 

Direct dependence between leaching rate and iron content in the mineral matrix 

was found by Perez and Dutrizac (1991) as well. In their work 15 minerals were 

investigated. 

 

Correlation between iron content in the mineral lattice and activation energy was 

not defined by Crundwell (1988). However, Perez and Dutrizac (1991) found that 

minerals with low iron content in the lattice have higher activation energy than 

these with higher iron concentration in the mineral matrix.  

 

Results reported by Perez and Dutrizac (1991) were assumed as basis of 

mathematical model of sulphide minerals dissolution obtained by Baldwin et. 

al.(1995). Model is included below: 

 

)/000,50exp())(329.035.0(][100925.4 2/136 RTFepctFe
dt
dL

  (38) 

 

where L is characteristic length, R is universal gas constant.  
 

2.3.2 Shrinking core model 

 

According to the shrinking core model, dissolution of the mineral starts on the 

surface and then it proceeds by diffusion through this layer, as it is shown in 

Figure 2 (Kaskiala, 2005 a).  
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Figure 2. Simplified shrinking core model for dissolution of zinc 
sulfide (Kaskiala, 2005 a) 

  

At the initial stage of zinc sulfide mineral dissolution, zinc ions are transferred 

from the core (phase I) into the solution and zinc deficient sulfide is formed in 

phase II. For the dissolution through phase II higher potential is needed. After 

this, one more layer (phase III) is formed. This layer consists from zinc deficient 

sulfide with elemental sulfur. For the dissolution through phase III even higher 

potential is required. When all zinc ions are in the solution the last layer of 

elemental sulfur is formed (Kaskiala, 2005 a).  

 

In the shrinking core model several assumptions can be marked out. According to 

the first two assumptions, solid particles have spherical shape and they keep their 

initial shape during the reaction. The third assumption states that the chemical 

reaction is carried out in a sharp interface between the primary solid particles and 

the product of the reaction (Souza et.al, 2007).  
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Further assumptions concern the rate controlling step. Here three main different 

assumptions can be mentioned.  

 

Chemical reaction as the rate controlling step 

 

Assuming chemical reaction as the rate controlling factor leads to expression for 

the shrinking core model as presented in Equation (39) (Lochmann, 1995.Ref. 

Kaskiala, 2005 a). Usually, chemical reaction acts as the limiting factor of the 

leaching process when diffusion inhibitions are eliminated.  

 

1 – (1 - X)1/3 = kc∙ tc              (39) 

 

where X is the conversion, tc is the reaction time elapsed, kc is the coefficient of 

reaction rate (Kaskiala, 2005 a). Coefficient kc is controlled by surface reaction 

and can be defined as shown in Equation (40) (Rytioja, 1997.Ref. Kaskiala, 2005 

b). 

 

kc = S
S

k
r

FebM



 

0

3 ][


             (40) 

 

where M  is the molecular mass, b  is the stoichiometric coefficient, ][ 3Fe is the 

concentration of ferric iron, S  is the specific density of concentrate, 0r  is the 

initial radius of the particle and Sk  is the reaction rate for surface reaction.  

 

If the chemical reaction is the limiting factor then the product layer does not affect 

the process rate. Only chemical reaction occurring on the surface can affect the 

overall process rate (Kaskiala, 2005 a). Therefore, the beginning of the leaching 

process, when there is no product layer can be described by Equation (39).  

 

The kinetic regime of the leaching can be characterized by several factors.  First 

of all, factors describing diffusion such as the dependence of the reaction rate 

from the process duration (surface, reagent and products concentrations are 
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constant), should not be observed. In addition, the kinetic regime can be 

characterized by one main factor. According to this factor, the reaction rate 

strongly depends on temperature (Zelikman et al., 1983).  

 

However, based on the factors mentioned above it is difficult to unambiguously 

define that the reaction occurs in the region controlled by chemical reaction. The 

factors mentioned can be observed in the transient regime as well (Zelikman et al., 

1983).  

 

Diffusion as the rate controlling step 

 

The shrinking core model can be defined according to Equation (41) in case when 

diffusion of reagents through the product layer is assumed to be the rate 

controlling step (Kaskiala, 2005 a).   

  

kd ∙ td = 1 -
3
2 X – (1 - X)2/3             (41) 

 

 The reaction rate coefficient kd can be defined in the following form (Neou-

Singouna, 1990.Ref. Kaskiala, 2005): 

 

kd = e
S

D
r
FebM



 

0

3 ][


                          (42) 

 

where eD  is the effective diffusion coefficient.  

 

During the leaching of sphalerite a layer of solid reaction products is formed. The 

density of the product layer plays a significant role. High density of the product 

layer hampers diffusion of reagents through this layer (Zelikman et al., 1983) and 

therefore diffusion becomes the limiting factor of the whole leaching process.  

 

A rough estimation of the product layer density can be done by the Pilling – 

Bedwords criterion. In this criterion the volume of the reaction products and the 
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initial matter ratio is considered. The Pilling – Bedwords criterion is presented in 

Equation (43) (Zelikman et al., 1983). 

 

KP-B = 
imim

prpr

im

pr

M
M

V
V





/
/

               (43) 

 

where   is the amount of solid product moles formed from 1 mol of initial matter, 

prV  and imV  are the molar volumes of the product and the initial matter 

respectively, prM  and imM  are the molecular masses of the product and the initial 

matter respectively, pr  and im  are the densities of the product and the initial 

matter.  

 

Usually, if the value of the Pilling – Bedwords criterion exceeds 1 then most 

probably the product layer has high density. If this value is less than 1, the product 

layer in most cases is friable and porous (Zelikman et al., 1983).   

 

During the leaching process the thickness of the product layer is increased 

proportionally to the elevated mass of the product. The specific rate of the 

leaching decreases due to growth of diffusion resistance according to the 

following equation (Zelikman et al., 1983): 

 

j  ≈ 
t

1                 (44) 

 

Several factors confirm that diffusion is the limiting step of leaching. The most 

essential factor is the decrease of the specific rate according to Equation (44) 

(concentrations of reagent and products of the reaction are constant). Another 

factor is the comparatively low dependence of the process rate from temperature 

(values of apparent activation energies are equal to 8 – 20 kJ/mol) (Zelikman et 

al., 1983).  
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Combination of chemical reaction and diffusion as the rate controlling factors 

 

According to some authors, chemical reaction is the rate controlling step at the 

beginning of the leaching process. Formation of product layer during the process 

brings reaction under diffusion control (Arauco, 1986.Ref. Kaskiala, 2005). In 

case when the limiting factor of the process is the combination of diffusion and 

chemical reaction, the shrinking core model can be presented in the form shown in 

Equation (45) (Halavaara, 1996; Rastas, 1986; Bobeck and Su, 1985.Ref. 

Kaskiala, 2005 a).  
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   (45) 

 

The above mentioned theory concerning the limiting factor has been confirmed by 

experimental data. In Figure 3 experimental results of zinc leaching are presented. 

The presented results were treated according to Equations (39) and (41) 

(Halavaara, 1996.Ref. Kaskiala, 2001).  

 
Figure 3. Conversion of zinc as a function of time (in hours) and results fitted 

in the chemical reaction (Eq.39) and diffusion (Eq.41) models. 
Conditions of leaching: temperature 100˚C, stirred speed 1000 rpm, 
[Fe(III)] is equal to 10 g/L, concentration of sulphuric acid 25 g/L, 
particle size 20 - 50µm (Halavaara, 1996.Ref. Kaskiala, 2001) 
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2.4 Mass transfer 

 
Fundamental assumption in modern transport phenomena states that three 

different transport phenomena: momentum, heat and mass transfer are similar in 

nature (Asano, 2006). These phenomena can be presented by the following basic 

formula (Kaiskala, 2005 b): 

 

ceresis
forcedrivingFlux

tan
               (46) 

 

2.4.1 Gas-liquid mass transfer 

 
Basically gas-liquid mass transfer contains two main steps. The first is absorption 

of gas by liquid or gas dissolution at the gas-liquid interface and the second is 

diffusion of dissolved gas through the solution boundary layer. 

 

It should be noted that in presence of chemical reaction in the solution the rate of 

gas absorption is higher. Profile of the gas concentrations is modified by 

occurring chemical reaction near the gas-liquid interface. However gas-liquid 

interfacial area is not affected by the chemical reaction. Slow reactions are known 

to decrease solubility of gas and fast reactions vice-versa (Kimweri, 2001).  

 

The rate of mass transfer can be described by Fick’s law. For binary systems it 

can be presented in a following form (Incopera and DeWitt, 2002): 

 

AABtA xDCj                (47) 

 

where Aj  is the molar flux of species A (kmol/s·m2), Ct is the total molar 

concentration of the mixture (kmol/m3) and it is equal to sum of species A and B 

concentrations, Ax  is the gradient in the species mole fraction. 
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In most gas-liquid mass transfer cases the total mass transfer resistance is 

presented by the liquid side mass transfer coefficient kL due to liquid side greater 

resistance. Hence, the Fick’s law for diffusional gas and liquid mass transfer flux 

can be presented in form showed below (Kaiskala, 2005 b):  

 

J = kL (C* - C)               (48) 

 

Gas-liquid mass transfer can be presented by following basic equation (Kaskiala, 

2005 a): 

 

RCDC
t
C

L 

 2              (49) 

 

where C is the concentration of absorbed gas, t time, L  is the liquid velocity, D  

is the diffusion coefficient of the gas (m2/s), R  is the consumption of the gas in 

reaction. 

 

2.4.1.1 Factors affecting gas-liquid mass transfer 

 

Oxygen solubility in to the various solutions is relatively low. Therefore, 

understanding of factors affecting the rate of mass transfer plays significant role in 

enhancement of the overall process rate. Overall mass transfer rate is affected by 

different factors.  

 

One of the most important factors affecting rate of mass transfer is the volumetric 

liquid mass transfer coefficient akL . Correlations of volumetric mass transfer 

coefficient as a function of different factors such as rotation speed of impeller, 

tank and impeller geometry, fluid properties and gassing rate can be found in 

literature. 

 

Volumetric liquid mass transfer coefficient is usually presented in following way 

(Van’t Riet, 1979; Zhu et al., 2001.Ref.Kaskiala, 2005 a): 
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               (50) 

 

where wP  is power input,  k is constant,  and  are exponents whose values are 

in the range: 0.4 <  < 1 and 0 <   < 0.7 

 

With increasing of ion concentration in the solution the volumetric mass transfer 

coefficient rises (Kaskiala, 2005 a). Value of akL  decreases with rising of liquid 

viscosity (Hiraoka et.al., 2001.Ref.Kaskiala, 2005 a). As it was reported by Zhu 

and Wu (2002) akL  rises with the increasing of temperature in the range from 

25˚C to 60˚C, but it is decreased with rising of temperature in the range from 60˚C 

to 80˚C. Volumetric liquid mass transfer coefficient correlations from such factors 

as concentration of solid particles (Harnby et.al., 1997; Yang et.al., 

2001.Ref.Kaskiala, 2005 a), electrolyte concentration (Wilkinson et.al., 

1994.Ref.Kaskial, 2005 a) and reactor type (Zhu et.al., 2001.ref.Kaskiala, 2005 a) 

are available.   

 

Another factor affecting the overall mass transfer is liquid side mass transfer 

coefficient Lk  which affects the rate of molecule movement through an interfacial 

boundary layer. Decrease in boundary layer thickness leads to increasing of the 

mass transfer coefficient. According to the Merchuk (1983) and Tekie 

et.al.(1997), elevating of temperature accelerates diffusion and reduces  the 

boundary layer thickness.  

 

Bubble size plays significant role in mass transfer and affects the value of mass 

transfer coefficient. It is reported that mass transfer coefficient value rises rapidly 

with bubble size for tiny bubbles with d 0.002 m (Kastanek et.al., 

1993.Ref.Kaskiala, 2005 a). In the range of large bubble sizes d 0.002 m mass 

transfer coefficient was reported to be slightly decreased with increasing of bubble 

diameter (Pedersen, 2001.Ref. Kaskiala, 2005 a).  
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Several correlations for the mass transfer coefficient in mechanically agitated 

reactors obtained by different authors are presented below. For instance, 

correlation for the mass transfer coefficient offered by Danckwerts (1951) is 

presented in Equation (51).  
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             (51) 

 

Correlations for mass transfer coefficient proposed by Calderbank and Moo-

Young (1961) for different bubble size are presented in Equations (52) and (53).  
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  bd <2.5 mm         (53) 

 

Specific gas-liquid interfacial area a is one more factor influencing to the mass 

transfer. Basically its value depends on the mean gas hold-up ( G ) and the mean 

bubble diameter. Such kind of dependency can be presented in following way 

(Fukuma et.al., 1987.Ref.Kaskiala, 2005 a): 

 

b

G

d
a 6
                (54) 

 

Generally, several factors affect the bubble size. They are: type of impeller, 

mixing speed, reactor design, way of feeding the gas and presence of surface 

active agents. Smaller bubbles and increasing of bubbles number leads to 

increasing of the interfacial area.  
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Diffusional driving force C  is one of the main factors affecting mass transfer as 

well. This driving force can be defined as the gradient between concentrations at 

the boundary layer and in the bulk concentration (Kaskiala, 2005 a).  

 

2.4.1.2 Models 

 

Several mass transfer models have been proposed due to the fact that Equation 

(49) can not generally be solved analytically and the boundary conditions are 

indeterminate (Kaskiala, 2005 a). The oldest one is the film model. In 1891 

Shukarev found the following dissolution law (Zelikman et al. 1983): 

 

G = Kpr (C* – C) ∙ S               (55) 

 

where G is amount of substance dissolved in unit time, Kpr is coefficient of 

proportionality, C* is the concentration of saturated solution (near the phase 

boundary), C is the concentration of solution and S is surface area.  

 

Investigations done by Nernst in 1894 determined direct proportionality of Kpr to 

the diffusion coefficient D and inverse proportionality to certain constant δ which 

has dimension of length (Zelikman et al. 1983). Hence, Equation (55) can be 

completed and expressed in the following way:  

 

G = D [(C* – C)/ δ] S               (56) 

 

Nernst assumed that δ is a thickness of a thin stable liquid film. Mass transfer 

through this film was assumed to occur due to molecular diffusion which is the 

result of difference in concentrations at the surface and in the core (Zelikman et al. 

1983). It is clear that Nernst’s was reasoning about the film model which was 

proposed by Whitman 29 years later (Whitman, 1923.Ref. Kaskiala, 2005 a).  

 

Some calculations were done by Nernst, according to which the order of the film 

thickness is equal to 10-2 – 10-3 cm (Zelikman et al. 1983). However, it is virtually 
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impossible for film of such thickness to stay stagnant. Subsequent investigations 

in this field show that results obtained by Nernst are not accurate (Zelikman et al. 

1983). 

 

Another model – the penetration model – was proposed by Higbie (1953). The 

main idea of this model is that every element of surface, before being replaced by 

liquid, is exposed to the gas for the same length time. According to model 

assumption, the composition of the film is changing all the time (Merchuk, 

1983.Ref. Kaskiala a).  

 

The surface renewal model was proposed by Danckwerts (1951). The penetration 

model is inherently a submodel of the surface renewal model with the assumption 

that random continuous renewal of surface elements at the interface is the more 

probable case.  

 

The film-penetration model was offered by Toor and Marchello (1958). 

According to this model, a stagnant film of defined thickness is available at the 

surface, but from time to time it is replaced by solution with bulk composition. 

 

Some information about film, penetration and surface removal models is 

presented in Table 3.   
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Table 3. Collected data concerning film, penetration and surface removal  
models (Kaskiala, 2005 a)  

 
Model Film Penetration Surface removal 

Presented Whitman (1923) Higbie (1935) Danckwerts (1951) 

 
Coefficient kL 

 
 


D

Lk   

 
 


D

Lk 4  

 
 

sDkL   
 

Time 
dependence 

 

 
No 

 
Constant 

 
Functional 

Boundary 
conditions 

x = 0 C = Co 
x = δ C = CL 

When x = 0 and t = 
0 then C = CL 

or 0 < t < θ then C = 
Co 

When x = ∞ and 
0 < t < θ then C = 

CL 

When x = 0 and t = 0 
then C = CL 

or 0 < t < ∞ then C = 
Co 

When x = ∞ and 
0 < t < ∞ then C = CL 

 

2.4.1.3 Gas solubility 

 

Henry’s law can be applied for description of oxygen solubility in the dilute 

solutions. Dependency of temperature from Henry’s constant was proposed by 

Fogg and Gerard (1991) for oxygen in water systems and can be presented as 

shown in Equation (57).  

 

TC
T
BA

H
P lnln

0









             (57) 

 

where 0H  is the dimensionless representation of Henry’s law constant; P  is the 

oxygen partial pressure at 1 atm., A, B and C – coefficients presented in Table 4.  
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Table 4. Values of A, B and C coefficients (Fogg and Gerard,  
1991.Ref.Kaskiala, 2005 a) 
 

Temperature range A B C 

273 – 333K -171.2542 8391.24 23.24323 

273 – 617 K -139.485 6889.6 18.554 

 

Solubility of oxygen is changed with the addition of salts into the water due to 

molecular interactions between ions and chargeless particles. This phenomenon is 

called the salting in and out effect (Kaskiala, 2005 a). Usually increasing of salt 

concentration in the solution leads to the decreasing of oxygen solubility which 

was described by Setschenow linear salting out function presented below 

(Setschenow, 1889; Corti et.al., 1990; Pitzer, 1995; Weisenberger and Schumpe, 

1996.Ref.Kaskiala, 2005 a):  
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 ,log               (58) 

 

where K  is the Setschenow constant which shows a moderate temperature 

dependency, SC  is the salt concentration, GC  is the concentration of dissolved gas 

in salt solution, OGC ,  is the concentration of dissolved gas in pure water.  

 

Dependency shown above is appropriate for the cases when concentration of salt 

in the solution is about 2 kmol/m3 and in some cases when salt concentration in 

the solution is more than 5 kmol/m3 (Kaskiala, 2005 a). If the salt concentration in 

the solution is significantly higher than 5 kmol/m3 following equation can be 

applied for description of gas solubility (Schumpe, 1993.Ref.Kaskiala, 2005 a): 
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where iC  is the concentration of ion i in the solution and ih is a non-specific 

parameter.  
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Schumpe’s equation was expanded by Weisenberger and Schumpe (1996) for the 

temperature values 273 – 363 K. Assumption of the gas –specific constant ( Gh ) as 

a linear function of the temperature was applied and following equation was 

obtained: 

 

 15.2980,  Thhh TGG               (60) 

 

where 0,Gh = 0 (m3/kmol), Th  = -0.334·10-3 (m3/kmol ·K) and parameters ih are 

listed in the Table 5 (Kaskiala, 2005 a)   

 

Table 5. Gas solubility parameters (Weisenberger and Schumpe, 
1996.Ref.Kaskiala,2005 a) 

 

 
 

Information about oxygen solubility in solutions similar to the industrial solutions 

is not available in literature. However, calculation based on Weisenberger and 

Schumpe models for conditions mentioned above were made (Kaskiala, 2005 a). 

Results are plotted in the Figure 4. 
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Figure 4. Oxygen solubility as a function of temperature, calculated 

data (Kaskiala, 2005 a) 
 

As it can be seen from Figure 4, oxygen solubility is presented for water, solutions 

with sulfuric acid concentration 1M and zinc sulphate concentration 1.3 M and 

two complex process solutions containing sulfuric acid, zinc sulphate and ferric  

sulphate. Solution marked out as process 1 has sulphate concentration 3 M and 

solution marked out as process 2 has sulphate concentration 2.7 M (Kaskiala, 

2005 a). It can be seen from the Figure 4 that solubility of oxygen is higher in 

pure water than in the process solutions. It should be mentioned that oxygen 

solubility in process 1 and 2 is quite similar. With increasing the temperature gas 

solubility decreases. 

 

2.4.2 Solid-liquid mass transfer 

 

Solid-liquid mass transfer is affected by different factors. Concerning three phase 

reactors solid-liquid mass transfer depends on particles suspension degree which 

is affected by turbulence structure in the reactor (Pangarkar et. al., 2002). 

Suspension of particles in the liquid phase can be provided by different types of 

stirrers. In agitated reactors suspension of solid particle increases which leads to 

enhancement of solid-liquid mass transfer rates (Boon-Long et.al., 1978.Ref. 

Pangarkar et. al., 2002).  
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Structure of turbulence in three phase reactors is influenced by type of the stirrer, 

power input, stirrer size to tank size ratio, location of stirrer, physical properties of 

the solid-liquid pair (viscosity, solid-liquid density difference, molecular 

diffusivity, particle diameter and particle shape), particle loading, type and 

location of the sparger, gas flow rate (Pangarkar et. al., 2002). Turbulence 

distribution in the reactor is non homogeneous (Kresta, 1998.Ref. Pangarkar et. 

al., 2002). In close proximity to the impeller turbulence intensity is higher than in 

some distance. However, for different impeller type turbulence intensity at the 

same location differ due to various impeller trajectories (Pangarkar et. al., 2002).  

 

The gas rate and impeller speed were reported by Nienow and Wisdom (1994) as 

factors affecting the degree of suspension. Decrease of power input and pumping 

capacity leads to the reducing suspension degree. Geometric configuration of 

equipment (impeller, tank) plays significant role in behavior of suspended 

particles.  

 

Generally two theoretical models are available for the suspensions. The first is the 

model describing processes near the vessel bottom and the second is model 

applied for the main vessel body. The first model oriented to the conditions 

required to elevate solid particles from the bottom (so called “just-suspended 

conditions”). The second model represents “homogenous solid suspension” 

conditions. It should be mentioned that different power input is needed for above-

mentioned conditions. (Pangarkar et. al., 2002)  

 

Zwietering (1958) proposed criterion for just complete particles suspension. This 

criterion allows to define impeller speed at which particles settle at the reactor 

bottom not more than for 1s. Correlation of Zwietering is presented below: 

 
85.013.045.02.01.0 /)/( iLpS dxgdSN              (61) 

 

where SN is the impeller speed, S is the function of the impeller type and di/dt. 
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In order to determine degree of suspension the ratio of actual speed of rotation 

(N/NS or N/NSG) can be used (Pangarkar et. al., 2002). According to Brucato and 

Brucato (1998), in case when N/NS  < 1 some particles are settled and in case 

when  N/NS  > 1 all particles are in suspended conditions.  

 

Following equation for determination of particle-liquid mass transfer coefficient 

was proposed by Noyes and Whitney (1897): 

 

)( ccAk
dt

dW
SSL                (62) 

 

where W is the weight of undissolved solid at a time t (kg), SLk is the solid 

particle-liquid mass transfer coefficient (m/s),  A  is the particle surface area (m2), 

Sc is the concentration of solute in the liquid at saturation (kg/m3 or kmol/m3), c is 

the concentration of solute in the liquid at a time t (kg/m3 or kmol/m3).  

 

Generally, in literature solid-liquid mass transfer coefficient is correlated by one 

of the following four approaches: dimensional analysis, Kolmogoroff’s theory of 

isotropic turbulence, slip velocity theory and analogy between momentum transfer 

and mass transfer (Pangarkar et. al., 2002).   

 

Equations obtained during the studies based on analogy between momentum 

transfer and mass transfer for three-phase stirred reactors are presented below. 

Reports about experiments carried out with two-phase stirred reactors are more 

abundant in literature than those with three-phase stirred reactors. Therefore, 

Chapman et. al. (1983) assumed that for three-phase systems at minimum stirrer 

speed for complete suspension of the particles, the SLk should have the same 

values independent of geometry. Experimental studies carried out by Kushalkar 

and Pangarkar (1995) and Dutta and Pangarkar (1996) corroborate this 

assumption. According to their studies, SLk  values at minimum stirrer speed for 

complete suspension of the particles were approximately the same in Newtonian 

and non-Newtonian liquids independent of number of impellers.  
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Equation (63) presents correlation for three-phase stirred reactors obtained by 

Kushhalkar and Pangarkar (1995). 

 
47.015.13 )()/(1019.1  ScNNk SGSL             (63) 

 

where Sc is the Schmidt number equal to mD /  

 

Correlation proposed by Dutta and Pangarkar (1996) for three-phase stirred 

reactors is presented below. 

 
45.097.03 )()/(1002.1  ScNNk SGSL             (64) 

 

3 DIRECT LEACHING PROCESSES 
 

Historically, industrial production of zinc started by pyrometallurgical method. 

More than hundred years this method was the only one in spite of its imperfection 

(Zaytsev and Margulis, 1985).  Subsequently, when opportunity of realization 

electrolysis in industrial scale appeared, hydrometallurgical method was applied 

practically in 1915 (Utkin, 1985). New mode of production rapidly became a rival 

of pyrometallurgical method. In the issue, advanced forms of pyrometallurgical 

way of production appeared. However, in 50 – 60th hydrometallurgical method 

was significantly enhanced (Zaytsev and Margulis, 1985) and nowadays it is a 

principal mode of zinc production.   

 

Small concentration of zinc in minerals creates some difficulties in its extraction. 

Before 1960s major method of zinc extraction in industry was electrolytic 

production or so called “roast-leach-electrowin” (RLE). Basic steps of RLE are 

roasting of sphalerite concentrate, dissolving of this concentrate in acidic solution 

and electrolysis of the received solution. Significant disadvantage of RLE was the 

impossibility of removing iron from leach solution until jarosite, goethite and 

hematite processes were developed (Filippou 2004).  

 



 44 

Direct leaching processes can be partitioned into two types. The first one is 

leaching under atmospheric pressure, called atmospheric leaching. The second is 

leaching under elevated pressure, which is called pressure leaching process 

(Haakana et al. 2007). 

 

3.1 Pressure leaching of sphalerite 
 

Pressure leaching was developed by the Canadian copper and nickel mining 

company Sherritt Gordon Mines in 1980 (Filippou 2004). Pressure leaching is 

applied uppermost for low-grade zinc stock with significant content of impurities 

such as iron, lead, copper etc. Pressure leach technology allows reprocessing 

virtually all sulphide raw materials (Kazanbaev et al. 2007). Low-temperature and 

high-temperature sulphide pressure leaching are found among industrial 

application.  

 

3.1.1 Low temperature pressure leaching 
 
Conditions of low temperature pressure leaching are presented in Table 6 

 

Table 6. Conditions of low temperature leaching (Kazanbaev et al. 2007).  
 
Conditions                                                     Value 

T, ˚C                                                                  107 

Po2, bar                                                             2 – 3 

t, h                                                                     3 – 4 

Number of stages                                                 1 

Content in solution, g/L: 

   Zn                                                                126 – 130 

   Fe                                                                 1.6 – 1.8 

Leaching yield of zinc, %                                96 – 97 
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Low temperature pressure leaching was launched on pilot plant scale by Cominco 

in Trail, B.C. during 1962 – 1963 (Sequeira and Marquis 1997). The process was 

carried out in horizontal four-chamber autoclave with an agitator in each chamber. 

Extraction of zinc at first, second, third and fourth compartments of autoclave 

reached values of 84 – 89%, 8 – 11%, 1.4 – 1.7% and 0.5 – 0.9% respectively 

(Kazanbaev et al. 2007).  Leaching occurred at temperature about 110˚C and 

under oxygen pressure from 0.7 to 4.2 bar (Sequeira and Marquis 1997). 

Retention time was about six hours and extraction yield of zinc was 96% 

(Sequeira and Marquis 1997). However, this process was not implemented 

commercially because of uselessness of the by-product sulfuric acid. Such 

situation occurred with the rising demand of chemical fertilizers in Western 

Canada. 

 

In 1965 another pilot project of low temperature pressure leaching was run by 

Dowa Mining Company in Japan. In this project autoclaves with volumes of 2 and 

4 m3 were used. The concentrate used in this project contained 59.9% of zinc, 

2.3% of copper and 1.5% of lead. Leaching was carried out at temperature 107˚C 

and under pressure 9.4 bar. Extraction yield of zinc was 92%. (Naboychenko et al. 

2009) Like in the previous case this project was not adopted in industrial scale.   

 

Low temperature leaching of zinc concentrate was not implemented in industrial 

scale due to high duration of the process (6 – 7 h) causing high capital costs. 

Difficulties in maintaining constant temperature was another reason 

(Naboychenko et al. 2009).  

 

The following investigations were carried out mostly at temperature higher than 

the melting point of sulfur. As a result, the rate of leaching of zinc and extraction 

ratio were significantly increased (Sequeira and Marquis 1997).  
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3.1.2 High temperature pressure leaching 

 

Pilot project of pressure leaching was carried out by Sherritt and Cominco in 

1977. This project was successful and the world’s first commercial zinc pressure 

leaching plant was built in 1980 by Cominco (Sequeira and Marquis 1997).  

 

High temperature pressure leaching is carried out at temperature 142 – 157 ˚C  

(Kazanbaev et al. 2007) which is higher than the melting point of elemental 

sulfur. Presence of melted sulfur in the solution causes formation of sulfur films 

on the surface of sphalerite. Surface-active substances are usually added into the 

solution in order to emulgate melted elemental sulfur and thereby eliminate film 

formation. Duration of the process is about two hours and the extraction yield of 

zinc is about 98% (Sequeira and Marquis 1997). 

  

Flowsheet of the one-stage pressure leach process implemented at Cominco zinc 

pressure plant is presented in Figure 5. At first, preparation of the slurry is carried 

out. This consists of three main steps: grinding of zinc concentrate in ball mill, 

thickening of the ground concentrate and addition of surfactant (lignin sulphonate) 

to the thickened slurry.  
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Figure 5. General Flowsheet of Cominco’s pressure leach plant 

(Jankola 1995) 
 

Then slurry and sulfuric acid are fed to the four-chamber autoclave. Oxygen is fed 

to the first three chambers of the autoclave under pressure 12.5 bar (Jankola 

1995).  Temperature of the process is about 150˚C (Jankola 1995). Slurry is 

discharged from the autoclave to the flash tank after leaching and then it is fed to 

the conditioning tank in order to convert sulfur in monoclinic form. The next step 

is sulphur separation, after which the streams are pumped to the flotation. The 

flotation concentrate consists of elemental sulfur and unreacted zinc sulphides 

which are dewatered and melted in the impure sulphur pit. Sulfur is filtered and 

the residue consisting from unreacted zinc sulphides is pumped to the roasters. 

Flotation tails usually contain jarosite and zinc sulphate which are pumped to the 

front end of the sulphate leaching plant.  

For “grass-roots” plants Sherritt Gordon Mines developed flow diagram of two-

stage pressure leaching, which is depicted in Figure 6. In the first stage zinc 

concentrate is crushed in a mill and then the grounded concentrate is fed to the 
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horizontal four-chamber autoclave with an agitator in each chamber (Figure 7). 

Leaching is carried out with oxygen at temperature 150°C and under pressure 10 

bar (Veltman and Weir, 1981) in autoclave. After that the autoclave solution flows 

to the leach thickener. The overflow solution from the leach thickener is 

neutralized by zinc oxide, and then it is subjected to the filtration. After that the 

solution is processed in conventional way (purification and elctrowinning). The 

underflow pulp from the leach thickener is treated in the second autoclave under 

the same conditions. The second leach thickener overflow is pumped to the first 

stage and the underflow is washed. The amount of zinc dissolved during the first 

and the second stages constitutes about 80% and 16 - 18% (Veltman and Weir, 

1981) respectively. The total retention time of the process is less than two hours 

(Veltman and Weir, 1981).  

 

Figure 6.  Flow diagram of two-stage pressure leaching of zinc 
concentrates (Veltman and Weir 1981). 
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Figure 7.  Horizontal four-chamber autoclave (Veltman and Weir, 

1981). 

 

Characteristics of industrial autoclave installations working in high-temperature 

pressure leaching of zinc concentrates are represented in Table 7.  

 
Table 7. Conditions of high temperature pressure leaching (Kazanbaev et al. 

2007).  
 

Conditions 

Cominco 

(Trail, 

Canada) 

Kidd Creek 

(Timmins, 

Canada) 

Ruhr-Zinc 

(Datteln, 

Germany) 

Hudson Bay 

(Flin Flon, 

Canada) 

Production 

capacity, t/d 
190 100 290 520 

Leaching 

conditions 
    

T, ˚C 147 -157 147 - 177 150 145 - 150 

Po2, bar 12 (6 – 7) 17 (12) 16 (7 - 8) - 

t, h 1.4 2 1.5 2 stages 
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Conditions 

Cominco 

(Trail, 

Canada) 

Kidd Creek 

(Timmins, 

Canada) 

Ruhr-Zinc 

(Datteln, 

Germany) 

Hudson Bay 

(Flin Flon, 

Canada) 

Concentrate 

content, % 
   

              

 

Zn 48.6 55 46.6 52.5 

Fe 11.6 10 10.2 10.2 

Pb 5.7 - 4.7 - 

S 32.0 32 31.3 34.1 

Initial solution 

content, g/L 
    

Zn 50 50 45 44 

H2SO4 168 170 - 180 200 139 

Final solution 

content, g/L 
    

Zn 115 145 112 143 

Fe 5.0 3.0 13 3 - 5 

H2SO4 30,0 15,0 56 27 

Leaching yield, 

% 
    

Zn 97 98 98 99 

Fe 12 35 70 - 85 10 

S 5 -10 5 4.2 - 

Characteristics 

of autoclave 
    

Volume, m3 130 72 - - 

Dimensions 

(D×L), m 
3.2×15.2 3.2×12.2 - - 

Ratio of fullness 0.77 0.7 - - 
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As it can be seen from the Table 7, at Ruhr-Zinc Refinery consumption of sulfuric 

acid is raised in order to provide higher acidity of the final solution. As a result, 

ratio of iron dissolution achieves a value of about 85% (Kazanbaev et al. 2007).  

Indium is frequently found in zinc concentrates. It is completely dissolved during 

the pressure leaching and its concentration in the solution constitutes about 12 – 

18 mg/L (Kazanbaev et al. 2007). Extend of iron precipitation affects the indium 

behaviour a lot. Jarosite formation should be eliminated and acidity of the final 

solution should be less than 40 g/L (Kazanbaev et al. 2007), in order to preserve 

indium dissolved in the solution.  

Cake obtained after autoclave pressure leaching usually contains lead, precious 

metals and others impurities. Lead is normally extracted from these cakes by 

pyrometallurgical treatment (Kazanbaev et al. 2007).  

In comparison to low-temperature leaching, high-temperature pressure leaching is 

more efficient. The following advantages of high-temperature method can be 

defined (Kazanbaev et al. 2007): 

 extraction yield of zinc increased from 2 to 5% 

 duration of the process decreased by 2 – 2.5 times 

 acid consumption decreased by 10 – 20% 

 

Some disadvantages of high temperature pressure leaching in comparison of low 

temperature process can be marked out as well. 

 higher energy consumption in order to maintain high temperature 

 construction materials are more expensive in high temperature process 

than in low temperature leaching 

 melted sulphur can cause some problems  
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3.2 Atmospheric leaching of sphalerite 

 

In comparison to pressure leaching, conditions of atmospheric direct leaching are 

less severe. Temperature of the process is 100°C and overpressure does not 

exceed 0.2 bar (Filippou 2004). Disparity in the conditions of the aforementioned 

processes leads to different reactions rate. Atmospheric direct leach process 

usually has slow rate of reaction and therefore retention time significantly 

increases compared to pressure leaching (Takala 1999).  

 

Up to date there are several commercially available atmospheric leaching 

processes. Among them are the Union Miniere Direct Leach Process, Outokumpu 

Concentrate Leach Process and MIM Albion Process. (Filippou 2004) 

 

3.2.1 Union Miniere Direct Leach Process 

 

Union Miniere developed their atmospheric pressure leach process in early 1990s 

for the Balen zinc refinery. Later, technology for Korea Zinc was developed as 

well. The Union Miniere atmospheric leach processes are intended mostly for 

integration to conventional RLE processes in order to expand production 

(Filippou 2004). 

 

Union Miniere developed and patented two atmospheric leach processes. The first 

one is oriented to small expansions (5 – 10%) of conventional processes. Direct 

leaching was integrated to RLE process after neutral leaching of calcine. Residue 

of the neutral leaching was leached together with sphalerite concentrate. The 

residue is presented mainly in the form of zinc ferrite (ZnFe2O4). Leaching takes 

place at temperature below 90˚C and with concentration of sulfuric acid in the 

solution 55 - 65 g/L. Under such conditions the dissolution of zinc ferrite proceeds 

as it is shown below (Filippou 2004):  

 

ZnFe2O4(s) + 4H2SO4(aq) → ZnSO4(aq) + Fe2(SO4)3(aq) + 4H2O        (65) 
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Ferric iron in dissolved state oxidizes sphalerite, as it is shown in reaction 66. The 

concentration of ferric iron in the solution plays an important role and it should in 

the range of 2 to 5 g/L in order to support high reaction rates. The duration of the 

process is about 7.5 h and the extraction yield is 95% (Filippou 2004). 

 

ZnS(s) + Fe2(SO4)3(aq) → ZnSO4(aq)+ 2FeSO4(aq) + S         (66) 

 

The other atmospheric leach process developed by Union Miniere consists of two 

stages. The process is appropriate for neutral leach residue with high content of 

sulfur, lead and silver. At the first stage zinc ferrite is mainly dissolved. At the 

second stage ferric iron oxidizes sphalerite concentrate.  Oxygen is fed to all of 

the reactors with the exception of the last one in which neutralization by calcine is 

carried out. Between the first and the second stages solid/liquid separation is 

carried out, after that solids are sent to the sulfur separation and recovery of lead 

and silver. The residence time in the first and the second stages is about 5 and 6 

hours respectively. In order to maintain high rate of the process, the 

concentrations of sulphuric acid and ferric iron should be higher than 10 g/L and 

0.1 g/L respectively.  

 

3.2.2 Outokumpu Concentrate Leach Process 

 

Outokumpu Concentrate Leach Process was developed by Outokumpu Oy. 

Atmospheric pressure leach operation was implemented at Kokkola plant as an 

add-on to conventional roast-leach-elctrowinning process. Scheme of the process 

is presented in Figure 8 (Takala, 1999).  
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Figure 8.  Flow diagram of integrated concentrate leaching to the 

conventional process (Takala, 1999). 
 

As it shown in Figure 8, the atmospheric leaching stage was integrated after the 

conversion stage. The whole process can be described in the following way: at 

first zinc concentrate is treated by roasting. The roasting is carried out in fluidized 

bed furnaces (Takala, 1999) where oxidation of metal sulphides takes place. 

Gases emitted during roasting are cooled and then purified from the dust.  The 

next step is cooling and grinding of calcine. At the stage of grinding dust is 

usually added to the process. Ground calcine is treated by neutral leaching at 

temperature 80°C (Takala, 1999). In the initial stage of neutral leaching pH is low, 

but during the process it increases and in the final analysis pH reaches a value 

equal to 4 – 5 (Takala, 1999). In such conditions iron dissolved in the solution 

settles in the form of ferric hydroxide. Some undissolved components such as zinc 

ferrite still stay in the solution. Zinc ferrite is precipitated in the ferrite leaching 

stage, or the so called conversion process. Temperature of the process is about 

100°C and the concentration of sulphuric acid is about 30 - 60 g/L (Takala, 1999). 

After leaching solution and sediment (jarosite) are not separated like it was in old 

process. Slurry after the conversion stage is fed to the direct leaching. It should be 
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mentioned that precipitated jarosite is partially dissolved because of high 

concentration of sulphuric acid. However, it is again precipitated during the 

process due to increase in pH. To separate jarosite from sulphur material flotation 

is used.  Layout view of the direct leaching area is presented in Figure 9.  

 

 Figure 9. Direct leaching area layout view (Saxen, 2008). 

 

Atmospheric leaching reactors are used at Kokkola plant. Conditions of the 

process are not as hard as they are in high temperature and pressure autoclaves. 

The lower temperature together with the lower pressure leads to longer retention 

time in case of atmospheric leaching reactors. Usually the retention time in 

autoclave and in atmospheric leaching reactors is one hour (Filippou 2004) and 20 

- 30 hours (Takala, 1999) respectively.  

 

3.2.3 MIM Albion Process 

 

The Albion process was developed by the Australian company MIM Holdings 

Proprietary (now Xstrata Plc) in 1993.  Already in 1994 – 1995 small pilot plants 

for gold treatment were tested. In 1997 larger pilot plant was accomplished for 
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zinc and gold ores. Investigations in this field were conducted steadily and during 

the period from 1994 till 2005 more than 70 ores and concentrates were tested 

(albion process, 2009).  

 

The crucial point in this process is ultrafine grinding stage. Grinding increases 

active surface of concentrate particles significantly and therefore enhances 

leaching rate (albion process, 2009). For the grinding stage IsaMill technology 

based on high intensity stirred milling is employed (isamill technology 2010). 

Horizontally stirred bead mill, which can be used in Albion process is presented in 

Figure 10.  

 

 
Figure 10.   The IsaMill M3000 (albion process, 2009) 

 

Ground concentrate is leached at atmospheric conditions in stirred reactors. 

Oxygen is fed to the reactor in order to facilitate leaching. Reactor is not supplied 

by external heat. Therefore temperature inside the reactor is set according to 

quantity of heat emitted during the chemical reactions.   

 

Two general flow charts of Albion process are available. The first flow chart is 

employed in cases when expansion of existing roast-leach-electrowin process is 

needed. In this case grind of zinc concentrate is carried out in concordance with 

IsaMill technology. Leaching of ground concentrate is conducted in spent 

electrolyte and in presence of oxygen. Subsequent neutral leaching occurs in 

conventional path by mixing leach slurry with calcine. Residues after neutral 
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leach thickened and then recycled to the Albion leach circuit (the albion process 

for zinc concentrates, 2009). Flow chart of the described above process is 

presented in Figure 11.  

 

 
Figure 11. Albion process flow chart for zinc concentrates(the albion  

process for zinc concentrates, 2009). 
 

The second general flow chart of Albion process is usually employed for direct 

leaching of zinc concentrate. As in the previous scheme (Figure 11), the first step 

is ultrafine grinding of zinc concentrate. Then ground concentrate is leached in 

spent electrolyte with injection of oxygen. Neutral leaching here is a two stage 

process, which is carried out with basic zinc sulfite (the albion process for zinc 

concentrates, 2009). Flow chart of direct leaching of zinc concentrates is 

presented in Figure 12. 
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Figure 12. General Albion process flow chart for direct leaching of 

zinc concentrates (the albion process for zinc concentrates, 
2009). 

 

The Albion process is usually carried out at temperature 90˚C with initial 

concentrations of sulfuric acid and ferric iron 50g/L and 10g/L respectively. 

Under these conditions zinc extraction yield achieves value more than 97%. 

Duration of the process is about 8 hours (Filippou 2004). 

 

Main advantages of Albion process are insensibility to grade of the concentrate 

and ability to treat zinc concentrates with high level of such impurities as iron, 

copper and lead. Insensibility to grade of the concentrate allows to deal with dirty 

or low grade concentrates. Concentrates with high iron, lead and copper 

concentration can not be treated by conventional roast-leach-electrowin method 

(the albion process for zinc concentrates, 2009). 
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4 EXPERIMENTAL PART 
 

4.1 Goal of the experiments 

 

The goal of the experiments was to study the oxidation of ferrous sulphate by 

molecular oxygen. Reaction solution used as a working medium has composition 

which is close to the composition of solutions applied in zinc industry. 

Composition of this solution was the identical in all the experiments with the 

exception of sulfuric acid, iron and copper concentrations which were the 

conditions of interest. Experimental parameters such as pressure, oxygen feed, 

temperature, were varied as well.   

 

The experiments were performed in laboratory of Product and Process 

Development at Lappeenranta University of Technology.  

 

4.2 Materials and equipment 

 

4.2.1 Materials and methods 

 

All the chemicals used were analytically grade and solutions were prepared with 

water purified with Millipore device (RO-water).  

 

Ferrous (Fe2+) iron concentration was analyzed by titration with potassium 

dichromate. Sulfuric acid (H2SO4) concentration was analyzed by iodometric 

titration with sodium thiosulphate.  

 

Concentration of copper and iron in the samples obtained during the experiments 

was analyzed using atomic absorption spectrometer (AAS) Thermo Scientific iCE 

3000. It is a compact, fully PC-controlled flame atomic absorption spectrometer.  



 60 

4.2.2 Equipment used in the study 
 

The oxidation experiments were accomplished batch-wise in a 1.1 dm3 volume 

vertical top-loading autoclave equipped with two pitched-blade agitators (d = 4 

cm) in order to ensure efficient gas/liquid mixing. The autoclave was furnished 

with heating jacket using oil as a heat transfer fluid. The reactor was equipped 

with four baffles (length = 16 cm, width = 0.7 cm) and condenser for gas as well. 

Maximum working overpressure of the autoclave is 10 bar.  

 

Lauda Proline P 12 thermostat with oil bath was used for temperature control. 

Heating thermostat works in temperature range 20 - 250˚C with measuring 

accuracy ± 0.01°C.  

 

For pressure and gas flow control BRONKHORST HI-TEC digital readout and 

control system (Type E-7100) was employed which was connected to mass flow 

meter/controller F-201 CV and pressure meter/controller E-702 CV.  

 

For impeller speed control frequency transformer ABB ASC 150 was applied. The 

cooling agent used in condenser for gas was water. Schematic picture of the 

experimental setup is presented in Figure 13.  
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Figure 13. Experimental setup: 1 – autoclave; 2 – impeller; 3 – mixing 

motor; 4 – condenser; 5 – sampling valve; 6 – foam trap; 7 - 
pressure control valve; 8 - control unit for gas flow and 
pressure; 9 - gas flow control valve; 10 – heating 
thermostat; 11 - valve for gas switching; 12 – nitrogen 
cylinder; 13 – oxygen cylinder; 14 – frequency transformer; 
temperature sensor; 15 – temperature sensor. 

 

As it can be seen from the Figure 13, gas (oxygen or nitrogen) is fed to the reactor 

from the bottom. Temperature inside the autoclave is measured by temperature 

sensor, which is connected to thermostat.  

 

4.3 Experimental procedure 

 

According to the experimental plan ten experiments were carried out. 

Experimental conditions are presented in the Table 8 

. 
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Table 8. Plan of experiments for studies on oxidation-reduction cycle of iron 
 
Run P, 

bar 
Oxygen 

feed, 
dm3/min 

(NTP) 

H2SO4 
concentration, 

g/L 

Ferrous iron 
concentration, 

g/L 

T, 
°C 

Copper 
concentration, 

g/L 

1 4 0.4 110 20 95 0.5 

2 4 0.4 30 20 95 0.5 

3 4 0.4 60 20 95 0.5 

4 6 0.4 110 20 95 0.1 

5 6 0.8 110 20 95 0.5 

6 2 0.4 110 20 95 0.5 

7 6 0.4 110 10 95 0.5 

8 4 0.4 150 50 95 0.5 

9 4 0.4 110 20 70 0.5 

10 6 0.4 110 20 120 1.0 

 

First of all the reaction solution was prepared. Composition of the reaction 

solution is presented in Table 9 with the exception of copper, iron and sulfuric 

acid concentration which varied. Concentration of ferrous iron in the solution 

varied from 10 g/L to 50 g/L but in most cases it was 20 g/L. Almost all the 

experiments were conducted with copper concentration 0.5 g/L with some 

exception when concentration was 0.1 g/L and 1.0 g/L. Solution in different 

experiments contained from 30 g/L to 150 g/L of sulfuric acid.  

 

Table 9. Constant compounds of reaction solution 
 
 Compound Concentration, g/L 

Zn (ZnSO4) 70 

Mg (MgSO4) 10 

Mn (MnSO4)  3 

 

After mixing the chemicals the total volume of the solution was brought to 0.7 

dm3 by RO-water. Slurry was poured to the autoclave which then was closed 

hermetically. Then slurry was heated to the required reaction temperature.  
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Reactor was purged with nitrogen. Pressure was also adjusted to the required level 

with nitrogen. When required reaction temperature and pressure were reached 

oxygen feed was started.  This was starting point of the experiment and first 

sample was taken from this point (zero time).  

 

Experiments were conducted at overpressure from 1 bar to 5 bar. Oxygen feed 

was 0.4 dm3/min (NTP) and it was the same in all tests except one, in which it 

was 0.8 dm3/min (NTP). The mixing rate was constant for all the experiments and 

it was equal to 800 r/min.  

 

During the experiment samples were withdrawn through the sampling valve at 

specified intervals. At the beginning of the experiment (zero time) only one 

sample was taken because experiment was just started and sampling valve was 

clean. At the following sampling procedures two samples were taken at a time. 

The meaning of the first samples was to remove contaminants from the sampling 

valve. Approximate volume of each sample was 20 – 30 mL. 

 

After sampling the second sample was weighted and volume of each sample was 

measured accurately by graduated cylinder.  Then sample for AAS analysis was 

prepared. For this purpose 5 mL of sample was pipet off and diluted in 10% 

hydrochloric acid in 10 times. Finally, ferrous iron and sulfuric acid 

concentrations were determined by titration. 

 

4.4 Experimental results 
 

The results of the experiments were arranged in the following way: the 

experiments with one or two different conditions are plotted on the same charts 

whereas results of the experiments which can not be compared with other 

experimental runs are presented separately. Such kind of data organization was 

chosen for better understanding of the various parameters effect on the rate of 

ferrous iron oxidation.  
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Figure 14 represents results of the runs 1, 2 and 3. The rate of the ferrous iron 

oxidation is plotted on the graph. Concentration of sulfuric acid is the singular 

parameter which is varied.  
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Figure 14. Effect of sulfuric acid concentration on the ferrous iron 

oxidation rate as a function of time.  Conditions of the 
experiments: P = 4 bar, oxygen feed = 0.4 dm3/min (NTP), 
C(Fe2+) = 20g/L, T = 95˚C, C (Cu2+) = 0.5 g/L, Mixing = 
800 rpm. 

 

As it can be seen from Figure 14, the results obtained from the zero time ferrous 

iron titration in the run 2 and 3 are not in a split-hair accuracy level. Discussion of 

possible errors is presented in subchapter 4.5.  

 

From the results of runs 1, 2 and 3, it can be concluded that the concentration of 

the sulfuric acid affect ferrous iron oxidation rate in a nonlinear way. In different 

experimental runs the concentration of sulfuric acid was varied from 30 g/L to 

150g/L. Unfortunately, all the runs with varied sulfuric acid concentration can not 

be compared due to discriminating conditions.  

 

From the data plotted in the Figure 14, it can be seen that the rate of ferrous iron 

oxidation is approximately the same when the sulfuric acid concentration are 

equal to 60g/L and 110 g/L. It means that addition of sulfuric acid concentration 
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from 60g/L to 110 g/L does not affect the oxidation rate. Results of experimental 

run with sulfuric acid concentration 30 g/L shows that the rate of ferrous iron 

oxidation is insignificantly lower. Hence, it can be concluded that increasing of 

sulfuric acid concentration from 30 g/L to 60 g/L rises the ferrous oxidation rate.  

 

However, presented results are not in concordance with the postulate suggested by 

Huffman and Davidson (1956) and the results of ferrous oxidation experiments 

obtained by Dreisinger and Peters (1989) which were explained with the 

postulate. The postulate mentioned above is based on the theory of different ion 

pairs formation. The postulate states that ferrous sulfate ion pair (FeSO4) is 

oxidized by oxygen easier than free ferrous ion.  Addition of sulfuric acid to the 

stock solution leads to formation of bisulphate ions (HSO4
-). Therefore, the 

amount of ferrous sulfate ion pairs in the solution decreased and as a result the 

rate of ferrous oxidation declines. 

 

Basically, Dreisinger and Peters (1989) carried out experiments under the pressure 

1.38 bar and at the temperature range from 120˚C to 160˚C. In addition, the 

composition of reaction solution used in their experiments significantly differs 

from those used in the presented study. In spite of the similar range of sulfuric 

acid concentration used in their study, the results reached by Dreisinger and Peters 

can not be compared with results presented in this study. 

 

Figure 15 shows the comparison of experimental results of runs 4 and 10.  
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Figure 15. Effect of temperature and copper concentration on the 

ferrous iron oxidation rate.  Conditions of the experiments: 
P = 6 bar, oxygen feed = 0.4 dm3/min (NTP), C (Fe2+) = 
20g/L, C (H2SO4) = 110 g/L, Mixing = 800 rpm. 

 

Results of the experimental runs 4 and 10 are presented in Figure 15. Generally, 

these runs can not be directly compared due to difference in copper concentration 

and temperature. But comparison of the ferrous iron oxidation rate can be done 

with taking into consideration the second parameter. 

 

The duration of ferrous oxidation in run 4 was 9 hours. Same oxidation result was 

achieved in two hours in the conditions of the run 10. This can be easily explained 

from the point of view of the temperature effect. According to the obtained results 

the ferrous iron oxidation rate increases with increasing temperature. Copper is a 

well known catalyst of ferrous oxidation reaction. Therefore, the effect of 

relatively high copper concentration in the experimental run 10 should be taken 

into account. Hence, increase in temperature and copper concentration 

considerably accelerates the rate of the oxidation process. In the presented case 

increasing the temperature and copper concentration leads to the decreasing of the 

process duration by 4.5 times.  

 

Experimental data obtained from runs 1 and 9 is presented in Figure 16. 
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Figure 16. Effect of temperature on the ferrous iron oxidation rate.  

Conditions of the experiments: P = 4 bar, oxygen feed = 0.4 
dm3/min (NTP), C (Fe2+) = 20g/L, C(H2SO4) = 110 g/L, 
Mixing = 800 rpm. 

 

Figure 16 shows the change of ferrous iron oxidation rate with the process time as 

a function of temperature in the range of 70˚C to 95˚C.  Temperature is the only 

parameter which is different in these two runs. Therefore, there is no need to take 

into account the effect of other parameters like in the previous case and a clear 

dependency of the reaction rate from temperature can be seen.  

 

The presented results show that temperature significantly affects the reaction rate. 

The ferrous iron oxidation rate is relatively slow at temperature 70˚C but 

considerably increases as the reaction temperature grows. The results presented in 

Figure 16 are in concordance with several ferrous oxidation experimental results 

available in literature. 

 

Figure 17 shows the results obtained from experimental runs 4 and 5.  
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Figure 17. Effect of copper concentration and oxygen feed on the 

ferrous iron oxidation rate.  Conditions of the experiments: 
P = 6 bar, oxygen feed is presented in the legend as O2, T = 
95˚C C (Fe2+) = 20g/L, C(H2SO4) = 110 g/L, Mixing = 800 
rpm. 

 

As it can be seen from Figure 17, experimental results of runs 4 and 5 can not be 

compared due to difference in two parameters. However, the possible effect of 

oxygen feed can be considered. It is a well known fact that copper catalyzes the 

rate of ferrous oxidation. Therefore, increasing of copper concentration increases 

the rate of the reaction which can be seen from the plot. In addition, it can be 

assumed that growth of oxygen feed increases the reaction rate as well. However, 

more experimental runs are needed in order to prove this assumption.  

 

Experimental results from run1 and 6 are plotted in Figure 18. 



 69 

0

4

8

12

16

20

24

0 2 4 6 8 10
Time,h

Fe
rr

ou
s 

iro
n 

co
nc

en
tr

at
io

n,
 g

/L

Run 1; P=4 bar

Run 6; P= 2 bar

 
Figure 18. Effect of pressure on the ferrous iron oxidation rate.  

Conditions of the experiments: oxygen feed = 0.4 dm3/min 
(NTP), C (Fe2+) = 20g/L, C(H2SO4) = 110g/L, T = 95˚C, 
C(Cu2+) = 0.5 g/L, Mixing = 800 rpm.  

 

As Figure 18 reveals, data obtained from experimental runs 1 and 6 can be 

compared from the pressure point of view. As it was expected, increasing of the 

pressure increases the rate of ferrous iron oxidation. Increasing pressure increases 

the partial pressure of oxygen, dissolved oxygen concentration is higher at higher 

partial pressure of oxygen and this increases the rate of ferrous oxidation, since 

dissolved oxygen is the oxidant of ferrous iron.  

 

Figure 19 represents data obtained from experimental runs 1, 4 and 6. 
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Figure 19. Effect of pressure and copper concentration on the ferrous 

iron oxidation rate.  Conditions of the experiments: oxygen 
feed = 0.4 dm3/min (NTP), C(Fe2+) = 20g/L, C(H2SO4) = 
110g/L, T = 95˚C, Mixing = 800 rpm. 

 

Figure 19 shows the rate of ferrous iron oxidation with the reaction time at 

different pressures and copper concentrations. As it was concluded from Figure 

18, increasing of pressure increases the reaction rate. From the present figure the 

dependency between the reaction rate and pressure is not so obvious due to 

difference in copper concentration.  The experimental results of runs 1 and 6 were 

compared in Figure 18 and therefore, it is necessary to consider the experimental 

results of run 4 against runs 1 and 6.  

 

As it can be seen from Figure 19, the reaction rates of runs 4 and run 1 is quite 

similar in spite of the difference in pressure equal to 2 bar. According to the 

conclusion made from Figure 18, the reaction rate of the run 4 should be higher. 

However, it is necessary to take into consideration the copper concentration in run 

4 which value is lower than in runs 1 and 6.  

 

In Figure 20 the experimental results from run 7 are plotted. 
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Figure 20. Conditions of the experiments: P = 6 bar, oxygen feed = 0.4 

dm3/min (NTP), C(Fe2+) = 10g/L, C(H2SO4) = 110g/L, T = 
95˚C, C(Cu2+) = 0.5 g/L Mixing = 800 rpm. 

 

Experimental data from run 7 can not be directly compared with experimental 

data obtained from others runs. Therefore, results from this experiment are 

presented separately. The retention time of the experiment was 3 hours. Hence, it 

can be noted that the reaction rate was relatively high. This was caused by the 

relatively low initial ferrous iron concentration (10g/L) and high pressure (6 bar). 

 

Experimental results obtained from run 8 are plotted in Figure 21.  
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Figure 21. Conditions of the experiments: P = 4 bar, oxygen feed = 0.4 

dm3/min (NTP), C(Fe2+) = 50 g/L, C(H2SO4) = 150g/L, T = 
95˚C, C(Cu2+) = 0.5 g/L, Mixing = 800 rpm. 
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Results of the experimental run 8 are presented in Figure 21. Conditions of the run 

differ from conditions of other experimental runs. Therefore, data obtained from 

run 8 is presented separately. Initial concentration of ferrous iron in this 

experiment was 50 g/L but as it can be seen from the plot the concentration of iron 

at zero time was approximately 45 g/L. From here it can be concluded that there 

was inaccuracy in this titration. It should be mentioned that in this run sulfuric 

acid concentration was the highest in comparison with other runs, 150 g/L. 

However, from this experiment it is difficult to conclude how the increased 

sulfuric acid concentration affects the reaction rate due to variability of the 

conditions.  

  

4.5 Discussion of analytical mistakes 

 

As it was mentioned above, two analytical methods were used in current work: 

titrimetric analysis and atomic absorption spectroscopy. Atomic absorption 

spectrometry can be attributed to more accurate analytical techniques compared to 

titrimetric method.  

 

From the experimental data presented in previous subchapter it can be seen that at 

some points the results obtained are not in concordance with the reality. Striking 

example is presented in Figure 21. Initial concentration of ferrous iron 

(concentration at zero point) was 50 g/L but according to results obtained by 

titration it was approximately 45 g/L. This error is significant. Therefore it is 

necessary to analyze the possible nature of analytical mistakes.  

 

Titrimetric analysis has several weak points which can cause a mistake. The main 

weak point is the human operator. The most common mistake in titrimetric 

analysis is connected to the determination of colour near the equivalence point. 

Such kind of mistake takes place when the colour changes slowly and some time 

is needed for the reaction to occur. In addition, different people have different 

colour perception.  
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Mistakes connected with purity level of the laboratory glass can also occur. For 

instance, if glass was not cleaned in proper way some chemicals used before can 

stay in the glass. As a result reaction between previous and new chemicals occur 

which leads to changing in concentration of new chemicals.  

 

Additional human errors are easily caused by reading and filling the burette. 

Temperature plays significant role in titration procedure. If titration is carried out 

at wrong temperature (the temperature not exactly the same for which method was 

designed) then some errors can take place. This is connected to sensitivity of some 

chemicals to temperature changes.  

 

All the above-mentioned error examples are connected to human mistake.  

Basically it is quite difficult to eliminate such kind of mistakes. However, 

mistakes of another nature exist as well.   

 

In some cases intrinsic errors of the method takes place. Intrinsic error means that 

equivalence point not coincide with the colour changing. However, such kind of 

mistakes is not so abundant.  

 

Mistakes connected with inaccuracy of laboratory glass can also occur. Therefore, 

it is necessary to carry out calibration of the glassware. Volumes of the burette or 

pipette affect the possible titration errors as well. For instance, burette with 

volume 50 mL allows to guarantee smallest possible relative error. In current 

study burettes with volume 50 mL were used.  

 

Flame atomic absorption spectroscopy was applied for determination of iron and 

copper concentrations in samples. The type of flame used for iron and copper 

determination was acetylene – air and the temperature of the flame was 2300˚C. 

Possible influences taking place during the flame analysis are: influences 

connected with aerosol production and transferring, influences in the flame and 

spectral interferences.  
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One of the main reasons of influences connected with aerosol production and 

transferring occurrence is the difference in viscosity and surface tension between 

the analyzed samples and the standard solutions. In order to avoid this mistake 

samples and standard solutions physical properties should be equalized. It can be 

done by samples dissolution or by the injection of basic component into the 

standard solutions.  

 

Reasons and remedies of interferences occurring in the flame are listed in the 

Table 10.  

 

Table 10. Influences occurring in the flame 
 
Type of phase Reason Remedy 

condensed phase 

 

 

 

 

 

 

 

 

gas phase 

change in determining element 

evaporation rate in presence of 

sample base 

 

formation of semi-volatile 

compounds between defining 

and interfered elements 

 

 

ionization 

 

optimization of measuring 

conditions 

 

 

injection of basic 

component into the 

standard solution 

 

 

addition of ionizing buffer 

 

 Spectral interferences can be divided to three main types: overlapping of 

spectrum lines, close spectrum lines (in case when one component is in excess) 

and nonselective absorption of light. In order to eliminate overlapping of spectrum 

lines decreasing of slot width is applied. In case when spectrum lines are close to 

each other adoption on the other spectrum line or chemical separation of 

interfered elements should be done to avoid interferences. Nonselective 

absorption of light can be eliminated by sample dissolution or using of 

background proofreader.  
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5 MODELLING PART  
 

5.1 Model parameter estimation 

 
Ferrous iron, sulfuric acid, copper and dissolved oxygen concentrations affect the 

ferrous iron oxidation. Equation (67) shows the rate equation for ferrous iron 

oxidation. 
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(67) 

 
where 1r  is the rate of ferrous iron oxidation, )( 2

mFeC is the mean concentration 

of ferrous iron g/L, )( 42 mSOHC is the mean concentration of sulfuric acid g/L, 

)( 2 mOC is the mean concentration of dissolved oxygen in the solution g/L, 

)( 2
mCuC is the mean concentration of copper g/L, 1k  is the overall rate constant, 

n1 is the reaction order for ferrous iron,  n2 is the reaction order for sulfuric acid, 

n3 is the reaction order for oxygen and n4 is the reaction order for copper.  

 

Influence of temperature is taken into consideration by modified Arrhenius 

equation in the following form: 

 





















mean
m TTR

Ekk 11exp 1
,11                        (68) 

 

where meanT is the mean temperature of the experiments, mk ,1 is the rate constant at 

the mean temperature, 1E  is the activation energy  J/mol.  

 

Oxygen concentration was assumed to remain at saturation level and it was 

calculated with following equation: 
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HPC OO /2
*

2                 (69) 

 

It is necessary to take into account the fact that Henry’s constant is affected by 

solution composition and temperature. Therefore, the empirical expression for 

Henry’s constant obtained from experiments conducted under zinc pressure leach 

conditions was used (Baldwin et.al., 1995).  

 

LmolatmSOHZn
FeTTH

1
42

2

3253

70314.0][074723.0][814682.0

][237881.0020063.0108.310







         (70) 

 

Pressure in the reactor consists of solution vapor pressure and oxygen partial 

pressure. Solution vapor pressure was taken into account in calculation of oxygen 

partial pressure. 

 

SOLREACTORO PPP 2                          (71) 

 

Solution vapor pressure was calculated with following equation (Baldwin et.al., 

1995): 

 

)66.4741][00991.0

][01396.0][08092.073323.12exp( 2
42

T
Fe

ZnSOHPSOL



 

         (72) 

 

The model obtained in this study is based on Equations (67),  (68), (69), (70), (71) 

and (72) and has six parameters to be estimated ( 1k , E1, n1, n2, n3, n4). The 

experimental data obtained from this work was used for model development. The 

conditions of the experimental runs are presented in Table 8.  

 

5.2 Results and discussions 

 

Estimation of kinetic model parameters was done by the least squares method in 

Modest computer software (Haario, 2002). Coefficient of determination of the 
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model was 94.09 %. The estimated parameters obtained from modeling procedure 

are presented in Table 11. 

 
Table 11. Estimated parameters and their standard errors 
 

Parameter Value Relative standard error, % 

mk ,1  (L/mol)0.2021 s-1 

E1, kJ/mol 

n1 

0.667 

38.5 

0.777 

33.1 

14.0 

11.0 

n2 -0.321 32.2 

n3 0.651 20.8 

n4 0.0951 121.1 

 

The obtained rate equation for ferrous iron oxidation can be presented in 

following way: 
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According to several authors, the rate of ferrous iron oxidation is of the second 

order with respect to ferrous iron concentration (Dreisinger and Peters, 1989; Iwai 

et.al., 1982; Awakura, 1986; Pohjola, 1997.Ref.Kaskiala, 2005 a). As it was 

reported by Chmielewski and Charewicz (1984), in case when ferrous iron 

concentration is low the value of reaction rate order is equal to one. The reaction 

rate order for ferrous iron concentration obtained in this study is 0.777 which is 

quite close to the 1. Therefore, it can be concluded that concentrations of ferrous 

iron used in this study were relatively low. This conclusion can be easily 

substantiated. In experiments carried out by Chmielewski and Charewicz (1984) 

initial concentration of ferrous iron was 30 g/L. Initial concentration of Fe2+ in 

this study was mostly 20 g/L.  

 

Mathews and Robins (1972) and Verbaan and Crundwell (1986) reported that the 

rate of ferrous iron oxidation is of the first order with respect to oxygen 
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concentration. During this study it was found that value of the reaction rate order 

for oxygen concentration is 0.651 which is more or less close to 1. 

 

The value of reaction rate order for copper concentration available in literature is 

equal to 0.25 (Table 2). The value reached in this study is 0.0951 which is quite 

different from values presented in literature.   

 

The reaction rate orders for ferrous iron, oxygen and copper concentrations are the 

most interesting parameters. Comparison of these parameters to the same 

parameters presented in literature is difficult due to different experimental 

conditions such as pressure, temperature and especially composition of the 

reaction solutions.  

 

According to literature, activation energy of ferrous iron oxidation vary between 

51.6 – 73.7 kJ/mol (Kaskiala, 2005 a). Activation energy obtained in this study is 

38.5 kJ/mol. 

 

The subfigures on Figure 22 reveal the data runs from the left to right from the 

upper-left corner. Coefficient of determination is relatively high (94.09%) which 

means that the values predicted by model are in good concordance with the 

experimental results.  

 

Possible cross-correlations and identifiability of estimated parameters should be 

considered in order to assess parameters accuracy and the model reliability should 

be evaluated as well. For these purposes Marcov chain Monte Carlo (MCMC 

analysis) analysis was used.   

 

MCMC analysis allows to examine distribution of unknown parameters in 

nonlinear models. Valuable information about the correlation, uncertainty and 

identifiably of parameters can be obtained from the shape and size of the 

distributions (Solonen, 2008).  
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Figure 23 shows the MCMC-plots of the estimated parameters. Samples in 

Markov chain are presented in form of dots and probability is shown as dots 

density. Contour lines in the plots identify 50% and 90% probability region. 

Parameters k1, E1, n1, n2 and  n3 have narrow probability distribution which usually 

leads to low value of relative standard error as can be seen from Table 11. From 

the relative standard errors of the mentioned parameters it can be seen that 

deviation values are relatively low. In comparison with other estimated 

parameters, parameter n4 has relatively wide probability distribution. Hence, it can 

be concluded that uncertainty of this parameter is higher than for other 

parameters.  

 

 
Figure 22. Ferrous iron oxidation rate for Equation (67); predicted 

reaction rate compared to experimental results. 
Concentration of ferrous iron (g/L) in y-axis and time (h) in 
x-axis 
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Figure 23. The two-dimensional probability distribution of the 

estimated parameters from the MCMC analysis 
 

 

6 CONCLUSIONS 
 

The oxidation-reduction cycle of iron was experimentally studied with the goal of 

gaining new knowledge for developing the direct leaching processes of zinc 

concentrate. In order to obtain this aim, ferrous iron oxidation experiments were 

carried out.  

 

Effect of parameters such as temperature, pressure, sulfuric acid concentration, 

ferrous iron and copper concentrations was studied.  

 

It was found that pressure, temperature and copper concentration play significant 

role in ferrous iron oxidation process. Experimental results show that increasing 

of temperature accelerates the reaction rate. It was observed that elevation of 

pressure leads to increasing in the rate of ferrous iron oxidation. As it was 

expected, copper plays a role of process catalyst. Thereby, increasing of copper 
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concentration causes acceleration of ferrous iron oxidation. It should be 

mentioned that sulfuric acid concentration affects the reaction rate as well. From 

the experimental data it is difficult to reveal accurate correlation between sulfuric 

acid concentration and the reaction rate. Therefore, more experiments are needed 

in order to study this dependency. Similar study of ferrous iron oxidation was 

carried out by Dreisinger and Peters (1989). Their results are not in agreement 

with results obtained in this study. In spite of the similar range of sulfuric acid 

concentration used in their study, results reached by Dreisinger and Peters can not 

be compared with results presented in this study due to considerable difference in 

experimental conditions and reaction solutions used.  

 

Based on the experimental results, mathematical model of the ferrous iron 

oxidation rate was developed. MATLAB and MODEST computer software were 

employed for this purpose. According to results obtained during the study, the 

reaction rate orders for ferrous iron concentration, oxygen concentration and 

copper concentration are 0.777, 0.652 and 0.0951 respectively. The activation 

energy involved has been found to be equal to 38.5 kJ/mol. The reaction rate 

orders for ferrous iron concentration and oxygen concentration are quite similar to 

the values presented in literature. As concerns the reaction rate order for copper 

concentration and the activation energy, these values are not in agreement with 

data available in literature. It can be explained by difference in the reaction 

conditions and the reaction solutions. The reliability of the estimated parameters 

was evaluated by MCMC analysis. The rate equation for ferrous iron oxidation is 

presented in Equation (73). Obtained coefficient of determination is relatively 

high (94.09%) which means that values predicted by the model are in good 

concordance with the experimental results. MCMC analysis shows that estimated 

parameters have good reliability.  

 

For further studies, more experimental runs should be carried out. The number of 

experimental runs in this study was ten which is enough for model development. 

However, for more accurate study of the factors affecting the ferrous iron 

oxidation rate the number of experiments should be increased. This would lead to 

more precise mathematical model of the oxidation process. Particular attention 
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should be paid to investigation of the effect of sulfuric acid concentration on the 

ferrous iron oxidation rate. During the study it was noticed that oxygen feed rate 

might affect the reaction rate. Hence, more research concerning the influence of 

oxygen feed on the reaction rate should be done. Investigations of oxidation-

reduction cycle of iron can be carried out using more wide range of experimental 

conditions.  
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 1 

Appendix 1 (1/4) Experimental data (total iron concentration, copper 

concentration, sulfuric acid concentration) 

 

Table I  Results of the experimental run 1.  

Sampling time, h C (Fe total), g/L C (Cu2+), g/L C (H2SO4), g/L 

0 18.59312 0.533652 99.16667 

0.5 17.72407 0.520112 96.66667 

1 18.06534 0.540765 90.83333 

3 18.12760 0.536471 94.16667 

6 18.58138 0.57600 94.16667 

 

Table II Results of the experimental run 2. 

Sampling time, h C (Fe total), g/L C (Cu2+), g/L C (H2SO4), g/L 

0 20.13825 0.437424 25 

1 - - 15 

3 17.01517 0.461156 10 

6 - - 10 

 

Table III Results of the experimental run 3. 

Sampling time, h C (Fe total), g/L C (Cu2+), g/L C (H2SO4), g/L 

0 16.47460 0.539887 54.16667 

0.5 17.43014 0.533370 54.16667 

1 17.28085 0.552088 52.50000 

3 17.16211 0.543943 50.00000 

6 17.30768 0.540482 50.00000 
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Appendix 1 (2/4) Experimental data (total iron concentration, copper 

concentration, sulfuric acid concentration) 

 

Table IV Results of the experimental run 4. 

Sampling time, h C (Fe total), g/L C (Cu2+), g/L C (H2SO4), g/L 

0 17.00809 0.093864 97.50000 

1 - - 97.50000 

3 17.79900 0.116545 93.33333 

6 - - 94.16667 

9 18.06164 0.127023 97.50000 

 

Table V Results of the experimental run 5. 

Sampling time, h C (Fe total), g/L C (Cu2+), g/L C (H2SO4), g/L 

0 18.41568 0.497352 97.50000 

1 - - 98.33333 

3 18.20435 0.543764 86.66667 

 

Table VI Results of the experimental run 6. 

Sampling time, h C (Fe total), g/L C (Cu2+), g/L C (H2SO4), g/L 

0 17.66734 0.539887 97.50000 

0.5 17.57040 0.533370 97.50000 

1 17.76203 0.552088 95.83333 

3 17.79344 0.543943 93.33333 

6 17.61313 0.540482 91.66667 

9 18.10716 0.606658 93.33333 
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Appendix 1 (3/4) Experimental data (total iron concentration, copper 

concentration, sulfuric acid concentration) 

 

Table VII Results of the experimental run 7. 

Sampling time, h C (Fe total), g/L C (Cu2+), g/L C (H2SO4), g/L 

0 9.298668 0.426691 98.33333 

1 - - 96.66667 

3 9.297602 0.445455 90.83333 

 

Table VIII Results of the experimental run 8. 

Sampling time, h C (Fe total), g/L C (Cu2+), g/L C (H2SO4), g/L 

0 45.28675 0.523074 141.6667 

0.5 - 0.527916 141.6667 

1 45.16007 0.537584 130.0000 

3 - 0.545541 122.5000 

6 47.14213 0.548509 114.1667 

9 - 0.552763 100.8333 

 

Table IX Results of the experimental run 9. 

Sampling time, h C (Fe total), g/L C (Cu2+), g/L C (H2SO4), g/L 

0 19.40838 0.450484 92.50000 

1 - - 99.16667 

3 17.23958 0.448910 97.50000 

6 - - 85.00000 

9 16.58429 0.444262 90.00000 

12 - - 87.50000 
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Appendix 1 (4/4) Experimental data (total iron concentration, copper 

concentration, sulfuric acid concentration) 

 

Table X Results of the experimental run 10. 

Sampling time, h C (Fe total), g/L C (Cu2+), g/L C (H2SO4), g/L 

0 16.90925 1.066475 97.50000 

0.5 16.61681 1.073499 78.33333 

1 16.35740 0.976154 95.83333 

2 17.40004 1.071883 92.50000 

 

 


