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Abstract

This work demonstrates hydrocarbon production directly from water, solar
energy, and air—called SOLETAIR. The plant includes direct air capture
(DAC) of carbon dioxide, hydrogen production by water electrolysis, and
two-step synthesis bench-scale units that operate using grid-connected solar
photovoltaic (PV) electricity. In addition, co-feeding of hydrogen and carbon
monoxide from gas bundles are utilized to enable scaling between units. This
pilot plant achieved a total operating time of approx. 300 h with a combined
production of oil and wax of 6.2kg per day. The mass and energy balances
in integration of the units are studied. According to the experiments and
studies, potential and bottlenecks to improve the individual units and their
integration are found. Finally, a conceptual Power-to-X plant is presented,
which can achieve energy and carbon efficiencies of 47% and 94%, respec-

tively, considering liquid and solid hydrocarbons as products.
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1. Introduction

According to the Paris UN Climate Change Conference held in Decem-
ber 2015 [1], the CO5 net emissions of the whole energy sector have to be
close to zero by 2050 to limit the global mean temperature rise under 1.5°C
above the preindustrial level. A change of this nature would require practi-
cally CO»-free power generation, and the energy system could thus be based
predominantly on wind and solar power [2]. However, there are three main
barriers to this transition: the intermittency of solar and wind power, the
fuel needs of the transport sector, and the production of chemicals. Firstly,
both solar and wind power are intermittent by nature, which generally leads
to an imbalance between energy generation and consumption if no storage
capacity is available. Secondly, the electrification of the whole transportation
sector, such as passenger jets, cargo vessels, and heavy working machines, will
present a major challenge. Instead, they can be electrified indirectly by using
renewable hydrogen or hydrocarbons as their fuel, for example. Thirdly, the
chemical industry sector is a significant consumer of oil and gas that are used
as a feedstock for manufacturing e.g. plastics and nitrogen-based fertilizers,
which should also be based on the use of renewables.

Fuels produced from CO, captured from ambient air can be carbon neu-
tral as the cycle of COg is closed [3, 4]. The potential global upper bound for
annual CO, removal has been estimated to be in the scale of 10 Gt for direct

air capture (DAC) with reliable storage [5]. When driven with renewable



energy, DAC is a net negative CO5 emissions technology that can sequester
previously emitted carbon dioxide from point and diffuse sources such as
transportation [6]. Furthermore, there are already studies related to DAC
technology that present select cases where the separation of CO, from the air
to moderate purities is energetically equivalent to the work requirements us-
ing other CO4 separation techniques from flue gases with high concentration
of COs [7, §].

Power-to-Gas, Power-to-Liquids, or more generically, Power-to-X conver-
sion concepts arise as a synergetic solution both for storing energy from in-
termittent renewable energy sources and producing carbon-neutral fuels from
CO, emissions [9]. Piloting of the Power-to-X technologies is gaining ground
and even reaching an industrial scale, the Audi methanation plant (synthetic
natural gas production using alkaline water electrolysis and methanation of
raw biogas), the Carbon Recycling International methanol synthesis plant
(alkaline electrolysis, geothermal steam emission CO,, and methanol synthe-
sis), and the Sunfire Power-to-Liquids plant (solid oxide electrolysis, DAC,
and FT synthesis planned) being examples of this trend [10, 11, 12].

Many technologies can be applied for the production of fuels and chemi-
cals from COs and Hy, such as synthetic natural gas, Fischer-Tropsch (FT)
products, methanol, or even polymers and specialty chemicals. For the
Power-to-X concept, these products are part of the few solutions existing
for seasonal storage of energy. The production of kerosene or other heavy
fuels from CO4 emissions and renewable electricity is gaining interest to in-
directly electrify aviation and heavy-duty transportation sectors. It has been

estimated that the indirect electrification of the transportation sector would



increase the electricity consumption in the European Union from 2.8 PW h in
2013 to more than 10 PW h in 2050. Furthermore, the main part of electric-
ity would be used for water electrolysis to produce hydrogen for Power-to-X
processes [13, 14, 15].

In this paper, a Power-to-X process is experimentally verified with a mod-
ular and transportable pilot plant capable to produce renewable liquid and
solid hydrocarbons. The mass and energy balances of the complete Power-
to-X process are studied for the production of gaseous, liquid, and solid
hydrocarbons from solar energy, water and CO, captured from ambient air.
This is the first Power-to-X pilot plant in which the complete process chain is
in the same place. Each of pilot plant’s units—DAC, water electrolysis, and
two-step synthesis—are experimentally studied. The experimental results,
together with literature and process simulations, are then used as a basis
for improving the entire system. Based on these improvements, a theoretical
Power-to-X concept plant is presented where the developed process concept
focuses on the energy and carbon efficiencies of the complete Power-to-X

process.

2. Fundamentals of the Power-to-X process

Renewable electricity from a solar PV power plant is used for DAC of CO»,
hydrogen production with water electrolysis, and two-step synthesis process.
CO5 and hydrogen are supplied to FT process to produce gas, liquid and
solid hydrocarbons as shown in Fig. 1. Fundamentals of each of the main

units of the Power-to-X process are introduced in the following subsections.
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Figure 1: The main idea of the SOLETAIR Power-to-X process producing COs neutral

hydrocarbons with renewable electricity.

2.1. Direct air capture of carbon dioxide

DAC is a technology for collecting CO, from ambient air, where the
concentration of COy is orders of magnitude lower than that of point sources
such as flue gas and other industrial emissions. DAC uses a medium (solid
or liquid) that has an affinity to COs. The medium is a base which forms
covalent bond with the partially acidic C atom of COy [16]. The most common
medium for DAC is solid sorbents containing amines. These sorbents capture
COy by a chemisorption process forming a carbamate ron or carbamic acid
[17].

To collect the chemisorbed CO and regenerate the adsorbent, heat and /or
vacuum is applied. When both heat and vacuum is used, the process is called
temperature-vacuum swing adsorption (TVSA) process, which allows the
operation of the desorption at a lower temperature (<100°C) compared to

temperature-swing adsorption. This is an attractive option since low-quality



heat can be used.

Research on the improvement of DAC extensively involves the develop-
ment of adsorbent properties to increase the COy working capacity [18]. Amine
bearing polymers such as polyethylenimine (PEI) impregnated to supports
have been widely used as the active compound for COs capture applications
[19, 20, 21, 22, 23, 24]. Aminosilanes which are covalently bonded to supports
have also been applied for DAC [25, 26, 27, 28, 29]. Metal organic frame-
works have also been recently developed with reported capability to maintain
working capacity even after exposure to humid air [30].

In addition to sorbent development, the adsorption chamber design and
process control can be improved. First, the DAC systems require a significant
amount of air to meet the production requirement because of the dilute con-
centration of COy. Secondly, as DAC uses ambient air, the need to control
the process based on weather conditions is equally important to optimize the

energy consumption of the process.

2.2. PEM water electrolysis

In water electrolysis, electrical and thermal energy are converted into
chemical energy, which is stored as hydrogen, and oxygen is produced as a
byproduct. According to Faraday’s laws of electrolysis, the production of
hydrogen is directly proportional to the electric charge transferred at the
electrodes. The lowest voltage required for the water decomposition to occur
is called the reversible voltage. Without auxiliary heat, the minimum voltage
required is higher than the reversible voltage, i.e. the thermoneutral voltage
level [31, 32]. The reversible voltage and thermoneutral voltage at standard

ambient conditions are 1.23V and 1.48 V, respectively. According to the
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thermoneutral voltage, the minimum energy required to produce one kg of
hydrogen is 39.4kW h, which is equal to the higher heating value (HHV) of
hydrogen.

Polymer electrolyte membrane (PEM) water electrolysis has gained in-
terest due to its compact system design, reportedly superior dynamic op-
eration capability [13, 33, 34], and high voltage efficiency (<82% HHYV) at
greater current densities compared to the traditional alkaline technology.
The high cost of components and typically inferior lifetime have been the
main factors limiting the emergence of PEM technology [35], although im-
proved stack power density and high efficiency have moved the technology
into the MW-scale [36, 37]. Commercial PEM electrolyzers typically operate
at current densities of 0.6 A cm™2-2.0 A cm ™2 and at operating temperatures
of 50°C-80°C, while alkaline electrolyzers operate at current densities of
0.2Acm™2-0.4Acm™2 [33]. The system cost for PEM water electrolyzers
has been reported to be almost two times of the cost of traditional alkaline

water electrolysis systems [34].

2.3. Two-step synthesis

FT is a well-known technology for production of gas, liquid, and solid
hydrocarbons from synthesis gas, also named syngas. Syngas contains a
mixture of Hy and CO, and usually some CO,. The product consists of a
distribution of linear hydrocarbons of different carbon numbers, which obey
the Anderson-Schulz-Flory (ASF) distribution [38]. The ASF distribution
can be described using one parameter, the chain-growth probability («). The
product distribution depends on the operating conditions and the catalyst

composition. FT is a highly exothermic reaction operated at high pressures
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(20 bar-30 bar) and relatively low temperatures (180°C-250°C). FT cata-
lysts perform with low activity (Fe-based catalysts) or complete inactivity
(Co-based catalysts) towards COy. Thus, CO-rich syngas is required as a
feedstock of the F'T. For that reason, using CO, as a carbon source requires
a two-step process combining production of CO from COy by reverse Water-
Gas Shift (rWGS) reaction and subsequent FT [39)].

The rWGS is an endothermic reaction favorable at high temperatures
(over 600°C). The chemical equilibrium of rWGS is independent on pressure,
and product formation increases with increasing temperature. However, op-
erating TWGS at a high pressure has its advantages and disadvantages. High
pressure increases methane formation by methanation reactions, and even
carbon formation by the Boudouard reaction or other carbon formation re-
actions. On the other hand, operating at a high pressure reduces the reactor
size by increasing the residence time of the reactants in the reactor and pro-
vides an option of removing compression between the rWGS and the FT if

both steps are operated at the same pressure [40, 41].

3. Description of the SOLETAIR pilot plant

The pilot plant was located at the premises of Lappeenranta University
of Technology (LUT) in the summer of 2017. The pilot plant consisted of
four parts; a 206.5kW,, solar PV power plant [42], a DAC unit, a hydrogen
production unit [43], and a two-step synthesis unit. However, the produc-
tion capacities for H, and DAC were lower than the feed requirement of the
synthesis unit. For that reason, a gas container was used for co-feeding of

CO and H,. Furthermore, electricity from the grid was used to run the elec-



trolysis in the night-time as no electric battery unit was integrated into the
system—the carbon intensity of grid electricity in Finland is 0.2 kgkWh™!
[44].  Technical specifications of the pilot plant are presented in Table 1.
The key sea-container-installation units of the pilot plant (DAC, hydrogen

production, and mobile synthesis) are illustrated in Fig. 2.
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Figure 2: SOLETAIR pilot site.

Table 1: Technical specifications of the DAC unit, electrolysis unit, and the two-step

synthesis unit with the most relevant values.

DAC unit Water electrolysis unit Two-step synthesis unit

Rated CO; production 3800gd ! Hydrogen production rate | 90 gh™! Preheater rWGS temp. | max. 450°C
Vaa flou 1500 m® h—! Nominal stack power 4.5kW rWGS temp. 850°C

\ir temp owers —40°C-80°C Nominal voltage 64V rWGS pressure 1bar-5 bar
Vacuum (desorption, min) 5mbar Nominal current T0A Condenser rWGS temp. | 0°C-5°C
Maz. water temp. 100°C Operating temp. 70°C Compression ratio 5-10
Cartridge content Unine-funct. polymer resin | Number of cells in series | 33 Preheater FT 200°C
Number of cartridge/bed 8 Cell cross-sectional area, 69 cm? FT temp. 200°C-250°C
Mass of adsorbent/cartrigde | 30kg Hydrogen purity >99.995% FT pressure 20 bar-30 bar
Temp. of operatior ambient to 90°C Hydrogen pressure 15bar-50bar | Hot trap temp. 165°C-170°C
Pressure (adsorption) 1.005 bar Oxygen pressure 1.5bar-2.5bar | Cold trap temp. 5°C-10°C

3.1. Direct air capture unit

Key specifications of the DAC unit used in this study are listed in Table 1.

Characterization and equilibrium performance of the adsorbent are presented



in [45, 46]. The DAC unit (developed and supplied by Hydrocell Oy) was

instrumented for data collection, visualization, and analysis.

Figure 3: Stages of TVSA operation of the DAC unit. (a) Adsorption. (b) Purging. (c)
Heating. (d) Desorption.

The operating principle of the DAC is shown in Fig. 3. Immersed in the
bed of adsorbent is a brush type heat exchanger, which is used to heat the
bed during the desorption step. Two beds are operated in parallel, and they
are subject to the same stage of operation simultaneously. There are four
stages of the TVSA operation. The first stage of operation is the adsorption
process (Fig. 3a) that lasts for ca. 20h. In this stage, air is led through the
column via a flow distribution plate to maximize mass transfer. In the second
stage (Fig. 3b), the remaining air (mainly O and Ny) is removed using a two-

stage vacuum pump. The purging step is essential to achieve high-purity CO,
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gas required for the synthesis. Purging lasts for 15min. The next stage in
the operation is the heating stage, and it lasts for 30 min (Fig. 3c). Warm
glycol-water mixture (20% ethylene glycol) from a 3kW boiler is pumped to
the intra-bed heat exchanger to preheat the bed and desorb some gases in
preparation for the next step, shown in Fig. 3d. Finally, after the preheating
stage, COy is collected from the bed through the product gas line. The hot
gases from the beds pass through an ambient-air-cooled heat exchanger and
a water trap (right water trap) before being sucked by the product vacuum
pump. Then, the product gas, which is mainly CO, at this point, passes
again through the ambient-air-cooled heat exchanger and another water trap
(left water trap) for further cooling and drying before being compressed. The
product gas is stored in a gas bundle (12 x 50 L) and a 50 L buffer tank.

3.2. Hydrogen production unit

A hydrogen laboratory system manufactured by IRD Fuel Cells (currently
known as EWII Fuel Cells) is built in a standard shipping container. The
hydrogen production process in the laboratory setup is the following: Inlet
water to the electrolyzer is first deionized to decrease the conductivity of
the supplied water. The commercial PEM water electrolyzer E1050 (IRD)
system, which is illustrated in Fig. 4 and presented according to its technical
specifications in Table 1, then decomposes the water into hydrogen and oxy-
gen. The water electrolyzer is powered by two PAP3200 DC power supplies
(Powerfinn) connected in parallel. The dew point of the outlet hydrogen gas
is then decreased in a hydrogen gas drying unit (IRD) to —70°C to prepare
it for outdoor storage in Nordic conditions. The total volume of the pressur-

ized hydrogen gas storage is 700 L. Both the hydrogen and oxygen gas outlet
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pressures are controlled by back-pressure valves. The designed pressure lev-
els of the E1050 electrolyzer for hydrogen and oxygen gases are 50 bar and
2 bar, respectively.

Operating temperature, water inlet pressure, water conductivity and flow,
hydrogen outlet pressure, stack voltage, stack current and individual cell
voltages are measured by the IRD’s measurement system. An additional
data acquisition system (National Instruments) was added to support the

existing monitoring system.

Hz purge O purge % H, purge

to air to air Solar Field 10 air
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Rain Water
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Figure 4: Simplified process flow diagram of the Hs production system.

3.3. Mobile synthesis unit for the two-step process

The mobile synthesis unit is a multi-purpose container-size demonstration
unit. The two-step process, illustrated in Fig. 5, consists of a rWGS module
(VIT) and a FT micro-structured heat exchanger reactor (INERATEC). A

summary of the specifications of this setup are presented in Table 1.
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Figure 5: Simplified process flow diagram of the mobile synthesis unit.

The rWGS reaction is performed in a fire-proof steel tubular reactor filled
with metallic monoliths of 20 mm in diameter coated with precious metal
catalyst. The reactor is dimensioned for COj inlet flow rate of 2N Lmin™!
based on the maximum COs production capacity of the DAC unit. The
tubular reactor is heated externally by an electric oven. The gas mixture is
externally electrically preheated to temperatures up to 450 °C before entering
the reactor. Two thermocouples are placed at the top and bottom of the
catalyst bed. The reactor could be operated at a maximum of 850 °C and
10 bar due to the limitations of the construction material of the reactor. The
reactor operating conditions are kept constant during the test campaigns at
850°C at the outlet of the catalyst bed, and 4 bar pressure. The feed gas
for the TWGS is 0.6 Lmin~*-0.8 Lmin~! of CO,, 1.2Lmin"'-1.6 Lmin~! of
Hy and 0.11 Lmin~'-0.15 Lmin~! of Ny. Nitrogen is added for gas analysis

purposes. The feed gas composition for the rWGS is adjusted to produce
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an outlet gas composition of the rWGS with a Hy/CO ratio &~ 2.1 matching
the requirements of the FT process. The gas feedstock for rWGS was kept
constant during the test campaign as long as possible. An air-driven piston
compressor compresses the syngas produced by the rWGS from 4 bar to over
20 bar (operating pressure of the FT reactor).

The FT is performed using an industrial cobalt-based catalyst in a plate-
type microstructured heat exchanger reactor cooled by high-pressure boiling
water. The reactor is dimensioned for inlet flow rates up to 2 Nm3h=! of CO
and 4 Nm3h~! of H,. However, FT module employs only 1 Nm3h~! of CO and
2 Nm?h~! of Hy for the test campaigns of this work. Owing to the limitations
of the CO, production from the DAC unit and Hs production from the PEM
electrolysis unit, the FT module requires co-feeding of stored bundles of
both CO and Hs to match the continuous feed requirements (1 Nm3hg, and
2Nm?hy!). These bundle gases of CO and H, (AGA) have a gas quality
of 99.8% and 99.95%, respectively. The FT reactor is operated at 230°C—
240°C and ca. 20bar. After the FT reactor, the products are separated by
condensation at different temperatures (Fig. 5). First, the solid product is
condensed in a hot trap at a temperature around 165°C-170°C. Then, the
liquid product is condensed in a cold trap at a temperature of 5°C-10°C.
This liquid product is formed by an aqueous phase and an oil phase. The rest
of FT products and unreacted gases are vented into the atmosphere during
the tests. Part of this gas is used for online analysis purposes. The conversion
of the reactants and the F'T gas product composition are calculated using an
online gas chromatograph. The composition of the solid and liquid products

are analyzed a posteriori by gas chromatography. The liquid product is
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analyzed as such while the solid product is dissolved in cyclohexane.

4. Results and discussion

4.1. Experimental results

The test campaigns of this study were performed in summer during weeks
24, 26, 28, and 32 of 2017. The FT process was set to emphasize wax pro-
duction for demonstration purposes. The units were operated simultaneously
during these four test campaigns. The exact duration of the test campaigns
varied as explained in the following subsections. The main objective of these
test campaigns was proving the concept and gaining operational experience
by running the system continuously during the test week. Further, the overall

operation and energy balance of the bench-scale plant are analyzed.

4.1.1. COy capture from air

Adsorption began immediately after the desorption period of the previous
cycle, which is illustrated in Fig. 6. Introducing ambient air (400 ppm with
very minor variations in concentration) to the hot bed increases the COq
concentration, temperature and humidity of the air leaving the beds. After
about 1h, the CO, concentration at the inlet and outlet were equal, which
signified the actual start of COs adsorption. During the first three hours
of the adsorption, the COy concentration of the exiting air could decrease
as low as 100 ppm for all the beds. As the adsorption continued, the CO,
concentration at the exit started to increase and approached the inlet con-
centration indicating saturation of the bed. During the adsorption process,

the pressure drop across the bed is 400 mbar. At the start of the heating
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process, warm liquid entered the intra-bed heat exchanger at around 80°C
and left at 55°C. The bed was at ambient temperature. At the start of the
desorption period, the bed and the liquid leaving the bed were almost at the
same temperature and were rising at a rate of 0.25°Cmin~! until the inlet
temperature reached about 90°C. The 90°C limit was set to protect the
adsorbents from excessive heating, which may degrade the material. Thirty
minutes before the desorption ended, the temperature of the bed and the
liquid inlet /outlet point dropped abruptly as a result of heating the next bed
pairs. The desorbing beds are in parallel with the beds being heated. The
heating power of the boiler is shared between the two bed sets. At the end
of the desorption, the bed temperature rapidly cooled down as a result of

blowing cooler ambient air directly to the bed.
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Figure 6: CO2 and temperature at the inlet and outlet of beds 3 and 4. (a) CO3 concen-
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Fig. 7 also shows the waste and product vacuum line pressure in the
production phase. During the purging step, the bed was closed and waste
gases were removed by vacuuming down to 50 mbar(abs). The bed vacuum
pressure is presented as the product vacuum line. The purging step was

performed isothermally and thus, only pressure was changed. As reported
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Figure 7: Key temperature and vacuum pressure measured for Bed 4 during the production

phase. r is the radial distance from the center of the bed. The radius of a bed is 500 mm.

(a) Temperature. (b) Vacuum pressure.

elsewhere, the effect of pressure in the desorption of COs is much less sig-
nificant than the effect of temperature [45]. For this reason, the loss of COq
during the purging step was considered insignificant. Over the desorption
period, the vacuum pressure was between 100 mbar(abs) and 200 mbar(abs).
The current setup could not maintain an isobaric condition during the vac-
uum operation because of problems in the product gas compressor operation.
As a result, there was significant variation in the amount of CO5 and water
produced (see Table 2). From the production data, the mean molar ratio of
H0:CO4 was 4.6. The quality of DAC produced water is compared to the
deionized water supplied to the PEM water electrolyzer in Table 3.

The CO2 gas quality during the test campaign is given in Table 2. The
medians of COy concentrations were all above 97 vol-% in all test campaigns.
The equilibrium working capacity of the adsorbent (moles of CO, per kilo-
gram of adsorbent) is reported elsewhere [45]. Due to the large variation in
CO4 production in this device, it is difficult to provide a meaningful com-

parison between the equilibrium working capacity reported in [45]. In a test
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Table 2: Daily production data, energy usage, and product gas quality of the DAC during
the SOLETAIR campaign periods. Some test days were excluded from the analysis due

to missing data when the logging system was not running,.

Stat. COg prod. H30 prod.  FEygeq Egpecific COq H>O (O
® (2) (8)  (kWh) (kWhkggd,) (vol%) (vol-%) (vol-%)
min 729 1493 27.5 15.0 93.85 0.12 0
max 2749 4770 41.8 49.0 100 1.17 1.59
mean, p 1564 2954 36.9 26.4 98.55 0.58 0.3
std. dev., o 549 939 44 10.5 0.70 0.23 0.23
olu 0.35 0.32 0.12 0.40 0.007 0.40 0.74

Table 3: Quality of the water from the DAC and the water fed to the electrolyzer.

Sample Total carbon Total nitrogen NHy pH  Conductivity
(mgL™") (mgL™")  (mgL™") ()  (uSem™)
DAC water 119 101 113.7 7.59 679.5
Electrolysis water 6 0 <0.05 5.27 2.222

campaign, the collected CO, gas was fed straight to the rWGS reactor of the
two-step synthesis process without further purification.

The power consumption of the DAC had two distinct regions. The low
power usage region, which lasted for ca. 15h with a power usage of 0.6 kW,
occurred when the fans were the only power-consuming devices during the
adsorption period. Then, the high power usage region, which lasted for
approx. 9h with an average power usage of 4 kW, occurred for the desorption
period when the boiler was running and was consuming most of the power.

The total energy used per cycle is calculated from power data. Unlike the
CO; production, the energy used per cycle does not vary significantly (see

Table 2) because the operation schedule is almost constant for all the test
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runs. There were instances during the production operation when the boiler
temperature had reached 90°C and caused the boiler to turn off for about
30 min; this caused the variability in total energy consumption of the cycle.

The electrical requirement is for driving the fans, vacuuming, product
compression, data logging setup, and heating the liquid pump. On average,
57.8% of the specific energy requirement is for the thermal requirement, the
rest is for the electrical requirement. The average total energy consump-
tion is 26.4 kthga(l)Q, which is an order of magnitude higher compared to
the energy requirements of Climeworks DAC unit. Climeworks state an en-
ergy requirement of 1.8 kthg&é;Z.éLS kthg&l)2 (data obtained by request
through Climeworks webpage [47]). However, if the amount of CO reaches
the designed production capacity of 3.8 kg/cycle by improving the mechanical
components of the DAC, the specific energy requirement can be lowered to
9.7kWhkg™! (based on the mean energy used in Table 2). The production
levels of this DAC compared to Climeworks are orders of magnitude different.
The high energy requirements of the experimental results was attributed to
the losses generated by the relatively small system of the DAC unit where

heat losses and compression and vacuum power become very significant.

4.1.2. Hydrogen production

The PEM water electrolysis system presented in Section 3 is smaller in
hydrogen production capacity than the F'T synthesis in terms of hydrogen
consumption. Therefore, the PEM water electrolyser was set to operate
at its nominal production capacity of 1Nm?*h~! (90gh™!) throughout the
test campaigns. Partial load operation was not considered, since hydrogen

production had to be maximized. The hydrogen stack outlet pressure was
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controlled down to 40 bar, while the pressure level in the synthesis process was
controlled to 20 bar. The designed hydrogen stack outlet pressure of 50 bar
was not selected to ensure continuous operation. The higher pressure from
the water electrolyser ensured that the hydrogen production could operate
continuously even if the synthesis process would stop for an extended period
of time, as the PEM water electrolyzer is set to automatically shut down if the
storage pressure meets the hydrogen stack outlet pressure. The oxygen stack
outlet pressure was controlled to the nominal 2bar. The water electrolyser
stack was water cooled to 71 °C.

The continuous run times and key mean measurement results from the
PEM water electrolysis system are presented in Table 4. The mean stack
voltage increases from 60.26 V to 60.63 V over the test campaign weeks. The
stack voltage increase can be explained by the increasing trend of the in-
let water conductivity. The average stack specific energy consumption was
49 kVthgﬁz1 assuming unity Faraday efficiency. However, if Faraday effi-
ciency is considered, the stack specific energy consumption increases further.
The Faraday efficiency of the studied PEM water electrolyzer at 40 bar has
been identified as >95 % in nominal operation in [43]. With an assumed Fara-
day efficiency of 95 %, the stack specific energy consumption increases from
49 kVthgﬁz1 to 51 kthgﬁ;. Additional losses in the hydrogen production
system are caused by the hydrogen gas drying unit (average 2.1 kthgﬁ; in
nominal operation) and the small-scale DC power supplies of the PEM water
electrolyzer.

The energy needed for the water electrolysis is mainly consumed by the

PEM stack converting around 80% of the supplied electrical energy into the
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Table 4: Continuous system runtime and mean values of stack voltage, stack current, and
stack inlet water conductivity as well as the produced hydrogen, stack energy consumption,
and stack specific energy consumption from the hydrogen production system for each test
campaign week. Hy outlet pressure was controlled to 40 bar, Oy outlet pressure to 2 bar,

and stack temperature to 71 °C in all test campaigns.

Week 13 Ustack  Istack o Hy prod.  Egtack Es stack
(-) ) (V) (A (uSem')  (kg)  (kWh) (kWhkey,)
24 72.72  60.26 70.20 1.98 6.31 307.6 48.8
26 95.13 60.39 70.23 2.04 8.25 403.5 48.9
28 100.72  60.53 70.21 2.37 8.74 428.0 49
32 94.00 60.63 70.23 3.12 8.16 400.4 49.1

chemical energy of the hydrogen gas. In the studied system, the efficiency
of the DC power source supplying the electrolyzer stack is only around 90%,
but the rectifiers used on the industrial scale may reach an efficiency higher

than 97%.

4.1.3. Two-step synthesis

The performance of the rWGS reactor was checked every test campaign.
The temperature at the bottom of the catalyst bed and pressure of the reactor
remained constant during operation with values of 808 °C and 4 bar. The CO,
and H, conversions also remained unchanged throughout steady operation
with values of 63 % and 34 %, respectively. The products were mainly CO
and H>O, but some methane was formed as a side product. The yields of CO
and CHy were 61.7 % and 1.3 %, respectively.

The performance of the FT reactor was continuously measured during

each of the test campaigns. Fig. 8a shows the CO conversion over time of
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each of the campaigns from the start of the campaign. The Hy conversion
was always slightly lower compared to CO conversion due to the slightly over
stoichiometric composition of the gas feedstock of the FT reactor with Hy/CO
ratio of ca. 2.1. This over stoichiometric composition was chosen in order to
avoid carbon formation in the F'T reactor. For instance, Hy conversion was
58.5% when CO conversion was 60.3 %. These conversion values were quite
representative of the FT process performance [48]. Using these values, the
overall CO, and Hy conversions after the rWGS and FT steps were 38% and
72.6%, respectively. Nevertheless, Fig. 8a shows a decline in the catalytic
activity of the FT catalyst, which seemed to stabilize after long periods of
operation. This initial loss of activity was attributed to the increasing mass
transfer limitations on the catalyst surface resulting from the formation and
accumulation of the heavier fraction of the F'T products in the reactor.

The rate of product formation also decreased over time for all the products
as a consequence of the decrease in the CO conversion. However, the ratio
between wax and oil formation rate increased over time. This indicated an
increase in the average molecular weight of the products from the FT reactor,
and thus, an increase in the average alpha value of the product distribution.
This effect could be due to the accumulation of waxes in the reactor at the
beginning of operation that stabilizes over time.

Fig. 8b shows the molar fraction of each component taking into account
its amount in the oil and wax product. This chart also shows the slopes
of the ASF distributions for alpha values of 0.875 and 0.935. The slope of
the FT product with a lower carbon number (<Csy7) resembles to the ASF

distribution where alpha is 0.875. However, the slope of the distribution
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switches at values Cy;—Cgp. The Cgg, distribution resembles to an ASF
distribution with an alpha value equal to 0.935. This kind of deviation of
a product distribution combining two different alpha values has also been
observed in the literature [38, 49]. The oil product contained hydrocarbons
ranging mainly from C4 to Cy4 (91.1 mass-%). However, it also contained
a small amount of propane (1.5 mass-%) and quite a significant amount of
Cis4 (7.4 mass-%). This analysis clearly showed that the oil phase easily
dissolved propane and butane, which otherwise should be gas in ambient
conditions. The oil product contained mainly paraffinic hydrocarbons but
also small quantities of a-olefins and alcohols. The wax product contained
an even wider range of hydrocarbons from Cj; to Csg (84.8 mass-%). It also
contained <Cj; (2.5 mass-%) and a significant amount of Csg, (12.7 mass-
%). The wax product was also mainly formed of paraffinic hydrocarbons with
traces of olefins. Further, the aqueous phase produced in the FT reactor
contained significant amounts of linear alcohols with a chain length up to
octanol. Thus, this aqueous phase would require purification before reuse in

the system or to be released into the environment.

4.1.4. Qverall results

Fig. 9 shows the simplified diagram of the SOLETAIR pilot plant with
the most relevant energy and material input and output streams for each unit
during the first day of production on week 32. In the case of the two-step
synthesis unit, the value of the electric power input was estimated based on
the heat duty of the feed gas heaters and the rWGS reactor, and the duty of
the compressor (Fig. 5). The duty of the piston compressor was calculated

using an isentropic efficiency of 0.85 [50]. The two heat outputs correspond
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Figure 8: Measurements of FT synthesis. (a) CO conversion over time for each test
campaign. (b) Molar fraction of the components contained in the sum of oil and wax

products, and ASF distributions.

to the heat of the reaction from the FT reactor, and the rest of heat sources,
which are the condenser and the gas cooling units. All the heat duties and

the compressor duty were calculated by simulation in Aspen Plus.

5.60 kW,
4 rWGS Ag. Phase  0.019 kg/h
Grid 491kWy 0.425 kW, 0.264 kW, FT Aq. Phase 0.429 kg/h o
422kgpoh ¥ 0819kW,., Y 121 kw,., ¥ Gas*  0.656 ke/h
2 . 656 ke
<« 0 e » i >
0.591 .
== e @ oil 0.108 kg/h
5.00 kgino/h 123 kgino/h| 0071 kgeop/h Wax 0.148 kg/h
Solar PV s < > L
A A AAA
0.691 kgo,/h 0.083 ke Pl
2o 923 Nm’,/h: V¥ (0.631 kW, 1.13 kgco/h
0.089 kg /h

Figure 9: Simplified diagram of the SOLETAIR pilot plant including mass and energy flow

streams based on production during the first day of operation on week 32. *Gas containing

both the F'T gas product and unreacted Hy, CO, and COs.

In the SOLETAIR pilot plant, only 30.8% of the hydrogen is bound into
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the end products (including FT gas). Most of the hydrogen forms water
together with oxygen in the rWGS and the F'T. Moreover, a significant part
of the hydrogen travels non-reacting through the synthesis process owing to
the conversion limitation of each step of the two-step process. This also
affects the energy efficiency of the process as hydrogen is the main energy
carrier. 59.5% of the carbon ends up in the FT products. This carbon
conversion number reduces to 38% when only the carbon contained in the
COs from the DAC is considered. The carbon efficiency is equal to the overall
CO4 conversion of the two-step synthesis by rWGS and FT. This is also due
to the conversion limitation of the two-step process. A significant loss in
the process is the chemical energy contained in the vented gases containing
unreacted Hy and CO, and FT gases. Therefore, recirculation of unreacted

gases into the process is essential in increasing the overall carbon utilization.

4.2. Theoretical Power-to-X plant

The pilot plant described in Section 3 was far from optimal for several
reasons. First, the process inside each unit was not optimized, and there
was room for improvement in all units. The overall efficiency of the process
could also be improved by integrating energy and mass flows between the
units. Second, there was a clear mismatch of production capacities between
the units because they were not sized only for the purposes of this study. Fi-
nally, these container-sized units constituted a relatively small-scale system.
Therefore, the heat losses and peripheral equipment generated significant
energy loss compared with the overall energy balance. For these reasons, a
study of an improved Power-to-X plant was required to get a clear picture

of its potential and limitations. The process concept development addressed

25



the issues of the Power-to-X pilot plant and aimed at maximizing the carbon
and energy efficiency of each unit and the overall Power-to-X process during

continuous operation.

4.2.1. System improvement

Several improvements have been made to this theoretical configuration
over the SOLETAIR Power-to-X pilot plant. The improvements for DAC
and water electrolysis are based both on experimental results and literature.
In the case of the two-step synthesis, the improvements are also supported
with simulations of an enhanced two-step synthesis process wsing the Aspen
Plus software.

The limitations in COy and CO conversions can be overcome by recir-
culation of unreacted gases back to the first step of the two-step synthesis
process. Howewver, the gas effluent from product condensation after the F'T
reactor contains a significant amount of light hydrocarbons that have to be de-
composed to form Hy and CO again, as well as unreacted COy, CO, and Hs.
Furthermore, these light hydrocarbons are more prone to form carbon at high
temperatures than COy and CO. This carbon can cause problems of fouling
and clogging in the reactor. One solution for this problem is the catalytic par-
tial ozidation (CPO) by addition of oxygen to the mizture of recirculated gas
and fresh Hy and COy feed. The addition of oxygen together with the make-
up gas and recirculation gas will help in decomposing the light hydrocarbons
and avoiding carbon formation by increasing the O/C ratio in the feedstock
of the first step of the process. Now, this first step is called the rWGS/CPO
step because it includes both the rWGS reaction and CPO reactions of light

hydrocarbons. However, pure Oy has to be used in order to avoid dilution of
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the gas mixture with inert components such as the Ny contained in the air.
Thus, the Oy effluent from water electrolysis is a potential source of pure O,
for the new two-step process. However, most of the generated electrolytic oxy-
gen would be unused and vented to the atmosphere or used for other external
processes.

Another limitation of the two-step synthesis process is the compression
between the two steps of the process. Hydrogen can be generated at a high
pressure by the PEM electrolyzer (up to 50 bar). In the experimental setup,
the pressure of the hydrogen was reduced to 4 bar in the rWGS step. Then,
the syngas mizture after the rWGS reactor was compressed to the F'T operat-
ing pressure (20bar). Thus, operating the rWGS/CPO reactor at the same
pressure as the F'T reactor can save the energy used for compression of the
syngas between the two steps. Temperature of the rWGS/CPO reactor also
has to be increased in order to minimize the formation of methane, which is
thermodynamically unfavorable at high temperatures.

Furthermore, the DAC uses the excess heat of the synthesis unit and the
water electrolysis. The DAC uses all of the heat from the synthesis unit that
is above 80°C, and part of the heat generated by the PEM stack to cover
the heat requirement of the DAC process. However, 79% of the PEM stack
excess heat remains unused, and it could be used for other processes that
require low temperature heat. On the other hand, the electrolyzer excess
heat could also be used for DAC if the higher temperature heat from the
synthesis can be used in external processes. This exchange of thermal energy
provides versatility depending on the location of the Power-to-X plant.

The water consumption of the electrolyzer could be further reduced by
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utilizing the water collected in the DAC and the F'T, albeit with some limi-
tations. The water collected after the rWGS/CPO step is used to co-feed the
electrolyzer to reduce its water consumption. Therefore, 10% of the water
requirement for the hydrogen production unit is covered by water recircula-
tion. The amount of water captured by the DAC is heavily dependent on
the ambient conditions of humidity. However, the water captured by DAC
should be further analyzed to understand the required water purification
steps before PEM water electrolysis. Direct use of the DAC water is not
reasonable due to the impurities as presented in Table 3. The FT aqueous
phase includes significant amount of alcohols in its composition that range
from methanol to octanol. These alcohols could accelerate the degradation

of the PEM electrolyzer cells, and thus, these should be cleaned out.

4.2.2. Results

The theoretical Power-to-X plant is sized for a PEM electrolyzer stack
of 1MW. This process concept maximizes the overall carbon and energy
efficiencies of the system. Special attention is paid to the use of excess heat
and water supply between the units. The energy consumption of peripheral
equipment (including civil and industrial areas) of the plant such as control
systems or other instrumentation is neglected in the calculations.

Fig. 10 shows a simplified diagram of the theoretical Power-to-X plant
sized for a PEM electrolyzer stack of 1 MW. This diagram shows the con-
nections of the energy and material streams between units. A summary of
the main technical specifications for each unit of the theoretical Power-to-X
plant are presented in Table 5.

Fig. 11 presents the Sankey diagrams for the energy and mass balances
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of the theoretical Power-to-X plant. As can be seen in Fig. 11b, 95% of the

carbon supplied by the DAC ends up as FT products including gases.

o Mc,in — TC in COz,0ut — MC in CO,out 1
ne = (1)

mMc¢,in

The carbon efficiency is 94% considering liquid and wax hydro-
carbons as the final products. Only 32% of the Hy produced by electrolysis is
stored in the FT products (Fig. 11a). The rest of Hy is contained in the wa-
ter formed in the rWGS/CPO and FT steps. Each molecule of CO, requires
two molecules of Hy to get rid of the oxygen atoms. Thus, the maximum
percentage of Hy that could be stored in the product would be 33.3%. The
hydrogen losses are due to the extra oxygen added for the CPO reactions
and the Hy purged with the rest of purged gases. For that reason, approx-
imately two-thirds of the Hy actually end up forming water. However, the
overall energy efficiency of the Power-to-X plant is 50% considering all the
FT products, and thus, over half of the electrical energy harvested by the
PV power plant would end up in the F'T products. The energy loss due to
CPO reactions is approx. 5% of the total energy input. The overall energy
efficiency reduces to 47% when only FT oil and wax are considered as final

products.

Err oil + EFT wax
Eelectrolyzer + EDAC + Esynthesis

NE =
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ical energy in the F'T wax products, Ejectronzer the electrical energy consump-
tion of the PEM electrolyzer system, Epac the electrical energy consumption

of the DAC, and Esyninesis the electrical energy consumption of the two-step

synthesis.
1140 kW, 12.6 kW,
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1000 kW, | | 75.9kW, A SLTKW,, FT Aq. Phase 59.9 kg/h
H,0 elec. - - >
YY R A | 150 kW, ¥ | Gast 6a7kgh 5
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Figure 10: Simplified diagram of the theoretical Power-to-X plant including mass and

energy flow streams. *Purged gas containing unreacted Hy, CO, and COs.

Table 5: Technical specification of each unit in the theoretical Power-to-X plant.

DAC unit Water electrolysis unit Synthesis unit
CO4 production 136kgh~! Hj production 20.3kgh™! | rTWGS/CPO temp. 980°C-1000°C
Air flow 4.85 x 10° Nm?h~! O3 production 163kgh™! | rtWGS/CPO pressure 20 bar
Blower el. power 51 kW Water consumption | 589kgh~! | Oxygen requirement 12kgh~!
Heat power requirement | 238 kW Nominal stack power | 1 MW FT temp. 230°C-240°C
Type of adsorbent Amine-based ads. into monoliths | Heat power prod. 193 kW FT pressure 20 bar
Operating temp. ambient to 100°C Operating temp. 71°C Total heat power prod. 235 kW
Water prod. 236kgh~! Hy & Og pressure 20 bar Hot trap temp. 170°C
Cold trap temp. 5°C
Purged gas 6.2kgh~!
FT oil production 17kgh™!
FT wax production 24kgh!
FT aq. phase 60kgh?
rWGS/CPOx water prod. | 60kgh~!
Recycle compressor 0.32kW
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Figure 11: Sankey diagrams for the overall mass and energy balances of the theoretical
Power-to-X plant with 1 MW electrolyzer stack input power. (a) Hydrogen mass balance
(% of 20.3kgh~t). (b) Carbon mass balance (% of 37.1kgh™1). (c) Energy balance (%
of 1140kW ).

The total average electrical power consumption of the theoretical Power-
to-X plant is about 1.14 MW. This electric power is mainly used for elec-
trolysis (1 MW) but also for power electronics (losses) and other auxiliary
devices of the Hy production unit (76 kW), for the air blowers of the DAC
unit (51 kW), and for the compressors of the synthesis unit (12.6 kW). Thus,
the power for running the air blowers for the DAC represents less than the
3% of the total energy consumption of the plant. The synthesis unit also

includes a two-stage compressor to increase the pressure of the CO5 from the
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DAC from atmospheric to 20 bar. Considering all these power consumptions,
the annual energy consumption of the plant is 9 GW h. The annual solar PV
plant production exceeds 2000 kWh/kW,, in the locations in the world where
the annual solar radiation is at highest [51]. Under this assumption and as-
suming that this plant would be powered only by solar energy, the estimated
solar PV panel area needed for this theoretical plant would be 2.6 ha. If the
plant is driven solely on solar power, a battery energy storage is needed to
compensate for variation in daily radiation. If the plant is constantly con-
suming the nominal power, the battery energy storage capacity should be in
the range of 13 MW h. However, by optimizing the plant for variable energy
production by adding a hydrogen intermediate storage, overrating the water
electrolyzer, and applying an intelligent plant control, the energy storage ca-
pacity could be significantly decreased. Further dynamic operation studies
and process optimization are required to optimally dimension the battery

and intermediate gas storages.

5. Conclusion

The production of carbon neutral fuels based on renewable energy was
demonstrated in the SOLETAIR pilot in Finland in 2017. Electricity from
a solar PV power plant and the local electricity grid was used for hydrogen
production with water electrolysis, direct air capture of COs, and two-step
synthesis. Fischer-Tropsch synthesis was applied to produce gas, liquid, and
solid (wax) hydrocarbons including co-feeding of Hy and CO from a gas
container. Overall, the system achieved a production of 6.2kg per day of

combined FT oil and wax. The system was operated for about 300 h in four
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test campaigns. The total COy and CO conversions were about 38% and
60.3%, respectively, owing to the conversion limitations from the rWGS and
FT reactors. Recirculation of unreacted gases into the process would be
required to significantly increase the overall carbon utilization. The energy
requirement of the DAC was estimated as 26.4 kthgéé‘)z, 57.8% of which
was the required thermal energy.

A theoretical Power-to-X plant is presented. This plant uses only solar
PV electricity, water, and CO, from ambient air as the feedstock. All the
heat requirement of the DAC unit is supplied by the synthesis and water
electrolysis units. The water requirement of the electrolyzer is partly covered
by the water condensed after the first step of the synthesis. The carbon
efficiency of the plant is 94% considering liquid and wax hydrocarbons as
final products. The rest of carbon is lost as a consequence of the purging of
the effluent gases in the recirculation loop of the synthesis unit. Although
two-thirds of the hydrogen ends up forming water again, half of the energy
carried by the hydrogen ends up in the FT products. The overall energy
efficiency of the theoretical Power-to-X plant is 47% considering liquid and
wax hydrocarbons as final products.

Future studies include measurement and weather forecast based DAC
process control and system integration of Power-to-X systems into office
buildings. Intelligent control of Power-to-X systems requires studying the
dynamic behavior of the Power-to-X system units and the required energy

and gas storages allowing off-grid operation.
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