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HIGHLIGHTS

« Sorption enhanced CO, hydrogenation to methanol is studied via process modeling.
« Reactor model is based on experimentally validated kinetic data.

« Dynamic model considers unreacted gases recirculation and product separation.

« Process parameters for production of high purity methanol product are determined.
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Sorption enhanced synthesis has been previously shown to improve carbon dioxide hydrogenation to
methanol by mitigating the thermodynamic limitations. This work investigates the efficiency of methanol
synthesis via sorption enhanced carbon dioxide hydrogenation focusing on determining the optimal pro-
cess parameters. The study is based upon a fully dynamic experimentally validated model of the process
which is extended to account for adsorbent regeneration, downstream product separation and recircula-
tion of the unreacted gases. An additional reactor configuration with a guard adsorbent layer is proposed
for production of high purity methanol product. A multi-objective optimization study is performed to
investigate the tradeoff between methanol production rate and product purity. The obtained results indi-
cate that for synthesis of high purity methanol product, the optimal values of reactor temperature and
catalyst mass fraction in the bed are 215 °C/0.65 and 235 °C/0.50 for the adiabatic and quasi-

isothermal reactors, respectively.
© 2022 The Author(s). Published by Elsevier Ltd. This is an open access article under the CC BY license
(http://creativecommons.org/licenses/by/4.0/).
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1. Introduction CO, + H,=CO + H,0 AH° = 41.2k]/mol )
Methanol is one of the most important commodity chemicals in

CO; + 3H,=CH;30H + H,0 AH° = —49.8k]/mol 3
the world and global demand for methanol is constantly growing. 23t R J/ 3

Not only does methanol serve as a precursor for the synthesis of a
wide variety of essential chemicals, it can also be used as a clean-
burning transportation fuel or as a hydrogen carrier in fuel cells
(Kung, 1994; Gurau et al., 2020). Conventionally, methanol is pro-
duced by catalytic conversion of syngas over Cu/ZnO catalysts
under pressure of 50-100 bar and temperature of 200-250 °C
(Fiedler Eckhard et al., 2007). Methanol synthesis proceeds via
the following reactions:

CO + 2H,=CH3;0H AH° = —91.0k]/mol 1)
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As indicated by Eq. (3), methanol can also be produced via
direct hydrogenation of carbon dioxide. In principle, this process
is forecast to play a pivotal role in the decoupling of the chemical
industry from fossil-based resources (Kdtelhon et al., 2019). How-
ever, this route is much less efficient in view of the severe equilib-
rium limitations originating from the stability of the carbon
dioxide molecule (Westerterp et al., 1989). Moreover, without car-
bon monoxide in the feed, formation of water via the reverse water
gas shift reaction (Eq. (2)) increases, further exacerbating the
thermodynamic limitations (Arena et al., 2007). An additional issue
posed by the excessive formation of water is its detrimental impact
on the catalytic material, which is mainly associated with inhibi-
tion of catalyst active sites (Ma et al., 2009; Sahibzada et al., 1998).

In-situ removal of water has been recognized as a promising
intensification strategy for alleviating the thermodynamic
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Nomenclature

Greek symbols

&p bed porosity;
& particle porosity;
& total bed porosity (considers the total void volume

& =2¢+(1—28)ép);

Padsp adsorbent particle density, kg/m?;

Pads adsorbent bulk density, kg/m>;

Peat catalyst bulk density, kg/m?;

Pw reactor wall density, kg/m®;

i stoichiometric coefficient of component i for reaction j;
u gas dynamic viscosity, Pa s;

1 effectiveness factor of reaction j;

Tup flow residence time in the high-pressure flash drum, s;
Other symbols

bu,00 Langmuir adsorption isotherm fitting parameter, Pa~";

bu,0 Langmuir adsorption isotherm parameter, Pa~';

Cp.ads adsorbent heat capacity, J/(kg K);
Cp,cat catalyst heat capacity, J/(kg K);

Cog gas heat capacity, J/(mol K);

Co.h,0 adsorbate heat capacity, J/(mol K);

Cow reactor wall material heat capacity, J/(kg K);

D, micropore diffusivity, m?/s;

D, axial dispersion coefficient, m?/s;

D, macropore diffusivity, m?/s;

Fy flowrate of the make-up stream during the reaction
step, mol/s;

Fgosup  flowrate of the top product of the high-pressure flash
drum, mol/s;

Flig.np flowrate of the bottom product of the high-pressure
flash drum, mol/s;

Fiigrp flowrate of the bottom product of the low-pressure flash
drum, mol/s;

Fout flowrate of the reactor outlet stream during the reaction
step, mol/s;

F, flowrate of the recycle stream during the reaction step,
mol/s;

fi partial fugacity of component i, bar;

hin reactor wall - catalyst/adsorbent mixture heat transfer
coefficient, J/(m? K s);

hout reactor wall - reactor wall surroundings heat transfer
coefficient, J/(m? K s);

K; adsorption constant of component i, bar™;

Kpj equilibrium constant of reaction j;

kipr mass transfer coefficient for water adsorption on the
adsorbent, s71;

ke film mass-transfer coefficient for water adsorption on
the adsorbent, s71;

k; kinetic constant of reaction j, mol/(s bar kgca¢);

kw reactor wall axial thermal effective conductivity,

JI(kg K's);

k, bed axial effective thermal conductivity, J/(kg K s);

L reactor length, m

Mu,0 adsorbent saturation capacity, mol/kg;

p reactor pressure, Pa;

Ph reactor pressure during the reaction step, Pa;

D reactor pressure during the regeneration step, Pa;

q adsorbent loading, mol/kg;

q* equilibrium adsorbent loading, mol/kg;

R universal gas constant, J/(mol K);

R; rate of reaction j per weight of catalyst, mol/(s Kgcat) ;

Te micropore radius, m;

Tin inner reactor radius, m;

Tout outer reactor radius, m;

Tp average particle radius, m;

Tout reactor wall surroundings temperature, K;

Treac reaction step temperature, K;

Tw reactor wall temperature, K;

T bed temperature, K;

t time, s;

teycle total cycle duration, min;

tp time step during reaction step simulation, s;

Epres pressurization step duration, s;

Ldepr depressurization step duration, s;

v interstitial gas velocity, m/s;

XiHp component molar fraction in the bottom product of the
high-pressure flash drum;

XiLp component molar fraction in the bottom product of the
low-pressure flash drum;

Vi component molar fraction in the reactor;

Yinp component molar fraction in the top product of the
high-pressure flash drum;

Yiip component molar fraction in the top product of the low-

pressure flash drum;

Yiinlet component molar fraction at the reactor inlet during the
' reaction step;

Vs component molar fraction in the make-up stream;

Yy component molar fraction in the recycle stream;

z axial coordinate over the reactor length, m;

AHq4s p,0 heat of water adsorption on the adsorbent, J/(mol);
AHg; heat of reaction j, J/(mol);

List of Acronyms:
SE Sorption-Enhanced;
DME Dimethyl ether;

GHSV  Gas Hourly Space Velocity;
PDEs Partial Differential Equations;
ODEs Ordinary Differential Equations;

PSA Pressure Swing Adsorption
VLE Vapor Liquid Equilibrium;

limitations and thereby facilitating the methanol synthesis reac-
tions (van Kampen et al., 2021). In general, the two main technolo-
gies considered most suitable for in-situ water removal are
membrane-based separation and adsorption (van Kampen et al.,
2019), although other separation methods have also been proposed
(van Bennekom et al., 2013; Reichert et al., 2019; Bos and Brilman,
2015). The membrane-based separation strategy involves conduct-
ing the synthesis in a membrane reactor, where removal of prod-
ucts is achieved by selective permeation through the membrane.
In the case of adsorption, a reactor column is packed with a mix-
ture of catalyst and adsorbent, with the latter serving as a water

retaining agent. This technique is generally referred to as sorption
enhanced (SE) synthesis (Carvill et al., 1996). Although, SE synthe-
sis provides an opportunity to greatly increase both single-pass
conversion and product selectivity, the process requires periodic
regeneration of the adsorbent due to its limited sorption capacity.
However, when applied to methanol production, SE synthesis tech-
nology is preferable over the membrane-based separation route.
Elevated process temperatures required for the methanol synthesis
reactions (Egs. 1-3) make application of polymeric membranes
impossible because of their unsatisfactory thermal stability prop-
erties (Li et al., 2021). While inorganic membranes, such as zeolite
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membranes, are more stable under harsh thermal conditions, they
typically exhibit lower permselectivities for water molecules under
the methanol synthesis conditions due to weak water adsorption
at higher temperatures (Sandstrom et al., 2010; Lee et al., 2018;
Zhu et al., 2005). Although very promising results have been
reported by Li et al. (Li et al., 2020), who have demonstrated highly
efficient carbon dioxide hydrogenation to methanol in a lab-scale
membrane reactor, application of membrane reactors for industrial
scale methanol production currently remains impractical due to
numerous design challenges. Particularly, scaling-up of the prepa-
ration of high-quality membranes and making gas-tight membrane
modules that can withstand methanol synthesis conditions are
some of the major hindrances in terms of industrial-scale imple-
mentation of the process (Li et al., 2021).

SE synthesis is widely recognized as an intensification strategy
holding much promise particularly in application to thermody-
namically limited hydrogeneration reactions. The SE synthesis con-
cept has been utilized to intensify processes such as carbon dioxide
methanation (Borgschulte et al., 2013), the water gas shift reaction
(Boon et al., 2017; Hu et al., 2019) methanol and dimethyl ether
(DME) synthesis (van Kampen et al., 2021; van Kampen et al,
2020; Van Kampen et al., 2021). SE synthesis of methanol is of par-
ticular interest in conjunction with downstream product process-
ing since, unlike SE DME synthesis (Skorikova et al., 2020), the
process confers an advantage of simplified product separation.
Methanol and water, being the only liquid products, are easily sep-
arated from the other components involved in the synthesis.
Therefore, if water is selectively retained by the adsorbent, a highly
concentrated methanol product can be obtained without elaborate
downstream purification.

Although experimental investigation of methanol synthesis via
SE carbon dioxide hydrogenation remains rather limited so far, it
has been demonstrated that in-situ removal of water indeed
improves methanol production. However, the increase in produc-
tion rate was reported to be more significant for carbon monoxide
(Terreni et al., 2019). Moreover, in our previous work (Maksimov
etal., 2021), the acquired experimental data were shown to deviate
considerably from the predictions of the reactor model based on
the well-established kinetic interpretation of methanol synthesis
(Graaf et al., 1988). In a recent study on the topic of SE methanol
synthesis catalysis, Nikolic et al. (Nikolic et al., 2021) reported that
varying water partial pressure influences individual steps of the
methanol synthesis reactions. More specifically, the study found
that under SE methanol synthesis conditions, due to in-situ water
adsorption, a considerable amount of reaction intermediates is
formed and accumulated before being converted to the end prod-
ucts. These findings correlate with the aforementioned discrepan-
cies between the experimental observations and the reactor
simulation results and also indirectly substantiate the updated
kinetic constants (Maksimov et al., 2021) proposed for more accu-
rate description of the system.

A plethora of research efforts has been devoted to investigation
and optimization of SE methanol synthesis via mathematical mod-
eling of the process. A rigorous thermodynamic analysis of carbon
dioxide hydrogenation to methanol with in-situ water sorption has
been performed by Zachopoulos and Haracleous (Zachopoulos and
Heracleous, 2017). Simulating the steady-state performance of
methanol synthesis reactor by minimizing the Gibbs free energy
of the input reactants, they have reported a consistently higher
methanol yield for the SE carbon dioxide hydrogenation process.
Arora et al. have developed a generalized framework for dynamic
simulation of SE processes (Arora et al., 2018), and with it, they
have analyzed the optimal performance of an SE methanol synthe-
sis reactor (Arora et al., 2018). Bayat et al. have also conducted sev-
eral studies focusing on dynamic modeling and optimization of SE
methanol synthesis and proposing conceptually novel reactor
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configurations for the process (Bayat et al., 2014; Bayat et al,,
2014; Bayat et al., 2016). Although these studies capture the
dynamic nature of the SE methanol synthesis process, they are
based on the kinetic model that has been developed for steady
state methanol synthesis and does not take into account the effect
of in-situ removal of water. Furthermore, the modeling of non-
reacted gases recirculation is not sufficiently addressed either.

Therefore, to accurately evaluate the process performance, this
work is based on an experimentally validated dynamic model of
the reactor for SE carbon dioxide hydrogenation to methanol
(Maksimov et al., 2021). The model is extended to account for
adsorbent regeneration and downstream product separation. Con-
sidering that in-situ removal of water significantly enhances car-
bon monoxide production, a particular emphasis is given to the
dynamic simulation of the unreacted gases recirculation.

This work analyzes the performance of a semi-industrial-scale
unit for methanol synthesis via SE carbon dioxide hydrogenation
focusing on the methanol production rate and product quality.
Since the process requires periodic regeneration of the adsorbent,
a system of several reactor columns is needed to achieve quasi-
continuous operation. The total number of reactors and overall
cycle design can be tuned to accommodate a given regeneration
procedure. However, the specific methanol production rate and
product purity are not affected by the total number of the reactors.
Therefore, instead of restricting the study by specifying the total
number of the reactors, a system comprising of a single reactor is
investigated focusing on maximizing the specific production rate.
A series of parametric and optimization studies is conducted to
determine optimal operating conditions and analyze the tradeoff
between specific methanol production rate and product purity.

2. Methodology

In this work, two different reactor configurations for SE metha-
nol synthesis are investigated. In one reactor configuration, the SE
methanol synthesis is carried out in a tubular reactor that is kept at
constant temperature over the entire process cycle. The com-
pressed reacting gases flow through the tube side filled with a mix-
ture of catalyst and adsorbent, while on the shell side, boiling
water maintains a near constant temperature regime within the
reactor. Since, owing to the highly transient nature of the SE
methanol synthesis process, some variations in the bed tempera-
ture cannot be avoided, this reactor is termed ‘quasi-isothermal’.
In the other configuration, the temperature inside a fixed-bed reac-
tor filled with a catalyst-adsorbent mixture is not controlled.
Hence, this configuration is labelled ‘adiabatic’. In this case, the
in-situ water adsorption and the enhanced exothermic hydrogena-
tion reactions (Egs. (1) and (3)) considerably increase the bed tem-
perature during the SE methanol synthesis. Therefore, subsequent
regeneration step, which involves water desorption from the
adsorbent, is significantly improved because of the elevated bed
temperature.

For practical comparison, the dimensions of the studied reactors
were adjusted so that the total bed volume consisting of catalyst
and adsorbent is equal for both reactor configurations. The dimen-
sions of the reactors are provided in Table 1 along with catalyst and
adsorbent bulk density values. In view of the scale of the investi-
gated process, the average spherical particle diameter was selected
as 4 mm for both catalyst and adsorbent. Feed gas consisted of a
stoichiometric (1:3) mixture of carbon dioxide and hydrogen. A
3 A molecular sieve was selected as a water adsorbent due to its
high capacity under elevated temperature conditions and non-
interference with the process selectivity (Maksimov et al., 2021;
Nieminen et al., 2018), which is an issue with larger pore size
adsorbents (Terreni et al., 2019; Nikolic et al., 2021).
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Table 1

Reactor and process parameters.
Parameter Value
Adiabatic reactor diameter, m 2
Adiabatic reactor height, m 8
Adiabatic reactor wall thickness, mm 100
Quasi-isothermal reactor tube diameter, m 0.035
Quasi-isothermal reactor tube length, m 7
Quasi-isothermal reactor tube wall thickness, mm 2
Quasi-isothermal reactor tubes quantity 3750
Average particle diameter, mm 4
Adsorbent bulk density, kg/m? 600
Catalyst bulk density, kg/m> 1500
CO,:H, ratio in the feed 1:3

The complete process cycle is assumed to consist of the follow-
ing steps operated in a consecutive manner: reactor pressurization,
SE reaction, reactor depressurization and adsorbent regeneration.
The flow of the gases during the depressurization and adsorbent
regeneration steps is arranged in the direction opposite to that of
the flow of the gases during the reactor pressurization and SE reac-
tion steps. This arrangement enables more efficient desorption of
water from the adsorbent (Arora et al., 2018). During the pressur-
ization and depressurization steps, the reactor pressure is consid-
ered to change linearly. Although more complex and advanced
adsorbent regeneration schemes have been reported, for example
a temperature-pressure swing adsorption (van Kampen et al,
2020) or a five-step pressure swing adsorption (Leperi et al.,
2019), the selected design confers the advantage of simplicity,
and it was thus deemed most suitable for the purpose of the

CO;:H; mixture
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current optimization study. Fig. 1 provides a general overview of
the process.

In general, for fixed reactor dimensions, the main process
parameters subject to optimization are pressure and temperature
conditions, gas hourly space velocity (GHSV), and catalyst-
adsorbent mixture composition. Except for the catalyst-adsorbent
mixture, these parameters might differ for reaction and regenera-
tion steps of the cycle. Additionally, the duration of the reaction
and regeneration steps are also adjustable parameters, which sig-
nificantly affect the process performance. Considering the dynamic
nature and complexity of the studied process, optimization of
these parameters is an exceptionally demanding task in terms of
computational resources, since simulating even a single reaction-
regeneration cycle might be time-consuming because of the small
integration step size required to resolve sharp fronts of concentra-
tions and temperature propagating through the reactor. In this
regard, since increasing the reactor pressure not only facilitates
the hydrogenation reactions (Egs. (1) and (3)) but also improves
water adsorption, the effect of pressure is omitted in this study
due to its obvious beneficial impact on the process efficiency.
Moreover, to a great extent, selection of the optimal reactor pres-
sure during the reaction step is a matter of economic optimization,
which is out of the scope of the current study. Therefore, the reac-
tor pressure during the SE reaction step is fixed at 50 bar. This
value is practical for industrial scale methanol synthesis reactor
(Nieminen et al., 2019; Nyari et al., 2020), and it was also covered
during the experimental investigation of SE carbon dioxide hydro-
genation process (Maksimov et al., 2021).

Considering the selected reaction step pressure and taking the
data of Boon et al. (Boon et al.,, 2017; Boon et al., 2015) as a

Recycle stream

(Make-up stream)

Purge

Purge gas

'Z
J\7
3

Reaction Depressurization

Pressurization

(1) (2) 3)

Regeneration

\I/ Methanol product

SE reactor pressure

(4)

(1) ) 3) (4)

Fig. 1. Flowsheet of the SE methanol synthesis process 1 - compressor; 2 — heat exchanger; 3 - cooler; 4 - heater; 5 - SE reactor; 6 - high pressure flash drum; 7 - low

pressure flash drum; 8 - purge gas combustor.
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reference, the duration of the pressurization step is set as 5 min to
ensure safe and reliable operation of the reactor. The same dura-
tion is set for the depressurization step. The GHSV values are set
to be equal for reaction and regeneration steps. As heating and
cooling of the reactor are time-consuming operations (van
Kampen et al., 2020), in the quasi-isothermal configuration, the
reactor temperature is set to be equal for reaction and regeneration
steps.

2.1. Process description

During the reactor pressurization step, the reactor column is
pressurized with a stoichiometric (1:3) mixture of carbon dioxide
and hydrogen. The gases are fed to the reactor inlet, while the reac-
tor outlet is sealed. Since the reactor is already heated to the
required temperature before the pressurization, the reactions
and, hence, water adsorption begin already at this stage. Due to
the overall exothermicity of the reactions and water adsorption,
this results in a moderate increase of the bed temperature for the
adiabatic reactor configuration and minor heat production for the
quasi-isothermal reactor configuration.

Once the required reactor pressure is reached, the reaction step
is commenced. During this step, both the reactor inlet and outlet
are open, and the product stream is cooled and sent to the high-
pressure flash separation unit. To facilitate condensation of the
obtained methanol product, the flash separation unit is maintained
at reactor pressure and ambient temperature. The top product of
the flash drum is heated up to the process temperature and recy-
cled back to the reactor. Constant inflow in the reactor is main-
tained by addition of a fresh stoichiometric (1:3) mixture of
carbon dioxide and hydrogen to the recycled stream.

During the course of the SE reaction step, the conversion of the
inlet reactants gradually decreases as the adsorbent gets saturated
with water. As a result, since complete recirculation of the non-
condensables is considered, the flowrate of the recirculated stream
increases during the reaction step while the flowrate of the fresh
make-up stream decreases. This design provides an opportunity
to maximize the conversion of the initial reactants and at the same
time allows for efficient use of the carbon monoxide that is pro-
duced in large quantities during the sorption enhanced carbon
dioxide hydrogenation.

The bottom product of the high-pressure flash separation unit,
consisting predominantly of methanol, is further processed to the
low-pressure flash separation unit, where trace amounts of dis-
solved carbon monoxide, carbon dioxide and hydrogen are
removed. Due to the exothermicity of the enhanced hydrogenation
reactions and water adsorption, the production of heat is at a max-
imum during the SE reaction step, far surpassing heat generation
during the pressurization stage. This results in a considerable
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increase in the bed temperature in the case of the adiabatic reactor
configuration and significant production of heat in the quasi-
isothermal reactor configuration.

In order to facilitate time-efficient regeneration of the adsor-
bent, a depressurization step is needed to decrease the reactor
pressure before the actual adsorbent regeneration. Lower reactor
pressure during the adsorbent regeneration enables more efficient
water desorption. It has been reported that without additional heat
supply, even slightly elevated reactor pressure of several bars can
have a significant adverse effect on the adsorbent regeneration rate
(van Kampen et al., 2020). Therefore, it was decided to depressur-
ize the reactor to ambient pressure before the adsorbent regener-
ation is commenced, as higher pressure would significantly
extend the regeneration step duration. As a result of the pressure
decrease and consequent water desorption, the bed temperature
slightly decreases in the adiabatic reactor configuration, while a
minor supply of additional heat is needed to maintain the required
process temperature in the quasi-isothermal reactor configuration.

During the adsorbent regeneration step, the reactor is purged
with a stream of pure nitrogen to remove water from the adsorbent
and prepare the catalyst-adsorbent mixture for the next process
cycle. The inlet temperature of the nitrogen stream is equal to
the reactor temperature during the reaction step. The desorbed
water is entrained by the nitrogen stream and removed from the
reactor to be condensed in a flash separation unit operating under
ambient conditions. The desorption of water from the adsorbent
consumes a considerable amount of heat, which results in a signif-
icant reduction of the bed temperature in the adiabatic reactor and
high heat supply demand in the quasi-isothermal reactor.

2.2. SE methanol synthesis reactor model

Details of the SE methanol synthesis reactor model were
reported in our previous work (Maksimov et al., 2021), for which
reason only a brief description is provided here. The pseudo-
homogenous reactor model is developed based on the following
assumptions: the flow can be described by an axial-dispersed plug
flow model; the gradients of concentrations, pressure, velocity and
temperature are considered negligible in the radial direction; nei-
ther catalyst nor adsorbent undergo deactivation; the ideal gas law
is followed; and the frictional pressure drop along the catalyst-
adsorbent mixture can be evaluated with Darcy’s equation.

Although the 1-D assumption might seem unsubstantiated in
the case of the adiabatic reactor configuration, it is crucial to
ensure the computational feasibility of the current study. More
specifically, as the model describes complex and rapidly changing
phenomena, it requires considerable computational resources even
without accounting for the radial profile. Insignificant radial dis-
persion can be justified by low gas flow velocities (Tsotsas and

Table 2
Conservation equations of the SE methanol synthesis reactor model.
Species mass conservation Wi _yiaT _ yidp &To (P, 8T 0 (YitP) _ PeaRT ) 4
p (i = Hy0) G=ta -y w0 (o) — 25 ) — P YierVign; (—Ry) )
2
Water species mass conservation Wiyo _ Yrpo g1 _ Y0 dp &To (PVHo enT o (Y0P _ peRT ’ PaasRT 1,0 (5)
(i = 1,0) o=t et Digs s () —pa (T ) — B SierVm0i (—Ry) — P =5
= 2
Overall mass conservation op _por _ aT o (vp) _ Pkl 9. 11 (—R.) — PaasRT Xiipo (6)
o = b E () - P i Xy (—Ry) — B
Momentum conservation Cop 150 (1-2)2 v (7)
9z A2 \ & I3

Overall energy conservation or

Reactor wall element equation

(padscp.uds + pcutCP-Cﬂf + pudSCPszquzO) o ks
PTy + 27 hin (T=Tw) 2 out hour (Tw—Tour)

ar,
.. pWCP-WT[w = kw 022 Tout?—Tin?
(Quasi-isothermal reactor) ‘ (ou* ")

Reactor wall element equation

My _ [ 0T, 21 hin (T=Tw)
. X PuwCpw Tt = kw 7 B iy s
(Adiabatic reactor) %

at (row?—Tin?)

(FoueZ =Tin?)

. &b O(Y] aq i
2T CoghoO0) 4 o (~AHads 1,0) 222 + PoqeSjeMliRi (~AHgj) — 2T~ T,) (8

9)

(10)
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Schliinder, 1988) due to high reactor pressure and low GHSV val-
ues, generally required for SE processes (Skorikova et al., 2020;
Guffanti et al., 2021). Additionally, as reported by Guffanti et al.
(Guffanti et al., 2021), dilution of the catalyst bed with adsorbent
decreases the local maximum bed temperatures. Therefore, regard-
less of the relatively low height-to-diameter ratio of the adiabatic
reactor (Table 1), the 1-D pseudo-homogeneous model is sufficient
for the purpose of the current study.

The conservation equations forming the basis of the SE metha-
nol synthesis reactor model were taken from the literature (Arora
et al.,, 2018; Xiu et al., 2002) and adjusted in accordance with the
reactor configurations investigated in this work. The conservation
equations are reported in Table 2. The obtained system of PDEs is
then discretized in the spatial domain into a system of coupled
ODEs using the finite difference method, and solved in MATLAB
using a standard integration subroutine for stiff problems - ode15s
(Vande Wouwer et al., 2014). The reactor was discretized into 40
spatial compartments as practically no changes in the process per-
formance were observed with more refined discretization.

Kinetics of water adsorption onto the employed adsorbent is
described with the linear driving force model pertaining to the fol-
lowing equation:

aq
5

where q is the adsorbent loading, mol/kg; k;pr is the mass trans-
fer coefficient s='; and g is the equilibrium adsorbent loading,
mol/kg.

The mass transfer coefficient in Eq. (11) accounts for micro- and
macropore diffusion as well as film diffusion phenomena. The coef-
ficient is evaluated as follows (Lin et al., 2014):

1 ( T TP )qpuds,pRT ré
Yu,0P 15D,

3k 15D,

where: r, - particle radius, m; k; - film mass transfer coeffi-
cient, s™'; D, — macropore diffusivity, m?/s; p,,, - adsorbent par-
ticle density, kg/m?; R - universal gas constant, J/(mol K); T - bed
temperature, K; yy,, - water molar fraction; p - reactor pressure,
Pa; r. - micropore radius, m; and D, — micropore diffusivity, m?/s.

The equilibrium adsorbent loading value in Eq. (11) is estimated
with a single-site Langmuir adsorption isotherm model according
to the following equation:

kipr(q" — q) (11)

_ 12
kipr (12)

. mHzoszoJ/HzoP

= 13
1+ bu,0Yn,0P (13)

where my, o is the adsorbent saturation capacity, mol/kg; and by, is
the Langmuir adsorption isotherm parameter, Pa™’.

The Langmuir adsorption isotherm parameter by,o depends on
the process temperature according to Arrhenius equation in the
following manner:

AH,
bu,0 = bu,00€xp [* M} (14)

RT
where: by,o, is a Langmuir adsorption isotherm fitting parameter,
Pa~!; and AHgyu,0 is the heat of water adsorption onto the 3 A
molecular sieves, J/mol.

In our previous works (Maksimov et al., 2021; Maksimov et al.,
2020), the kinetics of methanol formation were determined to be
most accurately described by the kinetic interpretation proposed
by Graaf et al. (Graaf et al., 1988; Graaf et al., 1986). Therefore, this
kinetic model was applied to estimate the rates of the occurring
chemical reactions within the scope of this work. Consequently,
the kinetic expressions used to estimate the rate of the reactions,
Egs. (1)-(3), are given by Egs. (15)-(17) respectively:
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Ry = (17)

where Ry, R; and R; are the reaction rates per weight of catalyst
for reactions (1)-(3) respectively, mol/(s Kgca.); k1, ko and ks are the
kinetic constants, mol/(s bar kgc.t); Kp1, Kp2 and K, 5 are the equi-
librium constants; f; is the partial fugacity of a component i, bar;
and K; is the adsorption constant of a component i onto the catalyst
surface, bar~ 1.

The equilibrium constants in Eqs. (15)-(17) were estimated
according to the correlations proposed in the latest reassessment
of chemical equilibria in methanol synthesis by Graaf et al.
(Graaf and Winkelman, 2016). The values of the kinetic and
adsorption constants for Eqs. (15)-(17) as well as the values of
the adsorbent saturation capacity and Langmuir adsorption iso-
therm parameter for Eqs. (13)-(14) are taken from our previous
work (Maksimov et al., 2021). The mass transfer limitations affect-
ing the rates of the occurring chemical reactions are considered
through effectiveness factors in Eqgs. 4-6. The values of these effec-
tiveness factors are estimated by calculation of the Thiele modulus
using the methodology developed and validated by Lommerts et al.
(Lommerts et al., 2000).

2.3. Adsorbent regeneration via PSA

The complete pressure swing cycle is simulated by consecu-
tively running the reactor model with boundary conditions
adjusted for each process step (pressurization / reaction | depres-
surization | regeneration). At the end of each step, the gas phase
composition, adsorbent loading, reactor pressure and temperature,
as well as reactor wall temperature are stored and used as initial
conditions for simulation of the next process step. Since the metha-
nol synthesis reactions (Eqs. (1)-(3)) and water adsorption occur
already during the pressurization step, the complete cycle simula-
tion starts with this step. This arrangement provides an opportu-
nity to accurately estimate saturation of the adsorbent before the
reaction step is commenced.

Initial conditions for simulation of the complete process cycle
are as follows: at t =0,

q=0, p=p; T = Treac, Tw = Treac, Yo, = 0.25, yy, = 0.75, and
Yco/Ymeon/Yu,0 = 0. Boundary conditions for each step are provided
in the Supporting Information.

For computational efficiency, the cyclic steady state is assumed
to be achieved after the 3rd process cycle as after this point the
changes in the reactor performance were observed to be practically
negligible. Simulation of further process cycles would not yield any
meaningful information in the context of the current work but only
drastically increase the computational demands of the model,
making the optimization study unfeasible.
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2.4. Product separation and recirculation modeling

Modeling of the flash separation units was based on solving the
Rachford-Rice equation (Finlayson, 2006). To calculate the vapor-
liquid phase equilibrium, the phi-phi method was employed for
updating the values of the phase equilibrium constants (Akberov,
2011). The values of fugacity coefficients and compressibility fac-
tors were estimated with the Soave-Redlich-Kwong equation of
state (Soave, 1972) considering van der Waals mixing rules
(Sanni, 2018). A residence time of 5 min was assumed (Skorikova
et al., 2020).

To model the recirculation of the non-condensables from the
high-pressure flash separation unit during the reaction step, the
concentrations of each component at the reactor inlet, y; ;. are
consecutively adjusted considering the recirculation. The inlet con-
centration values are adjusted each second of the simulated time
after the recirculation is commenced. The inlet concentration of
each component is, therefore, determined as follows:

Feyis + vy,

FiF (18)

Yiintet =

where: y; ;... — concentration of component i entering the SE
reactor during the reaction step; Fr - flowrate of the make-up
stream during the reaction step, mol/s; y;; - concentration of com-
ponent i in the make-up stream; F, - flowrate of the recycle stream
during the reaction step, mol/s; and y;, - concentration of compo-
nent i in the recycle stream,;

Thus, when simulating the SE reaction step, the system of cou-
pled ODEs is integrated consecutively for each second of the reac-
tion step. That is, the integration routine is called for each second
of the reaction step separately. The interval of one second was
selected as a reasonable trade-off between improved temporal res-
olution of the simulated phenomena and higher computational
load of the model. More specifically, shortening the interval proved
to drastically increase the simulation running time, while incre-
menting the interval resulted in coarse concentration and temper-
ature profiles. The intermediate points, obtained during a separate
integration, are discarded and only the final solution, representing
the state of the reactor after the simulated second, is stored. Partic-
ularly, the stored data include the distributions of the components’
concentrations, bed and wall temperatures, pressure, and adsor-
bent loading along the reactor length. These stored data together
with the adjusted values of the inlet concentrations of the compo-
nents (Eq. (18)) are then used to set the initial conditions for the
subsequent integration. A visual representation of the recirculation
modeling algorithm is provided in a form of a block diagram in
Fig. 2. This process of stepwise consecutive integration is contin-
ued until the simulation of the reaction step is stopped.

3. Results and discussion

During the reaction step, the concentration of methanol in the
reactor outlet is much higher than in conventional methanol syn-
thesis, while the concentration of water is very low. More specifi-
cally, following the kinetic model and equilibrium constants of
Graaf et al. (Graaf et al.,, 1988; Graaf and Winkelman, 2016);
methanol and water concentrations reach respectively 6.1 mol.%
and 7.1 mol.% at 50 bar and 220 °C in a conventional isothermal
reactor. Similar concentration values are estimated with kinetic
models of Vanden Bussche and Froment (Bussche and Froment,
1996), and Nestler et al. (Nestler et al, 2020; Nestler et al,,
2021). On the other hand, at the same process conditions, in the
quasi-isothermal SE methanol synthesis reactor, methanol concen-
tration increases above 30 mol.%. At the same time, concentration
of water in the reactor outlet is below 0.5 mol.%.
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As the reaction step proceeds and the adsorbent is being
saturated, the outlet concentration of methanol decreases, whereas
the outlet concentration of water increases. In contrast to lab-scale
experiments (Maksimov et al., 2021), the outlet concentration of
water in the very beginning of the reaction step is not negligible.
Since the adsorbent particle size is much larger compared with
the laboratory experiments, the rate of water adsorption is consid-
erably decreased. Therefore, at the end of the pressurization step,
the water formed at the end of the reactor is not completely
adsorbed. Consequently, as can be noted in Fig. 3, concentration
of water in the reactor outlet is above zero immediately after the
reaction step is commenced. Concentrations of methanol and
water in the bottom product of the low-pressure flash separation
unit follow the same pattern. It is worth noting that since methanol
and water are the only condensable species at standard tempera-
ture and pressure, the liquid product obtained after the flash sep-
aration consists almost entirely of methanol as water is retained
by the adsorbent.

The changes in the average reactor temperature for the investi-
gated reactor configurations are vastly different. As shown in Fig. 4,
the temperature in the adiabatic reactor increases drastically dur-
ing the reaction step as a result of the exothermicity of the reactions
and water adsorption. This increase in temperature has a detrimen-
tal effect on the adsorbent saturation capacity (Fig. 5), thus making
the process less efficient in terms of water uptake. However, the
excessive heat produced during the reaction step facilitates water
desorption during the adsorbent regeneration step. The increase
in the reactor bed temperature is sufficient to provide heat for
regeneration without supplying additional heat, with the present
assumption that the inlet temperature of the nitrogen purge equals
the reactor feed temperature during the reaction step.

On the other hand, in the quasi-isothermal reactor, the temper-
ature fluctuations are much less significant, and, as a consequence,
much higher adsorbent saturation is achieved during the reaction
step. As the tube diameter and wall thickness are comparatively
large, the heat transfer between the catalyst-adsorbent bed and
the boiling water in the reactor shell-side is less efficient. At the
beginning of the reaction step, the temperature goes through a
maximum due to the high rate of heat production in the bed. At
the beginning of the regeneration step, however, the bed tempera-
ture experiences a sharp drop due to the rapid endothermic water
desorption.

3.1. Methanol production rate

To investigate performance of SE methanol synthesis in terms of
both improved methanol production as well as increased product
purity, the process was studied so that the reaction step is stopped
once the SE phase ends, i.e., before the water breakthrough point is
reached. The SE phase duration depends on the adsorbent satura-
tion. However, as illustrated in Fig. 3, with the given process con-
figuration, the concentration of water increases gradually.
Consequently, isolating a single point, signifying a distinctive end
of the SE phase, while maintaining a reasonably low water concen-
tration in the product is not possible. Therefore, the reaction step
was stopped when the concentration of methanol in the blend
methanol product drops below 95 wt%.

Since adsorbent loading during the regeneration step decreases
exponentially (Fig. 5), completely regenerating the adsorbent
would be counterproductive in terms of average methanol produc-
tion rate. However, the adsorbent should be regenerated suffi-
ciently so that the process performance and product purity are
maintained at a reasonably high level during the subsequent pro-
cess cycles. Particularly, if the blend product purity is maintained
above 95 wt%, the amount of methanol obtained during a single
cycle was found to decrease by ca. 6.5 % on average if the adsorbent



P. Maksimov, H. Nieminen, A. Laari et al.

[Setting the initial conditions )
Yigle=t, = Vil z€(:13, e=pres. step end
Gple=t, = qlzeq:1), t=pres stepend
Tyle=t, = Tlz€Q1:1), t=pres step end

\ﬁolmzp = plzeq., t=pres. step end )

Initializing reaction
step simulation
p=1

Chemical Engineering Science 252 (2022) 117498

—_—e—,e—e—e—e— e e — =
| v |
/~ .
| - Vilz=t t=t541 High pressure flash drum K| e=gy41 Low pressure flash drum |
Incrementing Reactor model PR Fy e

. " adjusting the VLE constants Tighp|e=tyr1 adjusting the VLE constants
|

time step Integration of the . 3 |

and solving the Rachford- and solving the Rachford-
| L=t+1 PDEs for ¢ €[4, t,+ 1] . - - . |
| vy Rice equation Rice equation
I Yitp|e=t,41 XI}LPIt:tp+1 I
| Frasp|e=t,41 Fiigrp|t=ty11 |
| |
A 4
I Adjusting the initial Calculating the inlet |
it concentrations via Eq. 18
| conditions Viintet| =41 = q Methanol product I
| Viglemtyit = [ Vitetle=tt ; ( accounting for 7yp) iti te= 41 I
| ] Yirle=tyt = Yinple=t,-typ composition at = ¢,

| Fil €@, e=g541 Frle=tp1 = Frasup|e=t,-typ |
I No recirculation - reactor inlet unchanged: Jiyle=ty+1 = Jil zequs), e=t,11 . . |
| Stepwise consecutive |
N e otegmton g
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temperature — 220 °C; GHSV - 400 h™!; solid lines denote values at the reactor outlet; dashed lines denote values in the bottom product of the low-pressure flash drum (the
values are shifted in time accounting for the flow residence time in the separation section).

loading after the regeneration step is kept at 5% of the maximum
attainable loading for given process conditions. For the values of
10 %, 20 %, and 50 % of the maximum attainable loading, the
decrease is ca. 12.9 %, 26.5 %, and 75.8 % respectively. Therefore,
the regeneration step was considered complete when the average
adsorbent loading in the reactor drops below 5% of the average
adsorbent loading at the end of the reaction step.

The specific methanol production rate over a complete process
cycle is, therefore, determined as:

L,
( S Xmeon 1pFrpd t) MW eon

Pl‘OdMe()H = foeV
cycleV'r

(19)

where:

Prodyeon — specific methanol production rate, kg/(m® min);
Xmeonp — Methanol concentration in the bottom product of the
low-pressure flash drum; F;p - molar flowrate of the bottom pro-
duct of the low-pressure flash drum, mol/s; MWyeoy — methanol
molar weight, kg/mol; t¢,q. — total cycle duration, min; V, - reactor
volume, m>; tyq: — time, when the reaction step is commenced, s;
and t.,y - time, when the reaction step is stopped, s.

The combined effect of the catalyst-adsorbent ratio and process
temperature is of great interest, as these parameters largely deter-
mine the water retention capabilities of the reactor and, conse-
quently, the duration and efficiency of the SE phase. Therefore, a
parametric study investigating the specific methanol production
rate (Eq. (19)) in a SE methanol synthesis reactor at different pro-
cess temperatures with varying bed composition was conducted
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Fig. 5. Simulated evolution of the average adsorbent loading for the investigated
reactor configurations; catalyst:adsorbent ratio - 1:1; temperature - 220 °C; GHSV
- 400 h™'; (1) - pressurization; (2) - reaction; (3) - depressurization; (4) -
regeneration.

for GHSV of 200, 400 and 800 h~! referring to the whole bed vol-
ume. The GHSV range was selected to ensure feasible duration of
the reaction step within the limits of 5 and 120 min. The range is
in good agreement with the values previously reported for SE
DME synthesis studies (Skorikova et al., 2020; Guffanti et al,,
2021). The results are given in Fig. 6 and Table 3.

It can be noted that a clear optimal combination of process tem-
perature and catalyst-adsorbent ratio exists for each case. More-
over, an increase in GHSV results in consistent methanol
production rate improvement, although at the cost of moderately
narrowing the optimal parameters envelope. The increase in pro-
duction rate is achieved as a result of shortening both the reaction
and regeneration steps. In general, the results agree reasonably
well with the findings of Arora et al. (Arora et al., 2018). However,
the results obtained in this work provide optimal process parame-
ters that ensure production of high purity methanol product,
which significantly simplifies downstream processing.
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In general, increasing the GHSV results in an increase in the
optimal reactor temperature as this improves the kinetics of the
occurring reactions. This shift of the optimal reactor temperature
is more prominent in the quasi-isothermal reactor since tempera-
ture control is more efficient with this configuration. In contrast,
overheating during the reaction step in the adiabatic reactor is sig-
nificant already at the optimal temperature, which evidently hin-
ders methanol production. Consequently, the methanol
production rate is generally ca. 30% lower in the adiabatic reactor
configuration. It is also worth noting that the ratio of the reaction
step duration to the regeneration step duration decreases with
increasing GHSV. This ratio is more favorable for the quasi-
isothermal reactor configuration in light of the more efficient tem-
perature control. In general, even for the high GHSV value, the
steps are comparable in terms of duration.

Furthermore, in addition to the analysis of the specific produc-
tion rate, methanol yield was investigated in order to evaluate the
loss of the reactant and product species due to the depressuriza-
tion and purging steps and the low-pressure flash separation.
Methanol yield values were determined for both reactor configura-
tions for different process temperatures at varying bed composi-
tion. The results can be found in the Supporting Information. It
is noteworthy that methanol yields are below 90% regardless of
complete recirculation of the non-condensables during the reac-
tion step. The cause for the low yields is the losses of methanol
during the depressurization and purging steps. In the current
design, methanol removed from the reactor during these steps is
not collected as a product but is instead combusted to acquire
additional heat. However, it should be emphasized that the process
is not optimized, and the losses can be reduced with additional
recirculation loops and separation units. The highest yields were
recorded close to the optimal catalyst:adsorbent ratios for the
highest specific methanol production rates.

3.2. Guard layer configuration

One way of increasing the purity of the obtained methanol pro-
duct is to substitute the catalyst-adsorbent mixture at the end of
the reactor with pure adsorbent. Such a configuration would
ensure that the reactor outlet stream at the beginning of the reac-
tion step contains a minimum amount of water. The adsorbent
layer at the end of the reactor is thus termed the guard layer. As
presented in Fig. 7, incorporating a guard layer in the SE reactor
provides an opportunity to considerably decrease water concentra-
tion in the outlet stream and in the obtained methanol product.
However, it is also worth noting that the methanol production rate
is slightly lower since the total amount of catalyst in the SE reactor
with the guard layer is lower than in a conventional SE reactor at
the same catalyst-adsorbent ratio.

The performance of the SE reactors with a guard layer was eval-
uated in terms of the specific methanol production rate following
the methodology and constraints outlined in the previous section.
The guard layer volume for the investigated cases is taken as 10%
and 20% of the total reactor volume. The parametric study results
are given in Fig. 8 and Table 4.

The results of the parametric study indicate that introducing a
guard layer in a SE methanol synthesis reactor causes a marginal
decrease in the specific production rate even with optimal process
parameters. This decrease is more significant in the case of the adi-
abatic reactor configuration due to the less favorable conditions for
water adsorption. The decrease in the production rate depends on
the guard layer volume, as the increase in the guard layer thickness
is inversely proportional to the total amount of catalyst in the reac-
tor. Therefore, although the estimated optima are practically
unchanged relative to the conventional SE reactor configuration,
increasing the guard layer volume to 20% in the case of the
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Fig. 6. Specific methanol production rate as a function of process temperature and bed composition; the color bars represent specific methanol production rate, kg/(m* min);
(a), (c), (e) - results for the adiabatic reactor configuration for 200, 400 and 800 h~! respectively; (b), (d), (f) - results for the quasi-isothermal reactor configuration for 200,
400 and 800 h~! respectively; the mark with 2 concentric circles denotes the point of maximum methanol production rate.

Table 3
Optimal values of process temperature and catalyst mass fraction for SE methanol synthesis.
Adiabatic reactor configuration Quasi-isothermal reactor configuration
GHSV, h™! 200 400 800 200 400 800
Temperature, °C 225 225 230 230 235 240
Catalyst fraction (mass basis) 0.75 0.60 0.55 0.45 0.50 0.50
Specific methanol production rate, kg/(m> min) 0.23 0.36 0.43 0.33 0.49 0.67
Reaction step duration, min 19.9 119 5.7 68.2 29.8 125
Regeneration step duration, min 15.2 10.9 6.6 31.8 18.5 8.5
quasi-isothermal reactor shifts the optimal catalyst fraction in the The results of the parametric study investigating methanol yield
bed toward the higher values. This effect is less pronounced for the in the SE reactors with the guard adsorbent layer can be found in
adiabatic reactor due to its generally much lower productivity. the Supporting Information. It can be concluded that introduction
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Fig. 7. Simulated evolution of methanol (a) and water (b) concentrations in the SE reactor with guard layer during the reaction step; quasi-isothermal reactor configuration;
catalyst-adsorbent ratio - 1:1; temperature — 220 °C; GHSV - 400 h™'; guard layer volume - 10% of the total reactor volume; solid lines denote values at the reactor outlet;
dashed lines denote values in the bottom product of the low-pressure flash drum (the values are shifted in time accounting for the flow residence time in the separation

section).

Reactor temperature, degC

(c)

Reactor temperature, degC

(d)

508 0.3 So08 045
§ ] § Uit
\.; 0.6 0.25 3; 0.6 0.35
o 2 0.3
S — S '
Eoa 0.2 = 0.4 — 0.25
> — >
8 [ [ S 0.2
8 0.2 s 8 0.2 0.15
[T 1
220 240 260 220 240 260
Reactor temperature, degC Reactor temperature, degC
(a) (b)
508 508 04
o 0.25 o
o o
C= =
0.6 0.6
[} 2]}
© 0.2 © 0
IS = ]
§0.4 20.4
s 0.15 © 0.2
So2 So2
0.1
220 240 260 220 240 260
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of the guard layer does not substantially affect methanol yield.
However, it is worth noting that the pattern of the increase in
the optimal catalyst fraction with the increase in the guard layer
volume is also relevant for the methanol yield values.

3.3. Methanol product purity vs production rate

Improving the methanol production rate and increasing the
obtained methanol product purity are conflicting objectives as an
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Table 4
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Optimal values of process temperature and catalyst mass fraction for SE methanol synthesis in SE reactors with a guard layer.

Adiabatic reactor configuration

Quasi-isothermal reactor
configuration

Guard layer, 10 %
fraction of the total reactor volume
GHSV, h™! 400
Temperature, °C 225
Catalyst fraction (mass basis) 0.75
Specific methanol production rate, kg/(m> min) 0.32
Reaction step duration, min 16.3
Regeneration step duration, min 10.6

20 % 10%

400 400 400
225 235 235
0.75 0.50 0.55
0.29 0.48 0.45
22.8 40.5 48.5
13.6 19.1 18.5

increase in one will inevitably cause a decrease in the other.
Therefore, a multi-objective optimization study was performed to
investigate the tradeoff between the methanol product purity
and specific methanol production rate. Instead of a single
optimum, multi-objective optimization yields a set of solutions
among which selection of the best solution is challenging without
additional input regarding preference for one of the objectives.
These solutions are called non-dominated solutions. The non-
dominated solutions form a front, which is often referred to as
Pareto front.

The optimization study was conducted considering the follow-
ing 4 process parameters: process temperature, catalyst-
adsorbent ratio, GHSV and reaction step duration. The specific
methanol production rate was determined following Eq. (19).
Methanol product purity was expressed as methanol concentration
(on a mass basis) in the final methanol product blend. To obtain a
well distributed frontier of the non-dominated solutions, a non-
dominated sorting genetic algorithm (NSGA-II) (Deb et al., 2002)
was employed. As an evolutionary algorithm, NSGA-II is exception-
ally efficient in terms of avoiding local minima, a shortcoming that
is particularly significant for gradient-based optimization algo-
rithms (Subraveti et al., 2019). In addition to that, due to its capa-
bility of preserving diversity among solutions within the same
nondominated front, NSGA-II yields a well-resolved Pareto front.
This way, NSGA-II is the most practical algorithm for investigating
the trade-off between several conflicting objectives, as was
demonstrated by previous studies on the topic of PSA processes
optimization (Hao et al., 2021; Haghpanah et al., 2013).

The optimization study was performed for both reactor config-
urations with and without a guard adsorbent layer. Taking account
of the results of the parametric studies, the guard layer volume was
fixed at 10% of the total reactor volume. This value was selected as
a reasonable tradeoff between the decrease in specific methanol
production rate and increase in product purity.

In view of the high computational demand of the optimization
problem, the maximum number of generations was limited to 20.
The population size of each generation was set to 50 for the pur-
pose of acquiring a sufficient number of optimal non-dominated
solutions, thus ensuring a well resolved shape of the Pareto front.
Although the maximum number of generations may seem low,
the obtained results indicate that the intermediate solutions oscil-
late in close vicinity to the non-dominated solutions in the final
generations. Therefore, further increase in the number of maxi-
mum generations would not be worth the additional computa-
tional effort. To ensure that the optimization is performed within
the feasible region, upper and lower bounds were applied to the
investigated process parameters (Table 5). The optimization algo-
rithm was implemented in MATLAB using the ‘gamultiobj’ function.

Since the current optimization study focuses solely on the
methanol production rate and product purity, identifying a single
optimum point among the determined non-dominated solutions
is challenging. Therefore, for each set of non-dominated solutions,
a single optimal solution was selected following the technique for
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Table 5
Constraints for the multi-objective optimization study.

Lower bounds Upper bounds

Reactor temperature, °C 200 250
Catalyst mass fraction 0.2 0.8
GHSV, h™! 200 1000
Reaction step duration, min 5 120

the order of preference by similarity to the ideal solution (Wang
and Rangaiah, 2017). In this optimization study, the ideal solution
is a non-existent hypothetical point of maximum attainable speci-
fic methanol production rate and maximum attainable product
purity. The obtained results are given in Fig. 9. The optimal process
parameters determined for the non-dominated solutions are pro-
vided in the Supporting Information.

The results indicate a clear inverse relationship between the
specific methanol production rate and product purity. Improving
product purity requires maintaining favorable conditions for water
adsorption in the SE reactor and/or stopping the reaction step ear-
lier. Consequently, non-dominated solutions associated with
increased product purity are given by lower values of reactor tem-
perature, catalyst fraction and GHSV, as well as shorter reaction
steps. On the other hand, the points of increased methanol produc-
tion rate favor enhancing methanol synthesis reactions over facil-
itating the adsorption phenomena. Thus, higher values of GHSV
and catalyst fraction are preferred for the higher specific methanol
production rate, while temperature generally oscillates around the
optimal point. The reaction step is also maintained for a much
longer period.

In the case of the quasi-isothermal reactor configuration, the
determined Pareto front follows the parabolic trend common for
two-objective-maximization problems, whereas for the adiabatic
reactor, the front exhibits a rather non-convex shape. In general,
in agreement with the results of the parametric studies, methanol
production is much less favorable for the adiabatic configuration.
The Pareto fronts determined for the guard layer reactor configura-
tions bear considerable similarities with the results acquired for
the conventional SE reactors. However, it is worth noting that for
the reactors with a guard adsorbent layer, higher methanol pro-
duction rates are maintained at increased product purity. At the
same time, the decrease in product purity with increase in specific
production rate is also much steeper after the tipping point for the
SE reactors with the guard adsorbent layer. Consequently, the
optima estimated for the conventional SE reactors exhibit lower
product purity.

Although the optima selected for the determined sets of non-
dominated solutions provide general information about the pro-
cess conditions most suitable for satisfying both objectives, they
are dependent on the points of maximum production rate and pro-
duct purity. Therefore, these selected optima might be misleading
when selecting a target production rate and product purity. Hence,
in the current study the acquired Pareto fronts were investigated
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Fig. 9. Multi objective optimization results (a) — adiabatic reactor configuration; (b) — quasi-isothermal reactor configuration; (c) - adiabatic reactor configuration with 10%
guard layer; (d) - quasi-isothermal reactor configuration with 10% guard layer; blue markers denote intermediate optimization results; red markers denote non-dominated

solutions; black circles highlight selected numerical optimums.

further to analyze the tradeoff between the conflicting objectives.
Following the approach of marginal rate substitution (Dorfman,
2017), the gain in specific methanol production rate per unit of sac-
rifice in the product quality was determined for the acquired non-
dominated solutions. The results are given in the Supporting
Information. Considering the obtained results, it is noteworthy
that the region of highest increase in the specific production rate
with the lowest decrease in the product purity is found at lower
methanol production rates. This tradeoff is considerably more
favorable for the reactor configurations with the guard adsorbent
layer. Furthermore, in this regard, the quasi-isothermal reactor
configuration is also preferable over the adiabatic configuration.
Based on these results, it can be concluded that the quasi-
isothermal reactor configuration with a guard adsorbent layer is
the better option for production of higher purity methanol product
via sorption enhanced carbon dioxide hydrogenation.

It should be noted that the optimal points highlighted by the
black circles in Fig. 9 only represent numerical optimums aiming
to minimize the trade-off between the methanol production rate
and the product purity. In practical application, the required limit
on the purity would be imposed by the intended uses of the metha-
nol product and the resulting purity requirements. For instance,
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production of chemical grade methanol would require a very high
purity, resulting in short duration of the reaction step to limit
water breakthrough. On the other hand, the purity limit could be
decreased for fuel grade methanol or when producing methanol
to be further converted, depending on the requirements of the sub-
sequent conversion processes. If highly pure methanol is required,
addition of a distillation step may be required, eliminating or lim-
iting the benefits of simplified product separation facilitated by the
SE process.

Although the results of the parametric and optimization studies
performed in this work provide practically useful information in
terms of the optimal process parameters and their impact on the
process performance, it is worth remarking that the absolute val-
ues of the specific production rate and methanol yield might be
subject to moderate changes in the context of actual industrial
operation. Due to very low technology readiness level, the long-
term operation of an SE reactor is associated with many uncertain-
ties. Some recent research findings (Catarina Faria et al., 2018; An
et al., 2018) indicate that in-situ removal of water in an SE hydro-
genation reactor might increase formation of carbonaceous species
that in time could cause catalyst deactivation and decrease adsor-
bent performance. However, coke formation is enhanced at lower
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pressures and higher temperatures (Massa et al., 2020; Peinado
et al,, 2020). In this regard, considering the process conditions
studied in this work, the process performance is not likely to
degrade significantly due to coke deposition.

4. Conclusions

Methanol production from carbon dioxide and hydrogen is
severely limited by thermodynamic equilibrium. The thermody-
namic limitations can be alleviated by in-situ removal of water
from the reaction zone. For this purpose, a water selective adsor-
bent can be introduced in a methanol synthesis reactor — a process
intensification strategy generally known as sorption enhanced (SE)
synthesis. Although the water removal significantly improves car-
bon dioxide hydrogenation to methanol, the enhancement comes
at the cost of a non-steady mode of operation and the need for
adsorbent regeneration. Therefore, design and optimization of an
SE methanol synthesis process is a multifaceted and exceedingly
complex process.

In this work, the process of SE methanol synthesis was studied
by means of mathematical modeling accounting for product sepa-
ration and recirculation of the unreacted gases. A series of para-
metric and optimization studies were performed with the
purpose of investigating the maximum efficiency of the SE metha-
nol synthesis and optimal operation parameters. Both quasi-
isothermal and adiabatic reactor configurations were considered
as each of them possesses advantageous features in the context
of the studied process. Reactor configurations with a guard adsor-
bent layer were proposed and investigated. Multi-objective opti-
mization was conducted to analyze the trade-off between an
increased specific methanol production rate and improved purity
of the obtained product.

Optimal values of reactor temperature and catalyst-adsorbent
ratio were determined for production of methanol product with
limited water concentration. The results demonstrate that the
specific methanol production rate depends greatly on the GHSV,
which suggests that SE methanol synthesis suffers from the low
flowrates generally required in such processes to ensure efficient
water adsorption. Although the optimal combinations of reactor
temperature and catalyst-adsorbent ratio experience slight varia-
tions at changing GHSV, the favorable reactor temperature is gen-
erally around 215 °C and 235 °C for the adiabatic and quasi-
isothermal reactors respectively, while the optimal catalyst mass
fraction values are ca. 0.65 and ca. 0.50 for the same reactor
configurations.

The results of the multi-objective optimization study clearly
demonstrate the tradeoff between the specific methanol produc-
tion rate and the purity of the obtained product and highlight
the importance of efficient temperature control in SE methanol
synthesis. Based on this study, the quasi-isothermal reactor with
a guard adsorbent layer can be considered the optimal configura-
tion for production of higher purity methanol product. With this
configuration, a product consisting almost entirely of methanol
(99 wt%) can be produced at a rate of ca. 0.44-0.45 kg/min per
cubic meter of total bed volume.
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