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Effective control and limiting of carbon dioxide (CO2 ) emissions in energy production are
major challenges of science today. Current research activities include the development of
new low-cost carbon capture technologies, and among the proposed concepts, chemical
looping combustion (CLC) and chemical looping with oxygen uncoupling (CLOU) have
attracted significant attention allowing intrinsic separation of pure CO2 from a hydrocarbon fuel combustion process with a comparatively small energy penalty. Both CLC and
CLOU utilize the well-established fluidized bed technology, but several technical challenges need to be overcome in order to commercialize the processes. Therefore, development of proper modelling and simulation tools is essential for the design, optimization,
and scale-up of chemical looping-based combustion systems.
The main objective of this work was to analyze the technological feasibility of CLC and
CLOU processes at different scales using a computational modelling approach. A onedimensional fluidized bed model frame was constructed and applied for simulations of
CLC and CLOU systems consisting of interconnected fluidized bed reactors. The model
is based on the conservation of mass and energy, and semi-empirical correlations are used
to describe the hydrodynamics, chemical reactions, and transfer of heat in the reactors.
Another objective was to evaluate the viability of chemical looping-based energy production, and a flow sheet model representing a CLC-integrated steam power plant was
developed.
The 1D model frame was succesfully validated based on the operation of a 150 kWth
laboratory-sized CLC unit fed by methane. By following certain scale-up criteria, a conceptual design for a CLC reactor system at a pre-commercial scale of 100 MWth was
created, after which the validated model was used to predict the performance of the system. As a result, further understanding of the parameters affecting the operation of a
large-scale CLC process was acquired, which will be useful for the practical design work
in the future. The integration of the reactor system and steam turbine cycle for power production was studied resulting in a suggested plant layout including a CLC boiler system,
a simple heat recovery setup, and an integrated steam cycle with a three pressure level
steam turbine. Possible operational regions of a CLOU reactor system fed by bituminous
coal were determined via mass, energy, and exergy balance analysis. Finally, the 1D flu-

idized bed model was modified suitable for CLOU, and the performance of a hypothetical
500 MWth CLOU fuel reactor was evaluated by extensive case simulations.
Keywords: analysis, carbon capture and storage, chemical looping combustion, chemical
looping with oxygen uncoupling, circulating fluidized bed, modelling, reactor system
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1
1.1

Introduction
Background

The world climate and the long-term impact of climate change have been under critical
discussion during the last decades. Significant studies associated with climate warming
have shown that the mean annual temperature at the Earth’s surface is increasing due to
the acts of human beings. The main contributor to the global warming is the emission
of greenhouse gases, and it has been established that carbon dioxide (CO2 ) is the most
important anthropogenic greenhouse gas (IPCC, 2001, 2007, 2013).
Globally, the combustion of fossil fuels releases a massive amount of CO2 into the atmosphere among other combustion gases, and the atmospheric concentrations of CO2 have
increased by 40% since pre-industrial times (IPCC, 2013). At the moment, renewables
cannot compete with coal, oil, and natural gas, and many countries are decreasing their
use of nuclear power. Presumably, alternative energy technologies cannot fully replace
the existing fossil fuels based power generation. Thus, power production via fossil fuel
combustion with effective CO2 capture is going to have an important role in the energy
supply in the foreseeable future (Hossain and de Lasa, 2008).
Different carbon capture and storage (CCS) technologies have been identifed as a means
to significantly reduce CO2 emissions into the atmosphere in the medium term, and hence,
they are attracting increasing interest within the scientific and policy arena. In CCS, CO2
is captured from large point sources, such as fossil fuel power plants, and transported to
storage site where it is deposited in a geological sink. Currently, there are three main
methods to capture CO2 : (i) pre-combustion, which is a technique to remove the carbon
from fuel before it is burned, based on fuel gasification; (ii) oxy-fuel combustion, which
uses oxygen-enriched gas mixture instead of air; and (iii) post-combustion, in which the
CO2 is separated from the flue gases using suitable methods (Gibbins and Chalmers,
2008). The main problem in these processes is the relatively low overall efficiency, and
as a consequence, a large share of the produced energy is consumed in CO2 separation
and compression. Varying with different schemes, the contribution of CO2 capture to the
overall CCS cost could be as high as 75% (Feron and Hendriks, 2005). Therefore, current
research activities include the development of “breakthrough technologies”; lower-cost
capture systems with smaller energy penalties.
The concept of chemical looping combustion with inherent separation of CO2 has been
introduced as a promising CCS option. The feasibility of the concept has been proven
in various small-scale units worldwide, but the large-scale realization of theoretical or
small-scale units is still lacking due to many technical challenges. Like any other emerging technology, chemical looping poses major economical risks. Therefore, significant
efforts in reasearch and development have to be made until these processes can be utilized on industrial scale. Even though both theoretical and experimental work is required,
the need for constructing costly prototypes on every scale between a laboratory and com-
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mercial unit has decreased due to the advantages of using more detailed and complex
models enabled by ever-increasing computational resources. Nowadays, computational
modelling offers a safe and cost-effective way to evaluate the feasibility of a novel technical process, which could lead to a faster commercialization of the process.

1.2

Motivation and objectives of the study

The development of simulation tools is essential for the design, optimization, and scaleup of the chemical looping technology. Therefore, two chemical looping processes,
namely chemical looping combustion (CLC) and chemical looping with oxygen uncoupling (CLOU), are investigated by means of modelling. The main objectives of the thesis
are described as follows:
• To apply a computational modelling approach to gaseous fuel CLC for predicting
the operation of the process at different scales. A one-dimensional model frame
comprises two interacting fluidized bed reactors. Reactor models are based on the
conservation of mass and energy, expressed as balance equations for solids and
gases. Several submodels describe the two-phase flow phenomena, chemical reactions, and transfer of heat in the system. Fundamental continuum equations are
combined with semi-empirical correlations for low computational cost while maintaining a sufficient accuracy in results. The model must be capable of describing
the physical phenomena relevant to the process studied, and for validation purposes,
the results should be compared to experimental data. (Publication I)
• To create a conceptual design for a large-scale CLC reactor system. The 1D fluidized bed model is used to predict the performance of the system. (Publication II)
• To investigate the integration of CLC and a power cycle for energy production. A
flow sheet model of CLC-combined steam power plant is developed, and the viability of the suggested plant layout is evaluated. In order to investigate different plant
configurations, the model must be flexible and easily modifiable. (Publication II)
• To determine possible operational regions of a solid fuel CLOU process. The basic relations between important process parameters are quantified via mass, energy,
and exergy balance analysis. (Publication III)
• To apply the 1D fluidized bed model for simulations of a CLOU fuel reactor fed by
coal. The effect of various process parameters on the results is assessed by parameter variations. (Publication IV and Publication V)

1.2 Motivation and objectives of the study
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This thesis is divided into 6 chapters. Chapter 1 introduces the research problem and
objectives of the thesis. Chapter 2 describes the fundamentals of the processes studied.
In chapter 3, the one-dimensional dual fluidized bed model frame for CLC is introduced
and verified by comparing the results to experimental data (see Publication I). In chapter
4, a scale-up procedure for CLC is presented, and the fluidized bed model is used to describe the large-scale operation of the process. In addition, the designed reactor system
is integrated with a steam turbine cycle and the viability of the plant is evaluated by flow
sheet simulations (see Publication II). Chapter 5 is devoted to CLOU, and at first, the basic relations between the relevant process parameters are quantified via mass, energy, and
exergy balance analysis (see Publication III). Then, the fluidized bed model is adopted
for CLOU and used for case simulations (see Publication IV and Publication V). Finally,
chapter 6 concludes the work and gives recommendations for possible research work in
the future. This thesis contains only the main findings of the research conducted; the detailed findings can be found in Publication I–Publication V. The thesis is concluded with
an appendix containing the publications.
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Chemical looping technology

The term “chemical looping” has been given for cycling processes that use a solid material
as oxygen carrier containing the oxygen required for the conversion of the fuel. After
being reduced, the oxygen carrier must be reoxidized before the starting of a new cycle.
Chemical looping processes can be utilized to produce energy and/or hydrogen, both with
CO2 capture. Different chemical looping concepts proposed in the literature have been
summarized by Adanez et al. (2012).

2.1

Chemical looping combustion (CLC)

Chemical looping combustion (CLC) has been introduced as a promising combustion
process with an inherent separation of the greenhouse gas CO2 , initially by Lewis and
Gilliland (1954) and later, for example by Richter and Knoche (1983), Ishida et al. (1987),
and Ishida and Jin (1994). During the recent years, industry and academic institutions
have noticed CLC’s potential for delivering the most efficient and economic technology
in the case of CO2 capture (Lee et al., 2005). A great number of scientific papers considering different areas of CLC research have been listed and reviewed recently (Adanez
et al., 2012).
In traditional combustion, the fuel is in direct contact with air. Most of the technologies
using this combustion method require a large amount of energy to separate and collect
CO2 from the exhaust gas, because the CO2 is diluted by N2 from the combustion air.
The conventional gas-phase combustion reaction, when using air as the oxygen source, is
exothermic and can be written as



y
y
y
y
O2 + 3.76 x +
N2 → xCO2 + H2 O + 3.76 x +
N2 (2.1)
Cx Hy + x +
4
4
2
4
In a CLC system, the process shown in Equation 2.1 is split into two interconnected
fluidized bed reactors: an oxidizer (air reactor, AR) and a reducer (fuel reactor, FR) where
two consecutive gas-solid reactions occur forming a chemical loop (see Fig. 2.1). A solid
oxygen carrier (metal oxide) is used to transfer the oxygen from the air to the fuel. The
oxygen carrier loops between the AR, where it is oxidized by the air (Eq. 2.2), and the
FR, where it is reduced by the fuel (Eq. 2.3):
1
Me + O2 → MeO
2

(2.2)

(2x + y)MeO + Cx H2y → (2x + y)Me + yH2 O + xCO2

(2.3)

Depending upon the metal oxide used, the reduction reaction is often endothermic (∆Hred >0)
while the oxidation reaction is highly exothermic (∆Hoxd <0). The total amount of heat
released, ∆Hc , is the same as for normal combustion. In CLC, the combustion air is not
mixed with the fuel, and the CO2 does not become diluted by the nitrogen of the flue gas,
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like in the conventional combustion process. The outgoing gas from the oxidation step
(AR) will contain N2 and unreacted O2 while the gas from the reduction step (FR) will be
a mixture of CO2 and water vapor. The water vapor can be condensed, and close to pure
CO2 is then obtained. Some energy is needed to compress the CO2 into a liquid form,
suitable for transportation and storing (Lyngfelt et al., 2001).

O2, N2

MeO (+ Me)

Air
reactor

Air

CO2, H2O

Fuel
reactor

Me (+ MeO)

Fuel

Figure 2.1: CLC process loop between two interconnected fluidized bed reactors.
In CLC, gaseous fuels are preferred due to the favourable nature of heterogeneous gassolid reactions. In the case of solid fuel, like coal and biomass, problems arise as homogeneous solid-solid reactions are not likely to occur at any reasonable rate and an
intermediate fuel gasification step would be needed. The gasification can be proceeded
in-situ or ex-situ; nevertheless, it will be the time limiting step in the process (Leion et al.,
2008). Regarding the intensive use of coal for energy generation, there is an increasing
interest in the use of CLC for solid fuels. Thus, in the last years, important work has been
dedicated to adapting the process to solid fuels (Lyngfelt, 2013). Overall for CLC, more
than 700 different oxygen carriers, mainly based on nickel, copper, and iron impregnated
with a suitable inert binder, have been manufactured and characterized (Lyngfelt, 2011).

2.2

Chemical looping with oxygen uncoupling (CLOU)

Being a variant to CLC, chemical looping with oxygen uncoupling (CLOU) process allows direct combustion of solid fuels by applying an oxygen carrier with reversible redox
properties (Mattison et al., 2009). Some metal oxides have a suitable equilibrium partial
pressure of gas-phase oxygen at temperatures of interest for combustion (800–1200 ◦ C).
These metal oxides react with oxygen in the air reactor according to Equation (2.4) and
then release this oxygen in the fuel reactor through decomposition, that is, the reverse of
Equation (2.4). This way, the released gas-phase oxygen reacts directly with the solid

2.3 Oxygen carrier fundamentals
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fuel via normal combustion, and the slow gasifcation step of the char is avoided. The heat
release in the air and fuel reactors is the same as for conventional combustion.
2Me + O2 ↔ 2MeO

(2.4)

In comparison to oxygen carriers for normal CLC, a special requirement is needed for
the carriers to be used in the CLOU process. The possible metal oxides that have the
property of releasing gas-phase oxygen at desired temperatures are limited. Three such
canditates have been identifed: CuO, Mn2 O3 , and Co3 O4 . Of these, CuO has received
a lot of attention as it seems to have the most suitable characteristics with respect to the
rate of oxygen release. In addition to monometallic oxides, a number of combined oxides
and perovskites have been proposed. Recent review articles by Imtiaz et al. (2013) and
Mattison (2013) give a detailed overview of the research conducted around the CLOU
process including development and testing of different oxygen carrier candidates.

2.3

Oxygen carrier fundamentals

The selection of the oxygen carrier is considered as one of the most essential components of the technology. In order to be regarded as a suitable oxygen carrier for chemical
looping operations, the material has to be highly reactive with fuel, easily reoxidized,
thermodynamically feasible for complete conversion of the fuel to CO2 and H2 O, resistant to carbon deposition, and economically and environmentally sustainable. In addition,
mechanical strength to limit particle breakage, attrition, and wear is required (Hossain
and de Lasa, 2008).
The choice of oxygen carriers applicable for CLOU is additionally imposed by the ability
of the materials to react reversibly with oxygen at elevated temperatures, that is, to release
molecular oxygen in the fuel reactor and to regenerate by oxidation in the air reactor. It
should be noted, that low cost materials, such as natural ores and industrial waste products,
can be used as oxygen carriers in CLC, whereas in CLOU, the materials are synthetic, and
thus, the manufacturing costs higher.

2.4

Reactor design

The design of a chemical looping combustor must be contrived carefully. An intimate
contact between the oxygen carrier and the fuel is important in order to obtain a high performance, and the given phase contacting is strongly related to the reactor configuration.
The majority of the existing chemical looping installations consists of two interacting fluidized bed reactors (Lyngfelt, 2011). According to Wolf (2004), a suitable reactor system
has to meet the following requirements:
• Enable adequate particle transport between the air reactor and the fuel reactor to
guarantee an efficient fuel conversion.
• Provide a sufficient reaction time for the reactions.
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• Prevent gas exchange between the two reactors.
• Reach a sufficiently high temperature in the outlet of the reactor.

Alternative reactor concepts, such as fixed bed reactors and rotating reactors, have also
been proposed (Adanez et al., 2012). However, compared to other designs, the fluidized
bed reactor has a lot of advantages (see Section 2.6).

2.5

Operational experience

The advancement of the technology is greatly dependent on achieving actual operational
experience with oxygen carriers in well-working circulating fluidized bed reactor systems
under realistic conditions. For technological scale-up, further experience and more detailed understanding of the process are required, and hence, it is essential to build and
operate experimental facilities varying in both size and design.
To date, thousands of hours of experience in continuous process operation have been
gained from various pilot units, ranging from lab-scale test rigs to a semi-industrial scale
of 1 MWth (Lyngfelt, 2011; Adanez et al., 2012; Ströhle et al., 2014). Some of the units
are suitable for experiments in smaller scale and give opportunities for careful circulation
control, whereas some have a design more close to what could be expected in future
commercial units. All the units are rather simple and do not incorporate advanced or
complex technology solutions. However, the tests have shown stable operation in gasfired units, and highly concentrated CO2 streams without losses to the air reactor have
been obtained. The results also indicate that in solid fuel units, high concentrations of
CO2 and high CO2 capture could be possible with a proper reactor design.

2.6

Scale-up issues

Most of the existing CLC systems use the configuration of two interconnected fluidized
bed reactors working at atmospheric pressure. One important advantage of the use of a
fluidized bed configuration for the CLC process is that circulating fluidized bed (CFB)
technology is mature and well-established, and has been used for decades for various
processes. Compared to other reactor designs, a fluidized bed reactor has a lot of advantages: uniform particle mixing, excellent gas-solid contacting, lack of hot spots even with
highly exothermal reactions, improved internal heat transfer, and the ease of solids handling which is particularly important if solid particles need to be replaced due to attrition
or loss of reactivity (Johnsen et al., 2009).
On the other hand, the scale-up problems of fluidized bed reactors are also well known.
According to Johnsen et al. (2009), the critical aspects relate to the impact of surface/volume
and height/diameter ratios on flow patterns, gas/liquid dispersion, and heat transfer. Listed
in Table 2.1, typical challenges involve issues of both physical and chemical nature when
moving from small-scale to commercial units. To overcome these challenges, various
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scaling methods have been used with success in engineering applications to transfer information from equipment of one size to similar equipment having a different size. A
number of theoretically formulated scaling laws and models found in the literature have
gained general acceptance. In many cases, however, strict scaling of all simultaneous
phenomena is not possible, and the desired outcome is reached by combining theoretic
scaling laws and “best practices” learned by engineering work. With a focus on practicality and concentrating on hydrodynamics, reaction engineering, and boiler design, Leckner
et al. (2011) have reviewed different methods for scaling of fluidized bed combustors.

Table 2.1: Challenges in technology scale-up (Johnsen et al., 2009).
Scale-up issues
Reactor shape and geometry

Challenges
Fluid by-passing; Pressure drop; Stagnation
zones resulting from changes in residence
time distribution
Surface-to-volume and height-to-diameter ratios Concentration and temperature gradients;
Flow patterns; Gas/solid distribution
Construction materials
Different contaminant levels
Heat removal
Temperature profiles; Hot/cold spots; Run-away
reactions
Impurities in flue gas
Fouling and deactivation of catalysts;
Accumulation in recycle streams causing operation
problems
Process control
Start-up and shutdown; Part load operation

In spite of the great advance in CLC research, future technological advancement and operating challenges related to the large-scale realization of theoretical or small-scale units
cannot be predicted trustworthy at the moment. Lots of fundamental and empirical research as well as engineering work are needed to increase the technological know-how.
The operation of the process should be characterized progressively at different scales, and
the use of proper modelling and simulation tools will reduce the risk of failure and help
to find the most reliable and cost-effective solutions.

2.7

Chemical looping-based energy production

An exergy analysis of a CLC system shows that the irreversibilities generated upon the
combustion of fuel are reduced compared to a similar system with conventional combustion (Anheden and Svedberg, 1998). However, the thermal efficiency of a thermal power
cycle is mainly determined by the heat introduction temperature, and the efficiency of
a power plant with CO2 capture will always be lower than that of a similar power plant
without CO2 capture. Nevertheless, together with near-zero CO2 emissions, a power plant
based on CLC could offer a relatively high net power efficiency compared to other separation technologies.
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Successful commercialization of power generation processes with the integration of CLC
depends on the development of both specific process configurations and suitable reactor
design. Hossain and de Lasa (2008) listed different aspects that have to be concentrated
on:
• The plant configuration. In CLC, there are two hot gas streams instead of one, and
two reactors which possibly both require cooling. This makes the heat integration
more challenging.
• The possibility of integration with existing power plants. Due to the relatively high
investment costs in CLC, a retrofit option would be advantageous.
• The operating parameters. A system of two interacting fluidized bed reactors is
highly dynamic requiring advanced control systems.
• The energy efficiencies.
• The economic analysis.
The chemical looping concept may be integrated either with a gas turbine cycle with pressurized reactors, or with a steam turbine cycle with atmospheric pressure in the reactors
(Adanez et al., 2012). In the case of CLC of gaseous fuels, studies related to the process
performance with different plant configurations have proposed relatively high net thermal
efficiencies. For example, Wolf (2004) reported a thermal efficiency as high as 52–53%
in a natural gas-fired combined cycle CLC plant with 800 MW of fuel power, operating
at 13 bars and 1200 ◦ C in the air reactor.
Naqvi et al. (2007) presented the net plant efficiency of 52.2% in the natural gas-fired
combined cycle, where CLC reactors replace the combustion chamber of the gas turbine,
including CO2 compression to 200 bars. The part-load analysis of the CLC-combined
cycle shows that the net plant efficiency drops by 2.6 %-points when reducing the load
down to 60%. The relative net plant efficiency of the cycle is higher at part-load when
compared to a conventional combined cycle.
The efficiency would be significantly lower in an atmospheric CLC operating in a steam
cycle. For a CLC-integrated steam turbine cycle with fairly high power outputs (320–
400 MW) and zero CO2 emissions, Naqvi et al. (2004) obtained a net plant efficiency of
40.1%. This efficiency is comparable to that of a modern steam power plant approaching
41% efficiency which does not include energy penalty for CO2 capture.
Marx et al. (2011) studied the concept of CLC-integrated steam cycle for power production. A single pressure steam cycle in natural circulation with simple heat recovery was
suggested at a scale of 10 MWth . Without the CO2 compression and purification, the net
electric efficiency of such a small-scale plant was found to be in the range of 32.5–35.8%
which is plausible considering the scale.

25

3

Modelling of chemical looping combustion (CLC) of
methane in dual fluidized bed reactor system

Various models have been presented in the literature for describing the operation of fluidized bed reactors. A wide-range review and comparison of circulating fluidized bed
combustor (CFBC) models is provided by Basu (1999). Muir et al. (1997), Park and Basu
(1997), and Chen and Xialong (2006) have demonstrated dynamic modelling approaches
to predict the transient behavior of a CFB combustor. Considering models for investigating the reactors involved in a CLC system, several works have been introduced. Based
on the two-phase flow theory, Abad et al. (2010b) and Xu et al. (2007) have modelled
bubbling fluidized bed fuel reactors in sizes of 10 kWth and 45 kWth , respectively. Kolbitsch et al. (2009b) modelled a 120 kWth chemical looping test rig with a high-velocity
fluidized bed fuel reactor, using a simplified method for describing the fluid dynamics in
the air and fuel reactors. In addition to the macroscopic fluid dynamics models, computational fluid dynamics (CFD) models based on the first principles of mass, momentum,
and heat transfer have also been developed for CLC (Jung and Gamwo, 2008; Jin et al.,
2009; Mahalatkar et al., 2011). A comprehensive list of works related to the modelling of
CLC can be found in the recent review article by Adanez et al. (2012).
Reactions and fluid dynamics in a system of two interacting fluidized bed reactors leads to
complex operation with many affecting parameters. The objective is to create a comprehensive model frame including the main phenomena relevant to CLC. For the verification
of the correctness of the model, it is imperative that the accuracy of its predictions are
checked against experimental data. Therefore, a reference case based on the operation of
a 150 kWth CLC prototype unit with Ni-based oxygen carrier and methane as fuel is defined and simulated. The developed model will allow analyzes of two interacting fluidized
bed reactors with scale-up considerations for industrial units.

3.1

Model description

The 1D model frame is aimed at the investigations of chemical looping processes consisting of two interconnected fluidized beds that can be operated under different fluidization
regimes. In this study, the model is used for steady state analyses only, but a dynamic
modelling approach was chosen, and the equations were set up with time-dependencies
allowing dynamic studies at later stages.
Shown in Figure 3.1, a reactor layout consisting of (a) two fluidized bed reactors, (b) cyclone separators, and (c) solids return systems can be investigated. The layout includes
also an option for (d) solids and (e) gas recirculation. This basic configuration can be
modified on a case-by-case basis, as different reactor systems may vary in design. Each
module is vertically divided into a finite number of elements that are considered ideally mixed. Time-dependent balance equations for mass and energy are derived for each
element. Gas and solid phases are calculated separately, but the same average temperature is used for both phases. Semi-empirical correlations are used for the calculation of
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hydrodynamics, reaction kinetics, and heat transfer. Additional sub-models consider the
core-annulus solids flow and the dispersion of energy due to the turbulent motion of solids
in the reactor.
Different process modules are connected together in Simulink forming a flow chart for
the main process. Each module is discretized using the control volume method for vertical 1D elements. Spatial derivatives are discretized using first-order approximations
with the central difference or upwind scheme for convective fluxes. The simulation code
of each module is written in C++ and compiled to S-functions executable in Simulink.
Steady state conditions with different input values are reached after solving a set of timedependent equations by using Simulink’s internal ordinary differential equation solver
with a fixed (Runge-Kutta) or variable (Dormand-Prince) time step.
Air-O2 CO2, H2O

b

b
e

a

a
c

c

d

d

Me/MeO
Air

MeO/Me
Fuel (CH4)

Figure 3.1: The basic model layout for simulation. The layout can be modified to correspond to different, case-dependent reactor configurations.

3.1.1

Oxygen carrier conversion

The flow field in a fluidized bed is unsteady and highly complex. Thus, the environment
for a heterogeneous reaction varies strongly in time. In addition to the intraparticle phenomena like chemical reactions and diffusion, the rate of a reaction is affected by mass
transfer limitations due to the macroscopic mixing of solids and gases (Vepsäläinen et al.,
2013). Described in an earlier study by Abad et al. (2010b), the reaction rate in the dense
bed region of a bubbling bed reactor is mainly limited by the gas transfer between the
bubble and emulsion phases. In the present work, the solid and gas phases are modelled
as cross-sectional averages in the turbulent and fast fluidization regimes, and a lumped
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model for the reaction rate is used instead of the two-phase modelling approach. The
model takes the physical form of a shrinking core model to describe the reactivity of the
particles, and a correction factor is used to calculate the average cross-sectional reaction
rate including the effects of different fluidization states. The applied modelling method
does not make a clear distinction between the dense bottom bed and freeboard regions,
and it is flexible in describing the dynamic operation of interconnected fluidized beds with
varying fluidization conditions.
The oxidation degree of the oxygen carrier is defined as
moxd
(3.1)
moxd + mred
where moxd is the the mass of oxidized phase in solids and mred is the mass of reduced
phase in solids. Thus, the degree of reduction becomes
Xs,oxd =

Xs,red = 1 − Xs,oxd

(3.2)

The shrinking core model (SCM) presented by Abad et al. (2007) is used to model the
reaction rate of the oxygen carrier particles in the air and fuel reactors. According to the
SCM, the reaction rate rs for solids with a conversion ratio Xs,oxd in the air reactor and
Xs,red in the fuel reactor is given by
2
3
(1 − Xs ) 3
τ

(3.3)

ρm rg

n
bi k C n − Ceq

(3.4)

rs =
τ=

where τ is the characteristic time for particles with a molar density of ρm and a spherical
grain diameter rg to reach full conversion at a certain molar concentration C of reacting
gas. The parameter bi is the stoichiometric ratio of reacting solids and gases, and the
kinetic rate constant k is expressed by the Arrhenius equation:


−E
k = k0 exp
(3.5)
Ru T
where k0 and E are kinetic parameters, Ru is the universal gas constant, and T stands for
temperature.
In addition to the reaction rate rs , a correction factor R is needed to evaluate the crosssectionally averaged reactivity in realistic fluidized bed conditions. The correction factor
R is a function of the fluidization state in the reactor, and it takes into account different phenomena affecting the reactivity, such as the effect of gas by-pass and poor mass
transfer between the bubble and gas phases. After applying the correction factor R, the
effective reaction rates for the carrier oxidation and reduction are given by the equations
reff,AR = rMeO = mMe RAR rs,AR

(3.6)
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reff,FR = rMe = mMeO RFR rs,FR

(3.7)

where mMe and mMeO represent the mass of active Me and MeO in the reactors, respectively.
3.1.2

Gas phase

The gas phase in the air reactor consists of four gas components, namely O2 , N2 , CO2 ,
and H2 O. The studied system uses methane as fuel, and hence, CH4 exists at the FR
gas phase as an additional component. In this work, the pathway for the fuel conversion
includes only the main reaction of CH4 with the oxygen carrier. As discussed for example by Abad et al. (2010a) and Pröll et al. (2012), the actual and more complex reaction
scheme occurring in the fuel reactor consists of many simultaneous reactions, like the
water-gas-shift (WGS) reaction and catalytic steam reforming of CH4 followed by the
oxidation of CO and H2 . Here, the focus was set on the proper modelling of the reaction
environment, and a simplified reaction scheme is applied in the fuel reactor to avoid unnecessary complexity.
For each gas component j at element i, the mass fraction w is solved using a general
time-dependent mass balance:
dmg,i wi,j
= ṁi,j,in − ṁi,j,out ± ri,j
(3.8)
dt
where mg,i is the total mass of the gas mixture at element i and ri,j is the sink/source term
of the gas component j from chemical reactions. The total gas mixture mass is solved
using the ideal gas approach:
pVg,i Mg,i
Ru Ti
= Vtot,i − Vs,i and the molar mass

mg,i =
where the gas mixture volume is Vg,i

Mg,i =

X wi,j
j

(3.9)

!−1

Mj

(3.10)

As seen from Equation (2.2), the amount of metal oxide generated is twice the amount of
oxygen consumed in the air reactor:
ṅMeO = 2ṅO2

(3.11)

rMeO
rO
=2 2
MMeO
MO2

(3.12)

Thus, oxygen must be reduced from the AR main gas balance by
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rO2 ,AR,i = rMeO,i

MO2
2MMeO

(3.13)

In the case of methane as fuel, Equation (2.3) shows that the reaction rates, that is, the sink
term for CH4 and the source terms for CO2 and H2 O in the fuel reactor can be written as
rCH4 ,i = rMe,i

MCH4
4MMe

(3.14)

rCO2 ,i = rMe,i

MCO2
4MMe

(3.15)

MH2 O
(3.16)
2MMe
Also, the oxygen from the metal oxide reducing to metal must be added in the FR main
gas balance by
rH2 O,i = rMe,i

MO2
(3.17)
2MMe
The source/sink terms for gas species from heterogeneous reactions are taken into account
when calculating the gas mixture mass flow rates between the elements.
rO2 ,FR,i = rMe,i

3.1.3

Solid phase

To describe the hydrodynamics of fast fluidized bed, the vertical density profile of solids
in the reactor is modelled by using an empirical correlation provided by Johnsson and
Leckner (1995):

ρs (z) = ρb − ρe eKZe e−az + ρe eK(Ze −z)

(3.18)

where ρb is the bed density and Ze is the elevation of the reactor exit. The profile is
continuous from the reactor bottom to the reactor top, and there is no clear distinction
between the bottom bed and the freeboard. The profile decay factors a and K are as
follows:
ut
ug

(3.19)

0.23
ug − ut

(3.20)

a=4
K=

where ug is the gas velocity at the grid and ut is the particle terminal velocity, defined as
(Kunii and Levenspiel, 1991)
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4gdp
ut =
3CD



 12
ρs
−1
ρg

(3.21)

The drag coefficient is a function of the Reynolds number for particles at terminal velocity
(Howard, 1989):
a1
Reb1
where the constants a1 and b1 vary within the ranges shown in Table 3.1.
CD =

(3.22)

Table 3.1: Values of a1 and b1 for different Reynolds numbers (Howard, 1989).
Range of Re
Region
a1
b1
0 < Re < 0.4
Stoke’s law
24
1.0
0.4 < Re < 500 Intermediate law 10
0.5
500 < Re
Newton’s law
0.43 0.0
The density of solids at the reactor exit, ρe , is modelled using the following correlation:
ρe = ρs,pt

u − ut
upt − ut

(3.23)

where u is the gas mixture velocity at the upper part of the reactor and upt is the gas
mixture velocity corresponding to the velocity required for pneumatic transport of solids.
According to Kunii and Levenspiel (1991), an appropriate value for upt is roughly 20ut
for small particles. Representing the density of solids in pneumatic transport, ρs,pt is a
function of the total solids inventory in the reactor:
ms
(3.24)
V tot
The total solids inventory affects the solids density profile. By integrating Equation (3.18)
over the reactor height and using the reactor cross-section, Ar , the total mass can be
determined and taken into account in the calculation of local density values.
ρs,pt =

ZZ
ms = Ar





ρb − ρe eKZe e−az + ρe eK(Ze −z) dz

(3.25)

0

The density of solids in the bottom bed, ρb can be solved from Equation 3.25.
The momentum balance for a two-phase flow is not performed, and for approximating
the amount of solids exiting the reactor, a semi-empirical approach is used. The solids
circulation rate is calculated by
ṁout = ūs,exit Aexit ρ̄s,exit = k s ug Aexit ρfexit

(3.26)

where Aexit is the cross-section of the last element, ρ̄s,exit is the average solids suspension
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density near the exit channel, and ūs,exit is the average solids velocity at the exit channel.
Furthermore, k s is a slip coefficient between the gas and solid particles, and f is for the
internal separation of solids at the reactor exit. The average solids velocity and density in
the exit region vary based on particle properties and reactor dimensions, while k s and f
are model fit parameters and have to be evaluated experimentally.
In both reactors, the time-dependent conversion ratio of the oxygen carrier for element i
includes a reaction-based source or sink term:
X
X
d (ms,i Xs,AR,i )
= Xs,in
ṁs − Xs,out
ṁs + rMeO,i
dt
out
in

(3.27)

X
X
d (ms,i Xs,FR,i )
= Xs,in
ṁs − Xs,out
ṁs − rMe,i
dt
out
in

(3.28)

where the incoming and outgoing streams are denoted by in and out, respectively.
The model incorporates a core-annulus type of solids distribution. The flow of solids
in a fast fluidized bed reactor is divided into a core region, where the fluidization gasdriven solids are moving upward, and a wall layer region, where the solids are moving
downward by gravity. The wall layer flow transfers solids from the top of the reactor to the
bottom region equalizing the conversion degree and temperature throughout the reactor.
Therefore, in addition to the vertical movement of solids between consecutive elements,
the lateral movement of solids between the core and the wall layer is taken into account.
The mass flow from the core into the wall layer is defined for each element as follows:
ṁs,wl,in = vwl ρs,i Pi ∆hi

(3.29)

where Pi and ∆hi are the element perimeter and height, respectively. vwl is a modelling
parameter defined as the mean lateral velocity of solids. It is a modelling parameter that
has to be considered case-by-case and needs validation based on empirical data. The
mixing of solids between the core and wall layer regions is modelled using a backflow
ratio kbf which determines the mass flow from the wall layer back to the core:
ṁs,wl,out = kbf ṁs,wl,in

(3.30)

The thickness and density of the wall layer are estimated based on the reactor dimensions
and fluidizing conditions.

3.1.4

Energy balance

In order to solve the time-dependent temperature of the elements, the energy equation
of gas-solid suspension is derived. In a control volume, the change of the total internal
energy Ui over time consists of several phenomena associated with energy transfer, and
it can be separated into the derivatives of internal energy in the solid phase (Us,i ) and gas
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phase (Ug,i ):
dUs,i dUg,i
dUi
=
+
dt
dt
dt
=0

z }| {
dms,i
dTi
dhg,i
dmg,i
=
cp,s Ti +
ms,i cp,s +
hg,i +
mg,i
dt |{z}
dt
dt
dt
constant
X
X
= ∆Econv,i + ∆Edisp,i +
Sy,i −
Qx,i
y

(3.31)

x

The specific heat capacity of solids is assumed to be constant. The change in gas mass is
relatively small and it can be ignored. ∆Econv , ∆Edisp , S, and Q represent the convective
enthalpy flows of solids and gas mixture, the energy dispersion caused by the mixing of
solids by turbulence, the energy source or sink by chemical reactions, and the heat transfer to internal heat exchangers, respectively.
The convective heat flows are divided into gas and solid phases and calculated separately,
but the same average temperature is considered for both phases.
X
ṁs,in,i cp,s (Ts,in − T0 ) −
ṁs,out,i cp,s (Ti − T0 )
X
X
+
ṁg,in,i hg,in −
ṁg,out,i hg,i

∆Econv,i =

X

where T0 is the reference temperature of the system.
Because of the turbulent motion of solids in the reactor, a model for the dispersion of energy, based on Fick’s first law of diffusion, is applied. The rate of energy dispersion from
elements i + 1 and i − 1 to element i are denoted by superscripts + and −, respectively:
+
∆Edisp,i = DA+
r ρ̄s cp,s

∆T −
∆T +
− −
−
DA
ρ̄
c
p,s
r
s
∆h+
∆h−
mp
mp

(3.32)

where D is the dispersion coefficient, ρ̄s is the arithmetic average of solids density between two consecutive elements, and hmp is the distance between the middle points of the
elements. In this approach, the dispersion coefficient is universal for the domain. Generally, the dispersion of energy decreases the temperature gradients between the elements,
and thus, the vertical temperature profile of the reactor is equalized.
As mentioned earlier, the oxidation of the carrier is always strongly exothermic and most
often, the reduction in the fuel reactor is endothermic. Hence, depending on the reaction
type, a source or a sink of energy is formed in the reactor, affecting the total heat balance.
The reaction-based term in the overall energy equation is given by the reaction rate, ry,i ,
0
and the heat of reaction, Hc,y
, which are both determined by the choice of the oxygen
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carrier:
0
Sy,i = ±ry,i ∆Hc,y

(3.33)

Moreover, due to the different nature of reactions, the air reactor is externally cooled while
the fuel reactor is considered adiabatic. Heat transfer to the internal heat surfaces in the
air reactor can be calculated based on the following expression
Qx,i = αtot,i Ax,i (Ti − Tx,i ) ,

(3.34)

where the subscript x refers to the heat transfer surface, and the total heat transfer coefficient, αtot,i , is calculated using an empirical correlation proposed by Dutta and Basu
(2002):
0.391 0.408
αtot,i = 5.0ρs,i
Ti

(3.35)

Solving the temperature derivative from Equation (3.31) results in
∆Econv,i + ∆Edisp,i +
dTi
=
dt

P

y

P
Sy,i − x Qx,i −
ms,i cp,s

dms,i
cp,s Ti
dt

−

dhg,i
mg,i
dt

(3.36)

where the gas enthalpy change in time is calculated as a function of the gas composition
derivatives:
X dwj,i
dhg,i
mg,i = mg,i
hj
dt
dt
j

(3.37)

Especially in industrial scale applications with the effects of large heat exchangers, the
role of the energy equation becomes essential.
3.1.5

Simulation procedure

Based on the model described above, the steady state and dynamic performances of a
dual fluidized bed reactor system for CLC can be investigated. Before calculation, the
geometric parameters of the reactors and the oxygen carrier properties must be defined in
a configuration file. Combustion air and fuel feed rates, solids inventory, and simulation
time are given as model inputs.
An iterative PID control system has been added in the Simulink model for keeping the
reactor temperatures at desired levels. The controller monitors the average temperature of
the reactor, compares it to the prescribed target temperature, and if necessary, adjusts the
reactor cooling intensity.
The main outputs of the model are the circulation rate of solids, the conversion of the
carrier and the gas composition at the reactor exit, the vertical profiles of temperature and
gas concentrations, and the distribution of solids in the reactor.
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3.2

Model validation study

In this section, a reference case based on the operation of a 150 kWth CLC prototype is
defined for an appropriate verification of the model and to exemplify its capabilities. The
test rig was modelled in detail, and the operating parameters from the experiments were
adopted for modelling. After analyzing the results and for achieving better agreement
between the simulations and experiments, the relevant parameters of the correlations used
in the model were adjusted accordingly.

3.2.1

Case description

A dual circulating fluidized bed reactor system for CLC of gaseous fuels (CH4 , H2 , CO,
higher hydrocarbons) has been built and operated succesfully at Vienna University of
Technology. The basic layout of the system is shown in Figure 3.2. The air reactor, being
the primary reactor, is operated as a fast fluidized bed transferring the solids via a cyclone
separator and loop seal to the secondary reactor, that is, the fuel reactor, which is operating close to the turbulent regime. The air reactor entrainment determines the global solids
circulation while the fuel reactor can be optimized for maximizing the fuel conversion.
The fuel reactor contains an internal recirculation loop for entrained solids. A loop seal
connection links the bottom regions of the two reactors and closes the global solids loop.
For removing the heat released from combustion, the air reactor is equipped with cooling
jackets covering most of the reactor height. The intensity of cooling can be adjusted to
control the system temperature during the experiments. Further details of the pilot unit
can be found in the publication by Kolbitsch et al. (2009a).
The experimental results for the comparison were obtained from a test campaign conducted with NiO-based oxygen carrier and methane as fuel. During the campaign, the
system temperature and fuel power input were varied while the global air-to-fuel ratio
was kept constant. Stable operation points were maintained for long enough to assume
steady state conditions. After reaching such a condition, samples were taken and analyzed in order to fully characterize the operation point. A more detailed description of the
experimental procedure including the results is provided by Pröll et al. (2009).
The main geometric and operational parameters from the experiments (Table 3.2) were
introduced into the model. Other relevant modelling parameters are summarized in Table
3.3. The parameters not available, but still needed in the simulations were determined
according to the literature and previous knowledge considering fluidized bed processes.
In the experiments, a 50:50 mixture of two slightly different materials, both containing 40
mass-% of active Ni, was used as an oxygen carrier. The first material was supported by
inert NiAl2 O4 and the other by MgAl2 O4 and NiAl2 O4 (Linderholm et al., 2009). Kinetic
parameters for the oxidation and reduction of this particular mixture were not available,
and hence, such parameters determined for a fairly similar material, Al2 O3 -supported Ni
(40 mass-%), were obtained from the publication by Abad et al. (2007).
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Figure 3.2: The dual circulating fluidized bed (DCFB) rector concept for chemical ooping
processes (LS, loop seals fluidized with steam) (Pröll et al., 2011).
Table 3.2: Main geometric and operating parameters.
Parameter
Reactor geometry
AR height
AR diameter
FR height
FR diameter
FR solids inlet
point elevation
Carrier properties
Oxygen carrier
Active NiO content
Mean particle size
Apparent density

Unit

Value

m
m
m
m

4.1
0.150
3.0
0.159

m

1.90

%
mm
kg/m3

Ni/NiO
40
0.135
3416

Operational conditions
Operating pressure
atm
Total solids inventory
kg
Fuel load
kW
Global air/fuel ratio
FR temperature
K

1.0
65
60–140
1.1
1073–1223
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Table 3.3: Modelling parameters.
Parameter
No. of control volumes
Input gas temp.
Circulation coeff. k s
Circulation exp. f
Energy disp. coeff. D
Heat transfer surface A
Wall layer velocity vwl

Eq. AR
20
300
3.26 0.26–0.43
3.26 0.8
3.32 0.2
3.34 1.7
3.29 0

FR
Unit
20
300 K
0.01 0.8 0.2 0
m2
0
m/s

The total solids inventory in the system is 65 kg. During the operation, a certain amount
of the material is present between the reactors, that is, in cyclones and downcomers.
The “active solids inventory” in the reactors was calculated from the pressure difference
between the reactor top and bottom. The active solids inventories of both the air and the
fuel reactor that were used in the calculations for the power variation can be found in
Table 3.4.
Table 3.4: The active solids inventories of both the air reactor and the fuel reactor during
the experiments.
P [kW]
60
80
100
120
140

3.2.2

mAR [kg] mFR [kg]
16.2
19.1
14.8
20.7
13.5
21.8
12.0
21.7
11.1
21.9

Total [kg]
35.3
35.5
35.3
33.7
33.0

Distribution of solids in the system

The solids distribution in the fluidized bed test rig was experimentally characterized. With
a varying fuel load, the hydrostatic pressure caused by fluidized solids inside the reactors
was measured giving several pressure profiles. From the pressure profiles, the vertical
distributions of solids can be determined. The decay constants a and K of the empirical correlation for modelling the solids density profile (Eq. 3.18) were set according to
the experiments. Expressed in terms of the pressure profiles, Figure 3.3 shows that with
a given correlation form, perfect agreement was not achievable in the air reactor, while
in the fuel reactor, the fitting was more accurate. The modelled solids density profiles
corresponding to the pressure profiles are shown in Figure 3.4. It can be noted that the
decay constants obtained by data fitting were very different from the ones determined by
Equation (3.19) and Equation (3.20), which are presented in Figure 3.5.
As seen in Figure 3.2, the two reactors are interconnected via a fluidized loop seal in the
bottom region of the reactors. Higher bed pressure in the fuel reactor drives the solids
to circulate from the fuel reactor to the air reactor. In such a case, the solids mass flow
rate from the fuel reactor is modelled as a function of the pressure difference between
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the bottom parts of the reactors. However, the global solids circulation rate between the
reactors is ultimately set by the entrainment of the air reactor, and the solids mass flow
rate from the fuel reactor will eventually converge to a value obtained from the air reactor.
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Figure 3.3: Measured and modelled pressure profiles in (a) the air reactor and (b) the fuel
reactor.
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Figure 3.4: Modelled vertical solids density profiles corresponding to the pressure profiles
in (a) the air reactor and (b) the fuel reactor.
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Figure 3.5: Decay constants (a) a and (b) K for the calculation of solids profiles. Comparison of values obtained by a fit to the experimental data of the reference case and values
based on the correlations suggested by Johnsson and Leckner (1995).
The solids mass flow rate from the air reactor is modelled with Equation (3.26). By performing parametric fitting to get specific solids distributions in the reactor, a veritable
value for the solids density at the reactor exit was gained, after which the circulation
coefficient k s,AR was determined based on the solids circulation rates observed in the experiments.
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3.2.3

Process performance

For different fuel loads, Figure 3.6 shows the comparison between the oxygen carrier
conversion states from the air reactor and the fuel reactor experimentally obtained and
predicted by the model. The conversion of the solids is dependent on the kinetics of the
oxidation and reduction reactions. The kinetic properties of the material used in the experiments were not available, and the properties of a slightly different material were applied
in the model. Additionally, the determination of reaction kinetics is usually carried out in
a specific environment with certain gas concentrations and temperatures, and thus, they
may not represent the actual situation in a real process environment. Hence, it was necessary to introduce a reactivity correction factor, R, to describe the apparent reaction rates
in the reactors (Eq. (3.6) and Eq. (3.7)).
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Figure 3.6: Comparison of the modelled and experimentally obtained global solids circulation rate and degree of oxygen carrier oxidation as a function of fuel power.
It was noticed during the calculations that the apparent reaction rates faced in the reactors
were not constant, but dependent on the fluidizing conditions. For example, an increased
flow of solids in the wall layer had a positive effect on the reaction rates due to an enhanced mixing of solids and gases. Also, a higher reaction rate in the fuel reactor was
observed when the internal solids circulation loop was in use. However, because of the
lack of experimental data, the wall layer flow was not considered in the calculations, and
the amount of recirculated solids in the fuel reactor was relatively small to have a noticeable effect. Actually, these factors are accounted for in the above-mentioned parameter R;
however, without precise information on to what extent each factor contributes the parameter, leaving room for further research. Illustrating the change in apparent reaction rates,
Figure 3.7 shows the increase of R with the increasing fuel load. The R values above 1
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imply that the kinetics applied in the model underestimate the oxygen carrier reactivity.
5
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R [−]
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80

100
Fuel power [kW]

120
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Figure 3.7: Values of the reactivity coefficient R for the calculation of average reaction
rates in the air and fuel reactors.
The comparison of modelled and experimentally obtained global solids circulation rates
is also shown in Figure 3.6. The slip coefficient k s,AR in Equation (3.26) is the ratio of
solids velocity to gas velocity, and it was determined after the validation of the solids distribution in the system. Thus, good agreement between the experiments and simulations
can be observed. The values of k s,AR are shown in Figure 3.8.
The performance of the CLC process can be determined by fuel conversion, which is
a result of the characheristics of both the oxygen carrier and the reactor system, and
expressed as
XCH4 = 1 −

ṅCH4 ,out
ṅCH4 ,in

(3.38)

where ṅCH4 is the inlet or outlet molar flow of the fuel.
Figure 3.9 compares the measured and modelled fuel conversion for the varying fuel load.
The difference between the measured and modelled value is less than 1.5 %-points at each
operating point, well within acceptable limits. According to the experiments, the effect
of the fuel reactor temperature on the combustion efficiency is noticeable. An increase
in the fuel reactor temperature caused an increase in the fuel conversion. A similar trend
was observed in the results obtained with the model, illustrated in Figure 3.10.
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Figure 3.8: Circulation coefficient k s,AR for the calculation of global solids circulation
rate. In order to match the modelled and experimentally obtained solids circulation rates,
k s,AR was set accordingly.
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Figure 3.9: Modelled and experimentally obtained fuel conversion as a function of fuel
power. Air-to-fuel ratio was 1.1 and fuel reactor average temperature 1174 ± 6 K.
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Figure 3.10: Modelled and experimentally obtained fuel conversion as a function of fuel
reactor temperature. Air-to-fuel ratio was 1.1 and fuel power 140 kW.

3.3

Discussion

A comprehensive modelling tool was developed to describe the operation of a dual fluidized bed reactor system involved in CLC. After simulating a reference case and calculating the relevant model parameters to fit the experimental results, the parameters can be
extrapolated on a case-by-case basis, after which the performance of a configuration consisting of two interacting fluidized bed reactors, both operating at the desired fluidization
regimes, can be predicted. The basic model layout can be easily modified to investigate
different reactor designs. The model is based on the conservation of mass and energy, and
semi-empirical correlations are used for the calculation of reaction kinetics, hydrodynamics, and heat transfer. The model was validated against the experimental data obtained
from a 150 kW CLC pilot unit located at Vienna University of Technology. An adequate
agreement was observed between the predicted and measured values of different parameters, and the model structure and submodel forms turned out to be appropriate to describe
the process. In addition, valuable understanding of the parameters affecting the operation
of a CLC system was acquired during the calculations. Obviously, further improvement
and validation of the submodels describing the physical process phenomena is a continuous task, and applicable empirical data are always needed.
The current model frame can be considered as a state-of-the-art simulation tool for the
gaseous fuel CLC process giving elaborate information about the complex operation of
two interacting fluidized bed reactors. As a modelling result, the global solids circulation rate, the conversion of the carrier and the gas composition at the reactor exit can
be predicted. Helping to create an optimized reactor design, a variety of 1D profiles of
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different parameters (temperature, solids density, gas concentrations, reaction rate, gas
and solids velocities, etc.) is obtained providing a detailed insight into the reactor performance. In a CLC process, a certain amount of heat must be extracted from the reactor
system. Allowing the investigation and optimization of heat transfer within the reactors,
the model includes a detailed description of the energy conservation equation. This feature is absent in most previously introduced CLC models, even though it is especially
important when studying industrial scale CLC reactors. Furthermore, the model is based
on time-dependent balance equations, and thus, dynamic simulations can be conducted to
investigate process dynamics and suitable process control methods. Extensive stationary
and transient case studies in the future will help to determine how to operate and control
a CLC system optimally.
Because of the limited practical experience, evaluating the performance of a CLC system
on industrial scale is challenging. However, the validated model introduced here offers a
great possibility to examine the operation of CLC reactors involved in a large scale process, and the capability to model properly the hydrodynamics, reaction kinetics, and heat
transfer of such an intricate system is an important step towards the commercialization of
this promising technology for CO2 -free energy production.
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CLC-based energy generation: scale-up considerations
and integration to steam turbine cycle

In this section, scale-up considerations for CLC are presented. Based on the given scaleup criteria, a preliminary design for a CLC reactor system at a pre-commercial scale of
100 MWth is obtained, after which the 1D dual fluidized bed model developed is used to
characterize the operation of the system. Even though the lack of experimental data complicates the quantitative analysis of the results, further understanding of the parameters
affecting the operation of a large-scale CLC process is acquired. With certain premises
and assumptions, the theoretical limits of the process can be estimated, which is useful
for the practical design work in the future.
Furthermore, a steam turbine cycle coupled with the CLC unit designed is suggested for
power generation and evaluated based on simulations conducted with a flow sheet model
implemented in the IPSEpro process simulation environment.

4.1

Scale-up criteria and reactor design

The design described here is based on the dual circulating fluidized bed concept successfully demonstrated at a scale of 150 kWth at Vienna University of Technology (Kolbitsch
et al., 2009a; Pröll et al., 2009). The schematic layout of the reactor system is shown in
Figure 4.1. The main design and operational parameters are summarized in Table 4.1.
Methane is used as fuel, and the fuel input was set to 2.0 kg/s, which corresponds to 100
MWth (LHV). Kinetic parameters for the oxidation and reduction of Ni-based (40 mass%) and Al2 O3 -supported oxygen carrier were obtained from the publication by Abad et al.
(2007).
In order to obtain high performance in CLC, an intimate contact between the oxygen carrier and gas phase species is important. Additionally, a sufficient solids circulation rate
from the AR to the FR is needed for oxygen and heat transport, and hence, a system of
two interacting fluidized bed reactors is proposed.
The entrainment of solids in the AR determines the global solids circulation between the
reactors and hence, it is designed to operate in a fast fluidization mode. The transition
from turbulent fluidization to fast fluidization is characterized by significant entrainment
of solids from the dense bed. Setting a lower limit for the disappearance of a dense-dilute
interface between the bed and freeboard, the transport velocity, utr , can be calculated from
the empirical correlation provided by Perales et al. (1991):
Retr =
where the Archimedes number is

utr dp ρg
= 1.415Ar0.483
µ

(4.1)

4 CLC-based energy generation: scale-up considerations and integration to steam
46
turbine cycle

Ar =

ρg (ρp − ρg )gd3p
µ2

Air-O2

Air
reactor

(4.2)

CO2, H2O

Fuel
reactor
Me/MeO
LS
LS

MeO/Me
LS
Air

Fuel (CH4)

Figure 4.1: Reactor layout based on the DCFB concept for chemical looping processes
(LS, loop seals fluidized with steam).

Table 4.1: Main design parameters.
Parameter
Fuel input (methane)
Lower heating value of fuel
Air/fuel ratio
Total air flow rate
Total fuel flow rate
Operating pressure
FR target temperature
AR fluid. gas velocity
FR fluid. gas velocity
AR cross-sectional area
FR cross-sectional area
AR height
FR height
AR solids inventory
FR solids inventory

Unit
MW
MJ/kg
kg/h
kg/h
atm
◦
C
m/s
m/s
m2
m2
m
m
kg
kg

Value
100
50
1.1
136080
7200
1.0
900
7.0
4.5
17.7
6.6
25
20
13470
21780

Carrier properties
Oxygen carrier
Active NiO content
Mean particle size
Apparent density

Ni/NiO
%
40
mm
0.135
kg/m3
3416
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For fast fluidization, the gas velocity in the AR should be higher than the transport velocity. In this case, a gas velocity of approximately 1.3 times utr is considered appropriate,
and the following value is obtained:
uAR =∼ 7.0 m/s

(4.3)

As a result, an AR cross-sectional area of 17.7 m2 is required.
Since the good gas-solids contact in the FR is crucial for avoiding possible bypass of
fuel through the bottom bed, the FR is operated in a turbulent fluidization regime. In the
turbulent regime, the bed will have a surface, but it is considerably diffused as the bubble
phase loses its identity due to rapid coalescence and breakup of bubbles. According to
Tsukada et al. (1993), the onset of turbulent fluidization occurs at gas velocity uk , which
is calculated from the corresponding Reynolds number, Rek , as:
Rek =

uk dp ρg
= 1.31Ar0.45
µ

(4.4)

The FR fluidization gas velocity should be within the velocity range defined for the turbulent regime, that is, higher than uk and under utr . For the design conditions, the following
FR gas velocity is chosen:
uFR =∼ 4.5 m/s

(4.5)

This value corresponds to about 1.2uk and 0.85utr , and based on unconverted fuel, a FR
cross-sectional area of 2.2 m2 would be needed. However, the fuel being methane, each
fuel molecule is converted to three molecules, and the actual fluidizing velocity increases
with a factor of three as the reaction proceeds. Accordingly, a FR cross-sectional area of
6.6 m2 is obtained.
Optimization and successful scale-up of a CLC reactor unit is challenging, as the dual
fluidized bed reactor concept coupled by fluid dynamics gives a rather large degree of
freedom for each single reactor. However, the hydrodynamic scale-up is primarily set by
the fluidization regimes of the reactors. Originally introduced by Kronberger et al. (2005),
scaling criteria for CLC are given in Table 4.2. Due to the similarities in fluidizing conditions, that is, the AR and FR superficial gas velocities, the 150 kWth CLC pilot unit
at Vienna University of Technology (Pröll et al., 2009) is considered as a hydrodynamic
scale-up reference. Related to the pilot unit and resulting from the given scale-up criteria,
the AR and FR solids inventories for the present case are assumed 13.47 t and 21.78 t,
respectively.
At typical CLC operating conditions (λ=1.1–1.2 and η=90–100%), approximately 50%
of the heat input has to be extracted from the reactor system (Marx et al., 2011). Because
of the exothermic oxygen carrier reaction, the process heat is extracted from the AR. The
cooling of the AR can be arranged as in a regular CFB boiler, with heat transfer to vertical
membrane walls. The heat transfer area of the evaporator required for sufficient cooling
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was iteratively determined based on the approximated heat duty, reactor temperature, and
average heat transfer coefficient. The heat transfer coefficient includes both convection
and radiation, and it is a function of the average suspension density and temperature (see
Eq. 3.35).

Table 4.2: Scale-up guideline for CLC (Kronberger et al., 2005).
Scaling criteria for CLC reactor systems
Reactor system

specific solid flow rate
specific fuel mass flow rate = constant

Air reactor

fuel mass flow rate
AR solids inventory = constant

Fuel reactor

fuel mass flow rate
FR solids inventory = constant

Flue gas compositions and bed material properties in CLC are different compared to conventional combustion process, and hence, some degree of uncertainty must be accounted
for the calculations when using a heat transfer correlation experimentally obtained for a
regular boiler. However, correlations more suitable for CLC boilers cannot be found in
the literature at the moment. Assuming a 5-m-high refractory at the bottom and based on
the required heat transfer area, a total AR height of 25 m is obtained. There is no need for
heat transfer surface in the FR, and a FR height of 20 m is assumed, given that particle
separator and return systems have space enough to be located on the side wall.

4.2

Flow sheet model of a CLC-integrated steam power plant

A combined steam power plant model allows an evaluation of integrated process configurations for CLC-based power generation by means of the calculation of plant overall
efficiency and optimization of important steam cycle parameters.
Mathematical modelling of the power plant is conducted by commercial software IPSEpro, a stationary process simulator with a modular structure. The simulation result represents a steady-state operating point of the plant. The flow sheet model is based on the
conservation of mass and energy and calculates the thermodynamic equilibrium, and it
is built using standard steam power plant components found in the IPSEpro component
libraries. A network of discrete components is set up to represent CLC-combined steam
power plant. Information specific to the CLC process, such as reaction enthalpies and gas
and solid mass flow rates are calculated with the 1D reactor system model and given as
inputs for the power plant model. Turbine inlet temperatures, extraction pressure levels
and mass flow rates can be optimized by using the PSOptimize package based on genetic
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algorithms.
A steam turbine cycle combined with CLC is suggested for energy generation. This study
focuses on a retrofit configuration in which the designed CLC reactor system replaces the
combustor and conventional steam cycle components are used. By means of heat integration, the heating and cooling streams are exchanged between the cycle and the CLC
process. The depleted air stream from the AR can be cooled down to 30 ◦ C due to the
assumption that there is little or no impurities in the stream. As seen in Figure 4.2, the
AR and its backpass includes three superheaters, an economizer, and a condensate preheater. The flue gas from the FR consists mainly of CO2 and H2 O, and a superheater, an
economizer and an air preheater are located in its backpass. It is assumed that the H2 O in
the FR flue gas is partially condensated in the air preheater. However, the energy from the
condensation is not taken into account, and accordingly, lower heating value of the fuel is
used when calculating the cycle efficiency. A high degree of heat recovery is achievable
by using the previous assumptions. In reality, there is always a trade-off between the heat
recovery grade and investment costs, and therefore, it may not be economically feasible
to have such low flue gas exit temperatures.
Figure 4.2 describes the schematic plant arrangement with the important mass and energy
flow streams, while Table 4.3 summarizes the flow property data computed at 100 MWth
unit load. The steam from the cooling of AR (Flow 1) is superheated and led to a high
pressure (HP) turbine (Flow 2). After producing work on expansion in the HP turbine, the
steam is reheated by AR flue gas (Flow 3). Reheated steam (Flow 4) with regained energy and exergy flows to an intermediate pressure (IP) turbine for further expansion, after
which it is once again reheated, this time by the flue gases of both the AR and FR (Flow 7–
Flow 9). The final expansion of the steam takes place in a low pressure (LP) turbine, and
power delivered by the turbines is fed to a generator. Wet steam is exhausted from the LP
turbine to a condenser at 0.045 bar (Flow 12). The condensate exiting the condensator is
pumped by the condensate extraction pump (CEP) to a deaerator (feedwater tank) through
LP heaters (Flow 13–Flow 16). After the deaerator (Flow 17), the feedwater pressure is
increased in a feedwater pump (FWP). The feedwater flows through the HP heaters and
back to the AR (Flow 18–Flow 22) for steam generation, and the cycle starts over again.
Certain amounts of steam at various pressures are bled from the IP and LP turbines (Flow
5, Flow 6, Flow 10, Flow 11) to the heat exchangers. After steam reheating steps (Flow
32, Flow 36), the leftover energy in the AR and FR exhaust gases is utilized in air and
feedwater preheating. The design values of various components included in the cycle are
shown in Table 4.4.
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The net plant efficiency, ηnet , is calculated as follows:

Pgen − Ppump
ṁfuel LHVfuel
Pturb ηm,gen ηe,gen − ṁ13 (h14−13 ) − ṁ17 (h18−17 )
=
ṁfuel LHVfuel

ηnet =

(4.6)
where Pturb is the power delivered by the turbines, ηm,gen and ηe,gen are the mechanical
and electrical efficiencies of the generator, respectively, and Ppump is the power required
for pumping including both the condensate extraction pump and the feedwater pump. In
the current case, the calculation of auxiliary power consumption is limited to pumps.
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Figure 4.2: Process flow diagram for CLC-integrated steam cycle. The flow property data
of numbered streams are presented in Table 4.3.
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Table 4.3: The energy and mass flow data computed for the plant configuration in Figure
4.2 at 100 MWth unit load.
Stream q m [kg/s]
1
27.1
2
27.1
3
27.1
4
27.1
5
1.2
6
1.6
7
24.2
8
24.2
9
24.2
10
1.4
11
0.4
12
22.4
13
22.8
14
22.8
15
22.8
16
22.8
17
27.1
18
27.1
19
27.1

p [bar] T [◦ C] h [kJ/kg] Stream q m [kg/s]
170.5
539
3398
20
27.1
170.0
540
3401
21
27.1
83.8
423
3196
22
27.1
83.3
610
3664
23
1.2
37.2
475
3391
24
2.9
24.1
410
3264
25
0.4
18.7
375
3195
26
37.8
18.2
532
3540
27
37.8
17.7
610
3715
28
2.0
5.1
423
3320
29
29.9
1.6
278
3029
30
29.9
0.045
31
2472
31
29.9
0.035
25
104
32
29.9
6.1
25
104
33
29.9
5.6
96
403
34
29.9
5.1
108
453
35
9.9
4.6
151
636
36
9.9
172.5
154
658
37
9.9
172
181
777
38
9.9

p [bar] T [◦ C]
171.5
217
171.0
241
170.5
286
36.7
222
23.6
186
1.1
102
1.0
25
1.0
65
1.0
25
1.06
916
1.05
914
1.04
796
1.03
428
1.02
246
1.01
30
1.04
885
1.03
380
1.02
159
1.01
45

h [kJ/kg]
935
1045
3398
953
792
424
25
66
56
1025
1023
881
457
259
31
1379
537
213
59

Table 4.4: Design values for the steam cycle components.
Parameter
Unit Value
Pressure losses
bar
Boiler (AR)
0
Piping
0
Feedwater tank
0.2
Condenser steam-side/water-side
0.01/0.1
Pre-heaters gas-side/water-side
0.01/0.5

4.3
4.3.1

Efficiencies
Boiler (AR)
HP/IP/LP turbine isentropic
Pumps isentropic
Generator electrical/mechanical

%

Pre-heaters temp. diff.
Condenser subcooling
Condenser pressure

◦

100
94/92/89
80
98/98
C
C
bar

◦

5
2
0.045

Results
Reactor system performance

Using the 1D reactor system model, the case described in Section 4.1 was simulated. The
main results from the simulations are presented in Table 4.5.
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Table 4.5: Main results from the simulations.
Parameter
Solid entrainment flux (AR)
Methane conversion
Apparent reaction rate in AR
Apparent reaction rate in FR
OC degree of oxid. after AR
OC degree of oxid. after FR
AR cooling duty
AR average temperature
FR average temperature
AR flue gas temperature
FR flue gas temperature
AR flue gas mass flow
FR flue gas mass flow

Unit
kg/m2 s
%
%OC /min
%OC /min
%
%
MW
◦
C
◦
C
◦
C
◦
C
kg/s
kg/s

Value
60
99.0
16.5
8.2
70
61
57.8
927
900
916
885
29.88
9.92

The vertical density profiles of solids in the reactors are modelled continuous from the
reactor bottom to the reactor top and shown in Figure 4.3. Profile decay factors are modified to obtain profiles qualitatively distinctive to fast and turbulent fluidization regimes,
and as a result, different density zones can be observed. In the fuel reactor, a splash zone
at about 0.2–0.3HFR separates the lower dense region of solids from the freeboard, while
in the air reactor, there is no noticeable boundary between the dense and lean regions after
a short entry zone at the reactor bottom. Being the driving force for the solids circulation
in the system, the carryover of solids in the air reactor is much higher compared to the
fuel reactor. Solids concentrations at the top of the air and fuel reactors are estimated to
about 16 kg/m3 and 5 kg/m3 , respectively.
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Figure 4.3: Solid density profiles in the reactors.
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The theoretical solids circulation rate necessary to fulfill the oxygen mass balance in a
CLC system can be calculated based on the type of the oxygen carrier and fuel used (Abad
et al., 2007). Also, the energy balance in the system is influenced by the circulation rate
as the oxygen carrier transfers heat between the reactors, and hence, the circulation rate
should be optimized considering different aspects related to the hydrodynamic behavior
and the heat balance in the system. Ultimately, the solid entrainment flux Gs in a CFB system depends on the operation conditions and configuration of the riser, and values of Gs
up to 100 kg/(m2 s) have been presented in the literature (Smolders and Baeyens, 2001).
For the case simulated in this work, a Gs value of 60 kg/(m2 s) in the air reactor was set,
corresponding to the solid conversion difference of ∆X = XAR − XFR = 0.09. As discussed by Pröll et al. (2009), the global level of the solids conversion state in the system,
that is, the average of XAR and XFR , is the result of a dynamic equilibrium governed by
the apparent reaction rates faced in the reactors. For example, if the reaction is very fast in
the air reactor, the particles will tend to leave the reactor fully oxidized (X AR → 1). If the
speed of the oxidation reaction and the reduction reaction are of the same order of magnitude, the solids conversion states may take intermediate values (X AR = 0.30 − 0.75).
Shown in Figure 4.4, most of the reactions take place in the bottom part of the reactors,
where the amount of the reactants is highest. The total conversion rates in the air and fuel
reactors are 37.0 kgOC /s (16.5 %/min) and 29.1 kgOC /s (8.2 %/min), respectively.
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Figure 4.4: OC reaction rate profiles in the reactors.
An important parameter to evaluate the performance of a CLC process is the fuel conversion, which is a result of the characheristics of both the oxygen carrier and the reactor
system, and expressed as
XCH4 = 1 −

ṅCH4 ,out
ṅCH4 ,in

(4.7)
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where ṅCH4 is the inlet or outlet molar flow of the fuel. For the current case, a methane
conversion of 99.0% was achieved. As seen in Figure 4.1, the two reactors are interconnected via a fluidized loop seal in the bottom region of the reactors, and higher bed
pressure in the fuel reactor drives the solids to circulate from the fuel reactor to the air
reactor. In such a case, the oxygen carrier particles are fed to the fuel reactor at a height
of about 0.6HFR instead of feeding the particles to the bottom of the reactor. This design
provides longer residence time and faster conversion for the solid particles due to countercurrent gas-solids mixing.
The prescribed fuel reactor average temperature (900 ◦ C) was achieved by controlling the
cooling intensity of the air reactor. To meet the target temperature, 57.8 MW of heat had
to be withdrawn from the reactor system. Calculated from the energy balance, the air
reactor average temperature was 927 ◦ C leading to a temperature difference of 27 ◦ C between the reactors. Figure 4.5 and Figure 4.6 illustrate the temperature and oxygen carrier
conversion profiles in the reactors, respectively. By examining these profiles, the point of
solids inlet in the fuel reactor can be clearly seen.
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Figure 4.5: Temperature profiles in the reactors.
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Figure 4.6: OC conversion profiles in the reactors.
In the fuel reactor, the methane is converted into CO2 and H2 O, and as a result, the gas
mixture velocity increases rapidly along the reactor height as shown in Figure 4.7. In the
air reactor, O2 is consumed by the carrier oxidation, and a moderate decrement in the gas
velocity is observed. The vertical profiles of cross-sectionally averaged concentrations of
gases are plotted in Figure 4.8, while the feed and flue gas compositions at the reactor
inlet and outlet are shown in Table 4.6. As mentioned in Section 3.1.2, the simplified
reaction scheme in the fuel reactor considers only the main reaction of CH4 with the
oxygen carrier, producing CO2 and H2 O. In reality, the fuel reactor off-gas may contain
minor fractions of H2 and CO due to some subsequent reactions.
Table 4.6: Gas mixture compositions at the reactor inlet and outlet with a fuel conversion
of XCH4 = 0.99.
Gas component Inlet [V -%] Outlet [V -%]
Air reactor
O2
20.95
2.31
N2
78.08
95.90
CO2
0.04
0.03
H2 O
0.93
1.76
Fuel reactor
CO2
H2 O
CH4

0.00
0.00
100.00

33.23
66.45
0.32
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Figure 4.7: Fluidization gas velocity profiles in the reactors.
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Figure 4.8: Gas concentration profiles in the reactors.

4.3.2

Power plant efficiency

The integration of CLC and a steam turbine cycle has been analyzed resulting in an estimation of the overall efficiency of a power plant layout including a CLC boiler, a simple
heat recovery setup, and an integrated steam cycle with a three pressure level steam turbine. Turbine inlet temperatures, extraction pressure levels, and mass flow rates were
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optimized by using the PSOptimize package developed for IPSEpro. The compression
and purification of CO2 was not accounted. Needed as model inputs, the AR cooling duty
and the AR and FR flue gas flow rates and temperatures were derived from the results of
the reactor system model (Table 4.5).
For the plant configuration in Figure 4.2 with a 100 MW fuel input and live steam parameters of 540 ◦ C/170 bar, the net plant efficiency of 42.8% was achieved. A similar result
was obtained in the earlier study by Naqvi et al. (2004). The compression of CO2 would
reduce the efficiency by about 2 %-points (Wolf et al., 2001), and taking this reduction
into account, the calculated CLC efficiency is similar to that currently achievable by a
modern steam power plant, which does not include energy penalty for CO2 capture. Table
4.3 summarizes the flow property data. For comparison, a plant configuration including
only one steam reheating step was also simulated, and as expected, a lower net plant efficiency of 41.9% was received.
The on-going development aims to increase the steam data in a CFB from conventional
540 ◦ C/170 bar to supercritical 600 ◦ C/270 bar and even above. Thus, the simulations
were conducted also with supercritical steam parameters. Obviously, higher plant efficiencies were received: 44.1% for the configuration with double steam reaheat, and
43.5% for the configuration with single reheat. These results, however, may not be directly comparable, as the supercritical plant differs in design requiring a Benson-type
(“once-through”) boiler and new tube materials. The efficiencies calculated for different
cases are summarized in Table 4.7.
Table 4.7: Net plant efficiencies calculated for two different plant configurations with
subcritical and supercritical steam values and fuel conversion of XCH4 = 0.99. The
compression of CO2 is not accounted for.
540 ◦ C/170 bar 600 ◦ C/270 bar
Single reheat
41.9%
43.5%
Double reheat
42.8%
44.1%
The net cycle efficiency is related to the degree of fuel conversion. Due to imperfect
mixing of solids and gases in the fuel reactor and limitations associated with intraparticle
phemonena like chemical reactions and diffusion, some amount of fuel may remain unburnt and full conversion is not achieved. Figure 4.9 presents the net cycle efficiency of
the configuration with double steam reheat for different degrees of fuel conversion. It can
be seen that there is an efficiency drop of about 1 %-point for each 2 %-points decrease in
the degree of fuel conversion. For complete conversion of the unburnts in the flue gas, a
post oxidation chamber fed by pure oxygen can be implemented downstream of the fuel
reactor (Ströhle et al., 2014).
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Figure 4.9: The net cycle efficiency of the plant configuration with double steam reheat
as a function of the degree of fuel conversion.

4.4

Discussion

Scale-up considerations and operational design for a CLC reactor system at a pre-commercial
scale of 100 MWth have been presented. The design is based on the dual circulating fluidized bed concept, in which the air and fuel reactors are operated at fast and turbulent
fluidization regimes, respectively. Certain scale-up criteria were followed for determining
the design parameters. The air reactor would be very similar to a conventional CFB boiler
and its design can be handled without major difficulties. From the reaction engineering
point of view, the main focus should be given to the fuel reactor, and hence, it is designed
to have a countercurrent gas-solids flow for maximizing the fuel conversion. The performance of the reactor system is greatly influenced by the hydrodynamics, and in order to
achieve optimal operation conditions, effective solids transport and control systems are
needed. A one-dimensional model was used to evaluate the operation of the proposed
configuration, and a detailed insight into the reactor performance was obtained. Nevertheless, for achieving the most optimal solution in the future, alternative configurations
must also be studied, and questions like how the global solids circulation between the
reactors should be arranged in a full-scale application need further consideration.
The integration of CLC and a steam turbine cycle was studied resulting in a suggested
power plant configuration that includes only conventional power plant components, and
the designed CLC unit is considered suitable for a retrofit arrangement where it replaces
the natural gas steam generator. A process flow sheet of the whole plant was set up
and simulated, and without the CO2 compression, the net cycle efficiency of 42.8% was
achieved for optimal configuration with conventional live steam values. Such a result
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has been obtained also in earlier studies for CLC-integrated steam power plants. Here,
almost all the heat included in the flue gases is recovered in gas-water heat exchangers
for better overall efficiency. However, techno-economic investigations are needed to find
the optimal degree of heat utilization. Possibly low heat transfer rates in gas-water heat
exchangers and thus only a small increase in the efficiency should be related to the investment costs to see the actual benefits. Also, the degree of fuel conversion was found to
have a significant effect on the net cycle efficiency, and hence, the reactor system should
be designed carefully for maximal conversion.
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5

Analysis and modelling of chemical looping with oxygen uncoupling (CLOU) process for solid fuels

This section is devoted to CLOU. At first, based on stocihiometric mass, energy, and exergy balances, a CLOU scheme is analyzed with an objective to determine the regions for
feasible operation. After quantifying the relations between important design and operational parameters, the 1D fluidized bed model presented in Section 2 is adopted for CLOU
by incorporating appropriate descriptions for the relevant physical phenomena. Then, the
operation of a hypothetical 500 MWth fuel reactor involved in CLOU is investigated by
means of model simulations.

5.1

Mass, energy, and exergy balance analysis

In Publication III, a methodology based on stoichiometric mass, energy, and exergy balances is applied to investigate a CLOU reactor system fed by bituminous coal and SiO2 supported CuO oxygen carrier. Experimental kinetic data available in the literature is
used to describe the reactivity of the carrier. As a result, possible operational regions and
material requirements for the oxygen carrier chosen are determined. Lacking in previous
CLOU studies, a thermal assessment with respect to reactor temperatures and extraction
of heat is carried out for envisioning different heat balance scenarios. With an exergy
analysis, the effect of fundamental operating parameters on the second-law efficiency of
the system is evaluated and the magnitudes of various inefficiencies and irreversibilities
are estimated. Previously, the exergetic performance of a CLOU system has not been
evaluated in such detail.
5.1.1

Methodology

The analysis is conducted for a hypothetical CLOU reactor system presented in Figure
5.1. The system consists of air and fuel reactors, both utilizing the design of a circulating
fluidized bed. Oxygen carrier particles are circulated between the reactors (Flux 7 and
Flux 8) to supply the oxygen required for combustion. The composition of the particles
is determined by degree of conversion and the amount of support material in the carrier.
The air reactor is fluidized with atmospheric air (Flux 2); thus the exhaust gas from the
air reactor (Flux 3) consists of mainly nitrogen and some excess oxygen. The fuel reactor
is fed by bituminous coal (Flux 1) and fluidized with partially recycled combustion flue
gas (Flux 5). The components of the flue gas are CO2 (85.7 wt%), H2 O (13.2 wt%),
SO2 (0.06 wt%), and N2 (0.05 wt%). Due to the assumption of stoichiometry, the flue
gas does not contain oxygen. In reality, some oxygen could be present and may need
removal, because the compressed CO2 can only contain very low oxygen concentrations.
A recirculation of wet gases is considered, as on a dry basis, additional equipment for the
condensing process would be required (Gayan et al., 2013). Ash is removed from the fuel
reactor (Flux 6). Both reactors as well as the gas recirculation step include cooling (Flux
11–Flux 13). The heat associated with the oxygen uptake and release reactions (Flux 9
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and Flux 10) must be accounted for the overall energy balance.
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Figure 5.1: Schematic diagram of the studied CLOU process consisting of two interconnected CFB reactors. Three different boundary systems are considered; both reactors as
their own or as a whole.
Copper oxide is used as the oxygen carrier due to its propitious oxygen uptake and release kinetics and capability to bind and transport a relatively high amount of oxygen. In
CLOU, copper cycles between the cupric (CuO) and cuprous (Cu2 O) states:
4CuO ↔ 2Cu2 O + O2

∆H850 = 263.2 kJ/mol O2

(5.1)

Considering possible drawbacks of using CuO, metallic copper with a relatively low melting point of 1085 ◦ C can be formed in side reactions. This can cause fluidization problems
due to agglomeration. However, particle attrition and agglomeration could be avoided by
impregnating the carrier with feasible support material (Gayan et al., 2012).
The operating temperature in each reactor is an important parameter as the oxygen concentration at equilibrium conditions, and thus the thermodynamic driving force for the
process, is highly dependent on temperature. Based on experimental investigations with
CuO-based oxygen carriers, temperatures between 850 − 900 ◦ C in the air reactor and
900 − 950 ◦ C in the fuel reactor are considered suitable (Gayan et al., 2012; Eyring et al.,
2011; Peterson et al., 2013).
The analysis is carried out with the following assumptions and simplifications:
• Complete conversion of fuel is assumed. Thus, there are no unreacted char particles
within the oxygen carrier stream entering the air reactor. The combustion of carbon
in the air reactor would reduce the carbon capture efficiency due to the presence of
CO2 in the outlet gas stream (Abad et al., 2012). However, the thermal efficiency
of the process would be little affected as the heat from the combustion remains
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recoverable. Very high char conversions of 95% and above for CLOU experiments
have been reported in the literature (Abad et al., 2012; Adanez-Rubio et al., 2013).
• The cumulation of ash in the oxygen carrier stream is assumed negligible. The
separation of fly ash and oxygen carrier is a recognized challenge with all chemical
looping systems processing solid fuels. In CFB combustors for CLOU, the amount
of ash mixed with the circulating solids can be minimized through the proper design
of the cyclone and employing other separation technologies (Whitty, 2012).
• The make-up flow of oxygen carrier particles to compensate the purge due to (i) particle attrition and loss of reactivity, and (ii) removal of bottom ash is not considered.
When replaced, fresh particles need to be heated up to the system temperature, and
the overall energy balance would be affected.
• In isothermal reactors, perfect mixing of solids, gas plug-flow, and negligible mass
transfer resistance between the bubble and emulsion phases are assumed.
A detailed description of the calculation procedure and formulation of the balances can
be found in Publication III.
5.1.2

Results and discussion

The operation of a CLOU system with CuO-based oxygen carrier was characterized via
mass, energy, and exergy balance analysis. Various design and operational parameters
were evaluated, and as a result, the range of suitable operating conditions was determined.
A thorough interpretation and discussion of the results can be found in Publication III, but
the main findings have been summarized below:
• The performance of a dynamic reactor system of two interacting circulating fluidized beds is greatly influenced by the hydrodynamics. Using a CuO-based oxygen
carrier with a sufficient amount (40–60 wt%) of active material, the hydrodynamic
operating range was found feasible, and the maximum circulation rates in current
CFB boilers will not be exceeded.
• With respect to the overall heat balance in the system, the maximum temperature
difference that can be maintained between the reactors is given by the solid circulation rate. The low-temperature oxygen carrier stream from the air reactor must be
heated up to the fuel reactor operating temperature, which, if requiring too much
energy, may lead to negative heat balance. Therefore, assuming a realistic ∆X
value to be in the range of 0.2–0.4, a temperature difference up to 50 ◦ C between
the reactors seems feasible for CuO-based carriers.
• By applying the kinetics determined for the CuO40SiO2 oxygen carrier, minimum
inventories of 400–680 kg/MWf in the system were found necessary for stoichiometric combustion of the fuel.
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• The effect of different operating parameters on the perfomance of the system was
evaluated. Exergetic efficiencies in the range of 63–70% were obtained for different
combinations of the parameters. Thus, the overall exergy destruction rate in the system was about one third of the incoming fuel exergy with both reactors contributing
approximately to the same degree.

It became evident that the possible operating conditions in the system are closely related
to the properties of the oxygen carrier chosen. However, the calculation procedure and
design criteria presented here are applicable to any oxygen carrier to be used in the process, and the work provides a solid premise for future CLOU studies requiring utilization
of more detailed and comprehensive models.

5.2

Fuel reactor modelling in CLOU

The conversion of coal in the CLOU fuel reactor is an essential factor as it determines the
combustion and carbon capture efficiencies and thus the overall performance of the process. In order to obtain high coal conversion, it is important to gain further understanding
on the relevant operating parameters affecting the process. Therefore, the modelling of
the fuel reactor would be helpful for successful development of the process.
In Publication IV and Publication V, the existing 1D fluidized bed model frame is modified
suitable for CLOU, as appropriate submodels for (i) the release of molecular oxygen
through oxygen carrier decomposition and (ii) the combustion of coal are incorporated.
Then, the model is used to predict the performance of a hypothetical 500 MWth CLOU
fuel reactor. The reactor is operated at a high-velocity regime and fed by bituminous coal
with TiO2 -supported CuO oxygen carrier. A reference case is defined and simulated, after
which the effect of various process parameters on the results is assessed by parameter
variations. As a result, the operation of the reactor is characterized, and the viability of
the process under different operating conditions is evaluated.

5.2.1

Oxygen carrier conversion

In CLOU, both the oxidation of Cu2 O and reduction (decomposition) of CuO are affected
by a thermodynamic “driving force”, that is, the difference between the equilibrium partial pressure and the actual partial pressure of oxygen (Clayton et al., 2014; Clayton and
Whitty, 2014). For the CuO/Cu2 O redox pair, the equilibrium pressure, pO2 ,eq is calculated from thermodynamic data based on the values of Gibbs free energy for CuO, Cu2 O,
and O2 at various temperatures, and the following correlation is obtained (Wen et al.,
2012):

5.2 Fuel reactor modelling in CLOU

"

pO2 ,eq

65

4

3
1000
1000
= exp −9.383
+ 47.54
T
T
#

2


1000
1000
−86.30
+ 48.45
− 2.473
T
T


(5.2)
where T is in units of degrees Celcius. The resulting equilibrium curve is shown in Figure
5.2. Considering only the oxygen coupling and uncoupling behaviour, it would be advantageous to have a high temperature in the fuel reactor and a low temperature in the air reactor. However, the thermal design of a CLOU system is not completely straightforward,
and some important aspects need to be taken into account as discussed in Publication III.
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Figure 5.2: Equilibrium partial pressure of oxygen over the CuO/Cu2 O system.
In the fuel reactor, the oxygen carrier will release oxygen until equilibrium is reached.
In addition to the thermodynamic driving force, the rate of oxygen release is affected
by several physical factors, and the description of the carrier conversion becomes rather
complex (Eyring et al., 2011; Arjmand et al., 2012). The rate equation can be expressed
in the following general form (Clayton and Whitty, 2014):
rred = f (T )f (X)f (pO2 ,eq )

(5.3)

where the effect of the oxygen partial pressure is taken into account by an equilibrium
limitation function f (pO2 ,eq ), while a conversion function f (X) considers the reaction
mechanism and geometrical change in solid as the reaction proceeds. Further, f (T ) ex-
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presses an Arrhenius-type dependency on temperature.
The oxygen release model applied here is based on the work of Clayton and Whitty
(2014). The authors investigated the chemical mechanisms associated with the decomposition of CuO, and after determining the influence of different factors, a kinetic expression following the form of Equation (5.3) was derived. The model and rate constants
determined for an oxygen carrier consisting of 50 wt% of CuO/Cu2 O and 50 wt% of
supporting TiO2 are given in Table 5.1.
Table 5.1: Kinetic model for the release of oxygen (Clayton and Whitty, 2014).
Item
Value
Unit
f (X)
XOC
f (pO2 ,eq ) (pO2 ,eq− pO2 )β atm
f (T )
A
E
β
Ru

A exp − REu T
4.15 × 10−4
67 × 103
1.0
8.314

1/(atm s)
1/(atm s)
J/mol
J/(mol K)

As illustrated in Figure 5.3, the oxygen carrier consists of three components: CuO, Cu2 O,
and inert TiO2 . The conversion of the carrier, XOC , is defined through the mass of oxidized phase (CuO) in solids (see Eq. 3.1).

OC
(1-wCuO)

wCuO
active phase
X
CuO

inert phase (TiO2)
(1-X)
Cu2O

Figure 5.3: Oxygen carrier components: CuO, Cu2 O, and inert TiO2 .

5.2.2

Solid fuel combustion

The decomposition of the oxygen carrier is followed by normal combustion. The solid
fuel is divided into char, volatile matter, moisture, and ash by proximate analysis. Drying
of the fuel is assumed to follow a predefined evaporation profile. The moisture from
the fuel is added to the H2 O gas profile, and the corresponding latent heat is removed
from the energy balance. The devolatilization of the fuel is assumed to occur parallel to
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evaporation, and the release rate of volatiles is based on a time constant dependent on
the fuel properties and given as model input (Myöhänen, 2011). For the char, a vertical
density profile is defined based on the hydrodynamic model described in Section 3.1.3.
The base elements H, N, and S in the fuel are divided between the char and volatiles by
empirical correlations as proposed by Myöhänen (2011):


[H]
[H]char
= 0.52exp −33
[H]
[C]
[N]char
0.6
= 0.088wchar,daf
[N]
[S]char
0.2
= 0.14wchar,daf
[S]





[N]
[C]

[H]
[C]

(5.4)

−0.6
(5.5)

−0.6
(5.6)

where [i]char is the mass fraction of element i in char and [i] is the total mass fraction of
element i in fuel. Further, wchar,daf is the mass fraction of char in dry, ash free fuel. All the
oxygen in the fuel is assumed to be released within volatiles, and hence, the char carbon
can be calculated through the following mass balance:
[C]char = 1 − [S]char − [N]char − [H]char

(5.7)

The combustion of char is considered to be kinetically controlled only, and the mass
transfer effects have been neglected. In addition, char particles are assumed spherical and
homogeneous without a temperature gradient. The rate expression for heterogeneous char
combustion in a fluidized bed is obtained from the work of Basu (2006):
rchar = kchar pnO2 ,eff

(5.8)

where pO2 ,eff is the effective partial pressure of oxygen taking into account imperfect charoxygen contact in fluidized bed conditions, defined as
pO2 ,eff = θpO2

(5.9)

where pO2 is the actual partial pressure of oxygen and θ is the char-oxygen contact coefficient. For the latter, a value of θ = 0.57 is used. The reaction order with respect to
oxygen concentration is set to n = 1.0. The kinetic coefficient, kchar , for bituminous coal
is calculated by
kchar =



10300
6
2.092 exp −
dp,char ρp,char
Tp,char

(5.10)

where dp,char is the average char particle size, ρp,char is the particle density, and T is the
particle temperature. The following char combustion reactions are considered:
1
N + O2 → NO
2

(5.11)
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S + O2 → SO2

(5.12)

1
1
H + O2 → H2 O
4
2


1
C + 1 − γchar O2 → γchar CO + (1 − γchar ) CO2
2

(5.13)

(5.14)

The parameter γchar with a user-given value (0...1) determines the ratio between CO and
CO2 yielding from the combustion of char. A NOX model is not included, and all the
nitrogen in the char is converted into NO. The sulfur is assumed to burn to SO2 , whereas
in real conditions, small amounts of other sulfur compounds such as SO3 , SO, and S2 O
may exist as well. The reactor is divided vertically into n control volumes; thus, the
overall char mass balance can be written as
n

X
dmchar
= ṁfuel (1 − wH2 O ) wchar −
mchar,i rchar,i
dt
i=1

(5.15)

where ṁfuel is the fuel input rate, wH2 O is the mass fraction of moisture in the fuel, and
wchar is the mass fraction of char in dry fuel.
For homogeneous volatile combustion reactions, a general rate equation suggested by
de-Souza Santos (2010) is applied:
1
(5.16)
T
l
where kgas,a is the kinetic coefficient and Cgas,a
the concentration of the reacting gas.
m
Cgas,b is the concentration of possible catalyst, COn 2 is the concentration of molar oxygen,
and T stands for temperature. The following volatile combustion reactions are taken into
account:
l
m
rgas,a = kgas,a Cgas,a
Cgas,b
COn 2 mgas,tot

1
CO + O2 → CO2
2

(5.17)

CH4 + 2O2 → CO2 + 2H2 O

(5.18)

C2 H4 + 3O2 → 2CO2 + 3H2 O

(5.19)

3
H2 S + O2 → SO2 + H2 O
2

(5.20)

1
H2 + O2 → H2 O
2

(5.21)
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5
3
NH3 + O2 → NO + H2 O
(5.22)
4
2
Kinetic parameters for these reactions have been obtained from various sources (Branch
and Sawyer, 1973; Quan et al., 1973; Vilienskii and Hezmalian, 1978; Yetter et al., 1986;
Leveson, 1997). The reaction-related source/sink terms for the respective gas species are
included in the reactor gas balance.
In the energy balance (Eq. (3.30)), the term affiliated with chemical reactions is updated
as follows:
X

Sy = rchar

y

X

(−∆Hchar,j wchar,j ) +

j

X

(−∆Hgas,a rgas,a ) .

a

−roxd ∆Hoxd
(5.23)
where −∆Hchar,j , −∆Hgas,a , and ∆Hoxd represent the reaction enthalpies of heterogeneous reaction j, homogeneous reaction a, and oxygen carrier decomposition, respectively.
5.2.3

Carbon stripper

If the solid fuel is not fully burnt in the fuel reactor, the exiting oxygen carrier stream
will contain a small amount of unreacted char particles. This is not desirable, as the combustion of carbon in the air reactor would reduce the carbon capture efficiency due to the
presence of CO2 at the air reactor gas outlet (Abad et al., 2012). To enhance the overall
carbon capture, a carbon stripper could be implemented between the reactors as shown
in Figure 5.4 (Gayan et al., 2013). In the carbon stripper, the char is separated from the
oxygen carrier and sent back to the fuel reactor. It is noted, that very high char conversions of 95% and above have been reported for CLOU experiments (Abad et al., 2012;
Adanez-Rubio et al., 2013), and in such cases, the addition of an extra unit complicating the process and increasing the costs may be avoided. Nevertheless, values somewhat
lower could be obtained if less reactive fuels were used, and hence, the carbon stripper is
taken into consideration in this work.
The carbon stripper is operated as a bubbling fluidized bed, in which the char particles
are separated from the oxygen carrier particles through their differences in fluidization
properties. Via proper design of the carbon stripper and by controlling the gas velocity,
lighter char particles will be selectively elutriated and recirculated back to the fuel reactor.
The process occurring in the carbon stripper is not modelled in this work, but the effect
of char separation on the fuel reactor performance is taken into account by an efficiency
parameter determining the fraction of recirculated char.
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Figure 5.4: Schematics of a CLOU system including a carbon stripper.
5.2.4 Description of the simulation case
In this section, the simulation case and the base-case operating conditions are presented.
Bituminous coal is used as fuel, and the fuel input is set to 19.8 kg/s, which corresponds
to 500 MWth (LHV). The properties of the fuel are given in Table 5.2. The oxygen carrier is a 50:50 mixture of copper oxide (CuO/Cu2 O) and inert titania (TiO2 ), in which
the latter is used as a strengthening binder. The oxygen release characteristics of the carrier are described in Section 5.2.1. The reaction rate constants have been determined for
particles with an average diameter of 41 microns and an apparent density of 4650 kg/m3
(Clayton and Whitty, 2014). Such properties represent Geldart type A particles, whilst
the hydrodynamic model applied in the current work has been derived for Geldart type B
particles (Johnsson and Leckner, 1995). Therefore, a larger particle size of 100 microns is
considered for the simulations. It should be noted though, that the reaction behavior and
thus the reactivity of such particles could be somewhat different from what was observed
for the smaller particles in the experiments. The total oxygen carrier mass in the reactor
is 200 t (400 kg/MWf ).
To maximize the fuel conversion, the fuel reactor is operated in a fast fluidization mode
which allows gas-solids contact over the whole height of the reactor (Bischi et al., 2011).
The transition from turbulent fluidization to fast fluidization is characterized by significant
entrainment of solids from the dense bed, and by calculating a so-called transport velocity from an experimental correlation, a minimum value for the fluidization velocity can
be determined (see Section 4.1). Based on the physical properties of the oxygen carrier
particles and considering recycled fuel reactor off-gas as the fluidizing agent, a transport
velocity of 4.4 m/s is calculated. Thus, a gas velocity of 5 m/s is assumed for the design
conditions.
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Table 5.2: Properties of bituminous coal used in simulations.
Fuel property
Proximate analysis (wt%)
Char
56
Volatiles
27
Moisture
7
Ash
10
Ultimate analysis (wt%)
C
H
S
N
O

79.4
4.1
1.6
0.9
14

LHV,wet (MJ/kg)
25.16
Average char particle diameter (mm) 0.5
Average char density (kg/m3 )
1000
In the fuel reactor, the cross-sectional area of the freeboard is 121 m2 , which gives an average heat release rate of 4.1 MW/m2 . Generally in commercially operated CFB boilers,
the heat release rate is in the order of 3–4.5 MW/m2 (Basu, 2006). The reactor is fluidized
by partially recycled flue gas, and the recirculation ratio of gas on a wet basis is defined
as
φg =

ṁrec
ṁFR,out

(5.24)

where ṁrec is the flow of recirculated gases and ṁFR,out is the flow of gases exiting the
fuel reactor. When determining the recirculation ratio, the evolvement of combustion
gases along the reactor height should be taken into account. In order to keep the gas
velocity constant all the way through, a sloped bottom section is required. Hence, the
grid has a smaller cross-sectional area of 84 m2 . For the given geometry, the desired gas
velocity (5 m/s) is obtained with a recirculation gas mass flow of 168 kg/s, corresponding
to φg ≈ 0.77. The gas is cooled down to 450 ◦ C before introducing it into the reactor. Assuming a 10-m-high refractory at the bottom, a total reactor height of 35 m is considered
for appropriate solids residence time, given that the particle separator and return systems
have space enough to be located on the side wall. The height of the sloped section is 14 m.
The operating temperature in the fuel reactor is an important parameter as the oxygen
concentration at equilibrium conditions and thus the thermodynamic driving force for the
process is highly dependent on temperature. As shown by experiments, a high temperature in the fuel reactor results in a high degree of char conversion. For example, Abad
et al. (2012), using a CuO-based oxygen carrier, obtained a char conversion of 99% at 960
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C, and that of only 96% at 900 ◦ C. Thus, it is decided to operate the fuel reactor at 960
C.

It is assumed that the oxygen carrier is fully oxidized in the air reactor. This assumption can be justified by the very high oxidation rates measured for copper-based oxygen
carriers (Eyring et al., 2011; Whitty and Clayton, 2012). With respect to the overall heat
balance in the system, an energy differential represented by a temperature difference of
15 ◦ C between the reactors should be within a practical range of operation (Sahir et al.,
2014). Thus, the solids enter the fuel reactor at XOC = 1 and T = 945 ◦ C. The input
mass flow rate is set equal to the oxygen carrier stream leaving the reactor. The main
design and operating parameters are summarized in Table 5.3.

Table 5.3: Main design and operating parameters.
Parameter
Value
Unit
Fuel reactor
Fuel input
19.8
kg/s
Total height
35
m
Sloped section height
14
m
Elevation to outflow channel
33.3
m
Freeboard cross-sectional area 121
m2
Grid cross-sectional area
84
m2
Oxygen carrier inventory
400
kg/MWf
Gas velocity
5.0
m/s
◦
Temperature
960
C
Flue gas recirculation
Mass flow
Input temperature

168
450

kg/s
◦
C

Oxygen carrier
Active phase
Inert phase
CuO/Cu2 O content
Apparent density
Particle size

CuO/Cu2 O
TiO2
50
4650
0.1

wt%
kg/m3
mm

Solids into fuel reactor
Degree of oxidation
Temperature

1
945

◦

C
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Reference case results

The performance of the CLOU process can be evaluated by determining the CO2 capture
efficiency, which considers the physical removal of CO2 that would be otherwise emitted
into the atmosphere. It is defined as (Garcia-Labiano et al., 2013)


[C]char
(1 − Xchar )
(5.25)
ηcc = 1 −
[C]
where Xchar is the conversion of char in the fuel reactor, calculated by
Xchar = 1 −

ṁchar,AR
ṁchar,in

(5.26)

where ṁchar,in is the flow of char coming from the fuel and ṁchar,AR is the flow of char
escaping to the air reactor. From now on, the two parameters, namely char conversion and
CO2 capture efficiency, will be referred to as “performance parameters”.
The main results from the reference case simulation are summarized in Table 5.4. With
the design and operating parameters presented in Table 5.3, a char conversion of 84.7%
is obtained. No carbon stripper is included in the reference case configuration; thus, the
leftover char escapes to the air reactor. The char will burn in the air reactor, but the carbon
at the air reactor outlet cannot be captured. Consequently, a carbon capture efficiency of
89.2% is reached.
Table 5.4: Main results from the reference case simulation.
Parameter
Value Unit
Char conversion
84.7
%
CO2 capture efficiency
89.2
%
OC oxidation rate
10.2
%OC /min
Total O2 released
34.0
kg/s
Total O2 consumed
31.7
kg/s
Change in OC conversion
0.223 ◦
Average reactor temperature 960
C
Reactor cooling duty
23.9
MW
Gas flow at outlet
217.2 kg/s
Solids entrainment flux
12.2
kg/(m2 s)
Solids residence time
136
s
Pressure drop
16.1
kPa
The vertical density profiles of both the oxygen carrier and the char are modelled continuous from the reactor bottom to the reactor top as shown in Figure 5.5. The profiles
appear typical for the fast fluidization regime, as there is no noticeable boundary between
the dense and lean regions after a short entry zone at the bottom. At the top of the reactor,
an oxygen carrier concentration of about 6.7 kg/m3 is estimated. With the given oxygen
carrier inventory and gas velocity, a solids entrainment flux of 12.2 kg/(m2 s) is obtained.
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The flux corresponds to a solids circulation rate of 1474 kg/s and results in a solids conversion difference of ∆XOC = 0.223 between the air and the fuel reactor. The average
residence time of solids in the reactor is 136 s. The sloped bottom section of the reactor
ensures a reasonably uniform gas velocity profile as shown in Figure 5.6.
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Figure 5.5: Vertical density profiles of solids in the fuel reactor (TFR = 960 ◦ C, mOC =
400 kg/MWf , ug = 5.0 m/s).
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Figure 5.6: Vertical gas velocity profile in the fuel reactor (TFR = 960 ◦ C, mOC = 400
kg/MWf , ug = 5.0 m/s).
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Figure 5.7 shows the oxygen release and consumption profiles. In total, the release rate
of oxygen from the oxygen carrier is 34.0 kg/s, while the combustion of char consumes
20.7 kg/s of oxygen and the combustion of volatiles 11.0 kg/s. Thus, excess oxygen is
generated by the rate of 2.3 kg/s, implying that the solids inventory could be reduced.
Here, the outlet concentration of oxygen is 5.27 V%, whereas in conventional fluidized
bed combustion, it would be 2–5%. Such a high oxygen concentration at the outlet could
be problematic, because the compressed CO2 can only contain very low concentrations of
oxygen. Nevertheless, most of the excess oxygen will remain utilizable since it is recirculated back to the reactor. In fact, it can be seen that the oxygen consumption at the reactor
bottom is approximately 5.5 kg/s, whereas only a little more than 4 kg/s is generated; the
rest comes from the recirculation. Despite the surplus oxygen, a complete conversion of
the fuel is not attained because of slow char combustion kinetics. The majority of the
volatiles is burnt during the first 8 m, after which most of the available oxygen is consumed by char combustion. By observing the profiles, it is clear that the consumption of
oxygen improves the decomposition reaction of the metal oxide particles.
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Figure 5.7: Vertical reaction rate profiles of oxygen in the fuel reactor (TFR = 960 ◦ C,
mOC = 400 kg/MWf , ug = 5.0 m/s).
The equilibrium partial pressure of oxygen is detemined by temperature, and it therefore
follows the vertical temperature profile (Fig. 5.8) in the reactor. The development of both
the actual and the equilibrium partial pressure of oxygen along the reactor height can be
seen in Figure 5.9. A rather low equilibrium pressure is observed at the bottom, which
is due to a high temperature gradient resulting from a heat sink. The heat sink is formed
because the oxygen carrier and the recirculation gas introduced at the bottom must be
heated up to the reactor temperature. As the consumption of oxygen is highest within the
bottom region (see Fig. 5.7), it is not desirable to have impaired oxygen release charac-
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teristics in that region. The temperature gradient at the reactor bottom could be decreased
by recirculating a fraction of the outgoing hot solids back into the reactor.
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Figure 5.8: Vertical temperature profile in the fuel reactor (TFR = 960 ◦ C, mOC = 400
kg/MWf , ug = 5.0 m/s).
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Figure 5.9: Evolution of the equilibrium partial pressure of oxygen and the actual partial
pressure of oxygen along the reactor height (TFR = 960 ◦ C, mOC = 400 kg/MWf , ug =
5.0 m/s).
As seen in Figure 5.9, the partial pressure of oxygen in the reactor approaches the equi-
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librium. This is because the release of oxygen from the oxygen carrier is faster than the
consumption of oxygen by combustion. With respect to char combustion, a high oxygen
concentration is desirable. Subsequently, the presence of excess oxygen sets an equilibrium limitation for the decomposition of CuO and less oxygen will be generated. In order
to balance these two factors, the amount of solids in the reactor could be optimized.
The outlet concentrations of different gases are given in Table 5.5. Except for minor fractions of H2 and CO, the volatiles are fully converted into CO2 and H2 O. Because of the
gas recirculation, the main gases evolve quite steadily along the reactor height as shown
in Figure 5.10. It should be noted that the concentration of SO2 in the flue gas becomes
high (4973 Vppm), and therefore, a method to capture the SO2 must be applied.

Gas
CO2
H2 O
O2
N2
SO2
H2
CO
H2 S
NH3
CH4
C2 H4
NO

Table 5.5: Composition of the flue gas.
Concentration (V%) Concentration (Vppm)
65.15
28.76
5.27
0.31
4793
142.6
10.7
0.28
0.00
0.00
0.00
0.00

The endothermic release of oxygen in the fuel reactor requires 279.6 MWth of energy,
while 165.7 MWth is required to heat the recirculation gas from 450 ◦ C to 960 ◦ C. The
degree of oxidation determines the mass of the oxygen carrier; thus, the mass entering the
reactor is larger than the mass leaving the reactor (see Publication III). With the assumed
temperature gradient of 15 ◦ C, the heat balance between the solid streams results in an
energy supply of 15.8 MWth into the reactor. Since 453.4 MWth is obtained from the
combustion of coal, 23.9 MWth must be withdrawn directly from the reactor to maintain
the desired temperature.
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Figure 5.10: Gas concentration profiles in the fuel reactor (TFR = 960 ◦ C, mOC = 400
kg/MWf , ug = 5.0 m/s).

5.2.6

The effect of solids inventory

Previous CLOU studies have indicated the relevance of the solids inventory on the fuel
reactor performance (Adanez-Rubio et al., 2013; Kramp et al., 2012b). An increase of
the solids inventory gives an increase of the bed volume and extends the average solids
residence time in the reactor. The higher the residence time of char particles, the higher
the char conversion reached. The residence time of solids in the fuel reactor, τs,FR , can be
determined by
ms,FR
(5.27)
ṁs
where ms,FR is the fuel reactor inventory and ṁs is the solids circulation rate between
the air and fuel reactors. Here, the latter was not fixed but calculated as a function of the
solids inventory (see Section 3.1.3).
τs,FR =

Figure 5.11 shows the char conversion, Xchar , carbon capture efficiency, ηcc , and instantaneous oxygen generation rate, rO2 , as a function of the fuel reactor inventory. When
the solids hold-up increases from 50 kg/MWf to 750 kg/MWf , the solids circulation rate
increased from 2.3 kg/(m2 s) to 20.4 kg/(m2 s) and the residence time from 92 s to 153 s.
As a consequence, the carbon capture efficiency increases from 79.3% to 90.5% due to
the higher char conversion. A relatively sharp increase in the performance parameters can
be observed until about ms = 100 kg/MWf , after which the beneficial effect of increasing
the inventory becomes less important.
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Figure 5.11: Char conversion, CO2 capture efficiency, and the total oxygen release rate
plotted for different oxygen carrier inventories (TFR = 960 ◦ C, ug = 5.0 m/s).
The inventories predicted here are of the same order of magnitude as the ones reported in
the literature. In the experiments by Abad et al. (2012), full conversion of bituminous coal
to CO2 was achieved using a solids loading of 240 kg/MWf in the fuel reactor. AdanezRubio et al. (2013) found solid loadings up to 490 kg/MWf necessary in the fuel reactor
to reach a 95% of CO2 capture efficiency.
5.2.7

The effect of temperature

The operating temperature in the fuel reactor must be determined with respect to the
thermodynamic equilibrium and reaction kinetics. At high temperatures, both the solid
decomposition and the char conversion will be enhanced (Abad et al., 2012; AdanezRubio et al., 2013, 2014a). The upper limit for the temperature is given by the specifc
properties of the oxygen carrier, such as material melting point and tendency towards agglomeration. When using CuO as the oxygen carrier, fluidization problems could occur
due to agglomeration, since metallic copper with a relatively low melting point of 1085
◦
C can be formed in side reactions. However, particle attrition and agglomeration could
be avoided by impregnating the carrier with feasible support material (Gayan et al., 2012).
Figure 5.12 shows the performance parameters as a function of the fuel reactor temperature. All the time, the temperature of the solids entering the fuel reactor was fixed 15
◦
C below the reactor temperature. At the lowest temperature, TFR = 935 ◦ C, the solid
decomposition is highly limited due to the low oxygen concentration at equilibrium, and
a CO2 capture efficiency of only 81.9% is obtained. For the CuO/Cu2 O system, it is possible to reach an equilibrium concentration of 3.05 V% O2 at 935 ◦ C, and 8.58 V% O2
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at 985 ◦ C. Consequently, the higher temperature in the reactor resulted in a CO2 capture
efficiency of 93.7%.
In order to maintain the desired temperature, a certain amount of heat must be withdrawn
from the reactor. It should be remembered, that the heating of the recirculation gas from
450 ◦ C up to the reactor temperature consumes available energy, and the higher the temperature, the higher the consumption. At 935 ◦ C, the reactor cooling duty is 30.9 MW,
whereas only 6.3 MW can be extracted at 985 ◦ C. The temperature also affects the gas
density and thus the velocity at the reactor exit. Correspondingly, the solids circulation
rate increases from 11.4 kg/(m2 s) to 13.1 kg/(m2 s).
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Figure 5.12: The effect of fuel reactor temperature on char conversion and CO2 capture
efficiency (mOC = 400 kg/MWf , ug = 5.0 m/s).

5.2.8

The effect of solids circulation rate

The char conversion and CO2 capture efficiency in the fuel reactor are dependent on the
solids circulation rate, because the circulation of solids affects (1) the solids residence
time and (2) the carbon flow exiting the fuel reactor (Adanez-Rubio et al., 2014b). In
the current work, the fuel reactor is operated in the fast fluidization regime for a better
utilization of the upper part of the reactor; the goal is to get a more homogeneous particle
distribution over the reactor and thus improve the gas-solids contact. This way, the char
conversion could be increased (Bischi et al., 2011).
With a fixed solids inventory, the solids circulation rate is dependent mainly on the superficial gas velocity, which determines the entrainment of particles from the dense bed.
Thus, in order to evaluate the effect of the solids flow, the gas velocity in the reactor is
varied between 4.4 m/s and 5.5 m/s. The lower limit of the velocity range is set by the
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transport velocity as defined in Section 5.2.4. For such velocity, a recirculation gas mass
flow of 130 kg/s (φg = 0.72) is required. The upper limit is determined based on the
calculation of the fuel reactor energy balance. The gas recirculation rate necessary for
ug = 5.5 m/s is 191 kg/s (φg = 0.79), and because a lot of energy is required to heat the
gas up to the operating temperature, no heat can be withdrawn directly from the reactor.
In order to obtain any higher gas velocity, the reactor would require heating instead of
cooling, which obviously is not desirable. At ug = 4.4 m/s, the reactor cooling duty was
found 61.5 MW.
The solids circulation rate increases from 9.5 kg/(m2 s) at ug = 4.4 m/s to 15.5 kg/(m2 s)
at ug = 5.5 m/s. The residence time of solids in the reactor is inversely proportional to
the rate of circulating solids; thus, the time available for oxygen carrier particles to release oxygen and char particles to react with the oxygen decreased from 174 s to 107 s.
As can be seen in Figure 5.13, the solids flow has a negative effect on the performance
parameters, which is due to a decrease of the solids residence time. In order to get a high
enough char conversion for a 90% of CO2 capture efficiency, an average residence time
above 150 s is needed. In a similar manner, the higher is the residence time, the higher is
also the conversion of the oxygen carrier.
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With respect to the parameters under evaluation, the trend observable in the model predictions agrees to the experimental results obtained in a continuously operated CLOU unit
with coal (Abad et al., 2012).
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Figure 5.13: The effect of solids circulation rate on char conversion, CO2 capture efficiency, and change in solids conversion (TFR = 960 ◦ C, mOC = 400 kg/MWf ).
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The effect of coal reactivity

In the reference case conditions, the oxygen release rate was high enough to supply an
excess of gaseous oxygen exiting the reactor together with the combustion gases. Nevertheless, full conversion of the coal was not attained because of the slow char combustion
kinetics. Since the performance was limited by the coal reactivity, it is relevant to conduct
the evaluation considering coals of different rank.
The experiments by Adanez-Rubio et al. (2013) showed that the type of coal has an effect
on the performance of CLOU, in a way that less reactive coals gave lower CO2 capture
efficiency. The CO2 capture followed the order anthracite < bituminous coal < lignite.
The kinetic parameters applied in the current coal combustion model should represent the
reactivity of a bituminous-type coal (Basu, 2006), and indeed, the modelled CO2 capture
efficiencies within 80%–90% are similar to the values obtained for low volatile bituminous coal in the experiments.
The effect of the coal reactivity on the performance parameters is analyzed by the ratio
between the char combustion rate of a hypothetical coal, rchar,hyp , and the char combustion rate of the current (reference) coal, rchar,ref . As can be seen in Figure 5.14, the
rchar,hyp /rchar,ref ratio is varied between 0.3 and 3.3. The lower limit could represent a
case of using anthracite and the upper limit a case of using lignite (Garcia-Labiano et al.,
2013). Obviously, the higher the reactivity, the faster the char conversion and higher the
CO2 capture efficiency. The results clearly indicate the need of a carbon separation system when low reactive coals are used. By using a highly reactive coal, a 95% of CO2
capture efficiency could be reached without any extra arrangements.
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Figure 5.14: The effect of coal reactivity on char conversion and CO2 capture efficiency
(TFR = 960 ◦ C, mOC = 400 kg/MWf , ug = 5.0 m/s).
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The effect of carbon separation system

As shown by the simulations, the oxygen carrier stream exiting the fuel reactor will contain a small amount of unreacted char. This char will burn in the air reactor, but the
resulting CO2 cannot be captured. To improve the char conversion in the fuel reactor, a
carbon stripper can be implemented between the reactors. The carbon stripper allows the
separation of char from the oxygen carrier based on selective entrainment of particles in
a fluidized bed (Gayan et al., 2013; Kramp et al., 2012a). The device has to be supplied
with sifting gas, which could be steam or recirculation gas from the fuel reactor. Either
way, char gasification and combustion of the gasification products would occur, and thus
enhance the char conversion. Also, direct combustion of the char is possible as the oxygen carrier will release some gaseous oxygen. However, since the gasification process
is rather slow and the residence time of the solids in the carbon stripper is assumed low,
the described reaction scheme is not taken into consideration in the current modelling approch.
The performance of the carbon stripper is indicated by carbon separation efficiency, ηcs ,
which determines the fraction of the char separated and returned back to the fuel reactor.
At ηcs = 1, no char escapes to the air reactor. The main influence of the carbon stripper
is to extend the residence time of char particles in the fuel reactor (Abad et al., 2013).
As illustrated in Figure 5.15, both the char conversion and the CO2 capture efficiency
increases with the increasing ηcs . In the reference case conditions, it is possible to reach
a CO2 capture efficiency as high as 89.2% without using the carbon stripper. Therefore,
the influence of the carbon separation remained rather moderate. A separation efficiency
of approximately 60% is required to capture 95% of the carbon introduced in the system.
The analysis was additionally conducted for a low-reactive coal having an apparent char
combustion rate of one third of that of the reference coal. According to Figure 5.15, a
CO2 capture efficiency of only 61.9% is obtained if the carbon stripper is not utilized.
In this case, the relevance of the carbon stripper became more evident as the char concentration at the reactor exit increased compared to the reference case. Furthermore, a
greater concern should be given to the performance of the carbon stripper, as it is necessary to have a separation efficiency of almost 90% to obtain a 95% of carbon capture. The
experimental work of Adanez-Rubio et al. (2013) also underlined the need of a carbon
separation system when low reactive coals are used.
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Figure 5.15: The effect of carbon separation system on char conversion and CO2 capture
efficiency. The char combustion rate of the low reactive coal was one third of that of the
reference coal (TFR = 960 ◦ C, mOC = 400 kg/MWf , ug = 5.0 m/s).

5.2.11

Discussion

A one-dimensional fluidized bed model to describe the behavior of the fuel reactor involved in chemical looping with oxygen uncoupling (CLOU) process has been developed. The model considers the physical phenomena relevant to CLOU, such as release
of oxygen by oxygen carrier decomposition, combustion of coal with molecular oxygen,
fluidized bed hydrodynamics, and transfer of heat within the reactor.
The performance of a CLOU fuel reactor fed by bituminous coal and CuO-based oxygen carrier was evaluated by means of model simulation. A reference case was defined
and simulated, after which the effect of relevant design and operational parameters on the
results was assessed by parameter variations. For the reference case conditions with a
temperature of 960 ◦ C and solids inventory of 400 kg/MWf in the reactor, a CO2 capture
efficiency of approximately 90% was predicted without the utilization of the carbon stripper. The oxygen release rate was high enough to supply an excess of gaseous oxygen for
combustion, thus the performance was limited by the coal reactivity. Solids inventories
below 100 kg/MWth resulted in a lack of oxygen, and thus, a sharp reduction in the char
conversion and CO2 capture was observed.
The temperature showed an important effect on the conversion of coal in the fuel reactor, and the CO2 capture efficiency increased from 81.9% at 935 ◦ C to 93.7% at 985 ◦ C.
Therefore, a high temperature in the fuel reactor is desired. The model includes a detailed formulation of the energy conservation and thereby allows the investigation of heat
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transfer within the reactor. Hence, the arrangement of heat transfer surfaces and gas and
solids inlets could be chosen to minimize the intrareactor temperature gradients affecting
negatively the chemical equilibrium.
For a fixed solids inventory, an increase in the solids circulation rate gave a decrease in
the CO2 capture efficiency. This was due to the decreased residence time of solids in
the reactor. It was also shown that the coal rank has an important effect on the overall
performance, as low reactive coals required higher residence times to attain feasible char
conversion. In such cases, it is necessary to utilize a carbon separation system with a separation efficiceny of >90% to reach CO2 capture efficiencies >95%. When using highly
reactive coals, the carbon separation unit becomes unnecessary.
Overall, the model predictions appeared to be in agreement with the results presented in
the literature. As the model structure and submodel forms turned out to be appropriate to
describe the studied process, the model will be further developed for investigations of the
whole CLOU process loop comprising two interconnected fluidized bed reactors.
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6

Conclusions

In this thesis, chemical looping combustion (CLC) and chemical looping with oxygen
uncoupling (CLOU) processes were investigated by means of modelling. In the previous
sections, the results and discussions were presented, whereas this section contains the
concluding remarks.
As the main objective of the thesis, a one-dimensional, dynamic fluidized bed model
frame for simulating the above-mentioned processes was developed. The model comprises fundamental continuum equations combined with semi-empirical correlations. Such
a modelling approach was chosen for low computational cost while maintaining a sufficient accuracy in results. The best available knowledge from the literature on fluidized
bed reactors and the chemical looping technology was utilized for describing the physical
phenomena relevant to the processes studied.
The model frame was succesfully validated based on the operation of a 150 kWth CLC
pilot unit fed by methane and Ni-based oxygen carrier. The model was capable of simulating the behavior of the pilot unit and reproducing the results obtained experimentally.
Then, a conceptual design for a CLC reactor system at a pre-commercial scale of 100
MWth was created, after which the validated 1D model was used to predict the performance of the system. The performance was greatly influenced by the hydrodynamics.
Thus, to achieve optimal operation conditions, effective solids transport and control systems are needed. The air reactor would be very similar to a conventional CFB boiler, and
its design can be handled without major difficulties. From the reaction engineering point
of view, the main focus should be given to the fuel reactor.
The integration of CLC and steam turbine cycle was studied resulting in a power plant
configuration which included only conventional power plant components, and the 100
MWth CLC unit was considered suitable for a retrofit arrangement where it replaced the
natural gas steam generator. A process flow sheet of the whole plant was set up and
simulated, and taking into account the efficiency drop of about 2%-points by the CO2
compression, a net plant efficiency similar to that currently achievable in a modern steam
power plant was obtained. The degree of fuel conversion was found to have a significant
effect on the net power plant efficiency; thus the reactor system should be designed carefully for maximal fuel conversion.
The operation of a hypothetical CLOU system fed by bituminous coal and CuO-based
oxygen carrier was characterized via mass, energy, and exergy balance analysis. Various
process parameters were evaluated, and as a result, possible operational regions and material requirements for the given oxygen carrier were determined. In addition, a thermal
assessment with respect to reactor temperatures and extraction of heat was carried out for
envisioning different heat balance scenarios. With an exergy analysis, the effect of fundamental operating parameters on the second-law efficiency of the system was evaluated
and the magnitudes of various inefficiencies and irreversibilities were estimated.
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6 Conclusions

An essential part of the viability of a CLOU system is based on the behavior of the fuel
reactor, which determines the conversion of the solid fuel. Therefore, the 1D fluidized
bed model was modified suitable for CLOU, and the operation of a CLOU fuel reactor
scaled up to 500 MWth was evaluated. A reference case was defined and simulated, after
which the effect of relevant design and operational parameters on the results was assessed
by parameter variations.
Overall, the 1D model predictions appeared to be in agreement with the results presented
in the literature, and the model structure and submodel forms turned out to be appropriate to describe the studied processes. Obviously, further improvement and validation
of the submodels is a continuous task, and applicable empirical data is always needed.
So far, only stationary cases have been simulated, but since the model is based on timedependent balance equations, dynamic simulations can be conducted for further analysis
of the processes.
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a b s t r a c t
Chemical looping combustion (CLC) is an emerging combustion technology with an inherent separation
of the greenhouse gas CO2 . The technique typically employs a dual ﬂuidized bed reactor system where
a metal oxide is used as a solid oxygen carrier that transfers the necessary oxygen from air to the fuel
combustion. In this work, a comprehensive simulation tool for the investigation of a CLC system consisting of two interconnected ﬂuidized bed reactors is introduced. One-dimensional, dynamic ﬂuidized
bed reactor model is implemented into the Matlab/Simulink environment. The model is based on the
conservation of mass and energy, and semi-empirical correlations are used for the calculation of reaction
kinetics, hydrodynamics, and heat transfer. The main outputs of the model are the global solids circulation rate, the conversion of the carrier and the gas composition at the reactor exit, the vertical proﬁles of
temperature, reaction rates and gas concentrations, and the distribution of solids in the reactors. For validating and evaluating the capabilities of the model, a reference case based on the operation of a 120 kWth
CLC test rig was deﬁned and simulated. Good agreement was observed between the experiments and
simulations, and the model structure and submodel forms turned out to be appropriate to describe the
studied process.
© 2013 Elsevier Ltd. All rights reserved.

1. Introduction
Effective control and limiting of carbon dioxide (CO2 ) emissions
in energy production are major challenges of science today. Several different methods to avoid, separate and store CO2 from the
ﬂue gases of energy production have been presented. The main
problem in most of these processes is a relatively low overall efﬁciency, and as a consequence, large share of produced energy is
consumed in CO2 separation and compression (Damen et al., 2006).
Hence, current research activities include development of “breakthrough technologies”; lower-cost capture systems with smaller
energy penalties.
Chemical looping combustion (CLC) has been introduced as a
promising combustion process with an inherent separation of CO2 ,
initially by Lewis and Gilliland (1954) and later, for example by
Richter and Knoche (1983), Ishida et al. (1987) and Ishida and Jin
(1994). During the recent years, industry and academic institutions
have noticed CLC’s potential for delivering the most efﬁcient and
economic technology in the case of CO2 capture (Lee et al., 2005). A
great number of scientiﬁc papers considering different areas of CLC
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research have been recently listed and reviewed by Adanez et al.
(2012).
In a CLC system, the process shown in Fig. 1 is split into two
interconnected ﬂuidized bed reactors: an air reactor (AR) and a fuel
reactor (FR) where two consecutive gas–solid reactions occur forming a chemical loop. A solid oxygen carrier (metal oxide) is used to
transfer the oxygen from the air to the fuel. The oxygen carrier loops
between the AR, where it is oxidized by the air (Eq. (1)), and the FR,
where it is reduced by the fuel (Eq. (2)):
Me +

1
O2 → MeO
2

(2x + y)MeO + Cx H2y → (2x + y)Me + yH2 O + xCO2

(1)
(2)

Depending upon the metal oxide used, the reduction reaction
is often endothermic (Hred > 0) while the oxidation reaction is
highly exothermic (Hoxd < 0). The total amount of released heat
Hc is the same as for normal combustion. In CLC, the combustion
air is not mixed with the fuel, and the CO2 does not become diluted
by the nitrogen of the ﬂue gas, like in the conventional combustion
process. The outgoing gas from the oxidation step (AR) will contain
N2 and unreacted O2 while the gas from the reduction step (FR)
will be a mixture of CO2 and water vapor. Almost pure CO2 can be
obtained with minor losses of energy caused by condensation of
the water vapor (Lyngfelt et al., 2001).
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Notation
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reactor cross-sectional area, m2
heat transfer surface area, m2
decay constant for solids density proﬁle, m−1
constant for calculation of drag coefﬁcient
constant for calculation of drag coefﬁcient
stoichiometric ratio for the reaction i
gas concentration, mol m−3
gas concentration at equilibrium conditions,
mol m−3
drag coefﬁcient
speciﬁc heat capacity of solids, J kg−1 K−1
energy dispersion coefﬁcient
particle diameter, m
activation energy, kJ mol−1
convective heat ﬂows of solids and gas mixture, J s−1
energy dispersion rate, J s−1
circulation coefﬁcient
gravitational acceleration, m s−2
speciﬁc enthalpy of gas mixture, kJ kg−1
reaction enthalpy, kJ mol−1
element height, m
decay constant for solids density proﬁle, m−1
reaction rate constant, s−1
pre-exponential factor, s−1
wall layer backﬂow ratio
circulation coefﬁcient
molar mass, g mol−1
mass, kg
reaction order
molar ﬂow of gas component, mol s−1
mass ﬂow rate, kg s−1
fuel power, kW
element perimeter, m
pressure, Pa
heat transfer rate to heat exchanger, J s−1
effective reaction rate, kg s−1
reaction rate, s−1
reactivity correction coefﬁcient
Reynolds number
universal gas constant, J mol−1 K−1
source/sink of energy by chemical reactions, J s−1
temperature, K
time, s
internal energy, J
ﬂuidization gas velocity, m s−1
ﬂuidization gas velocity required for pneumatic
transport of solids, m s−1
particle terminal velocity, m s−1
wall layer velocity parameter, m s−1
volume, m3
mass fraction
degree of oxygen carrier conversion
degree of methane conversion
height, m
elevation of reactor exit, m

Greek symbols
˛tot,i
total heat transfer coefﬁcient, W m−2 K−1
b
solids density at bottom bed, kg m−3
e
solids density at reactor exit, kg m−3
g
gas density, kg m−3
m
molar density of reacting material, mol m−3

s

s,pt
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solids density, kg m−3
solids density in pneumatic transport, kg m−3
summation
time for complete solid conversion, s

Subscripts
AR
air reactor
average
ave
FR
fuel reactor
g
gas
number of element
i
in
inlet
j
gas component (CH4 , CO2 , H2 O, O2 )
Me
metal
MeO
metal oxide
out
outlet
oxd
oxidation
reduction
red
s
solid oxygen carrier
tot
total
wl
wall layer

In order to obtain a high performance in CLC, an intimate contact between the oxygen carrier and gas phase species is important.
Having a lot of advantages including uniform particle mixing and
excellent gas–solid contacting, a ﬂuidized bed reactor has been proposed as the primary reaction vessel for CLC. Lyngfelt et al. (2001)
introduced a circulating system composed of two connected ﬂuidized beds: high-velocity riser as an AR and low-velocity bubbling
bed as a FR. Leading to a smaller cross-sectional area of the reactor
and a reduced footprint of the plant, Kolbitsch et al. (2009a) presented a FR design operating at the turbulent ﬂuidization regime.
Development of modelling and simulation tools is essential for
the design, optimization, and upscaling of the CLC process. Various models have been presented in the literature for describing
the operation of ﬂuidized bed reactors. A wide-range review and
comparison of circulating ﬂuidized bed combustor (CFBC) models is provided by Basu (1999). Muir et al. (1997), Park and Basu
(1997), and Chen and Xialong (2006) have demonstrated a dynamic
modelling approach to predict the transient behavior of a CFB combustor. Considering models for investigating the reactors involved
in a CLC system, several works have been introduced. Based on the

O2, N2

MeO (+ Me)

Air
reactor

Air

CO2, H2O

Fuel
reactor

Me (+ MeO)

Fuel

Fig. 1. CLC process loop between two interconnected ﬂuidized bed reactors.
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Air-O2 CO2, H2O

b

b
e
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c

c

d

d

Me/MeO
Air

MeO/Me
Fuel (CH4)

Fig. 2. The basic model layout for simulation. The layout can be modiﬁed to correspond different, case-dependent reactor conﬁgurations.

two-phase ﬂow theory, Abad et al. (2010a) and Xu et al. (2007)
have modelled bubbling ﬂuidized bed fuel reactors in sizes of
10 kWth and 45 kWth , respectively. Kolbitsch et al. (2009b) modelled a 120 kWth chemical looping test rig with a high-velocity
ﬂuidized bed fuel reactor, using a simpliﬁed method for describing the ﬂuid dynamics in the air and fuel reactors. In addition to the
macroscopic ﬂuid dynamics models, computational ﬂuid dynamics
(CFD) models based on the ﬁrst principles of mass, momentum, and
heat transfer have also been developed for CLC (Jung and Gamwo,
2008; Jin et al., 2009; Mahalatkar et al., 2011).
Reactions and ﬂuid dynamics in a system of two interacting ﬂuidized bed reactors leads to complex operation with many affecting
parameters. The objective of this work is to create a comprehensive
model frame including the main relevant phenomena, such as solid
ﬂow rates between the reactors, solid density proﬁles, averaged
reaction and heat transfer rates, and solve these secondary equations together with the conservation equations for mass, energy,
gas species, and solid conversion ratio. For the veriﬁcation of the
correctness of the model, it is imperative that the accuracy of its
predictions are checked against experimental data. Also, testing is
serving as a validation for the phenomena described in the model
and hence, a reference case based on the operation of a 120 kWth
CLC prototype unit with Ni-based oxygen carrier and methane as
fuel is deﬁned and simulated. The developed model allows analyzes
of two interacting ﬂuidized bed reactors with scale-up considerations for industrial units.

2. Model description
The developed simulation tool is a 1D model with averaged reactions and continuous solid concentration proﬁles in the reactors.
The model frame is aimed at studies of various CLC processes consisting of interconnected ﬂuidized beds with different ﬂuidization
states. In this study, the model was used for steady state analyses only, but a dynamic modelling approach was chosen and the
equations were set up with time-dependencies allowing dynamic
studies at further stages. The role of the energy equation applied in
the model becomes more pronounced when industrial scale applications with large heat exchangers are studied.

Shown in Fig. 2, a reactor layout consisting of (a) two ﬂuidized
bed reactors, (b) cyclone separators, and (c) solids return systems
can be investigated. The layout includes also an option for (d) solids
and (e) gas recirculation. This basic conﬁguration can be modiﬁed
on a case-by-case basis, as different reactor systems may vary in
design. Each module is vertically divided into a ﬁnite number of elements that are considered ideally mixed. Time-dependent balance
equations for mass and energy are derived for each element. Gas
and solid phases are calculated separately, but the same average
temperature is used for both phases. Semi-empirical correlations
are used for the calculation of hydrodynamics, reaction kinetics,
and heat transfer. Additional sub-models consider the core-annulus
solids ﬂow and the dispersion of energy due to the turbulent motion
of solids in the reactor.
Different process modules are connected together in Simulink
forming a ﬂow chart for the main process. Each module is discretized using the control volume method for vertical 1D elements.
Spatial derivatives are discretized using ﬁrst-order approximations with the central difference or upwind scheme for convective
ﬂuxes. The simulation code of each module is written in C++
and compiled to S-functions executable in Simulink. Steady state
conditions with different input values are reached after solving a set
of time-dependent equations by using Simulink’s internal ordinary
differential equation solver with a ﬁxed (Runge-Kutta) or variable
(Dormand-Prince) time step.
2.1. Oxygen carrier conversion
Flow ﬁeld in a ﬂuidized bed is unsteady and highly complex.
Thus, the environment for a heterogenous reaction varies strongly
in time. In addition to the intraparticle phenomena like chemical
reactions and diffusion, the rate of a reaction is affected by mass
transfer limitations due to the macroscopic mixing of solids and
gases (Vepsäläinen et al., 2013). Described in earlier study by Abad
et al. (2010a), the reaction rate in the dense bed region of a bubbling bed reactor is mainly limited by the gas transfer between the
bubble and emulsion phases. In the present work, the solid and
gas phases are modelled as cross-sectional averages in the turbulent and fast ﬂuidization regimes, and a lumped model for the
reaction rate is used instead of the two-phase modelling approach.
The model takes the physical form of a shrinking core model to
describe the reactivity of the particles, and a correction factor is
used to calculate the average cross-sectional reaction rate including the effects of different ﬂuidization states. The applied modelling
method does not make clear distinction between the dense bottom bed and freeboard regions, and it is ﬂexible in describing the
dynamic operation of interconnected ﬂuidized beds with different
ﬂuidization conditions.
In both reactors, the solid phase is divided into metal oxide
(MeO) and metal (Me) by having a conversion ratio based on the
mass fractions of the solid components:
Xs,AR =

mMeO
mMeO + mMe

Xs,FR = 1 − Xs,AR

(3)
(4)

The shrinking core model (SCM) presented by Abad et al. (2007)
is used to model the reaction rate of the oxygen carrier particles in
the air and fuel reactors. According to the SCM, the reaction rate rs
for solids with a conversion ratio Xs is given by
3
(1 − Xs )2/3

m rg
=
n )
bi k(C n − Ceq

rs =

(5)
(6)

where  is the characteristic time for particles with a molar density
of m and a spherical grain diameter rg to reach full conversion at
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certain molar concentration C of reacting gas. Parameter bi is the
stoichiometric ratio of reacting solids and gases, and the kinetic
rate constant k is expressed by the Arrhenius equation:
k = k0 exp

 −E 
Ru T

(7)

where k0 and E are kinetic parameters, Ru is the universal gas constant, and T stands for temperature.
In addition to the reaction rate rs , a correction factor R is needed
to evaluate the cross-sectionally averaged reactivity in realistic ﬂuidized bed conditions. R is a function of the ﬂuidization state in the
reactor and it takes into account different phenomena affecting the
reactivity. For example, the averaged cross-sectional mass transfer
between solids and gases has an important role in turbulent beds.
After applying the correction factor R, the effective reaction rates for
the carrier oxidation and reduction can be given by the equations
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Table 1
Values of a1 and b1 for different Reynolds numbers (Howard, 1989).
Range of Re

Region

a1

b1

0 < Re < 0.4
0.4 < Re < 500
500 < Re

Stoke’s law
Intermediate law
Newton’s law

24
10
0.43

1.0
0.5
0.0

In the case of methane as fuel, Eq. (2) shows that the reaction
rates, that is, the sink term for CH4 and the source terms for CO2
and H2 O in the fuel reactor can be written as
rCH4 ,i = rMe,i
rCO2 ,i = rMe,i

MCH4

(16)

4MMe
MCO2

(17)

4MMe
MH2 O

reff,AR = rMeO = mMe RAR rs,AR

(8)

rH2 O,i = rMe,i

reff,FR = rMe = mMeO RFR rs,FR

(9)

Also, the oxygen from the metal oxide reducing to metal must be
added in the FR main gas balance by

where mMe and mMeO represent the mass of active Me and MeO in
the reactors, respectively.
2.2. Gas phase
The gas phase in the air reactor consists of four gas components,
namely O2 , N2 , CO2 , and H2 O. The studied system uses methane as
fuel and hence, CH4 exists at the FR gas phase as an additional component. In this work, the pathway for the fuel conversion includes
only the main reaction of CH4 with the oxygen carrier. Discussed
for example by Abad et al. (2010) and Pröll et al. (2012), the actual
and more complex reaction scheme occurring in the fuel reactor
consists of many simultaneous reactions, like the water-gas-shift
(WGS) reaction and catalytic steam reforming of CH4 followed by
the oxidation of CO and H2 . Here, the focus was set on a proper
modelling of the reaction environment, and a simpliﬁed reaction
scheme is applied in the fuel reactor to avoid unnecessary complexity.
For each gas component j at element i, the mass fraction w is
solved using a general time-dependent mass balance:
dmg,i wi,j
dt

= ṁi,j,in − ṁi,j,out + ri,j

(10)

where mg,i is the total mass of the gas mixture at element i and ri,j
is the source term of the gas component j from chemical reactions.
The total gas mixture mass is solved using the ideal gas approach:
mg,i =

pV g,i Mg,i

(11)

Ru Ti

where the gas mixture volume is Vg,i = Vtot,i − Vs,i and the molar
mass

⎛

 wi,j

Mg,i = ⎝

j

Mj

⎞−1
⎠

(12)

As seen from Eq. (1), the amount of metal oxide generated is
twice the amount of oxygen consumed in the air reactor:
ṅMeO = 2ṅO2

(13)

rO
rMeO
=2 2
MMeO
MO2

(14)

Thus, oxygen must be reduced from the AR main gas balance by
rO2 ,AR,i = rMeO,i

MO2
2MMeO

(15)

(18)

2MMe

rO2 ,FR,i = rMe,i

MO2

(19)

2MMe

The source/sink terms for gas species from heterogenous reactions are taken into account when calculating the gas mixture mass
ﬂow rates between the elements.
2.3. Solid phase
To describe the hydrodynamics of fast ﬂuidized bed, the vertical density proﬁle of solids in the reactor is modelled by using an
empirical correlation provided by Johnsson and Leckner (1995):
s (z) = (b − e eKZ e )e−az + e eK(Ze −z)

(20)

where b is the bed density and Ze is the elevation of the reactor
exit. The proﬁle is continuous from the reactor bottom to the reactor
top, and there is no clear distinction between the bottom bed and
the freeboard. The proﬁle decay factors a and K are as follows:
a=4
K=

ut
ug

(21)

0.23
ug − ut

(22)

where ug is the ﬂuidization gas velocity at the grid and ut is the
particle terminal velocity, deﬁned as
ut =

4gdp
3CD

s
−1
g

1/2

(23)

The drag coefﬁcient is a function of the Reynolds number for particles at terminal velocity:
CD =

a1

(24)

Reb1

where the constants a1 and b1 vary within the ranges shown in
Table 1.
The density of solids at the reactor exit, e , is modelled using
the following correlation:
e = s,pt

u − ut
upt − ut

(25)

where u is the gas mixture velocity at the upper part of the reactor
and upt is the gas mixture velocity corresponding to the velocity
required for pneumatic transport of solids. According to Kunii and
Levenspiel (1991), an appropriate value for upt is roughly 20ut for
small particles. Representing the density of solids in pneumatic
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transport, s,pt is a function of the total solids inventory in the
reactor:
ms
s,pt =
(26)
Vtot
Given by the 0D mass balance, the total mass of the solids in
the reactor is known, and the density of solids in the bottom bed,
b , at height z = 0 can be calculated by integrating Eq. (20) over the
reactor and using the reactor cross-sectional area. The 0D mass balance is solved using the incoming and outgoing streams of solids.
The incoming stream from another reactor is known, and the exiting stream is calculated using an empirical correlation proposed by
Ylätalo et al. (2012):
f

ṁout = ks ug Ar e

(27)

where Ar is the reactor cross-section area and ug is the gas velocity
at the reactor exit. In essence, Eq. (27) is a continuity equation for
the solid phase, where the parameter ks considers the difference
between gas and solid velocities while f is for the internal separation
of solids at the reactor exit.
In both reactors, the time-dependent conversion ratio of the
oxygen carrier for element i includes a reaction-based source or
sink term:



d(ms,i Xs,AR,i )
= Xs,in
ṁs − Xs,out
ṁs + rMeO,i
dt

(28)

out

in



d(ms,i Xs,FR,i )
= Xs,in
ṁs − Xs,out
ṁs − rMe,i
dt

(29)

out

in

where the incoming and outgoing streams are denoted by in and
out, respectively.
The ﬂow of solids in a fast ﬂuidized bed reactor is divided into
a core region, where the ﬂuidization gas-driven solids are moving
upward, and a wall layer region, where the solids are moving downward by gravity. The wall layer ﬂow transfers solids from the top of
the reactor to the bottom region equalizing the conversion degree
and temperature throughout the reactor. The wall layer thickness
and density are estimated based on the reactor dimensions and ﬂuidizing conditions. Mass ﬂow entering the wall layer is deﬁned for
each element i, based on a given velocity parameter vwl :
ṁs,wl,in = vwl s,i Pi hi

(30)

where Pi and hi are the element perimeter and height, respectively. The mixing of solids between the core and wall layer regions
is modelled using a backﬂow ratio kbf which deﬁnes the mass ﬂow
from the wall layer back to the core:
ṁs,wl,out = kbf ṁs,wl,in

(31)

the speciﬁc enthalpy. After these assumptions, the equation for
convective heat ﬂows is as follows:

Econv,i =



+



y



+

Edisp,i = DA+
r s cp,s

dmg,i
dt

hg,i

(33)

T +
T −
−
− DA−
r s cp,s
h+
h−
mp
mp

(34)

where D is the dispersion coefﬁcient, s is the arithmetic average
of solids density between two consecutive elements, and hmp is
the distance between the middle points of the elements. Generally, the dispersion of energy decreases the temperature gradients
between the elements and thus, the vertical temperature proﬁle of
the reactor is equalized.
As mentioned earlier, the oxidation of the carrier is always
strongly exothermic and most often, the reduction in the fuel reactor is endothermic. Hence, depending on the reaction type, a source
or a sink of energy is formed in the reactor, affecting the total heat
balance. The reaction-based term in the overall energy equation is
0 ,
given by the reaction rate, ry,i , and the heat of combustion, Hc,y
which are both determined by the choice of the oxygen carrier:
0
Sy,i = ±ry,i Hc,y

(35)

Moreover, due to the different nature of reactions, the air reactor
is externally cooled while the fuel reactor is considered adiabatic.
Heat transfer to the internal heat surfaces in the air reactor can be
calculated based on the following expression
Qx,i = ˛tot,i Ax,i (Ti − Tx,i ),

(36)

where the subscript x refers to the heat transfer surface, and the
total heat transfer coefﬁcient, ˛tot,i , is calculated using an empirical
correlation proposed by Dutta and Basu (2002):
0.391 0.408
Ti
˛tot,i = 5.0s,i

(37)

The ﬁnal form for the time-dependent temperature in element
i is



ṁin,s,i cp,s (Tin − Ti ) +

in



ṁin,g,i (hg,in − hg,i )

in
+

+ DA+
r s cp,s

(32)



T +
T −
−
− DA−
± Sy,i
r s cp,s
h+
h−
mp
mp

− ˛tot Ax,i Ti − Tx,i

x

where Econv , Edisp , S, and Q represent the convective heat ﬂows
of solids and gas mixture, the energy dispersion caused by the mixing of solids by turbulence, the energy source or sink by chemical
reactions, and the heat transfer to internal heat exchangers, respectively.
The convective heat ﬂows are divided into gas and solid phases
and calculated separately, but the same average temperature is
considered for both phases. The speciﬁc heat of solids, cp,s , is constant, and the speciﬁc internal energy in the gas phase equals to



ṁin,g,i hg,in − hg,i +

Because of the turbulent motion of solids in the reactor, a model
for the dispersion of energy, based on Fick’s ﬁrst law, is applied. The
rate of energy dispersion from elements i + 1 and i − 1 to element i
are denoted by superscripts + and −, respectively:

In order to solve the time-dependent temperature of the elements, the energy equation of gas–solid suspension is derived:



dU i
= Econv,i + Edisp,i +
Sy,i −
Qx,i
dt

dms,i
cp,s Ti
dt

in

dT i
m cp,s =
dt s,i

2.4. Energy balance

ṁin,s,i cp,s (Tin − Ti ) +

in

 dhg,i
dt

mg,i

(38)

where the last term is calculated using the relation
dhg,i
dt

mg,i = mg,i

 dwj,i
dt

hj

(39)

j

Especially in industrial scale applications with the effects of
large heat exchangers, the role of the energy equation becomes
essential.
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Fig. 3. The calculation scheme of the model.

2.5. Simulation procedure
Based on the model described above, the static state and
dynamic performances of a dual ﬂuidized bed reactor system for
CLC can be investigated. Before calculation, the geometric parameters of the reactors and the oxygen carrier properties must be
deﬁned in a conﬁguration ﬁle. Combustion air and fuel feed rates,
solids inventory, and simulation time are given as model inputs.
An iterative PID control system has been added in the Simulink
model for keeping the reactor temperatures at desired levels. The
controller monitors the average temperature of the reactor, compares it to the prescribed target temperature, and if necessary,
adjusts the cooling intensity, that is, the temperature of the heat
surface.
The main outputs of the model are the solid circulation rate, the
conversion of the carrier and the gas composition at the reactor
exit, the vertical proﬁles of temperature and gas concentrations,
and the distribution of solids in the reactor.
The overall calculation scheme for the complete model is shown
in Fig. 3.
3. Results and discussion
3.1. Reference case
In this section, a reference case based on the operation of a
120 kWth CLC prototype is deﬁned for an appropriate veriﬁcation
of the model and to exemplify its cabapilities. The test rig was modelled in detail, and the operating parameters from the experiments

Fig. 4. The dual circulating ﬂuidized bed (DCFB) rector concept for chemical looping
processes (LS, loop seals ﬂuidized with steam) (Pröll et al., 2011).

were adopted for modelling. After analyzing the results and for
achieving better agreement between the simulations and experiments, the relevant parameters of the correlations used in the
model were adjusted accordingly.
A dual circulating ﬂuidized bed reactor system for CLC of gaseous
fuels (CH4 , H2 , CO and higher hydrocarbons) has been built and
operated successfully at Vienna University of Technology. The basic
layout of the system is shown in Fig. 4. The air reactor, being the
primary reactor, is operated as a fast ﬂuidized bed transferring the
solids via a cyclone separator and loop seal to the secondary reactor,
that is, the fuel reactor, which is operating close to the turbulent
regime. The air reactor entrainment determines the global solids
circulation while the fuel reactor can be optimized for maximizing
the fuel conversion. The fuel reactor contains an internal recirculation loop for entrained solids. A loop seal connection links the
bottom regions of the two reactors and closes the global solids loop.
For removing the heat released from combustion, the air reactor is
equipped with cooling jackets covering most of the reactor height.
The intensity of cooling can be adjusted to control the system temperature during the experiments. Further details of the pilot unit
can be found in the publication by Kolbitsch et al. (2009a).
The experimental results for the comparison were obtained
from a test campaign conducted with NiO-based oxygen carrier
and methane as fuel. During the campaign, the system temperature and fuel power input were varied while the global air-to-fuel
ratio was kept constant. Stable operation points were maintained
for long enough to assume steady state conditions. After reaching
such a condition, samples were taken and analyzed in order to fully
characterize the operation point. More detailed description of the
experimental procedure including the results is provided by Pröll
et al. (2009).
The main geometric and operational parameters from the experiments (Table 2) were introduced into the model. Other relevant
modelling parameters are summarized in Table 3. The parameters
not available, but still needed in the simulations were determined
according to the literature and previous knowledge considering ﬂuidized bed processes. In the experiments, a 50:50 mixture of two
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Table 2
Main geometric and operating parameters.

(a) 4
Value

3.5

m
m
m
m

4.1
0.150
3.0
0.159

3

m

1.90

Carrier properties
Oxygen carrier
Active NiO content
Mean particle size
Apparent density

%
mm
kg/m3

Ni/NiO
40
0.135
3416

Operational conditions
Operating pressure
Total solids inventory
Fuel load
Global air/fuel ratio
FR temperature

atm
kg
kW
–
K

1.0
65
60–140
1.1
1073–1223

Reactor geometry
AR height
AR diameter
FR height
FR diameter
FR solids inlet
Point elevation

Air reactor height [m]

Unit

Parameter

2.5
2
1.5
1
0.5

140 kW exp
120 kW exp
100 kW exp
80 kW exp
60 kW exp
140 kW model
120 kW model
100 kW model
80 kW model
60 kW model

0 −2
10

−1

0

10

1

10

10

Pressure [kPa]

(b) 3

Parameter

Equation

AR

FR

Unit

No. of control volumes
Input gas temp.
Circulation coeff. ks
Circulation exp. f
Energy disp. coeff. D
Heat transfer surface A
Wall layer velocity vwl

–
–
(27)
(27)
(34)
(36)
(30)

20
300
0.26-0.43
0.8
0.2
1.7
0

20
300
0.01
0.8
0.2
0
0

K
–
m2
m s−1

slightly different materials, both containing 40 mass-% of active Ni,
was used as an oxygen carrier. The ﬁrst material was supported
by inert NiAl2 O4 and the other by MgAl2 O4 and NiAl2 O4 . Kinetic
parameters for the oxidation and reduction of this particular mixture were not available and hence, such parameters determined
for rather similar material, Al2 O3 -supported Ni (40 mass-%), were
obtained from the publication by Abad et al. (2007).
The total solids inventory in the system is 65 kg. During the
operation, a certain amount of the material is present between the
reactors, that is, in cyclones and downcomers. The “active solids
inventory” in the reactors was calculated from the pressure difference between the reactor top and bottom. The active solids
inventories of both the air and the fuel reactor which were used
in the calculations for the power variation can be found in Table 4.
3.2. Solids distribution in the system
The solids distribution in the ﬂuidized bed test rig was experimentally characterized. With a varying fuel load, the hydrostatic
pressure caused by ﬂuidized solids inside the reactors was measured giving several pressure proﬁles. From the pressure proﬁles,
the vertical distributions of solids can be determined. The decay
constants a and K of the empirical correlation for modelling
the solids density proﬁle (Eq. (20)) were set according to the
Table 4
The active solids inventories of both the air reactor and the fuel reactor during the
experiments.
P [kW]

mAR [kg]

mFR [kg]

Total [kg]

60
80
100
120
140

16.2
14.8
13.5
12.0
11.1

19.1
20.7
21.8
21.7
21.9

35.3
35.5
35.3
33.7
33.0

2.5
Fuel reactor height [m]

Table 3
Modelling parameters.

2

1.5

1

0.5

0 −3
10

140 kW exp
120 kW exp
100 kW exp
80 kW exp
60 kW exp
140 kW model
120 kW model
100 kW model
80 kW model
60 kW model
−2

10

−1

0

10
10
Pressure [kPa]

1

10

2

10

Fig. 5. Measured and modelled pressure proﬁles in (a) the air reactor and (b) the
fuel reactor.

experiments. Expressed in terms of the pressure proﬁles, Fig. 5
shows that with a given correlation form, perfect agreement was
not achievable in the air reactor, while in the fuel reactor, the
ﬁtting was more accurate. The modelled solids density proﬁles
corresponding to the pressure proﬁles are shown in Fig. 6. It can be
noted that the decay constants obtained by data ﬁtting were very
different from the ones determined by Eqs. (21) and (22), which
are presented in Fig. 7.
As seen in Fig. 4, the two reactors are interconnected via a ﬂuidized loop seal in the bottom region of the reactors. Higher bed
pressure in the fuel reactor drives the solids to circulate from the
fuel reactor to the air reactor. In such a case, the solids mass ﬂow
rate from the fuel reactor is modelled as a function of the pressure
difference between the bottom parts of the reactors. However, the
global solids circulation rate between the reactors is ultimately set
by the entrainment of the air reactor, and the solids mass ﬂow rate
from the fuel reactor will eventually converge to a value obtained
from the air reactor.
The solids mass ﬂow rate from the air reactor is modelled with
Eq. (27). By performing parametric ﬁtting to get speciﬁc solids distributions in the reactor, a veritable value for the solids density at
the reactor exit was gained, after which the circulation coefﬁcient
ks,AR was determined based on the solids circulation rates observed
in the experiments.
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3.3. Process performance
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For different fuel loads, Fig. 8 shows the comparison between the
oxygen carrier conversion states from the air reactor and the fuel
reactor experimentally obtained and predicted by the model. The
conversion of the solids is dependent on the kinetics of the oxidation and reduction reactions. The kinetic properties of the material
used in the experiments were not available, and the properties of a
slightly different material were applied in the model. Additionally,
the kinetic rate constant for a reaction determined, for instance, by
thermogravimetric analysis is usually carried out in a speciﬁc environment with certain gas concentrations and temperatures, and
thus, they may not represent the actual situation in a real process
environment. Hence, it was necessary to introduce a reactivity correction coefﬁcient, R, to describe the apparent, that is, the average
reaction rate in the reactors (Eqs. (8) and (9)).
It was noticed during the calculations that the apparent reaction
rates faced in the reactors were not constant, but dependent on the
ﬂuidizing conditions. For example, an increased ﬂow of solids in
the wall layer had a positive effect on the reaction rates due to an
enhanced mixing of solids and gases. Also, a higher reaction rate in
the fuel reactor was observed when the internal solids circulation
loop was in use. However, because of the lack of experimental data,
the wall layer ﬂow was not considered in the calculations, and the
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Fig. 8. Comparison of the modelled and experimentally obtained global solids circulation rate and degree of oxygen carrier oxidation as a function of fuel power.
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amount of recirculated solids in the fuel reactor was relatively small
to have a noticeable effect. Actually, these factors are accounted for
in the above-mentioned parameter R; however, without precise
information on to what extent each factor contributes the parameter, leaving room for further research. Illustrating the change in
apparent reaction rates, Fig. 9 shows the increase of R with the
increasing fuel load.
The comparison of modelled and experimentally obtained
global solids circulation rates are also shown in Fig. 8. The circulation coefﬁcient ks,AR in Eq. (27) was determined after the validation
of the solids distribution in the system and thus, good agreement
between the experiments and simulations can be observed. Representing the slip velocity, that is, the difference in gas and solid
velocities in the air reactor, the values of ks,AR are shown in Fig. 10.
The performance of the CLC process can be determined by fuel,
that is, CH4 conversion, which is a result of the characheristics of
both the oxygen carrier and the reactor system, and expressed as
XCH4 = 1 −

ṅCH4 ,out

(40)

ṅCH4 ,in

where ṅCH4 is the inlet or outlet molar ﬂow of the fuel.
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Fig. 11. Modelled and experimentally obtained fuel conversion as a function of fuel
power. Air-to-fuel ratio was 1.1 and fuel reactor average temperature 1174 ± 6 K.

Fig. 11 compares the measured and modelled fuel conversion
for the varying fuel load. The difference between the measured and
modelled value is less than 1.5%-points at each operating point,
well within acceptable limits. According to the experiments, the
effect of the fuel reactor temperature on the combustion efﬁciency
is noticeable. An increase in the fuel reactor temperature caused an
increase in the fuel conversion. Similar trend was observed in the
results obtained with the model, illustrated in Fig. 12.
3.4. 1D proﬁles
For the reference case, the vertical proﬁles of gas concentration, oxygen carrier conversion, and temperature in both reactors
at 140 kW fuel power are shown in Fig. 13. Although there is a lack
of experimental data to validate these proﬁles, some notiﬁcations
can be made.
The methane content decreases rapidly at the lower part of the
fuel reactor and only slightly at the upper part. This indicates that
most of the oxygen carrier inventory is found in the bottom region
with a steep decay towards the top of the reactor. In the air reactor, the decrement in the oxygen content along the reactor height
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Fig. 12. Modelled and experimentally obtained fuel conversion as a function of fuel
reactor temperature. Air-to-fuel ratio was 1.1 and fuel power 140 kW.
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is relatively moderate, which is caused by the solids distribution
typical to a fast ﬂuidized bed. Compared to the fuel reactor, the
entrainment of solids is higher in the air reactor.
At an apparent reaction rate, the shape of the oxygen carrier
conversion proﬁle is dependent on the particle residence time.
Shorter/longer contact time in a reactor leads to a lower/higher
state of the carrier oxidation. The downward ﬂow of solids near
the reactor walls has an effect on the internal mixing and average
residence time of particles in a reactor. However, resulting from
the lack of speciﬁc data, this was not considered in the particular
case.
By examining the temperature proﬁle in the fuel reactor, the
point of solids inlet can be clearly seen, as the incoming solids are
in higher temperature. The fuel reactor itself is considered adiabatic
and there is no external heat transfer involved, but the reduction
of the oxygen carrier is endothermic and thus, the temperature is
decreased when moving away from the solids inlet. The air reactor,
instead, must be cooled. The heat transfer surface placed in the air
reactor covers all of the reactor height.

4. Conclusions
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Fig. 13. Vertical proﬁles of (a) gas concentrations, (b) oxygen carrier conversion,
and (c) temperature in the air and fuel reactors. Air-to-fuel ratio was 1.1, fuel power
140 kW and fuel reactor average temperature 1174 K.

In this work, a comprehensive modelling tool was developed
to describe the operation of a dual ﬂuidized bed reactor system
involved in chemical looping combustion. After simulating a reference case and calculating the relevant model parameters to ﬁt
the experimental results, the parameters can be extrapolated on a
case-by-case basis, after which the performance of a conﬁguration
consisting of two interacting ﬂuidized bed reactors, both operating at the desired ﬂuidization regimes, can be predicted. The basic
model layout can be easily modiﬁed to investigate different reactor designs. The model is based on the conservation of mass and
energy, and semi-empirical correlations are used for the calculation of reaction kinetics, hydrodynamics, and heat transfer. The
model was validated against the experimental data obtained from
a 120 kW CLC pilot unit located at Vienna University of Technology. An adequate agreement was observed between the predicted
and measured values of different parameters, and the model structure and submodel forms turned out to be appropriate to describe
the process. In addition, valuable understanding on the parameters affecting the operation of a CLC system was acquired during
the calculations. Obviously, further improvement and validation
of the submodels describing the physical process phenomena is a
continuous task, and applicable empirical data is always needed.
The current model frame can be considered as a state-of-the-art
simulation tool for gaseous fuel CLC process giving elaborate information about the complex operation of two interacting ﬂuidized
bed reactors. As a modelling result, the global solids circulation rate,
the conversion of the carrier and the gas composition at the reactor
exit can be predicted. Helping to create an optimized reactor design,
a variety of 1D proﬁles of different parameters (temperature, solids
density, gas concentrations, reaction rate, gas and solids velocities,
etc.) is obtained providing detailed insight into the reactor performance. In a CLC process, a certain amount of heat must be extracted
from the reactor system. Allowing the investigation and optimization of heat transfer within the reactors, the model includes a
detailed description of the energy conservation equation. This feature is absent in most previously introduced CLC models, even
though it is especially important when studying industrial scale
CLC reactors. Furthermore, the model is based on time-dependent
balance equations, and thus, dynamic simulations can be conducted
to investigate process dynamics and suitable process control methods. Extensive stationary and transient case studies in the future
will help to determine how to operate and control a CLC system
optimally.
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Because of the limited practical experience, evaluating the
performance of a CLC system on industrial scale is challenging.
However, the validated model introduced here offers a great possibility to examine the operation of CLC reactors involved in a large
scale process, and the capability to model properly the hydrodynamics, reaction kinetics, and heat transfer of such an intricate
system is an important step towards the commercialization of this
promising technology for CO2 -free energy production.
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a b s t r a c t
Chemical looping combustion (CLC) is an emerging combustion technology with an inherent separation
of the greenhouse gas CO2. The feasibility of CLC has been proven in various small-scale units worldwide,
but the large-scale realization of theoretical or small-scale units is still lacking due to many technical
challenges. Most of the existing CLC installations use a conﬁguration of two interacting ﬂuidized bed
reactors, and even though the ﬂuidized bed technology is mature and well-established, a high level of
uncertainty is included in the attempts to up-scale the reactor system involved in CLC. For progressive
scale-up of the new technology, a preliminary design of a 100 MWth pre-commercial CLC unit for gaseous
fuels is presented. A reactor-level model was used to predict the performance of such a system, and as a
result, the operation of the system was characterized and valuable information of the parameters affecting the process was received. For cost-effective energy generation with efﬁcient CO2 capture, the power
plant-level integration of CLC must be conducted carefully, and different plant conﬁgurations need to be
investigated to ﬁnd the most optimal solution. Hence, the integration of the reactor system and steam
turbine cycle for power production was studied resulting in a suggested plant layout including a CLC boiler system, a simple heat recovery setup, and an integrated steam cycle with a three pressure level steam
turbine. A plant-level model was used to evaluate the viability of the plant, and without the puriﬁcation
and compression of CO2, the net cycle efﬁciency of 42.8% was obtained. It was also found that a drop of 2%
points in the degree of fuel conversion decreases the net cycle efﬁciency by about 1% point.
Ó 2013 Elsevier Ltd. All rights reserved.

1. Introduction
The attempts to restrain CO2 emissions into the atmosphere
have led to the development of new low-cost carbon capture technologies to be used in fossil fuel based power production. First
introduced in 1954 [1], chemical looping combustion (CLC) is considered as a promising combustion technique, in which metal
oxide particles are used to transfer oxygen from an air reactor
(AR) to a fuel reactor (FR) as shown in Fig. 1. In CLC, the air is
not mixed with the fuel, and the CO2 in the ﬂue gas does not become diluted by the inert nitrogen, like in the conventional combustion process. Ideally, the exhaust gas from the FR consists
only of CO2 and water vapor, and a pure stream of CO2 can be obtained with minor losses of energy caused by the condensation of
the water vapor [2].
Majority of the work in different areas of CLC research has been
done within the last decade [3]. To date, more than 900 different
materials have been investigated in order to ﬁnd oxygen carrier
materials suitable for the process, mostly including active oxides
of iron, copper, nickel, and manganese [4,5]. In addition, thousands
⇑ Corresponding author. Tel.: +358 503657889.
E-mail address: petteri.peltola@lut.ﬁ (P. Peltola).
0196-8904/$ - see front matter Ó 2013 Elsevier Ltd. All rights reserved.
http://dx.doi.org/10.1016/j.enconman.2013.07.062

of hours of experience in continuous CLC operation have been
gained from various pilot units with sizes varying from 0.3 to
120 kWth [6]. The research has mainly focused on gaseous fuels,
but in the last years important work has been dedicated to adapting the process to solid fuels [7].
1.1. Scale-up of the technology
Most of the existing CLC systems use the conﬁguration of two
interconnected ﬂuidized bed reactors working at atmospheric
pressure. One important advantage of the use of a ﬂuidized bed
conﬁguration for the CLC process is that circulating ﬂuidized bed
(CFB) technology is mature and well-established, and has been
used for decades for various processes. Compared to other reactor
designs, a ﬂuidized bed reactor has a lot of advantages: uniform
particle mixing, excellent gas–solid contacting, lack of hot spots
even with highly exothermal reactions, improved internal heat
transfer, and the ease of solids handling which is particularly
important if solid particles need to be replaced due to attrition or
loss of reactivity [8].
On the other hand, the scale-up problems of ﬂuidized bed reactors are also well known. According to Johnsen et al. [8], the critical
aspects relate to the impact of surface/volume and height/diameter
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Nomenclature
Ar
d
g
Gs
H
h
_
m
n_
P
Re
T
u
V
X

Archimedes number
diameter, m
gravitational acceleration, m s2
solid entrainment ﬂux, kg m2 s1
height, m
enthalpy, J kg1
mass ﬂow, kg s1
molar ﬂow of gas component, mol s1
power, W
Reynolds number
temperature, °C
ﬂuidization gas velocity, m s1
volume, m3
conversion degree

Greek symbols
a
heat transfer coefﬁcient, W m2
g
efﬁciency

ratios on ﬂow patterns, gas/liquid dispersion, and heat transfer.
Listed in Table 1, typical challenges involve issues of both physical
and chemical nature when moving from small-scale to commercial
units. To overcome these challenges, various scaling methods have
been used with success in engineering applications to transfer
information from equipment of one size to similar equipment having a different size. A number of theoretically formulated scaling
laws and models found in the literature have gained general acceptance. In many cases, however, strict scaling of all simultaneous
phenomena is not possible, and the desired outcome is reached
by combining theoretic scaling laws and ‘‘best practices’’ learned
by engineering work. With a focus on practicality and concentrating on hydrodynamics, reaction engineering, and boiler design,
Leckner et al. [9] reviewed different methods for scaling of ﬂuidized bed combustors.
In spite of the great advance in CLC research, future technological advancement and operating challenges related to the largescale realization of theoretical or small-scale units cannot be predicted trustworthy at the moment. Lots of fundamental and empirical research as well as engineering work are needed in order to
increase the technological know-how. The operation of the process
should be characterized progressively at different scales, and the
use of proper modelling and simulation tools will reduce the risk
of failure and help to ﬁnd the most reliable and cost-effective
solutions.

Fig. 1. CLC process loop between two interconnected ﬂuidized bed reactors.

air-to-fuel ratio
dynamic viscosity of gas, N s m2
density, kg m3

k

l
q

Subscripts
AR
air reactor
FR
fuel reactor
g
gas
gen
generator
in
inlet
OC
oxygen carrier
out
outlet
p
particle
s
solid
tot
total
tr
transport

1.2. CLC-based power generation
A power plant based on CLC offers both a possibility of high net
power efﬁciency and separation of the greenhouse gas CO2. An
exergy analysis of a CLC system shows that the irreversibilities
generated upon the combustion of fuel are reduced compared to
a similar system with conventional combustion [10]. Due to the reduced destruction of fuel exergy, relatively high net power efﬁciencies could be reached in CLC-based power generation.
Successful commercialization of power generation processes
with the integration of CLC depends on the development of both
speciﬁc process conﬁgurations and suitable reactor design. Hossain
and de Lasa [11] listed important issues that have to be concentrated on:






The
The
The
The
The

plant conﬁguration.
possibility of integration with existing power plants.
operating parameters.
energy efﬁciencies.
economic analysis.

The CLC concept may be integrated either with a gas turbine cycle with pressurized reactors, or with a steam turbine cycle with
atmospheric pressure in the reactors [3]. In the case of CLC of gaseous fuels, studies related to the process performance with different plant conﬁgurations have proposed relatively high net thermal
efﬁciencies in comparison to processes with conventional combustion methods. For example, Wolf [12] reported a thermal efﬁciency
as high as 52–53% in a natural gas-ﬁred combined cycle CLC plant
with 800 MW of fuel power, operating at 13 bars and 1200 °C in
the air reactor. The efﬁciency would be somewhat lower in an
atmospheric CLC operating in a steam cycle.
Naqvi et al. [13] presented the net plant efﬁciency of 52.2% in
the natural gas-ﬁred combined cycle, where CLC reactors replace
the combustion chamber of the gas turbine, including CO2 compression to 200 bars. The part-load analysis of the CLC-combined
cycle shows that the net plant efﬁciency drops by 2.6% points when
reducing the load down to 60%. The relative net plant efﬁciency of
the cycle is higher at part-load when compared to a conventional
combined cycle. For a CLC-integrated steam turbine cycle with
fairly high power outputs (320–400 MW) and zero CO2 emissions,
Naqvi et al. [14] obtained a net plant efﬁciency of 40.1%.
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Table 1
Challenges in technology scale-up [8].
Scale-up issues

Challenges

Reactor shape and geometry
Surface-to-volume and height-to-diameter ratios
Construction materials
Heat removal
Impurities in ﬂue gas
Process control

Fluid by-passing; pressure drop; stagnation zones resulting from changes in residence time distribution
Concentration and temperature gradients; ﬂow patterns; gas/solid distribution
Different contaminant levels
Temperature proﬁles; hot/cold spots; run-away reactions
Fouling and deactivation of catalysts; accumulation in recycle streams causing operation problems
Start-up and shutdown; part load operation

Marx et al. [15] studied the concept of CLC-integrated steam cycle for power production. A single pressure steam cycle in natural
circulation with simple heat recovery was suggested at a scale of
10 MWth. Without the CO2 compression and puriﬁcation, the net
electric efﬁciency of such a small-scale plant was found to be in
the range of 32.5–35.8% which is plausible considering the scale.
1.3. Study objectives
In this work, the basic design parameters for a CLC reactor system at a pre-commercial scale of 100 MWth are presented, and a
reactor-level model implemented in Matlab/Simulink [16] environment is used to describe the operation of the system. Even
though the lack of experimental data complicates the quantitative
analysis of the results, further understanding on the parameters
affecting the operation of a large-scale process is acquired. With
certain premises and assumptions, the theoretical limits of the process can be estimated, which is useful for the practical design work
in the future. In addition, a steam turbine cycle coupled with the
designed CLC unit is suggested for CLC-based power generation
and evaluated based on the simulations conducted with a plant-level model implemented in the IPSEpro [17] process simulation
environment.
2. Modelling approach
A model to predict the operation of a CLC system consisting of
two interacting ﬂuidized bed reactors, and a model to analyze
the integration of CLC and steam turbine cycle have been developed. Required for technological scale-up from ptototype units to
industrial applications and achieving optimal solutions for CLCbased power production, the models can provide deeper understanding of the relevant process-related phenomena.
2.1. One-dimensional dual ﬂuidized bed reactor system model
A detailed description of a one-dimensional dual ﬂuidized bed
reactor system model to investigate the performance of CLC with
varying reactor geometries and operating conditions has been presented in an earlier publication [18]. The model is based on the
conservation of mass and energy, and semi-empirical correlations
are used for the calculation of hydrodynamics, reaction kinetics
and heat transfer. Additional submodels consider the core-annulus
solids ﬂow and the dispersion of energy due to the turbulent motion of solids in the reactors.
The model is implemented in Matlab/Simulink environment,
where different process modules are linked together forming a
ﬂow chart for the main process. Each module is discretized using
the control volume method for vertical 1-D elements. Spatial derivatives are discretized using ﬁrst-order approximations with the
central difference or upwind scheme for convective ﬂuxes. The
simulation code of each module is written in C++ and compiled
into S-functions executable in Simulink. Steady state conditions
with different input values are reached after solving a set of

time-dependent equations by using Simulink’s internal ordinary
differential equation solver with a ﬁxed or variable time step.
As a modelling result, the global solids circulation rate between
the reactors, and the conversion of the carrier and the gas composition at the reactor exit can be predicted. Helping to create an
optimized reactor design, a variety of 1-D proﬁles of different
parameters (temperature, solids density, gas concentrations, reaction rate, gas and solids velocities etc.) is obtained providing detailed insight into the reactor performance.
2.2. Flow sheet simulation of CLC-combined steam power plant
A combined steam power plant model allows an evaluation of
integrated process conﬁgurations for CLC-based power generation
by means of the calculation of plant overall efﬁciency and optimization of important steam cycle parameters.
Mathematical modelling of the power plant is conducted by
commercial software IPSEpro, a stationary process simulator with
modular structure. The simulation result represents a steady-state
operating point of the plant. The ﬂow sheet model is based on the
conservation of mass and energy and calculates the thermodynamic equilibrium, and it is built using standard steam power
plant components found in the IPSEpro component libraries. A network of discrete components is set up to represent CLC-combined
steam power plant. Information speciﬁc to CLC process, such as
reaction enthalpies and gas and solid mass ﬂow rates are calculated with the 1-D reactor system model and given as inputs for
the power plant model. Turbine inlet temperatures, extraction
pressure levels and mass ﬂow rates can be optimized by using
the PSOptimize package [19] based on genetic algorithms. The
arrangement of the simulated power plant is described in detail
in Section 3.2.
More information about the IPSEpro environment and using
IPSEpro as a decision support tool for evaluating the feasibility of
new concepts can be found in a publication by the developers of
the software [20]. IPSEpro has been earlier used as a modelling tool
for CLC for example by Bolhar-Nordenkampf et al. [21].
3. Case description
3.1. Reactor system
The design described here is based on the dual circulating ﬂuidized bed concept (DCFB) successfully demonstrated at a scale of
120 kWth at Vienna University of Technology [22,23]. The schematic layout of the reactor system is shown in Fig. 2. The main design and operational parameters are summarized in Table 2.
Methane is used as fuel, and the fuel input was set to 2.0 kg/s
which corresponds to 100 MWth (LHV). Kinetic parameters for
the oxidation and reduction of Ni-based (40 mass%) and Al2O3-supported oxygen carrier were obtained from the publication by Abad
et al. [24].
In order to obtain high performance in CLC, an intimate contact
between the oxygen carrier and gas phase species is important.
Additionally, a sufﬁcient solids circulation rate from the AR to
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Air-O2

1.3 times utr is considered appropriate, and the following value is
obtained:

CO2, H2O

uAR ¼ 7:0 m=s

Air
reactor

Fuel
reactor
Me/MeO
LS
LS

Rek ¼
MeO/Me

Fuel (CH4)

Fig. 2. Reactor layout based on the DCFB concept for chemical looping processes
(LS, loop seals ﬂuidized with steam).

Table 2
Main design parameters.
Parameter

Unit

Value

Fuel input (methane)
Lower heating value of fuel
Air/fuel ratio
Total air ﬂow rate
Total fuel ﬂow rate
Operating pressure
FR target temperature
AR ﬂuid. gas velocity
FR ﬂuid. gas velocity
AR cross-sectional area
FR cross-sectional area
AR height
FR height
AR solids inventory
FR solids inventory

MW
MJ/kg
–
kg/h
kg/h
atm
°C
m/s
m/s
m2
m2
m
m
kg
kg

100
50
1.1
136,080
7200
1.0
900
7.0
4.5
17.7
6.6
25
20
13,470
21,780

Carrier properties
Oxygen carrier
Active NiO content
Mean particle size
Apparent density

Ni/NiO
%
mm
kg/m3

40
0.135
3416

the FR is needed for oxygen and heat transport, and hence, a system of two interacting ﬂuidized bed reactors is proposed.
The entrainment of solids in the AR determines the global solids
circulation between the reactors and hence, it is designed to operate in a fast ﬂuidization mode. The transition from turbulent ﬂuidization to fast ﬂuidization is characterized by signiﬁcant
entrainment of solids from the dense bed. Setting a lower limit
for the disappearance of a dense-dilute interface between the
bed and freeboard, the transport velocity, utr, can be calculated
from the empirical correlation provided by Perales et al. [25]:

Retr ¼

utr dp qg

l

¼ 1:415Ar0:483

qg ðqp  qg Þgd3p
l2

l

¼ 1:31Ar0:45

ð4Þ

uFR ¼ 4:5m=s

ð5Þ

This value corresponds to about 1.2uk and 0.85utr, and based on
unconverted fuel, a FR cross-sectional area of 2.2 m2 would be
needed. However, the fuel being methane, each fuel molecule is
converted to three molecules and the actual ﬂuidizing velocity increases with a factor of three as the reaction proceeds. Accordingly,
a FR cross-sectional area of 6.6 m2 is obtained.
Optimization and successful scale-up of a CLC reactor unit is
challenging, as the dual ﬂuidized bed reactor concept coupled by
ﬂuid dynamics gives a rather large degree of freedom for each single reactor. However, the hydrodynamic scale-up is primarily set
by the ﬂuidization regimes of the reactors. Originally introduced
by Kronberger et al. [27], a scaling criteria for CLC is given in Table 3. Due to the similarities in ﬂuidizing conditions, that is, the
AR and FR superﬁcial gas velocities, the 120 kWth CLC pilot unit
at Vienna University of Technology [23] is considered as a hydrodynamic scale-up reference. Related to the pilot unit and resulting
from the given scale-up criteria, the AR and FR solids inventories
for the present case are assumed 13.47 t and 21.78 t, respectively.
At typical CLC operating conditions (k = 1.1–1.2 and g = 90–
100%), approximately 50% of the heat input has to be extracted
from the reactor system [15]. Because of the exothermic oxygen
carrier reaction, the process heat is extracted from the AR. The
cooling of the AR can be arranged as in a regular CFB boiler, with
heat transfer to vertical membrane walls. Evaporator’s heat transfer area required for sufﬁcient cooling was iteratively determined
based on the approximated heat duty, reactor temperature, and
average heat transfer coefﬁcient. The heat transfer coefﬁcient includes both convection and radiation, and it is a function of the
average suspension density and temperature [28]:

atot ¼ 5:0q0:391
T 0:408
s

ð6Þ

Flue gas compositions and bed material properties in CLC are different compared to conventional combustion process, and hence, some
degree of uncertainty must be accounted in the calculations when
using a heat transfer correlation experimentally obtained for a
regular boiler. However, correlations more suitable for CLC boilers

ð1Þ
Table 3
Scale-up guideline for CLC [27].

where the Archimedes number is

Ar ¼

uk dp qg

The FR ﬂuidization gas velocity should be within the velocity range
deﬁned for the turbulent regime, that is, beyond uk and under utr.
For the design conditions, the following FR gas velocity is chosen:

LS
Air

ð3Þ

As a result, an AR cross-sectional area of 17.7 m2 is required.
Since the good gas–solids contact in the FR is crucial for avoiding possible bybass of fuel through the bottom bed, the FR is operated at a turbulent ﬂuidization regime. In the turbulent regime, the
bed will have a surface, but it is considerably diffused as the bubble
phase loses its identity due to rapid coalescence and breakup of
bubbles. According to Tsukada et al. [26], the onset of turbulent ﬂuidization occurs at gas velocity uk which is calculated with the corresponding Reynolds number, Rek, as:

Scaling criteria for CLC reactor systems

ð2Þ

For fast ﬂuidization, the gas velocity in the AR should be higher than
the transport velocity. In this case, a gas velocity of approximately

Reactor system
Air reactor
Fuel reactor

Specific solid flow rate
¼ Const:
Specific fuel mass flow rate
Fuel mass flow rate
¼ Const:
AR solids inventory
Fuel mass flow rate
¼ Const:
FR solids inventory

P. Peltola et al. / Energy Conversion and Management 76 (2013) 323–331

cannot be found in the literature at the moment. Assuming a 5-mhigh refractory at the bottom and based on the required heat transfer area, a total AR height of 25 m is obtained. There is no need for
heat transfer surface in the FR, and a FR height of 20 m is determined for appropriate solids residence time, given that particle separator and return systems have space enough to be located on the
side wall.

3.2. CLC-integrated steam turbine cycle
A steam turbine cycle combined with CLC is suggested for energy generation. This study focuses on a retroﬁt conﬁguration in
which the designed CLC reactor system replaces the combustor
and conventional steam cycle components are used. By means of
heat integration, the heating and cooling streams are exchanged
between the cycle and the CLC process. The depleted air stream
from the AR can be cooled down to 30 °C due to the assumption
that there is little or no impurities in the stream. As seen in
Fig. 3, the AR and its backpass includes 3 superheaters, an economizer, and a condensate preheater. The ﬂue gas from the FR consists mainly of CO2 and H2O, and a superheater, an economizer
and an air preheater are located in its backpass. It is assumed that
the H2O in the FR ﬂue gas is partially condensated in the air preheater. However, the energy from the condensation is not taken
into account and accordingly, a lower heating value for fuel is used
when calculating the cycle efﬁciency. A high grade of heat recovery
is achievable by using the previous assupmtions. In reality, there is
always a trade-off between the heat recovery grade and investment costs, and therefore, it may not be economically feasible to
have such low ﬂue gas exit temperatures.
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Fig. 3 describes the schematic plant arrangement with the
important mass and energy ﬂow streams, while Table 4 summarizes the ﬂow property data computed at 100 MWth unit load.
The steam from the cooling of AR (ﬂow 1) is superheated and led
to a high pressure (HP) turbine (ﬂow 2). After producing work on
expansion in the HP turbine, the steam is reheated by AR ﬂue gas
(ﬂow 3). Reheated steam (ﬂow 4) with regained energy and exergy
ﬂows to an intermediate pressure (IP) turbine for further expansion, after which it is once again reheated, this time by the ﬂue
gases of both the AR and FR (ﬂows 7–9). The ﬁnal expansion of
the steam takes place in a low pressure (LP) turbine, and power
delivered by the turbines is fed to a generator. Wet steam is exhausted from the LP turbine to a condenser at 0.045 bar (ﬂow
12). The condensate exiting the condensator is pumped by the condensate extraction pump (CEP) to a deaerator (feedwater tank)
through LP heaters (ﬂows 13–16). After the deaerator (ﬂow 17),
the feedwater pressure is increased in a feedwater pump (FWP).
The feedwater ﬂows through the HP heaters and back to the AR
(ﬂows 18–22) for steam generation, and the cycle starts over again.
Certain amounts of steam at various pressures are bled from the IP
and LP turbines (ﬂows 5, 6, 10, 11) to the heat exchangers. After
steam reheating steps (ﬂows 32, 36), the leftover energy in the
AR and FR exhaust gases is utilized in air and feedwater preheating.
The design values of various components included in the cycle are
shown in Table 5.
The net plant efﬁciency, gnet, is calculated as follows:

gnet ¼
¼

Pgen  Ppump
/in
_ 13 ðh1413 Þ  m
_ 17 ðh1817 Þ
Pturb gm;gen ge;gen  m
_ fuel LHVfuel þ m
_ fuel hfuel þ m
_ air hair
m

Fig. 3. Process ﬂow diagram for CLC-integrated steam cycle. The ﬂow property data of numbered streams are presented in Table 4.

ð7Þ
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Table 4
The energy and mass ﬂow data computed for the plant conﬁguration in Fig. 3 at 100 MWth unit load.
Stream

qm (kg/s)

p (bar)

T (°C)

h (kJ/kg)

Stream

qm (kg/s)

p (bar)

T (°C)

h (kJ/kg)

1
2
3
4
5
6
7
8
9
10
11
12
13
14
15
16
17
18
19

27.1
27.1
27.1
27.1
1.2
1.6
24.2
24.2
24.2
1.4
0.4
22.4
22.8
22.8
22.8
22.8
27.1
27.1
27.1

170.5
170.0
83.8
83.3
37.2
24.1
18.7
18.2
17.7
5.1
1.6
0.045
0.035
6.1
5.6
5.1
4.6
172.5
172

539
540
423
610
475
410
375
532
610
423
278
31
25
25
96
108
151
154
181

3398
3401
3196
3664
3391
3264
3195
3540
3715
3320
3029
2472
104
104
403
453
636
658
777

20
21
22
23
24
25
26
27
28
29
30
31
32
33
34
35
36
37
38

27.1
27.1
27.1
1.2
2.9
0.4
37.8
37.8
2.0
29.9
29.9
29.9
29.9
29.9
29.9
9.9
9.9
9.9
9.9

171.5
171.0
170.5
36.7
23.6
1.1
1.0
1.0
1.0
1.06
1.05
1.04
1.03
1.02
1.01
1.04
1.03
1.02
1.01

217
241
286
222
186
102
25
65
25
916
914
796
428
246
30
885
380
159
45

935
1045
3398
953
792
424
25
66
56
1025
1023
881
457
259
31
1379
537
213
59

Table 5
Design values for the steam cycle components.

Table 6
Main results from the simulations.

Parameter

Unit

Pressure losses
Boiler (AR)
Piping
Feedwater tank
Condenser steam-side/water-side
Pre-heaters gas-side/water-side

bar

Efﬁciencies
Boiler (AR)
HP/IP/LP turbine isentropic
Pumps isentropic
Generator electrical/mechanical
Pre-heaters temp. diff.
Condenser subcooling
Condenser pressure

%

Value
0
0
0.2
0.01/0.1
0.01/0.5

°C
°C
bar

100
94/92/89
80
98/98
5
2
0.045

where Pturb is the power delivered by the turbines, gm,gen and ge,gen
are the mechanical and electrical efﬁciencies of the generator,
respectively, Ppump is the power required for pumping including
both the condensate extraction pump and the feedwater pump,
and /in represents the overall heat introduced into the cycle including the heat from the fuel combustion and the sensible heat within
the fuel and air streams.

Parameter

Unit

Value

Solid entrainment ﬂux (AR)
Methane conversion
Apparent reaction rate in AR
Apparent reaction rate in FR
OC degree of oxid. after AR
OC degree of oxid. after FR
AR cooling duty
AR average temperature
FR average temperature
AR ﬂue gas temperature
FR ﬂue gas temperature
AR ﬂue gas mass ﬂow
FR ﬂue gas mass ﬂow

kg/m2 s
%
%OC/min
%OC/min
%
%
MW
°C
°C
°C
°C
kg/s
kg/s

60
99.0
16.5
8.2
70
61
57.8
927
900
916
885
29.88
9.92

concentrations at the top of the air and fuel reactors are estimated
to about 16 kg/m3 and 5 kg/m3, respectively.
The theoretical solids circulation rate necessary to fulﬁll the
oxygen mass balance in a CLC system can be calculated based on
the type of the oxygen carrier and fuel used [24]. Also, the energy
balance in the system is inﬂuenced by the circulation rate as the
oxygen carrier transfers heat between the reactors and hence,
the circulation rate should be optimized considering different aspects related to the hydrodynamic behavior and the heat balance

4. Results and discussion

1

Relative reactor height [−]

4.1. Reactor system performance
Using the 1-D reactor system model, the case described in Section 3.1 was studied. The main results from the simulations are
presented in Table 6.
The vertical density proﬁles of solids in the reactors are modelled continuous from the reactor bottom to the reactor top and
shown in Fig. 4. Proﬁle decay factors are modiﬁed to obtain proﬁles
qualitatively distinctive to fast and turbulent ﬂuidization regimes,
and as a result, different density zones can be observed. In the fuel
reactor, a splash zone at about 0.2–0.3HFR separates the lower dense
region of solids from the freeboard, while in the air reactor, there is
no noticeable boundary between the dense and lean regions after a
short entry zone at the reactor bottom. Being the driving force for
the solids circulation in the system, the carryover of solids in the
air reactor is much higher compared to the fuel reactor. Solids

AR
FR

0.9
0.8
0.7
0.6
0.5
0.4

P = 100 MW
XCH4 = 0.99

0.3

TFR,ave = 900 °C

0.2
0.1
0
100

101

102

103

Solids concentration [kg/m3]
Fig. 4. Solid density proﬁles in the reactors.
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X CH4 ¼ 1 

n_ CH4 ;out
n_ CH4 ;in

ð8Þ

where n_ CH4 is the inlet or outlet molar ﬂow of the fuel. According to
Lyngfelt et al. [30], the theoretical thermodynamic limit of NiO to
convert methane is 99.5%. Here, a methane conversion of 99.0%
was achieved. As seen in Fig. 2, the two reactors are interconnected
via a ﬂuidized loop seal in the bottom region of the reactors, and
higher bed pressure in the fuel reactor drives the solids to circulate
from the fuel reactor to the air reactor. In such a case, the oxygen
carrier particles are fed to the fuel reactor at a height of about
0.6HFR instead of feeding the particles to the bottom of the reactor.
This design provides longer residence time and faster conversion for
the solid particles due to countercurrent gas–solids mixing.
The prescribed fuel reactor average temperature (900 °C) was
achieved by controlling the cooling intensity of the air reactor. To
meet the target temperature, 57.8 MW of heat had to be withdrawn from the reactor system. Calculated from the energy balance, the air reactor average temperature was 927 °C leading to a
temperature difference of 27 °C between the reactors. Figs. 6 and
7 illustrate the temperature and oxygen carrier conversion proﬁles
in the reactors, respectively. By examining these proﬁles, the point
of solids inlet in the fuel reactor can be clearly seen.

1

Relative reactor height [−]

0.9

P = 100 MW
XCH4 = 0.99
TFR,ave = 900 °C

0.6
0.5
0.4
0.3
0.2

860

880

900

920

940

Temperature [°C]
Fig. 6. Temperature proﬁles in the reactors.

1
AR
FR

0.9
0.8
0.7

P = 100 MW
XCH4 = 0.99

0.6

TFR,ave = 900 °C

0.5
0.4
0.3
0.2
0.1
0
0.4

0.45

0.5

0.55

0.6

0.65

0.7

0.75

0.8

OC degree of oxidation [−]
Fig. 7. OC conversion proﬁles in the reactors.

In the fuel reactor, the methane is converted to CO2 and H2O,
and as a result, the gas mixture velocity increases rapidly along
the reactor height as shown in Fig. 8. In the air reactor, O2 is consumed by the carrier oxidation, and a moderate decrement in the
gas velocity is observed. The vertical proﬁles of cross-sectionally
averaged concentrations of gases are plotted in Fig. 9, while the
feed and ﬂue gas compositions at the reactor inlet and outlet are
shown in Table 7.

1
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FR

0.8

0.9

Relative reactor height [−]

Relative reactor height [−]

0.7

0
840

1
0.9

P = 100 MW
XCH4 = 0.99
TFR,ave = 900 °C

0.7
0.6
0.5
0.4
0.3
0.2
0.1
0

AR
FR

0.8

0.1

Relative reactor height [−]

in the system. Ultimately, the solid entrainment ﬂux Gs in a CFB
system depends on the operation conditions and conﬁguration of
the riser, and values of Gs up to 100 kg/m2s have been presented
in the literature [29]. For the case simulated in this work, a Gs value
of 60 kg/m2 s in the air reactor was set, corresponding to the solid
conversion difference of DX = XAR  XFR = 0.09. Discussed by Pröll
et al. [23], the global level of the solids conversion state in the system, that is, the average of XAR and XFR, is the result of a dynamic
equilibrium governed by the apparent reaction rates faced in the
reactors. For example, if the reaction is very fast in the air reactor,
the particles will tend to leave the reactor fully oxidized (XAR ? 1).
If the speed of the oxidation reaction and the reduction reaction
are of the same order of magnitude, the solids conversion states
may take intermediate values (XAR = 0.30–0.75). Shown in Fig. 5,
most of the reactions take place in the bottom part of the reactors,
where the amount of the reactants is highest. The total conversion
rates in the air and fuel reactors are 37.0 kgOC/s (16.5%/min) and
29.1 kgOC/s (8.2%/min), respectively.
An important parameter to evaluate the performance of a CLC
process is the fuel conversion, which is a result of the characheristics of both the oxygen carrier and the reactor system, and expressed as

AR
FR

0.8
0.7
0.6

P = 100 MW
XCH4 = 0.99

0.5

TFR,ave = 900 °C

0.4
0.3
0.2
0.1

0

5

10

15
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Reaction rate [kg /s]
OC

Fig. 5. OC reaction rate proﬁles in the reactors.
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Fig. 8. Fluidization gas velocity proﬁles in the reactors.
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43

1
P = 100 MW
XCH4 = 0.99

0.8

42.5

O2 in AR
CH4 in FR
H2O in FR
CO2 in FR

TFR,ave = 900 °C

0.7

Net plant efficiency [%]

Relative reactor height [−]

0.9

0.6
0.5
0.4
0.3
0.2

41
40.5
40
39.5
39
38.5

0.1
0

42
41.5

0

0.1

0.2

0.3

0.4

0.5

0.6

0.7

38

Gas concentration [V−%/100]

Inlet (V%)

Fuel reactor
CO2
H2O
CH4

Outlet (V%)

20.95
78.08
0.04
0.93

2.31
95.90
0.03
1.76

0.00
0.00
100.00

33.23
66.45
0.32

Table 8
Net plant efﬁciencies calculated for two different plant conﬁgurations with subcritical
and supercritical steam values and fuel conversion of XCH4 = 0.99. The compression of
CO2 is not accounted.

Single reheat
Double reheat

92

94

96

98

100

Fig. 10. The net cycle efﬁciency of the plant conﬁguration with double steam reheat
as a function of the degree of fuel conversion.

Table 7
Gas mixture compositions at the reactor inlet and outlet with a fuel conversion of
XCH4 = 0.99.

Air reactor
O2
N2
CO2
H2O

90

Fuel (CH4) conversion [%]

Fig. 9. Gas concentration proﬁles in the reactors.

Gas component

88

540 °C/170 bar (%)

600 °C/270 bar (%)

41.9
42.8

43.5
44.1

The on-going development aims to increase the steam data in a
CFB from conventional 540 °C/170 bar to supercritical 600 °C/
270 bar and even above. Thus, the simulations were conducted also
with supercritical steam parameters. Obviously, higher plant efﬁciencies were received: 44.1% for the conﬁguration with double
steam reaheat, and 43.5% for the conﬁguration with single reheat.
These results, however, may not be directly comparable, as the
supercritical plant differs in design requiring a Benson-type
(‘‘once-through’’) boiler and new tube materials. The efﬁciencies
calculated for different cases are summarized in Table 8.
The net cycle efﬁciency is related to the degree of fuel conversion. Due to imperfect mixing of solids and gases in the fuel reactor
and limitations associated with intraparticle phemonena like
chemical reactions and diffusion, some amount of fuel may remain
unburnt and full conversion is not achieved. Fig. 10 presents the
net cycle efﬁciency of the conﬁguration with double steam reheat
for different degrees of fuel conversion. It can be seen that there is
an efﬁciency drop of about 1% point for each 2% points decrease in
the degree of fuel conversion.

5. Conclusions
4.2. Efﬁciency of CLC-integrated power plant
The integration of CLC and steam turbine cycle has been analyzed resulting in an estimation of the overall efﬁciency of a power
plant layout including a CLC boiler, a simple heat recovery setup,
and an integrated steam cycle with a three pressure level steam
turbine. Turbine inlet temperatures, extraction pressure levels
and mass ﬂow rates were optimized by using the PSOptimize package developed for IPSEpro. The compression and puriﬁcation of CO2
was not accounted. Needed as model inputs, the AR cooling duty
and the AR and FR ﬂue gas ﬂow rates and temperatures were derived from the results of the reactor system model (Table 6).
For the plant conﬁguration in Fig. 5 with 100 MW fuel input and
live steam parameters of 540 °C/170 bar, the net plant efﬁciency of
42.8% was achieved. A similar result was obtained in the earlier
study by Naqvi et al. [14]. The compression of CO2 would reduce
the efﬁciency by about 2% points [31], and taking this reduction
into account, the calculated CLC efﬁciency is similar to that currently achievable by a modern steam power plant which does
not include energy penalty for CO2 capture. Table 4 summarizes
the ﬂow property data. For comparison, a plant conﬁguration
including only one steam reheating step was also simulated, and
as expected, a lower net plant efﬁciency of 41.9% was received.

In this paper, scale-up considerations and operational design for
a CLC reactor system at a pre-commercial scale of 100 MWth have
been presented. The design is based on the dual circulating ﬂuidized bed concept, in which the air and fuel reactors are operated
at a fast and turbulent ﬂuidization regimes, respectively. Certain
scale-up criteria were followed for determining the design parameters. The air reactor would be very similar to a conventional CFB
boiler and its design can be handled without major difﬁculties.
From the reaction engineering point of view, the main focus should
be given to the fuel reactor and hence, it is designed to have a
countercurrent gas–solids ﬂow for maximizing the fuel conversion.
The performance of the reactor system is greatly inﬂuenced by the
hydrodynamics, and in order to achieve optimal operation conditions, effective solids transport and control systems are needed.
A one-dimensional model was used to evaluate the operation of
the proposed conﬁguration, and a detailed insight into the reactor
performance was obtained. Nevertheless, for achieving the most
optimal solution in the future, alternative conﬁgurations must also
be studied, and questions like how the global solids circulation between the reactors should be arranged in a full-scale application
need further consideration.
The integration of CLC and steam turbine cycle was studied
resulting in a suggested power plant conﬁguration which includes
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only conventional power plant components, and the designed CLC
unit is considered suitable for a retroﬁt arrangement where it replaces the natural gas steam generator. A process ﬂow sheet of
the whole plant was set up and simulated, and without the CO2
compression, the net cycle efﬁciency of 42.8% was achieved for
optimal conﬁguration with conventional live steam values. Such
a result has been obtained also in earlier studies for CLC-integrated
steam power plants. Here, almost all the heat included in the ﬂue
gases is recovered in gas–water heat exchangers for better overall
efﬁcieny. However, techno-economic investigations are needed to
ﬁnd the optimal degree of heat utilization. Possibly low heat transfer rates in gas–water heat exchangers and thus only a small increase in the efﬁciency should be related to the investment costs
to see the actual beneﬁts. Also, the degree of fuel conversion was
found to have a signiﬁcant effect on the net cycle efﬁciency, and
hence, the reactor system should be designed carefully for maximal conversion.
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a b s t r a c t
Chemical looping with oxygen uncoupling (CLOU) is a promising concept for efﬁcient combustion of solid
fuels with an inherent capture of the greenhouse gas CO2 . This paper presents a CLOU process scheme
with stoichiometric mass, energy, and exergy balances. A CLOU reactor system using medium volatile
bituminous coal as fuel and silica-supported CuO as an oxygen carrier is analyzed. The analysis includes
the estimation of various design and operational parameters, thermal considerations, and evaluation of
the overall performance. The operation of a reactor system of two interacting circulating ﬂuidized beds
(CFBs) is greatly inﬂuenced by the hydrodynamics. For the CuO oxygen carrier, the hydrodynamic
operating range appeared feasible considering the maximum solid circulation rates in current CFB boilers.
Depending upon the reactor temperatures, oxygen carrier inventories of 400–680 kg/MW in the system
were found necessary for stoichiometric combustion of the fuel. The temperature difference between the
reactors should not exceed 50 °C, as otherwise, problems may arise with the heat balance. Exergetic efﬁciencies in the range of 63–70% were obtained for different combinations of relevant design parameters.
It is evident that the possible operating conditions in the system are closely related to the properties of
the chosen oxygen carrier. However, the calculation procedure and design criteria presented here are
applicable to any oxygen carrier to be used in the process.
Ó 2014 Elsevier Ltd. All rights reserved.

1. Introduction
Anthropogenic carbon dioxide (CO2 ) emissions have been identiﬁed as a major contributor to the climate warming process. Combustion of fossil fuels releases a vast amount of CO2 into the
atmosphere among other combustion gases, and it can be assumed
that alternative energy technologies can scarcely fully replace the
existing fossil fuels based power generation. Thus, power production via combustion of fossil fuels with effective CO2 capture is
going to have a key role in energy supply in the foreseeable future
[1].
Chemical looping combustion (CLC) is a novel process for separating and capturing CO2 from power plants with a minimized
energy penalty [2,3]. A CLC system typically comprises two interconnected ﬂuidized bed reactors, an oxidizer (air reactor, AR),
and a reducer (fuel reactor, FR) with a solid metal oxide called oxygen carrier circulating between them. The fuel is combusted in the
fuel reactor with the help of oxygen supplied by the circulating
metal oxide. After being reduced in the fuel reactor, the metal
oxide is regenerated by reaction with atmospheric oxygen in the
⇑ Corresponding author.
E-mail address: petteri.peltola@lut.ﬁ (P. Peltola).
http://dx.doi.org/10.1016/j.enconman.2014.07.044
0196-8904/Ó 2014 Elsevier Ltd. All rights reserved.

air reactor. As a result, the combustion of fuel takes place in the
absence of nitrogen, ensuring that the main constituents of the ﬂue
gas are CO2 and water vapor. Ideally, a pure stream of CO2 can be
obtained with minor losses of energy caused by the condensation
of the water vapor. In CLC, gaseous fuels are preferred due to the
favorable nature of heterogeneous gas–solid reactions. In the case
of solid fuel, like coal and biomass, problems arise as homogeneous
solid–solid reactions are not likely to occur at any reasonable rate
and an intermediate fuel gasiﬁcation step is needed [4].
Being a variant to CLC, chemical looping with oxygen uncoupling (CLOU) process allows direct combustion of solid fuels by
applying an oxygen carrier with reversible redox properties [5].
Some metal oxides have a suitable equilibrium partial pressure
of gas-phase oxygen at temperatures of interest for combustion
(800–1200 °C). These metal oxides react with oxygen in the air
reactor according to Eq. (1) and then release this oxygen in the fuel
reactor through decomposition, that is, the reverse of Eq. (1). This
way, the released gas-phase oxygen reacts directly with the solid
fuel via normal combustion, and the slow gasiﬁcation step of the
char is avoided. The heat release over the air and fuel reactors is
the same as for conventional combustion.

2Me þ O2 $ 2MeO

ð1Þ
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Nomenclature
A
Gs
g
h
DHc
I_
K
k
k0
M
m
_
m
Pfuel
p
pO2
pO2 ;eq
r
RO
Ru
Q_
s
T
W
w
X

cross-sectional area (m2 )
solids entrainment ﬂux (kg m2 s1 )
gravitational acceleration (m s2 )
1
speciﬁc enthalpy (kJ kg )
1
1
heat of reaction (kJ mol ) (kJ kg )
exergy destruction rate (kJ s1 )
reaction rate constant (s1 )
reaction rate constant (atm1 s1 )
kinetic coefﬁcient (atm1 s1 )
1
molar mass (g mol )
mass (kg)
mass ﬂow (kg s1 )
fuel power (MW)
pressure (atm)
partial pressure of oxygen (atm)
equilibrium partial pressure of oxygen (atm)
reaction rate (s1 ) (kg s1 )
oxygen ratio
1
universal gas constant (J mol K1 Þ
heat ﬂow (MW)
1
speciﬁc entropy (kJ kg K1 )
temperature (°C) (K)
1
work (kJ kg )
weight fraction
degree of oxidation

In comparison to oxygen carriers for normal CLC, a special
requirement is needed for the carriers in the CLOU process. The
possible metal oxides which have the property of releasing gasphase oxygen at desired temperatures are limited. Three such
candidates have been identiﬁed: CuO; Mn2 O3 , and Co3 O4 . Of these,
CuO has received a lot of attention as it seems to have the most
suitable characteristics with respect to the rate of oxygen release.
In addition to monometallic oxides, a number of combined oxides
and perovskites have been proposed. A recent review article by
Mattison [6] gives a detailed overview of the research conducted
around the CLOU process including the development and testing
of different oxygen carrier candidates.
Including the estimation of various process parameters, Eyring
et al. [7] conducted a preliminary analysis of the performance of
a CLOU system with pure copper oxide as the oxygen carrier and
coal approximated by carbon as the fuel. Sahir et al. [8] evaluated
the material and energy requirements for a CLOU pilot unit by
incorporating insights from previously reported kinetic studies
on lab-scale units. In the experiments of Adanez-Rubio et al. [9],
the reactivity of a MgAl2 O4 -supported CuO oxygen carrier was
determined at various temperatures, after which the range of oxygen carrier inventory required for full combustion of coal was
calculated.
In this paper, a CLOU process scheme is presented and a methodology based on stoichiometric mass, energy, and exergy balances
is applied to simulate a CLOU reactor system fed by bituminous
coal and SiO2 -supported CuO oxygen carrier. Experimental kinetic
data available in the literature is used to describe the reactivity of
the carrier. As a result, possible operational regions and material
requirements for the chosen oxygen carrier are determined.
Lacking in previous CLOU studies, a thermal assessment with
respect to reactor temperatures and extraction of heat is carried
out for envisioning different heat balance scenarios. With an
exergy analysis, the effect of fundamental operating parameters
on the second-law efﬁciency of the system is evaluated and the

Greek symbols
1
e
exergy (kJ kg )
1
ech
chemical exergy (kJ kg )
1
eph
physical exergy (kJ kg )
k
global air-to-fuel ratio
X
oxygen demand for combustion (mol O2 kg1
fuel)
u
exergetic efﬁciency
/gas
recirculation gas ratio
s
solids residence time (s)
Subscripts
0
reference state
AR
air reactor
C
carbon
f
fuel
fg
ﬂue gas
FR
fuel reactor
H
hydrogen
O
oxygen
OC
oxygen carrier
oxd
oxidized
N
nitrogen
rec
recirculation gas
red
reduced
S
sulfur

magnitudes of various inefﬁciencies and irreversibilities are
estimated. Previously, the exergetic performance of a CLOU
system has not been evaluated in such detail. Additionally,
various design aspects and process modelling relationships are
discussed.

2. Methodology
2.1. Calculation basis and assumptions
Mass, energy, and exergy balance analysis is conducted for a
hypothetical CLOU system presented in Fig. 1. The system consists
of air and fuel reactors, both utilizing the design of a circulating ﬂuidized bed. Compared to other conﬁgurations, this design has a lot
of advantages [10]. Oxygen carrier particles are circulated between
the reactors (ﬂuxes 7 and 8) to supply the oxygen required for
combustion. The composition of the particles is determined by
conversion degree and the amount of support material in the carrier. The air reactor is ﬂuidized with atmospheric air (ﬂux 2); thus
the exhaust gas from the air reactor (ﬂux 3) consists of mainly
nitrogen (>95%) and some excess oxygen. The fuel reactor is fed
by bituminous coal (ﬂux 1) and ﬂuidized with partially recycled
combustion ﬂue gas (ﬂux 5). Based on stoichiometric combustion
of the fuel (Table 1), the components of the ﬂue gas are CO2
(85.7 wt%), H2 O (13.2 wt%), SO2 (0.6 wt%), and N2 (0.5 wt%). A
recirculation of wet gases is considered, as on a dry basis, additional equipment for the condensing process would be required
[11]. Ash is removed from the fuel reactor (ﬂux 6). Both reactors
as well as the gas recirculation step include cooling (ﬂuxes
11–13). The heat associated with the oxygen uptake and release
reactions (ﬂuxes 9 and 10) must be accounted in the overall energy
balance.
Copper oxide is used as the oxygen carrier due to its propitious
oxygen uptake and release kinetics and capability to bind and
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Fig. 1. Schematic diagram of the studied CLOU process consisting of two interconnected CFB reactors. Three different boundary systems are considered; both reactors as their
own or as a whole.

transport a relatively high amount of oxygen. In CLOU, copper
cycles between the cupric (CuO) and cuprous (Cu2 O) states:

4CuO $ 2Cu2 O þ O2

DH850 ¼ 263:2 kJ=mol O2

ð2Þ

Considering possible drawbacks of using CuO, metallic copper with
a relatively low melting point of 1085  C can be formed in side reactions. This can cause ﬂuidization problems due to agglomeration.
However, particle attrition and agglomeration could be avoided
by impregnating the carrier with feasible support material [12].
The operating temperature in each reactor is an important
parameter as the oxygen concentration at equilibrium condition
and thus the thermodynamic driving force for the process is highly
dependent on temperature. Based on experimental investigations
with CuO-based oxygen carriers, temperatures between 850 and
900 °C in the air reactor and 900 and 950 °C in the fuel reactor
are considered suitable [7,12,13].
The analysis is carried out with the following assumptions and
simpliﬁcations:
 Complete conversion of fuel is assumed. Thus, there are no
unreacted char particles within the oxygen carrier stream
entering the air reactor. The combustion of carbon in the air
reactor would reduce the carbon capture efﬁciency due to the
presence of CO and CO2 in the outlet gas stream [14]. However,
the thermal efﬁciency of the process would be little affected as
the heat from the combustion remains recoverable. Very high
char conversions of 95% and above for CLOU experiments have
been reported in the literature [14,15].
 The cumulation of ash in the oxygen carrier stream is assumed
negligible. The separation of ﬂy ash and oxygen carrier is a recognized challenge with all chemical looping systems processing
solid fuels. In CFB combustors for CLOU, the amount of ash
mixed with the circulating solids can be minimized through a
proper design of the cyclone and employing other separation
technologies [16].
 The make-up ﬂow of oxygen carrier particles to compensate the
purge due to (i) particle attrition and loss of reactivity and (ii)
removal of bottom ash is not considered. When replaced, fresh
particles need to be heated up to the system temperature, and
the overall energy balance would be affected.
 In isothermal reactors, perfect mixing of solids, gas plug-ﬂow,
and negligible mass transfer resistance between the bubble
and emulsion phases are assumed.
2.2. Oxygen carrier conversion
As a part of the process development, it is important to gain
understanding of the factors which have an inﬂuence on the

Table 1
Properties of medium volatile bituminous coal [15].
Fuel properties
Proximate analysis (wt%)
Moisture
Volatiles
Ash
Fixed carbon

4.2
25.5
14.4
55.9

Ultimate analysis (wt%)
C
H
N
S
O

69.3
3.9
1.9
0.9
5.4

LHV (MJ/kg)

25.5

chemical kinetics of the reactions involved. For modelling and
design purposes, it would be beneﬁcial to develop general reaction
rate expressions applicable within a wide range of operating conditions. However, only a few studies in the literature have focused
on experimentally determining the kinetics of oxygen carriers for
CLOU applications [6].
In CLOU, the rates of carrier oxidation in the air reactor and
reduction (decomposition) in the fuel reactor are affected by a
thermodynamic ‘‘driving force’’, governed by the difference
between the actual oxygen partial pressure and the equilibrium
partial pressure of the oxygen [17–19]. The following general form
for a rate equation can be acquired [17]:

r ¼ kf ðXÞf ðpO2 ;eq Þ

ð3Þ

where the effect of the oxygen partial pressure is taken into account
by an equilibrium limitation function f ðpO2 ;eq Þ, while a conversion
function f ðXÞ considers the reaction mechanism and geometrical
change in solid as the reaction proceeds. The kinetic rate constant
k is expressed by the Arrhenius equation:

k ¼ A exp



E
Ru T


ð4Þ

where A and E are kinetic parameters, Ru is the universal gas constant, and T stands for temperature.
Without considering the dependency on the reaction order, the
oxygen driving force for the oxidation can be expressed generally
as

f ðpO2 ;eq Þoxd ¼ ðpO2  pO2 ;eq Þ
and for the decomposition as

ð5Þ
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0.07
0.06

0.2

Kinetic rate constant [1/s]

O2 equilibrium partial pressure [atm]

0.25

0.15
CuO

0.1
Cu 2O

0.05

0.05
0.04
0.03
0.02

Decomposition
Linear fit
Oxidation
Linear fit

0.01
0
800

850

900

950

1000

1050

0
825

1100

Temperature [ °C]

925

950

975

ð6Þ

"


4

3

2
1000
1000
1000
¼ exp 9:383
þ 47:54
86:30
T
T
T



1000
 2:473
ð7Þ
þ48:45
T

Under certain assumptions, several gas–solid kinetic models
including reaction order models, nucleation models, diffusion
models, and geometrical concentration models can be employed
to describe the reaction mechanism in a particle [20,21]. In addition, the reaction rates are affected by a thermodynamic driving
force as well as several physical factors resulting in somewhat
complex description of the oxygen carrier conversion [7,17,22].
The kinetic data available in the open literature is rather scattered,
and therefore, a ﬁrst order representation is used for the conversion to simplify the analysis in this work. Applicable for the chosen
approach, ‘‘lumped’’ reaction rate constants for SiO2 -supported
CuO (40 wt% CuO/60 wt% SiO2 ) within the temperature range of
relevance (850–950 °C) were obtained from a publication by Peterson et al. [13]. These rate constants reported in Fig. 3 incorporate
all the factors that contribute to the overall reactivity. The abovementioned oxygen carrier is later referred to as CuO40SiO2 .

Assuming that the fuel is completely burnt, the fuel consumption is given by

_ fuel ¼
m

The steady state mass balance for the system shown in Fig. 1
can be written as

ð8Þ

i

_ i denotes the mass ﬂow rate of stream i with a positive
where m
value for input and negative for output.

Pfuel
LHV

ð9Þ

where Pfuel is the fuel power and LHV is an abbreviation for the
lower heating value of fuel. The amount of O2 required for the stoichiometric combustion of fuel is deﬁned as

X¼

wC 1 wH wS 1 wO
þ
þ

MC 4 MH MS 2 MO

ð10Þ

where wc is the weight fraction and Mc is the molar mass of component c in the fuel. The value of X (mol O2 per kg of fuel) is dependent
on the fuel properties and can be calculated from the proximate and
ultimate analysis of the fuel (Table 1). The demand of oxygen at a
certain fuel feeding rate then becomes

_ O2 ¼ MO2 Xm
_ fuel
m

ð11Þ

Based on the oxygen demand, the air feed rate is given by

_ air ¼
m

_ O2 k
m
0:233

ð12Þ

where k is the global air/fuel ratio and 0.233 is the mass fraction of
oxygen in air. A value of k ¼ 1 corresponds to the stoichiometric
ﬂow of air.
The circulation rate of oxygen carrier is governed by the need to
transport a sufﬁcient amount of oxygen to the fuel reactor in order
to obtain complete combustion, and it can be calculated by using
the following expression [5]:

_ OC ¼ ½1 þ RO wCuO ðX AR  1Þm
_ oxd
m

ð13Þ

_ oxd is the circulation rate of fully oxidized oxygen carrier,
where m
calculated as

_ oxd ¼
m

2.3. Mass balance

X
_i¼0
m

900

Fig. 3. Reaction rate constants K CuO (decomposition) and K Cu2 O (oxidation) for the
CuO40SiO2 oxygen carrier [13].

The oxygen equilibrium partial pressure, pO2 ;eq , for the selected oxygen carrier is calculated from thermodynamic data based on the
values of Gibbs free energy for CuO; Cu2 O, and O2 at various temperatures, and a correlation, Eq. (7), can be obtained [18]. The partial pressure of oxygen as a function of temperature for the
CuO=Cu2 O system is shown in Fig. 2. It can be seen that the equilibrium partial pressure increases with increasing temperature, and
according to Eqs. (5) and (6), a slower rate of oxidation can be
expected while the decomposition reaction will be improved.
Therefore, it would be advantageous to have a high temperature
in the fuel reactor and as low a temperature as possible in the air
reactor.

pO2 ;eq

875

Temperature [° C]

Fig. 2. O2 equilibrium pressure of CuO=Cu2 O.

f ðpO2 ;eq Þred ¼ ðpO2 ;eq  pO2 Þ

850

_ O2
m
wCuO RO DX

ð14Þ

The oxygen ratio, RO , is a property of the carrier signifying the mass
fraction of oxygen in the carrier, deﬁned as

RO ¼ 1 

mred
moxd

ð15Þ

where moxd and mred are the masses of fully oxidized and reduced
particles, respectively. Further, wCuO is the mass fraction of CuO in
the particles, and DX ¼ X AR  X FR represents the difference in carrier
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conversion between the reactors with X AR denoting the conversion
at the air reactor outlet and X FR at the fuel reactor outlet. Indicating
the oxidation state of the carrier, the conversion is deﬁned through
the mass of oxidized phase in solids:

X¼

moxd
moxd þ mred

ð16Þ

Assuming a plug-ﬂow reactor, the residence time of solids
required for the decomposition of CuO from an inlet concentration
of X AR to an exit concentration of X FR is given by [7]:

sFR ¼

1
1
ln
K CuO
1  XDARX

!
ð17Þ

Similarly for the Cu2 O oxidation from the inlet concentration of
ð1  X FR Þ to the outlet concentration ð1  X AR Þ:

sAR ¼

1
1
ln
DX
K Cu2 O
1  1X
FR

!
ð18Þ

The reaction rate constants K CuO and K Cu2 O are reported in Fig. 3. The
mass of solids required in the system is determined by the residence times and can be calculated via

_ OC ðsFR þ sAR Þ
mOC ¼ m

ð19Þ

2.4. Energy balance
For the analysis applying the ﬁrst law of thermodynamics, the
changes of the potential and kinetic energies of the streams are
assumed negligible, and any kind of work is not involved. Thus,
the energy balance for the system can be formulated as:

X
X
X
_ i hi þ
r k DHc;k ¼ 0
m
Q_ j þ
i

j

ð20Þ

k

where hi is the enthalpy of stream i, and Q_ j is the heat ﬂow j
exchanged between the system and the environment. The last term,
given by the reaction rate, r k , and the heat of combustion, DHc;k ,
sums the heat sources and sinks by chemical reactions. For oxygen
coupling and uncoupling, the DHc value of 263.2 kJ/mol O2 is determined at 850 °C. In the balance, inputs are considered positive and
outputs negative.
The total enthalpy within a gas stream is determined by its
constituents:

hgas ¼

X

wc hc

ð21Þ

c
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determines the fractions of CuO and Cu2 O, while the inert phase
remains constant. As they all have different heat capacities, the
enthalpy of the carrier is given as a function of X and fraction of
active metal oxide in the particles, wCuO , as follows:



hOC ¼ wCuO XhCuO þ ð1  XÞhCu2 O þ ð1  wCuO ÞhSiO2

ð23Þ

For CuO, Cu2 O, and SiO2 , the enthalpy is calculated from the data
provided by Chase [24]. Without better knowledge of the composition, ash is approximated as silica (SiO2 ) and the enthalpy calculated accordingly.
2.5. Exergy balance
Exergy, measuring the quality of energy rather than the quantity of energy, is an important concept in the thermodynamics. In
contrast to energy, exergy can be destroyed decreasing the potential to generate work. An exergetic analysis allows the identiﬁcation of thermodynamic inefﬁciencies in a system, and therefore,
it has been widely used for evaluating the performance of various
combustion processes [25–28].
Based on the second law of thermodynamics, the overall exergy
balance for the system studied in this work can be written as
follows:


X
X 
T0
_ i ei þ
 I_ ¼ 0
m
Q_ j 1 
T
i
j

ð24Þ

where ei is the exergy of stream i. The second term on the left handside sums the exergy ﬂows associated with heat transfer. The reference temperature, T 0 , at the boundary surface is set to 25  C. I_ represents the irreversibilities generated upon the destruction or
dissipation of exergy. Again, inputs are considered positive and outputs negative. Potential and kinetic energies are neglected, and no
work is involved. The exergetic efﬁciency of the system is expressed
as the ratio of the total outgoing exergy ﬂow to the total incoming
exergy ﬂow:

P
w¼

e

_
i ðmi i Þout

P

þ


P _ 
T0
kQ k 1  T

e

_
i ðmi i Þin

ð25Þ

The ﬂow exergy of a substance, e, is the maximum theoretically
obtainable work when the substance is brought into the total equilibrium with the environment. It comprises of chemical exergy and
physical (thermomechanical) exergy, and can be expressed as [29]:

e ¼ ech þ eph

ð26Þ

The physical exergy of a substance can be calculated via [29]

where wc and hc represent the weight fraction and speciﬁc enthalpy
of gas constituent c in the stream, respectively. The latter can be calculated according to Gyftopoulos and Beretta [23] as

1 2 1
1 4
hc ¼ aT þ bT þ cT 3 þ dT
2
3
4

ð22Þ

where a; b; c, and d are the constants for the particular substance
(Table 2).
The oxygen carrier is considered to consist of three components: CuO, Cu2 O, and inert SiO2 . The degree of oxidation

Table 2
Constants for gas enthalpy calculation [23].
Gas

a

b

c

d

CO2
H2 O (g)
N2
O2

19.8
32.3
31.2
28.1

73.4
1.9
13.6
0.0

56.0
10.6
26.8
17.5

17.2
3.6
11.7
10.7

eph ¼ h  h0  T 0 ðs  s0 Þ

ð27Þ

where h0 and s0 refer to the enthalpy and entropy at the reference
state. Assuming an ideal gas, the entropy correlates with the system
temperature and pressure as follows [23]:

1
1 3
sgas ¼ a ln T þ bT þ cT 2 þ dT  Ru ln p
2
3

ð28Þ

where a; b; c, and d are gas-speciﬁc parameters, and Ru is the universal gas constant with a value of 8:314 J=molK. The reactors are considered unpressurized and thus, p equals to the environmental
pressure, that is, 1 atm. For CuO, Cu2 O, and SiO2 , the speciﬁc entropies are calculated based on the data given by Chase [24].
Standard chemical exergies of gases and solids considered in
this work are shown in Table 3. The chemical exergy of coal,
ch
ecoal , is approximated on a dry basis as proposed by Song et al. [30]:

ech
coal ¼ 363:439wC þ 1075:633wH  86:3080wO þ 4:147wN
þ 190:798wS  21:1wash

ð29Þ
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Table 3
Standard chemical exergies of substances [43].
Chemical exergy (kJ/mol)

Gases
Air
CO2
H2 O (g)
N2
O2
SO2

1.61
19.48
9.5
0.72
3.97
313.4

Solids
CuO
Cu2 O
SiO2

6.5
124.4
2.2

Metal oxide circulation rate [kg/s/MWf ]

Substance

25

R =0.10
O

R =0.08
RO=0.06
R =0.04
O

R =0.02

15

O

10

5

0

Analogous to the calculation of enthalpy, the total exergy of a compound is determined by its constituents and their respective
exergies.

O

20

0
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1

Change in conversion, ΔX [−]
Fig. 4. Solid circulation rates required per MW of fuel vs. variation in conversion,
plotted for different oxygen ratios representing different oxygen carriers.

3. Results and discussion
The newly developed calculation procedure with mass, energy,
and exergy balances is applied for the analysis of a CLOU process
scheme described in Section 2.1. Commercial calculation codes
have not been utilized. Based on operational experience with CLOU
and previous knowledge of ﬂuidized bed processes, a limited set of
values is assigned to some design and operating parameters. The
main results and ﬁndings from the analysis are presented and discussed in detail in the following subsections.
3.1. Circulation rate
In a highly dynamic system of two interacting ﬂuidized beds,
solid circulation rates should be minimized. The minimum solid
circulation rate necessary to fulﬁll the oxygen mass balance in
the CLOU system is determined by the demand of oxygen for combustion, properties of the oxygen carrier, and the overall variation
in the carrier conversion between the reactors. For oxygen carriers
with an exothermic overall reaction in the fuel reactor, the solid
ﬂow rates from the air reactor can be kept low as the particles
do not need to provide heat to increase the reaction temperature.
The capability of an oxygen carrier to bind and transport oxygen
is expressed by the oxygen ratio, RO . From CLOU candidates, CuO
has the highest oxygen ratio of 10%, others having a value below
that [31]. Assuming complete combustion of fuel, the required circulation rate per MW of fuel as a function of the change in conversion is plotted for different oxygen ratios in Fig. 4. As can be seen, a
low oxygen ratio results in a high circulation rate. Furthermore, it
is clear that for reducing the rate, a high degree of conversion in the
reactors is desired.
It is to be noted that the circulation mass ﬂow in Fig. 4 is calculated on a support-free basis, that is, only considering pure metal
oxides. Copper, for example, has a tendency towards agglomeration in higher temperatures, and for increased durability and better
performance, CuO-based oxygen carriers with binder loadings up
to 80 wt% have been prepared [12]. Obviously, the circulation rates
will be higher with the addition of inert material. For a supported
oxygen carrier, the total rate is equal to the value obtained from
Fig. 4 divided by the weight fraction of the metal oxide in the carrier. Table 4 shows the rates calculated for carriers containing 20,
40, and 80 wt% of CuO. Being a matter of optimization, it is important to use carriers with the highest practical loading of the reaction participating species for reducing the amount of solids in the
system.

Table 4
Minimum circulation rates required for complete conversion of the fuel, calculated for
oxygen carriers with 20, 40, and 80 wt% of CuO.
wCuO (–)

DX (–)

_ OC (kg/s/MWf)
m

0.2

0.1
0.3
0.7

40.4
13.5
5.8

0.4

0.1
0.3
0.7

20.2
6.7
2.9

0.8

0.1
0.3
0.7

10.1
3.4
1.4

The state of oxidation determines the mass of an oxygen carrier
particle. In oxidized form, the particle has the maximum mass of
moxd , but after decomposition, the mass is decreased to
ð1  RO Þmoxd . In reality, the mass would be something between,
as it is not likely to reach full conversion in the reactors. It has been
observed that the rate of Cu2 O oxidation is somewhat faster than
that of CuO decomposition in the temperature range relevant to
the process [7,19]. Therefore, X AR can be expected to get values
between 0.50–0.90. For these values, the variation in the circulating mass of a CuO carrier with an inert fraction of 20–80 wt%
would be 0.8–3.2%, implying that the effect of carrier oxidation
on solid circulation rates can be considered negligible.
As stated by Abad et al. [32], the limit of the circulation rate in a
chemical looping plant is not clear. The recycling system of a CFB
boiler is dimensioned to operate within a certain range, and with
the increasing gas velocity, the upper limit could be exceeded.
However, the operation outside the range of normal commercial
experience will lead to design difﬁculties and increased costs. Ultimately, the solid entrainment ﬂux, Gs , in a CFB system depends on
the operating conditions and conﬁguration of the riser, and values
up to 100 kg=ðm2 sÞ have been presented in the literature [32]. The
solids ﬂux can be calculated as:

Gs ¼

_ OC
m
A

ð30Þ

where A is the cross-sectional area of the riser with a typical value
of 0:29 . . . 0:4 m2 =MWf in a commercially operated CFB boiler [33].
Considering retroﬁt possibilities with current boilers, a value of
A ¼ 0:35 m2 =MWf is taken as an average and the maximum solids
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Fig. 5. Minimum conversion difference between the reactors required to keep the
solid circulation rate below the given maximum vs. fraction of inert in the particle,
plotted for different oxygen ratios representing different oxygen carriers.

Fig. 6. Residence time of solids in the reactors as a function of temperature. DX is
ﬁxed at 0.3 but X AR varies.

ﬂux of 75 kg=ðm2 sÞ is assumed, below which the operation of the
plant is feasible with little or no extra costs. By setting an upper
limit for Gs a minimum value for the conversion difference between
the reactors (DX) can be determined from Fig. 5 as a function of the
carrier oxygen ratio and inert weight fraction. The oxygen ratio
should be given on a support-free basis. As an example, in order
to keep the circulation rates below the given maximum, the values
of DX for CuO with 20, 50, and 80 wt% of inert should be higher than
0.04, 0.07, and 0.16, respectively.
Opposite to the trend found for gaseous fuel CLC, Abad et al.
[14] noticed that an increase in the solids circulation rate in a CLOU
system causes a decrease in the char conversion. This is due to different reaction paths and the fact that in CLOU, the residence time
of solids in the fuel reactor should be high enough for effective char
combustion. With a ﬁxed mass inventory, the residence time
decreases with the increasing circulation rate.

will be needed for higher conversions. In reactors of reasonable
height, these residence times cannot be achieved by a single pass
of the solids. To increase the average solids residence time, an
external solids recycling system where a fraction of the outgoing
solids is recirculated back into the reactor is required. Furthermore,
if the combustion in the fuel reactor is not complete, the exiting
oxygen carrier stream will contain unreacted char particles, and
in such a case, the recirculation of solids will be advantageous as
a higher combustion efﬁciency could be reached.

3.2. Solids residence time
By applying the kinetics determined for the CuO40SiO2 oxygen
carrier, the required residence time of particles in the reactors to
reach certain conversion can be estimated from Eqs. (17) and
(18). Previously, DX between 0.2 and 0.4 has been suggested for
low circulation rates and low solids inventories [32]. Thus, considering a constant conversion difference of DX ¼ 0:3 between the
reactors but changing the oxidation state of the carrier at the air
reactor outlet, the residence times are calculated and plotted in
Fig. 6 as a function of reactor temperature. At a given DX, a longer
decomposition time is needed for solids having a low degree of oxidation – or inversely, a high degree of reduction – at the fuel reactor inlet. In the air reactor, the reaction times by contrast decrease
for less oxidized solids. Due to certain limitations occurring in the
solid phase, the apparent reaction rates in the reactors slow considerably at high conversions. Thus, there is a shift in solids inventory from air reactor to fuel reactor with decreasing X AR . Such a
trend was observed also for CLC experiments in dual ﬂuidized
bed reactor system by Pröll et al. [34].
For the average value of X AR ¼ 0:7 in Fig. 6, the time needed for
CuO decomposition decreases with an increase in temperature
from 249 s at 850  C to 37 s at 950  C. On the contrary, the time
for Cu2 O oxidation increases with increasing temperature from
12 s at 850  C to 16 s at 950  C. Obviously, longer reaction times

3.3. Solids inventory
The mass of an oxygen carrier required in the system depends
on the solids circulation rate and conversion at the inlet of each
reactor, as well as the metal oxide content and reactivity of the carrier. Here, the mass loadings are calculated assuming a plug ﬂow in
the reactors and a ﬁrst order reaction with respective to the reactants. In addition, the resistance to the gas exchange between the
bubble and emulsion phases has been considered negligible,
whereas in real systems, it would increase the reaction times,
and higher solids inventories would be predicted.
The rates of both CuO decomposition and Cu2 O oxidation are
affected by temperature; the former being increased and the latter
decreased with an increase in the temperature. Based on Fig. 3,
temperatures that minimize the oxygen carrier loading in the reactors, that is, 850  C at the air reactor and 950  C at the fuel reactor,
were selected to obtain the results plotted in Fig. 7. The graph
shows the minimum carrier inventory at a speciﬁc X AR for each
value of DX. The shape of each curve is determined by the changes
in solid circulation rate and residence time necessary for a given
conversion. At minimum, a total loading of approximately
400 kg=MWf is needed for stoichiometric combustion. As a comparison, the reaction kinetics of a 40 wt% CuO/MgAl2 O4 oxygen carrier were determined in a study by Arjmand et al. [22], and based
on this data, a total solids inventory of 73–147 kg/MWf was calculated assuming char as fuel. Abad et al. [14] conducted experiments in a continuously operated CLOU unit with a 60 wt% CuO/
MgAl2 O4 oxygen carrier, and full conversion of bituminous coal
to CO2 was achieved using a solids loading of 240 kg=MWf in the
fuel reactor. Testing different types of coals in the same CLOU unit
with the same oxygen carrier, Adanez-Rubio et al. [15] found solid
loadings up to 490 kg=MWf necessary in the fuel reactor to reach a
95% of CO2 capture efﬁciency.
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engineering point of view, the main focus should be given to the
fuel reactor.

Solids inventory [kg/MWf ]
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3.4. Thermal considerations
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0.4
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0.7

0.8

0.9

Change in conversion, ΔX [−]
Fig. 7. Oxygen carrier inventory vs. the change in conversion for different values of
X AR . Temperatures in the reactors: T AR ¼ 850  C, T FR ¼ 950  C.

Pressure drop over a CFB riser, Dp, can be determined by

Dp ¼

mOC g
A

ð31Þ

where g is the gravitational acceleration ð9:81 m=s2 Þ. For the average riser cross-sectional area of A ¼ 0:35 m2 =MWf (see Section
3.1), the oxygen carrier inventory of mOC ¼ 400 kg=MWf gives a
total pressure drop of 11.2 kPa. In dual CFB pilot units, solid inventories corresponding to pressure drops of 6–14 kPa have been used.
With common ﬂuidizing velocities of 5–8 m/s, solid ﬂuxes between
40 and 90 kg=ðm2 sÞ were measured for these inventories [34–36].
Based on this, the hydrodynamic range resulting from the current
analysis seems reasonable.
The minimum oxygen carrier inventories were also calculated
for different combinations of temperatures in the reactors, as
shown in Fig. 8. Compared to the inventory given by the AR/FR
temperature combination of 850  C=950  C, only a minor increment was obtained using the combination of 900  C=950  C. In
such a case, the latter is preferred because the thermal integration
of the reactors becomes more feasible with the smaller
temperature difference between the reactors. From the reaction

As discussed earlier, the operating temperature in each reactor
must be determined with respect to the thermodynamic equilibrium and reaction kinetics in order to optimize the process. Considering the oxygen coupling and uncoupling behavior, it is desirable
to have a high temperature in the fuel reactor and a low temperature in the air reactor. The upper limit for the temperature is given
by the speciﬁc properties of the oxygen carrier, such as material
melting point and tendency towards agglomeration. The thermal
design of CLOU system, however, is not completely straightforward, and some important aspects need to be taken into account.
Using a CuO oxygen carrier, Eyring et al. [7] demonstrated a
CLOU system with 850  C in the air reactor and 950  C in the fuel
reactor. Overall, such mean temperatures in the reactors would
ensure efﬁcient oxygen uptake and release characteristics, but
problems may arise locally. When colder solids from the air reactor
are introduced into the fuel reactor bottom, temperature gradients
of some degree will occur in the bed. A lower temperature results
in a lower equilibrium partial pressure of oxygen, and thus, the
decomposition reaction may be impaired, and less oxygen will be
released within the bottom region, also where the consumption
of oxygen by fuel combustion is expected to be highest. Similarly,
in the air reactor, the chemical equilibrium may be locally affected
by the inlet ﬂow of hot solids. Therefore, considering the overall
performance of the process, there is a maximum temperature difference between the reactors below which the thermal integration
will be feasible. This is an issue, however, which needs to be further studied using a more detailed CLOU model capable of describing heat transfer within the reactors.
To obtain the desired temperatures, excess heat has to be withdrawn from the reactor system. The amount of the withdrawable
heat depends on the selected reactor temperatures, air/fuel ratio,
and the completeness of combustion. Fig. 9 shows the total heat
extraction rate from the system with T avg ¼ 900  C. If some amount
of fuel remains unburnt, less heat is released and a lower cooling
rate would be required accordingly. The air/fuel ratio should be
kept as low as possible to minimize stack losses.
In the case of CuO-based oxygen carrier, the reactions are exothermic, and energy can be extracted from both reactors to meet
60
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Fig. 8. Minimum oxygen carrier inventory in the system calculated for different
combinations of reactor temperatures.
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Fig. 9. Required cooling duty of the CLOU reactor system as a function of the air/
fuel ratio and fuel conversion. Energy balance calculation based on fuel LHV and air
and fuel reactor temperatures of T AR ¼ 850 . . . 900  C and T FR ¼ 900 . . . 950  C.
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the overall cooling requirement. The oxygen carrier streams
between the reactors contain a great amount of sensible heat,
and the rate at which each reactor must be cooled depends not
only on the reactor temperatures but also on the speciﬁc heat
capacity and circulation rate of the carrier. Hence, the cooling duty
of each reactor can be plotted as a function of the change in oxygen
carrier conversion as shown in Fig. 10. The graph was obtained
assuming CuO40SiO2 as a carrier, air/fuel ratio of 1.15, and 100%
fuel conversion. Creating an energy sink in the fuel reactor, the solids from the air reactor must be heated up to the fuel reactor operating temperature. Obviously, the larger and colder the incoming
mass, the higher will be the consumption of energy. As can be seen,
DX should be higher than 0.64 while maintaining a temperature
difference of 100  C between the reactors, as otherwise, an
unwanted situation in which the fuel reactor requires heating
instead of cooling would occur. However, rather long solids residence times are needed to reach such high conversion differences,
and arrangements of some kind will most likely be necessary. The
extraction of heat from the air reactor can be handled without any
major difﬁculties.
The heat balance in the system would be positively affected if
an indirect heat exchanger is added between the solid streams.
By transferring heat to the low-temperature particles before they
enter the fuel reactor, a smaller amount of energy will be consumed inside the reactor. Ideally, the streams leave the heat
exchanger unmixed and at the same temperature. In practice, the
realization of such a heat exchanger is challenging, and there is a
lack of operational experience from large-scale applications. For
demonstration, however, the oxygen carrier streams are assumed
to go through a solid–solid heat exchanger placed between the
reactors. Assuming that both streams have the same thermal
capacitance, the temperatures of the solids entering the air and
fuel reactors are given by

T AR;in ¼ T FR;out  EðT FR;out  T AR;out Þ

ð32Þ

and

T FR;in ¼ T AR;out þ EðT FR;out  T AR;out Þ

ð33Þ

where E is the effectiveness of the heat exchanger. Using these temperatures, the amount of heat transferred between the streams can
be calculated.
With regard to the heat integration, a situation in which the fuel
reactor requires heating instead of cooling is not allowed. To meet

the given condition, a minimum change in the oxygen carrier conversion can be determined. Fig. 11 shows DX min as a function of the
effectiveness of the solid–solid heat exchanger and the temperature difference between the reactors. In addition, the effect of the
oxygen carrier composition is taken into account by considering
two carriers: one with 40 wt% and another with 60 wt% of active
CuO. For an exact value of DX min in the graph, the heat transfer
associated with the fuel reactor is zero, whereas a higher value
ensures that heat can be withdrawn from the reactor. The results
show that a lower oxygen carrier conversion is necessary with
the utilization of the heat exchanger, meaning that a higher solids
circulation rate would be tolerated. However, the use of a heat
exchanger may be justiﬁed only when the temperature difference
between the reactors is high enough, as at low DT, it becomes
rather ineffective. A greater beneﬁt will be gained by increasing
the amount of CuO in the oxygen carrier. In any case, the oxygen
carrier conversion should be maximized for minimizing the circulating mass in the system, and as proposed in Section 3.2, the mean
residence time of solids in a reactor and thus the conversion could
be increased by external solids recycling. Considering a realistic DX
value in the range of 0.2–0.4, a maximum temperature difference
of 50  C between the reactors seems feasible when using CuObased oxygen carriers. Such a conclusion is also presented in the
work of Sahir et al. [37].
A fraction of the fuel reactor exhaust gas must be recirculated
back to the reactor to ﬂuidize the solids. The recirculation ratio
of gas on a wet basis, that is, without the condensation of the water
vapor, is deﬁned as

/gas ¼

_ rec
m
_ fg
m

ð34Þ

_ rec is the ﬂow of recycled ﬂue gas and m
_ fg is the total ﬂow of
where m
combustion gases. The previous calculations were conducted with a
value of /gas ¼ 0:4 and the recirculation gas was assumed uncooled.
In practice, however, ﬂue gas fans cannot withstand such high temperatures, and cooling of the gas is required. The extraction of heat
from the recirculation gas results in a lower heat input to the reactor system and decreased rate of direct cooling. The temperature of
the gas should be kept above the condensation (dew point) temperature determined by water vapor partial pressure. In conventional
combustion, a practical range of condensation temperature is 40–
55 °C [38], whereas in CLOU, the ﬂue gas from the combustion step
is not diluted by nitrogen resulting in a higher partial pressure of
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Fig. 10. Cooling duty of the reactors plotted for different reactor temperatures vs.
the change in conversion determining the solids circulation rate.
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water vapor, and condensation temperatures up to 70  C are thus
possible. Assuming a /gas value of 0.5 and a recirculation gas temperature of 100  C after the extraction of heat, the rate at which
the reactor walls must be cooled decreases by about 9%.
All the heat from the fuel combustion cannot be withdrawn
directly from the reactor system, and quite a signiﬁcant amount
must be recovered from exhaust gases by passing them through
heat exchangers installed after the reactors. Using a typical air/fuel
ratio of 1.15, the enthalpy ﬂow within the ﬂue gases was calculated
and plotted in Fig. 12 as a function of the reactor temperature.
Obviously, a higher air/fuel ratio would increase the gas ﬂux and
thus the enthalpy ﬂow at the reactor outlets. The sensible heat
within the ﬂue gases can be utilized in steam superheating and
reheating, as well as in air and water preheating steps in a steam
power plant [10].
3.5. Exergetic efﬁciency
All combustion-based energy conversion systems involve inherent thermodynamic irreversibilities which limit the conversion of
fuel energy into work. In chemical looping processes (CLC, CLOU),
the oxidation and reduction reactions are constrained to separate
stages in a way in which the irreversibilities generated upon the
combustion of fuel are reduced compared to conventional combustion, and a higher efﬁciency can be reached [39,40].
The exergy of a system is deﬁned as its work potential in relation to a prescribed reference environment [41]. The total exergy
output for the CLOU system can be divided into two components:
exergy associated with the heat transferred from the system and
exergy in the exhaust gases. Considering the former, work can be
extracted by means of a heat engine. Assuming isothermal combustion, the maximum extractable work, W max , at temperature T
is limited by the Carnot efﬁciency and given by



T0
W max ¼ DH 1 
T

ð35Þ

where DH is the enthalpy change associated with the reaction.
For a fuel-oxygen carrier pair with exothermic oxidation and
reduction reactions, two Carnot engines operating between each
reactor and the ambient are needed to maximize the work extraction. Thus, the following expression for the total work is obtained
[40]:





T0
T0
 DHred 1 
W ¼ DHoxd 1 
T oxd
T red


DHoxd DHred
¼ DH þ T 0
þ
T oxd
T red

where the subscripts ‘oxd’ and ‘red’ refer to oxidation and reduction
stages, respectively. Given that DHoxd < 0 and DHred < 0; DH equals
DHoxd þ DHred . It can be noticed that the work output increases with
an increase in either air or fuel reactor temperature. In addition,
work can be extracted from hot ﬂue gases when cooled down to
ambient conditions. For this, the maximum amount of work is limited by thermodynamic exergy, which as well is dependent on the
temperature. Calculated for different combinations of reactor temperatures, the exergetic efﬁciency of the studied system is shown
in Fig. 13. The results indicate only a small variation in the efﬁciency which is due to the narrow temperature window. The overall
exergy destruction rate in the system is approximately one third of
the incoming fuel exergy.
Irreversibilities in the combustion process are attributed to
entropy generation associated with various combustion subprocesses. The global rate of entropy production consists of the following components: reactant diffusion, reaction (fuel oxidation),
internal thermal energy exchange, and product mixing. Of these,
the energy exchange within the reactor, characterized by heat
transfer between products and reactants, contributes most (up to
75%) [42]. Prior to combustion, the reactants must be heated up
to the reaction temperature. This heat exchange is driven by a temperature difference between the products and reactants, and the
higher the gradient, the higher the generation of entropy and loss
of exergy. Thus, in theory, the most efﬁcient process is achievable
under isothermal conditions without temperature gradients of any
kind.
In CLOU it would be advantageous to maintain a temperature
difference as high as possible between the reactors to maximize
the oxygen carrier conversion and thus the amount of gas-phase
oxygen available for combustion. Furthermore, large masses need
to be transported between the reactors, and as a result, intrareactor
temperature gradients will occur. Therefore, isothermal operation
cannot be achieved and exergy will be lost. This implies that the
utilization of a solid–solid heat exchanger as described in Section
3.4 could help to reduce the overall exergy losses while equalizing
the temperature gradients in the system. Based on the calculations,
the heat exchanger was found to become more beneﬁcial with the
increasing temperature difference. However, the temperature

40

65.5

TFR =900 °C

35

TFR =925 °C

AR
30

Exergetic efficiency [%]

Sensible heat in flue gas, % of fuel input

ð36Þ

25
20

FR

15
10

TFR =950 °C
65

64.5

5
0
825

850

875

900

925

950

975

Temperature [°C]
Fig. 12. Sensible heat within the ﬂue gases leaving the reactors. The air/fuel ratio
was set to 1.15.

64
840

850

860

870

880

890

900

910

Air reactor temperature [ °C]
Fig. 13. Exergetic efﬁciency of the system for different combinations of reactor
temperatures. The air/fuel ratio was set to 1.15.

P. Peltola et al. / Energy Conversion and Management 87 (2014) 483–494

66
φgas=0.20
φgas=0.35

Exergetic efficiency [%]

65.5

φgas=0.50

65

64.5

64

63.5

63

0

200

400

600

800

1000

Recirculation gas temperature [ ° C]
Fig. 14. Exergetic efﬁciency plotted for different gas recirculation rates and
temperatures. The air and fuel reactor temperatures were 900  C and 950  C,
respectively.

range considered feasible for the process is rather moderate, and
for the maximum DT of 100  C, an efﬁciency increment of only
0.3–0.6 %-points was obtained assuming a heat exchanger effectiveness of 0.4–0.8.
To ensure ﬂuidization in the fuel reactor, a sufﬁcient amount of
the exhaust gas must be recycled. Illustrated in Fig. 14, the overall
efﬁciency increases with the increasing gas recirculation ratio. On
the other hand, some exergy losses related to heat transfer must
be accounted for mandatory cooling of the gas due to the limited
thermal durability of the recycling system. To minimize these
losses, heat transfer should occur over a small temperature gradient, and hence, the higher the recirculation gas temperature, the
better.
Gas ﬂux and thus the ﬂow of energy and exergy from the air
reactor increases with the increasing air/fuel ratio. Consequently,
less heat should be withdrawn directly from the reactor to maintain a constant temperature, and even though the amount of exergy at the gas outlet would be higher, it cannot compensate the
reduction of work potential related to heat extraction. Therefore,
the supply of excess air results in a decrease in exergetic efﬁciency.
With air and fuel reactor temperatures of 900  C and 950  C,
respectively, an exergetic efﬁciency of 0.66 was calculated for
k ¼ 1. A higher k value of 2.5 resulted in an efﬁciency drop of about
8%-points.
A substantial improvement in the exergetic efﬁciency is obtainable via air preheating, as an increase in the air inlet temperature
results in higher energy input, which in turn provides more process
heat and work potential. For k ¼ 1:15; T AR ¼ 900  C; T FR ¼ 950  C,
and air preheat temperatures between 100 and 500 °C, the exergetic efﬁciency was found in the range 0.66–0.72. An important feature of the CLOU process is the generation of two separate
exhaust gas streams, both containing heat which can be utilized
in various stages in a power plant to improve the overall efﬁciency
[10,40].

4. Conclusions
The operation of a CLOU system with CuO-based oxygen carrier
was characterized via mass, energy, and exergy balance analysis.
Various design and operational parameters were evaluated, and
as a result, the range of suitable operating conditions was determined. The main ﬁndings have been summarized below:
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 The performance of a dynamic reactor system of two interacting
circulating ﬂuidized beds is greatly inﬂuenced by the hydrodynamics. Using a CuO-based oxygen carrier with a sufﬁcient
amount (40–60 wt%) of active material, the hydrodynamic
operating range was found feasible and the maximum circulation rates in current CFB boilers will not be exceeded.
 With respect to the overall heat balance in the system, the maximum temperature difference which can be maintained
between the reactors is given by the solid circulation rate. The
low-temperature oxygen carrier stream from the air reactor
must be heated up to the fuel reactor operating temperature,
which, if requiring too much energy, may lead to negative heat
balance. Therefore, assuming a realistic DX value to be in the
range of 0.2–0.4, a temperature difference up to 50  C between
the reactors seems feasible for CuO-based carriers.
 By applying the kinetics determined for the CuO40SiO2 oxygen
carrier, minimum inventories of 400–680 kg/MWf in the system
were found necessary for stoichiometric combustion of the fuel.
 The effect of different operating parameters on the performance
of the system was evaluated. Exergetic efﬁciencies in the range
of 0.63–0.70 were obtained for different combinations of the
parameters. Thus, the overall exergy destruction rate in the system was about one third of the incoming fuel exergy with both
reactors contributing approximately to the same degree.
It became evident that the possible operating conditions in the
system are closely related to the properties of the chosen oxygen
carrier. However, the calculation procedure and design criteria presented here are applicable to any oxygen carrier to be used in the
process, and the work provides a solid premise for future CLOU
studies requiring utilization of more detailed and comprehensive
models.
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Abstract
Solid fuel combustion via chemical looping with oxygen uncoupling (CLOU) represents a novel route for CO2 capture
with a minimized energy penalty. An essential part of the viability of a CLOU system is based on the behavior of the
fuel reactor, which determines the conversion of the solid fuel. This paper presents a 1D fluidized bed model capable of
describing the operation of the fuel reactor involved in CLOU. The model considers the physical phenomena relevant to
CLOU, such as oxygen carrier decomposition, combustion of coal with molecular oxygen, fluidized bed hydrodynamics,
and transfer of heat within the reactor. The performance of a hypotetical CLOU fuel reactor fed by bituminous coal
and TiO2 -supported CuO oxygen carrier was evaluated by means of modelling. A reference case was defined and
simulated, after which the effect of various process parameters on the results was assessed by parameter variations. For
the reference case conditions with a temperature of 960 ◦ C and solids inventory of 400 kg/MWth in the reactor, a CO2
capture efficiency of approximately 90% was predicted without the utilization of a carbon separation system. A CO2
capture efficiency of 95% could be reached by optimizing the operating conditions. It was also shown that when using
low reactive coals, a carbon separation system should be utilized to obtain a feasible CO2 capture rate. Overall, the
model predictions appeared to be in agreement with the results presented in the literature.
Keywords: chemical looping with oxygen uncoupling (CLOU), CO2 capture, fuel reactor, process modelling, oxygen
carrier, simulation

1. Introduction
Effective control and limiting of carbon dioxide (CO2 )
emissions in energy production are major challenges of science today. Several different methods to avoid, separate,
and store CO2 from fossil fuel-fired power plants have been
presented. In these processes, a large share of the produced
energy is consumed in CO2 separation and compression,
and as a result, a relatively low overall efficiency is obtained [1]. Therefore, current research activities include
the development of new low-cost carbon capture technologies.
Among the proposed concepts, chemical looping combustion (CLC) has attracted significant attention allowing intrinsic separation of pure CO2 from a hydrocarbon
fuel combustion process with comparatively small energy
penalty. In CLC, gaseous fuels are preferred, as in the
case of solid fuel like coal or biomass, an intermediate fuel
gasification step would be needed [2]. The majority of
the CLC research during the past decade has focused on
systems fuelled with methane, natural gas, and syngas [3].
An advanced form of CLC, chemical looping with oxygen uncoupling (CLOU), is particularly suitable for solid
fuels [4]. A CLOU scheme as illustrated in Fig. 1 com∗ Corresponding
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prises two interconnected fluidized bed reactors, an oxidizer (air reactor) and a reducer (fuel reactor) with a
solid metal oxide called oxygen carrier circulating between
them. The oxygen carrier particles with special redox
properties react with oxygen in the air reactor according
to Eq. (1) and then spontaneously release this oxygen in
the fuel reactor through decomposition, that is, the reverse
of Eq. (1). This way, the released gas-phase oxygen reacts
directly with the solid fuel via normal combustion, and the
slow gasification step of the char is avoided. Air is never
mixed with the fuel; thus the CO2 in the flue gas does not
become diluted by nitrogen. As a result, the exhaust gas
from the fuel reactor consists mainly of CO2 and water
vapor, and an almost pure stream of CO2 can be obtained
with minor losses of energy caused by the condensation of
the water vapor. The heat release over the air and fuel
reactors is the same as for conventional combustion.
2Me + O2 ↔ 2MeO

(1)

If the solid fuel is not fully combusted in the fuel reactor, the exiting oxygen carrier stream will contain a small
amount of unreacted char particles. This is not desirable,
as the combustion of carbon in the air reactor would reduce
the carbon capture efficiency due to the presence of CO
and CO2 at the air reactor gas outlet [5]. To enhance the
overall carbon capture, a carbon separation unit, namely
carbon stripper, could be implemented between the reacSeptember 16, 2014

O2-depleted air

hydrodynamics of a fluidized bed cannot be found in the
literature.
Conversion of coal in the fuel reactor is an essential factor as it determines the combustion and carbon capture efficiencies and thus the overall performance of the process.
In order to obtain high coal conversion, it is important
to gain understanding on the basic relations between the
relevant design and operating parameters. Therefore, the
modelling of the fuel reactor would be helpful for successful
development of the process. In this work, a 1D fluidized
bed model for a CLOU fuel reactor is developed. The reactor is operated at a high-velocity regime and fed by bituminous coal with TiO2 -supported CuO oxygen carrier.
The model considers the oxygen release and coal combustion reactions, fluidized bed hydrodynamics, and transfer
of heat in the reactor. A reference case is defined and simulated, after which the effect of various process parameters
on the results is assessed by parameter variations. As a result, the operation of a CLOU fuel reactor is characterized
and the viability of the process under different operating
conditions is evaluated.

Flue gas
MeO/Me

Me/MeO
+ Char

Char
(+ Me/MeO)
Air reactor

Air

Me/MeO
Carbon
(+ Char)
stripper

Coal
Steam or FR recirculation gas

Fuel reactor

Flue gas recirculation

Fig. 1: Schematics of a CLOU reactor system.

tors as shown in Fig. 1 [6]. In the carbon stripper, the char
is separated from the oxygen carrier and sent back to the
fuel reactor. It is noted, that very high char conversions
of 95% and above have been reported for CLOU experiments [5, 7], and in such cases, the addition of an extra
unit complicating the process and increasing the costs may
be avoided. Nevertheless, values somewhat lower could be
obtained if less reactive fuels were used, and hence, the
carbon stripper is taken into consideration in this work.
The possible metal oxides that have a suitable equilibrium partial pressure of oxygen and thus the property
of releasing molecular oxygen at temperatures of interest
for combustion (800–1200 ◦ C) are limited. Three such
metal oxide systems have been identified: CuO/Cu2 O,
Mn2 O3 /Mn3 O4 , and Co3 O4 /CoO [4]. Copper oxide is
a promising candidate, and it has received a lot of attention because of its high reactivity, high oxygen transport capacity, and absence of thermodynamic limitation
for complete combustion of hydrocarbon fuels. In addition to monometallic oxides, a number of combined oxides
[8, 9] and perovskites [10, 11] have been proposed. The
thermodynamic aspects of CLOU with respect to different
oxygen carrier materials have been thoroughly discussed
in recent review articles by Mattison [12] and Imtiaz et
al. [13]. Additionally, the articles give an overview of the
experimental research conducted on the process.
Only a few works related to the modelling and simulation of CLOU have been presented. Zhou et al. [14]
and Sahir et al. [15] have constructed Aspen Plus process models to generate material and energy balances for
a CLOU reactor system. The reaction scheme in these
models is simplified, and the chemical kinetics have not
been modelled in detail. In a fluidized bed fuel reactor
model by Kramp et al. [16], kinetic models for the oxygen release and char combustion were incorporated. The
complex fluid dynamics existing in a fluidized bed was not
considered, as the reactor was assumed in perfect mixing
for solids and gases. At the moment, a model considering
both the detailed CLOU reaction kinetics and complex

2. Fuel reactor model
A fundamental part of the reliability of a CLOU system
is based on the fuel reactor behavior. Hence, the focus
of this work is set on the proper modelling of the fuel
reactor. The fuel reactor model being developed here is
based on a 1D fluidized bed model frame applicable for
high-temperature solid looping processes [17, 18]. In order
to simulate CLOU, the existing model frame is modified
and appropriate descriptions for the relevant process phenomena are included. The new features of the model are
presented in the following subsections.
2.1. General description of the model frame
A comprehensive 1D dual fluidized bed model frame to
investigate gaseous fuel CLC has been presented previously [17, 19]. The model is based on the conservation
of mass and energy, and semi-empirical correlations are
used for the calculation of hydrodynamics, reaction kinetics, and heat transfer. Additional submodels consider the
core-annulus type of solids flow and the dispersion of energy due to the turbulent motion of solids in the reactors. The model is implemented in Matlab/Simulink environment, where different process modules are linked together forming a flow chart for the main process. Steady
state conditions with different input values are reached
after solving a set of time-dependent equations by using
Simulink’s ODE solver. The main outputs of the model
are the global solids circulation rate, the conversion of the
carrier and the gas composition at the reactor exit, the
vertical profiles of temperature, reaction rates and gas concentrations, and the distribution of solids in the reactors.
2

2.2. Oxygen release
In CLOU, both the oxidation of Cu2 O and reduction
(decomposition) of CuO are affected by a thermodynamic
”driving force”, that is, the difference between the equilibrium partial pressure and the actual partial pressure of
oxygen [20, 21]. For the CuO/Cu2 O redox pair, the equilibrium pressure, pO2 ,eq is calculated from thermodynamic
data based on the values of Gibbs free energy for CuO,
Cu2 O, and O2 at various temperatures, and the following
correlation is obtained [22]:
"
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=

4

3
1000
1000
+ 47.54
T
T
#

2


1000
1000
−86.30
+ 48.45
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exp −9.383

(2)
where T is in units of degrees Celcius. The resulting equilibrium curve is shown in Fig. 2. Considering only the
oxygen coupling and uncoupling behavior, it would advantageous to have a high temperature in the fuel reactor and a low temperature in the air reactor. However,
the thermal design of a CLOU system is not completely
straightforward, and some important aspects need to be
taken into account as discussed by Peltola et al. [23].

Table 1: Kinetic model for the release of oxygen [21].

Item
f (X)
f (pO2 ,eq )
f (T )
A
E
β
Ru

Value
XOC
β
(pO2 ,eq − pO2
)
Aexp − REu T
4.15 × 10−4
67 × 103
1.0
8.314

Unit
atm
1/(atm s)
1/(atm s)
J/mol
J/(mol K)

As illustrated in Fig. 3, the oxygen carrier consists of
three components: CuO, Cu2 O, and inert TiO2 . The conversion of the carrier, XOC , is defined through the mass of
oxidized phase (CuO) in solids:

0.25
O2 equilibrium partial pressure [atm]

where the effect of the oxygen partial pressure is taken into
account by an equilibrium limitation function f (pO2 ,eq ),
while a conversion function f (X) considers the reaction
mechanism and geometrical change in solid as the reaction proceeds. Further, f (T ) expresses an Arrhenius-type
dependency on temperature.
The oxygen release model applied here is based on the
work of Clayton et al. [21]. The authors investigated the
chemical mechanisms associated with the decomposition
of CuO, and after determining the influence of different
factors, a kinetic expression following the form of Eq. (3)
was derived. The model and rate constants determined for
an oxygen carrier consisting of 50 wt% of CuO/Cu2 O and
50 wt% of supporting TiO2 are given in Table 1.

moxd
(4)
moxd + mred
where moxd and mred are the masses of fully oxidized and
reduced particles, respectively.
XOC =
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Fig. 2: Equilibrium partial pressure of oxygen over the CuO/Cu2 O
system.

In the fuel reactor, the oxygen carrier will release oxygen
until equilibrium is reached. In addition to the thermodynamic driving force, the rate of oxygen release is affected
by several physical factors, and the description of the carrier conversion becomes rather complex [24, 25]. The rate
equation can be expressed in the following general form
[21]:
roxd = f (T )f (X)f (pO2 ,eq )

inert phase (TiO2)
(1-X)
Cu2O

Fig. 3: Oxygen carrier components: CuO, Cu2 O, and inert TiO2 .

2.3. Coal combustion
The decomposition of the oxygen carrier is followed by
normal combustion. The solid fuel is divided into char,
volatile matter, moisture, and ash by proximate analysis.
Drying of the fuel is assumed to follow a predefined evaporation profile. The moisture from the fuel is added to

(3)
3

the H2 O gas profile, and the corresponding latent heat is
removed from the energy balance. The devolatilization of
the fuel is assumed to occur parallel to evaporation, and
the release rate of volatiles is based on a time constant
dependent on the fuel properties and given as model input
[26]. For the char, a vertical density profile is defined based
on the hydrodynamic model described elsewhere [17]. The
base elements H, N, and S in the fuel are divided between
the char and volatiles by empirical correlations as proposed
by Myöhänen [26]:


[H]
[H]char
= 0.52exp −33
(5)
[H]
[C]
[N]char
0.6
= 0.088wchar,daf
[N]
[S]char
0.2
= 0.14wchar,daf
[S]





[N]
[C]

[H]
[C]

(6)

(7)

where [i]char is the mass fraction of element i in char and
[i] is the total mass fraction of element i in fuel. Further,
wchar,daf is the mass fraction of char in dry, ash free fuel.
All the oxygen in the fuel is assumed to be released within
volatiles, and hence, the char carbon can be calculated
through the following mass balance:

where ṁfuel is the fuel input rate, wH2 O is the mass fraction
of moisture in the fuel, and wchar is the mass fraction of
char in dry fuel.
For homogeneous volatile combustion reactions, a general rate equation suggested by de-Souza Santos [28] is
applied:

(8)

l
m
n
rgas,a = kgas,a Cgas,a
Cgas,b
CO
mgas,tot
2

(9)

(10)

(11)

1
CO + O2 → CO2
2

(18)

CH4 + 2O2 → CO2 + 2H2 O

(19)

C2 H4 + 3O2 → 2CO2 + 3H2 O

(20)

3
H2 S + O2 → SO2 + H2 O
2

(21)

1
H2 + O 2 → H2 O
2

(22)

5
3
NH3 + O2 → NO + H2 O
(23)
4
2
Kinetic parameters for these reactions have been obtained
from various sources [29, 30, 31, 32, 33]. The reactionrelated source/sink terms for the respective gas species are
included in the reactor gas balance.

where dp,char is the average char particle size, ρp,char is the
particle density, and T is the particle temperature. The
following char combustion reactions are considered:
1
N + O2 → NO
2

(17)

where kgas,a is the kinetic coefficient and
the conm
centration of the reacting gas. Cgas,b
is the concentration
n
of possible catalyst, CO
is the concentration of molar oxy2
gen, and T stands for temperature. The following volatile
combustion reactions are taken into account:

where pO2 ,eff is the actual partial pressure of oxygen and
θ is the char-oxygen contact coefficient. For the latter, a
value of θ = 0.57 is used. The reaction order with respect
to oxygen concentration is set to n = 1.0. The kinetic
coefficient, kchar , for bituminous coal is calculated by


10300
6
2.092 exp −
dp,char ρp,char
Tp,char

1
T

l
Cgas,a

where pO2 ,eff is the effective partial pressure of oxygen taking into account the imperfect char-oxygen contact in fluidized bed conditions, defined as

kchar =

(14)

n
X
dmchar
= ṁfuel (1 − wH2 O ) wchar −
mchar,i rchar,i (16)
dt
i=1

The combustion of char is considered to be kinetically
controlled only, and the mass transfer effects have been neglected. In addition, char particles are assumed spherical
and homogeneous without a temperature gradient. The
rate expression for heterogeneous char combustion in fluidized bed is obtained from the work of Basu [27]:

pO2 ,eff = θpO2

1
1
H + O 2 → H2 O
4
2

The parameter γchar with a user-given value (0...1) determines the ratio between CO and CO2 yielding from the
combustion of char. A NOX model is not included, and all
the nitrogen in the char is converted into NO. The sulfur
is assumed to combust to SO2 , whereas in real conditions,
small amounts of other sulfur compounds such as SO3 , SO,
and S2 O may exist as well. The reactor is divided vertically into n control volumes; thus the overall char mass
balance can be written as

−0.6

rchar = kchar pnO2 ,eff

(13)



1
C + 1 − γchar O2 → γchar CO + (1 − γchar ) CO2 (15)
2

−0.6

[C]char = 1 − [S]char − [N]char − [H]char

S + O2 → SO2

(12)
4

In order to derive the temperature of element i, the following energy equation must be solved:
X
X
dUi
= ∆Econv,i + ∆Edisp,i +
Sy,i −
Qx,i
dt
y
x

the hydrodynamic model applied in the current work has
been derived for Geldart type B particles [35]. Therefore,
a larger particle size of 100 microns is considered for the
simulations. It should be noted though, that the reaction
behavior and thus the reactivity of such particles could be
somewhat different from what was observed for the smaller
particles in the experiments. The total oxygen carrier mass
in the reactor is 200 t (400 kg/MWf ).

(24)

where ∆Econv , ∆Edisp , S, and Q represent the convective
heat flows of solids and gas mixture, the energy dispersion
caused by the mixing of solids by turbulence, the energy
source or sink by chemical reactions, and the heat transfer
to internal heat exchangers, respectively [17]. The term
affiliated with chemical reactions is updated as follows:

Table 2: Properties of bituminous coal used in simulations.

Fuel property
Proximate analysis (wt%)
Char
Volatiles
X
X
X
Sy = rchar
(−∆Hchar,j wchar,j ) +
(−∆Hgas,a rgas,a ) Moisture
.
y
a
j
Ash
−roxd ∆Hoxd
(25)Ultimate analysis (wt%)
C
H
where −∆Hchar,j , −∆Hgas,a , and ∆Hoxd represent the
S
reaction enthalpies of heterogeneous reaction j, homogeN
neous reaction a, and oxygen carrier decomposition, reO
spectively.
LHV,wet (MJ/kg)
Average char particle diameter (mm)
Average char density (kg/m3 )

2.4. Carbon separation system
The oxygen carrier stream leaving the fuel reactor may
contain unconverted char particles. In order to prevent
the char from reaching the air reactor, an intermediate
carbon stripper unit can be installed between the air and
the fuel reactor [6, 34]. The carbon stripper is operated as
a bubbling fluidized bed, in which the char particles are
separated from the oxygen carrier particles through their
differences in fluidization properties. Via proper design
of the carbon stripper and by controlling the gas velocity, lighter char particles will be selectively elutriated and
recirculated back to the fuel reactor.
The process occurring in the carbon stripper is not modelled in this work, but the effect of char separation on the
fuel reactor performance is taken into account by an efficiency parameter determining the fraction of recirculated
char.

56
27
7
10

79.4
4.1
1.6
0.9
14
25.16
0.5
1000

The fuel reactor is designed as a circulating fluidized
bed (CFB). Compared to other configurations, this design
has a lot advantages [19]. To maximize the fuel conversion, the reactor is operated in a fast fluidization mode,
which allows gas-solids contact over the whole height of
the reactor [36]. The transition from turbulent fluidization to fast fluidization is characterized by significant entrainment of solids from the dense bed, and by calculating
a so-called transport velocity from an experimental correlation, a minimum value for the fluidization velocity can
be determined [19]. Based on the physical properties of
the oxygen carrier particles and considering recycled fuel
reactor off-gas as the fluidizing agent, a transport velocity
of 4.4 m/s is calculated. Thus, a gas velocity of 5 m/s is
assumed for the design conditions.
The cross-sectional area of the freeboard is 121 m2 ,
which gives an average heat release rate of 4.1 MW/m2 .
Generally in commercially operated CFB boilers, the heat
release rate is in the order of 3–4.5 MW/m2 [27]. Instead
of air as usual, a CLOU fuel reactor is fluidized by partially recycled flue gas. The recirculation ratio of gas on a
wet basis is defined as

3. Simulation case
In this section, the simulation case and the base-case
operating conditions are presented. Bituminous coal is
used as fuel, and the fuel input is set to 19.8 kg/s, which
corresponds to 500 MWth (LHV). The properties of the
fuel are given in Table 2. The oxygen carrier is a 50:50
mixture of copper oxide (CuO/Cu2 O) and inert titania
(TiO2 ), in which the latter is used as a strengthening
binder. The oxygen release characteristics of the carrier
are described in Section 2.2. The reaction rate constants
have been determined for particles with an average diameter of 41 microns and apparent density of 4650 kg/m3 [21].
Such properties represent Geldart type A particles, whilst

φg =

ṁrec
ṁFR,out

(26)

where ṁrec is the flow of recirculated gases and ṁFR,out is
the flow of gases exiting the fuel reactor. When determining the recirculation ratio, the evolvement of combustion
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gases along the reactor height should be taken into account. In order to keep the gas velocity constant all the
way through, a sloped bottom section is required. Hence,
the grid has a smaller cross-sectional area of 84 m2 . For
the given geometry, the desired gas velocity (5 m/s) is
obtained with a recirculation gas mass flow of 168 kg/s,
corresponding to φg ≈ 0.77. The gas is cooled down to
450 ◦ C before introducing it into the reactor. Assuming a
10-m-high refractory at the bottom, a total reactor height
of 35 m is considered for appropriate solids residence time,
given that the particle separator and return systems have
space enough to be located on the side wall. The height
of the sloped section is 14 m.
The operating temperature in the fuel reactor is an important parameter as the oxygen concentration at the equilibrium condition and thus the thermodynamic driving
force for the process is highly dependent on temperature
[23]. Shown by experiments, a high temperature in the
fuel reactor results in a high degree of char conversion.
For example, Abad et al. [5], using a CuO-based oxygen
carrier, obtained a char conversion of 99% at 960 ◦ C, and
that of only 96% at 900 ◦ C. Thus, it is decided to operate
the fuel reactor at 960 ◦ C.
It is assumed that all oxygen carrier is fully oxidized
in the air reactor. This assumption can be justified by
the very high oxidation rates measured for copper-based
oxygen carriers [24, 37]. With respect to the overall heat
balance in the system, an energy differential represented
by a temperature difference of 15 ◦ C between the reactors
should be within a practical range of operation [15, 23].
Thus, the solids enter the fuel reactor at XOC = 1 and
T = 945 ◦ C. The input mass flow rate is set equal to
the oxygen carrier stream leaving the reactor. The main
desing and operating parameters are summarized in Table
3.

Table 3: Main design and operating parameters.

Parameter
Fuel reactor
Fuel input
Total height
Sloped section height
Elevation to outflow channel
Freeboard cross-sectional area
Grid cross-sectional area
Oxygen carrier inventory
Gas velocity
Temperature

Value

Unit

19.8
35
14
33.3
121
84
400
5.0
960

kg/s
m
m
m
m2
m2
kg/MWf
m/s
◦
C

Flue gas recirculation
Mass flow
Input temperature

168
450

◦

Oxygen carrier
Active phase
Inert phase
CuO/Cu2 O content
Apparent density
Particle size

CuO/Cu2 O
TiO2
50
4650
0.1

wt%
kg/m3
mm

Solids into fuel reactor
Degree of oxidation
Temperature

1
945

◦

Xchar = 1 −

ṁchar,AR
ṁchar,in

kg/s
C

C

(28)

where ṁchar,in is the flow of char within the fuel and
ṁchar,AR is the flow of char escaping to the air reactor.
From now on, the two parameters, namely char conversion
and CO2 capture efficiency, will be referred to as ”performance parameters”.

4. Results and discussion
The developed 1D fluidized bed model is used to predict
the performance of a hypothetical CLOU fuel reactor. At
first, a reference case is defined and simulated, after which
the effect of relevant process parameters on the results is
assessed by parameter variations. The following parameters are considered as variables: (1) fuel reactor temperature, (2) solids inventory, (3) solids circulation rate, and
(4) coal reactivity. Furthermore, the effect of a carbon
separation system on the fuel reactor performance is evaluated.
The performance of the CLOU process can be evaluated
by determining the CO2 capture efficiency, which considers the physical removal of CO2 that would be otherwise
emitted into the atmosphere. It is defined as [38]


[C]char
(1 − Xchar )
(27)
ηcc = 1 −
[C]
where Xchar is the conversion of char in the fuel reactor,
calculated by

4.1. Reference case
The main results from the reference case simulation are
summarized in Table 4. With the design and operating parameters presented in Table 3, a char conversion of 84.7%
is obtained. Carbon stripper is not included in the reference case configuration; thus the leftover char escapes
to the air reactor. The char will burn in the air reactor,
but the carbon at the air reactor outlet cannot be captured. Consequently, a carbon capture efficiency of 89.2%
is reached.
The vertical density profiles of both the oxygen carrier
and the char are modelled continuous from the reactor bottom to the reactor top as shown in Fig. 4. The profiles
appear typical for the fast fluidization regime, as there is
no noticeable boundary between the dense and lean regions after a short entry zone at the bottom. At the top
of the reactor, an oxygen carrier concentration of about
6

35

Table 4: Main results from the reference case simulation.

Value
84.7
89.2
10.2
34.0
31.7
0.223
960
23.9
217.2
12.2
136
16.1

Unit
%
%
%OC /min
kg/s
kg/s
◦
C
MW
kg/s
kg/(m2 s)
s
kPa

30
25
Reactor height (m)

Parameter
Char conversion
CO2 capture efficiency
OC decomposition rate
Total O2 released
Total O2 consumed
Change in OC conversion
Average reactor temperature
Reactor cooling duty
Gas flow at outlet
Solids entrainment flux
Solids residence time
Pressure drop

20
15
10
5
0
2

3

3

6.7 kg/m is estimated. With the given oxygen carrier inventory and gas velocity, a solids entrainment flux of 12.2
kg/(m2 s) is obtained. The flux corresponds to a solid circulation rate of 1474 kg/s and results in a solid conversion
difference of ∆XOC = 0.223 between the air and the fuel
reactor. The average residence time of solids in the reactor
is 136 s. The sloped bottom section of the reactor ensures
a reasonably uniform gas velocity profile as shown in Fig.
5.

7

8

tor. In fact, it can be seen that the oxygen consumption
at the reactor bottom is approximately 5.5 kg/s, whereas
only a little more than 4 kg/s is generated; the rest comes
from the recirculation. Despite the surplus oxygen, a complete conversion of the fuel is not attained because of slow
char combustion kinetics. The majority of the volatiles is
burnt during the first 8 m, after which most of the available oxygen is consumed by char combustion. By observing the profiles, it is clear that the consumption of oxygen
improves the decomposition reaction of the metal oxide
particles.

Oxygen carrier
Char

25
Reactor height (m)

5
6
Gas velocity (m/s)

Fig. 5: Vertical gas velocity profile in the reactor (TFR = 960 ◦ C,
mOC = 400 kg/MWf , ug = 5.0 m/s).
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35
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O sink by char comb.

30

2

O sink by volat. comb.

10

2

Reactor height (m)

25
5
0
0.01

0.1

1
10
Solids density (kg/m3)

100

1000

Total O2 consumption

20
15
10

Fig. 4: Vertical density profiles of solids in the reactor (TFR = 960
mOC = 400 kg/MWf , ug = 5.0 m/s).

◦ C,

5

Fig. 6 shows the oxygen release and consumption profiles. In total, the release rate of oxygen from the oxygen
carrier is 34.0 kg/s, while the combustion of char consumes
20.7 kg/s of oxygen and the combustion of volatiles 11.0
kg/s. Thus, excess oxygen is generated by the rate of
2.3 kg/s, implying that the solids inventory could be reduced. Here, the outlet concentration of oxygen is 5.27
V%, whereas in conventional fluidized bed combustion, it
would be 2%–5%. Nevertheless, most of the oxygen will
remain utilizable since it is recirculated back to the reac-

0
0

1

2
3
4
O reaction rate (kg/s)

5

6

2

Fig. 6: Vertical reaction rate profiles of oxygen in the reactor (TFR =
960 ◦ C, mOC = 400 kg/MWf , ug = 5.0 m/s).

The equilibrium partial pressure of oxygen is detemined
by temperature, and it therefore follows the vertical temperature profile (Fig. 7) in the reactor. The development
7

of both the actual and the equilibrium partial pressure of
oxygen along the reactor height can be seen in Fig. 8. A
rather low equilibrium pressure is observed at the bottom,
which is due to a high temperature gradient resulting from
a heat sink. The heat sink is formed because the oxygen
carrier and the recirculation gas introduced at the bottom must be heated up to the reactor temperature. As
the consumption of oxygen is highest within the bottom
region (see Fig. 6), it is not desirable to have impaired
oxygen release characteristics in that region. The temperature gradient at the reactor bottom could be decreased
by recirculating a fraction of the outgoing hot solids back
into the reactor.

reactor approaches the equilibrium. This is because the
release of oxygen from the oxygen carrier is faster than the
consumption of oxygen by combustion. With respect to
char combustion, a high oxygen concentration is desirable.
Subsequently however, the presence of excess oxygen sets
an equilibrium limitation for the decomposition of CuO
and less oxygen will be generated. In order to balance
these two factors, the amount of solids in the reactor could
be optimized.
The outlet concentrations of different gases are given
in Table 5. Except for minor fractions of H2 and CO,
the volatiles are fully converted into CO2 and H2 O by a
reaction with the oxygen released from the CuO decomposition. Because of the gas recirculation, the main gases
evolve quite steadily along the reactor height as shown in
Fig. 9. It should be noted that the concentration of SO2
in the flue gas becomes high (4973 Vppm), and therefore,
a method to capture the SO2 must be applied.

35
30

35
20

O2

30

N2

15

CO
25
Reactor height (m)

Reactor height (m)

25

10
5
0
930

935

940

945
950
955
Temperature (°C)

960

965

970

20
15
10

Fig. 7: Vertical temperature profile in the reactor (TFR = 960 ◦ C,
mOC = 400 kg/MWf , ug = 5.0 m/s).

5
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Gas concentration (V−%)
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Fig. 9: Gas concentration profiles in the reactor (TFR = 960
mOC = 400 kg/MWf , ug = 5.0 m/s).

70

◦ C,

Reactor height (m)

25
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Table 5: Composition of the flue gas.

Gas
CO2
H2 O
O2
N2
SO2
H2
CO
H2 S
NH3
CH4
C2 H 4
NO

15
10
5
0
0.042

0.044

0.046 0.048
0.05
0.052
O2 partial pressure (atm)

0.054

0.056

Fig. 8: Evolution of the equilibrium partial pressure of oxygen and
the actual partial pressure of oxygen along the reactor height (TFR =
960 ◦ C, mOC = 400 kg/MWf , ug = 5.0 m/s).

As seen in Fig. 8, the partial pressure of oxygen in the

Concentration (V%)
65.15
28.76
5.27
0.31
-

Concentration (Vppm)
4793
142.6
10.7
0.28
0.00
0.00
0.00
0.00

The endothermic release of oxygen in the fuel reactor re8

4.2. Solids inventory in the fuel reactor
Previous CLOU studies have indicated the relevance of
the solids inventory on the fuel reactor performance [7, 16].
An increase of the solids inventory gives an increase of the
bed volume and extends the average solids residence time
in the reactor. The higher the residence time of char particles, the higher the char conversion reached. The residence
time of solids in the fuel reactor, τs,FR , can be determined
by
τs,FR =

ms,FR
ṁs

1

38

0.9

36

0.8

34

0.7

32
Xchar
ηcc

0.6

Total oxygen release (kg/s)

Char conversion (−), CO2 capture eff. (−)

quires 279.6 MWth of energy, while 165.7 MWth is required
to heat the recirculated flue gas from 450 ◦ C to 960 ◦ C.
The degree of oxidation determines the mass of the oxygen
carrier; thus the mass entering the reactor is larger than
the mass leaving the reactor [23]. With the assumed temperature gradient of 15 ◦ C, the heat balance between the
solid streams results in an energy supply of 15.8 MWth into
the reactor. Since 453.4 MWth is obtained from the combustion of coal, 23.9 MWth must be withdrawn directly
from the reactor to maintain the desired temperature.

30

rO2
Ref. case
0.5
0

100

200
300
400
500
600
Oxygen carrier inventory (kg/MWf)

700

28
800

Fig. 10: Char conversion, CO2 capture efficiency, and the total
oxygen release rate plotted for different oxygen carrier inventories
(TFR = 960 ◦ C, ug = 5.0 m/s).

problems could occur due to agglomeration, since metallic
copper with a relatively low melting point of 1085 ◦ C can
be formed in side reactions. However, particle attrition
and agglomeration could be avoided by impregnating the
carrier with feasible support material [40].
Fig. 11 shows the performance parameters as a function
of the fuel reactor temperature. All the time, the temperature of the solids entering the fuel reactor was fixed 15 ◦ C
below the reactor temperature. At the lowest temperature,
TFR = 935 ◦ C, the solid decomposition is highly limited
due to the low oxygen concentration at equilibrium, and a
CO2 capture efficiency of only 81.9% is obtained. For the
CuO/Cu2 O system, it is possible to reach an equilibrium
concentration of 3.05 V% O2 at 935 ◦ C and 8.58 V% O2
at 985 ◦ C. Consequently, the higher temperature in the
reactor resulted in a CO2 capture efficiency of 93.7%.
In order to maintain the desired temperature, a certain amount of heat must be withdrawn from the reactor.
It should be remembered, that the heating of the recirculation gas from 450 ◦ C up to the reactor temperature
consumes available energy, and the higher the temperature, the higher the consumption. At 935 ◦ C, the reactor
cooling duty is 30.9 MW, whereas only 6.3 MW can be
extracted at 985 ◦ C. The temperature also affects the gas
density and thus the velocity at the reactor exit. Correspondingly, the solids circulation rate increases from 11.4
kg/(m2 s) to 13.1 kg/(m2 s).

(29)

where ms,FR is the fuel reactor inventory and ṁs is the
solids circulation rate between the air and fuel reactors.
Here, the latter was not fixed but calculated as a function
of the solids inventory [17].
Fig. 10 shows the char conversion, Xchar , carbon capture efficiency, ηcc , and instantaneous oxygen generation
rate, rO2 , as a function of the fuel reactor inventory.
When the solids hold-up increases from 50 kg/MWf to
750 kg/MWf , the solids circulation rate increased from 2.3
kg/(m2 s) to 20.4 kg/(m2 s) and the residence time from 92
s to 153 s. As a consequence, the carbon capture efficiency increases from 79.3% to 90.5% due to the higher
char conversion. A relatively sharp increase in the performance parameters can be observed until about ms = 100
kg/MWf , after which the beneficial effect of increasing the
inventory becomes less important.
The inventories predicted here are of the same order of
magnitude as the ones reported in the literature. In the
experiments by Abad et al. [5], full conversion of bituminous coal to CO2 was achieved using a solids loading of
240 kg/MWf in the fuel reactor. Adanez-Rubio et al. [7]
found solid loadings up to 490 kg/MWf necessary in the
fuel reactor to reach a 95% of CO2 capture efficiency.
4.3. Temperature in the fuel reactor

4.4. Solids circulation rate
The char conversion and CO2 capture efficiency in the
fuel reactor are dependent on the solids circulation rate,
because the circulation of solids affects (1) the solids residence time and (2) the carbon flow exiting the fuel reactor
[41]. In the current work, the fuel reactor is operated in the
fast fluidization regime for a better utilization of the upper
part of the reactor; the goal is to get a more homogeneous

The operating temperature in the fuel reactor must be
determined with respect to the thermodynamic equilibrium and reaction kinetics. At high temperatures, both
the solid decomposition and the char conversion will be
enhanced [5, 7, 39]. The upper limit for the temperature
is given by the specifc properties of the oxygen carrier, such
as material melting point and tendency towards agglomeration. When using CuO as the oxygen carrier, fluidization
9

experimental results obtained in a continuously operated
CLOU unit with coal [5].
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Fig. 11: The effect of fuel reactor temperature on char conversion
and CO2 capture efficiency (mOC = 400 kg/MWf , ug = 5.0 m/s).
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Fig. 12: The effect of solids circulation rate on char conversion, CO2
capture efficiency, and change in solids conversion (TFR = 960 ◦ C,
mOC = 400 kg/MWf ).

particle distribution over the reactor and thus improve the
gas-solids contact. This way, the char conversion could be
increased [36].
With a fixed solids inventory, the solids circulation rate
is dependent mainly on the superficial gas velocity, which
determines the entrainment of particles from the dense
bed. Thus, in order to evaluate the effect of the solids
flow, the gas velocity in the reactor is varied between 4.4
m/s and 5.5 m/s. The lower limit of the velocity range
is set by the transport velocity as defined in Section 3.
For such velocity, a recirculation gas mass flow of 130 kg/s
(φg = 0.72) is required. The upper limit is determined
based on the calculation of the fuel reactor energy balance. The gas recirculation rate necessary for ug = 5.5
m/s is 191 kg/s (φg = 0.79), and because a lot of energy is
required to heat the gas up to the operating temperature,
no heat can be withdrawn directly from the reactor. In
order to obtain any higher gas velocity, the reactor would
require heating instead of cooling, which obviously is not
desirable. At ug = 4.4 m/s, the reactor cooling duty was
found 61.5 MW.
The solids circulation rate increases from 9.5 kg/(m2 s)
at ug = 4.4 m/s to 15.5 kg/(m2 s) at ug = 5.5 m/s. The
residence time of solids in the reactor is inversely proportional to the rate of circulating solids; thus the time available for oxygen carrier particles to release oxygen and char
particles to react with the oxygen decreased from 174 s to
107 s. As can be seen in Fig. 12, the solids flow has a negative effect on the performance parameters, which is due
to a decrease of the solids residence time. In order to get
a high enough char conversion for a 90% of CO2 capture
efficiency, an average residence time above 150 s is needed.
In a similar manner, the higher is the residence time, the
higher is also the conversion of the oxygen carrier.
With respect to the parameters under evaluation, the
trend observable in the model predictions agrees to the

4.5. Coal reactivity
In the reference case conditions, the oxygen release rate
was high enough to supply an excess of gaseous oxygen
exiting the reactor together with the combustion gases.
Nevertheless, full conversion of the coal was not attained
because of the slow char combustion kinetics. Since the
performance was limited by the coal reactivity, it is relevant to conduct the evaluation considering coals of different rank.
The experiments by Adanez-Rubio et al. [7] showed that
the type of coal has an effect on the performance of CLOU,
in a way that less reactive coals gave lower CO2 capture
efficiency because the char conversion was slower. The
CO2 capture followed the order anthracite <bituminous
coal <lignite. The kinetic parameters applied in the current coal combustion model should represent the reactivity
of a bituminous-type coal [27], and indeed, the modelled
CO2 capture efficiencies within 80%–90% are similar to
the values obtained for low volatile bituminous coal in the
experiments.
The effect of the coal reactivity on the performance parameters is analyzed by the ratio between the char combustion rate of a hypothetical coal, rchar,hyp , and the char
combustion rate of the current (reference) coal, rchar,ref .
As can be seen in Fig. 13, the rchar,hyp /rchar,ref ratio is
varied between 0.3 and 3.3. The lower limit could represent a case of using anthracite and the upper limit a case
of using lignite [38]. Obviously, the higher the reactivity,
the faster the char conversion and higher the CO2 capture
efficiency. The results clearly indicate the need of a carbon separation system when low reactive coals are used, to
return unconverted char particles back to the fuel reactor.
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By using a highly reactive coal, a 95% of CO2 capture efficiency could be reached without any extra arrangements.

The analysis was additionally conducted for a lowreactive coal having an apparent char combustion rate of
one third of that of the reference coal. According to Fig.
14, a CO2 capture efficiency of only 61.9% can be obtained
if the carbon stripper is not utilized. In this case, the
relevance of the carbon stripper became more evident as
the char concentration at the reactor exit increased compared to the reference case. Furthermore, a greater concern should be given to the performance of the carbon
stripper, as it is necessary to have a separation efficiency
of almost 90% to obtain a 95% of carbon capture. The experimental work of Adanez-Rubio et al. [7] also underlined
the need of a carbon separation system when low reactive
coals are used.

Char conversion (−), CO2 capture eff. (−)

1

0.9

0.8

0.7

0.6
Xchar
0.5

ηcc

1

Ref. case
0.8

1.3

1.8
2.3
rchar,hyp/rchar,ref (−)

2.8

Ref. case coal
Char conversion (−), CO2 capture eff. (−)

0.4
0.3

3.3

Fig. 13: The effect of coal reactivity on char conversion and CO2
capture efficiency (TFR = 960 ◦ C, mOC = 400 kg/MWf , ug = 5.0
m/s).

4.6. Effect of the carbon stripper
As shown by the simulations, the oxygen carrier stream
exiting the fuel reactor will contain a small amount of unreacted char. This char will burn in the air reactor, but the
resulting CO2 cannot be captured. To improve the char
conversion in the fuel reactor and thus the overall carbon capture, a carbon separation system, namely carbon
stripper, can be implemented between the reactors. The
carbon stripper allows the separation of char from the oxygen carrier based on selective entrainment of particles in
a fluidized bed [6, 42]. The device has to be supplied with
sifting gas, which could be steam or recirculation gas from
the fuel reactor. Either way, char gasification and combustion of the gasification products would occur, and thus
enhance the char conversion. However, since the gasification process is rather slow and the residence time of the
solids in the carbon stripper is assumed low, the described
reaction scheme is not taken into consideration.
The performance of the carbon stripper is indicated by
carbon separation efficiency, ηcs , which determines the
fraction of the char separated and returned back to the
fuel reactor. At ηcs = 1, no char escapes to the air reactor. The main influence of the carbon stripper is to extend
the residence time of char particles in the fuel reactor [43].
As illustrated in Fig. 14, both the char conversion and the
CO2 capture efficiency increases with the increasing ηcs .
In the reference case conditions, it is possible to reach a
CO2 capture efficiency as high as 89.2% without using the
carbon stripper. Therefore, the influence of the carbon
separation remained rather moderate. A separation efficiency of approximately 60% is required to capture 95% of
the carbon introduced in the system.

0.9

0.8
Low reactive coal

0.7

0.6

Xchar

0.5

η

cc

0.4
0

0.2

0.4
0.6
0.8
Carbon separation efficiency (−)

1

Fig. 14: The effect of carbon separation system on char conversion
and CO2 capture efficiency. The char combustion rate of the low
reactive coal was one third of that of the reference coal (TFR = 960
◦ C, m
OC = 400 kg/MWf , ug = 5.0 m/s).

5. Conclusions
A one-dimensional fluidized bed model to describe the
behavior of the fuel reactor involved in chemical looping
with oxygen uncoupling (CLOU) process has been developed. The model considers the physical phenomena relevant to CLOU, such as release of oxygen by oxygen carrier
decomposition, combustion of coal with molecular oxygen,
fluidized bed hydrodynamics, and transfer of heat within
the reactor.
The performance of a hypothetical CLOU fuel reactor
fed by bituminous coal and CuO-based oxygen carrier was
evaluated by means of model simulation. A reference case
was defined and simulated, after which the effect of relevant design and operational parameters on the results
was assessed by parameter variations. For the reference
case conditions with a temperature of 960 ◦ C and solids
inventory of 400 kg/MWf in the reactor, a CO2 capture
11

efficiency of approximately 90% was predicted without the
utilization of the carbon stripper. The oxygen release rate
was high enough to supply an excess of gaseous oxygen for
combustion, thus the performance was limited by the coal
reactivity. Solids inventories below 100 kg/MWf resulted
in a lack of oxygen, and thus a sharp reduction in the char
conversion and CO2 capture was observed.
The temperature showed an important effect on the conversion of coal in the fuel reactor, and the CO2 capture
efficiency increased from 81.9% at 935 ◦ C to 93.7% at 985
◦
C. Therefore, a high temperature in the fuel reactor is
desired. The model includes a detailed formulation of the
energy conservation and thus allows the investigation of
heat transfer within the reactor. Hence, the placement of
heat transfer surfaces and gas and solids inlets could be decided to minimize the intrareactor temperature gradients
affecting negatively the chemical equilibrium.
For a fixed solids inventory, an increase in the solids
circulation rate gave a decerase in the CO2 capture efficiency. This was due to the decreased residence time
of solids in the reactor. It was also shown that the coal
rank has an important effect on the overall performance,
as low reactive coals required higher residence times to attain feasible char conversion. In such cases, it is necessary
to utilize a carbon separation system with a separation efficiency of >90% to reach CO2 capture efficiencies >95%.
When using highly reactive coals, the carbon separation
unit becomes unnecessary.
Overall, the model predictions appeared to be in agreement with the results presented in the literature. As the
model structure and submodel forms turned out to be appropriate to describe the studied process, the model will
be further developed for investigations of the whole CLOU
process loop comprising two interconnected fluidized bed
reactors.
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Abstract – Chemical looping with oxygen uncoupling (CLOU) is an alternative
chemical looping process for the combustion of solid fuels with an inherent CO2
capture. The feasibility of CLOU has been proven in various small-scale units, but
in order to commercialize the process, a lot of experimental and theoretical work
is needed to overcome several challenges complicating the technological scale-up.
In this paper, a 1D fluidized bed model capable to predict the operation of a fuel
reactor involved in the CLOU process is presented and applied in reference case
simulations. The fuel reactor model is based on the existing chemical looping
combustion (CLC) model frame. Despite the lack of experimental data for
validation, the model was found adequate to describe the studied process, and it
will be further developed for investigations of the whole CLOU process loop
comprising two interconnected fluidized bed reactors.

1

Introduction

Chemical looping combustion (CLC) is an emerging combustion technology with an inherent
separation of the greenhouse gas CO2. The technique typically employs a dual fluidized bed
reactor system where a metal oxide is used as a solid oxygen carrier that transfers the
necessary oxygen from air to the fuel combustion [1]. In the case of solid fuel like coal and
biomass, problems arise as homogeneous solid-solid reactions between the oxygen carrier and
the fuel are not likely to occur at any reasonable rate, and an intermediate fuel gasification
step is needed [2].
Being a variant to CLC, chemical looping with oxygen uncoupling (CLOU) process allows
direct combustion of fuel by applying an oxygen carrier with reversible redox properties [3].
Some metal oxides have a suitable equilibrium partial pressure of gas-phase oxygen at
temperatures of interest for combustion (800–1200 °C). These metal oxides react with oxygen
in the air reactor according to Eq. (1) and the release this oxygen in the fuel reactor through
decomposition, that is, the reverse of Eq. (1). This way, the released gas-phase oxygen reacts
directly with the solid fuel via normal combustion, and the slow gasification step of the char is
avoided. The heat release over the air and fuel reactors is the same as for conventional
combustion.
(1)
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In comparison to oxygen carriers for normal CLC, a special requirement is needed for the
carriers to be used in the CLOU process. The possible metal oxides that have the property of
releasing gas-phase oxygen at desired temperatures are limited. A recent review article [4]
gives a detailed overview of the research conducted around the CLOU process including
development and testing of different oxygen carrier candidates.
Development of modelling and simulation tools is essential for the design, optimization, and
scale-up of the process. At the moment, only a few studies related to CLOU modelling can be
found in the literature [5–7]. The objective of this work is to construct a model that can
predict the operation of a fuel reactor involved in the CLOU process. Furthermore, a reference
case is defined and simulated for studying the large-scale operation of the process and
evaluating the capabilities of the model.

2

Modelling approach

A comprehensive simulation tool for investigating gaseous fuel CLC in dual fluidized bed
reactor system has been presented earlier [8, 9]. The one-dimensional model is based on the
conservation of mass and energy, and semi-empirical correlations are used for the calculation
of hydrodynamics, reaction kinetics, and heat transfer. Additional submodels consider the
core-annulus type of solids flow and the dispersion of energy due to the turbulent motion of
solids in the reactors. The model is implemented in Matlab/Simulink environment, where
different process modules are linked together forming a flow chart for the main process.
Steady state conditions with different input values are reached after solving a set of timedependent equations by using Simulink’s ordinary differential equation solver. The main
outputs of the model are the global solids circulation rate, the conversion of the carrier and the
gas composition at the reactor exit, the vertical profiles of temperature, reaction rates and gas
concentrations, and the distribution of solids in the reactors.
In order to simulate solid fuel combustion via CLOU, the existing fuel reactor model frame
has been modified to include appropriate descriptions for the physical phenomena
characteristic for the process. The new features of the model are described in the following
subsections.
2.1

Oxygen release

In the fuel reactor the oxygen carrier will release gaseous oxygen until equilibrium is reached.
The rate of oxygen release is affected by a thermodynamic driving force as well as several
physical factors resulting in somewhat complex description of the oxygen carrier conversion.
The rate equation can be expressed in the following general form [10]:

( ) ( ) (

)

(2)

where the effect of the oxygen partial pressure is taken into account by an equilibrium
limitation function (
), while conversion function ( ) considers the reaction
mechanism and geometrical change in solid as the reaction proceeds. Further, ( ) expresses
2
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an Arrhenius-type dependency on the temperature. Obtained from the work of Clayton and
Whitty [10], the terms of Eq. (2) with kinetic parameters determined for a TiO2-supported
CuO oxygen carrier (50/50 wt%) are given in Table 1. In CLOU, copper cycles between the
cupric (CuO) and cuprous (Cu2O) states:

(3)
Table 1: Kinetic model for the release of oxygen and kinetic parameters determined for a TiO2-supported CuO
oxygen carrier [10].

Item
( )
(

Value
)

(

( )

(

)

Unit
atm

)

1/(atm s)

4.15 × 10-4
67 × 103
1.0
8.314

1/(atm s)
J/mol
J/(mol K)

The oxygen equilibrium partial pressure, pO2,eq, for the selected oxygen carrier is calculated
from thermodynamic data based on the values of Gibbs free energy for CuO, Cu2O, and O2 at
various temperatures, and a correlation, Eq. (4), can be obtained [11]:

[

(

)

(

)

(

)
(4)

(

)

]

[ ]

The conversion of the oxygen carrier is defined through the mass of oxidized phase (CuO) in
solids:
(5)

where
and
are the masses of fully oxidized and reduced particles, respectively.
Thus, X indicates the oxidation state of the carrier. The copper oxide content in the particles is
denoted by
, and as illustrated in Fig. 1, the oxygen carrier can be considered to consist
of three components based on the weight fractions.
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Figure 1: Oxygen carrier components: CuO and Cu2O in the active phase, and inert TiO2.

2.2

Coal combustion model

The reduction of the oxygen carrier is followed by normal combustion. The solid fuel is
divided to char, volatiles, moisture, and ash by proximate analysis. The fuel is assumed to dry
within the first five calculation elements after entering the furnace (in total, 20 vertical
elements). The moisture from the fuel is added to the H2O gas profile and the corresponding
latent heat is removed from the energy balance. The release rate of volatiles is based on a time
constant dependent on the fuel properties [12]. For the char, a vertical solid density profile is
defined based on the hydrodynamic model described elsewhere [8]. The base elements C, N,
H, O, and S in the fuel are divided between the char and volatiles by empirical correlations
proposed by Myöhänen [12] and later applied to calcium looping process model by Ylätalo et
al. [13].
In the current stage of modelling, the char combustion is assumed to be kinetically controlled
only, and the mass transfer effects have been neglected. In addition, char particles are
considered spherical and homogenous without a temperature gradient. A general rate equation
for heterogeneous char combustion,
, can be written as [14]:

(6)

where

is the kinetic coefficient, calculated by:

(

)

(7)

where
is the average char particle size,
is the char particle density, and is the
temperature of the particle. Further, n is the reaction order and
is the effective partial
pressure of oxygen, defined as
(8)
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where determines the actual partial pressure of oxygen at the surface of a char particle in
fluidized bed conditions. In this study, a value of
is used and the reaction order is
set to
[14]. The following char combustion reactions are taken into account:
(9)
(10)
(11)
(

)

(

)

(12)

Parameter
with a value of 0.2 defines the ratio of CO and CO2 yielding from the
combustion. A NOx model is not included, and all the nitrogen in the char is converted into
NO. The char mass balance in the fuel reactor can be written as
̇

(

)

∑

(13)

where ̇
is the fuel input rate,
is the weight fraction of moisture in the fuel, and
is the weight fraction of char in the fuel on a dry basis.
A general rate equation for homogeneous volatile combustion is defined as [14]:
(14)

where
and
respectively,

are the kinetic coefficient and molar concentration of the reacting gas,
is the molar concentration of the participating gas,
is the molar

concentration of oxygen, and
is the total gas mass. The following volatile combustion
reactions are taken into account with kinetic parameters obtained from various sources [15–
20]:
(15)
(16)
(17)
(18)
(19)
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(20)

These volatile compounds and the respective reaction-related source/sink terms were added to
the fuel reactor gas balance.
The heat released from different combustion reactions is accounted in the fuel reactor energy
balance, and the energy equation is updated accordingly.

3
3.1

Simulations
Case description

Fuel input is set to 26.4 kg/s, which corresponds to 664 MWth. The properties of the fuel are
given in Table 2. The oxygen carrier consists of CuO/Cu2O and inert TiO2, and releases
oxygen as described in Section 2.1. The fuel reactor is operated on a fast fluidization regime,
and an appropriate fluidization velocity, ~4 m/s, is determined based on the chosen regime
and properties of the oxygen carrier. The fuel reactor is fluidized by partially recycled flue
gas, and for the given gas velocity, a recirculation gas mass flow of 155 kg/s is required. The
mass flow rate of the oxygen carrier entering the fuel reactor is set equal to the stream leaving
the reactor. The solids enter the reactor at X = 0.7 and T = 922 °C. The main design and
operational parameters are summarized in Table 3.
Table 2: Properties of the fuel used in the simulations.

Fuel property
Proximate analysis (w-%)
Char
Volatiles
Moisture
Ash
Ultimate analysis (w-%)
C
H
S
N
O

56
27
7
10
79.4
4.1
1.6
0.9
14

LHV, wet (MJ/kg)
Average fuel particle diameter (μm)
Average fuel density (kg/m3)

6

25.16
500
1000
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Table 3: Main design and operational parameters.

Item
Fuel reactor
Fuel input
Total height
Sloped section height
Elevation to outflow channel
Grid cross-sectional area
Freeboard cross-sectional area
Recirculation gas mass flow
Recirculation gas temperature
Oxygen carrier inventory
Oxygen carrier
Active phase
Inert phase
CuO/Cu2O content
Apparent density
Average particle size
Solids into fuel reactor
Temperature
Oxidation degree
3.2

Value

Unit

657
35
14
33.3
97.6
148.8
155
370
228

MW
m
m
m
m2
m2
kg/s
°C
kg/MW

CuO/Cu2O
TiO2
50
4650
100

%
kg/m3
μm

922
0.7

°C
-

Results and discussion

The operation of a hypothetical fuel reactor involved in the CLOU process is predicted using
the fluidized bed model described above. The main results from the simulation are presented
in Table 4. With the given set of parameters, a char conversion of 87.8% is obtained. Thus,
12.2% of the char escapes to the air reactor. Most of the excess char will be combusted in the
air reactor, but the CO2 present in the air reactor exhaust gas cannot be captured. Therefore, a
CO2 capture efficiency of 91% can be achieved. In order to obtain a higher CO2 capture
efficiency, a carbon separation system would be needed between the air and fuel reactors.
This way, the escaping char could be returned back to the fuel reactor.
Table 4: Main results from the simulation.

Item
Char conversion
CO2 capture efficiency
Apparent OC reaction rate
Change in OC conversion
Average reactor temperature
Fuel reactor cooling
Oxygen concentration at outlet
Flue gas mass flow
Solid entrainment flux

Value
0.878
0.91
18.4
0.529
958
46
5.49
221.4
5.5

Unit
%OC/min
°C
MW
V-%
kg/s
kg/(m2 s)
7
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The vertical density profiles of both the oxygen carrier and the char are modelled continuous
from the reactor bottom to the reactor top as shown in Fig. 2. There is no noticeable boundary
between the dense and lean regions after a short entry zone. At the top of the reactor, an
oxygen carrier concentration of about 3 kg/m3 is estimated. With the given oxygen carrier
inventory and gas velocity, a solid entrainment flux of 5.5 kg/(m2 s) is obtained. Combustion
gases evolve along the reactor height, and in order to keep the gas velocity constant, a sloped
reactor bottom section is required. The gas velocity profile is shown in Fig. 3.

Fuel reactor height (m)

35
30

Oxygen carrier

25

Char

20
15
10
5
0
0,01

0,1

1
10
Solids density (kg/m3)

100

1000

Figure 2: Solid density profiles in the reactor.

Fuel reactor height (m)

35
30
25
20
15
10
5
0
1

2

3
4
Gas velocity (m/s)

5

6

Figure 3: Gas velocity profile in the reactor.

A driving force for the oxygen release in the reactor is the difference between the equilibrium
partial pressure of oxygen and the actual partial pressure of oxygen. The equilibrium pressure
is determined by temperature, and it follows the temperature profile in the reactor (Fig. 4).
The development of both the actual and the equilibrium pressure along the reactor height is
shown in Fig. 5. A rather low equilibrium pressure can be noticed at the bottom, which is due
to a high temperature gradient resulting from a heat sink. The heat sink is formed because the
oxygen carrier and the recirculation gas introduced at the bottom must be heated up to the
reactor temperature. As the consumption of oxygen by fuel combustion can be expected to be
highest within the bottom region, it is not desirable to have impaired oxygen release
characteristics in that region. The temperature gradient at the reactor bottom could be
decreased by recirculating a fraction of the outgoing hot solids back into the reactor.
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Fuel reactor height (m)
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Figure 4: Temperature profile in the reactor.

Fuel reactor height (m)
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Actual
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0,03
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Figure 5: Evolution of equilibrium partial pressure of oxygen and actual partial pressure of oxygen along the
reactor height.

Fig. 6 shows the rate at which oxygen is released from the oxygen carrier and the rate at
which oxygen is consumed by char combustion. Another oxygen sink is formed due to
volatile combustion. All the volatiles are released during the first 8 m from the reactor bottom.

Fuel reactor height (m)

35
30

O2 source from OC

25

O2 sink to char

20
15
10
5

0
0

2

4
Reaction rate (kg/s))

6

8

Figure 6: Oxygen released from the oxygen carrier and oxygen consumption by char combustion.
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The outlet concentrations of different gases are given in Table 5. As can be seen, the outlet
gas contains some excess oxygen. However, most of this oxygen will be utilized in the
combustion because a major fraction of the flue gas is recirculated back into the reactor. As
shown in Fig. 7, the main gases evolve steadily along the reactor height, which is also due to
the gas recirculation. However, the concentration of SO2 in the flue gas becomes high (4994
ppm), and therefore, a method to capture the SO2 must be applied.
Table 5: Outlet concentrations of gases on a wet basis.

O2

N2

CO2

H2O

V-%
5.49

NH3

H2S

CO

CH4

C 2 H4

H2

NO

SO2

0.00

9.32

0.00

0.00

97.65

0.00

4994

ppm
0.31

65.57 28.12 0.00

Fuel reactor height (m)

35
30
25
20
O2

15

CO2
10

H2O

5

N2

0
0,0

10,0

20,0
30,0
40,0
50,0
Gas concentration (V-%)

60,0

70,0

Figure 7: Evolution of gases along the reactor height.

4

Conclusions and outlook

A modified fluidized bed model has been used to describe the behavior of the fuel reactor
involved in chemical looping with oxygen uncoupling process. As preliminary results, a char
conversion of 87.8% and a CO2 capture efficiency of 91% were achieved with an oxygen
carrier inventory of 228 kg/MWfuel. Various 1D profiles were obtained increasing the
understanding on the important parameters affecting the fuel reactor operation. Future work
will include parameter variations and sensitivity analyses. Overall, the model described the
studied process adequately, and it will be further developed for investigations of the whole
CLOU process loop comprising two interconnected fluidized bed reactors.
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