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Reverse osmosis and nanofiltration are among the most effective and 

widely used desalination and water softening technologies. They can also 

be used to treat mining wastewaters and are capable of producing water 

of extremely high purity, regardless of the high concentrations of toxic 

heavy metals and extreme pH and salinity. However, challenges with 

recovering the salts and metals from mining wastewaters in exploitable 

form, as well as problems with scaling still limit the process efficiency 

and the ratio of purified water recoverable from process waters. 

 

To address the problem of membrane scaling caused by calcium sulfate, 

batch filtration experiments with the Desal-5 DL nanofiltration 

membrane, three commercial antiscalants and actual mine process water 

from a copper mine were performed. The aim of these experiments was 

to find process conditions where maximum water recovery would be 

achieved before significant scaling or irreversible membrane fouling 

would occur and to further improve water recovery by addition of 

antiscalants.  

 

Water recovery of 70 % was reached with the experimental setups by 

optimizing process conditions. PC-504T antiscaling agent was 

determined to be the most effective of the three antiscalants used and the 

addition of 5 ppm of PC-504T allowed the water recovery to be further 

increased from 70 % to 85 % before major scaling was observed. In these 

conditions 92 % calcium rejection was achieved. 
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Käänteisosmoosi ja nanosuodatus kuuluvat tehokkaimpiin ja laajimmin 

käytettyihin suolanpoisto- ja vedenpehmennysmenetelmiin. Näillä 

prosesseilla kyetään tuottamaan erittäin puhdasta vettä ja niitä voidaan 

käyttää myös korkeita raskasmetalli- sekä suolapitoisuuksia ja 

äärimmäisiä pH-arvoja sisältävien kaivosjätevesien puhdistamiseen. 

Haitallisten saostumien synty prosessilaitteistossa, sekä haasteet liittyen 

metallien ja suolojen talteenottoon hyödynnettävässä muodossa 

rajoittavat kuitenkin suolaisten jätevesien puhdistusprosessien 

tehokkuutta ja saavutettavaa veden kierrätysastetta. 

 

Kalsiumsulfaatin saostumisongelmaa tutkittiin panossuodatuskokeilla 

Desal-5 DL nanosuodatusmembraanilla, kolmella kaupallisella 

saostumanestoaineella ja kuparikaivokselta peräisin olevalla 

prosessivedellä. Kokeiden tavoite oli löytää olosuhteet, joissa 

maksimaalinen veden kierrätysaste saavutettaisiin ennen merkittävää 

membraanin likaantumista tai saostuman syntymistä, sekä tämän 

kierrätysasteen parantaminen edelleen saostumanestoainelisäyksen avulla.  

 

Prosessiolosuhteita optimoimalla kyettiin saavuttamaan 70 % veden 

kierrätysaste ennen haitallisen saostuman muodostumista. PC-504T 

todettiin parhaiten tutkitun prosessiveden käsittelyyn soveltuvaksi 

saostumanestoaineeksi. 5 ppm lisäyksellä PC-504T saostumanestoainetta 

kyettiin parantamaan veden kierrätysastetta 70 %:sta 85 %:iin. Näissä 

olosuhteissa saavutettiin 92 % kalsiumrejektio. 



SYMBOLS  

 

Am membrane area, m2 

b  nucleation order, - 

B nucleation rate, m-3 s-1 

∆C supersaturation coefficient, - 

ci molar concentration, mol dm-3 

Fp permeate flux, kg m-2 h-1 

Fw,a  pure water flux before filtration, kg m-2 h-1 

Fw,b pure water flux after filtration, kg m-2 h-1 

ΔFw change in pure water flux, % 

g  growth order, - 

G growth rate, m s-1 

Kb nucleation constant, m-3 s-1 

kg growth constant, m s-1 

mCa,s total mass of calcium in the sample, g 

Mi molar mass, g mol-1 

mp  permeate mass, kg 

RCa retention of calcium, - 

t time, h 

Vf,tot total feed volume, m3 

Vp,tot total permeate volume, m3 

Vs volume of the sample, m3 

 

ρCa,f calcium mass concentration in the feed, g m-3 

ρCa,p calcium mass concentration in the permeate, g m-3 

ρCa,s calcium mass concentration in the sample, g m-3 

ρi mass concentration, g dm-3 
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AEM  anion exchange membranes 

AMD  acid mine drainage  
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CEM  cation exchange membranes 

EC  evaporative crystallization 

ED  electrodialysis  

EDR  electrodialysis reversal 

EDS energy-dispersive X-ray spectroscopy 
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MC  membrane crystallization 

MD  membrane distillation 

MF  microfiltration 

MWCO molecular weight cut off 

NAD  net alkaline drainage 
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RO reverse osmosis 

SRB  sulfate reducing bacteria 

TDS  total dissolved solids 

UF  ultrafiltration 

VRF volume reduction factor 

WAIV  wind aided intensified evaporation 
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1 INTRODUCTION 

 

With the population of the earth constantly increasing, the demand for fresh 

and clean water continues to increase also. Clean water is needed both for 

personal use e.g. drinking and hygiene as well as for the industry that 

struggles to satisfy the growing needs of the increasing population. The 

replenishment rate of groundwater basins and fresh surface water bodies via 

natural water cycle is however limited. When exploitation of these bodies of 

water exceeds the natural replenishment rate, it can lead to severe ecological 

impacts. One of the best known examples of such impacts is the shrinking of 

Aral Sea due to water from two feeding rivers being diverted to irrigation use. 

In addition to depletion of water bodies due to excessive consumption, water 

contamination due to process wastewaters discharged back into the bodies of 

water can be a severe issue. In some areas contamination and over 

expenditure of bodies of water have already led into severe water scarcity 

problems or into consumption of contaminated water.  

 

To respond to these problems while still satisfying the growing need for clean 

water, utilization of best available water treatment technologies is necessary. 

The ultimate goal of water treatment processes is to achieve a zero liquid 

discharge process, where all the water in the process is reclaimed and 

recycled without the need to discharge effluents into bodies of water or ponds. 

A functioning zero liquid discharge process would also mean that the process 

would not need to take in any compensatory fresh water leaving it available 

for other uses such as irrigation and drinking. However, achieving zero liquid 

discharge while still being economically viable, is extremely challenging with 

the current water treatment methods. For this reason, research and 

development of new more advanced and efficient water treatment processes is 

necessary. 

 

In the beginning of the literature part, general overview of mining 

wastewaters is presented. This is followed by survey of various water 

treatment technologies and their drawbacks. Lastly, new developing water 
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treatment technologies that could be used to lessen these drawbacks and 

improve the current water treatment technologies are presented. 

 

In the experimental part, application of antiscalants to avoid membrane 

fouling and scaling problems in nanofiltration of actual alkaline mine process 

water from a copper mine is studied. Initial tests are used to determine the 

rough composition of the forming scale, as well as determine the possible 

effects of temperature and permeate flux on the filtration of untreated mine 

wastewater. Based on these results, the process conditions for the further 

study of effects of antiscalants are chosen. The scaling inhibition performance 

of three different antiscalants in different dosages is then compared to find 

out the best performing chemical and dosage, which allows highest water 

recovery to be reached before scaling occurs in the concentrate tank or the 

membrane is irreversibly damaged. In the end, calcium rejection with the 

previously determined best possible process setup is calculated. 
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LITERATURE PART 

2 GENERAL OVERVIEW OF MINING WASTEWATERS 

 

Wastewaters generated from mining industry are among the most problematic 

subjects in water treatment. These wastewaters are often highly contaminated 

by various toxic heavy metals, contain large amounts of extremely fine solids, 

have high salinity, high acidity or alkalinity (Banks et al. 1997). Due to these 

challenging characteristics of wastewaters generated from mining industry, 

conventional water treatment methods are widely ineffective or inapplicable 

for their treatment. This leads currently to relatively low degrees of water 

reclamation and subsequent considerable strain on source bodies of water due 

to fresh water intake and disposing of the untreated waste.  

 

The wastewaters produced by mining industry can be roughly divided in two 

categories based on their sources and production mechanisms: effluents and 

mine drainage. Effluents consist of all those combined waste streams that are 

left over from the refining process and are only produced during the operation 

of the mine site. The effluents are typically discharged into tailing ponds in 

the form of slurry and may contain large amounts of fine solids, as well as 

dissolved compounds, such as salts and metals from the extracted ore and 

waste rock (Wang et al. 2014). However, the effluents can also contain large 

amounts of various toxic compounds that are not naturally present in the ore 

but are used in the extraction process. Examples of these kinds of toxic 

compounds are cyanides from gold extraction via MacArthur-Forrest process, 

or mercury from gold extraction by amalgamation process (Azapagic, A. 

2004). Mine drainage in the other hand is formed when ground minerals that 

exist in reduced state in bedrock are exposed to water and oxygen as a result 

of a mining operation. This leads to oxidation of the minerals and dissolution 

of the contained compounds. Slurry stored in tailing ponds, rainfall on refuse 

and waste piles, as well as flooding of abandoned mines are the most 

prominent sources of mine drainage (Matlock et al. 2002; Kaksonen et al. 

2007).  
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The drainages produced can be either net acidic (generally referred to as acid 

mine drainage, AMD) or net alkaline (net alkaline drainage, NAD), 

depending on the mineral composition of the source rock. AMD is generally 

more common and is typically produced when sulfide containing minerals 

such as pyrite (FeS2) are oxidized in the presence of water, forming sulfate 

ions i.e. sulfuric acid according to following reaction. (Johnson et al. 2005) 

 

4 𝐹𝑒𝑆2 + 15 𝑂2 + 14 𝐻2𝑂 → 4 𝐹𝑒(𝑂𝐻)3 + 8 𝑆𝑂4
2− + 16 𝐻+ (1) 

 

The acidity of the water then accelerates the dissolution of further 

contaminants such as metals (Fe, Al, Mn) and metalloids (As).  

 

Natural NAD is mainly produced by dissolution of large amounts of 

carbonate containing minerals, most notably limestone (CaCO3). It is 

encountered more commonly in underground mines than open pit surface 

mines and is not generally considered quite as damaging to environment as 

AMD (Akcil et al. 2006). In addition to natural NAD production, it can also 

be generated as a result of overdosing alkaline reagents in AMD 

neutralization treatment. The aim of AMD neutralization is often to raise pH 

of the treated waters to volumes higher than 8. This will serve to precipitate 

many of the contained metals to precipitate as carbonates or hydroxides and 

thus improve the water quality. Possible alkaline reagents for AMD treatment 

include burnt lime (CaO), slaked lime (Ca(OH)2), Limestone (CaCO3), 

sodium carbonate (Na2CO3), sodium hydroxide (NaOH), magnesium oxide 

(MgO) and magnesium hydroxide (Mg(OH)2). These reagents vary in 

effectiveness and chemical costs and have different properties. Limestone is 

one of the most commonly used reagents due to its abundance and relatively 

low cost. (Johnson et al. 2005) 

 

Despite that a notable part of dissolved metals can be precipitated from AMD 

by increasing pH, NAD still often contains large amounts of total dissolved 

solids (TDS) and requires heavy treatment before it can be safely discharged. 

In some cases of mine wastewaters with potential for evaporative 

concentration (e.g. pit lakes and tailing ponds), NAD may contain even 
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higher concentrations of anionic toxic compounds such as As and Se than 

AMD, due to minimized adsorption on negatively charged surfaces caused by 

the solution alkalinity (Eary, L. E. 1999). 

 

In the cases where both acidic and alkaline compounds are present in the 

ground, e.g. when treating acidic mine drainage producing refuse pile with 

limestone addition, neutralization reactions will occur. However, accurate 

prediction of the resulting drainages pH is challenging, since wide array of 

reactive compounds affecting pH are often present and the reactions are 

heavily affected by the conditions, such as oxygen content, temperature, 

bacterial activity, and physical properties of the rock material (Akcil et al. 

2006).  

 

Due to the different production mechanisms and properties of mining 

wastewaters, the most suitable courses of action differ also. Drainages do not 

usually contain many chemicals from the refining process as they are not 

produced in the operating facility but in the ground itself due to the minerals 

being exposed to oxygenated water such as rainfall. However, this also means 

that collecting them for the purpose of water treatment is also considerably 

more challenging. Furthermore, once initiated, drainage production is 

continuous and can go on for long periods of time even after the closure of 

mine, until the mineral deposits have been completely depleted of soluble 

compounds (Akcil et al. 2006).  
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FIGURE 1. Old metalliferrous mine site in South Africa. Closed in early 

1980s but still producing AMD with pH ~2.5 (Akcil et al. 2006). 

 

For these reasons, preventing mine drainage formation to start with is much 

more economic and ecological course of action than gathering and treating 

mine drainage as post treatment (Johnson et al. 2005). This can be achieved 

to some degree by diverting surface and groundwater flow away from the 

polluted site with ditches and underdrains, or preventing water infiltration 

into refuse piles or out of slurry ponds by controlled placement of waste with 

the aid of sealing layers (Akcil et al. 2006). When preventing water from 

infiltrating the source of contamination is not possible e.g. old abandoned 

mine sites already producing mine drainage, using alkaline reactants such as 

limestone to remedy the waste becomes a viable solution. This not only 

neutralizes the often acidic mine drainage waters but also precipitates and 

immobilizes heavy metal contaminants, mitigating the harmful effects to 

ecosystem (Kuyucak N. 2001). However, the drawbacks of limestone 

treatment include large required chemical quantities, high cost and limestone 

being consumed in reactions over time. As for the part of mine drainage that 

can be collected through drains and ditches, as well as the refining plant 

effluent streams that cannot be prevented, robust and efficient water treating 

processes should be applied to remove the most hazardous contaminants as 

well as to recover as much of the process water as possible for re-use before 

waste stream discharge.  
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The total amount of generated mine wastewater every year is vast and poses 

serious risk for water pollution if left unattended. For example a research of 

40 different hard-rock mines in the United States by Gestring et al. (2013) led 

to the estimation that approximately 75 million cubic meters of polluted water 

are generated by these mines alone every year as mine drainage. The global 

amount of generated combined mine tailings from mining industry (both solid 

and liquid) in the other hand is estimated to be in the magnitude of over 20 

billion tons per year (Lottermoser B.G. 2010). And although considerable 

part of these tailings consist of solid gangue rock extracted from the mine, 

rather than waste water, these solid waste deposits can eventually become 

potential mine drainage sources themselves if disposed of carelessly, adding 

to the total amount of liquid wastes generated by mining industry. 

 

In the future, the challenges caused by mine wastewaters are only expected to 

increase, as the demand for ore production keeps rising, existing mines get 

depleted and the use of even lower quality ore deposits becomes necessary. 

This can lead to a dramatic increase in the amount of generated wastewater in 

proportion to the final product, unless more effective water reclamation 

processes are applied. Luckily, increasing ecological awareness of the 

consumers and increased threat of economic losses from losing valuable 

components in the waste streams have encouraged mining companies to 

invest in research of more efficient waste treatment and recovery solutions. 

 

3 MINING WASTEWATER TREATMENT TECHNOLOGIES 

 

In this chapter some of the mining wastewater treatment technologies will be 

introduced. The general working principle of each technology, as well as 

some applications and schematic figures are presented. 
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3.1 Membrane filtration 

 

Due to its relative simplicity and versatility, membrane filtration is currently 

one of the most widely used water purification processes. Different 

membranes have been designed to fully cover size scale from macro particles 

to monovalent ions, as well as assortment of materials to suit various process 

conditions. 

 

3.1.1 Membrane filtration processes 

 

Microfiltration (MF) operates on a classical sieving principle, meaning that 

particles larger than the membranes pore size are rejected, while smaller 

particles are allowed to pass through along with the solute. MF membranes 

typically have a nominal pore size of 0.1 - 10 µm and can be used e.g. to 

remove fine colloidal particles as well as remove bacteria and thus sterilize 

intravenous solutions (Fritzmann et al. 2007).  

 

Ultrafiltration (UF) has the same operating principle as MF but has 

considerably smaller nominal pore size. UF membrane separation capability 

is typically between 5 - 100 nm, or 1 - 1000 kD MWCO (molecular weight 

cut off). UF can be used to remove large molecules, viruses, small bacteria 

and ultrafine colloidal particles from solution and classify proteins 

(Fritzmann et al. 2007).  

 

Reverse osmosis (RO) is a membrane process capable of removing even the 

smallest dissolved compounds from solutions. RO membranes do not have 

distinct pores but are formed from web-like polymer structure to form a 

semipermeable membrane. Usually when two liquids are separated by 

semipermeable membrane, the osmotic pressure difference drives the solute 

from the more dilute solution to the more concentrated solution until the 

concentrations on both sides of the membrane have reached equilibrium. 

However in RO, hydrostatic pressure is applied on the concentrate side of the 

membrane, overcoming the osmotic pressure difference and forcing the net 

solute flow from the concentrated solution to the dilute solution. Using this 
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principle, RO membranes can remove nearly all dissolved compounds 

including monovalent ions from solutions and allow only the solvent (usually 

water) pass through. RO can achieve 98 - 99.8 % rejection for NaCl and it is 

one of the most widely used membrane water treatment technologies (Bartels 

et al. 2005). Due to its high separation capability and high purity product, RO 

is used both in municipal and industrial wastewater treatment, as well as 

seawater desalination (Greenlee et al. 2009). However, increasing osmotic 

pressure on the concentrate side, possible scaling of supersaturated salts and 

fouling of the membrane limit the maximum possible water recovery 

achievable by a single pass RO. 

 

Nanofiltration (NF), sometimes referred to as “loose RO”, is a recent 

expansion in membrane filtration technology and was developed after RO to 

fill the gap in filtration separation capability between RO and UF at 100 - 

1000 Da molecular weight cut off (MWCO) (Sutherland, K. 2009). Although 

NF membranes have nanoscale pores (Saliha et al. 2009) and they operate 

mainly in the same principle as RO. The main difference between RO and NF 

is that NF only rejects multivalent ions such as Ca2+ and Mg+ along with 

larger components, while letting the smallest monovalent ions to pass through 

without contributing to the osmotic pressure hindering the filtration. This 

allows nanofiltration to be applied in a variety of new water purification 

processes such as water softening, color removal as well as chemical and 

biological oxygen demand reduction (Rahimpour et. al. 2010). While this is 

not enough to produce completely desalinated water, it can be used together 

with RO as a pretreatment to remove divalent ions with high scaling potential, 

or it can be used separately in water purification applications where the 

demands set for product water purity are lower.  

 

As large part of the environmentally hazardous contaminants in mining 

wastewaters consists of dissolved metals and salts, RO or NF is required for 

their removal. However, utilizing UF or MF as a pretreatment step can 

considerably decrease fouling in the later treatment stages by removing 

colloidal solid particles and possible organic contaminants that can’t be 

effectively separated via settling. The particle size and operating pressure 
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ranges of these different membrane filtration technologies are presented in 

Fig. 2.  

 

 

FIGURE 2. Separation capabilities and driving pressures of membrane 

filtration processes (Rautenbach et al. 2003) 

 

3.1.2 Membrane materials 

 

Membrane materials are generally divided in polymeric (organic) and ceramic 

(inorganic) membranes. Most of the traditional membrane processes rely on 

polymeric membranes, but the interest towards utilizing ceramic membranes 

has been increacing rapidly in recent years due to some superior qualities they 

possess over polymeric membranes (Lee et al. 2013). 

 

Polymeric membranes can be produced in a variety of ways, such as 

precipitation, phase inversion, etching, and stretching (Mulder, M. 1996 pp. 

72-89). A wide range of different polymers, such as cellulose and its 

derivatives, polyvinylalcohol, polyvinylchloride, polyethylene, 

polypropylene, polysulfones, polyimides, and polyamides can be used to 

prepare polymeric membranes. Blending different polymers to create a 

composite membrane, e.g. thin separating membrane over porous supporting 

polymer layer is also possible to achieve (Chapman et al. 2008; Chung et al. 

1999). These composite membranes are common e.g. in most commersial 
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high pressure nanofiltration membranes (Rahimpour et. al. 2010), such as the 

Desal-5 DL polysulfone/polyamide thin film composite membrane used in 

the experimental part. Versatility is one of the greatest advantages of 

polymeric membranes. By choosing the right polymers and the right surface 

modification, a membrane with desired properties (i.e. hydrophilcity or 

hydrophobicity, electric charge, pore size) can be specifically created 

according to demand. The greatest drawbacks of polymeric membranes, on 

the other hand, are vulnerability to chemical or thermal decomposition and 

physical damage such as tearing, which greatly narrow down the process 

conditions in which the membranes can be used as well as reduce the general 

lifespan of a membrane module (Weber et al. 2003; Muthukumaran et al. 

2011). 

 

Inorganic membranes are produced by the sintering method, in which 

pressure and heat are used to fuse small solid particles together to form a 

solid block. The pore size of the produced membrane can be controlled 

through used particle size; adding finer particles to the structure fills the holes 

between larger particles and leads to overall smaller poresize (Finley, J. 

2005). Inorganic membranes can also comprise of similar structure to organic 

composite membranes, where tight microporous surface layer is supported by 

deeper macroporous layer (Chapman et al. 2008). Inorganic membranes are 

not as versatile as polymeric membranes but they excel where polymeric 

membranes do not: they have high resistance to chemical and thermal 

decomposition, meaning that they can operate at higher temperatures, higher 

pressures and more extreme chemical conditions (Muthukumaran et al. 2011; 

Chapman et al. 2008). This allows higher flux rates to be achieved and 

reduces the membrane area required for operation (Chapman et al. 2008). 

Typical inorganic membrane materials include metal oxides, such as 

aluminum and titanium oxides as well as ceramics and zeolites (Kim et al. 

2010). However, the relative novelty of ceramic membrane technology and 

the associated problems, such as high membrane costs due to lower 

production quantities and as of yet incomplete knowledge of ceramic 

membrane fouling mechanisms have limitted ceramic membrane utilization 

(Lee et al. 2013). 
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3.2 Electrodialysis 

 

Electrodialysis (ED) is a membrane technology capable of removing charged 

species from a solution. ED is currently competing with RO in brackish water 

desalination applications and is capable of producing concentrates with up to 

20 % salinity, however at high concentrations scaling of sparingly soluble 

salts becomes an issue (Pérez-González et al. 2012; Fritzmann et al. 2007). 

ED is based on electrical attraction of dissolved ions towards charged poles 

and the utilization of ion selective membranes. Alternating anion exchange 

membranes (AEM) and cation exchange membranes (CEM) are placed 

between the anode and cathode and feed streams are injected into every other 

channel. Anions, such as Cl- are then attracted towards anode through AEM, 

while cations such as Na+ are attracted towards cathode through CEM. As 

cation selective membranes do not allow anions to pass further through to get 

closer to the anode and vice versa, ions are trapped inside the alternating 

concentrate channels and can be collected, while the feed streams are diluted 

(Fritzmann et al. 2007). The operation principle of ED is presented in fig 3. 

 

 

FIGURE 3. Process principle of electrodialysis (Fritzmann et al. 2007) 

 

Operating ED in reversal mode (EDR) i.e. periodically reversing the 

polarities of anode and cathode and also the feed and concentrate flows, can 

be used to avoid fouling and scaling problems that might otherwise occur in 

an ED unit (Pérez-González et al. 2012). Another advanced form of ED 

technology is bipolar membrane electrodialysis (BPED) used for acid and 

base production from salt solutions. The principle of acid and base production 
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in BPED is based on combining ED salt separation with water splitting by 

means of bipolar membrane, illustrated in Fig. 4. When all salts capable of 

transporting electric charge are removed from a bipolar membrane, further 

charge transportation can only occur through hydroxyl ions and protons from 

water dissociation. The dissociation equilibrium ensures that the consumed 

hydroxyl ions and protons are continuously replenished. After permeating 

through the membrane, the dissociated hydroxyl ions and protons proceed to 

react with the separated salt ions such as Na+ and Cl- and produce NaOH and 

HCl respectively (Pérez-González et al. 2012). 

 

FIGURE 4. Operation principle of the BPED process for obtaining acids and 

bases. A stands for anion exchange membrane, C stands for 

cation exchange membrane, B stands for bipolar membrane 
(Pérez-González et al. 2012). 

 

3.3 Evaporative crystallization 

 

Evaporative crystallization (EC) is a technology, which aims to separate and 

recover both dissolved solids and solvent from solution. This can be achieved 

by evaporating the solvent until the concentrated solution reaches 

supersaturation and the dissolved components begin to crystallize. The most 
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important and widely used type of evaporative crystallizer in current industry 

is forced circulation crystallizer, also known as circulating-magma 

crystallizer (Curcio et al. 2001). The schematic picture of a forced circulation 

crystallizer is presented in Fig. 5.  

 

The benefits of evaporative crystallization over traditional membrane 

filtration processes lie in its theoretical capability to reduce the volume of 

concentrated saline wastewater to zero, as well as the possibility to recover 

the solid products from processes. The products can be either pure saleable 

salts or a mixture of impure salts that need to be disposed of as a hazardous 

waste, depending on the nature of the treated solution (Fernández-Torres et al. 

2012). This means EC can be used to further treat the hypersaline 

concentrates e.g. from RO or NF, that cannot be further filtrated due to 

excessive fouling. The main drawback of the evaporation process, on the 

other hand, is its great energy consumption, making it unprofitable for many 

wastewater treatment applications.  

 

 

FIGURE 5. Schematic presentation of a basic forced circulation crystallizer 
(GEA Process Engineering Inc. 2013). 
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3.4 Solar evaporation 

 

Solar evaporation could be considered as a crude method of evaporative 

crystallization. Simply put, it is brine volume reduction through evaporation, 

utilizing the natural heat energy from the sun. Wastewater is channeled to 

shallow lined ponds for evaporation, after which the remaining salt can either 

be collected, or left in the pond (Katzir et al. 2010). Solar evaporation is a 

cost effective treatment technology, since the only costs related to solar 

evaporation are the construction of the ponds and pumping of the water. Due 

to requiring a lot of sunlight and possible rain hindering the attempt of water 

removal, solar evaporation is mostly used in arid inland areas (Ahmed et al. 

2000). However, the large land area requirement, high risk of groundwater 

contamination, risks of leakage, as well as inability to recover the removed 

water, make solar evaporation unpreferable option in most cases (Katzir et al. 

2010; Mickley, M.C. 2001). 

 

 

FIGURE 6. Evaporation ponds near the Great Salt Lake, Utah (IPNI. 2014). 
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3.5 Chemical precipitation, flocculation and coagulation 

 

Chemical precipitation, flocculation and coagulation are techniques that aim 

to separate compounds from treated solution through addition of chemicals. 

Flocculation and coagulation are both methods for removing colloidal solid 

particles by means of aggregation and subsequent settling or filtering. The 

terms are sometimes used interchangeably but can be defined separately 

based on the chemicals used to achieve the goal. Flocculation can be defined 

as utilizing polymeric and macromolecular additives, while coagulation can 

be defined as utilizing inorganic salt additives (Wang et al. 2014). Chemical 

precipitation in the other hand is removal of dissolved compounds through 

chemical reactions yielding less soluble precipitating compounds. Depending 

on the application, the precipitated compounds can either be undesired wastes 

or valuable products.  

 

The amount of used chemical precipitants is vast and used compounds vary 

greatly depending on the water treatment application and which species are 

tolerated in the product water. For example, calcium can be both precipitant 

and precipitate depending on the application. A common chemical 

precipitating process in water purification is water softening i.e. removal of 

divalent ions causing hardness, such as Ca2+ and Mg2+ with Na2CO3 and 

NaOH (Casas et al. 2014). Lime (Ca(OH)2) and other alkaline additives in the 

other hand have been used as a chemical precipitant in treating of AMD to 

neutralize the acidity and to precipitate and immobilize toxic metals that 

dissolve in low pH values (Johnson et al. 2005). More advanced and complex 

precipitants have also been developed for specific use. One such example is 

1.3-benzenediamidoethanethiol-dianion (BDET) use in heavy metal 

precipitation from AMD. Research of BDET has shown that it is capable of 

removing over 90 % of several toxic divalent metals and that the produced 

precipitate is stable in water and most common organic solvent solutions in 

pH range of 0.0-14.0 (Matlock et al. 2002; Matlock et al. 2001). 

 



19 
 

 

FIGURE 7. Structure of BDET-Hg (Matlock et al. 2002). 

 

4 CHALLENGES OF MINING WASTEWATER TREATMENT 

TECHNOLOGIES 

 

In this chapter the drawbacks, technical problems and inefficiencies of the 

water treatment methods presented in the previous chapter, will be generally 

reviewed and summarized. 

 

4.1 Large space or energy usage and general inefficiency 

 

Large space usage, along with associated considerable environmental hazards 

are one of the main drawbacks associated with evaporation ponds, settling 

lagoons and brine storage ponds. Although otherwise low-cost methods, brine 

storage and treatment in evaporation ponds remains a temporary solution and 

the increased amount of waste production due to utilization of lower quality 

ore deposits make these methods even less practical in the future (Randall et 

al. 2012). The danger to the environment increases also with the size of the 

pond, as the border dams become harder to maintain and monitor for leakages 

and the sheer volume of liquid contained increases potential for seeping and 

groundwater contamination. In some cases, acquisition of the required land 

itself may become a problem. The rising waste per product ratio also 
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increases the economic losses of the processes, since small concentrations of 

the desired product are constantly lost in the wastewaters with the current 

inefficient water treatment methods. This makes development of product 

recovering waste treatment methods also of economic interest to mining 

companies.  

 

Thermal evaporation processes such as evaporative crystallization do not 

have the drawbacks of evaporation ponds, as the equipment are quite compact, 

are more easily controlled and pose less risk to groundwater and soil 

contamination. However, these processes depend on heat generated by 

burning fuel and have much higher initial construction and operating costs 

than evaporation ponds (Schoeman et al. 2001). For that reason thermal 

processes are widely used mostly in Middle East, where fossil fuels are still 

relatively cheap and the economic pressure driving towards more efficient 

processes is not yet so intense (Fritzmann et al. 2007). 

 

The main drawback in chemical precipitation and coagulation is the 

considerable chemical cost related to the process operation. Also, these 

processes suffer limitations in product water purity due to imperfect target 

compound removal and traces of precipitant or coagulant remaining in the 

treated solution. For this reason these processes alone are often not sufficient 

to produce adequately pure water. (García et al. 2014) 

 

4.2 Fouling, scaling and membrane damage  

 

The durability and lifespan of membrane materials is one of the main 

concerns in membrane based processes (Faibish et al. 2001). The lower the 

durability and shorter the lifespan of the membrane, the more often it has to 

be replaced and the higher the associated economic costs of operating the 

process (Fritzmann et al. 2007). Common phenomena that can reduce the 

lifespan of a membrane module include fouling, scaling as well as chemical, 

thermal and mechanical damage to the membrane structure (Kyllönen et al. 

2005; Subramani et al. 2012). 



21 
 

 

By definition fouling of a membrane is a phenomenon where the pores are 

blocked through deposition and adsorption of solutes and suspended particles 

on the membrane surface and inside the pores. If enough particles are 

deposited on the membrane surface, they may even start to form a cake layer, 

further decreasing permeability. This is common in all kinds of pressure 

driven membrane separation processes and it can greatly reduce the 

hydrodynamic properties and operating efficiency of the membranes (Van der 

Bruggen et al. 2003). Fluid fine mineral tailings from hydrometallurgical 

processes are a notable source of potential foulants in mining industry. These 

tailings contain high concentrations of ultrafine gangue rock particles and 

dissolved solids, produced from fine grinding and leaching the ore to gain 

access to the desired minerals. Their small size prevents effective separation 

via gravitational settling, while their high concentration and high scaling 

potential set challenges for membrane based separation processes through 

fouling (Wang et al. 2014).  

 

Scaling is a subcategory of fouling, which occurs mainly in evaporative 

processes, or membrane processes capable of concentrating dissolved salts, 

such as NF, RO, and ED. Scaling occurs when dissolved solids e.g. various 

salts are concentrated to the point where their concentration exceeds 

solubility limit. This can happen either locally on the membrane surface due 

to concentration polarization, or generally in the bulk liquid (He et al. 2008). 

When such a supersaturated state is created, precipitation of the dissolved 

compounds follows as the system tries to reach equilibrium. This 

precipitation can take place either in the bulk liquid through homogenous 

nucleation and crystal growth, or on the membrane and equipment surfaces 

through heterogeneous nucleation (Mohammadi et al. 2002). Mining 

wastewaters contain generally high concentrations of TDS, so scaling 

becomes a major concern when attempting to reach high water recovery rates. 

Especially scale formation on membrane surface can considerably hinder the 

membrane performance and cause irreversible damage. Scaling inside piping 

and tanks can also be problematic, since the growing scale layer on the inner 

surfaces will reduce the equipment volume, increase the pressure drop across 
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the piping and can eventually lead to complete blocking of pipes. To avoid 

this, the total water recovery level of the processes is often set below 

maximum so that no supersaturation and subsequent scaling would occur 

(Martinetti et al. 2009).  

 

The exact scaling components encountered in the water treatment process 

depend greatly of the source of the treated water. In seawater, calcium and 

magnesium compounds, such as carbonates, sulfates, and phosphates as well 

as barium sulfate and silica are generally encountered (Li et al. 2006; McCool 

et al.2013). Mining wastewater composition on the other hand varies heavily 

depending on the mined ore and gangue composition, requiring more specific 

water treatment solutions for different types of mines. However, various 

metal sulfates are typically dominating salts in acidic mining wastewaters. 

Calcium sulfate CaSO4 and its various hydrate forms (most notably gypsum) 

is a major scaling component encountered in mining wastewaters due to the 

use of lime in neutralizing sulfate containing AMD. The challenge gypsum 

presents is only added by its inverse solubility with respect to temperature, 

making processes operating in high temperatures even more vulnerable to 

gypsum scaling (He et al. 2008). In general it can be said, that divalent ions, 

whenever they are present, are the most likely to cause scaling (Li et al. 2006; 

Fritzmann et al. 2007). 

 

Some mining wastewater treatment processes may also experience biofouling 

by bacterial or algae growth over membrane (Ying et al. 2014). However the 

growth of algae and bacteria is often limited by the extreme pH and salinity 

conditions in mine wastewaters, lowering the likelihood of prominent 

biofouling in mining wastewater treatment applications. 

 

Fouling can be either reversible or irreversible. In the case of reversible 

fouling, the membrane performance can be restored by different washing 

procedures (Faibish et al. 2001). An example of such reversible fouling is 

deposition of large particles on membrane surface and pores. These particles 

can often be easily dislodged with external force and washed away. In the 

case of irreversible fouling, the membrane performance cannot be recovered 
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even by aggressive washing in high pressures and temperatures and with the 

use of strong acids or bases. These irreversible effects are often caused by 

strong chemisorption or physisorption of foulants on the membrane surface 

and can accumulate over successive filtration-washing cycles. This 

accumulation of irreversible fouling can eventually lower the membrane 

performance to such a low level that the membrane has to be replaced 

(Faibish et al. 2001). 

 

In addition to fouling, membranes can also suffer irreversible structural 

damage due to the filtration conditions. Examples of such structural damages 

are thermal decomposition of the organic membrane material at high 

temperature and chemical decomposition in the presence of extreme pH and 

reactive compounds (Weber et al. 2003; Muthukumaran et al. 2011). 

 

4.3 Disposal of concentrates and brine 

 

The general drawback in all current mining wastewater treatment methods is 

that they all produce waste either as a concentrated brine or mixed impure 

solids. The disposal costs of these wastes, such as transportation and storage 

are reduced along with the volume of the waste but their harmfulness to 

environment is not greatly affected. Some amount of accumulating waste still 

remains and has to be either stored or treated further. Because maintaining 

increasingly large storage deposits of environmentally hazardous 

concentrated waste is both impractical and risky, processes capable of treating 

this accumulated waste, while aiming at zero liquid discharge as well as 

valuable compounds recovery should be researched and developed. (Pérez-

González et al. 2012) 
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5 POSSIBLE SOLUTIONS 

 

In this chapter some currently developed technologies which aim to solve the 

problems or improve the previously described inefficiencies of advanced 

water treatment processes will be reviewed. 

 

5.1 Membrane Distillation  

 

Membrane distillation (MD) is evaporation based technology for highly 

concentrated solution treatment. In MD a microporous strongly hydrophobic 

membrane is used to separate the liquid and vapor phases, while allowing 

volatile compounds to diffuse through the membrane (Curcio et al. 2001). In 

this setup the membrane acts only as a physical phase-separating barrier and 

has no effect on separation selectivity. 

 

There are four main equipment configurations in which MD can be operated, 

depending on how the vapor pressure difference across the membrane is 

created. Direct contact MD, air gap MD, sweeping-gas MD and vacuum MD. 

In all these applications, feed side consists of warm/heated solution directly in 

contact with the membrane. The major differences between these techniques 

are found at the permeate sides of the configurations. In the direct contact 

MD, permeate side consists of cool vapor condensing liquid directly in 

contact with the membrane. In the air gap MD an air gap separates the 

membrane from cooled vapor condensing surface. The sweeping-gas MD 

utilizes a sweep gas flow on the permeate side to transport the vapor into a 

separate condenser. The vacuum MD is much like the sweeping-gas MD, 

except that it uses a vacuum suction to both increasing the evaporation rate 

and transporting the vapor to external condenser (Mericq et al. 2010). The 

major general improvements of MD over traditional distillation are lower 

operating temperatures and large liquid-vapor interface provided by the 

membrane (Urtiaga et al. 2001). Lower operating temperature allows higher 

energy efficiency and a decrease in the operating costs. Large liquid-vapor 

interface allows construction of compact process equipment, leading to lower 

initial construction costs. MD is also capable of recovering the separated 



25 
 

water for re-use, making it viable option in areas suffering from water 

scarcity.  

 

Direct contact MD has been widely researched for applications where the 

volatile component is water, such as water desalination. Salt recoveries of 

nearly 100 % have been reported for direct contact MD (Lawson et al. 1996). 

The challenge of MD in high salinity wastewater treatment, like many other 

membrane desalination processes, is the potential for heavy scaling of 

sparingly soluble salts. This can cause blocking of pores leading to decreased 

permeate flux, modifications in membrane hydrophobicity and thus decrease 

in permeate quality as well as damage to the physical membrane structure 

(Mericq et al. 2010). Changes in the hydrophobicity of the membrane may be 

the greatest threat to MD process, for if the membrane is wetted by one of the 

contacted solutions, the process collapses and ceases to function (Profio et al. 

2010). Avoiding these problems may limit the concentration at which the 

process can be operated as well as the transmembrane vapor flux and thus the 

water recovery percentage (He et al. 2008).  

 

5.2 Membrane crystallization 

 

Membrane crystallization (MC) is an emerging advanced application of MD. 

The basic working principle of MC is to use a MD unit to concentrate the 

feed solution up to supersaturation level and use the membrane as a promoter 

for heterogeneous nucleation (Curcio et al. 2001). The majority of the 

crystallization will then take place in separate crystallizer tank in a metastable 

state between saturation and supersaturation. Some of the major benefits of 

heterogeneous nucleation over spontaneous nucleation are effective crystal 

formation at lower supersaturation levels and favoring of fewer larger and 

better organized crystals over many small crystals (Profio et al. 2010). In 

addition, laboratory tests have shown that when operating at low 

supersaturation levels and sufficient flow rate on MD membrane surface, 

shear forces are able to dislodge deposited particles and keep the membrane 

surface clean even accounting the heterogeneous nucleation effect provided 
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by the membrane (Profio et al. 2010). Furthermore, MC process does not 

suffer limitations due to high osmotic pressure such as reverse osmosis, when 

high permeate recovery rates are requested (Drioli et al. 2012). MC can also 

decrease the energy consumption of the crystallization process roughly by 

half compared to traditional evaporative crystallization (Pérez-González et al. 

2012). 

 

The main aspects hindering MC operation are concentration and heat 

polarization on the membrane surface, due to the mass and heat transfer 

resistances (Curcio et al. 2001) and like MD, the greatest threat to MC 

process is the wetting of the membrane, which should be avoided at all costs. 

 

 

FIGURE 8. A schematic presentation of a membrane crystallizer plant 

(Curcio et al. 2001). 
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5.3 Antiscalants and scaling removal 

 

Scaling is one of the greatest difficulties in achieving high water recovery 

rates in membrane based desalination techniques. For this reason, the demand 

for efficient scaling prevention and removal methods is high. Scale 

prevention is generally preferred over removal, for even in the cases where 

scaling removal by washing and mechanical cleaning is possible, it is time 

consuming and imposes breaks on process operation and may damage the 

membrane surface (Lenntech 2014b).  

 

One effective method to prevent scaling is applying surface active chemicals 

called antiscalants to the treated solutions. A variety of antiscalants for 

different applications exists today and more are being constantly developed. 

The active groups of typical antiscalants include organophosphonates, 

polyphosphates, polycarboxylates, polyacrylates and other similar polymeric 

compounds (Lenntech 2014b; Greenlee et al. 2009). Commercial antiscalants 

can be mixtures of several compounds to achieve optimal performance in 

either overall efficiency, or prevention of specific scaling compounds.  

 

Calcium sulfate (CaSO4) is one of the most common scaling compounds 

encountered in mining wastewaters. This is due to abundance of sulfate ions 

in most mining wastewaters, use of lime to rise the pH of the wastewaters and 

low CaSO4 solubility in water. For this reason CaSO4 inhibition and removal 

with the aid of various antiscalants has been extensively researched (Greenlee 

et al. 2009). Some antiscalants capable of effectively inhibiting CaSO4 

scaling include single chemicals such as Amino Trimethylene Phosphonic 

Acid and Polyacrylic acid, as well as commercial antiscalant products, some 

of which may consist of blends of various chemicals, such as Vitec 7000, 

PTP-1100, PTP-0400, PC-510T, and PC-504T (Subramani et al. 2012; 

McCool et al. 2012; McCool et al. 2013). 

 

Many of the currently available antiscalants have negative impacts on 

environment and impose chemical costs on the process. Thus it is desirable to 

keep the antiscalants dosage as low as possible (Li et al. 2006). Even 
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antiscalant concentrations under 1 ppm can have a considerable positive 

effect on system scaling inhibition. However the exact antiscalant 

concentration for best possible effects depends greatly on the type of 

antiscalant and treated solution. Too high or too low antiscalant dosing can 

lead to lower scale inhibition effect or cause additional fouling or hampering 

the operation of the process.  

 

The operation of antiscalants is based on the chemicals interfering with 

precipitation with three primary methods. In threshold inhibition, antiscalants 

adsorb to nucleated sub-microscopic crystals and thus prevent or at least 

delay the crystal growth for extended period of time. In crystal modification, 

the negatively charged groups of the antiscalants attack positive charges of 

the crystal nuclei, interfering with the electronic balance and formation of the 

crystals. This will result in distorted, soft and non-adherent crystals less likely 

to form scale on membrane and equipment surfaces. The third antiscalant 

operation mechanism is dispersion, where antiscalants surround the formed 

crystals with strong negative charges. These charges keep the crystals 

separated from each other’s, preventing aggregation and the fixed anionic 

charges on membrane surface, preventing fouling. (Lenntech 2014b) 

 

5.4 Wind Aided Intensified Evaporation 

 

Wind Aided Intensified Evaporation (WAIV) is a less land intensive 

improvement to traditional evaporation ponds. WAIV aims to utilize the 

drying potential of arid winds by increasing the gas-liquid interface, while 

avoiding potential salt drift caused by sprinkling (Pérez-González et al. 2012). 

This can be achieved by creating falling thin films of brine along a vertical 

hydrophilic surface mounted parallel to the wind direction (Macedonio et al. 

2012). It has been shown that the evaporation rate can be improved by 50-

90 % compared to regular evaporation ponds (Pérez-González et al. 2012). 

WAIV also shows potential for mineral byproduct recovery from the 

concentrate (Oren et al. 2010). 
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5.5 Eutectic freeze crystallization 

 

Eutectic freeze crystallization (EFC) is a novel alternative technology for 

traditional evaporative crystallizers. The idea of crystallizing dissolved solids 

by freezing the solvent itself is not a new one and has been described in many 

papers, e.g. Stepakoff et al. (1974). However, the rising demand for 

efficiency and searching of zero discharge alternatives has placed 

considerable interest in developing this technology further. EFC technology is 

based on operating at a specific temperature (eutectic point) to produce high 

purity salts and pure crystallized solvent from solvent-salt binary systems 

(Fig. 9). The benefits of EFC process include not requiring added chemicals, 

freezing requiring theoretically less energy than evaporation, high salt and 

water product quality and lowered corrosion potential due to low operating 

temperatures (Randall et al. 2011). However, EFC has yet to be proven 

effective for impure multicomponent hypersaline brines produced from 

desalination and mining wastewaters (Lewis et al. 2010). 
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FIGURE 9. Eutectic point binary phase diagram, where solid A represents 

ice and solid B NaCl. If the salt concentration is lower than 

eutectic point when temperature is lowered (from point 1 to point 

2), ice will start to crystallize first. When solution is cooled 

further (from point 2 to point 3), ice will keep crystallizing and 

salt concentration will rise until eutectic point is reached. If salt 

concentration is higher, salt will crystallize first and the 

concentration will decrease until eutectic point has been reached. 

At eutectic point (point 3) both water and salt will crystallize 

simultaneously. (Randall et al. 2011) 

 

5.6 Biological treatment by sulfate reducing bacteria 

 

Using sulfate reducing bacteria (SRB) has been researched as an alternative 

method for AMD treatment, to replace lime or hydroxide precipitation 

treatment. The working principle of SRB bioreactor is based on bacteria that 

are capable of reducing sulfates from the solution into hydrogen sulfide gas, 

which will then react with heavy metal ions to produce sparingly soluble 

metal sulfides according to the following general reactions:  

 

8𝐻2 + 2𝑆𝑂4
2− → 𝐻2𝑆 + 𝐻𝑆− + 5𝐻20 + 3𝑂𝐻−     (2) 

 

𝐻2𝑆 +  𝑀2+ → 𝑀𝑆(𝑠) + 2𝐻+     (3) 
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Where M2+ denotes divalent metal ions such as Zn2+, Cu2+, and Hg2+ and 

MS(s) denotes solid sulfide of the metal in question. (Tabak et al. 2003) 

These precipitated metal sulfides can then be removed from the treated 

solution.  

 

SRB treatment has been shown to possess notable benefits over lime and 

hydroxide precipitations, such as lower effluent metal concentrations, better 

thickening characteristics of the produced sludge, and capability to recover 

valuable metals (Kaksonen et al. 2007). The main general disadvantages of 

biological treatment are difficulty of cultivating the correct specific bacterial 

culture as well as the process vulnerability to rapidly changing conditions. 

Also, the metals precipitation often takes place in the same reactor system 

with the biological reduction, resulting in loss of biomass together with the 

removal of precipitants (Tabak et al. 2003). This loss can however be 

minimized or avoided by changing the suspended culture processes, e.g. 

continuously stirred tank reactor, to immobilized culture processes, such as 

biofilm and packed bed reactors. The downside of immobilized culture 

processes is however slower overall reaction rate compared to suspended 

culture reactors, due to smaller biomass-liquid contact surface. 
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EXPERIMENTAL PART 

6 MATERIALS AND METHODS 

 

In this chapter, all used materials, necessary pretreatments, experimental 

setups, experimental methods, the general purpose of each experimental setup, 

as well as equations used in calculation of results are presented. 

 

6.1 Used Materials 

 

Actual mine process water stream from a copper mine and provided by First 

Quantum Minerals Ltd. was used in the experiments. The studied process 

water was produced from the combined streams from the Ceramec filters of 

pyrite and copper lines of the mines enrichment process. The feed for each 

filtration was prepared from the barrels delivered from the copper mine 

according to the following procedure: The contents of the barrel were fully 

mixed with a stirrer to achieve as homogenous state as possible in regards to 

suspended solids. This was done to make sure the overall composition of the 

original feed would remain as unchanged as possible after each sampling. 

After mixing, a small amount of the mixed feed was taken into a separate 

canister and allowed to settle overnight to separate largest and easily 

removable grains of sand and other solid particles from the solution. After 

settling, approximately 95 % of the settled feed solution was transferred to a 

new container, and designated as “settled feed”. The remaining 5 % with 

large grains of sand was discarded as waste. The feed for each filtration in 

this research was then taken from the settled feed, with the settled feed being 

completely mixed prior to each sampling. All storing of all feed samples took 

place in a refrigerator. No precipitation of components was observed in the 

stored feed samples throughout the experiments. 

 

The NF membrane used in initial filtrations and antiscalant comparisons was 

Desal 5 DL flat sheet membrane, manufactured by GE Osmonics. The 

producer has announced the approximate molecular weight cut-off of this 

membrane to be in the region of 150 - 300 Daltons for uncharged organic 
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molecules and minimum rejection for MgSO4 to be 96 % in the process 

conditions of 2000 ppm MgSO4, 7.6 bar, 25 °C, and 15 % water recovery 

(Lenntech 2014a). In definition of calcium mass balance, a new batch of 

Desal 5 DL membrane unwound from spiral module but with the same 

nominal properties was used. The membranes were pretreated by submerging 

them in 0.1 % Ultrasil 110 solution for minimum of 15 minutes. In the case of 

membrane from spiral wound modules, longer pretreatment of 2 hours was 

used to achieve a proper wetting of the membrane. After Ultrasil treatment 

the membranes were flushed several times with deionized water and placed in 

the filtering equipment. Deionized water was flushed through the membranes 

in constant pressure for minimum of 30 minutes, or until stable initial pure 

water flux was achieved. Pure water flux was considered stable when no 

growing or decreasing trend was observed within three parallel measurements 

performed at 5 minute intervals. These initial pure water flux were then 

recorded, tank was emptied and filtration experiment started. After each 

filtration, when as much as possible of the concentrate and permeate had been 

collected as sample, the equipment was flushed three times with deionized 

water. Then more deionized water was driven through the membrane in the 

same constant pressure as prior to filtration for 30 minutes or more, until 

stable final pure water flux was again achieved. The final pure water fluxes 

were measured and recorded similar to the initial pure water fluxes and the 

change in pure water flux was calculated according to the equation 11. After 

pure water fluxes had been defined, the membranes were removed from the 

equipment, dried and stored in plastic bags for further possible analysis. 

 

Three different phosphonate-based antiscalants were compared in the 

treatment of the mine wastewater. Avista Technologies kindly provided our 

project with Vitec 7000 antiscalant and Nalco provided us with PC-510T and 

PC-504T antiscalants. According to the product data sheet Vitec 7000 

antiscalant was stated to be mainly Nitrilotris(methylene)triphosphonic acid 

(Amino Trimethylene Phosphonic Acid). The exact composition of PC-504T 

and PC-510T was not revealed in the product data sheets.  
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FIGURE 10. Structure of amino-trimethylene-phosphonic-acid, also known as 

nitrilo-tris(methylene)-triphosphonic acid (Sigma-Aldritch 2014) 

 

The filters used in determining the Ca2+ mass balance for the best antiscalant 

dosing combination, were 70mm Whatman grade GF/A glass microfiber 

filters. They were pretreated by washing them with 500ml of deionized water, 

after which they were dried overnight in 105 °C oven and a minimum of 3 

hours in desiccator. After this they were weighted and returned to the 

desiccator until used. The same drying and weighting procedure was used for 

the filtered precipitate samples. 

 

The deionized water used in analysis and dilutions was produced with Centra-

R 60/120 equipment. Specifications of water treated with the equipment are 

presented in table I below. All other chemicals used in the research were of 

analytical grade. 

 

TABLE I Specifications of treated water with Centra-R 60/120 equipment. 

Values denoted with1 are specifications for units fitted with 

optional UV and deionization cartridges (Ninolabs 2015) 
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6.2 Experimental setups and procedures 

 

A variety of experimental setups and equipment were used in the experiments. 

These are listed and described separately in this chapter.  

 

6.2.1 Cross-flow nanofiltration unit 

 

The first filtration experiments were performed with cross-flow NF 

equipment, consisting of pump, 3 dm3 mantle heated/cooled feed tank, 

104cm2 flat sheet membrane, adjustable pressure gauge, flow indicator as 

well as the required connective piping and valves. The equipment is presented 

in Fig. 11. 

 

 

FIGURE 11. Cross-flow NF equipment used in this study. 

 

The first goal of these measurements was to roughly determine how much 

purified water could be recovered as permeate from the settled mine process 

water with the chosen membrane, before significant precipitation of dissolved 

compounds started to occur in the concentrate tank. In these experiments, no 

additional water treatment chemicals or external temperature control were 

applied to the treated process system. These experiments were performed 

with temperature of 24 °C, constant pressure of 7 bars and with cross-flow 

velocity of 2 m/s on concentrate side of membrane surface.  
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The main components of the formed scale were determined with Energy-

dispersive X-ray spectroscopy (EDS) analysis from the scale collected from 

these filtration experiments.  

 

After the first experiments, further testing was to determine temperature and 

permeate flux rate effects on system scaling. Three filtration experiments 

were performed in temperatures of 12 °C, 24 °C and 40 °C. These three 

experiments took also place in pressure of 7 bars and with cross-flow velocity 

of 2 m/s. A fourth filtration took also place in 40 °C and with cross-flow 

velocity of 2 m/s, but in a lower pressure of 4.6 bar to equalize the initial 

permeate flux on the same level as in the 24 °C, 7 bar filtration.  

 

During all these filtrations, the effect of possible scaling on membrane and 

filtration process performance were studied. The point where significant 

scaling started to occur was determined by measuring the concentrate 

turbidity as a function of Volume reduction factor (VRF) with Hach 2100AN 

IS turbidimeter. The effect of scaling on membrane performance was 

observed by measuring the permeate flux through the membrane as a function 

of VRF (equations 4 and 5). Possibility of irreversible fouling of the 

membrane was studied by comparing the initial and final pure water fluxes of 

the membranes for each filtration in similar conditions.  

 

6.2.2 Dead-end Stirred cell nanofiltration unit (Amicon) 

 

Experiments concerning the effects of antiscalant additions on scale inhibition 

were performed with Dead-end Stirred cell nanofiltration unit, presented in 

Fig. 12. In the rest of the paper, this equipment can also be referred to with its 

trade name “Amicon” for simplicity. The Amicon equipment consisted of a 

300 ml stirred dead-end type glass tank, pressure gauge, heating plate, 

temperature sensor and a single 40 cm2 flat sheet membrane. The driving 

pressure of 5.2 bar was applied with pressurized nitrogen gas. Mixing with 

magnetic stirrer at 500 rpm was used to achieve shear rate on membrane 

surface to prevent possible cake formation.  
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FIGURE 12. Amicon equipment used in this study. 

 

 

The effects of three different antiscalants on the mining process water sample 

filtration were tested. The antiscalants used in the research were chosen based 

on the EDS scale composition analysis, as well as manufacturer descriptions 

and earlier research suggesting their usefulness in inhibition of similar type of 

scale. The antiscalants were tested in three concentrations in the typical 

dosing range, at 2 ppm, 3.5 ppm and 5 ppm. The temperature for these 

filtrations was chosen based on the results of the previously described 

filtrations in different temperatures. All tests were repeated from 2 to 3 times 

to eliminate inaccurate results. The main studied aspects in these filtrations 

were the development of turbidity in the concentrate, as well as the rate of 

permeate flux, both as a function of VRF.  

 

Prior to every filtration, the pH and conductivity values of the used feed were 

measured in order to roughly evaluate any possible changes in the feed 

composition. Then a carefully measured amount of antiscalant was added to 

the measured amount of settled feed to produce desired dosing. Feed and 
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antiscalant were mixed minimum of 1.5 h, but no more than 2.5 h at 500 rpm 

magnetic stirrer to ensure even blending of the antiscalant in the whole 

solution before initiating of the filtration. Pure water flux measurements and 

washing of the equipment after filtration were performed similar to the cross-

flow NF equipment. 

 

6.2.3 Calcium and sulfate concentration analysis  

 

Calcium analysis for the liquid samples was made with Thermo Scientific 

iCE 3000 series flame Atomic Absorption Spectrometer. Acetylene-nitrous 

oxide flame was used for the analysis and the measurements were made in 

239.9 nm wavelength. Calibration solutions for analysis were diluted from 

1000 ppm analytical Ca standard to 10 ppm, 25 ppm, 50 ppm, and 100 ppm 

respectively. 1 ml of 0.5 M KCl solution per 10 ml of calibration solution was 

added to all calibration solutions according to the Ca analysis method. The 

equipment is presented below in Fig. 13. 

 

 

FIGURE 13. Thermo Scientific iCE 3000 series Atomic Absorption 

Spectrometer equipment used in Ca analysis. 

 

The purpose of these measurements was to determine the mass balance of 

calcium in order to calculate the calcium retention and determine the rate and 

amount of calcium precipitation occurring in the supersaturated concentrate. 
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For this experiment, the antiscalant and dosage that showed highest capability 

of gypsum scaling inhibition according to the turbidity curve measurements, 

without causing fouling for the membrane, was chosen. Getting a sample 

from the concentrate before any major precipitation occurred was essential 

for the accurate determination of the total amount of compounds in the 

concentrate. For this reason it was decided that the filtration would be stopped 

at relatively early VRF. This VRF was chosen based on the turbidity curves 

of the filtrations with best performing antiscalant and dosage. 

 

Prior to the analysis sample preparation and dilution, feed sample was filtered 

with 0.45 μm nylon filters to remove any suspended solids that could disrupt 

the analysis. After filtration, feed sample was diluted to a factor of 25. 

Permeate sample required no filtration. However, to prevent any unintended 

dilution from the water left in the permeate channels after pure water flux 

measurement, the first 10 grams of permeate were discarded as waste. The 

rest of permeate was collected as a single sample to provide the average 

permeate composition across whole filtration. This permeate sample was 

diluted to a factor of 5 for the analysis. From the concentrate, four different 

samples were taken approximately 0 h, 1 h, 17 h and 41 h after ending the 

filtration experiment, according to the following procedure: The total amount 

of concentrate obtained from the experiment was weighted, after which it was 

filtered through a 70mm Whatman grade GF/A glass microfiber filters that 

had been previously washed, dried and weighted as explained in the “Used 

materials and their preparation” chapter. The filtration was performed to 

separate any formed precipitates and other suspended solids from the sample. 

After filtration, the total amount of remaining suspended solids -free 

concentrate sample was weighted. Next, a 20 ml sample was taken from the 

filtered concentrate and diluted to a factor of 25 to prevent any sample 

composition changes due to further precipitation of the sample. The first 

concentrate sample obtained immediately after filtration was later diluted 

further to a total dilution factor of 50 to produce sample in range of the 

calibration solutions. The remaining undiluted sample whose amount was 

known was covered with a film to prevent evaporation, put on a magnetic 

stirrer at 500 rpm and allowed to precipitate in room temperature until next 
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sampling. The filtrated precipitates were then dried and weighted as 

previously explained, to determine the total mass of suspended solids 

separated from the concentrate sample at each time period. This procedure 

was then repeated with each concentrate sampling. 

 

After all samples were filtered and diluted to achieve concentrations in the 

range of calibration solutions, 1 ml of 0.5 M KCl solution per 10 ml of 

analyzed sample was also added similar to the calibration solutions according 

to the Ca analysis method and the samples were analyzed with the AAS 

equipment. 

 

 

Sulfate concentration was analyzed from the feed sample to determine the 

initial sulfate concentration in the mine process water. The analysis was 

performed with Beckmann-Coulter P/ACE MDQ capillary electrophoresis 

equipment. An UV/Vis detector was used for indirect UV detection at 281 nm 

wavelength. The capillaries were made from uncoated fused silica and had 

internal diameter of 50 μm, effective length of 50 cm and total length of 60 

cm. The used electrolyte contained 20 mM 2.3-pyrazinedicarboxylic acid, 65 

mM tricine, 2 mM BaCl2. 0.5 mM cetyltrimethylammonium bromide and 2 

mM urea. Voltage of 30 kV was applied across the capillary for separation. 

The analysis is based on method by Rovio et al. (2010). 

 

Purpose of this analysis was to produce a sulfate mass balance and rejection 

values for the best discovered process conditions filtration similar to Ca mass 

balance and rejection. These values could then be used to roughly estimate 

the mass balance of calcium sulfate in the filtration, although accurate 

balance could not be calculated due to the presence of unknown components 

in the solution such as magnesium, potassium, and carbonates. 

 



41 
 

6.3 Used equations 

 

All the equations used in calculation of results are presented collectively in 

this chapter. 

 

Volume reduction factor is calculated as follows: 

 

𝑉𝑅𝐹 =  
1

1−
𝑉𝑝,𝑡𝑜𝑡

𝑉𝑓,𝑡𝑜𝑡

    (4) 

 

 VRF volume reduction factor, - 

 Vp,tot total permeate volume, m3 

 Vf,tot total feed volume, m3 

 

 

Permeate flux through membrane is calculated as follows: 

 

𝐹𝑝 =
𝑚𝑝

𝐴𝑚𝑡
     (5) 

 

 Fp permeate flux, kg m-2 h-1 

 mp  permeate mass, kg 

 Am membrane area, m2 

 t time, h 

 

 

Nucleation rate is calculated as follows: 

 

𝐵 =  𝑘𝑏∆𝐶𝑏   (6) 

 

 B nucleation rate, m-3 s-1 

 Kb nucleation constant, m-3 s-1 

 b  nucleation order, - 

 ∆C supersaturation coefficient, - 
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Crystal growth rate is calculated as follows: 

 

𝐺 =  𝑘𝑔∆𝐶𝑔   (7) 

 

 G growth rate, m s-1 

 kg growth constant, m s-1 

 g  growth order, - 

 

Calcium retention is calculated as follows: 

 

𝑅𝐶𝑎 = 1 −
𝑐𝐶𝑎,𝑝

𝑐𝐶𝑎,𝑓
∗ 100 %  (8) 

 

 RCa Calcium retention, - 

 ρCa,p calcium mass concentration in the permeate, g m3 

 ρCa,f calcium mass concentration in the feed, g m3 

 

 

Total mass of calcium in each sample is calculated as follows: 

 

𝑚𝐶𝑎,𝑠 = 𝜌𝐶𝑎,𝑠 ∗ 𝑉𝑠   (9) 

 

 mCa,s total mass of Calcium in the sample, g 

 ρCa,s calcium mass concentration in the sample, g m-3 

 Vs volume of the sample, m3 
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Molar concentration is calculated as follows: 

 

𝑐𝑖 =
𝜌𝑖

𝑀𝑖
                   (10) 

 

 ci molar concentration, mol dm-3 

 ρi mass concentration, g dm-3 

 Mi molar mass, g mol-1 

 

 

𝛥𝐹𝑤 =
𝐹𝑤,𝑎− 𝐹𝑤,𝑏

𝐹𝑤,𝑎
∗ 100%    (11) 

 

 ΔFw change in pure water flux, % 

 Fw,a  pure water flux before filtration, kg m-2 h-1 

 Fw,b pure water flux after filtration, kg m-2 h-1 

  

 

 

7 RESULTS AND DISCUSSION 

 

In this chapter, the most important results obtained through experimental 

setups and analysis described in the previous chapter will be reviewed and 

discussed.  

 

7.1 Initial water recovery and general scale composition 

 

The first filtration experiments with the cross-flow nanofiltration equipment 

and settled process water, with no added water treatment chemicals or 

external temperature control seemed to indicate, that roughly a VRF of 3.5 

(~70 % water recovery) could be reached in the studied system before major 

scaling occurred in the concentrate tank. 
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In EDS analysis, the formed scale was identified to be white powder, 

consisting mainly of calcium sulfate (CaSO4). It was also observed to contain 

small amount of orange and black suspended solid impurities from the feed 

water. This knowledge was then used in the planning of further experiments 

and choosing of possibly effective antiscalants. 

 

 

7.2 Effect of temperature and permeate flux on filtration 

 

The experiments to observe the effects of temperature on system scaling were 

studied in 12 °C, 24 °C and 40 °C. The thermostat used in the filtrations was 

observed to cause slight fluctuation in the set temperature, but these changes 

remained below ± 0.2 °C. This inaccuracy applies to all filtrations performed 

with cross-flow nanofiltration equipment. The exact temperatures at each 

sampling point were not recorded. 

 

The results from the three filtrations in different temperatures and constant 

pressure seemed to indicate, that lower operating temperature would inhibit 

the precipitation process and allow for higher water recovery ratios to be 

achieved before scaling in the filtration unit started occurring. Higher 

temperatures, respectively, seemed to promote precipitation and cause scaling 

to occur earlier in the process and proceed faster. However, higher 

temperature also seemed to significantly increase the permeate flux rate in the 

filtrations. This could in turn affect the calcium sulfate concentration on the 

membrane surface due to concentration polarization. 

 

To distinguish between the effects of temperature and surface concentration, a 

fourth filtration in 40 °C temperature was performed, but in a lower pressure 

of 4.6 bar to equalize the initial permeate flux on the same level as in the 

24 °C, 7 bar filtration. The assumption was, that if concentration polarization 

would be the main cause for earlier scaling in the initial 40 °C filtration, then 

the scaling should occur considerably later in 40 °C filtration with lower 

permeate flux. Respectively, if the concentration polarization did not have 
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significant effect on the precipitation, the scaling should occur in the same 

region as with the initial 40 °C filtration. The development of turbidity and 

permeate flux of these four test runs can be seen below in figures 15 and 16. 

The complete data of all these initial filtration experiments can also be found 

separately in appendix I. 

 

 
FIGURE 14. Development of turbidity as a function of VRF in different 

operating conditions. Cross-flow nanofiltration unit, Desal 5 DL 

membrane, 2 m/s cross-flow. 

 

 

FIGURE 15. Development of permeate flux as a function of VRF in different 

operating conditions. Cross-flow nanofiltration unit, Desal 5 DL 

membrane, 2 m/s cross-flow. 

 

Due to the large scale of the Y-axis (6000 NTU) of the previous Fig. 14, the 

peaking of 12 °C filtration turbidity cannot be clearly observed from this 
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figure. For this reason the turbidities of the initial stages of 12 °C and 24 °C 

filtrations are presented separately for closer inspection in Fig. 16 below. 

 

 

FIGURE 16. Development of turbidity as a function of VRF in early stages of 

the two lower temperature filtrations. Cross-flow nanofiltration 

unit, Desal 5 DL membrane, 2 m/s cross-flow. 

 

From the Fig. 14, it can be seen that no significant difference in scaling point 

and rate between the 40 °C filtrations with different permeate flux rates was 

observed, while both filtrations showed significant precipitation considerably 

earlier than in the filtrations with lower operating temperature. Therefore it 

was determined that the cross-flow of concentrate on the membrane surface 

was sufficient to negate major effects of concentration polarization on the 

scale formation with the used permeate flux rates and that in these condition 

ranges temperature was more significant parameter in regards to precipitation 

point and speed than permeate flux rate. Furthermore, from Fig. 16 it can be 

seen that the peaking of turbidity occurs roughly at the same point (VRF of 

3.5) both in filtrations at 12 °C and 24 °C. This suggests, that while 

increasing temperature from 24 °C to 40 °C significantly promotes scale 

formation, decreasing temperature from 24 °C to 12 °C does not show any 

significant advantages. On the contrary, the only observed effect from 

lowering the temperature to 12 °C was the lower overall permeate flux rate, 

presented in Fig. 15. 
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However, as illustrated in Fig. 17, previous research by Azimi et al. (2007) 

has shown, that the difference in calcium sulfate water solubility between 

24 °C and 40 °C is quite small and that calcium sulfate should actually be 

slightly more soluble in 40 °C than in 24 °C, or 12 °C. 

 

FIGURE 17. Calcium sulfate solubility in water (Azimi et al. 2007). 

 

Still, as our measurements demonstrated, the precipitation of calcium sulfate 

was initiated earlier and proceeded faster in 40 °C than in 24 °C or 12 °C, 

contrary to the expectation based on solubility. For this reason it can be 

assumed that the effect of temperature is much greater on the calcium sulfate 

precipitation kinetics, than it is on the solubility. This assumption is further 

supported by Alimi et al. (2003), who have studied the effect of temperature 

on calcium sulfate spontaneous precipitation induction period (Fig. 18). 
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FIGURE 18. Induction periods of spontaneous calcium sulfate precipitation in 

aqueous solutions in temperatures from 20 °C to 70 °C (Alimi et 

al. 2003). 

 

Fig. 18 clearly shows that higher temperatures lead to uniformly shorter 

induction periods for spontaneous calcium sulfate precipitation in all 

supersaturation levels. Furthermore, it can be observed that similar induction 

time as in 20 °C temperature and 4 times supersaturation, is already reached 

at approximately 2.5 times supersaturation in 40 °C. This corresponds quite 

well to our experimental data of the VRF points where first signs of 

precipitation were observed (approx. VRF of 3.5 at 24 °C, approx. VRF of 

2.6 at 40 °C). 

 

Based on these initial results, if maximal water recovery was desired, low 

operating temperature should be used. However, the benefits of lowering 

operation temperature below 24 °C in inhibiting precipitation could not be 

reliably proven with the performed experimental sets. Also, no previous data 

on calcium sulfate spontaneous induction times below the temperature of 

20 °C was found. However, the effect of temperature on permeate flux was 

clear, showing that lowering operation temperature will lead to noticeable 

drop in the achieved permeate flux across the whole tested temperature range. 

This will lead to slower overall process, as well as higher energy 

consumption in the forms of worse flux/pressure ratio and the need for 

external cooling. For these reasons the temperature range of 24 °C was 

chosen for further antiscalant testing but further process optimization could 

be performed in the region between 24 °C and 30 °C to maximize the 
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achieved permeate flux, while not inflicting significantly earlier precipitation 

on the system and also minimizing the energy related to temperature control. 

 

Furthermore, another result worth observing was found from the initial 

measurements by comparing permeate flux against the turbidity. A uniform 

trend can be seen in all filtrations, where the permeate flux first drops almost 

linearly as a function of VFR as the filtration proceeds, the feed is 

concentrated and the osmotic pressure increases. However, after precipitation 

of salts proceeds sufficiently, the flux begins to improve again. This can be 

most clearly seen in a 24 °C filtration where 4L of feed was used and higher 

VRF was reached. These results are presented in Fig. 19. 

 

 

FIGURE 19. Combined plot of permeate flux and turbidity in a 4 L 24 °C 

filtration. Cross-flow nanofiltration unit, Desal 5 DL membrane, 

7 bar, 2 m/s cross-flow. 

 

This was assumed to be at least partially caused by the drop in osmotic 

pressure, due to supersaturated salts leaving the solution by means of 

precipitation. When membrane was removed from the equipment, no scale 

layer was observed on its surface. However, some scale formation was 

observed on the inner surfaces of equipment piping during operation. The 

membrane surface in the cross-flow nanofiltration unit could not be observed 

during the operation, and thus the possibility of temporary scale formation on 

the membrane surface during operation could not be confirmed. In membrane 

crystallizer units, the shear forces caused by crossflow on membrane surface 

are sufficient to dislodge heterogeneously nucleated crystals from membrane 
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surface and thus prevent scale layer formation. If shear forces are not high 

enough to dislodge nucleated crystals and some degree of scale layer is 

formed on the membrane surface during operation, it will also contribute to 

the degradation of permeate flux rate. However, when turbidity rises in the 

concentrate, precipitated particles in the bulk liquid may also brush the 

membrane surface and thus help cleaning the membrane surface. This may 

also have small contribution to the improvement of flux but the effect was 

thought to be minimal due to no great amounts of membrane surface fouling 

being observed in any filtration and the effect of concentration polarization 

having earlier been determined as insignificant in regards to precipitation 

point in these conditions. 

 

Based on pure water flux measurements before and after filtration, significant 

irreversible damage to the membrane was not observed in these experiments 

even though high VRFs and turbidities due to gypsum precipitation were 

reached. However it should be noted that scale formation on piping and 

concentrate tank surfaces could eventually lead to plugging, preventing long 

term operation on high supersaturations. This phenomenon should especially 

be taken in to consideration when considering a continuously operating 

process. 

 

7.3 Effect of antiscalants on filtration performance 

 

The experiments to observe the effects of antiscalants on system scaling were 

studied in 23 °C. The temperature chosen for these experiments was chosen 

based on the previously presented results of different temperature filtrations, 

as well as to minimize the need for external temperature control. The 

thermostat used in the filtrations was observed to cause slight fluctuation in 

the set temperature, but these changes remained below +- 0.2 °C. This 

inaccuracy applies to all filtrations performed on the dead-end type 

nanofiltration equipment (Amicon). The exact temperatures at each sampling 

point were not recorded. 
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Antiscalants with capability of calcium and sulfate scale prevention were 

chosen for this study based on the rough initial precipitate composition 

analysis with EDS. These chosen antiscalants were Vitec® 7000 by Avista 

technologies (specific calcium sulfate antiscalant), PC-504T by Nalco 

chemicals (specific calcium sulfate antiscalant) and PC-510T (silica and 

calcium salt antiscalant for waters with high silica concentrations) 

(Subramani et al. 2012; McCool et al. 2013; Avista Technologies, 2014). 

 

The measured feed pH values were in the region of 11.3-11.6 and the 

conductivities were in the region of 3.4 – 3.5 mS/cm. From this it was 

concluded that no major changes in feed composition e.g. due to precipitation 

had occurred during the experiment and that the results were thus comparable. 

The accurate values for the feeds of each sample can be found in the appendix 

VIII. 

 

Concentrate and permeate pH’s were not systematically measured, but based 

on several independent samplings, the pH of permeate samples were typically 

close to the feed water pH in the range of 11. Concentrate sample pHs were in 

the range of 6-7 regardless of antiscalant addition. These values were 

measured from concentrate where significant precipitation had already taken 

place. 

 

7.3.1 Vitec 7000 

 

The first of the three tested antiscalants was Vitec 7000 by Avista 

Technologies. The filtration with no added antiscalant was repeated three 

times and filtrations with each of the three antiscalant concentrations were 

repeated two times. The data of the repeated filtrations corresponded each 

other’s quite well. For this reason and for clarity, only the turbidity and flux 

data of the first experiments in each concentration is presented in the 

following figures 21 and 22. The complete data of all the parallel filtrations 
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with no added antiscalant can be found separately in appendix II and the data 

of filtrations with Vitec 7000 addition can be found separately in appendix III. 

 

 

FIGURE 20. Turbidity development of the Dead-end filtration experiments 

with different concentrations of Vitec 7000 antiscalant. Amicon 

filtration unit, Desal 5 DL membrane, 23 °C, 5.2bar, 500 rpm 

mixing, 400 ml feed. 

 

Based on these results, low doses (2 ppm) of Vitec 7000 did not have great 

effect on the scaling inhibition capabilities of the researched mine process 

water. However, when increasing the dosage up to 5 ppm, the scaling 

inhibition capability of the system seemed to increase considerably and as 

high VRF as 6 (~83 % water recovery) could be reached before any major 

scaling occurred in the concentrate tank when using 5 ppm of Vitec 7000. 
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FIGURE 21. Flux development of the Dead-end filtration experiments with 

different concentrations of Vitec 7000 antiscalant. Amicon 

filtration unit, Desal 5 DL membrane, 23 °C, 5.2bar, 500 rpm 

mixing, 400 ml feed. 

 

Furthermore, when observing the development of flux, the antiscalant does 

not seem to significantly damage or foul the membrane surface. Only uniform 

nearly linear decline in flux can be observed with all antiscalant 

concentrations. This is thought to be due to increased osmotic pressure as the 

solution is concentrated. Also, the improvement of flux at the points where 

significant scaling started to occur in each experiment can be observed. As 

previously stated, this is thought to be due to drop in osmotic pressure due to 

dissolved salts leaving the solution through precipitation. The assumption that 

no significant fouling had occurred during filtration was further supported by 

the pure water flux measurements before and after the filtrations. Both 

increase and decrease in pure water flux were observed across repetitive 

filtrations, but the average change remained less than +-5 %. The full data of 

pure water flux measurements for each of these filtrations can be found in the 

appendix III.  

 

Since filtration performance seemed to improve with increased antiscalant 

amount throughout the dosing range and no major negative effects were 

observed, even higher antiscalant dosages could be tested in further 

experiments. 
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7.3.2 PC-504T 

 

The second tested antiscalant was PC-504T by Nalco Chemicals. The 

repeatability of low concentration PC-504T filtrations was slightly worse than 

those for Vitec 7000 but at 5 ppm concentration, the results were slightly 

more uniform. Due to these variations in results, all data from the 

experiments is presented in the figures 23 and 24 below. The complete data of 

all parallel filtrations with PC-504T addition can also be found separately in 

appendix IV. 

 

 

FIGURE 22. Turbidity development of the Dead-end filtration experiments 

with different concentrations of PC-504T antiscalant. Amicon 

filtration unit, Desal 5 DL membrane, 23 °C, 5.2bar, 500 rpm 

mixing, 400 ml feed. 

 

Despite the somewhat broad variation in specific concentration turbidity 

results that caused even overlapping of “better” 2 ppm and “worse” 3.5 ppm 

filtration turbidity curves as seen in the above Fig. 22, a clear trend where the 

system scaling inhibition capability increases with higher concentrations of 

antiscalant can be nonetheless observed. It is also seen that in the tested 

conditions, as high VRF as 7 (~85 % water recovery) can be reached with 5 

ppm PC-504T addition before significant scaling starts to occur. This is 

slightly better than the results with 5 ppm of Vitec 7000. 
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FIGURE 23. Flux development of the Dead-end filtration experiments with 

different concentrations of PC-504T antiscalant. Amicon 

filtration unit, Desal 5 DL membrane, 23 °C, 5.2bar, 500 rpm 

mixing, 400 ml feed. 

 

As for the development of flux in these filtrations, the results seem mostly 

uniform, with some deviating values, as can be seen from the Fig. 23. above. 

Like in the previous filtrations with Vitec 7000 antiscalant, the permeate flux 

rate drops almost linearly as a function of VRF in the beginning of the 

filtration, due to the increase in osmotic pressure as the salts are concentrated 

in the solution but starts to improve again once the dissolved salts start to 

leave the solution through precipitation. 

 

For some of the filtrations, the pure water flux seemed to slightly decrease 

after the filtration, while some actually showed a slight increase in pure water 

flux. Some of these changes were almost 10 %, but due to their conflicting 

nature, no clear fouling trend can be observed with certainty. The single 

greatest decrease in pure water flux was observed for 2 ppm PC-504T 

filtration number 2. The decrease in pure water flux after this filtration was 

almost 15 %. It can also be seen from the above Fig. 23, that this filtration 

had the worst and least linear flux development of all the filtrations. Due to 

the results of that filtration differing so greatly compared to the others, it can 

be assumed that some unknown reason, not necessarily related to the 

antiscalant, may have caused membrane damage and subsequent flux 

deterioration during that experiment. The full data of pure water flux 

measurements for each of these filtrations can be found in the appendix IV. 
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7.3.3 PC-510T 

 

The last of the three tested antiscalants was PC-510T by Nalco Chemicals. 

This antiscalant was only tested in 5ppm concentration, to achieve a 

comparison between the three antiscalants in the concentration that had 

yielded the best results for the previous two antiscalants. The results of the 

test filtrations can be seen below in figures 25 and 26. The complete data of 

all parallel filtrations with PC-510T addition, including the pure water fluxes 

can also be found separately in appendix V. 

 

 

FIGURE 24. Turbidity development of the Dead-end filtration experiments 

with different concentrations of PC-510T antiscalant. Amicon 

filtration unit, Desal 5 DL membrane, 23 °C, 5.2bar, 500 rpm 

mixing, 400 ml feed. 

 

From the turbidity development in Fig. 24, it can be clearly seen that with the 

concentration of 5 ppm, PC-510T is able to add system scaling inhibition 

capability compared to feed with no added antiscalant. However, the achieved 

improvement in scaling inhibition capability is not as good as with Vitec 

7000 and PC-504T.  
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FIGURE 25. Flux development of the Dead-end filtration experiments with 

different concentrations of PC-510T antiscalant. Amicon 

filtration unit, Desal 5 DL membrane, 23 °C, 5.2bar, 500 rpm 

mixing, 400 ml feed. 

 

Furthermore, when observing the measured permeate flux rates in above Fig. 

25, it can be seen that the initial permeate fluxes are close to each other’s in 

both cases with no added antiscalant and with 5ppm of PC-510T. However, 

with 5ppm of PC-510T a sharp decrease in permeate flux can be observed in 

the very beginning of the filtration, after which the flux development will 

take a more linear shape. Still, all measured permeate fluxes after the initial 

measurements throughout the filtration are significantly worse with 5ppm 

PC-510T than with no added antiscalant. This systematic decrease in flux is 

thought to be caused by some degree of fouling of the membrane due to the 

antiscalant, since the initial pure water flux could not be recovered even after 

prolonged water flushing. The pure water fluxes measured after filtration and 

water flushing were on average 15 % lower than those measured before the 

filtrations. These fluxes are presented in the Fig. 26 below. 
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FIGURE 26. Pure water fluxes before filtering runs of 5 ppm PC-510T treated 

filtrations and after filtrations and water flushing. Amicon 

filtration unit, Desal 5 DL membrane, 23 °C, 5.2 bar, 500 rpm 

stirring. 

 

7.3.4 Antiscalant overdosing (PC-504T) 

 

Since the system scaling inhibition capability increased steadily with higher 

amounts of antiscalants throughout the producer-advised dosing range and no 

fouling was yet observed with the two best of the tested antiscalants, an 

additional test run with much higher antiscalant concentration was performed. 

For this test, PC-504T was chosen based on its slightly better performance in 

scaling inhibition. For overdosing, 20 ppm of PC-504T was added to the feed 

water and the Amicon filtration was performed as before. The results are 

presented in following figures 28 and 29. The complete data of PC-504T 

overdosing filtrations and pure water fluxes can also be found separately in 

appendix VI. 
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FIGURE 27. Turbidity development of the Dead-end filtration experiments 

with overdosing of 20 ppm PC-504T antiscalant, compared to 0 

ppm antiscalant. Amicon filtration unit, Desal 5 DL membrane, 

23 °C, 5.2bar, 500 rpm mixing, 400 ml feed. 

 

As can be seen from the Fig. 27 above, the development of turbidity with 

addition of 20 ppm PC-504T remains almost linear until VRF of 6-7. After 

that, the turbidity development starts to accelerate beyond the effects of 

simple concentration of the solution but the change is extremely slow, and no 

sharp peaking in turbidity is encountered even at VRF of 14. 

 

 

FIGURE 28. Flux development of the Dead-end filtration experiments with 

overdosing of 20 ppm PC-504T antiscalant, compared to 0 ppm 

antiscalant. Amicon filtration unit, Desal 5 DL membrane, 23 °C, 

5.2bar, 500 rpm mixing, 400 ml feed. 

 

When observing the above Fig. 28 presenting flux values for the same 

filtration, a sharp drop in the permeate flux can be observed in the beginning 

of the filtration, similar to the test runs with 5 ppm of PC-510T. This is most 

likely due to larger antiscalant concentrations fouling the membrane surface. 
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The last trend divergent flux measurement for 20 ppm PC-504T dosing was 

caused by the concentrate surface in the Amicon filter dropping below the 

baffles that prevented vortex formation. When the baffles were no longer in 

contact with the concentrate, a vortex formed and caused a part of the 

membrane to be exposed to air, which led to unstable flux. As such, further 

operation was impossible and the experiment had to be stopped. The fouling 

can also be seen when comparing the final pure water flux to the initial in Fig. 

29 below. 

 

 

FIGURE 29. Pure water flux before filtering 20 ppm PC-504T treated mine 

water and after filtration and water flushing. Desal 5 DL 

membrane, 23 °C, 5.2 bar, 500 rpm stirring. 

 

The decrease in pure water flux observed after filtration, was approximately 

14 % and could not be recovered by simple water flushing. 

 

Since a clear sharp increase in turbidity was not encountered with the VRF 

range reachable with just Amicon equipment an additional to reach higher 

VRF was assigned. The purpose of this experiment was to pre-concentrate the 

feed with the same type of membrane in a separate higher capacity 

nanofiltration equipment up to VRF of 4. This pre-concentrated feed was then 

planned to be treated further with Amicon to reach even higher VRF. 

However, the experiment did not proceed as intended. A new batch of the 

Desal 5 DL membrane with the same nominal properties (unwound from a 

spiral module) did not pretreat properly with the same 0.1 % Ultrasil 110 
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pretreatment used for the previous batch membranes. Even after slightly 

longer pretreatment of 51 min, the measured pure water fluxes were quite 

unstable and significantly lower than for the previous membranes. For this 

reason, the flux rate achievable with the Amicon filter membrane area turned 

out to be too low to fully treat the pre-concentrated feed during the same day 

so that the desired VRF could be reached. Due to the limitations in the 

research team size and working hours, the experiment had to be put on hold, 

and the concentrate was left in the Amicon filter overnight (17h) in 

continuous stirring.  

 

Changes in the concentrate composition during this period were expected and 

were considered to be a possible significant problem. The turbidities were 

measured before putting the filtration on hold at VRF of 5.4 (245 NTU) and 

the next morning when the filtration was initiated again (360 NTU). As 

expected, the relative difference was considerable (over 60 %) but when 

comparing it against the turbidity of the previous uninterrupted 20 ppm PC-

504T Amicon filtration in corresponding VRF (550 NTU) it was noticed to be 

still considerably lower. For this reason, the filtration was continued as 

planned despite the obvious change in the concentrate composition. However, 

the full consequences of the holding period became obvious at VRF of 8 - 9 

where the turbidity suddenly peaked and reached a value of 7277 NTU, even 

though the previous filtration showed no significant turbidity increase at this 

point.  

 

To explain this sudden development of the turbidity, we must take a look at 

the functions governing crystal nucleation and growth rates. Small primary 

nuclei are continuously formed in the concentrate as long as it is in 

supersaturated state, according to the equation 6.  As described in the 

literature part, antiscalants work by attacking the formed nuclei and 

preventing effective crystal growth according to the equation 7. Prolonged 

nucleation, even if at low speed, can consume the antiscalant in the solution 

over an extended period of time and eventually lead to a point where the 

growth of crystals can no longer be inhibited. It is assumed that the longer 

time is allowed for the nucleation, the more antiscalant will be consumed by 
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the time the filtration is resumed and the earlier the peaking of the turbidity 

can be observed. 

 

7.4 Calcium and sulfate precipitation experiment and analysis  

 

Based on the results obtained from comparing the turbidity curves of the 

filtrations with different dosages of three different antiscalants, 5 ppm of PC-

504T was determined as the most effective combination of antiscalant and 

dosage for the treatment of the researched mine process water. The VRF to 

which feed would be concentrated in the calcium and sulfate mass balance 

experiment was chosen as 4, well before any significant precipitation had 

been detected in the earlier 5 ppm of PC-504T filtrations. The turbidity and 

flux data of this filtration can be seen in Fig. 30 below. 

 

 

 

FIGURE 30. Turbidity and flux development of the Dead-end filtration 

experiments with 5 ppm of PC-510T antiscalant for mass balance 

determination. Amicon filtration unit Desal 5 DL membrane, 

23 °C, 5.2bar, 500 rpm mixing, 400 ml feed. 

 

From the above Fig. 30 can be seen, that no peaking of turbidity occurred 

during the filtration and that there was no fouling detected in the development 

of flux. Therefore it was expected that no significant amount of dissolved 
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calcium or sulfate would be removed in the first concentrate sample filtration 

immediately after the filtration and that any suspended solids recovered from 

the first filtration would consist mainly of impurities in the original feed. The 

orange-brown color of these solids (compared to the white color of solid 

calcium sulfate) further supported the assumption of different composition.  

 

As described in the experimental setup chapter, a total of six samples were 

taken from this filtration. Feed, permeate and filtered concentrate samples 0 h, 

1 h, 17 h, and 41 h after the filtration. From each of the six obtained samples, 

three parallel dilutions were performed and analyzed to obtain the calcium 

concentration in that sample. Calcium retention was also calculated for each 

three parallel sample series according to the equation 8. From these parallel 

samples, average values were calculated. These average values are presented 

in the following table II. Full data of all parallel calcium analysis, as well as 

the data of the filtrations from which the calcium samples were taken are 

presented in a table in the appendix VII. 

 

TABLE II  Average dissolved calcium concentrations and retentions of the 

parallel dilutions. Samples taken from 5 ppm PC-504T 

containing filtration for Ca
2+

 mass balance and retention 

determination. 

Sample Average 

Ca2+ feed [mg/l] 838 

Ca2+ perm [mg/l] 65 

Ca2+ concentrate 0h [mg/l] 3176 

Ca2+ concentrate 1h [mg/l] 2370 

Ca2+ concentrate 17h [mg/l] 1389 

Ca2+ concentrate 41h [mg/l] 1404 

Retention [%] 92.2 

 

The average dissolved calcium concentration of the concentrate samples as a 

function of time after filtration can also be seen in the Fig. 31 below. 
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FIGURE 31. The development of dissolved calcium in concentrate over time. 

Samples taken from the concentrate obtained from 5 ppm PC-

504T containing filtration for Ca
2+

 mass balance and retention 

determination. 

 

From the above Fig. 31 it can be clearly seen, that the amount of dissolved 

calcium drops sharply in the first hours of concentrate storage, i.e. 

considerable and fast precipitation occurs in the solution, even though the 

VRF remains unchanged and no noticeable rise in turbidity had occurred 

during the filtration. However after 17 hours no more significant precipitation 

is observed during the next 24 hours and the dissolved calcium in the 

concentrate sample is assumed to have reached at least semi stable 

equilibrium. At this point, approximately 56 % of the total calcium contained 

in the original concentrate sample has precipitated. However, the exact time 

when this semi stable equilibrium has been achieved in this specific system, is 

unknown. To obtain the exact time it takes for the concentrate system to 

achieve this state, a similar experiment with more frequent sampling setup 

should be assigned for the timeframe of 17 hours after filtration. 

 

It should be also noted, that the antiscalant remaining in the concentrate is 

very likely to still show some dispersive effects at this point, increasing 

calcium sulfate solubility and hindering the precipitation. As such, further 

precipitation over extended period of time may still be possible if the 

antiscalant chemical will be deactivated by natural oxidation or other 

chemical reactions. To achieve faster and better calcium sulfate recovery in 
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the process, deliberate antiscalant deactivation e.g. by oxidation methods 

should also be considered. Deactivation of antiscalants by advanced oxidation 

has already been proven to have some positive effects for certain antiscalant 

and precipitate compounds in previous research e.g. by Greenlee et al. (2011). 

However, this aspect was not addressed in this study, and should be regarded 

specifically in further studies. 

 

In the beginning of the calcium mass balance calculation, the total amount of 

calcium contained in the feed, permeate and initial concentrate sample was 

calculated based on the calcium concentrations and sample volume according 

the equation 9. The sample volumes, as well as total calcium contents 

calculated based on the sample volumes and concentrations presented earlier, 

are shown in the following table III. 

 

TABLE III  Total calcium content and sample volumes of feed, permeate and 

initial concentrate sample from a 5 ppm PC-504T containing 

filtration for Ca
2+

 mass balance and retention determination. 

Sample Amount [ml] Tot. Ca2+ in solution [mg] 

Feed 401.5 336 

Permeate 300.0 20 

Conc. 0h after filtration 95.0 302 

Missing: 6.5 14 

 

 

From this data we can see that 6.5 ml of the initial volume of 401.5 ml and 14 

mg of the total content of 336 mg of calcium are not accounted for in the 

analyzed permeate and concentrate samples. However, these losses are 

minimal and the fact that some volume is lost, strongly suggests imperfect 

permeate and concentrate recovery, i.e. small amounts of concentrate 

remaining in the tank surfaces and permeate remaining in the cannels after the 

filtration. Based on the volume of lost solution and the concentrations of 

permeate and concentrate, the effects of these residuals on the calcium mass 

balance are noticeable but are not enough evidence to completely exclude the 

possibility of some calcium also precipitate being removed in the first 

filtration. 
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A sulfate CE analysis was also commissioned for the feed water sample to 

determine the Ca2+ and SO4
2- ratio of the original feed. According to the 

analysis, the feed water sulfate mass concentration was 1443 mg/l. Based on 

the analyzed feed Ca2+ and SO4
2-

 mass concentrations, molar concentrations 

for these two compounds in the original feed could be calculated according 

the equation 10. These results are presented in the table IV below. 

 

TABLE IV  Calcium and sulfate molar masses, as well as mass and molar 

concentrations in the feed. 

Compound 

 

Molar mass 

[mg/mmol] 

Feed mass 

concentration [mg/l] 

Feed molar 

concentration [mmol/l] 

Ca2+ 40.078 838 20.9 

SO4
2- 96.070 1443 15.0 

 

From these results it can be seen that the amount of calcium clearly exceeds 

the amount of sulfate in the feed solution. This is expected to possibly lead 

into depletion of sulfate from the treated solution over successive filtration 

and CaSO4 precipitation steps, and into precipitation of various other 

sparingly soluble calcium compounds. This will then increase the chemical 

impurity of the produced precipitate and should be taken in consideration if 

product recovery is desired. 

 

In these experiments, calcium rejection of 92 % was achieved in the complex 

system of actual mine process water with feed composition of 838 ppm Ca2+, 

1443 ppm SO4
2-, 5 ppm of PC-504T, 5.2 bar, 23 °C, and 75 % water recovery. 

When comparing it against the nominal MgSO4 rejection of 96 % given by 

the manufacturer in conditions of 2000 ppm MgSO4, 7.6 bar, 25 °C, and 15 % 

water recovery (Lenntech 2014a), this can be considered a good result. The 

slightly lower achieved rejection is most likely caused by higher surface 

concentration due to much greater water recovery. Multitude of other 

unknown dissolved components present in the actual mining process water 

stream may also cause slightly decreased rejection due to concentration 

polarization.  
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8 CONCLUSIONS 

 

The initial test runs with the cross-flow NF and untreated mine process water 

suggested, that significant precipitation of salts in the studied mine process 

water began to occur roughly at a VRF of 3.5 (~70 % water recovery) in 

24 °C temperature. This is already quite good result, but even higher 

efficiency would be favorable, and could be reached with optimization of 

process conditions and antiscalant addition. The formed scale was analyzed 

with EDS and identified to consist mostly of calcium sulfate. Based on the 

permeate flux measurements, this initial scaling was not observed to have 

significant negative effects on the membrane performance of the used Desal-5 

DL membranes at the used cross-flow velocity of 2 m/s. On the contrary, the 

permeate flux seemed to slightly improve when significant precipitation 

started to occur, due to lowering osmotic pressure in the concentrate. 

However, scale formation on the equipment surfaces in the other parts with 

lower cross-flow rates, such as piping and concentrate tank was observed. 

This could quickly lead to blocking of the equipment if continuously operated 

in such a state and would in practice force process operation below theoretical 

maximum water recovery.  

 

From the results of initial filtration experiments in different temperatures 

(12 °C, 24 °C, and 40 °C) a trend where scaling seemed to occur 

systematically at lower VRF in higher operating temperatures, was observed. 

This suggested that low temperatures could possibly benefit the CaSO4 

precipitation inhibition, despite the inverse solubility with respect to 

temperature. However, temperature also had significant effect on the overall 

permeate flux of the filtrations. A further experiment was then performed to 

distinguish between the effects of higher permeate flux (increased 

concentration polarization) and higher temperature (40 °C, compared to 

24 °C) on the precipitation. The experiment was performed by conducting 

another filtration at 40 °C, but with permeate flux adjusted to same level with 

the previous 24°C filtration by lowering the driving pressure. The results 

from this experiment however showed no significant difference in scaling 

occurrence when compared to the 40 °C filtration with higher driving 
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pressure and permeate flux. From these results two conclusions were then 

made: Firstly, it was concluded that concentration polarization did not seem 

to have any noticeable effect on the filtration system scaling with the studied 

cross-flow rate, temperature and permeate flux range. Secondly, it was 

concluded that in regards to scaling, the effects of temperature on calcium 

sulfate precipitation kinetics were much more significant than the effects of 

temperature on calcium sulfate solubility. The precipitation kinetics were thus 

concluded to be responsible for the earlier scaling occurrence with higher 

temperatures despite the lower solubility.  

 

In the antiscalant comparison, the PC-504T antiscalant was found out to be 

the most effective antiscalant for the studied mine process water in the used 

antiscalant dosing range of 2-5 ppm. With 5 ppm PC-504T dosing, a VRF of 

7 (~85 % water recovery) could be reached before significant scaling in the 

system occurred. This is two times higher than the VRF reached with 

untreated mine process water, meaning halving the amount of produced 

concentrated waste. No irreversible fouling of the membrane or significant 

differences in permeate flux through filtration was observed in the 2-5 ppm 

dosing range.  

 

The results from overdosing of the PC-504T antiscalant in a 20 ppm 

concentration proved that antiscalant dosing higher than 5 ppm allows even 

higher VRF to be reached before significant scaling occurs. In the overdosing 

experiments the concentrate turbidity remained almost completely linear to 

the VRF of 7, suggesting that up to this point no noticeable scaling in the 

concentrate occurred with the used equipment. After a VRF of 7 a slight 

curvature in the turbidity as a function of VRF was observed, suggesting that 

minor scaling had started to occur in the solution. However, even at a VRF of 

14, no sudden spiking of turbidity similar to earlier filtrations was observed. 

While operating at such high supersaturations, the effects of osmotic pressure 

and surface concentration were also expected to be considerably greater. This 

could be observed as significantly decreased permeate flux during filtration, 

suggesting that several filtrations at a lower VRF combined with intermediate 

precipitate removal could achieve faster and more energy efficient process 
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than a single filtration to a high VRF. In the high VRF’s the surface 

concentrations could eventually rise to such a high level that the membrane 

retention would be decreased significantly. The decrease in membrane 

retention would thus set a maximum VRF for the operation of studied process, 

regardless of antiscalant capability of inhibiting precipitation at that VRF. 

Signs of this kind of decrease of calcium retention at later stages (over VRF 

of 10) of the 20 ppm PC-504T filtration were observed, however, the 

maximum VRF value where retention would not be significantly affected was 

not determined. The high 20 ppm concentrations of PC-504T antiscalant was 

also noticed to cause some degree of membrane fouling that could not be 

recovered by water flushing, making such a high dosage unfavorable in this 

regard also.  

 

In the final part of the experiments, calcium retention for the Desal-5 DL 

membrane in the best discovered process conditions (5 ppm of PC-504T, 

23 °C) and the CaSO4 precipitation in the stored concentrate sample after 

filtration were studied. Calcium retention of 92 % was achieved in a filtration 

where VRF of 4 (75 % water recovery) was reached. This can be considered a 

good result when comparing it against the nominal MgSO4 retention value of 

96 % given my manufacturer at 15 % water recovery (Lenntech 2014a). The 

original feed water calcium content of 838 mg/l was decreased to 65 mg/l. 

While water of this purity does not yet fill all environmental standards for 

discharged process water, it could possibly be reused in process stages 

requiring lower grade water, or it could be treated further to produce water of 

even higher purity. Furthermore, approximately 56 % of the calcium 

contained in the concentrate could be recovered as precipitate consisting 

mainly of CaSO4 by less than 17h precipitation in a stirred vessel and 

subsequent filtration. This amount may possibly be further increased by 

applying antiscalant deactivating treatment step such as advanced oxidation 

treatment to improve CaSO4 precipitation. 

 

As a conclusion it can be said that reaching a VRF of 7 before significant 

scaling or fouling occurs in the system is possible with the aid of proper 

antiscalants in a batch type filtration. However, continuous operation was not 
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studied in this research and experiments with concentrate storage showed that 

even feed samples concentrated merely to a VRF of 2.3 will show significant 

precipitation over extended period of storage, even though no scaling was 

observed in the equipment at this point even without any antiscalant addition. 

For this reason it is assumed that prolonged operation in continuous scheme 

and supersaturated state without intermediate precipitation and scale removal 

unit may expose the system for severe scaling hazards even below VRF’s 

where batch filtration did not show signs of significant scaling.  

 

9. POSSIBLE SUBJECTS FOR FURTHER RESEARCH 

 

Although this research has yielded some useful knowledge about the 

treatment of alkaline mining process waters with antiscalant aided 

nanofiltration and proven this type of process to be a potential for treating 

similar mining process waters, many questions remain open. To answer these 

questions, further and more specific research is necessary. In this chapter, 

some aspects needing deeper understanding, as well as suggestions for further 

research subjects, are listed. 

 

9.1 Improving post-filtration precipitation by antiscalant deactivation 

 

Antiscalants are beneficial compounds in the filtration process, increasing 

sparingly soluble compound solubility and inhibiting scale formation. 

However, antiscalants may become a problem in later processes where crystal 

formation is desired, e.g. intermediate precipitate recovery in crystallizers. To 

achieve maximal dissolved solids recovery and the maximal overall process 

performance, the scale-inhibiting effects of antiscalants should be deactivated 

before such a process takes place. Antiscalant deactivation via oxidation by 

i.e. ozone or peroxide addition has shown some degree of promise in previous 

research (Greenlee et al. 2011) but the applicability and required dosage with 

respect to specific antiscalant compounds should be studied individually. For 

this reason, further study on the most suitable oxidation method, as well as 
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the required time and dosage for best possible results on the studied systems 

should be conducted. 

 

9.2 Antiscalant effects on nuclei induction time with model compounds 

 

In this research, only actual mine process waters were used. These process 

waters contain a great multitude of various dissolved compounds, with great 

possibility of co-effect in solubility, precipitation and fouling. For this reason, 

drawing accurate conclusions on antiscalant effects on nucleation and 

precipitation kinetics of a single compound is impossible. Therefore, 

simplified model compound experiments with known substances and 

concentrations should be performed with each antiscalant. This would allow 

for e.g. more accurate definition of total calcium sulfate recovery and 

comparing these results with actual mining process water solutions would 

enable rough estimation of co-effects of various salts on the rejection and 

filtration performance in the complex mine process water system. These 

results could also offer deeper understanding on specific antiscalant-

compound interactions and could be used to generate a predicting model for 

complex solutions to make further optimization of the process easier. 

 

9.3 Long term durability of membranes 

 

To produce industrially applicable processes, research of long term durability 

of the membranes is essential. Our research showed, that certain 

concentrations of antiscalants in combination with the mine process water 

may cause fouling for the tested NF membrane even with single short period 

filtrations. This fouling was not recovered by simple water flushing. This 

kind of fouling occurred even at single short term filtrations, so the possibility 

of minor fouling occurring over an extended period even with lower 

antiscalant concentrations should not be excluded without research. From the 

standpoint of economic feasibility, it is important to maximize the lifespan of 

the membrane modules, as well as minimize the need for washing chemicals. 

These economic aspects should then be estimated together with the standards 
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set on the purified mine process water, to ensure that both economic 

efficiency and sufficient water purification are achieved. 

 

9.4 Subsequent filtration-precipitation cycles 

 

Adding subsequent filtration and precipitation cycles could be an effective 

way of increasing the total achieved water recovery ratio from the feed 

process water. However, concentration and precipitation of other sparingly 

soluble compounds not encountered in the precipitate of the first filtration 

cycle should be taken in account. This may eventually lead to ineffectiveness 

of antiscalant chemical in regards to all scaling compounds and thus scaling 

occurring at different VRF than expected based on the first filtration cycles. 

This will also affect the product precipitate composition and purity. If 

subsequent filtration cycles are desired in the process, the possibility of such 

problems occurring should be researched and taken into consideration. 
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TABLE I  Initial and final pure water flux data from the 12 °C cross-flow 

NF filtration experiment. 2 m/s cross-flow, 7 bar driving pressure, 

24 °C temperature. 
P 

[Bar] 

permeate 

[g] 

t initial 

[s] 

flux initial 

[kg/m2h] 

t final 

[s] 

flux final 

[kg/m2h] 

decrease in 

flux [%] 

7 10 46.6 74.3 48.6 71.2 4.1 

7 10 46.4 74.6 48.8 70.9 4.9 

7 10 46.3 74.8 48.5 71.4 4.5 
 

 

 

 

TABLE II  Filtration data from the 12 °C cross-flow NF filtration 

experiment. 2 m/s cross-flow, 7 bar driving pressure, 12 °C 

temperature, 3 l feed amount. 
perm. 

[g] 

t [s] 

 

perm. Tot. m 

[g] 

turbidity 

[NTU] 

VRF 

 

flux 

[kg/m2h] 

10 93.1 39 38  0.96 37.2 

10 91.2 124 34  0.98 38.0 

10 90.8 354 35  1.07 38.1 

10 91.3 514 34  1.13 37.9 

10 92.9 647 31  1.19 37.3 

10 93.1 800 36  1.27 37.2 

10 95.6 1051 42  1.42 36.2 

10 97.5 1231 45  1.55 35.5 

10 96.9 1443 76  1.74 35.7 

10 99.8 1665 109  1.99 34.7 

10 105 1856 130 2.28 33.1 

10 111 2014 168 2.60 31.1 

10 123 2124 210 2.87 28.2 

10 116 2261 261 3.30 29.8 

10 124 2311 326 3.49 28.0 

10 119 2370 538 3.75 29.2 
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TABLE III  Initial and final pure water flux data from the 24 °C cross-flow 

NF filtration experiment. 2 m/s cross-flow, 7 bar driving pressure, 

24 °C temperature. 
P 

[Bar] 

permeate 

[g] 

t initial 

[s] 

flux initial 

[kg/m2h] 

t final 

[s] 

flux final 

[kg/m2h] 

decrease in 

flux [%] 

7 10 48.4 71.5 47.4 73.0 -2.1 

7 10 48.4 71.5 47.8 72.4 -1.3 

7 10 48.8 70.9 47.4 73.0 -3.0 
 

 

 

 

TABLE IV  Filtration data from the 24 °C cross-flow NF filtration 

experiment. 2 m/s cross-flow, 7 bar driving pressure, 24 °C 

temperature, 4 l feed amount. 
perm. 

[g] 

t [s] 

 

perm. Tot. m 

[g] 

turbidity 

[NTU] 

VRF 

 

flux 

[kg/m2h] 

10 61.2 0 8  0.96 56.6 

10 60.2 80 8  0.98 57.5 

10 61.6 435 7  1.07 56.2 

10 64.2 878 8  1.22 53.9 

10 63.3 1269 9  1.38 54.7 

10 66.1 1740 26  1.65 52.4 

10 70.1 1958 41  1.81 49.4 

10 70.7 2216 61 2.05 49.0 

10 72.8 2445 82 2.32 47.5 

10 74.1 2576 93 2.51 46.7 

10 75.1 2674 107 2.67 46.1 

10 76.4 2775 118 2.87 45.3 

10 78.5 2881 144 3.10 44.1 

10 82.7 3015 253 3.46 41.9 

10 81.5 3075 428 3.65 42.5 

10 80.9 3180 2281 4.04 42.8 

10 77.8 3261 4138 4.40 44.5 

10 72.8 3345 5274 4.85 47.5 
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TABLE V  Initial and final pure water flux data from the 40 °C cross-flow 

NF filtration experiment. 2 m/s cross-flow, 7 bar driving pressure, 

24 °C temperature. 
P 

[Bar] 

permeate 

[g] 

t initial 

[s] 

flux initial 

[kg/m2h] 

t final 

[s] 

flux final 

[kg/m2h] 

decrease in 

flux [%] 

7 10 43.5 79.6 48.1 72.0 9.6 

7 10 43.4 79.8 47.1 73.5 7.9 

7 10 43.6 79.4 47.6 72.7 8.4 
 

 

 

 

TABLE VI  Filtration data from the 40 °C cross-flow NF filtration 

experiment. 2 m/s cross-flow, 7 bar driving pressure, 40 °C 

temperature, 3 l feed amount. 
perm. 

[g] 

t [s] 

 

perm. Tot. m 

[g] 

turbidity 

[NTU] 

VRF 

 

flux 

[kg/m2h] 

10 37.8 0 58  0.95 91.6 

10 39.6 130 61  0.99 87.4 

10 41.1 770 73  1.25 84.2 

10 43.6 1028 86  1.40 79.4 

10 46.4 1459 133  1.75 74.6 

10 51.4 1873 187 2.31 67.3 

10 51.6 1996 277 2.56 67.1 

10 53.1 2072 477 2.73 65.2 

10 51.8 2132 822 2.89 66.8 

10 51.3 2199 2063 3.09 67.5 

10 49.5 2264 3412 3.31 69.9 
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TABLE VII  Initial and final pure water flux data from the 40 °C 4.6 bar 

cross-flow NF filtration experiment. 2 m/s cross-flow, 7 bar 

driving pressure, 24 °C temperature. 

P 

[Bar] 

permeate 

[g] 

t initial 

[s] 

flux initial 

[kg/m2h] 

t final [s] 

 

flux final 

[kg/m2h] 

decrease in 

flux [%] 

7 10 48.0 72.1 46.5 74.4 -3.2 

7 10 48.1 72.0 47.4 73.0 -1.5 

7 10 48.2 71.8 46.8 74.0 -3.0 
 

 

 

TABLE VIII  Filtration data from the 40 °C, 4.6 bar cross-flow NF filtration 

experiment. 2 m/s cross-flow, 4.6 bar driving pressure, 40 °C 

temperature, 3 l feed amount. 
perm. 

[g] 

t [s] 

 

perm. Tot. m 

[g] 

turbidity 

[NTU] 

VRF 

 

flux 

[kg/m2h] 

10 64.2 42 49  0.96 53.9 

10 60.3 250 53  1.03 57.4 

10 61.7 484 55  1.12 56.1 

10 66.2 792 67  1.26 52.3 

10 67.2 1130 79  1.47 51.5 

11 71.8 1426 92  1.72 53.0 

10 74.1 1660 120  1.99 46.7 

10 76.8 1953 165 2.47 45.1 

10 84.8 2090 599 2.78 40.8 

10 82.6 2180 1986 3.03 41.9 

10 72.9 2323 

 

3.54 47.5 
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TABLE I  Initial and final pure water flux data from the 0 ppm antiscalant 

Amicon filtration 1 experiment. 500 rpm mixing, 5.2 bar driving 

pressure, 23 °C temperature. 
 

P 

[Bar] 

permeate 

[g] 

t initial 

[s] 

flux initial 

[kg/m2h] 

t final 

[s] 

flux final 

[kg/m2h] 

decrease in 

flux [%] 

5.2 5 142 31.7 133 33.8 -6.8 

5.2 5 143 31.5 132 34.1 -8.3 

5.2 5 143 31.5 133 33.8 -7.5 
 

 

 

 

TABLE II  Filtration data from the 0 ppm antiscalant Amicon filtration 1 

experiment. 500 rpm mixing, 5.2 bar driving pressure, 23 °C 

temperature, 400 ml feed. 
perm. 

[g] 

t [s] 

 

perm. Tot. m 

[g] 

turbidity 

[NTU] 

VRF 

 

flux 

[kg/m2h] 

5 151 6 89  1.02 29.8 

5 179 100 122  1.33 25.1 

5 195 200 174 2.00 23.1 

5 226 250 270 2.67 19.9 

5 241 270 316 3.08 18.7 

5 277 290 423 3.64 16.2 

5 297 300 739 4.00 15.2 

5 285 310 3458 4.44 15.8 
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TABLE III  Initial and final pure water flux data from the 0 ppm antiscalant 

Amicon filtration 2 experiment. 500 rpm mixing, 5.2 bar driving 

pressure, 23 °C temperature. 
P 

[Bar] 

permeate 

[g] 

t initial 

[s] 

flux initial 

[kg/m2h] 

t final 

[s] 

flux final 

[kg/m2h] 

decrease in 

flux [%] 

5.2 5 149 30.2 166 27.1 10.4 

5.2 5 148 30.4 166 27.1 10.8 

5.2 5 148 30.4 166 27.1 10.8 
 

 

 

TABLE IV  Filtration data from the 0 ppm antiscalant Amicon filtration 2 

experiment. 500 rpm mixing, 5.2 bar driving pressure, 23 °C 

temperature, 300 ml feed. 
perm. 

[g] 

t [s] 

 

perm. Tot. m 

[g] 

turbidity 

[NTU] 

VRF 

 

flux 

[kg/m2h] 

5 157 6 62  1.02 28.7 

5 193 50 82  1.20 23.3 

5 238 100 105  1.50 18.9 

5 247 130 132  1.76 18.2 

5 264 150 157 2.00 17.0 

5 280 160 169 2.14 16.1 

5 289 170 187 2.31 15.6 

5 296 180 214 2.50 15.2 

5 305 190 237 2.73 14.8 

5 330 200 273 3.00 13.6 

5 377 210 354 3.33 11.9 

5 390 220 502 3.75 11.5 

5 440 230 1251 4.29 10.2 
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TABLE V Initial and final pure water flux data from the 0 ppm antiscalant 

Amicon filtration 3 experiment. 500 rpm mixing, 5.2 bar driving 

pressure, 23 °C temperature. 
P 

[Bar] 

permeate 

[g] 

t initial 

[s] 

flux initial 

[kg/m2h] 

t final 

[s] 

flux final 

[kg/m2h] 

decrease in 

flux [%] 

5.2 5 149 30.2 133 33.8 -12.0 

5.2 5 148 30.4 136 33.1 -8.8 

5.2 5 148 30.4 137 32.8 -8.0 
 

 

TABLE VI Filtration data from the 0 ppm antiscalant Amicon filtration 3 

experiment. 500 rpm mixing, 5.2 bar driving pressure, 23 °C 

temperature, 300 ml feed. 
perm. 

[g] 

t [s] 

 

perm. Tot. m 

[g] 

turbidity 

[NTU] 

VRF 

 

flux 

[kg/m2h] 

5 163 6 47  1.02 27.6 

5 186 50 81  1.20 24.2 

5 221 150 148 2.00 20.4 

5 246 180 193 2.50 18.3 

5 285 210 271 3.33 15.8 

5 307 220 329 3.75 14.7 

5 354 230 492 4.29 12.7 

5 370 240 1933 5.00 12.2 
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FIGURE 1. Turbidity development of the Amicon filtrations with no added 

antiscalant. Desal 5 DL membrane, 23 °C, 5.2bar, 500 rpm 

mixing, 400 ml feed. 

 

 

FIGURE 2. Flux development of the Amicon filtration with no added 

antiscalant. Desal 5 DL membrane, 23 °C, 5.2bar, 500 rpm 

mixing, 400 ml feed. 
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TABLE I  Initial and final pure water flux data from the 2 ppm Vitec 7000 

Amicon filtration 1 experiment. 500 rpm mixing, 5.2 bar driving 

pressure, 23 °C temperature. 
P 

[Bar] 

permeate 

[g] 

t initial 

[s] 

flux initial 

[kg/m2h] 

t final 

[s] 

flux final 

[kg/m2h] 

decrease in 

flux [%] 

5.2 5 146 30.8 144 31.3  -1.4 

5.2 5 147 30.6 143 31.5 -2.8 

5.2 5 147 30.6 143 31.5 -2.8 
 

 

 

TABLE II  Filtration data from the 2 ppm Vitec 7000 Amicon filtration 1 

experiment. 500 rpm mixing, 5.2 bar driving pressure, 23 °C 

temperature, 400 ml feed. 
perm. 

[g] 

t [s] 

 

perm. Tot. m 

[g] 

turbidity 

[NTU] 

VRF 

 

flux 

[kg/m2h] 

5 166 6 73  1.02 27.1 

5 200 100 98  1.33 22.5 

5 211 200 138 2.00 21.3 

5 245 250 193 2.67 18.4 

5 265 270 231 3.08 17.0 

5 308 290 285 3.64 14.6 

5 330 300 380 4.00 13.6 

5 341 310 1962 4.44 13.2 

5 307 320 6770 5.00 14.7 
 

 

TABLE III  Initial and final pure water flux data from the 2 ppm Vitec 7000 

Amicon filtration 2 experiment. 500 rpm mixing, 5.2 bar driving 

pressure, 23 °C temperature. 
P 

[Bar] 

permeate 

[g] 

t initial 

[s] 

flux initial 

[kg/m2h] 

t final 

[s] 

flux final 

[kg/m2h] 

decrease in 

flux [%] 

5.2 5 156 28.8 154 29.2  -1.3 

5.2 5 159 28.3 153 29.4 -3.9 

5.2 5 158 28.5 156 28.8  -1.3 
 

 

TABLE IV  Filtration data from the 2 ppm Vitec 7000 Amicon filtration 2 

experiment. 500 rpm mixing, 5.2 bar driving pressure, 23 °C 

temperature, 400 ml feed. 
perm. 

[g] 

t [s] 

 

perm. Tot. m 

[g] 

turbidity 

[NTU] 

VRF 

 

flux 

[kg/m2h] 

5 158 6 78  1.02 28.5 

5 212 100 100  1.33 21.2 

5 248 200 144 2.00 18.1 

5 295 250 200 2.67 15.3 

5 317 270 227 3.08 14.2 

5 365 300 396 4.00 12.3 

5 345 320 6772 5.00 13.0 
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FIGURE 1. Turbidity development of the Amicon filtration with 2 ppm Vitec 

7000 antiscalant. Desal 5 DL membrane, 23 °C, 5.2bar, 500 rpm 

mixing, 400 ml feed. 

  

FIGURE 2. Flux development of the Amicon filtration with 2 ppm Vitec 

7000 antiscalant. Desal 5 DL membrane, 23 °C, 5.2bar, 500 rpm 

mixing, 400 ml feed. 
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TABLE V  Initial and final pure water flux data from the 3.5 ppm Vitec 

7000 Amicon filtration 1 experiment. 500 rpm mixing, 5.2 bar 

driving pressure, 23 °C temperature. 
P 

[Bar] 

permeate 

[g] 

t initial 

[s] 

flux initial 

[kg/m2h] 

t final 

[s] 

flux final 

[kg/m2h] 

decrease in 

flux [%] 

5.2 5 147 30.6 139 32.4 -5.8 

5.2 5 146 30.8 142 31.7 -2.8 

5.2 5 146 30.8 139 32.4 -5.0 
 

 

TABLE VI  Filtration data from the 3.5 ppm Vitec 7000 Amicon filtration 1 

experiment. 500 rpm mixing, 5.2 bar driving pressure, 23 °C 

temperature, 400 ml feed. 
perm. 

[g] 

t [s] 

 

perm. Tot. m 

[g] 

turbidity 

[NTU] 

VRF 

 

flux 

[kg/m2h] 

5 150 7 81  1.02 30.0 

5 186 100 104  1.33 24.2 

5 209 200 156 2.00 21.5 

5 232 250 215 2.67 19.4 

5 299 300 365 4.00 15.1 

5 330 310 503 4.44 13.6 

5 365 320 683 5.00 12.3 

5 327 330 5636 5.71 13.8 
 

 

TABLE VII  Initial and final pure water flux data from the 3.5 ppm Vitec 

7000 Amicon filtration 2 experiment. 500 rpm mixing, 5.2 bar 

driving pressure, 23 °C temperature. 
P 

[Bar] 

permeate 

[g] 

t initial 

[s] 

flux initial 

[kg/m2h] 

t final 

[s] 

flux final 

[kg/m2h] 

decrease in 

flux [%] 

5.2 5 147 30.6 143 31.5 -2.8 

5.2 5 145 31.0 146 30.8 0.7 

5.2 5 145 31.0 144 31.3  -0.7 
 

 

TABLE VIII  Filtration data from the 3.5 ppm Vitec 7000 Amicon filtration 2 

experiment. 500 rpm mixing, 5.2 bar driving pressure, 23 °C 

temperature, 400 ml feed. 
perm. 

[g] 

t [s] 

 

perm. Tot. m 

[g] 

turbidity 

[NTU] 

VRF 

 

flux 

[kg/m2h] 

5 154 7 82  1.02 29.2 

5 179 100 104  1.33 25.1 

5 208 200 145 2.00 21.6 

5 233 250 210 2.67 19.3 

5 294 300 357 4.00 15.3 

5 331 310 430 4.44 13.6 

5 358 320 540 5.00 12.6 

5 415 330 3302 5.71 10.8 

5 309 335 5751 6.15 14.6 
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FIGURE 3. Turbidity development of the Amicon filtration with 3.5 ppm 

Vitec 7000 antiscalant. Desal 5 DL membrane, 23 °C, 5.2bar, 

500 rpm mixing, 400 ml feed. 

  

FIGURE 4. Flux development of the Amicon filtration with 3.5 ppm Vitec 

7000 antiscalant. Desal 5 DL membrane, 23 °C, 5.2bar, 500 rpm 

mixing, 400 ml feed. 
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TABLE IX  Initial and final pure water flux data from the 5 ppm Vitec 7000 

Amicon filtration 1 experiment. 500 rpm mixing, 5.2 bar driving 

pressure, 23 °C temperature. 
P 

[Bar] 

permeate 

[g] 

t initial 

[s] 

flux initial 

[kg/m2h] 

t final 

[s] 

flux final 

[kg/m2h] 

decrease in 

flux [%] 

5.2 5 140 32.1 148 30.4 5.4 

5.2 5 141 31.9 144 31.3 2.1 

5.2 5 141 31.9 144 31.3 2.1 
 

 

TABLE X  Filtration data from the 5 ppm Vitec 7000 Amicon filtration 1 

experiment. 500 rpm mixing, 5.2 bar driving pressure, 23 °C 

temperature, 400 ml feed. 
perm. 

[g] 

t [s] 

 

perm. Tot. m 

[g] 

turbidity 

[NTU] 

VRF 

 

flux 

[kg/m2h] 

5 168 6 86  1.02 26.8 

5 190 100 108  1.33 23.7 

5 217 200 153 2.01 20.7 

5 235 250 221 2.68 19.1 

5 317 300 391 4.03 14.2 

5 336 310 495 4.48 13.4 

5 379 320 597 5.05 11.9 

5 448 330 931 5.78 10.0 

5 359 340 9277 6.76 12.5 
 

 

TABLE XI  Initial and final pure water flux data from the 5 ppm Vitec 7000 

Amicon filtration 2 experiment. 500 rpm mixing, 5.2 bar driving 

pressure, 23 °C temperature. 
P 

[Bar] 

permeate 

[g] 

t initial 

[s] 

flux initial 

[kg/m2h] 

t final 

[s] 

flux final 

[kg/m2h] 

decrease in 

flux [%] 

5.2 5 137 32.8 134 33.6 -2.2 

5.2 5 139 32.4 133 33.8 -4.5 

5.2 5 136 33.1 135 33.3  -0.7 
 

 

TABLE XII  Filtration data from the 5 ppm Vitec 7000 Amicon filtration 2 

experiment. 500 rpm mixing, 5.2 bar driving pressure, 23 °C 

temperature, 400 ml feed. 
perm. 

[g] 

t [s] 

 

perm. Tot. m 

[g] 

turbidity 

[NTU] 

VRF 

 

flux 

[kg/m2h] 

5 160 6 92  1.02 28.1 

5 181 100 118  1.33 24.9 

5 193 200 170 2.00 23.3 

5 229 250 240 2.67 19.7 

5 296 300 388 4.00 15.2 

5 325 310 471 4.44 13.8 

5 362 320 603 5.00 12.4 

5 481 330 794 5.71 9.4 

5 505 340 4600 6.67 8.9 
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TABLE XIII Initial and final pure water flux data from the 5 ppm Vitec 7000 

Amicon filtration 3 experiment. 500 rpm mixing, 5.2 bar driving 

pressure, 23 °C temperature. 
P 

[Bar] 

permeate 

[g] 

t initial 

[s] 

flux initial 

[kg/m2h] 

t final 

[s] 

flux final 

[kg/m2h] 

decrease in 

flux [%] 

5.2 5 153 29.4 165 27.3 7.3 

5.2 5 153 29.4 169 26.6 9.5 

5.2 5 154 29.2 165 27.3 6.7 
 

 

 

 

TABLE XIV Filtration data from the 5 ppm Vitec 7000 Amicon filtration 3 

experiment. 500 rpm mixing, 5.2 bar driving pressure, 23 °C 

temperature, 400 ml feed. 
perm. 

[g] 

t [s] 

 

perm. Tot. m 

[g] 

turbidity 

[NTU] 

VRF 

 

flux 

[kg/m2h] 

5 142 7 85  1.02 31.7 

5 208 100 105  1.33 21.6 

5 268 200 151 2.00 16.8 

5 339 250 212 2.66 13.3 

5 436 300 418 3.97 10.3 

5 480 310 520 4.41 9.4 

5 536 320 724 4.95 8.4 

5 587 330 4287 5.65 7.7 
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FIGURE 5. Turbidity development of the Amicon filtration with 5 ppm Vitec 

7000 antiscalant. Desal 5 DL membrane, 23 °C, 5.2bar, 500 rpm 

mixing, 400 ml feed. 

 

 

FIGURE 6. Flux development of the Amicon filtration with 5 ppm Vitec 

7000 antiscalant. Desal 5 DL membrane, 23 °C, 5.2bar, 500 rpm 

mixing, 400 ml feed. 
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TABLE I  Initial and final pure water flux data from the 2 ppm PC-504T 

Amicon filtration 1 experiment. 500 rpm mixing, 5.2 bar driving 

pressure, 23 °C temperature. 
P 

[Bar] 

permeate 

[g] 

t initial 

[s] 

flux initial 

[kg/m2h] 

t final 

[s] 

flux final 

[kg/m2h] 

decrease in 

flux [%] 

5.2 5 132 34.1 131 34.4  -0.8 

5.2 5 131 34.4 134 33.6 2.2 

5.2 5 128 35.2 133 33.8 3.8 
 

TABLE II  Filtration data from the 2 ppm PC-504T Amicon filtration 1 

experiment. 500 rpm mixing, 5.2 bar driving pressure, 23 °C 

temperature, 400 ml feed. 
perm. 

[g] 

t [s] 

 

perm. Tot. m 

[g] 

turbidity 

[NTU] 

VRF 

 

flux 

[kg/m2h] 

5 149 6 81  1.02 30.2 

5 184 100 108  1.33 24.5 

5 201 200 154 2.00 22.4 

5 234 250 219 2.67 19.2 

5 260 280 288 3.33 17.3 

5 306 300 368 4.00 14.7 

5 332 310 500 4.44 13.6 

5 336 320 3422 5.00 13.4 

5 284 325 4800 5.33 15.8 
 

TABLE III  Initial and final pure water flux data from the 2 ppm PC-504T 

Amicon filtration 2 experiment. 500 rpm mixing, 5.2 bar driving 

pressure, 23 °C temperature. 
P 

[Bar] 

permeate 

[g] 

t initial 

[s] 

flux initial 

[kg/m2h] 

t final 

[s] 

flux final 

[kg/m2h] 

decrease in 

flux [%] 

5.2 5 132 34.1 157 28.7 15.9 

5.2 5 131 34.4 156 28.8 16.0 

5.2 5 133 33.8 157 28.7 15.3 
 

TABLE IV Filtration data from the 2 ppm PC-504T Amicon filtration 2 

experiment. 500 rpm mixing, 5.2 bar driving pressure, 23 °C 

temperature, 400 ml feed. 
perm. 

[g] 

t [s] 

 

perm. Tot. m 

[g] 

turbidity 

[NTU] 

VRF 

 

flux 

[kg/m2h] 

5 141 6 80  1.02 31.9 

5 164 100 102  1.33 27.4 

5 240 200 155 2.00 18.8 

5 305 250 210 2.67 14.8 

5 315 280 259 3.33 14.3 

5 338 300 332 4.00 13.3 

5 358 310 397 4.44 12.6 

5 407 320 703 5.00 11.1 

5 426 330 2789 5.71 10.6 

5 373 335 4063 6.15 12.1 
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FIGURE 1. Turbidity development of the Amicon filtration with 2 ppm PC-

504T antiscalant. Desal 5 DL membrane, 23 °C, 5.2bar, 500 rpm 

mixing, 400 ml feed. 

 

 

FIGURE 2. Flux development of the Amicon filtration with 2 ppm PC-504T 

antiscalant. Desal 5 DL membrane, 23 °C, 5.2bar, 500 rpm 

mixing, 400 ml feed. 
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TABLE V  Initial and final pure water flux data from the 3.5 ppm PC-504T 

Amicon filtration 1 experiment. 500 rpm mixing, 5.2 bar driving 

pressure, 23 °C temperature. 
P 

[Bar] 

permeate 

[g] 

t initial 

[s] 

flux initial 

[kg/m2h] 

t final 

[s] 

flux final 

[kg/m2h] 

decrease in 

flux [%] 

5.2 5 132 34.1 123 36.6 -7.3 

5.2 5 131 34.4 125 36.0 -4.8 

5.2 5 128 35.2 123 36.6 -4.1 
 

TABLE VI  Filtration data from the 3.5 ppm PC-504T Amicon filtration 1 

experiment. 500 rpm mixing, 5.2 bar driving pressure, 23 °C 

temperature, 400 ml feed. 
perm. 

[g] 

t [s] 

 

perm. Tot. m 

[g] 

turbidity 

[NTU] 

VRF 

 

flux 

[kg/m2h] 

5 145 6 83  1.02 31.0 

5 162 100 105  1.33 27.8 

5 185 200 160 2.00 24.3 

5 197 250 220 2.67 22.8 

5 223 280 275 3.33 20.2 

5 260 300 343 4.00 17.3 

5 275 310 421 4.44 16.4 

5 304 320 522 5.00 14.8 

5 351 330 728 5.71 12.8 

5 429 340 1330 6.67 10.5 

5 346 345 6770 7.27 13.0 
 

TABLE VII  Initial and final pure water flux data from the 3.5 ppm PC-504T 

Amicon filtration 2 experiment. 500 rpm mixing, 5.2 bar driving 

pressure, 23 °C temperature. 
P 

[Bar] 

permeate 

[g] 

t initial 

[s] 

flux initial 

[kg/m2h] 

t final 

[s] 

flux final 

[kg/m2h] 

decrease in 

flux [%] 

5.2 5 144 31.3 133 33.8 -8.3 

5.2 5 142 31.7 131 34.4 -8.4 

5.2 5 145 31.0 133 33.8 -9.0 
 

TABLE VIII  Filtration data from the 3.5 ppm PC-504T Amicon filtration 2 

experiment. 500 rpm mixing, 5.2 bar driving pressure, 23 °C 

temperature, 400 ml feed. 
perm. 

[g] 

t [s] 

 

perm. Tot. m 

[g] 

turbidity 

[NTU] 

VRF 

 

flux 

[kg/m2h] 

5 157 6 85  1.02 28.7 

5 187 100 114  1.33 24.1 

5 207 200 148 2.00 21.7 

5 236 250 230 2.67 19.1 

5 309 300 396 4.00 14.6 

5 343 310 485 4.44 13.1 

5 380 320 665 5.00 11.8 

5 423 330 2700 5.71 10.6 

5 325 335 5125 6.15 13.8 
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FIGURE 3. Turbidity development of the Amicon filtration with 3.5 ppm 

PC-504T antiscalant. Desal 5 DL membrane, 23 °C, 5.2bar, 500 

rpm mixing, 400 ml feed. 

 

 

FIGURE 4. Flux development of the Amicon filtration with 3.5 ppm PC-

504T antiscalant. Desal 5 DL membrane, 23 °C, 5.2bar, 500 rpm 

mixing, 400 ml feed. 
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TABLE IX  Initial and final pure water flux data from the 5 ppm PC-504T 

Amicon filtration 1 experiment. 500 rpm mixing, 5.2 bar driving 

pressure, 23 °C temperature. 
P 

[Bar] 

permeate 

[g] 

t initial 

[s] 

flux initial 

[kg/m2h] 

t final 

[s] 

flux final 

[kg/m2h] 

decrease in 

flux [%] 

5.2 5 141 31.9 140 32.1 -0.7 

5.2 5 141 31.9 142 31.7 0.7 

5.2 5 142 31.7 141 31.9 -0.7 
 

TABLE X  Filtration data from the 5 ppm PC-504T Amicon filtration 1 

experiment. 500 rpm mixing, 5.2 bar driving pressure, 23 °C 

temperature, 400 ml feed. 
perm. 

[g] 

t [s] 

 

perm. Tot. m 

[g] 

turbidity 

[NTU] 

VRF 

 

flux 

[kg/m2h] 

5 158 6 85  1.02 28.5 

5 196 100 114  1.33 23.0 

5 211 200 170 2.00 21.3 

5 240 250 232 2.67 18.8 

5 305 300 363 4.00 14.8 

5 344 310 456 4.44 13.1 

5 354 320 543 5.00 12.7 

5 437 330 718 5.71 10.3 

5 453 335 943 6.15 9.9 

5 526 340 1446 6.67 8.6 

5 511 345 4311 7.27 8.8 
 

TABLE XI Initial and final pure water flux data from the 5 ppm PC-504T 

Amicon filtration 2 experiment. 500 rpm mixing, 5.2 bar driving 

pressure, 23 °C temperature. 
P 

[Bar] 

permeate 

[g] 

t initial 

[s] 

flux initial 

[kg/m2h] 

t final 

[s] 

flux final 

[kg/m2h] 

decrease in 

flux [%] 

5.2 5 123 36.6 134 33.6 8.2 

5.2 5 123 36.6 133 33.8 7.5 

5.2 5 124 36.3 133 33.8 6.8 
 

 

TABLE XII  Filtration data from the 5 ppm PC-504T Amicon filtration 2 

experiment. 500 rpm mixing, 5.2 bar driving pressure, 23 °C 

temperature, 400 ml feed. 
perm. 

[g] 

t [s] 

 

perm. Tot. m 

[g] 

turbidity 

[NTU] 

VRF 

 

flux 

[kg/m2h] 

5 145 6 85  1.02 31.0 

5 164 100 119  1.33 27.4 

5 192 200 175 2.00 23.4 

5 217 250 240 2.67 20.7 

5 289 300 414 4.00 15.6 

5 354 320 566 5.00 12.7 

5 389 330 717 5.71 11.6 

5 494 340 1009 6.67 9.1 

5 498 345 1589 7.27 9.0 

5 406 350 6214 8.00 11.1 
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FIGURE 5. Turbidity development of the Amicon filtration with 5 ppm PC-

504T antiscalant. Desal 5 DL membrane, 23 °C, 5.2bar, 500 rpm 

mixing, 400 ml feed. 

 

 

FIGURE 6. Flux development of the Amicon filtration with 5 ppm PC-504T 

antiscalant. Desal 5 DL membrane, 23 °C, 5.2bar, 500 rpm 

mixing, 400 ml feed. 
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TABLE I  Initial and final pure water flux data from the 5 ppm PC-510T 

Amicon filtration 1 experiment. 500 rpm mixing, 5.2 bar driving 

pressure, 23 °C temperature. 
P 

[Bar] 

permeate 

[g] 

t initial 

[s] 

flux initial 

[kg/m2h] 

t final 

[s] 

flux final 

[kg/m2h] 

decrease in 

flux [%] 

5.2 5 147 30.6 166 27.1 11.4 

5.2 5 149 30.2 167 26.9 10.8 

5.2 5 146 30.8 166 27.1 12.0 
 

 

TABLE II  Filtration data from the 5 ppm PC-510T Amicon filtration 1 

experiment. 500 rpm mixing, 5.2 bar driving pressure, 23 °C 

temperature, 400 ml feed. 
perm. 

[g] 

t [s] 

 

perm. Tot. m 

[g] 

turbidity 

[NTU] 

VRF 

 

flux 

[kg/m2h] 

5 156 6 89  1.02 28.8 

5 218 100 117  1.33 20.6 

5 280 210 178 2.11 16.1 

5 320 250 239 2.67 14.1 

5 353 280 311 3.33 12.7 

5 443 300 409 4.00 10.2 

5 474 310 513 4.44 9.5 

5 497 320 900 5.00 9.1 

5 502 325 3824 5.33 9.0 
 

 

TABLE III  Initial and final pure water flux data from the 5 ppm PC-510T 

Amicon filtration 2 experiment. 500 rpm mixing, 5.2 bar driving 

pressure, 23 °C temperature. 
P 

[Bar] 

permeate 

[g] 

t initial 

[s] 

flux initial 

[kg/m2h] 

t final 

[s] 

flux final 

[kg/m2h] 

decrease in 

flux [%] 

5.2 5 147 30.6 183 24.6 19.7 

5.2 5 142 31.7 177 25.4 19.8 

5.2 5 145 31.0 175 25.7 17.1 
 

 

TABLE IV  Filtration data from the 5 ppm PC-510T Amicon filtration 2 

experiment. 500 rpm mixing, 5.2 bar driving pressure, 23 °C 

temperature, 400 ml feed. 
perm. 

[g] 

t [s] 

 

perm. Tot. m 

[g] 

turbidity 

[NTU] 

VRF 

 

flux 

[kg/m2h] 

5 162 6 91  1.02 27.8 

5 231 100 120  1.33 19.5 

5 274 200 170 2.00 16.4 

5 323 250 242 2.67 13.9 

5 371 280 321 3.33 12.1 

5 426 300 424 4.00 10.6 

5 438 310 507 4.44 10.3 

5 468 320 695 5.00 9.6 

5 539 330 3866 5.71 8.3 
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TABLE I  Initial and final pure water flux data from the 20 ppm PC-504T 

overdosing Amicon filtration experiment. 500 rpm mixing, 5.2 

bar driving pressure, 23 °C temperature. 
P 

[Bar] 

permeate 

[g] 

t initial 

[s] 

flux initial 

[kg/m2h] 

t final 

[s] 

flux final 

[kg/m2h] 

decrease in 

flux [%] 

5.2 5 139 32.4 159 28.3 12.6 

5.2 5 139 32.4 162 27.8 14.2 

5.2 5 139 32.4 162 27.8 14.2 
 

 

 

TABLE II  Filtration data from 20 ppm PC-504T overdosing Amicon 

filtration experiment. 500 rpm mixing, 5.2 bar driving pressure, 

23 °C temperature, 400 ml feed. 
perm. 

[g] 

t [s] 

 

perm. Tot. m 

[g] 

turbidity 

[NTU] 

VRF 

 

flux 

[kg/m2h] 

5 136 6 90  1.02 33.1 

5 179 100 117  1.33 25.1 

5 252 200 172 2.00 17.9 

5 298 250 237 2.67 15.1 

5 352 300 375 4.00 12.8 

5 387 320 503 5.00 11.6 

5 443 330 613 5.71 10.2 

5 515 340 770 6.67 8.7 

5 546 345 887 7.27 8.2 

5 559 350 1021 8.00 8.1 

5 615 355 1192 8.89 7.3 

5 700 360 1424 10.00 6.4 

5 669 365 1806 11.43 6.7 

5 915 370 2399 13.33 4.9 

 

 

 

 

 

 

 



APPENDIX VII, 1(1) 

 

TABLE I Initial and final pure water flux data from the 5 ppm PC-504T 

Amicon filtration experiment used for Ca
2+

 and SO4
2-

 mass 

balance determination. 500 rpm mixing, 5.2 bar driving pressure, 

23 °C temperature. 
P 

[Bar] 

permeate 

[g] 

t initial 

[s] 

flux initial 

[kg/m2h] 

t final [s] 

 

flux final 

[kg/m2h] 

decrease in 

flux [%] 

5.2 5 193 23.3 190 23.7 -1.6 

5.2 5 192 23.4 192 23.4 0.0 

5.2 5 194 23.2 194 23.2 0.0 
 

 

 

TABLE II  Filtration data from the 5 ppm PC-504T Amicon filtration 

experiment used for Ca
2+

 and SO4
2-

 mass balance determination. 

500 rpm mixing, 5.2 bar driving pressure, 23 °C temperature, 

400 ml feed. 
perm. 

[g] 

t [s] 

 

perm. Tot. m 

[g] 

turbidity 

[NTU] 

VRF 

 

flux 

[kg/m2h] 

5 239 6 97.6 1.02 18.8 

5 254 100 126 1.33 17.7 

5 288 200 187 2.00 15.6 

5 317 250 253 2.67 14.2 

5 406 300 404 4.00 11.1 
 

 

 

TABLE III Complete analysis results and calculated retention values for all 

parallel filtrations, along with their average values. Samples 

taken from 5 ppm PC-504T containing filtration. 

Sample: 

 

parallel 

dilution 1 

parallel 

dilution 2 

parallel 

dilution 3 

Average 

 

Ca2+ feed [mg/L] 841 831 840 838 

Ca2+ permeate [mg/L] 66 66 64 65 

Ca2+ consentrate 0h [mg/L] 3141 3170 3217 3176 

Ca2+ consentrate 1h [mg/L] 2376 2352 2382 2370 

Ca2+ consentrate 17h [mg/L] 1375 1399 1391 1388 

Ca2+ consentrate 41h [mg/L] 1406 1401 1406 1404 

Retention [%] 92.1 92.0 92.4 92.2 

 



APPENDIX VIII, 1(1) 

 

TABLE I  The pH and conductivity values measured from the feeds of all 

antiscalant comparison filtrations performed with Amicon 

equipment.  

Antiscalant dose Definition pH Conductivity [µS/cm] 

0 ppm filtration 1 11.52 3.44 

0 ppm filtration 2 11.55 3.47 

0 ppm filtration 3 11.64 3.48 

2 ppm vitec 7000 filtration 1 11.53 3.46 

2 ppm vitec 7000 filtration 2 11.57 3.48 

3.5 ppm vitec 7000 filtration 1 11.51 3.47 

3.5 ppm vitec 7000 filtration 2 11.62 3.46 

5 ppm vitec 7000 filtration 1 11.55 3.45 

5 ppm vitec 7000 filtration 2 11.45 3.42 

5 ppm vitec 7000 filtration 3 11.54 3.45 

2 ppm PC-504T filtration 1 11.45 3.44 

2 ppm PC-504T filtration 2 11.47 3.44 

3.5 ppm PC-504T filtration 1 11.47 3.44 

3.5 ppm PC-504T filtration 2 11.32 3.40 

5 ppm PC-504T filtration 1 11.55 3.41 

5 ppm PC-504T filtration 2 11.46 3.40 

5 ppm PC-510T filtration 1 11.23 3.38 

5 ppm PC-510T filtration 2 11.42 3.38 

20 ppm PC-504T filtration 1 11.58 3.40 

 


