LAPPEENRANTA UNIVERSITY of TECHNOLOGY
LUT School of Engineering Science

Research Group for Chemical Separation Methods

MASTER’S THESIS

Continuous Counter-current Solvent Extraction of Magnesium and
Calcium from Lithium-rich Brine

Examiners:  Professor Tuomo Sainio
D.Sc. (Tech.) Sami Virolainen

Lappeenranta 9.23.2015



ABSTRACT

Author: Mojtaba Fallah Fini

Title: Continuous Counter-current Solvent Extraction of Magnesium and Calcium
from Lithium-rich Brine

Lappeenranta University of Technology, LUT School of Engineering Science, Research
Group for Chemical Separation Methods

Master of Science Thesis, 2015, 42 pages, 19 figures, 4 tables and 2 appendices
Examiners: Professor Tuomo Sainio
D.Sc. (Tech.) Sami Virolainen

Keywords: Counter-current, Solvent Extraction, Calcium, Magnesium, Lithium

Solvent extraction of calcium and magnesium impurities from a lithium-rich brine (Ca ~
2,000 ppm, Mg ~ 50 ppm, Li ~ 30,000 ppm) was investigated using a continuous counter-
current solvent extraction mixer-settler set-up. The literature review includes a general
review about resources, demands and production methods of Li followed by basics of solvent
extraction. Experimental section includes batch experiments for investigation of pH
isotherms of three extractants; D2EHPA, Versatic 10 and LIX 984 with concentrations of
0.52, 0.53 and 0.50 M in kerosene respectively. Based on pH isotherms LI1X 984 showed no
affinity for solvent extraction of Mg and Ca at pH < 8 while D2EHPA and Versatic 10 were
effective in extraction of Ca and Mg. Based on constructed pH isotherms, loading isotherms
of D2EHPA (at pH 3.5 and 3.9) and Versatic 10 (at pH 7 and 8) were further investigated.
Furthermore based on McCabe-Thiele method, two extraction stages and one stripping stage
(using HCI acid with concentration of 2 M for Versatic 10 and 3 M for D2EHPA) was

practiced in continuous runs.

Merits of Versatic 10 in comparison to D2EHPA are higher selectivity for Ca and Mg, faster
phase disengagement, no detrimental change in viscosity due to shear amount of metal
extraction and lower acidity in stripping. On the other hand D2EHPA has less aqueous
solubility and is capable of removing Mg and Ca simultaneously even at higher Ca loading
(A/O in continuous runs > 1). In general, shorter residence time (~ 2 min), lower temperature
(~23 °C), lower pH values (6.5-7.0 for Versatic 10 and 3.5-3.7 for D2EHPA) and a
moderately low A/O value (< 1:1) would cause removal of 100% of Ca and nearly 100% of
Mg while keeping Li loss less than 4%, much lower than the conventional precipitation in
which 20% of Li is lost.
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1 INTRODUCTION

Lithium as a metal which has been known for more than 200 years has very important
industrial applications. Electronic devices, ceramic industry, steel industry and industrial
lubricants are among the most important applications but lithium has been recently regarded
as 21% century’s gold due to its expanding application in energy storage, especially in

batteries of electric cars. (Tarascon 2010)

Natural lithium resources are ca. 70% based on brine ponds and the rest is dependent on
pegmatite (Meshram et al. 2014). Due to such a high dependence on brine resources, having
improvement on recovery processes from such resources would have a great impact on
related industries. The conventional approach in recovery of lithium from brine sources is
the precipitation of dominant ions using solar radiation which not only precipitates most of
the unfavorable metal ions such as potassium, magnesium, sodium and calcium but also
concentrates the brine and reduces the volumetric scale of the brine feed for further
purification. In order to further purify the brine, methods such as further precipitation,
adsorption or solvent extraction could be implemented. Further precipitation usually has
high rate of lithium loss and due to the huge scale of brine resources the application of
adsorption columns is troublesome whereas solvent extraction is known to be able to treat
also large volumes of feed. Application of solvent extraction in this thesis is based on two
main important aims that are achieving as good purification as possible and further as less

lithium losses as possible.

The experimental methodology in this thesis was based on two sets of experiments i.e. batch
and continuous ones. The batch experiments includes the construction of pH isotherms for
three type of extractants which are from organo-phosphorus acids (D2EHPA), carboxylic
acids (Versatic 10) and hydroxy-oximes (LI1X 984). Later based on the pH isotherms, loading
isotherms of most suitable extractants were constructed and by implementation of McCabe-
Thiele method the number of counter-current equilibrium stages were found. Based on the
results of the batch experiments continuous runs were performed using a continuous counter-
current experimental set-up. During the continuous runs the influence of various operational
parameters (such as pH, phase ratio, temperature and residence time) on improvement of

purification and reduction of lithium loss was investigated.
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2 LITHIUM IN GENERAL

Lithium as one of the alkali metals in the periodic table of chemicals has taken his name
from a Greek origin (i.e. lithos) which literally means stone. Lithium was discovered for the
first time by Johan August Arfwedson, a Swedish chemist, who later produced a few grams
of lithium in 1818 (Kamienski et al. 2000). Since the physical and chemical properties of
Lithium is out of scope of this work avid readers are referred to comprehensive sources
(Kamienski et al. 2000;Wietelmann et al. 2000) in order to get further information. In next

sections applications, production methods and resources of lithium will be discussed.

2.1 Applications of Lithium

The first industrial application of lithium goes back to the penultimate years of First World
War when it was used in an alloy called Scleron. Between the two world wars the lithium
found applications in lead-alloy bearings and frit-glass industry. During Second World War
production of lithium and its salts increased dramatically. Some of the belligerent
applications of lithium were for example to produce hydrogen from reaction between LiH
and water, and temperature resistant grease from lithium stearate. Contrary to the new
applications found for lithium since late 40’s, the production rate was not so high (e.g. one
ton in 1953). Development of US Army nuclear program was the first breakthrough in mass
production of lithium (i.e. 4500 t/y lithium hydroxide). Since 1960, due to the expansion of

electronic industry, a significant growth of production has occurred. (Kamienski et al. 2000)

1% u Battery
0 u Ceramic and glass
Lubricants
Air treatment
u Steel
90 = Polymers
e ' ® Aluminium
m Other

5%

Figure 1. Lithium consumption based on USGS 2014 (Jaskula 2014)

During the last 20 years of 20" century lithium batteries played an important role in
development of electrical devices (Bryner 2013). Especially they were used in small portable
devices such as radios and toys and later in 21° century they have been used for example in
mobile phones, tablets and laptops. The advantages that make lithium batteries the most

abundant type are high cell voltage, high specific energy, high energy density, high
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loadability, excellent discharge characteristic, deep temperature capability, high shelf life
and good environmental compatibility (Jacobi 2003). Between 2000 and 2007, the
production of lithium batteries grew by 25%. Also mass production of electronic vehicles
since 2011 with an approximate growth of 10% till 2025 is going to boost the lithium market
furthermore (Talens Peird et al. 2013). According to a comprehensive investigation based
on the acceptance of the electronic vehicles in the societies, Mohr et al. (2012) have predicted
that since 2050 the world supply of lithium will be significantly influenced by recycling
(Figure 2).
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Figure 2. The prediction of lithium demand, recycling and production (Mohr et al. 2012)

2.2 Lithium resources and production

Lithium resources could be divided into two main categories namely primary and secondary
resources. Primary resources include the ores and brines. According to Meshram et al. (2014)
brines makes up to 66% of the total primary reserves (Figure 3). Secondary resources of
lithium include waste materials such as lithium batteries (Chagnes et al. 2013;Meshram et
al. 2014;Talens Peird et al. 2013;Vanitha et al. 2013;Zeng et al. 2014) and waste water
(Jandova et al. 2012). However recycling of the lithium from the waste materials, which was
ca. 3% in 2011 (Talens Peir et al. 2013), is still insignificant in comparison to the primary

production.
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Figure 3. Main natural sources of Lithium (Meshram et al. 2014)

Extraction of lithium from ores has been in practice as one of the oldest methods of lithium
recovery (Grad 2014). Despite the fact that lithium mostly could be found in several kinds
of ores, yet lithium extraction is practiced based only on few like Spodumene
(Li20.Al203.4Si02), Lepidolite  (KLi2AI(Al Si)3010(F,OH)2), Petalite (LiAlSi4O10),
Amblygonite ((Li,Na)AIPO4(F,OH)), and Eucriptite (LiAISiO4). Among these minerals the
Spodumene is the most abundant and in best case contains 1-3% lithium oxide. (Talens Peird
et al. 2013)

Main steps of lithium recovery from Spodumene are (Tran et al. 2015):

Heating in Rotary kiln at 1100 °C to change a-Spodumene to f-Spodumene
Cooling B-Spodumene at 65 °C

Comminution (< 149 um)

Mixing and roasting with concentrated sulfuric acid at 250 °C

Excess sulfuric acid neutralization with limestone

Filtration of slurry to separate ore residues (e.g. iron and aluminum)
Magnesium, Sodium and Calcium removal using lime and soda ash

Filtration, pH adjustment and concentration with sulfuric acid and evaporation

© 0O N o oA W N P

Precipitation of lithium carbonate at 90-100 °C with soda ash

10 Filtration, washing and drying.
Extraction of lithium from brines compared to production from ores is appealing due to its
low production costs and lesser waste production (Talens Peiré et al. 2013). The main raw
material in the biggest lithium producers, such as Chile, Argentina, Bolivia and USA, is
brine (Jaskula 2012). These countries have approximately 80% of the world’s brine
resources (Meshram et al. 2014).

The high production rate of electronic devices using lithium batteries creates a huge amount

of battery waste. According to Chagnes et al. (2013) recovery of lithium from electronic
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wastes such as batteries in comparison to recovery of nickel and cobalt is not economical.
Besides, technological interest towards application of less expensive metals such as
manganese gradually will decrease the interest in lithium battery recycling. In addition to
these reasons the common geopolitical position of main mineral sources of lithium (i.e.
Argentine, Chile and Bolivia) could let them to form a coalition and influence the price of
lithium in future®. Looking at the whole picture it can be concluded that recovery of metals
from spent batteries not only recovers valuable and detrimental metals but also helps to

prevent the creation of a future lithium monopoly.

2.3 Recovery of lithium from brines

Recovery of lithium from brines includes precipitation, adsorption and solvent extraction
(Zhang et al. 2012). Precipitation reagents are commonly carbonates and aluminates for
brines having low and high Mg/Li ratios respectively (Zhang et al. 2012). The other
important factors influencing applicability of pond evaporation are extent of annual

precipitation, amount of solar radiation, humidity and windiness (Talens Peird et al. 2013).

Lithium recovery from brine lakes with low Mg/Li (0.003-0.01) is done by concentration of
lake waters using solar energy to evaporate the excess water content (Zhang et al. 2012).
This unit operation is quite time consuming and lasts for one year accompanied by huge
water consumption, waste generation and low recovery efficiency (Meshram et al. 2014).
During the water evaporation sodium, potassium and magnesium are precipitated in form of
chloride salts. Magnesium is removed in two stages of precipitation using sodium ash and
lime (Talens Peiro et al. 2013). A typical lithium carbonate production process from brine is
depicted in Figure 4.

1 Just like what happened when big petroleum producers formed OPEC in 1960. (http://www.opec.org)
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Aluminum hydroxide due to its high selectivity towards magnesium and lithium could be
used for precipitation of dominant metal ions in brines but high evaporation rate during
aluminum hydroxide preparation is a serious drawback leading to so-called boron-
magnesium co-precipitation (Figure 5). The boron-magnesium co-precipitation can recover
lithium up to 80-90% but the filtration of final colloidal suspension is difficult. (Zhang et al.
2012)

mixed salt _ double salt of boron
of KandMg MeChLoH,0 and magnesiim~~ M(OH),

t t t t

Brine | saltfeild I |} salt feild Il || coprecipitation | | precip.itating || precipitating B 15,00,

A A _T
‘ Na,C04

precipitant—— NaOH——

Figure 5. Boron-magnesium co-precipitation process (Zhang et al. 2012)

lon exchange using organic and inorganic ion-exchange adsorbents has been investigated
for selective recovery of lithium (Meshram et al. 2014). There are numerous drawbacks for
these methods including high consumption of methanol, low adsorption capacity, slow
kinetics and poor physical resistance (Zhang et al. 2012). Among the inorganic adsorbents
spinel type manganese-oxides show high selectivity towards lithium but the powder structure

makes their application in column operation impractical (Zhang et al. 2012).

In case of brine resources which contain high amount of magnesium and calcium, solvent
extraction could be used (Meshram et al. 2014). In general there are two approaches namely
selective extraction of lithium from brines or selective extraction of impurities from lithium
brine. In their patent Nelli et al. (1970) have proposed a method for selective extraction of
lithium from bitterns. In this method ferric halide and acid are added to the bittern in order
to form ClsFeLi> which can be extracted and stripped in several stages using tri-n-butyl
phosphate (TBP) and di-isobutyl ketone (DIBK). But excessive loss of a polar diluent such
as di-isobutyl ketone and low capacity have prevented its industrial applications (Zhang et
al. 2012). Some of the other methods based on TBP and ferric chloride modification of
aqueous phase are presented in Table 1. In more recent years Zhou et al. (2012a; 2012b)
have improved the previous methods in which ferric chloride were used and also have
proposed a way to avoid corrosion of equipment. A schematic diagram of their process is

depicted in Figure 6.
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Table 1. Methods used for selective solvent extraction of lithium from brine (Zhang et al.

2012)
Reagents used in process Remarks
TBP, kerosene LiCl Recovery: 97%

LiCl Purity (98.5%)
TBP, amide, sulfonated kerosene, High acidity (6-9 M HCI) in stripping causing
FeCls corrosion
TBP, ester, FeCls, kerosene ~93% recovery of Li,

No corrosion to equipment

Recycling of Extractant

Removal of H+

Salt lake brine Extraction

il

Adding FeCl,

—_ Washing . Stripping

HCl + Licl HCI + NH CI

TBP/MIBK

Extraction

v v

Eluant Stripping solution

Figure 6. Lithium recovery process for Chinese lakes (Zhou et al. 2012a)

In addition to TBP-FeClz methods, some researchers have also proposed methods to
selectively extract lithium from brines using extractants such as dipivaloylmethane (Dang et
al. 1978;Guter et al. 1956), mixture of amines and organic acids (Hernandez et al. 1981),
flourianted beta-diketones (Seeley et al. 1976) and organo-phosphoric acids (Hano et al.
1992). In all of the aforementioned cases either the presence of magnesium and calcium ions
(Harvianto et al. 2014) have been skipped or the process is consisted of several costly unit
operations. On the other hand the final product usually contains high amount of magnesium

and calcium impurities.

Considering the recent investigations (Meindersma et al. 2010) on application of ionic
liquids in metal solvent extraction, Shi et al. (2015) have recovered lithium from a

magnesium-rich brine using sodium perchlorate as aqueous phase modifier, and
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TBP+[Csmim][PFs] ionic liquid as reagent mixture. They have shown that the ionic liquid
is not only a solvent but also a co-extractant leading to a high selectivity towards lithium
instead of magnesium in brines with high magnesium content. The general problem of
researches using ionic liquids could be the fact that ionic liquids mass production and usage
in industry is still confined to some patented processes concerning organic syntheses and the
fact that no investigation has been done on the ionic liquid loss during the long runs. To sum
up all the discussion of previous paragraphs, pertaining to the researches done for the direct
lithium extraction from highly concentrated lithium brines, it could be said that they are
either complicated, not economically approved or exclusively suitable for brines in certain
geographical zones.

Other option to produce lithium from brine sources is to use a combined approach towards
recovery of lithium by means of primary precipitation and secondary usage of adsorption or
solvent extraction. In this way the majority of common interfering divalent ions i.e. calcium
and magnesium may be removed and the small remaining amounts could be removed by

using solvent extraction.

Bukowsky et al. (1992) have used di-(2-ethylhexyl) phosphoric acid or in short D2EHPA in
order to extract magnesium and calcium impurities from a synthetic lithium rich brine. They
have concluded that calcium and magnesium impurities can be removed with a 0.5 M
solution of D2EHPA at pH 3.6 in two extraction stages with phase ratio A/O = 3. It was also
shown that the higher concentration of D2EHPA exacerbates the lithium co-extraction. It
has been shown that not only higher temperature has an insignificant effect on extraction of

calcium and magnesium but also increases the co-extraction of lithium.

Jian-Hong et al. (2015) have investigated the applicability of D2EHPA in removal of
calcium and magnesium from cation-exchange resin regeneration wastewater with
promising results. They have concluded that at saponification ratio of 15%, D2EHPA mass
fraction of 30% and reaction temperature of 35°C, it is possible to extract Ca and Mg
effectively (99.9%). In another attempt Van de Voorde et al. (2005) investigated the
influence of diluent type, acetate ion and synergistic effects of various extractants. Finally
they have concluded that in case of magnesium the best extractant is D2EHPA diluted in a
neutral diluent such as hexane. Base on the aforementioned literature it is expected that
D2EHPA shows strong affinity for removal of Ca and Mg while Li extraction is kept as low

as possible.
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3 BASICS OF SOLVENT EXTRACTION

Solvent extraction or liquid-liquid extraction, as one of the most important chemical
engineering unit operations, has been used for a long time in petrochemical, nuclear,
hydrometallurgical and biotechnological applications. In general it involves the transfer of

certain species from their solvent into another immiscible solvent. (Stevens et al. 2000)

In case of metal solvent extraction since metal ions usually are not prone to be solvated
within the organic phase and are more hydrophilic, extractants are used. Exractant molecules
by reacting with aqueous metal ions and creation of hydrophobic metal complexes improve
the transition of metal ions from aqueous phase to organic phase. Later the metal ions are
back-extracted from loaded organic phase into an acidic aqueous phase. Based on the nature
of the extractive reaction, solvent extraction systems are categorized in four categories
(Nicol et al. 1987).

a) Non-specific distribution in which the chemical species are distributed between two
aqueous and inert phases such as extraction of ruthenium tetroxide by carbon
tetrachloride.

b) Solvation in which neutral extractant molecules solvate the metal ions and transfer
metal ions into the organic phase. A typical application of this type of extraction
systems is in extraction of lanthanides (M3*) by TBP (Equation (1)). The index o in
Equation (1) indicates the organic phase.

M?* +3TBP.H,0, +3NO, < M(NO,),.3TBP, +3H,0 €

c) Anion exchange in which the anionic moieties of anionic extractants (AXo) are
replaced by anionic metal compounds (shown as YV in Equation (2)). Such behavior
for example is implemented in extraction of base metals by tertiary amines (Equation
(2)). The index o in Equation (2) indicates the organic phase and X" is the dominant

anion in the system.

YY" +VAX, A, Y, + VX )

d) Cation exchange in which the cationic moieties of extractants (usually hydrogen
ions) are displaced by metal ion species (Equation (3)). All the extraction systems

involved in this research are cation exchange systems.
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In order to increase the interfacial contact between the two immiscible phases (i.e. organic
and aqueous) usually agitation is used and if the time of mixing is enough the transferred
species between two phases reach to an equilibrium. For a cation exchange system Equation

(3) is applicable at equilibrium.

M*™ +VHA, & MA , +VH" (3)

Where M"" is the transferred metal species, v is the stoichiometric coefficient of the reaction,
HA, is the extractant and MAy, is the metal extractant complex. The o index indicates the

organic phase.

When metal species reach to an equilibrium based on Equation (3), percentage of metal

extraction (E%) from aqueous phase into organic phase is defined according to (Equation

(4)):

O L% R Ao L N L (@)

(M7, Vi L

, where [MA, ] , [M**] and [ MY Jare concentration of metal M in organic phase (mol/l),

initial concentration of metal M in aqueous phase (mol/l) and concentration of metal M in
aqueous phase (mol/l) respectively. Vo and Vaq are volumes of organic and aqueous phases

respectively.

In case of cation exchange mechanism (Equation (3)), when operational conditions such as
pH, temperature, mixing rate and residence time are constant the extraction reaction of metal
ions and extractant molecules will advance to some extent and the pH of the mixture will be
lower than the initial condition of the aqueous solution. As the extraction reaction is an
equilibrium reaction, according to the Le Chatelier's principle the extent of metal extraction
can be controlled by changing the pH of the aqueous phase. The depiction of metal extraction
as a function of pH is called pH isotherm (e.g. Figure 7) and it is a fundamental property of

cation exchange extractants.
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Figure 7. pH isotherms of D2EHPA for some metals from sulfate solutions (Lo et al. 1983)

In order to investigate the equilibrium distribution of metal ions within the aqueous and
organic phase, the loading isotherms are constructed. Generally loading isotherms are
investigated based on contacting different volumetric ratios of organic and aqueous phases
and measuring the equilibrium concentrations within the two immiscible phases. Figure 8
shows a typical loading isotherm. The labels at each point on the diagram shows the
volumetric ratio of the aqueous phase to organic phase (A/O). Based on operating line,
equilibrium diagram and application of McCabe-Thiele method the number of equilibrium
stages could be defined.



21

10/1
/511/‘
= 2/1
g ME2 [ g
EJX/ Stage 1
W0 10D
= O S ©
o Stage 2 N ae®
é (5\0?
)
=
S , E.. E,
g Stage 2 Stage 1
= R . Ag
O - -
o
<
)
=
Mg, Mr1 Co

Metal concentration in aqueous phase (Raffinate)

Figure 8. A typical loading isotherm, operating line and McCabe-Thiele method

Similarly with determination of the number of stages in loading phase according to McCabe-
Thiele diagram, the same approach can be used for determination of the number of stages

for stripping the loaded organic phase.

As there are lots of different metal ions and various conditions (e.g. pH, temperature,
existence of inorganic and organic impurities, etc.) various types of commercial extractants
exists. The three most common types of cation exchange extractants are organo-phosphoric
acid derivatives, carboxylic acids and hydroxy-oximes. Some examples of molecular

structures of cation exchange extractants are depicted in Figure 9.
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Figure 9. Example molecular structures of some cation exchange extractants

Among the organo-phosphoric acids, di-(2-ethylhexyl) phosphoric acid or in short D2EHPA
is of great interest for recovery of base metals. The pH isotherms for some metals with
D2EHPA are depicted in Figure 7. For example D2EHPA has found commercial
applications in separation of cobalt and nickel, separation of zinc from copper/cadmium and
separation of yttrium from rare earth metals. (Nicol et al. 1987)

Carboxylic acids as relatively inexpensive extractants include a wide variety of extractants
such as Versatic 9, Versatic 10 and naphtenic acids with applications in recovery of 3" block
transition metals and lanthanides (Gupta et al. 1993). According to Nicol et al. (1987)
carboxylic acids has generally low selectivity and poor pH functionality. Another
problematic characteristic of carboxylic acids is their relatively high hydrophilicity leading
to loss of extractant and reduction of extraction efficiency (Jaaskelainen 2000). A typical pH
isotherm for Versatic 10 is depicted in Figure 10.
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Figure 10. pH isotherms of some metals for Versatic 10 (Preston 1985)

Hydroxy-oximes are among the chelating extractants and their most important application is
in copper extraction industry. An important aspect of Hydroxy-oximes which helped their
commercial acceptance in copper industry is their selectivity for copper over iron as the

dominant impurity of the copper leach liquors. (Nicol et al. 1987)

Irrespective to their excellent operation in copper industry hydroxy-oximes are prone to
degradation mostly due to acid catalyzed reactions; however, different techniques exist for
increasing the hydrolytic stability of hydroxy-oximes and removal of degradation products
(Virolainen 2005). A typical pH isotherm of LIX 984 which is a 1:1 volume mixture of LIX
860-1 (i.e. 5-dodecylsalicylaldoxime) and LIX 84-1 (i.e. 2-hydroxy-5-nonylacetophenone

oxime), is presented in Figure 11
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Figure 11. pH isotherm of some metals for LIX 984 in n-heptane (de San Miguel et al.

1997)

4 EXPERIMENTAL SECTION

4.1 Materials

A list of salts, acids, bases and other chemicals used in the work is provided in Table 2.

Table 2. Chemicals used in the experiments

Material Provider Purity

LiCl VWR International 98%

CaCl: VWR International 98%

NaCl VWR International 98%
MgCl24.5H,0 VWR International 97%

HCI 37% Merck KGaA For analysis
HNO3 65% Merck KGaA For analysis
NH3 25% Merck KGaA For analysis
NaOH VWR International 98%
Ethanol Merck KGaA 99%

The organic diluents (Exxsol™ D80 and Exxsol™ D70) were provided by ASPOKEM OY
and the extractants i.e. LI1X 984, Versatic 10 and D2EHPA were provided by Outotec OY.
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4.2 Methods

The experimental section is divided into batch and continuous laboratory runs. The synthetic
brine containing 26 g/l Lithium, 1.3 g/l Calcium and 22 mg/l Magnesium with a pH value
7.5 was prepared by dissolving the chloride salts in distilled water. The brine was filtered to

remove the undissolved solids.

0.5 M solution of LIX 984, 0.53 M solution of Versatic 10 and 0.52 M solution of D2EHPA
were prepared by dissolving the required amount of extractants in Exxsol™ D80 and used
in further batch experiments. The titration of acidic extractants were performed using 0.1 M
NaOH solution (prepared by Titrisol® Concentrates, Merck KGaA.) in 75% ethanol
according to method described in J&&skeldinen et al. (1999) using a Mettler Toledo’s T50
titrator.

4.2.1 Batch experiments

The batch experiments, in which pH and loading isotherms were constructed, were
performed in glass jacketed reactors. The pH isotherms were determined using the batch-
set-up shown in Figure 12. The volume of jacketed reactor was 1000 ml and the volume of
each organic and aqueous phase was 500 ml creating an A/O equal to 1:1. The mixer was
rotating at 900 rpm in all of the experiments. Temperature was kept constant with the thermo-
stating jacket. The pH of the mixture was adjusted by bubbling ammonia gas entrained by
nitrogen. The pH was measured from the dispersion and prior to the experiments the pH
meter was calibrated between the appropriate ranges (i.e. 1-4, 4-7, 7-10). At the beginning
of the experiments the pH of the brine was adjusted to 1.0 by adding few drops of highly
concentrated HCI (37%). The pH of the solution was adjusted step-wise trying to keep the
increment as close as possible to 0.5 pH units. When the desired pH value was obtained the
agitation continued for 15 minutes to ensure equilibrium. Then the mixing was stopped and
after complete phase disengagement, 5 ml samples were taken from both phases and
immediately centrifuged (for 5 minutes at 3000 rpm). The pH value was increased finally to
pH 9.0 (to prevent further possible salt precipitation) unless some operational obstacle such
as phase inversion, new phase generation or change of physical properties happen. For
example in case of D2EHPA at pH > 5 the viscosity of organic phase increased dramatically
and elongated the phase disengagement or in case of Versatic 10 the ammonia concentration
was not sufficient to increase the pH to 9 so the experiment was stopped at pH 8.6. The

organic phase samples were stripped by 14% nitric acid at an A/O equal to 10:1 for 40
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minutes. After centrifuging the test tubes (for 5 minutes at 3000 rpm) and removing the
organic layer the samples were ready to be analyzed by ICP-OES method explained in

Analyses section (4.3).

The loading isotherms were determined using the same procedure and set-up but with a 200
ml reactor and various A/O values. Each loading isotherm was constructed at constant pH,
which was decided based on the pH isotherms. The highest A/O value was decided to be
20:1 but in some cases due to the operational problems such as phase behavior problems and
saturation of organic phase with lithium, only lower phase ratio points could be measured.
The lowest A/O value for all of the isotherms was 1:2. The resulting equilibrium loading
curves accompanied by the operational lines and the McCabe-Thiele method lead to the
determination of equilibrium counter-current stages required for the purification of the brine

in the larger scale continuous mixer-settler set-up.
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Figure 12. Experimental set-up for measurement of pH isotherms

4.2.2 Continuous experiments

The continuous experiments were done by means of a SX-Kinetics laboratory solvent
extraction pilot plant (Appendix 1) owned by Technical Research Center of Finland (VTT).
According to the accompanying manual (Manual-178. 2014) the pilot plant has twelve
mixer-settler stages made of medium wall thickness borosilicate glass. The settlers are

jacketed so that the temperature can be adjusted by water bath. The volumes of mixers and
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settlers are 270 and 1050 ml respectively. Recycling of organic and aqueous phases is also
possible by corresponding pipelines (Figure 13). The positive displacement precision pumps
used were MasterFlex 0-100 rpm peristaltic pumps (model 07528-30) with standard number
15 pump heads and stainless steel rotors (07015-21). The pump heads’ tubings were
Masterflex Tygon F-4040 number 15 (06401-15) and MasterFlex Norprene number 15
(06404-15) for organic and aqueous phases respectively. The installation, commissioning
and operation of pilot plant was made according to the (Manual-178.) prepared by SX-
Kinetics Inc. for VTT QY. The temperatures and pH values of each mixing stage were
monitored using online thermometers and pH meters provided by the pilot plant set-up. The
pH meters were calibrated prior to each pilot run.

Stripping

Stage 1
Acid

.  Stripped
jorganic

- o an d

Exhausted Acid

Fresh organic

Figure 13. Schematic flow diagram showing two solvent extraction and one stripping stage
set-up. The dotted lines indicate the optional recycle streams. The yellow and blue lines
indicate the organic and aqueous phases respectively.

The pH control was done by pre-neutralization of the organic phases using NaOH (5 M) or
aqueous ammonia (25%). The used degree of saponification was based on laboratory scale
cross-current experiments performed to study the possibility of pH control in the required
ranges. In this case it has been approved that 0.52 M D2EHPA could be saponified easily in
a range of 40-100% or 61-80% using ammonia (25%) or 5 M NaOH solution respectively.
On the other hand 0.53 M Versatic 10 could be saponified using ammonia (25%) in a range
of 17-55%. The aforementioned saponification ranges are based on laboratory tests but
further information could be found in extensive references (Jaaskeldinen 2000;Wu et al.
1980). After saponification the resulted water in oil microemulsions were used as organic

phase in all the continuous runs.
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4.3 Analyses

The metal concentrations in the samples were measured by Inductively Coupled Plasma
Optical Emission Spectrophotometry (ICP-OES) method using a Thermo-Scientific-IRIS-
Intrepid-11 spectrometer accompanied by an ASX-520 Auto-sampler (CETAC Tech.). In ICP
analysis, samples are atomized in argon plasma torch using shear temperatures e.g. ca. 6000
K causing metal atoms to shift towards excited state and emit radiation in wavelengths that
are exclusively related to each metal. Usage of ICP analysis allows for simultaneous
measurement of multiple metal concentrations within a single sample, letting the most
economical usage of time and resources. Dilution of the samples was done using a
Hamilton’s MICROLAB® Diluter, 500 Series.

5 RESULTS AND DISCUSSION
5.1 Effect of pH on equilibrium behavior

Following the experimental procedure presented in the Methods section (4.2) the following
results were obtained for three initially selected extractants namely LIX 984, Versatic 10 and
D2EHPA.

LIX 984 as a strong chelating hydroxy-oxime extractant was selected from the hydroxy-
oximes family of extractants to investigate its ability in extraction of magnesium and calcium

removal. The constructed pH isotherm is depicted in Figure 14.
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Figure 14. pH isotherm for 0.5 M solution of LIX 984 in Exxsol™ D80 at 35°C and A/O
1:1; aqueous feed contained 26 g/l Li, 1.3 g/l Ca, 22 mg/l Mg
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Based on Figure 14, LIX 984 could not be a useful extractant at pH < 8. In addition to
inability in extraction of calcium and magnesium, the hydrolytic degradation of hydroxy-
oximes would reduce extraction efficiency in long runs (Clovis 2010). At pH > 8 the

magnesium is extracted completely and calcium is extracted to some extent. By looking at

the solubility products (Haynes 2015) of calcium hydroxide (K" =502x10°) and

sp
magnesium hydroxide (Kg% ™ =5.61x107) and the fact that the feed aqueous solution

contained 0.033 M calcium and 0.001 M magnesium, the precipitation of calcium hydroxide
and magnesium hydroxide is likely to happen about pH 10 and pH 12 respectively. In case
of magnesium hydroxide the precipitation pH is in good accordance with Sincero et al.
(2002). This fact shows that the significant reduction of magnesium concentration within pH

8-9 is a result of solvent extraction and not precipitation.

Versatic 10 as a carboxylic acid extractant and based on the previous knowledge was
supposed to show strong ability in extraction of magnesium and calcium within the pH range
of neutral and post neutral values (Preston 1985). The pH isotherms for lithium-rich brine
are shown in Figure 15. Based on the following pH isotherms versatic 10 could be a useful
extractant in pH range of 7-8 but the co-extraction of lithium is higher than LIX 984.
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Figure 15. pH isotherm for 0.53 M solution of Versatic 10 in Exxsol™ D80 at 35°C and
AJ/O 1:1; aqueous feed contained 26 g/l Li, 1.3 g/l Ca, 22 mg/l Mg

D2EHPA as one of the first candidates and previously used extractants in solvent extraction
of magnesium and calcium from brine solutions (Bukowsky et al. 1992) showed promising

results in removal of magnesium and calcium in acidic pH ranges (Figure 16).
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Based on the results of the pH isotherms for the aforementioned extractants LIX 984 was
not selected due to the poor extraction ability at pH values lower than 8. LIX 984 could have
applications at pH values between 8 and 9 to remove magnesium significantly while
approximately no lithium is co-extracted. However due to the more wide range of extraction
for D2EHPA and Versatic 10 it was decided to further investigate these two extractants.
Since in both cases of D2EHPA and Versatic 10, magnesium extraction happens later than
calcium it was decided to select two pH values and investigate the loading isotherms at those
two values. The first and second pH values were selected close to pHso and pHioo oOf
magnesium. Accordingly the two pH values for D2EHPA and Versatic 10 were 3.5-3.9 and
7.0-8.0. In case of D2EHPA it was not possible to go further than pH 3.9 due to the shear

amount of lithium extraction and consequent phase change.
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Figure 16. pH isotherm for 0.52 M solution of D2EHPA in Exxsol™ D80 at 23°C and 35°C
at A/O 1:1; aqueous feed contained 26 g/l Li, 1.3 g/l Ca, 22 mg/l Mg

Figure 16 also shows that at lower pH values and temperature (i.e. pH <2 and T = 23°C) no
significant amount of magnesium and lithium is extracted and just when the temperature is
increased (i.e. pH < 2 and T = 35°C) the magnesium and lithium are extracted reducing the
amount of calcium extraction. At pH > 2, higher temperature does not have a significant
effect on improvement of calcium and magnesium extraction while the co-extraction of

lithium is slightly increased. Such behavior has been reported before (Bukowsky et al. 1992).

5.2 Loading isotherms

Based on the pH isotherms loading isotherms were constructed at two different pH values
for Versatic 10 and D2EHPA. The selected pH values were 3,5 and 3,9 for D2EHPA and
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7.0 and 8.0 for Versatic 10. It can be seen from Figure 17 in case of Versatic 10 the
magnesium could not be removed efficiently if the operational A/O value is not selected
appropriately. The reason for inefficiency of Versatic 10 in loading the magnesium ions at
high loading values of calcium ions could be due to the crowding-out effect of calcium ions.
The crowding-out effect is a result of shear amount of calcium ions and higher affinity of
extractant molecules towards calcium ions. On the other hand when equal opportunity is
provided either by excess amount of extractant molecules or less amount of calcium ions the

magnesium ions also find enough affinity to form complex with extractant molecules.

The same crowding-out effect of calcium ions could be seen for D2EHPA loading isotherms
as well but with less severity (Figure 18). On the other hand at higher pH value namely 3.9
due to the shear amount of lithium extraction detrimental effect on viscosity and phase
disengagement properties of the organic phase occurred. Such phenomenon prevented

measuring points with A/O values higher than 3:1.

Based on the McCabe-Thiele analysis and the previous discussion the continuous runs were

designed.
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=0.6
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Figure 18. Loading isotherms for 0.52 M D2EHPA in Exssol™ D80 at 35°C; a) Ca at pH
3.5, b) Mg at pH 3.5, ¢) Ca at pH 3.9 and d) Mg at pH 3.9. The operating lines are based on
A/O =0.6

5.3 Counter-current solvent extraction in continuous mixer-settler

After choosing the configuration to be two counter-current extraction stages and one
stripping stage the continuous runs were started. The monitored parameters versus the
elapsed time for the continuous runs are presented in Appendix Il (Figure A- 1 to Figure A-
9). A summary of the continuous runs are presented in Table 3. The runs using D2EHPA are
numbered by an indicator (i.e. D) which indicates the usage of D2EHPA followed by running
numbers. The runs using Versatic 10 are numbered by an indicator (i.e. V) which indicates
the usage of the Versatic 10 followed by running numbers. The concentrations of aqueous

feeds are presented in Figures of Appendix II.
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Table 3. Summary of continuous runs’ operational parameters

Average Average Common

oH Te°C AJO Residence Run Average E%

No. 1st 2nd 1st 2nd 1st 2nd Tir_ne Tir_ne .

sty sty sty stg stg stg () (min) Ca Mg Li
D-1 39 41 30 32 =<1 =0.7 6.0 300 99 94 9.1
D-2 3.7 36 30 37 =12 =13 6.1 360 99 90 4.0
D-3 37 38 3 27 =12 =12 20 180 98 86 5.3
V-1 67 71 37 35 =<1 =<1 45 300 100 95 4.6
V-2 62 68 35 35 =13 =12 6.1 320 97 34 14
V-3 69 74 23 23 =15 =12 6.0 400 99 50 21
V-4 64 69 33 35 =13 =12 20 240 99 40 21
V-5 66 69 35 30 =06 =06 5.1 360 100 90 3.3
V-6 64 69 33 35 =06 =06 20 230 100 98 55

5.3.1 Effect of extractant type

During the continuous runs and by comparing the results of the D2EHPA and Versatic 10

runs following conclusions and observations were made.

a)

b)

d)

Both of the extractants have excellent ability in removal of calcium but the average
amount of lithium co-extraction for D2EHPA is 6% while the average amount of
lithium co-extraction for versatic 10 is 2.9%. Such higher selectivity for calcium and
magnesium in case of Versatic 10 was expected according to the pH isotherms.
D2EHPA is able to remove magnesium even at high calcium loading. Such behavior
is revealed when for example run D-2 is compared with run V-2. In both of the runs
the A/O is higher than 1:1 which leads to shear amount of metal loading for extractant
molecules yet D2EHPA is able to remove magnesium to a much greater extent than
Versatic 10.

Lithium co-extraction in case of D2EHPA could be quite problematic because it will
increase the viscosity of the organic phase dramatically. The viscosity of the organic
phases containing organo-phosphoric acids tends to increase when shear amount of
metal ions are extracted. Such behavior is due to the fact that at high amount of metal
loading the hypophosphite group of the extractant molecules act as a bridging ligand
and polymerized complexes are formed (Kolatik et al. 1976). Eventually the higher
viscosity leads to a higher surface tension hindering the phase disengagement.
D2HPA phase behavior is more sensitive to temperature than Versatic 10. Such

behavior was noticed when the organic samples of D2EHPA (taken at 35°C) were
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left to cool down to room temperature (~23°C). When the samples cool down a thick
pervasive crud will form at the surface of the organic phase which in case of agitation
will sink in the organic phase (Appendix I). The explanation to this behavior could
be that at higher temperature a higher amount of lithium is co-extracted and when
the samples cool down the extractant molecules tend to repel the lithium ions.

e) Versatic 10 runs’ raffinate phases smelled quite like the concentrated versatic 10.
This could be due to the fact that Versatic 10 is more hydrophile in comparison to
D2EHPA. An organic phase containing 0.5 M D2EHPA at pH 4.0 has an equilibrium
aqueous concentration of ~0.2 g/l (Mimura et al. 1986) while an organic phase
containing 30% wt Versatic 10 at pH 7.0 has an aqueous equilibrium concentration
of 5.2 g/l (Jaaskeldinen et al. 1999). The solubility diagrams of D2EHPA and
Versatic 10 are presented in Appendix I. It also must be mentioned that presence of
inorganic salts in the aqueous feed reduces the aqueous solubility of D2EHPA and
Versatic 10 (Bukowsky et al. 1992;Jaaskeldinen et al. 2000;Wang et al. 1996).
According to Robles et al. (2009) such problem of extractant loss could be solved by
contacting the final raffinate with the stripped organic at low pH values. At low pH
values the aqueous solubility of the extractant molecules decreases and a reverse
solvent extraction from aqueous phase to the organic phase happens.

5.3.2 Effect of pH

In order to investigate the effect of lower pH values on co-extraction of lithium run D-2 and
D-1 can be compared. It is shown in Table 3 that at lower pH values (run D-2) the amount
of lithium co-extraction is lower than the case where the pH is higher (run D-1). The same
approach could be used by comparing runs V-1 and V-5 in which lower pH value has lead
to less lithium co-extraction. According to the data of run D-2, in order to keep the extraction
of magnesium ~90% and at the same time reduce the lithium loss it is necessary to keep the
pH value close to 3.6-3.7 for D2EHPA. The favorable pH range for Versatic 10 also can be
6.5-7.0 in which most of the divalent ions are removed while lithium loss is kept low (e.g.
run V-5).

5.3.3 Effect of A/O

The influence of phase ratio could be explained by comparing runs D-1 and D-2 or in case
of Versatic 10 by comparing runs V-4 and V-6. When the A/O is lower than 1:1 (runs D-1
and V-6) the amount if lithium loss is more than the runs that A/O value is higher than 1:1
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(runs D-2 and V-4). This behavior is due to the fact that at higher A/O values the extractant
molecules are crowded with a higher amount of metal ions and due to the more affinity for
divalent ions the monovalent ions are not favored. On the other hand at lower A/O values
the extractant molecules are found in excess and lithium ions find good opportunity to be
extracted. The other effect of A/O value is imposed upon magnesium ions. As it is shown
when the A/O value is ~1.2:1 (run V-4) the magnesium ions are not extracted to the same
extent when the A/O is ~0.6:1 (run VV-6). It seems that there is a trade-off between the lithium
and magnesium losses. When the extractant molecules are in excess (i.e. A/O ~ 1.2:1) they
find the opportunity to extract not only the magnesium ions but also the lithium ions and in
the same way when the exractant molecules are crowded with metal ions (i.e. A/O ~ 0.6:1)

calcium ions crowd-out not only the lithium ions but also the magnesium ions.

5.3.4 Effect of temperature

According to Bukowsky et al. (1992), in case of D2EHPA higher temperature not only does
not enhance the calcium and magnesium extraction but also increases the lithium loss. In
order to investigate the influence of temperature for Versatic 10, runs V-2 (average pH =
6.5) and V-3 (average pH = 7.2) can be compared. Even though the average pH of run V-3
is much higher than run V-2 due to the lower temperature in run V-3 the percentage of
lithium co-extraction is somehow comparable (1.4% vs 2.1%). Besides, knowing the fact
that run V-3 has the highest average pH value among all the runs and yet it has one of the
lowest amounts of lithium losses (2.1%), emphasizes on the influence of lower temperature

in reducing the lithium loss.

5.3.5 Effect of residence time

Comparing the results from run V-2 (average pH = 6.5) and V-4 (average pH = 6.7), it can
be deduced that even though the average pH of run V-4 is higher than run V-2 but due to the
lower residence time in run V-4 (2.0 min) the percentage of lithium co-extraction has not
increased dramatically (1.4% vs 2.1%). The same conclusion can be made about runs D-2
(average pH = 3.7) and D-3 (average pH = 3.8). On the other hand when runs V-5 (average
pH~6.8) and V-6 (average pH = 6.7) are compared it is shown that at A/O = 0.6 even though
the average pH and residence time of run V-6 are lower than run V-5 the amount of

magnesium extraction has increased in run V-6 versus run V-5 (98% vs 90%).
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5.4 Counter-current stripping in continuous mixer-settler

According to pH isotherms and the equilibrium extraction reaction (Equation (3)) in
stripping stage the pH must go as down as possible to shift the reaction to left and make the
amount of extracted metal species equal to zero. In case of D2EHPA (Figure 16) it was
calculated that with an A/O equal to 1:3 the required amount of acid to strip the organic
phase would be 2.5 M, but in order to make sure that a complete stripping is achieved a little
more concentrated acid was used i.e. 3 M HCI. The same approach was used for Versatic 10
and since in this case the pH value just need to get less than five (Figure 15) it was calculated
that with an A/O equal to 1:3 a 2 M HCI solution should perform an effective stripping. The
reason A/O value was decided to be less than 1:1 was based on the fact that stripped organic
could be recycled but the exhausted acid could just be treated as waste and by decreasing the
AJO value in stripping the amount of waste could be decreased. Stripping results from the

continuous runs are presented in Table 4.

Table 4. Results of one stage continuous stripping runs

Stripping efficiency% Stripping acid/ Average Average T

No-“ca Mg Li  Molarity AIO °C
D1 98 99 98 HCI3 0.44 31
D2 99 99 99 HCI3 0.27 31
D3 98 99 99 HCI3 0.30 33
V.1 97 97 98  HCI2 0.54 35
V2 99 99 99 HCI? 0.45 27
V-3 99 98 99 HCI?2 0.43 23
V-4 97 98 98 HCIR 0.38 31
V5 100 100 99 HCI?2 0.42 29
V6 98 99 98 HCI?2 0.47 37

The striping settler was not jacketed by warm water bath and as it could be seen from the
efficiency values of Table 4 the acidic solutions have worked quite effectively leading to at
least 97% efficiency in every case. The stripped organic phase could be easily saponified
again and reused. However in this work the saponification was not done continuously, but
batch-wise. Such high values of stripping efficiency could leave some room for reduction of
acid concentration and investigating the effectiveness of less concentrated acid solutions.
Nevertheless according to pH isotherms it is evident that Versatic 10 requires a less acid
concentration to completely strip the organic phase which in large scale can lead to less

operational cost and less equipment corrosion.



38

6 CONCLUSIONS

In order to remove calcium and magnesium impurities from a lithium-rich brine application
of solvent extraction in a continuous mixer-settler setup was investigated. Among the
investigated extractants Versatic 10 showed more promising results in calcium and
magnesium removal compared to D2EHPA (Figure 19). Versatic 10 has more selectivity for
calcium and magnesium (i.e. less lithium loss), better phase behavior (including faster phase
disengagement and no phase change due to temperature swing) and lower acidity both in
extraction and stripping stages. On the other hand D2EHPA has lower water solubility (i.e.

less extractant loss) and better ability in removal of magnesium at high calcium loading.
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Figure 19. Comparison of D2EHPA and Versatic 10

The operational parameters of a moderately low A/O value (< 1:1), lower temperature (=
23°C), shorter residence time (= 2 min) and appropriate pH range (i.e. 3.6-3.7 for D2EHPA
and 6.5-7.0 for Versatic 10) seems to be good options to extract most of the magnesium and

calcium while the lithium loss is kept as low as possible.

Other alternatives such as addition of a scrubbing stage also could be considered. As Ritcey
(2006) mentions there are two options for scrubbing the organic phases that contain several
species of metals. First option is washing the organic phase with acids or washing with an
aqueous solution of the metals. The former approach would not work in this case since the
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magnesium pH isotherms are so that reduction of pH will lead to stripping of most of the
magnesium as well. But the latter approach which is usage of a magnesium chloride solution

could be considered.
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D2EHPA phase change due to low temperature

Continuous experimental set-up
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initial D2EHPA concC.

3 ®1.0 mol/1 =
10 - F 00.25 mol/1
00.05 mol/1

(Mimura et al. 1986)

D2EHPA conc. in aq. solution (mol/1)
A

PH
Distribution of D2EHPA in aquecus
solution as a function of pH

(Jaaskelainen et al. 1999)

Cy1pag M
d

7.0 7.5 8.0 8.5 9.0
pH

Solubilization of Versatic 10 in water as a function of pH in the water(NH)/Versatic 10 /isooctane
system. Symbols: (@) 30 wt.% Versatic 10, (M) 40 wt.% Versatic 10, and (&) 50 wt.% Versatic 10.
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Monitored operational parameters of continuous runs
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Figure A- 1. Operational parameters monitored within run D-1 with 0.52 M D2EHPA in
Exxsol™ D80 at nominal A/O value 0.6 using two counter-current extraction stages with
6.0 minutes residence time. Feed composition was 31.6 g/l Li, 1.2 g/l Ca and 49.5 mg/I
Mg.
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Monitored operational parameters of continuous runs
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Figure A- 2. Operational parameters monitored within the run D-2 with 0.52 M D2EHPA
in Exxsol™ D70 at nominal A/O value 1.2 using two counter-current extraction stages
with 6.1 min residence time. Feed composition was 30.0 g/l Li, 1.5 g/l Ca and 49.5 mg/I
Mg.
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Monitored operational parameters of continuous runs
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Figure A- 3. Operational parameters monitored within the run D-3 with 0.52 M D2EHPA
in Exxsol™ D70 at nominal A/O value 1.2 using two counter-current extraction stages
with 2.0 min residence time. Feed composition was 26.0 g/l Li, 1.1 g/l Ca and 44.9 mg/I
Mg.
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Monitored operational parameters of continuous runs
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Figure A- 4. Operational parameters monitored within run V-1 with 0.53 M Versatic 10 in
Exxsol™ D80 at nominal A/O value 0.6 using two counter-current extraction stages with
4.5 minutes residence time. Feed composition was 31.6 g/l Li, 1.2 g/l Ca and 49.5 mg/I
Mg.
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Figure A- 5. Operational parameters monitored within run V-2 with 0.53 M Versatic 10 in
Exxsol™ D80 at nominal A/O value 1.2 using two counter-current extraction stages with
6.1 min residence time. Feed composition was 30.0 g/l Li, 1.3 g/l Ca and 57.9 mg/l Mg.
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Monitored operational parameters of continuous runs

L7 A/O 1st stage 7,70
AJO 2nd stage 7,60

1,6 —@— pH 1st stage 750
pH 2nd stage ’

1,5 7,40
14 7,30
S 720 T
13 7,10
1,2 7,00

6,90
11
6,80
1,0 6,70
120 140 160 180 200 220 240 260 280 300 320 340 360 380
Elapsed time (min)
100 24
90
80 <
70
23 O
60 |4 A A
S =
w 50 A g
o
40 A B
A
22
30
20 Ca Ext. % A MgExt. %
Li Ext. % Stage 1 Temp. °C
10 ——Stage 2 Temp. °C
0 21

120 140 160 180 200 220 240 260 280 300 320 340 360 380
Elapsed time (min)

Figure A-6. Operational parameters monitored within run V-3 with 0.53 M Versatic 10 in

Exxsol™ D80 at nominal A/O value 1.2 using two counter-current extraction stages with

6.0 min residence time and at room temperature (~23°C). Feed composition was 28.0 g/l
Li, 1.6 g/l Caand 74.8 mg/l Mg.
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Monitored operational parameters of continuous runs
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Figure A- 7. Operational parameters monitored within run V-4 with 0.53 M Versatic 10 in
Exxsol™ D70 at nominal A/O value 1.2 using two counter-current extraction stages with
2.0 min residence time. Feed composition was 28.0 g/l Li, 1.4 g/l Ca and 58.5 mg/l Mg.
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Monitored operational parameters of continuous runs

0,8 7,00
AJO 1st stage AJO 2nd stage
—o— pH 1st stage pH 2nd stage
6,90
0,7
6,80
o
P =
6,70
0,6
6,60
0,5 6,50

150 180 210 240 270 300 330 360
Elapsed time (min)

100 38
A

90 A N A A A A 37

80 36

70 35
9
60 Ca Ext. % 34 o
=3 50 A Mg Ext. % 33 g
w Li Ext. % 2
40 Stage 1 Temp. °C 32 E

30 —¥—Stage 2 Temp. °C 31

20 MW‘\(/W«—% 30

10 29

0 - 28

150 180 210 240 270 300 330 360
Elapsed time (min)

Figure A- 8. Operational parameters monitored within run v-5 with 0.53 M Versatic 10 in
Exxsol™ D70 at nominal A/O value 0.61 using two counter-current extraction stages with
5.1 minutes residence time. Feed composition was 34.0 g/l Li, 1.2 g/l Ca and 52.7 mg/I
Mg.
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Monitored operational parameters of continuous runs
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Figure A- 9. Operational parameters monitored within run V-6 with 0.53 M Versatic 10 in
Exxsol™ D70 at nominal A/O value 0.6 using two counter-current extraction stages with
2.0 minutes residence time. Feed composition was 26.0 g/l Li, 1.2 g/l Ca and 48.7 mg/I
Mg.



