LAPPEENRANTA UNIVERSITY OF TECHNOLOGY
LUT School of Engineering Science

Chemical Engineering

Juho lkavalko

INCREASING ENERGY EFFICIENCY IN BIOREFINERIES

Examiners: Prof. Tuomas Koiranen
MSc (Tech) llkka Rantanen

Instructor:  MSc (Tech) Jaakko Siitonen



PREFACE
This master’s thesis was made for Poyry Oyj in Vantaa between January and August of 2018.

I want to thank all the people in Vantaa who have helped me during this work, especially oth-
er thesis workers and trainees. Your support has made my workload much lighter. Also, thank
you to all the people I’ve me during my time in Lappeenranta. These five years have probably

been the best time of my life!

Thank you to my supervisors and instructors Ilkka Rantanen and Jaakko Siitonen at POyry as
well as professor Tuomas Koiranen back in Lappeenranta. Your guidance and mentoring has
taught me a lot. Also, thank you to my family and friends who have supported me along the
way. Special thanks to my mother Aira who despite having hard times herself always had

time to listen to my problems.

In remembrance of Tuula.

Vantaa, 15" of July, 2018



ABSTRACT

Lappeenranta University of Technology
LUT School of Engineering Science
Chemical Engineering

Juho lkavalko

Increasing Energy Efficiency in Biorefineries

Master’s thesis
2018
89 pages, 28 figures, 11 tables, 2 appendices
Examiners: Prof. Tuomas Koiranen
MSc. llkka Rantanen
Keywords: Biorefineries, Energy Efficiency, Pinch Analysis, Process simulation

The aim of this thesis was to review the energy consumption of different biorefinery process-
es and to find ways to analyze and improve their energy efficiency. In the literature part of
this thesis different methods to design energy efficient biorefinery and other chemical pro-
cesses are reviewed and the overall energy balance of different biofuel process concepts is

evaluated based on available case studies.

A large part of process design and process energy efficiency lies in accurate process simula-
tion. An overview of different activity coefficient and equation of state methods used to mod-

el non-ideal systems in biorefineries is also presented in the literature part of this thesis.

In the experimental part of this thesis the accuracy of different thermodynamic methods was
evaluated for a bioethanol process case study. From the process simulation results a pinch

analysis was constructed and the energy saving potential of the process was determined.

The most accurate choice of thermodynamic method for the case simulation was observed to
be UNIQUAC-HOC based on experimental and modelled binary and ternary VLE-data com-
parison. The pinch analysis of the process shows a possibility of saving 36 % heating and
47% of cooling energy consumption compared to the original heat exchanger network design.
However, this is based on a theoretical heat exchanger network and its effect on the process

operability should be studied first before further implementation.
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Taman diplomitydn tavoitteena oli suorittaa katsaus erityyppisten biojalostamoiden energian-
kulutuksesta ja -tehokkuudesta. Kirjallisuusosassa tarkastellaan erilaisia energiatehokkaita
suunnitteluratkaisuita biojalostamoissa ja prosessiteollisuudessa. Liséksi kaydaan lapi erilais-
ten biopolttoaineprosessien energiasuhdetta perustuen kirjallisuudesta saataviin tapaustutki-

muksiin.

Tarked osa prosessisuunnittelua ja energiatehokkuutta on prosessisimulaation rakentaminen.
Kirjallisuusosassa kaydaan lapi erilaisia aktiviteettikerroin- ja tilanyhtalomalleja, joiden avul-

la voidaan mallintaa monissa biojalostamoprosesseissa esiintyvia epdideaaleja systeemejé.

Taman tyon kokeellisessa osassa tarkasteltiin eri termodynaamisten menetelmien tarkkuutta
bioetanoliprosessin mallintamisessa. Prosessisimulaation tuloksia kéyttéden prosessille tehtiin

pinch analyysi jonka perusteella prosessin energiansaastopotentiaali maaritettiin.

Kaikista tarkimmaksi termodynaamiseksi menetelmaksi tarkastellulle prosessille havaittiin
olevan UNIQUAC-HOC perustuen kokeellisen ja mallinnetun kaasu-neste tasapainon vertai-
luun. Prosessin pinch analyysi osoitti, ettd prosessissa voitaisiin sdastad 36 % lammityskus-
tannuksissa ja 47 % ja&hdytyskustannuksissa. Tamé& perustuu kuitenkin vain teoreettiseen

lammonsiirtoverkkoon, jonka vaikutus todellisen prosessin ajettavuuteen taytyy vield tutkia.
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1. INTRODUCTION

Process industry strives towards energy efficiency. The benefits of energy efficient pro-
cessing include higher energy security, conservation of resources and increase in global
competitiveness and decrease in emissions. Energy efficient technologies are being de-
signed all the time, but their implementation can be challenging due to often perceived
possible economic or other risks. However, often simple, well known technologies can be
adapted for process design to achieve substantial energy recovery on an industrial and na-
tional level. (ACS Presidential Roundtable on Sustainable Manufacturing, 2009)

Biorefineries, especially biofuel production plants, have gained a lot of interest in recent
years. Many companies have caught on the bioethanol and other biofuel production due to
the increase in demand for renewable fuels. Energy efficiency of these plants is important
not only from an economic but especially from an environmental perspective. The ad-
vantage of using renewable resources is clear but since working with these resources can
be challenging the energy efficiency of these processes can suffer. The total environmental
impact of a fuel is not only based on its raw materials or emissions but also the energy

economy of the production process.

1.1. The objective

The objective of this master’s thesis is to get a clear outlook on the methodologies used for
increasing energy efficiency in biorefineries. In the theoretical part of this thesis first the
basic idea of energy efficiency and what it includes in process industry is reviewed. This
information is extended to different biorefinery concepts by looking at the most common
energy intensive unit operations. Different methods for analyzing and designing energy
efficient processes are also reviewed and their effectiveness is evaluated. Also, using avail-
able literature, some case studies considering the current outlook of biofuel production

energy efficiency and balance are collected and reviewed.

Biorefinery processes include complex and often non-ideal chemical systems that can be
challenging to model accurately using process simulation software. To get reliable simula-
tion results for both the stream compositions and energy usage, the right choice of thermo-

dynamic method for each unit operation is of great importance. Different equation of state



and activity coefficient methods are presented in this thesis and especially methods used to

estimate systems with associating species such as carboxylic acids are focused on.

In the practical part one of the reviewed methodologies, namely pinch-analysis, is used to
optimize a bioethanol production plant in design phase. The aim is to find the minimum
amount of external utilities needed and to compare how much energy could be saved by
building a heat exchange network for the whole process according to the pinch principle.
To acquire reliable results, the thermodynamic method for the process simulation made

using Aspen Plus is also chosen using the information obtained from the theoretical part.
2. ENERGY EFFICIENCY

Energy efficiency is a widely discussed subject in many different industries. Despite this
the definition of energy efficiency is not always straightforward. The industry specific ide-
as of energy efficiency can vary greatly, and it can be viewed from both process and prod-

uct lifecycle point of view. (Heikkila et al., 2008)

Like other efficiency criteria such as economic or thermodynamic efficiency, energy effi-
ciency is often measured in terms of units of products produced. Efficient energy usage can
mean two things: The minimization of energy losses in the process or the optimization of
the energy usage based on the amount of energy needed by the process i.e. removing un-
needed energy consumption. Finding and optimizing these losses and inefficiencies is a

critical part of process design. (Heikkila et al., 2008)

The investment required for increasing the energy efficiency of a process always includes
uncertainties. Both energy and product prices are subjected to economic changes and the
investment for energy efficient technologies should be studied thoroughly (Svensson &
Berntsson, 2014).

Some of the big contributors where energy efficiency possibilities can be found in process
industry are (Heikkild et al., 2008):

e Steam generation
e Heat recovery and exchange
e Burning processes

e Cogeneration
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e Supply and transmission of electricity
e Motor powered systems

e Air pressure systems

e Pumping

e Heating & air conditioning

e Lighting

e Drying, thickening & separation processes

Steam generation and cogeneration are shortly reviewed in this chapter. Heat recovery and
exchange is discussed in more detail in chapter 4. Certain energy intensive separation pro-
cesses are also discussed in chapter 3. The other systems presented here are important
when considering overall process energy efficiency. For example, approximately two
thirds of electricity used in process industry is consumed by different motor systems when
electricity used for creating chemicals i.e. electrolysis is excluded (Cefic aisbl, 2013).
However, they are out of the scope of this thesis which focuses more on efficient use of
heating and cooling utilities. An outlook of the basic characteristics of energy efficient
design of these systems has been made for example by Heikkila et al. (2008).

2.1. Steam generation

Steam is one of the most used heating utility in process industry. Steam is a popular heat
transfer medium due to its high heat capacity, non-toxicity, stability and low price. It can
be used for heating or pressure control of the process. Other uses for steam are for example
stripping, fractionation and drying processes (U.S. Department of Energy, 2012). Process
steam can be distributed in different pressures. Both low and high-pressure steam have
their advantages: (Heikkila, et al., 2008)

High pressure steam:

e Higher achievable temperature for saturated steam
e Smaller volume

e Pressure can easily be lowered for each application
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Low pressure steam:

e Less energy losses in the boiler and pipes
e Less heat in the condensate
e Less risk of leaks in the pipes

e Less scaling in the boiler

It is often recommended to use steam at suitable pressure to reach the needed temperature

for the process. However, overpressurized steam creates unneeded energy losses.

Steam is generated in boilers where water is heated using a fuel such as oil or biomass. The
pressure inside the boiler is adjusted so that steam can be generated at needed temperature.
This steam is then distributed to the process over steam distribution network. Steam traps
are scattered throughout the network to collect and recycle condensate steam. (Einstein et

al., 2001) A simple diagram of steam system is show in Figure 1.

—————————————— * Distribution- - - - - - - - —-—-—- - - == - - = - — -1
Forced dralt plan STEAM SYSTEM :
HEADER Pressure reducing I
| valve or black [
| Combustion air \ _\pressur-& turbine I
1 Boiler exhaust gases (- I’F |
| |
I Combustion © b% Isalation valve [} I
| air preheater 1
! heater
| Economizer ,[[]]H]D]. _h\l T shell and I—H-I-_H—I End
| [ Wy use
| tube heat Process Jl
i - Boiler ® exchanger heater
. ] ['2 &
" i 'J =, s )
Generation A | condensate
A : Fuel Fefd | [ receiver
1 water , l . ] tank and
! \ pump Deaeralof  CONDENSATE Ei pump
: | —r PIPING —
| c ,
b e e e e e e e e e e m - - Recovery « — — — — — — — — — — — — _ =

@ Steam trap
@ Wireless sensors

Figure 1 Steam generation system. (U.S. Department of Energy, 2012)

The different parts of a steam system (steam generation, distribution, recovery and use) are
presented in Figure 1. In terms of energy usage most inefficiencies in steam generation
system are tied to the boiler and fuel burning. For example, inefficient monitoring of oxy-

gen during burning can cause incomplete burning of the fuel and induce inefficient heat
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recovery. (UNIDO, 2014) There are many ways to design an efficient steam generation
system. Some of the main characteristics of energy efficient steam generation system are

shown in Table I.

Table | Characteristics of a high efficiency steam generation system. (UNIDO, 2014)

System part Characteristics

Combustion gas oxygen monitoring
Sootblowing in heavy fuel using boilers
Steam generation
Flue gas thermal energy recovery

Boiler water quality maintenance

Steam leak prevention and repair
Steam distribution Proper insulation in piping, valves & fittings

Steam trap maintenance

High condensate recovery
Steam recovery
High recovery of flash steam

In many industries working with biomass there are obvious opportunities for using biomass
in the boiler for creating steam. The efficiency of the boiler is dependent on the fuel used

so the suitability of biomass as a steam generation fuel needs to be determined first.
2.2. CHP-systems

Combined heat and power (CHP), also known as cogeneration is a technology where both
electricity and thermal energy are created simultaneously. In biorefineries this can be
achieved using fuels that can be obtained from the process waste and side streams that
cannot be otherwise used in the production. This is especially important for many biofuel
production processes where all biomass is not completely processed, and a lot of waste
solids are left after processing. Also, in some of processes the produced fuel is used in the
cogeneration system to produce the needed process heat. This lowers the need of outside

energy at the cost of some of the product. (Morales et al., 2015)
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Using biomass or biofuels in cogeneration systems in biorefineries can lead to significant
economic savings and reduce the environmental impact. Since the raw material for the co-
generation plant can be obtained from the main process the overall energy efficiency of the
plant increases and some processes have said to achieve even self-sufficiency in energy
production. (Ali Mandegari et al., 2017) Sometimes the excess energy and heat can also be
distributed to nearby residential areas close to the production site which increases the eco-

nomic viability of the process.

The purpose of CHP-system in a basic biorefinery concept is to burn various organic by-
products. In many biorefineries these byproducts can include lignin, unconverted cellulose
and hemicellulose. In many cases there are other sidestreams such as biogas and biomass
sludge available from an integrated wastewater treatment plant along with other organic
and inorganic byproducts depending on the process. These byproducts can always be com-
bined with untreated biomass or biofuel if self-sufficiency is to be achieved. (Ali
Mandegari et al., 2017)

Compared to conventional condensing power plants and separate heat generation, CHP-
plants are significantly more energy efficient. This is because CHP-processes can use the
energy released from condensation of the process fluid for heat generation whereas this
energy goes to waste in the conventional power plant (Alakangas & Flyktman, 2001). San-
key diagram explaining the basic difference of traditional and CHP-energy generation is

shown in Figure 2.
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COMBINED HEAT AND POWER SEPARATE HEAT AND POWER
GENERATION GENERATION

Bodler lossas EBodlar lossas
M Eleciromechanécal losses

hamical lossas 3

Condansation l0Ssos
=

Fual 133

Total efficiency 85 %

Bodlar lossas
T

Total efficiency 64 %

Figure 2 Energy consumption of conventional and CHP-energy generation systems.
(Alakangas & Flyktman, 2001)

Sankey diagram presented in Figure 2 shows the overall energy losses in the process.
These diagrams are often presented in unit operation basis demonstrating which parts of
the process are the most energy demanding. They are useful tools for obtaining an over-
view of the energy efficiency of a process. Based on Figure 2 it can be seen that the CHP
plant has higher efficiency and fewer losses compared to separate heat and power genera-

tion plants.

There are many types of designs for CHP-plants used in biorefineries. Some of the conven-
tional designs include normal and high-pressure biomass rankine cycles and biomass gasi-
fication based combined cycle. In the conventional boiler type plants biomass is burned in
a large boiler and used to generate superheated steam. Part of this superheated steam can
be used for process heating and the rest of the steam is turned into medium and low-
pressure steam and electricity using a steam turbine. The boiler can also be operated in
high pressure and the resulting high-pressure flue gas can be fed through a generator to
generate electricity. (Wan et al., 2016) The basic principle of this type of conventional ran-

kine cycle CHP-plant is shown in Figure 3.
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Steam
Turbine
Fuel
E—
Power out
Boiler

Pump Process or
Condenser
Heat out

Figure 3 Basic rankine cycle used in many CHP-plants
(U.S Environmental Protection Agency, 2017)

Other type of cogeneration system is a biomass gasification-based CHP. This type of pro-
cess doesn’t only generate heat and electricity but also generates very clean syngas that has
a potential for use in many different applications besides heat and electricity generation. In
these processes biomass is gasified using a gasification reactor. These reactors are availa-
ble in many different configurations such as fixed, moving, fluidized and entrained bed
configurations. The created syngas is then cleaned and filtered and fed through a gas tur-
bine or gas engine to generate electricity. The resulting exhaust gas from the gas turbine
can then be used to heat up and to generate superheated steam which can be converted into
electricity and low-pressure steam like in the boiler type process. (Wan et al., 2016)

3. BIOREFINERY PROCESSES

This part of the thesis focuses on different biofuel production processes. The use of bio-
mass for production of renewable fuels has increased in recent years due to increasing en-
ergy demand and the need to reduce global warming and greenhouse gasses. Bioethanol is
the most used biofuel in transportation and it has been marketed as the clean and sustaina-
ble fuel compared to fossil fuels (Modarresi et al., 2012). However, these processes also

require considerable amount of energy. An energy efficient outlook on the process design
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is needed to make biofuel production sustainable from both economic and environmental

point of view.
3.1. Generations of biofuels

Biofuels are often divided into generations based on the raw materials used for their pro-
duction. Currently there are three generations of biofuels. The first-generation biofuels are
produced from feed crops such as wheat, corn or sugar through fermentation process.
These biofuels are often a cause of debate because of their questionable benefits. Their
energy balance is often much worse than farther biofuels generations and since they are
made from food sources, it is often questioned whether it is socially acceptable to use food
as a raw material for fuel production. (Biofuel.org.uk, 2010)

Second generation biofuels are produced from waste products such as waste vegetable oil
or lignocellulosic materials such as wood. They are more socially acceptable than first

generation biofuels, but their processing is much more challenging. (Biofuels.org.uk, 2010)

Second generation biofuels, also known as advanced biofuels, have been researched thor-
oughly in the recent years. They are currently being promoted by many policies around the
world. Their high efficiency and non-food nature bring a lot of incentive to research. Also,
many countries have several types of second generation biomass which can be used for
production of fuels. (Valdivia et al., 2016). However, there aren’t many commercial plants

in operation currently since the research for most efficient technologies is still ongoing.

Third generation biofuels were separated from second generation biofuels due to their
much higher efficiency. Third generation biofuel are derived from different species of al-
gae which produce oils that can be refined into diesel or other fuels. These algae can be
genetically manipulated in order to produce a huge range of different kinds of fuels. This
makes the process very adaptable. Algae that are used for biofuel generation are also said
to have great yields compared to other generation biofuel processes. The problem with
third generation of biofuels is tied to the cultivation process of the algae. Algae need large
amounts of light, water and nutrients in order to sustain growth. The nutrient and water
requirement is often so high that currently the production of third generation biofuels is not

viable in most situations. (Biofuels.org.uk, 2010)
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3.2. Biorefinery process

There are many different types of biorefinery processes. The choice of the process depends
on the desired product as well as the raw materials used in the process. Processes produc-
ing bioalcohols, such as bioethanol commonly operate using a fermentation process. For
the first-generation biofuels this process is fairly straightforward where the fermentable
sugars are easily extracted from the raw material (Dias et al., 2009). Second generation raw

materials however require more complex processes.

One of the common processe used for producing bioethanol along with other alcohols is
the enzymatic hydrolysis process. To obtain sugars to be fermented from the biomass the
biomass needs to be pretreated first, making the cellulose molecules more accessible for
the next process step where enzymes convert cellulose into sugars. The sugars are then
processed into alcohols using the well-known fermentation process. These alcohols then
need to be purified and concentrated using different separation processes such as distilla-
tion. This is the basics of most commercial bioethanol processes although individual dif-

ferences of course exist.

A block diagram showing an example of a bioethanol process with different unit opera-

tions is show in Figure 4.
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Figure 4 Simple block diagram for enzymatic hydrolysis process for production of
bioethanol from lignocellulosic biomass. (Humbird et al., 2011)

Figure 4 shows the basic enzymatic hydrolysis process of a second-generation bioethanol
plant. Besides the basic process steps explained earlier it can also be seen that these pro-
cesses include side processes such as wastewater treatment and energy generation from

side and waste streams.
3.3. Unit operations in biorefineries

Production of biofuels from lignocellulosic biomass has been investigated a lot in recent
years. Many types of processes have been implemented for biofuel production. The choice
of process depends on the type of biofuel being produced as well as the type of biomass
used as the raw material. Certain unit operations are commonly seen in most of these pro-
cesses. Some of these unit operations are reviewed in this chapter along with their overall

effect on the process energy economy and efficiency.
3.3.1. Pretreatment technologies

Pretreatment is an essential step when producing bioethanol from lignocellulosic biomass
through the hydrolysis route as well as in certain biodiesel processes. The purpose of pre-

treatment is to break down lignin and to disrupt the crystalline structure of cellulose. This
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is especially important in enzymatic hydrolysis processes where the enzymes need a good
access to the cellulose structure to achieve good conversion. Pretreatment technologies can

be roughly divided into four groups (Sun & Cheng, 2002):

e Physical pretreatment
e Physicochemical pretreatment
e Chemical pretreatment

o Biological pretreatment

The choice of pretreatment technology greatly affects the subsequent hydrolysis and fer-
mentation effectiveness. In terms of energy consumptions both physical and physicochem-
ical routes often require high temperatures, pressures or large amounts of electricity. How-
ever, steam explosion has been recognized as one of the most energy efficient pretreatment
methods especially compared to physical pretreatment methods. Chemical and biological
methods may also require medium temperatures and long residence times depending on the
process. For this reason, these processes could have potential for heat integration. (Sun &
Cheng, 2002)

Mechanical treatment of biomass includes breaking down biomass using physical methods
such as chipping, grinding and milling. The physical breaking down of fibers has been
proven to reduce cellulose crystallinity and to improve the digestibility of the biomass.
Another type of physical process is slow pyrolysis process where the biomass is treated in
very high temperatures and it is reduced to gaseous products and solid residues. These res-
idues can then be processed in the same way as with other pretreatment products. By cool-
ing the pyrolysis gas rapidly in fast pyrolysis liquid hydrocarbons are also generated which

can be processed into biofuels. (Sun & Cheng, 2002)

Physicochemical processes are based on simultaneous chemical and physical treatment of
the biomass. These processes include methods such as steam explosion (autohydrolysis)
and ammonia fiber explosion. In these processes the biomass goes through a sudden reduc-
tion in pressure in presence of water or other chemicals which causes physical and chemi-
cal changes in the fiber structure. Other physicochemical processes include microwave

treatment, wet oxidation and ultrasound treatment. (Alvira et al., 2010)



20

Chemical pretreatment includes processes such as alkali and acid pretreatment, ozonolysis,
organosolv process and ionic liquid pretreatment. These methods are based on the chemi-
cal removal of lignin and subsequent change of cellulose structure to more accessible to
enzymes. The process conditions in these processes are usually less harsh than in the phys-
ical processes in terms of pressure and temperature. (Alvira et al., 2010)

Biological pretreatment of lignocellulosic biomass is based on using different microorgan-
isms such as fungi to break down cellulose. The advantage of these processes is their low
cost and lower environmental impact. However, the cultivation and treatment times are
often much longer than in other methods and some sugars may be lost due to microbial
activity. (Sindhu et al., 2016)

3.3.2. Distillation

Distillation is a unit operation present in almost every biofuel production process. Distilla-
tion is used to separate and purify the final product from the other substances using the
difference in volatility between different components. In a basic distillation column setup,
the feed stream is a liquid mixture that is fed to the column at the feed stage. VVapor phase
flows upwards the column whereas the liquid phase flows downwards. The column is filled
with either plates or packing depending on the column type. The vapor and liquid phases
are brought into contact with each other. The vapor that comes out from the top of the col-
umn is then condensated and part of this condensate is recycled back to the column to pro-
vide feed flow above the column. This is called the reflux stream. Part of the bottom prod-
uct is also reboiled and recycled back to provide liquid stream. The basic construction of

single and multifeed column is shown in Figure 5. (Towler & Sinnott, 2013)
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Figure 5 Basic distillation column construction for a) basic single feed column and b)
multistream column. (Towler & Sinnott, 2013)

When designing a distillation column there are few basic design variables that need to be
solved: the reflux ratio, number of ideal/real stages and the feed stage. Nowadays this is
almost always done using commercial simulation software. Shortcut models, such as
Winn-Underwood-Gillian method, allow the designer to estimate the stage and reflux re-
quirements to reach the required purity product with minimum information. The results
from shortcut models can be used for an initial estimation that can be inserted into a rigor-
ous model that can carry out a stage-by-stage mass and energy balances. Graphical meth-
ods for determining these variables also exist but they are no longer in use in any practical
context. It is important to note that the results obtained from distillation simulations are
very dependent on the phase equilibrium model used. (Towler & Sinnott, 2013) In terms of
energy consumption, the proper design is imperative in order to minimize the inefficiencies

inside the column.

Distillation is one of the most energy intensive processes in chemical industry
(Tarighaleslami et al., 2012). It has been in use for a long time and is considered a mature
technology. However, due to the demand for lower energy consumption and lower CO>
emissions has led to the need for finding more energy efficient separation solutions. Cer-

tain distillation column arrangements have been proven to lower the overall energy con-
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sumption of a distillation process. Some of the proposed arrangements are (Halvorsen &
Skogestad, 2011):

e Petlyuk arrangement

e Extended Petlyuk arrangement

e Kaibel arrangement

e Multi-effect columns

¢ Internally heat-integrated distillation column (HIDiC)

¢ Dividing wall column (Aspirion & Kaibel, 2010)

These arrangements might not be feasible for every process, but they should still be con-
sidered. Quite significant energy savings could be obtained when using a suitable arrange-
ment. (Halvorsen & Skogestad, 2011). Methods such as pinch-analysis and exergy analysis
can also be used to design energy efficient distillation columns. These methods are pre-

sented in chapter 4.
3.3.3.  Evaporation

Evaporation, along with crystallization, is one of the most common techniques used in in-
dustry for recovery of dissolved solids. Evaporation is a process where a more volatile
component is removed by vaporization. The product from evaporation is a more concen-
trated liquid or in some cases dried solids although this could be considered as drying or
crystallization. (Towler & Sinnott, 2013)

Many different evaporation technologies have been proposed and used in different indus-
tries. Evaporation is also a common unit operation in biofuel production processes for re-
covery of water or solvents. The basic evaporator types can be divided into direct-heat,
long-tube, forced-circulation, wiped-film and short-tube evaporators (Towler & Sinnott,
2013).

In conventional evaporators energy tied to the vapor stream is either lost or only partially
used. MVR (mechanical vapor recompression) is a technology aiming to reduce the high
energy consumption of evaporation equipment. The idea of MVR is to compress the vapor
that is generated during the evaporation process and to use this compressed vapor with
higher boiling point temperature to heat the same unit. When this vapor condenses it re-
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leases its latent heat which lowers the need for external utilities for heating. (Andritz Oy,

2018) This same technology is also in use in many conventional distillation units.

MVR-evaporator requires practically only electricity to drive the mechanical compressor.
This energy consumption is often considerably lower than what is required in thermally
heated evaporation units. The energy requirement of the compressor is mostly dependent
on the heat exchange efficiency, pressure drops in the system as well as the product specif-
ic boiling point increase (GEA Process Engineering, 2015). A very similar system is the
Thermo Vapor Recompression (TVR) which uses a steam venturi instead of a mechanical
compressor to compress a fraction of the steam flow and return it back into the evaporator

(SPX Corporation, 2009). A simple example of an MVR-system is show in Figure 6.

steam —> 0 @D

(start up)

condensate

Figure 6 Basis of an MVR-system (SPX Corporation, 2009)

Another commonly used energy conservation method for evaporation is multi-effect evap-
oration. In this system multiple evaporation units are put in series. These units operate in
different pressures so that the pressure is always lower than the next unit in the series. The
vapor produced in one unit can then be used to heat up the unit before it since the tempera-
ture of the vapor is higher in the unit with higher pressure. An example of this system is

shown in Figure 7.
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Figure 7 Multiple effect evaporator principle (SPX Corporation, 2009)

3.3.4. Drying

Drying is a process for removing water or other volatile liquids from solids by evaporation.
The difference between evaporation and drying is in the desired end product. In drying the
aim is to remove most or all the water from the solids and to produce dry product whereas
in evaporation the product is more concentrated liquid. Drying is an operation that is pre-
sent in almost every process where solids are the desired end product (Towler & Sinnott,
2013). This is also the case in many biorefineries. In biofuel production plants solid lignin

is often obtained as a side stream to be fed into a CHP-plant or to be sold as a side product.

Drying is a very energy-intensive process. It accounts for about 15% of industrial energy
consumption (Atuonwu et al., 2011). Thermal drying, which is the most common type,
uses hot air as the heating and mass transfer medium. If there are concerns about flamma-
bility, a carrying gas, such as nitrogen or flue gas, can also be used. Gas is heated using a
burner either directly or indirectly. Many types of fuels can be used for the burner such as

oil, gas or biomass (Towler & Sinnott, 2013).

The energy efficiency of a drying operation is dependent on the solids being dried and the
type of dryer being used. In many processes where heat sensitive solids are being dried, the
overall energy efficiency can be low due to the low drying temperature used. A common
way to improve energy efficiency in the drying process is to preheat the dryer input air

using exhaust air from the same process. This is suitable for some processes but processes
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where the drying temperature is relatively low, this might be thermodynamically infeasi-
ble. (Atuonwu et al., 2011)

A more novel approach to energy efficient drying of solids is drying air dehumidification
using adsorbents. In these processes moisture is removed from the inlet air using different
types of adsorbents such as zeolite. The main energy input to this type of process is for the
adsorbent regeneration which is done using hot air. This presents some integration oppor-
tunities since the regenerator exhausts have high energy content. This technology is suita-

ble especially for low temperature air drying processes. (Atuonwu et al., 2011)
3.4. Case studies on biofuel energy balance
3.4.1. Bioethanol

Biofuel production is a competitive scene. Many countries have their own policies for bio-
fuel production and usage and the demand for biofuels is growing all the time due to envi-
ronmental demands (Meihui et al., 2014). Because of these demands it is expected that
biofuels will provide around 27% of the transportation fuels by 2050 (Morales et al.,
2015). The newest EU target for renewable energy by 2030 is 32 % (Keating & Simon,
2018). Bioethanol is the most produced biofuel with around 90% share of all the biofuel
production (Meihui et al., 2014). It has great flexibility and potential as a transport fuel. It
can be used as a mixture with fossil fuels in existing vehicles without a need for engine

modifications as well as a non-mixture in specially designed engines (Morales et al., 2015).

Bioethanol is being produced as both first generation and second-generation biofuel. Ener-
gy balance of these processes can differ greatly. In this chapter, a literature review of dif-

ferent case studies on bioethanol plants and their overall energy efficiencies is made.

Bioethanol production plants are evaluated based on their energy balance, also called ener-
gy ratio. It is defined as the heat content ratio of the produced fuel (J/kg) divided by the
non-renewable energy that is needed to produce one kilogram of that fuel. It depends main-
ly on the performance of the process and the raw material, which can differ greatly be-
tween plants. The value of this ratio can be lower or higher than one and theoretically ap-
proach infinity if the plant only uses renewable energy for its process. (Morales et al.,
2015)
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Morales et al. (2015) compiled sixty case studies available from literature where different
lignocellulosic raw materials were used for bioethanol production. The energy balance of
these cases varied between 0,5 and 13. Morales et al. (2015) clarify that the only cases
where the energy balance was lower than 1 were cases where no electricity cogeneration
was done using leftover biomass. This shows that use of side and waste products for ener-
gy generation is an important parameter when designing bioethanol production plants. This
is also the reason why second-generation fuels often have higher energy efficiency than the

first generation fuels. (Morales et al., 2015)

Wang et al. (2014) analyzed a plant producing bioethanol from sweet sorghum stem which
is a fast growing, non-food feedstock crop and has gained a lot of attention especially in
China for its good yield and low cost as a raw material for bioethanol. Energy balance of
this plant was found to be 1,56. The low energy balance can be contributed to the large
quantity of steam required by the process (around 65% of the consumed fossil energy).
Steam is mainly generated using coal combustion in China. Other big energy demand is the
plant cultivation unit. The different stages and units present in the process and the required

utilities and raw materials are shown in Figure 8.
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Figure 8 Bioethanol production process stages and units from the study of Wang et al.
(2014)

First generation biofuel production from sweet potato was studied by Zhang et al. (2017).
In this study they used three different plant production modes: one without any cogenera-
tion, one with cogeneration from distillation waste and one with extended recycling of by-
product and wastes such as COz and solids. As expected, cogeneration increased the ener-
gy balance of the process. Without any recycling and co-production, a 1,23 energy balance
was achieved. With improved cogeneration energy balance was increased to 2,23. Zhang et
al. also studied the environmental impact of the process and it was noted that the highest
environmental impact category for this type of process was eutrophication. Toxicity to
humans and global warming potential were also in the high impact category. Increase in
cogeneration decreased the environmental impact of the plant. The processing steps of this

plant along with the different production modes studied are presented in Figure 9.
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Figure 9 Bioethanol production plant with different operation modes as presented by
Zhang et al. (2017). CPM: Conventional production mode, CGM: Cogenera-
tion mode, CEM: Circular economy mode.

Abdullah et al. (2016) made a preliminary case study on a bioethanol production plant us-
ing oil palm frond as the raw material. This is a side product of the palm oil industry with
very high nutritional and energy content. It is the biggest generated oil palm biomass, but
its utilization is still in the early stages (Ooi et al., 2017). The process concept was devel-
oped based on literature on the current bioethanol technologies. The process consists of
sterilization, fermentation, centrifugation, distillation, rectification and dehydration steps.
This plant also includes a cogenerations system where leftover biomass fiber is used as a
burning fuel. An energy balance of 7,48 was estimated for this plant concept which is a
very good value for bioethanol production. A flow diagram of this process showing differ-

ent process steps is shown in Figure 10.
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Figure 10  Process flow diagram for the palm biomass bioethanol process from
Abdullah et al. 2016

A techno-economic evaluation for bamboo-based bioethanol production was made by Lit-
tlewood et al. (2013). Although they did not do an energy balance analysis for the project,
it was determined that production of bioethanol from bamboo feedstock could be profita-
ble. They used a liquid hot water extraction technology to enhance sugar release from the
bamboo lignocellulose. As with previous case studies shown this plant also included co-
generation of electricity by burning residual biomass. It was observed that the lowest etha-
nol selling price for this process was 0,484 $/L.

An evaluation of first generation biofuels made from corn grain and soybean was made by
Hill et al. (2006). They observed positive net energy balances for all processes. Out of all
the studied raw materials, soybean had the highest energy balance when producing bio-

diesel. An energy balance of 1,25 was observed for bioethanol made from corn.

Bioethanol production was also studied by Pimentel & Patzek (2005). They observed that
although corn-based ethanol production has seen support from many corporations, the net
energy balance of such processes is often negative. Ethanol made from corn also has the
first-generation bioethanol problems such as ethical and economic issues. A comparison to
switchgrass and wood-based bioethanol was also made. According to this study both sec-
ond generation bioethanol processes have even more negative energy balance than that of
corn-based bioethanol. Bioethanol made from corn had an energy balance of 0,77 whereas
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ethanol made from switchgrass and wood had energy balances of 0,69 and 0,63 respective-
ly. These results are very low compared to many other case studies. This study has seen

some criticism for example from Van Gerpen & Shrestha (2005).

Switchgrass-based ethanol was also studied by Schmer et al. (2007). According to them
switchgrass-based bioethanol appeared to have high energy balance of 13,1. However this
is also much higher than any other switchgrass-based processes that were compiled by Mo-
rales et al. (2015). The switchgrass energy balance case studies seem to go as low as 1. No

mention was made on cogeneration in the process.

The case studies show that most bioethanol production plants work on a positive energy
balance which is to be expected. However, there are large differences between different
processes but also some criticism made. Most often second-generation biofuel production
plants have higher energy efficiency than the first generation plants. It can also be seen that
co-generation of energy by is an important part of increasing the plant energy efficiency.
Usually this is done by burning leftover biomass and using the energy acquired to cover

the need of the plant. A summary of the previous case studies is shown in Table II.
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Table 11 Summary of bioethanol production case studies.
Source Biomass Energy Balance Production price
Sweet sorgum
Wang et al. (2014) 1,56 -
stem
Zhang et al. (2017) Sweet potato 1,23-2,23 -
Abdullah et al. (2016) Qil palm frond 7,48 0,52 $/L
Littlewood et al. (2013) Bamboo - 0,484 $/L
: Corn grain & 1,25 (corn) 0,46 $/L (corn)
Hill etal. (2006) soybean 1,93 (soybean) 0,55 $/L (soybean)
Schmer et al. (2007) Switchgrass 13,1 -
: , 0,77 (corn) 0,45 $/L (corn)
Pmen(tg(l)gg)P atzek Corn;gLS\\/lvvlct)gr&grass 0,69 (switchgrass) 0,54 $/L (switchgrass)
0,63 (wood) 0,58 $/L (wood)

3.4.2. Other biofuels

Biofuels such as biodiesel have seen an increase in production along with bioethanol and
their production is predicted to grow along with the increase in demand for renewable
fuels. Biodiesel is traditionally made by using the transesterification process where oils
such as vegetable oils, animal fats and microbial oils are used as raw material (Zhang et al.,
2016). Vegetable and animal-based oils once used as a cooking oil are usually an unwanted
waste product which is why their recycling for biofuel production is desirable (Varanda &
Martins, 2011). Other more novel bio diesel processes also exist such as hydrotreating of
waste oils. Other bio-based fuels are for example biogas, syngas, bio-gasoline and other

bioalcohols.

Crude glycerol has been researched as a raw material for biodiesel, hydrogen and biogas
production. Glycerol is a byproduct of biodiesel production which is usually either used by
the cosmetic industry or burned for energy production. Conversion of crude glycerol into
biofuels is usually done by biological means using microbial activity. Biodiesel made from



32

crude glycerol has been reported to have a positive net energy balance of 1.16 whereas
hydrogen and biogas production have much lower energy balances of 0,22 and 0,27 re-

spectively. (Zhang et al., 2016)

Pimentel & Patzek (2005) reported low energy balance for biodiesel production from soy-
bean and sunflower oil. Soybean based biodiesel was reported to have an energy balance of
0,79 whereas sunflower based biodiesel had an energy balance of only 0,46. According to
these results biodiesel productions is not energy efficient. However, this paper was criti-
cized by Van Gerpen & Shrestha (2005). Their conclusion is that the energy balance of
biodiesel production from soybean should be closer to 2,8 which is a good balance for bio-

diesel production.

A very detailed life cycle analysis of biodiesel made from soybean was made by Sheehan
et al. (1998) According to this study biodiesel energy balance is 3,2 which supports the
renewable nature of biodiesel. Biodiesel was also observed to have much lower net CO>
emissions compared to petroleum diesel. This study was later revisited by Pradhan et al.
(2011) which includes newer data from biodiesel plants build after 2002. This updated
paper reports that biodiesel energy balance has increased to 5,54. This increase can be con-
tributed to better soybean yields as well as more energy efficient plants. Biodiesel produc-
tion from soybean was also analyzed by Hill et al. (2006) who report energy balance of

1,93 which, although lower, still makes biodiesel production net energy positive.

Gas based biofuels have also been of interest in the recent years. Methane production from
energy crops has shown promise in this field. This process is based on anaerobic digestion.
When using lignocellulosic biomass as the raw material this process requires pretreatment
technologies like the bioethanol process which requires additional energy input. However
pretreated raw material can also increase the efficiency of the digestion process which pro-
vides higher yields of methane. High energy balances, up to 13,1 have been reported for
this type of process. (Uellendahl et al., 2008).

Overall other biofuels besides bioethanol seem to achieve a positive energy balance which
supports the idea of renewable and environmental energy source. A summary of the studies

is shown in Table I11.
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Table 111 Summary of biofuel production energy balances
Source Type of fuel Raw material Energy balance
Biodiesel 1,16
Zhang (2016) Hydrogen Crude glycerol 0,22
Biogas 0,27
Pimentel & Patzek 0.79
(2005) Biodiesel Soybean 0’46
Van Gerpen & Shrestsah Sunflower oil 2 3
(2005) (correction) ’
Sheehan (1998) - 3,2
Pradhan (revisit) (2011)  iodiesel Soybean 5,54
Hill et al. (2006) Biodiesel Soybean 1,93
st nd _
Uellenddahl et al. (2008) Biomethane 1" & 27 genera 6,8-13,1

tion energy crops

4.  METHODS FOR ANALYZING AND IMPROVING ENERGY EFFICIENCY

There are many different ways to optimize a process towards more energy efficient design.
Inefficiencies in a process can be contributed to use of process heat and utilities, inefficient
unit operation design and inefficient use or raw materials and waste streams in the process.
Few of the methods used find and improve these inefficiencies are reviewed in this chap-

ter.
4.1. Pinch analysis
4.1.1. Introduction to pinch analysis

Reducing resource consumption and increasing energy efficiency in process industry can
be achieved by recycling and re-using energy and material streams. Pinch analysis is a
method invented for this purpose and was formulated by Linhoff et al. in the 70’s (Kemp et
al., 2007; Klemes & Kravanja, 2013). Heat integration based on pinch-analysis is used to
examine and optimize the heat exchange between cold and hot process stream and to lower
the consumption of external heating or cooling utilities. This procedure has a profitable

effect on process costs and economics. (Klemes & Kravanja, 2013)
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The basic principle of pinch-analysis is to find heat exchanger targets that define the mini-
mum heating and cooling utilities needed for the process. For this so-called energy target-
ing @ minimum temperature difference ATmin has to be defined. The temperature difference
between hot stream being cooled and cold stream being heated cannot be lower than this
determined value. (Kemp et al., 2007)

Besides heat integration, pinch-analysis has found use in many other integration problems.
It has been used in integration of separation columns, reactors, compressors and expanders,
boilers and heat pumps (Towler & Sinnott, 2013). It can also be adapted for mass integra-
tion for example for reducing waste water effluents and to reduce the fresh water intake to
the process (Wang & Smith, 1994). Pinch analysis can also be combined with other meth-
odologies used for process integration. Combination of pinch analysis and exergy analysis
has been used to examine the energy efficiency of a power plant (Feng & Zhu, 1997) and
this combination has been said to be an effective method for optimizing low temperature

processes (Correa & Gundersen, 2016).

Pinch analysis implements classical thermodynamics in a practical way and does so with
an approach that is largely non-mathematical (Kemp et al., 2007). This makes Pinch analy-
sis a tool that is efficient and easy to understand for heat integration and process optimiza-

tion.

Pinch-analysis is often associated with its graphical representation of composite curves and
the grand composite curve. Composite curves are constructed by calculating heat loads or
enthalpies for each cold and hot stream and drawing them into the same plot at the correct
temperature intervals. Enthalpy of a process flow is defined as: (Kemp et al., 2007)

AH = C,mAT (1)
Where AH Enthalphy change of the process stream, kW
Cp Specific heat capacity, kJ/kgK
m mass flow, kg/s
AT Temperature change of the stream, K

Streams in the process can be divided into two categories: streams that require heating and
streams that require cooling. Streams that require heating are called cold streams as their
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starting temperature is cooler than their target temperature whereas streams that require

cooling are called hot streams.

The stream temperature and enthalpy are plotted into a T-H diagram. Temperature ranges
where same types of streams (cold or hot) overlap the enthalpies of the streams are com-
bined and added together. This way two curves are created: one for the hot composite and
one for the cold composite. These curves are positioned no closer than the chosen mini-
mum temperature interval ATmin. A lot of parallels between this method and the McCabe-
Thiele method used for designing distillation columns can be found (Seider et al., 2009).

An example of construction of a hot composite curve is shown in Figure 11.
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Figure 11  Construction of a hot composite curve with three process streams
(Kemp et al., 2007)

Hot and cold composite curves are plotted into the same figure so that the hot composite is
above the cold composite. The point where the temperature difference between the two
curves is at its smallest is called the pinch point. This temperature difference is the same as

the chosen ATminand can be adjusted by moving the composite curves along the H-axis.

The overlap between the two composite curves represents the possible heat recovery of the
process. The required external cooling or heating needed for the process can be observed

from the “overshoot” at the top and at the bottom of the graph where the two composite
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curves don’t overlap. The needed heating and cooling duties can be easily read from the H-
axis. An example of four-stream composite curves and the determination of heat recovery

and needed heating and cooling duty is shown in Figure 12. (Kemp et al., 2007)
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Figure 12 Hot and cold composite curves and the determination of available heat recov-
ery and needed heating and cooling duties (Kemp et al., 2007)

Another way of representing Pinch is with grand composite curve. This is created by shift-
ing both the temperatures of both the hot and the cold composite curves by %2ATmin. Cold
curve is shifted upwards and hot curve is shifted downwards. These temperatures are called
shifted temperatures. After this the two composite curves touch each other at the Pinch
point. The grand composite curve is constructed by taking the enthalpy difference between
the two curves at each temperature and plotting this into a new T-H plot. An example con-

struction of grand composite curve is shown in Figure 13. (Kemp et al., 2007)
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Figure 13 Construction of grand composite curve. (Linnhoff March, 1998). HP stands
for High Pressure steam and Ref. stands for Refrigerant

The grand composite curve is an especially useful tool for targeting multiple utility levels.
The amount of heating or cooling duty needed for each temperature can be read straight
from the grand composite curve which makes setting utility targets easy. (Linnhoff March,
1998)

Choosing the right ATmin for the process is an important step when conducting pinch analy-
sis. Although a low value for ATmin means lower utility consumption it comes with draw-
back of higher heat exchanger area. The heat exchanger area is roughly inversely propor-
tional to the ATmin and the area increases to infinity when ATmin is 0 (Kemp et al., 2007).
This creates an obvious parallel between minimum temperature difference and the capital
cost of heat exchange network. Higher heat exchanger area means higher investment costs.
A balance between capital cost and energy efficiency is often one of the main targets in

pinch analysis.

Besides the composite curves, pinch analysis can be conducted by constructing so called
problem tables. In these tables the stream temperature intervals and enthalpy changes are
presented in table form. This is an effective way to conduct pinch analysis with simple
tools such as spreadsheets. The construction of a problem table is presented in more detail
for example in the book by Kemp et al. (2007).
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4.1.2. Heat exchanger networks

Heat exchanger network (HEN) design is a key design aspect in most chemical engineering
applications. Large amount of energy is used by heating and cooling utilities and an effi-

ciently designed HEN can lead up to 20-30% energy savings (Hindmarsh, 1983).

Heat exchanger networks and their optimization is one of the most studied design problem
in chemical engineering. They are very strongly related to the energy efficiency of the pro-
cess. The purpose of HENS is to integrate hot and cold streams of the process and to reduce
the amount of heating or cooling utilities needed. Even though the optimization of HENSs is
of great importance, its implementation is not always simple, and a lot of work has been
made in order to create methods to overcome these problems. (Escobar & Trierweiler,
2013)

Heat exchangers used in chemical processes can be divided into three families: shell-and-
tube, plate-and-frame and recuperative exchangers. Shell-and-tube type exchangers are
often used for liquid process streams but can also include gasses or condensing/boiling
streams. In these exchangers the liquid flows through a set of tubes and exchanges heat
with the fluid flowing outside the tubes. (Kemp et al., 2007)

Plate-and-frame exchangers consist of large number of plates pressed together and the fluid
flows through narrow channels between each plate. A large heat transfer area can be
achieved with this setup, but these types of exchangers are often susceptible to fouling.
Also, the narrows passages tend to create high pressure drops. Modifiability one of the
advantages of these exchangers, plates can often be added or removed to change the heat
exchange area. (Kemp et al., 2007)

Recuperative exchangers are mainly used to exchange heat between gas streams. There are
many different variants of recuperative heat exchangers, but they often have extended heat
surface areas such as fins to make up for the low heat transfer coefficients of gasses.
(Kemp et al., 2007)

Heat exchanger network consists of multiple heat exchangers that are used to transfer heat
between process streams and utilities. With pinch analysis the placement of these heat ex-

changers can be optimized so that maximum amount of energy is recovered. Pinch analysis
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can also be used as a basis for designing heat exchangers and estimating heat exchange

areas.

The simplest method for designing and representing a heat exchanger network is the grid
diagram. In grid diagram the hot and cold streams are drawn as horizontal line with high
temperature on the left side and the cold temperatures on the right side. Usually the hot
streams are drawn above the cold streams. The heat exchanger matches are drawn as two
circles on the matched streams connected by a vertical line. The diagram can also show the
heat duties of each heat exchanger as well as the temperature of the process stream after
each unit. An example of a grid diagram of a distillation system is shown in Figure 14.
(Kemp et al., 2007)
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Figure 14 A heat network grid diagram for a distillation system (Kemp et al., 2007)
As can be seem from Figure 14 the grid diagram can also be used to easily present the pro-
cess pinch point. With this presentation it is also simple to design heat exchanger networks

that do not transfer heat across the pinch.
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4.1.3. Significance and use of pinch analysis

In the region above the pinch, hot composite transfers all its heat into the cold composite.
This means that only heating utility is needed, and this area is called the net heat sink. In
the area below the Pinch only cooling utility is required and this is called the net heat
source. This definition creates two thermodynamically separate regions. If heat is trans-
ferred from above the pinch where there is already a heat deficit, the need for external
heating increases by the same amount. At the same time below the pinch where there is
already excess heat the need for cooling is increased by the amount heat transferred over
the pinch. For this reason, the most thermodynamically efficient process can be designed
by not transferring any heat over the pinch. (Kemp et al., 2007)

The advantage of pinch analysis is that it gives clear and easy to understand results of how
much external heating or cooling is required and at which part of the process these utilities
are required. Pinch analysis can also be adapted to many unit operations such as distillation
and evaporation. Reboiler and condenser duties in distillation columns operate either above
or below the pinch just like any other heating or cooling duties in the process. This means
that a distillation unit can be placed ineffectively across the pinch so that the reboiler duty
operates above the pinch and the condenser duty operates below the pinch. The appropriate
placement of the column should be either completely above or completely below the pinch.
Changing the placement of the column in relation to the pinch is usually not so simple
since it might require change of operating pressure or different column arrangements such

as double-effect-distillation or intermediate condenser. (Smith, 2005)

Pinch-analysis can also be used for integration of heat engines and heat pumps to the pro-
cess. A heat engine can be used effectively above the pinch where it can provide heat to the
process while also providing work. A heat pump on the other hand operates most efficient-
ly across the pinch where it takes heat from below the pinch and rejects it at a temperature
above the pinch. This saves on both cold and hot utilities. Of course, the economic savings
obtained from the heat pump depend on the amount of heat saved compared to the total
operation and capital cost of the heat pump. A presentation of heat pump placement in re-
gard to the pinch point is shown in Figure 15 (Linnhoff March, 1998)
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Figure 15  The appropriate and inappropriate placement of a heat pump in relation to the
pinch (Linnhoff March, 1998)

For applications such as distillation, evaporation, heat engines and heat pumps the grand
composite curve can be modified and used to find the integration possibilities easily
(Smith, 2005).

The right use of pinch can significantly reduce the amount of heating and cooling utilities
needed. This has an immediate effect not only to process economy but inherent safety as
well. Lower usage of high-temperature and high-pressure utilities lowers risk of the pro-
cess. However, not all process streams should be used for heat integration. Many chemical
species can cause problems when coming to contact with each other and special care
should be taken when using these streams in heat exchangers. There are typical safety is-
sues associated with HEN-design such as contamination, leakage, runaway reactions and
explosion (Chan et al., 2014). Since pinch analysis is a heat integration and efficiency op-
timization tool, it doesn’t naturally consider safety of the process. Work has been done for
example by Chan et al. (2014) to modify Pinch analysis to consider inherent safety when

designing a process.

Many studies regarding the possible energy savings obtained by using Pinch-analysis has
been made. Depending on the process type and the initial conditions of energy integration
of the studied plant both energy and economic savings can be significant. Some of these

findings released in different papers are shown in Table IV.
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Table IV Case studies on pinch analysis on different processes

Source Process Energy Saving

0,316 MW
) ) 96,6 % cooling demand
Fenwicks et al. (2014) Sulphonation process
save

11,4 % heating demand save

4,7 MW

Gunnarsson & Magnusson o ] ]
Oil refinery, retrofit 37 % cooling demand save

(2011) .
42 % heating demand save

Industrial area consisting of
different types of chemical
Matsuda et al. (2009) . ] Up to 780 MW
plants using “Area-wide

pinch technology”

4.1.4. Methods used for pinch-analysis

Pinch analysis is a simple method for evaluating and improving process energy efficiency.
Construction of composite curves and their analysis doesn’t require complex mathematics
or graphical methods. For this reason, pinch analysis can be conducted with simple tools
such as worksheets. However, there are commercial and non-commercial tools that make
pinch analysis fast and efficient. Many of these tools don’t only calculate and construct
composite curves but can also design complete heat exchanger networks with just the basic

stream information of the process.

Software for conducting and automating pinch analysis have been created since the early
stages of pinch analysis. Early examples such as TARGET and PROTAB were developed
quickly but were simple in their operation. Later, software such as Supertarget and Aspen
Pinch (also known as Aspen HX-Net, now known as Aspen Energy Analyzer) were creat-
ed. These were much more sophisticated and use complex targeting procedures. They can
also create automated HENSs but still allow the user to create their own designs. (Kemp et
al., 2007)
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When conducting pinch analysis, the most efficient method is to start the design at the
pinch point and separate the problem into two different areas. The pinch point is the most
constrained area in the design and often has very restricted matches for the suitable heat
exchanger networks. Quite often there is an essential match that needs to be made in order
to come up with the most efficient solution. Starting the design from either the hot or the
cold side can often lead to excessive amount of heat exchanger units needed. (Linnhoff &
Hindmarsh, 1983)

Following the rules created by Linnhoff & Hindmarsh (1983) a MER-network (minimum

energy requirement/maximum energy recovery) can be achieved:

Divide the problem at the pinch, design each part separately
Start the design from the Pinch

Right above the pinch mCp(hot)<mCp(cold)

Right below the pinch mCy(hot)>mCp(cold)

Maximize the heat exchanger loads

2 o

Use heating utilities only above the pinch and cooling utilities only below the pinch

Following these rules it can be made sure that no heat is exchanged across the pinch.
Sometimes methods such as stream splitting need to be applied in order to meet the 3. and
4. criteria at the pinch. Also, the optimal design might not always be achievable or cross
pinch exchange might sometimes be allowable when the optimal ratio between energy effi-

ciency and amount of heat exchanger units is optimized. (Kemp et al., 2007)
4.2. Exergy analysis

Exergy analysis is a tool that can predict the thermodynamic performance of an energy
system and can be used to increase the efficiency of said systems by determining the exer-
gy generation and losses (Kwak et al., 2003; Hajjaji et al., 2012). Exergy analysis can re-
veal the possibilities of implementing more efficient process systems and how much the

implementation will benefit the process economically and environmentally.
4.2.1. Basics of exergy

In chemical industry there are few basic methods for improving energy efficiency of the

process. Traditional techniques can be divided into two approaches: the use of energetic
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balances and calculation of performance indexes. The use of energetic balances is based on
the first law of thermodynamic, whereas the index approach also incorporates the use of
the second law of thermodynamics. It can be said that the use of second law gives much
more valuable information because the energetic balance calculations often don’t distin-

guish between different types of energy involved in the process. (Araujo et al., 2007)

Different quality of energy is used in different processes. The quality of energy is related to
the capacity which a given form of energy can cause a change in the process. This quality
can be divided based on the type of energy: ordered and disordered type of energy. Or-
dered form of energy has no variance in quality and is fully convertible through work to
other forms of energy and it consists of potential and kinetic energy. Disordered type of
energy has a variable quality. The quality of disordered energy is dependent on the pa-
rameters of the energy carrier and of the environment. Examples of disordered energy are

internal energy, thermal radiation and chemical energy. (Araujo et al., 2007)

Exergy establishes a standard for the quality of disordered energy (Aradjo et al., 2007).
Exergy is defined as the maximum available work when a stream of substance is brought
from its initial state to the state of the surrounding environment (Choi et al., 2005). One
major difference between energy and exergy is that energy is always conserved and can
only change form as per the first law of thermodynamics. Exergy however can also be de-

stroyed by irreversible processes.

Exergy losses are always a caused by irreversibilities in the process. Some major reasons

for exergy losses are (Aspirion et al., 2011):

e Pressure drop
e Mixing

e Heat transfer
The basic mathematical expression for exergy is defined as (Hinderick et al., 1996):

E = AH — T,AS 2
Where E Exergy, kJ

To Reference temperature, K
AS Entropy, kJ/K
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Total exergy of a stream can be expressed as (Araujo et al., 2007):

Eior = Ex + Ep + Epy + Ecy 3)
Where Etot Total exergy of a stream, kJ
Ex Kinetic exergy, kJ
Ep Potential exergy, kJ
= Physical exergy, kJ
EcH Chemical exergy, kJ

Kinetic and potential exergy are ordered forms of exergy which can be represented with
standard equation for kinetic and potential energy. In chemical processes these terms are
usually negligible and can be ignored (Hinderick et al., 1996). Physical exergy is defined
as the maximum amount of work that is obtainable when a stream is reversibly taken from
its initial state to the environment state and it can be derived from the basic exergy equa-
tion (Aradjo et al., 2007)

Epy = (Hy — ToS1) — (Ho — ToSo) 4)
Where Ho Enthalphy of the stream at initial state, kJ

Hi1 Enthalphy of the stream at environment state, kJ

So Entropy of the stream at initial state, kJ/K

S1 Entropy of the stream at environment state, kJ/K

Chemical exergy is the amount of work obtainable when a stream is changing state revers-
ibly from its initial state to dead state. Dead state means that all the components are in
equilibrium in the environment conditions. There are different methods for calculating
chemical exergy. One way for multiphase stream exergy calculation is proposed by Hin-
derick et al. (1996)

Eci = Lo Xioq %0 Egs + Vo X1 Yo Eqy + Emix (5)
Where Lo Liquid fraction in reference conditions, -
Vo Vapor fraction in reference conditions, -

Egg Standard exergy for liquid fraction, kJ
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E(‘)’,‘{ Standard exergy for vapor fraction, kJ
Xo Molar fraction in liquid phase in standard conditions, -
Yo Molar fraction in vapor phase in standard conditions, -

The standard exergies of species in different phases can be obtained for example from lit-
erature sources. The mixing term in equation 5 results from isothermal and isobaric mixing
of the pure process components at the actual process conditions. This mixing term has a
negative value in relation the pure components. The exergy of mixing can be calculated
using a general expression for exergy as shown in equation 2. The enthalpy and entropy of
the mixture can be calculated using the property change of mixing described as (Hinderick
et al., 1996):

ApmixM = x(M' = X7y ;M) + y(M” — 27 yi M) (6)
Where AmixM Property change of mixing, kJ/mol
M! Thermodynamic property of a mixture in liquid phase
MY Thermodynamic property of a mixture in vapor phase
X Liquid mole fraction, -
y Vapor mole fraction, -

Total chemical exergy can be obtained by adding the chemical and mixing exergy calcula-
tions together. This way of calculating chemical exergy is efficient when working with
process simulation software which can give the needed thermodynamic properties of the

stream.
4.2.2. Efficiency criteria

The main purpose of exergy analysis is to find the inefficiencies in the process. For this,
basic criteria are established. Cornelissen (1997) presented basic efficiency criteria for a

process

Simple efficiency
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ne =2 (7)
Where Ne Simple efficiency, -
Eout Exergy going out of the system, kJ
Ein Exergy going into the system, kJ

Rational efficiency

= Lo ®)
Where W Rational efficiency, -

AEin Required exergy change in the system, kJ

AEout Desired exergy output from the system, kJ

AEaut in equation 8 is determined by examining the system. It can be described as the exer-
gy that is desired to be obtained from the process. It can consist for example from chemical
and thermal exergy increase in the system or only from the chemical exergy increase. It

must be determined on case by case basis. (Cornelissen, 1997)

Efficiency with transiting exergy

_ Eout—ETR
X= Ein—ETR ©)
Where X Efficiency with transiting energy, -
Etr Transiting exergy, kJ

Transiting exergy is the exergy that passes through the process without taking any part in

the mechanical, thermal or chemical changes in the system (Cornelissen, 1997).

These efficiency criteria can be used to determine the need for improvements in the pro-
cess. Obviously 100% efficiency is not realistically possible in most processes, but very
low efficiencies often indicate that there is a room for improvement. The choice of criteria

is based on the application. For basic analysis simple efficiency criteria is often good



49

enough but for more accurate findings either rational or transiting efficiency should be

used.

Exergy analysis has been used in many applications. It can be used to optimize single pro-
cess unit operations or whole processes. It has been proven effective for finding new con-

figurations for example in distillation columns (Aradujo et al., 2007).
4.2.3. Usage of exergy analysis

Many studies show that exergy analysis is a useful tool for designing improvements for
many types of production plants. Most papers on the subject focus on specific parts of the
process such as co-generation systems or water reduction and recycling. Often exergy
analysis is made on thermochemical pathways whereas exergy analysis of biochemical
pathways sees less research. (Kang & Tan, 2015)

Exergy analysis can be used in multitude of ways. A basic example of exergy loss due to

pressure drop and a proposed improvement to the process is shown in Figure 16.

| I cH
. 4
& 55 bar
CH, CH, 100 °C
55 bar 6 bar
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Exergy loss 3.3 MW Exergy loss 1.0 MW & bar

Figure 16  Exergy loss due to pressure drop and an improvement to the process.
(Aspirion et al., 2011)

In Figure 16 a basic exergy loss due to a pressure drop in a let-down valve is presented. By
installing a turbine instead of a valve, the exergy loss can be reduced to 1 MW and 2.3MW

of electrical power is generated. (Aspirion et al., 2011)

Exergy analysis is an especially useful tool for optimizing thermodynamic equipment such
as distillation columns (Choi et al., 2005; Aradujo et al., 2007). An example of an improve-

ment to a distillation column due to exergy analysis is shown in Figure 17.
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Figure 17 Improvements for a distillation column based on the exergy analysis.
(Aspirion et al., 2011)

In Figure 17 an exergy analysis for a distillation column processing a wide boiling mixture
is made. In the conventional process the whole heat duty of 3.6 MW is supplied by 16 bar
high pressure steam. By adding a pre-evaporator 2,8MW could be supplied with 4 bar
steam. Adding a pre-evaporator to the column doesn’t decrease the energy usage but low-
ers the exergy loss and in turn reduces the reboiler duty. The higher investment cost will be

paid back by the reduced need of high pressure steam. (Aspirion et al., 2011)

Exergy analysis has been used for example in justifying the feasibility of a second-
generation bioethanol plant and to make comparisons between different types of raw mate-
rials in bioethanol production (Tan et al., 2010). Exergy analysis was also combined with
pinch-analysis by Modarressi et al. (2012) for a bioethanol and biomethane plant. When
the external utilities are first reduced by pinch analysis without changes to the feedstocks
or products, exergy analysis can then be used to supposedly increase process efficiency
even more effectively. Using pinch analysis reduction hot and cold utility demand in the
bioethanol and biomethane plant could be decreased by 40%. Exergy analysis showed that

bioethanol production process has a high exergy efficiency.

Tarigahaleslami et al. (2012) conducted a study on evaluating crude oil distillation column
exergy losses and proposed retrofit options based on these findings to yield energy savings.
Using simulation software, they could determine the exergy losses for each individual
stage of the distillation column. A reduction in exergy losses of 17,16% could be achieved
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as well as a fuel consumption reduction of 3,6%. This shows that simulation-based exergy
analysis has possibilities in increasing process efficiencies. However, chemical exergy of

the process was not considered in these calculations which may cause inaccuracies.

Like pinch analysis, exergy analysis observes the efficiency of the process from an energy
point of view. Unlike pinch analysis however, exergy analysis doesn’t give straight solu-
tions or optimization results. Pinch analysis can be adapted to create HENSs that are more
economic than energy efficient or wise versa. Exergy analysis only finds the inefficiencies
of the process where irreversibilities are present but doesn’t give straight answers how to
improve upon them. Finding an actual solution to increase energy efficiency requires engi-

neering knowledge.

Exergy analysis has been combined with other methods in order to optimize processes
from many perspectives. Li et al. (2011) combined exergy analysis to inherent safety index
method in order to take into account process safety. So called exergoeconomic and exer-
goenvironmental analysis have also been in use in process design. These methods combine
exergy analysis with economic and environmental analysis methods respectively. When
the exergy losses have been pinpointed, their effects on the process economics and envi-
ronmental impact can be estimated. Options for improving the process can be observed

based on these findings. (Petrakopoulou et al., 2011)

There is one important rule for exergy: Exergy losses can be accepted but only with a good
justification based on economic and environmental perspectives. This shows that process
design is not a single objective process and often conflicting objectives exist. (Aspirion et
al., 2011)

4.3. Benchmarking

One approach to lowering energy consumption and increasing energy efficiency is energy
benchmarking. Benchmarking is a process where the performance of a plant is compared to
other similar plants in the same industry. This process can be used to estimate energy con-
servation potential of the plant. (Yang et al., 2016) Energy benchmarks can be applied on a
sector, country or process level. The choice of level also affects the extent of how much
structural differences between the optimized plant and the plants being compared to influ-

ences the energy improvement potential (Lurijssen et al., 2013).
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Benchmarking can be divided into two general groups: process based and product-based
benchmarking. Process based benchmarking is often preferred in complex industrial pro-
cess systems. It is an efficient tool for identifying and improving energy efficiency of the
plant. However, it also often requires a lot of effort to implement because of the complexi-
ty of these processes. (Ke et al., 2013)

Product based benchmarking is often simple in terms of methodology compared to pro-
cess-based benchmarking. It is simpler and has higher applicability in many industrial are-
as. In exchange for this simplicity, product-based benchmarking also has lower accuracy
and it is often hard to pinpoint the energy inefficiencies to a certain part of the process.
This makes the improvement of efficiency harder than with process-based benchmarking.
(Ke et al., 2013)

Laurijssen et al. (2013) did an energy benchmark comparison of 23 Dutch paper mills.
They found some significant energy efficiency improvement opportunities in certain parts
of the process. However, in many parts of the processes energy improvements could not be
made without interfering with the product quality. This study shows that although bench-
marking is in use in many industries, it can be challenging to apply. This is especially true
in chemical industry where processes are often very energy intensive and the process is

sensitive to variables in operation.

A simulation-based benchmarking technique was proposed by Yang et al. (2016). First a
basic system is created using process simulation software. Using methods such as sensitivi-
ty analysis on raw materials, pinch analysis etc. this simulation is improved upon. Eventu-
ally so-called benchmark system is created. The energy efficiency of this system can then
be used as a basis when comparing or designing other systems with the same products. A
diagram showing the generation of this benchmark system is shown in Figure 18. Yang et
al. conclude that this method can overcome many difficulties that are often associated with
benchmarking techniques. Significant reduction in energy consumption could be achieved

with proper usage of this technique.
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Figure 18  Steps when creating a benchmark system using simulation software.
(Yang et al., 2016)

Benchmarking is a simple method, but it also has some issues and challenges that need to
be taken into account. Some of these challenges include the size of the reasonable bench-
mark population, process confidentiality, data validation, choice of peak or annual energy

efficiency and understandability vs. sophistication questions. (Birchfield, 2000)

Saygin et al, (2011) conducted an energy benchmarking study on 17 different industry sec-
tors in both industrialized and developing countries. The most energy-intensive sectors
were petroleum refineries, iron and steel, non-ferrous metals, non-metallic minerals, chem-
icals and petrochemicals and pulp and paper. Together these sectors have an energy saving
potential of 20,9 EJ/a (exajoules). This means there is a lot of energy saving to be obtained
from optimization of processes. However, achieving these savings would require a lot of

work.
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S. THERMODYNAMIC MODELS FOR NON-IDEAL SYSTEMS

Process simulation is an important part when designing any kind of chemical process. A
proper process simulation can give the mass and energy balances of the whole process be-
fore any experimental data is available. This is also important when considering the energy
efficiency of the process. The possible inefficiencies of the plant can be found using the
created simulation and a preliminary energy analysis of the process can be made using the

simulation environment.

The accuracy of a process simulation is often limited and can be affected by the choice of
thermodynamic property methods. Many processes, especially biorefinery processes, in-
clude chemical and physical phenomena which cannot be represented using ideal equa-
tions. The raw materials and products of these processes consist of many different complex
organic compounds. For this reason, multitudes of different thermodynamic calculation
methods have been proposed. The choice of these methods depends on the chemical spe-

cies and physical phases that are present in the process.

An overall outlook on how thermodynamic methods are chosen for biorefinery process
simulations for different systems is made in the following chapter. This information is also
used later in the practical part of thesis to optimize a bioethanol process simulation to ob-
tain accurate mass and energy balances and to improve the energy efficiency of the pro-

Cess.

Simulation software such as Aspen Plus have an extensive documentation with help for
choosing the right property method for each chemical process. There are four factors which
need to be taken into account when choosing the property method (Calrson, 1996):

e The nature of properties of interest
e The composition of the mixture
e The pressure and temperature range

e The availability of parameters

When these factors are known, a simple way of choosing the right methods is to use so

called decision trees. These are often available from literature or the simulation software
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itself. They are very simplified but show the basic steps of decision making. (Calrson,

1996) An example of such decision tree is shown in Figure 19.

—RETEE o yiLs. HF

) WYILS -MNTH, WL S-HOC
¥ Dirmers MRTL-NTH, METL-HOLC

UMIQ-HNTH, UNIQ-HOC
WLSOM UHIF-HO C

HRTL g
UNIQUAS o
UNIFAL

WILEOHN, WL S-RE,
WILS-LR, WILE-GLR,
pHETL, HRTL-RE, HRTL-Z
UHIQUALC, UMIC- RE,
UHIO-2, UMIFAC, UMIF-LL,
UNIF-LBY, UNIF-OMD

@ “aporphase association
@ Legrees of polymeriz ation

Figure 19  Decision tree for choosing an activity coefficient method. (AspenTech, 2016)

Biorefineries almost always include unit operations such as distillation and evaporation.
When simulating these, an important consideration is the vapor-liquid equilibrium. Since
these process steps include both vapor phase and a liquid phase and chemical equilibrium
exists in both phases the choice of right method is imperative. Depending on the process
liquid-liquid equilibrium might also be present which is often important to consider when

choosing the right property method.

One of the common non-ideality causing functional groups present in biofuel processes are
alcohols and carboxylic acids. Carboxylic acids are a by-product of most biomass pre-
treatment methods (Jonsson & Martin, 2016) and they are often used in the chemical pre-
treatment of biomass. The non-ideality caused by carboxylic acids can be contributed to
their tendency to create hydrogen bonds and form oligomers in both vapor and liquid phas-
es although often in literature only the formation of different dimers in the vapor phase is
considered (Ferreira et al., 2003; Yushu et al., 2012; Carolina dos Ramos et al., 2011). This
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interaction between molecules like carboxylic acids and alcohols and the tendency to cre-
ate oligomers due to hydrogen bonding is called association. The non-ideal interactions
between associating species creates a challenge for modelling these processes. For this
reason, equation of state models designed to model associating compounds are given spe-

cial emphasis in this chapter.

There are two types of thermodynamic property methods available for process simulation:
Equation of State (EOS) and Activity Coefficient methods. It is common for these to be
combined so that activity coefficient models are used for predicting liquid phase behavior
and equation of state models are used for the vapor phase. An overview of different meth-

ods presented in this work is shown in Table V.

Table V Thermodynamic models focused on in this work

Model Reason for inclusion
EOS-method for associating species, good
PC-SAFT ) ]
results according to literature
CPA EOS-method for associating species, good
results according to literature
Association, proposed model by the Aspen
HOC Plus decision tree for carboxylic acids con-
taining systems
For associating systems proposed by Aspen
Nothnagel
Plus
Flexible and proven model for many non-
NRTL )
ideal systems
UNIQUAC Suitable model for many non-ideal systems
Useful model for preliminary estimation
UNIFAC _ T
using group contributions
) Used in many systems where alcohols are
Wilson

present
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5.1. Equation of state models

The first type of property methods available in commercial simulation software are equa-
tion of state methods. Equation of state is a thermodynamic equation that creates a rela-
tionship between pressure, volume and temperature and describes the state of a matter un-
der given physical conditions. They are semi-empirical and are often developed for pure
substances and need additional variables and mixing rules in order to model mixtures.
(Ramdharee et al., 2013)

Equations of state tie the vapor and liquid fugacities to fugacity coefficients. EOS can be
used to solve these fugacity coefficients which can then be used to determine the phase

equilibrium conditions as shown in equations 10-12:

¥ =ft (10)
f=wolvip (11)
fi = olxip (12)
Where fil Liquid phase fugacity, Pa

fiV Vapor phase fugacity, Pa

ol Liquid phase fugacity coefficient, -

@i Vapor phase fugacity coefficient, -

Equation 10 shows the basic relationship between two phases in the system at equilibrium
and equations 11 and 12 explain how these fugacities can be presented in terms of fugacity

coefficients and molar fractions of phases.

Fugacity presents the tendency of vaporization. It behaves very similarly to the partial
pressure in a perfect gas mixture. In an ideal mixture the activity coefficient equals 1 and
the fugacity of the mixture is the same as the partial pressure of the component. (Myint et
al., 2015)

EOS-models are not often presented as equations for solving fugacity coefficients. Instead

they describe the pressure, volume and temperature behavior of a system. Common way is
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to describe the system using pressure. From this the fugacity coefficient can be determined

using the following equation: (AspenTech, 2016)

g = — L [ l(:_:) o Bl v — inzg, (13)
Where p pressure, Pa

R Ideal gas constant, J/molK

n Amount of substance, mol

V Volume, m?

Z Compressibility factor, -

Thermodynamic properties such as enthalpy can be calculated using departure functions as

shown in
Hy = Hyl + (Hy — Hy) (14)
Where Hm Mixture enthalpy, kJ

HY Mixture ideal gas enthalpy, kJ

The enthalpy departure can be related to other properties through fundamental thermody-

namic equation:

(Hn —H) == [ (p - R—VT) dV — RTIn (Vlg) +T(Sp—S9) + RT(Z, — 1)  (15)

i V. (0 R |4
(Sp—S9) = — fm[(a—j)v —2Jav + Rin(=5) (16)
Where Sm Mixture entropy, kJ/K
S,iff Mixture ideal gas entropy, kJ/K

In equation 15 the pressure is obtained by applying a suitable EOS.

Two EOS property methods widely used in industry are The Peng-Robinson and Soave-
Redlich-Kwong equations. They are especially applicable in petroleum applications. The

Reidlich-Kwong equations can be employed for fugacity, enthalpy and entropy calcula-
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tions and gas-phase properties. However, it is poor at predicting liquid phase properties but
gives good prediction of polar systems. The Peng-Robinson equation performs well in gas

and condensate systems. (Ramdharee et al., 2013)
5.1.1. SAFT-models

The SAFT (statistical associating fluid theory) EOS and its derivatives have been used to
describe vapor-liquid equilibria of carboxylic acid containing systems. In SAFT models
molecules are described as chains of monomer segments and the association interactions
inside and between the molecules which can be described independently. SAFT-models
have been used extensively for modelling polymer systems whereas their application for
cross associating systems such as alcohol and organic acid mixtures has been lesser but has
gained more inters recently. (Yushu et al., 2012; Carolina dos Ramos et al., 2011;
Kontogeorgis et al., 2006b).

For association modelling with SAFT-type EOS so called association parameter is required
for each associating component present in the system (Kontogeorgis et al., 2006a). This
parameter is dependent on the type of association. Eight different association schemes have

been classified. Four of the most commonly used are shown in Table VI.
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Table VI Different association schemes that affect the EOS-association parameters.
Letters A, B, C and D represent the association sites (Modified from source
(Kontogeorgis et al., 2006a)

Compunds Formula Sites Type
A
Acids 1 donor/acceptor 1A
A
Alcohols _E'S 1 donor, 1 acceptor 2B
B
A
. —(tB
Ammonia, alcohols H 2 donors, 1 acceptor 3B
C
i 2 donors, 2 accep
Water, glycols BIQEHC ’ 4C
H tors
D

As can be seen from Table VI one type of compound for example alcohols, can be repre-
sented with multiple association schemes. The choice of association scheme is based on the
type of system where the component is. For example, water is usually considered to have 4
association sites where it can form hydrogen bonds: two at the unbounded electron pairs
and two at the hydrogen atoms. Some results show however that in some systems water
can only form hydrogen bonds on three sites due to steric hindrance (Perakis et al., 2007).
For this reason, different association options should be investigated when using the SAFT
or CPA type EOS.
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Another issue that affects the modelling accuracy of association EOS is the choice of so

called combining rule. Two binary parameters present in these models, the association en-

ergy (sij) and volume (Bj;), are far from trivial to obtain from experimental data. However,

these parameters can be approximated using so called combining rule which tie the cross

association parameters to the pure component parameters (Gross & Sadowski, 2002).

Many methods for this have been proposed and the right choice depends on the applica-

tion. However, two models, so called CR1 and ECR models have been said to be success-

ful in many applications (Kontogeorgis et al.,, 2006a) as well as model proposed by

Wolbach & Sandler (1998).

Mathematically SAFT is based on the equation for the residual Helmholtz free energy per

mole (Economou, 2002; AspenTech, 2016):

ATeS(T,V,N) = A(T,V,N) — Aldeal(T 7 N)

Where A Helmholtz free energy, kJ/mol
A’ Residual Helmholtz free energy, kJ/mol
Aldeal Ideal-gas Helmholtz free energy, ki/mol

In SAFT the residual Helmholtz free energy is divided into four contributors:

ATeS = ghs + a 4isp + q@ssoc 4 g chain

Where af's Hard sphere contribution parameter, kJ/mol
odisP Dispersion contribution parameter, kJ/mol
a5%¢ Association contribution parameter, kJ/mol
gchain Chain contribution parameter, kJ/mol

(17)

(18)

These contributors present the different interactions between and inside molecules: the

hard sphere interactions, the dispersion interactions, the association interactions and the

chain interactions. A schematic representation of the SAFT-model is shown in Figure 20.
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Figure 20 A model showing the interactions between and inside the molecules in the
SAFT-model. (Modified from source Kleiner et al. (2009))

The hard sphere contribution can be expressed as:

hs

ahs an-3n?

RT T (1-n)? (19)
n = 0,74048pmv° (20)
—3u0\13

v0 = p00 ll - Ce(T)l (21)
Where m The number of spherical segments per molecule, -

n Reduced density, kg/mol

p Density of the fluid, kg/m3

V0 Close-packed hard-core volume of the fluid, cm3/mol

v00 Temperature independent soft-core volume of the fluid,

cm®/mol
C Constant, 0,12
u/k Dispersion energy parameter, -

The chain contribution parameter represents the Helmholtz free energy increment due to
formation of covalent bonds and is based on Wertheim’s thermodynamic theory of

polymerization. It can be expressed as:

achain 1-0,57

— = (1-m)In FEnE

(22)

The dispersion interaction in SAFT is presented by the calculating an average dispersion

energy between hard chains (Soo, 2011). The dispersion interaction contribution can be
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calculated using few different methods that are presented for example in the article made

by Economou (2002). One expression for dispersion interaction is:

qdisp _ u i 7 j
RT 2i 2 Dy [E] [0,74048] (23)
— 5,0 €
u=u [1 + E] (24)
Where Dj Dispersion constant, -
u Dispersion energy of interaction, -
e/k constant, -

The association contribution can be expressed as: (Economou, 2002)

assoc XA
aRT =y, [lnXA — 7] + 0,5M (25)
XA = (1424, pXBase)™ (26)
AAB = /290 22021 e# — 1| x4B (27)
(1-n)3
Where M Number of association site per molecule, -
XA Mole fraction of molecules not bonded at site A
ARB Association strength,
MBIk Energy of association,
KB Volume of association,

These equations apply for pure components. For component mixtures the SAFT-model can
be extended by adding mixing rules to the dispersion contribution. These extended rules
are presented by Huang & Radosz (1990), Chapman et al. (1990) and Mansoori et al.

(1971). Using these rules, the SAFT-model requires only one binary parameter.

PC-SAFT (pertubed chain-statistical associating fluid theory) model applied for modelling
mixture containing carboxylic acids was studied by Yushu et al. (2012) PC-SAFT is an
enhanced version of the original SAFT with better accuracy. Yushu et al. found the accura-
cy of PC-SAFT model to be good for estimating both pure and mixtures of carboxylic ac-
ids.

A derivative of SAFT, GC-SAFT-VR (group contribution statistical associating fluid theo-

ry variable range) application for various associating systems was studied by Carolina dos
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Ramos et al. (2011) This is a version of SAFT that includes group contribution (GC) type
of schemes. In group contribution models a system is described as different functional
groups and it is assumed that the thermodynamic behavior of the molecule can be de-
scribed with parameters individual to each functional group. This is also the basis of the
UNIFAC-method presented in later chapter. In GC-SAFT-VR molecules are described as
chains that are composed of segments with different size and/or energy and these segments
represent each functional group in the molecule (Peng et al., 2010). Carolina dos Ramos et
al. concluded that this method provides good prediction of fluid and phase behavior of as-

sociating compounds.
5.1.2. Hayden-O’Connel EOS

The Hayden-O’Connel (HOC) EOS is based on the virial equation of state. This equation
relates the compressibility factor to other state variables: temperature and pressure or den-
sity. In the HOC correlation the virial equation is terminated at the second coefficient
which represents the deviation from the ideal idea gas law. Because of this the compressi-

bility factor in a mixture of N components can be expressed as:

Z=Cr—142 (28)
B =%, YY1 22B;;(T) (29)
Where Z Compressibility factor, -
Zi Mole fraction of a substance in a mixture, -
p Pressure, Pa

The ideal gas constant, J/molK

Temperature, K

B The overall virial coefficient, cm®g mol
Bij The 2" virial coefficient, cm®/g mol
Vim Molar volume, cm®/g mol

The virial equation is not valid for components with strong association such as carboxylic
acids. However, the Hayden-O’Connel correlation takes this into account by implementing

the chemical theory of non-ideality into the equation. (Hayden & O'Connell, 1975).
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Molecular configurations of the species affect the way molecule pairs can collide. These
pair collisions can be represented with three configurations: free, metastable and bound
pairs. The HOC-model then presents the second virial coefficient as the sum of these three

pair interactions as shown in equation 30 (Hayden & O'Connell, 1975).

B j = Bfree T Bmetastabte T Boouna + Bchem (30)
Where Bfree Free pair interaction parameter

Bmetastable Metastable pair interaction parameter

Bbound Bound pair interaction parameter

Bchem Chemical pair interaction parameter

The last parameter Bchem IS required for associating substances such as carboxylic acids.
For a pure material this correlation requires data for critical temperature, critical pressure,
dipole moment and radius of gyration. (Stein & Miller, 1980; Hayden & O'Connell, 1975).

The HOC-correlation is suitable for many vapor-liquid equilibrium systems that contain
associating species and it can be much more accurate than other methods for more complex
systems. It can also be used without the need for experimental data. It is the recommended
by many simulation software documentation for modelling vapor phase association. How-

ever, it is not suitable for high pressure applications. (Hayden & O'Connell, 1975)
5.1.3. Nothnagel-EOS

The Nothnagel equation of state is another way to solve vapor phase non-idealities. It is in
some ways similar to the HOC-correlation that it uses the chemical theory of dimerization
to account strong association and solvation effects which makes it a suitable method for
carboxylic acid containing processes. It cannot be used to calculate liquid phase equilibri-
ums. (AspenTech, 2016)

The Nothnagel EOS is expressed as:

p=-2-C (31)

" Vip+by

Where by The excluded volume, m?
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The excluded volume by in equation 31 is a nonadjustable parameter that is described by
Nothnagel et al. (1973) as “the inaccessibility of some parts of space owing to the finite
size of the molecules”. This parameter is used to describe the deviations from the ideal gas
behavior. It is proportional to the actual volume of the molecule and it can be calculated
using different correlations (Nothnagel et al., 1973). Nothnagel EOS is the suggested
method along with HOC by Aspen Plus property guide for carboxylic acid containing mix-

tures.
5.1.4. CPA

Cubic-Plus-Association (CPA) method is another type of EOS that has been used to model
associating and polar components. It is based on the SRK-model with the addition of
Wertheim and lattice-fluid theories that are identical to those from the SAFT-model. CPA
was originally created for the use of oil and gas industry with special emphasis on com-
pounds such as methanol and glycols. Later acids were included due to the rising interest
of some oil and gas companies. (Kontogeorgis et al., 2006a)

CPA has shown promise in systems containing all kinds of associating and non-associating
groups. It has an advantage over the classical SRK and PR-models for modelling highly
immiscible system which means it is suitable for modelling many LLE-systems.

(Kontogeorgis et al., 2006a)

The mathematical presentation of CPA is constructed by combining the SRK-EOS with an
association term presented for example in paper by Michelsen & Hendriks (2001). The
CPA model expressed in terms of pressure is expressed as:

_ _RT  B(TM)  1(RT 1 ding . _
P = Z(Vm)<1+vm—a(vi))zlxl a1~ Xa) (32)
X, = L (33)
AT 1+ﬁ2]'XjZBjXBjAAiBJI
GAiBj
ANE) = (V)" [e? - 1] by 4% (34)
Where g The radial distribution function, -
B The SRK energy term, bar/L mol?

AN Associating strength, -
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AiBj Associating energy, bar/L mol

s Association volume parameter, -

The expression shown is equation 32 consists of the basic SRK EOS with added contribu-
tion of association term. The thorough derivation of the CPA-model is reviewed by Konto-

georgis et al. (2006a).

CPA has been used to model both LLE and VLE systems. Applications include compo-
nents such as alcohols, hydrocarbons, organic acids and water (Kontogeorgis et al., 2006a).
CPA was applied for water/alcohol/alkane systems for example by Voutsas et al. (1999).
Satisfactory results were obtained for these systems although the choice of combining rules
was critical for accurate results. Derawi et al. (2004) researched the accuracy of CPA to
systems containing formic, acetic and propanoic acid. Best results were obtained using
one-site association scheme and excellent binary VLE results were obtained for carboxylic

acid-alkane systems along with acceptable LLE results.
5.2. Activity coefficient models

The activity coefficient methods are based on using activity coefficients which describe the
departure from ideal thermodynamic properties of a mixture. An ideal mixture can be de-

scribed with chemical potential as shown in equation 35 (Myint et al., 2015; Saville, 2011):

u; (P, T,n) — u)(T,P) = RTInz; (35)
Where i Pure component ideal gas chemical potential, kJ/mol
i Chemical potential of component i in ideal gas mixture, kJ/mol

For a real mixture the activity coefficient is added to model the non-ideal behavior:

wi(P,T,n) — (T, P) = RTIn(zy,) (36)
Where Yi Activity coefficient, -
Activity coefficients can be used for both liquid and vapor phases. However, activity coef-

ficients are often used to determine the liquid phase fugacity and the vapor phase is solved
using EOS. Liquid phase fugacity can then be expressed as:
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fil(P! T, Tl) = Ziyifi(T; P) (37)

Equation 37 is comparable to equation 12 in equation of state methods. This way the Va-
por-Liquid equilibrium can represented by using Activity coefficients in the liquid phase
and EOS in the vapor phase and assuming these two equations equal in equilibrium condi-

tion.

The enthalpy of a liquid mixture can be calculated using equation

Hip = Zixi(H" = DygpHi) + Hy!' (38)
Hi' = —RT? 3, 51 (39)
Where HE! Excess liquid enthalpy, kJ
H™v Pure component vapor enthalpy, kJ
AvapH” Component vaporization enthalpy, kJ
5.2.1.NRTL

The Non-Random Two Liquid (NRTL) model is a flexible activity coefficient model. It
can be used for many types of processes and can model highly non-ideal systems. It can be
used for both VLE and LLE applications. NRTL is widely used in for equilibrium calcula-
tions for many different applications. The activity coefficients in NRTL can be mathemati-
cally described for mixtures as (AspenTech, 2016; Renon & Praunitz, 1968):

- 2j%jTjiGij xjGij ( o memfijmj> 40
Iny: = Yk XkGri J Gy \ Y Yk XkGyj (40)
Gy = et (41)
Where G NRTL parameter, -

T Interaction parameter, -

The parameters ti and G can be expressed in temperature dependent form as shown in

equations 42 and 43

b
Tl'j = aij+?1+eijlnT+CijT (42)
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Where a Non-randomness parameter, -
b NRTL parameter, -
e NRTL parameter, -
d NRTL parameter, -

C NRTL parameter, -

Most parameters in equations 40-43 are determined by VLE and LLE data regression but
many binary parameters are available in most simulation software databases. NRTL is used
for calculating liquid activity coefficients, for vapor phase equilibrium the ideal gas model
or EOS-models such as RK and HOC can be combined together with NRTL.

NRTL-method is suitable for many different applications. It has been successfully applied
for applications such as presenting LLE-equilibrium of glycerol + ethanol + ethylic bio-
diesel system (Basso et al., 2013). NRTL along with Soave-Redlich-Kwong method for
vapor phase estimation has also been effectively used for simulating processing and distil-

lation with energy integration of bioethanol made from sugarcane (Dias et al., 2011).
5.2.2. UNIQUAC

The NRTL-model suffers from its requirement of three binary parameters (G, t, ) that can
be hard to obtain because the experimental data for typical binary systems is often not
plentiful enough for a precise acquisition of these parameters. For this reason the
UNIQUAC(Universal Quasi-Chemical) -model was proposed. This model is based on the
idea that an equilibrium state can be described with two terms: one for the entropic contri-
bution called the combinatorial part and one for the intermolecular forces that are respon-
sible for enthalpy of mixing called the residual part. With this assumption the Gibbs free

energy equation is expressed as (Prausnitz et al., 1998):

GE GE GE

S (= - 44
RT (RT)combinatorial (RT)residual ( )
Where GE Excess Gibbs energy, kJ/mol

The activity coefficients are expressed as (AspenTech, 2016):
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Iny; = ln%+ gqi ln%— q;Int; — quj% +1;+q; - %ijjlj (45)
Where ¢, ¢’ Segment fractions

0,0 Area fractions, -

a9, 9 Molecular structure constant, -

| Constant, -

UNIQUAC-model has two adjustable unary parameters that are present in the residual part
of equation 44. In binary systems there are two adjustable parameters 7jj and tji in equation
45.

Dias et al. (2011) compared different thermodynamic models for a bioethanol plant process
simulation. It was observed that UNIQUAC did not give reliable results for an extractive
distillation process that was employed for ethanol dehydration. Pla-Franco et al. (2014) did
similar tests between the UNIQUAC model and NRTL-model for simulation of ethanol
distillation. The UNIQUAC-model proved more reliable than the NRTL-model for VLE
and VLLE estimation. In other research this model proved to be more accurate of predict-
ing VLE and azeotropic composition of a water-ethanol system compared to NRTL and
WILSON models (Voutsas et al., 2011). These studies show that UNIQUAC can perform
well in many systems, but the applicability of the thermodynamic model is very dependent

on the process conditions as well as parameters used.
5.2.3. UNIFAC

The UNIFAC (UNIQUAC Functional-group Activity Coefficients) model is a group-
contribution model that can estimate activity coefficients in liquid mixtures. This method
requires the knowledge of the molecular structure of every participating component in the
mixture and the parameters that are associated to each functional group present. However,
this model was developed as a combination of the UNIQUAC model. This method, like
UNIQUAC separates the model into combinatorial and residual part. The activity coeffi-

cient can then be expressed as: (AspenTech, 2016)

Iny = Iny{ + Iny] (46)
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¢ _n (& _bi_ Il %
Iny; =1n (xi) +1 v 2 [In s, +1 Gi] (47)
Iyl = Y39 vi[Ind;, — InTy] (48)
Where r Group residual activity coefficient, -
Vk The number of groups of type k

The group residual activity coefficients represent the deviation from the ideal model due to

the group interactions.

Group contribution methods such as UNIFAC are based on the idea that physical proper-
ties of a compound are made up of contributions of each atom, group and bonds (Towler &
Sinnott, 2013). UNIFAC doesn’t require any experimental data or prior knowledge of the
chemical mechanics which makes it useful for preliminary screening of a process. It has
been used for estimating both vapor-liquid and liquid-liquid equilibrium. However, it does
require group-interaction parameters that might not be available for all components. A lot
of work has however been made to determine these missing parameters and quite compre-
hensive databases are available. Since UNIFAC is more predictive than most other activity

coefficient models, it should not be used for more accurate analysis. (Gonzélez et al., 2007)
5.2.4. WILSON

An expression for excess Gibbs free energy was presented by Wilson (1964):

- 2ixiIn(1 — X x;4;5) (49)

RT —
Where Ajj Wilson parameter, -

The activity coefficients for each component can then be defined as:

A]-l-x]-

kAjkXk

This model is called the Wilson activity coefficient model. It was created to model highly
non-ideal systems and for polycomponent systems. In equation 50 there are two adjustable
parameters Ajj and Aji. These variables are related to the pure component molar volumes

and characteristic energy differences.
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There are two disadvantages in the Wilson equation. It is not useful for systems where the
logarithm of the activity coefficient when plotted against x, shows a maxima or minima.
This is not a problem in most common systems. The other problem is that WILSON-
equation is not capable of predict limited miscibility i.e. systems where two distinct liquid
phases exist. This makes it unsuitable for LLE estimation. (Gomes de Azevedo, 1998)

The Wilson model has been used especially in alcohol containing systems (AspenTech,
2016). It has been shown to give good prediction of VLE and azeotropic composition in
ethanol-water mixtures compared to NRTL and UNIQUAC methods but at the same time
poor prediction of excess enthalpy of this system (Voutsas et al., 2011). For ternary mix-
tures found in distillation processes of wine the Wilson model has shown to give fairly
reliable results (Faindez & Valderrama, 2009). However, some poor results for ethanol-
water system have also been reported (Hadrich & Kechaou, 2010). The mixed results can
probably be contributed to the choice of unary and binary parameters of the model as well

as the process conditions.

5.3. Verifying the choice of right method

When choosing the right thermodynamic method for a simulation application a verification
of the method suitability is required. Quite often when modelling a conventional process
knowledge and expertise of previous similar simulation cases can be used for estimating
the model suitability. However, using previous cases as a reference doesn’t always ensure
the model accuracy for new applications. Different components and process conditions can
lower the accuracy of previously accurate model. To obtain accurate results from process

simulation, the thermodynamic methods should be verified on case by case basis.

The basis of model verification is comparing experimental data with the calculated results.
The data being observed depends on the application and the interest of the designer. For
example, vapor-liquid equilibrium data is often used to verify model application in binary
systems where the equilibrium between the two phases is of importance. For example, in
unit operations such as distillation this equilibrium plays probably the most important role.
This data is also used to fit binary parameters in most thermodynamic models. (Calrson
1996; O'Connell et al., 2009)
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When doing property validation each component should be validated separately to see the
performance of the model on the grand scale (Calrson, 1996). Often properties such as pure
component vapor pressure, density and heat capacity are fitted to data, but these properties
can be chosen on the case by case basis. If experimental data on mixture properties is
available those can also be tested. Often discrepancies in mixture properties can be traced

to single pure component properties (Calrson, 1996).

5.4. Conclusions on thermodynamic models

For accurate simulation the choice of the right thermodynamic methods is of great im-
portance. As seen in the earlier chapters certain methods perform better than others in dif-
ferent systems. The choice should be reviewed for each unit operation independently to
obtain the most reliable results. An overview of different methods and their applicability

for different systems in shown in Table VII.
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Table VII  Overview of different thermodynamic method discussed in this work
Method Applicable Non-applicable Comments
Associating spe-
cies, pure liquid
PC-SAET polymers & pol-  Electrolyte sys- i
ymer solutions, tems
hydrocarbon sys-
tems
CPA Assoua_tlng spe-  Electrolyte sys-
cies tems
Associating spe- Liquid phase,
HOC . ) -
cies, vapor phase  high pressures
NOTHNAGEL Assomatmg spe- L.|qU|d phase. i
cies, vapor phase  High pressures
Ideal & non-ideal
NRTL applications, het- Vapor phase, i
erogeneous azeo- >10 bar
tropes
Polar & nonpolar
liquid mixtures, \/anor phase
UNIQUAC ideal & non-ideal, por p ' -
>10 bar
heterogeneous
azeotropes
Non-ideal sys- Group contri-
tems with two \/anor phase bution predic-
UNIFAC liquid phases, por phase, tion. For pre-
>10 bar L i
Heterogeneous liminary esti-
azeotropes mation
Alcohols, Non- Vapor phase,
WILSON ideal solutions,  >10 bar, Hetero- i
Homogeneous geneous azeo-
azeotropes tropes
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EXPERIMENTAL PART

In the experimental part of this thesis the energy efficiency is evaluated and optimized for
a biorefinery case using the methods presented in the literature part. The method for opti-
mization used in this thesis is pinch analysis as it has not been conducted for the case pro-
cess before. The aim is to show the possibilities in pinch analysis for optimizing energy
consumption in biorefinery plants as well as the suitability of commercial simulation and

energy analysis tools for this type of work.

The type of biorefinery being optimized is a lignocellulosic bioethanol plant. This process
is based on the common enzymatic hydrolysis concept where biomass is first fractionated
using a chemical pretreatment method. The fractionated biomass is then washed and hy-
drolysed using enzymes. The created sugars are then processed into ethanol and other al-
cohols using fermentation. Besides this main process the process includes many side op-
erations to recover and purify side products. The block diagram of the process is shown in

Figure 21.
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Raw material Water Enzymes
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4 l Y

Fractionation L Hydrolysis & , Product Ethanol
) . Washing > . » Fermentation . . —
/cooking Settling purification

[ X}
t | d

Y
Y .

. Solid

» Separation 3 — 01ﬁ

Separation 1 separation
l L
Water
# Separation 2 » Purification '+— Separation 4 ——»
Y
» Power plant |

y

Side products

Figure 21  Block diagram for the case process
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As can be seen from Figure 21 this process includes many of the energy intensive process
steps discussed in the theoretical part of this thesis. This makes it into a good candidate for

energy optimization work using pinch analysis.

6. PROCESS SIMULATION

The process simulation for this process was completely build using Aspen Plus V9.0.
Some initial guesses and process parameters were obtained from simulation results made
before this thesis work with many different commercial simulation software. The aim was
to observe the effectiveness of combining process simulation and energy analysis software

made by AspenTech for this type of process design.

For energy integration and Pinch analysis Aspen Energy Analyzer V9.0 was used. The
analysis was based on the process simulation made with Aspen Plus using the import fea-
ture. This way the stream information and heat exchanger duties could easily be transferred

for energy analysis.

The chemical components present in the simulation were mostly obtained from Aspen Plus
database. Certain components that were not available were modelled using similar compo-
nents with possible changes to certain physical properties. An overview of these is shown
in Table VIII.

Table VIII  Representation of components not available in Aspen Plus databases

Component Modelled as Changes

Heat of formation

) Heat Capacity
Cellulose Solid
Molar volume
(Wooley & Putsche, 1996)
Lignin Dextrose -

Hemicellulose Arabinose -
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6.1. Thermodynamic methods
The appropriate thermodynamic method was chosen among the methods presented in the
theoretical part of this thesis. The model verification was done by comparing experimental

data available from literature to the ones predicted by the model.

Parameters for different models were obtained from Aspen Plus database, literature and
data regression runs. The PC-SAFT and CPA EOS methods did not have parameters for all
components in the Aspen database and these had to be obtained using different methods.
Regressed parameters were obtained by using the build in regression mode in Aspen Plus
with the maximum likelihood method. The experimental data was obtained from Aspen
Plus NIST database. Pure component parameters were regressed using experimental data
of pure component vapor pressure and density. An overview of the parameters obtained for

each model is shown in Table IX.

Table IX Parameter acquisition methods

Model Parameters obtained from
Data regression
PC-SAFT _
Literature
Data regression
CPA )
Literature
HOC Aspen database
Nothnagel Aspen database
NRTL Aspen database
UNIQUAC Aspen database
WILSON Aspen database

6.1.1. Binary data validation

The validation of different thermodynamic methods for the chemical systems present in the
process simulation was done by comparing experimental VLE-data of different compo-
nents obtained from literature to the estimated models. The comparison was made compar-

ing weighted sum of squares and residual root mean square error calculated between the
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model and experimental data by Aspen Plus estimation tool. The weighted sum of squares
is expressed as (AspenTech, 2016):

S = Yo=1Wo [2%:1 271:1 (ZI%LZ]M”)Zl 51
0
Where S Weighted sum of squares, -
ZM;j Measured value, -
Zj Calculated value, -
o Standard deviation, -
w Weighting factor for data group, -
0 data group number in regression case, -
t Total number of data groups used, -
i Data point number within a data group, -
k Total number of points in a data group, -
j Measured variable for data point, -
m Number of measured variables for a data point, -

The root mean square error is expressed as:

_ 5
Sg =57 (52)
Where Se The root mean square error, -

h Number of parameters, -

The chosen experimental VLE data used for comparison were obtained from NIST data-
base integrated into the Aspen Plus. Four different chemical systems present in the process
were used for the data validation. The results of these estimation runs are shown in Table
X.
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Table X Sum of squares comparison between binary VLE data and predicted model

Method Square root error
System A System B System C System D
NRTL-HOC 14 24 4 51
UNIQUAC-HOC 12 22 4 59
WILSON-HOC 13 25 4 56
PC-SAFT 28 33 25 107
CPA 26 31 23 66

The parameters and association schemes for PC-SAFT and CPA methods were chosen
based on the “best case” scenario where the smallest sum of squares was obtained. Even
with this assumption the two EOS-methods performed worse by themselves than the activi-
ty coefficient + HOC methods. Nothnagel method for vapor phase was also investigated

but results for this were overall worse for all chemical systems compared to HOC.

Based on all the verification tests the most accurate method for this type of process was
UNIQUAC-HOC. However, all three activity coefficient + HOC methods give similar re-
sults and they all could be suitable for simulation purposes. The less frequently used mod-
els PC-SAFT and CPA didn’t perform very well. This was not completely unexpected
since the application of these methods is more in the field of other associating hydrocarbon
systems such as alcohols, alkanes and glycols. The interest in using these methods for car-
boxylic acid containing systems has only increased in recent years. These results could also
be contributed to poor parameter regression although even with parameters obtained from

literature the results weren’t satisfactory.

6.2. Simulation construction
The process simulation was made using Aspen Plus V.9.0. The main aim of this simulation
was to obtain accurate stream compositions and flowrates as well as required heat ex-

changer duties that could then be used for the pinch analysis.

Most emphasis on the simulation was made on the more energy intensive unit operations

such as evaporation and distillation. The process already includes many energy efficient
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unit operations such as MVR- and MEE-evaporators and heat integrated distillation col-
umns. The simulation process flowsheet is shown in Appendix | and the flowchart is pre-
sented in Appendix Il. For the MVR- and MEE-evaporators there is no ready to use model
available in the Aspen Plus. These unit operations were constructed by using combination
of flash-blocks, heat exchangers and compressors. An example of an MVR-evaporator
constructed in the simulation environment is shown in Figure 22 and an example of an

MEE-evaporator is shown in Figure 23

COMPR

HEATX FLASH

Figure 22 An example of an MVR-evaporator build with Aspen Plus
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Figure 23  An example of a 2-unit MEE-evaporator build with Aspen Plus

Many tear streams in the process propose a challenge to the simulation convergence. As
can be seen from the process block diagram this process has a large amount of tear
streams. To acquire good convergence, the amount of tear streams was limited compared
to the real process and replaced with estimated feed streams. This was done mainly be-
cause the simulation import feature from Aspen Plus to Aspen Energy Analyzer requires
an errorless final convergence run. The results from the simulation were still observed to

be accurate.

6.2.1.  The effect of thermodynamic method on the simulation results
Although the most suitable thermodynamic method was already chosen based on initial
verification with binary and ternary data, it was interesting to observe the effect of these

methods to the results of the simulation especially in terms of pinch analysis.

When comparing NRTL-HOC, UNIQUAC-HOC and WILSON-HOC the overall effect of
the liquid phase activity coefficient method on the estimated process total energy consump-
tion was not very significant, only around 0,5% between the highest and lowest energy
consumption. Some local differences between single heater duty estimates were up to 5%.
This was to be expected based on the method verification results. The small differences
between the methods can probably be contributed to different estimates for activity coeffi-

cients for each component. Differences in activity coefficient causes different vapor frac-
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tions in many unit operations such as distillation and evaporation which causes difference
in stream composition. Also, the excess liquid enthalpy is calculated using activity coeffi-
cient as show in Equation 39 which means that changes in activity coefficient changes the

required heating and cooling duties.

The results of the chosen models were also compared to case were the vapor phase was
assumed ideal i.e. regular UNIQUAC or NRTL models. This demonstrates the importance
of choosing the right method to model the non-ideal gas phase behavior of the system. Re-
sults of choice of method on energy consumption of some process equipment is shown in
Figure 24.

35000

30000

25000

§ 20000
m UNIQ-HOC

Duty,

15000

H UNIQ
10000 -

5000 -

0 .
External heating External cooling  Process heat Evaporators
exchangers

Figure 24  The effect of vapor phase non-ideality model to the required energy con-
sumption of the process.

Looking at the comparison in Figure 24 the UNIQUAC method surprisingly estimates fair-
ly similar overall energy consumption to the UNIQUAC-HOC method. However, there is a
significant difference in external heating requirement. When looking at individual heater
duties the difference between two estimates can be up to 70%. This error can cause insuf-
ficiently sized heat exchangers. The different energy requirement also has a direct effect on
the composite curves of the process which would also change the pinch temperatures and
heat integration possibilities.
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7. PINCH ANALYSIS OF THE PROCESS

7.1. Simulation import

Pinch analysis for the process was made using the import feature from Aspen Plus simula-
tion to Aspen Energy Analysis. This import feature automatically determines all the heat
sources and sinks of the process based on the defined heat exchangers and stream tempera-

tures.

This pinch analysis study was made for the whole bioethanol process. Another approach
would have been to do the analysis separately for each part of the process based on the
plant layout. This way the heat integration would be easier to physically accomplish but

the total energy savings potential would be lower.

Many streams in the process go through phase changes during vaporization or condensa-
tion which causes drastic changes in the heat capacity of these streams during heat ex-
change. Aspen Energy Analyzer can take this into account when importing simulation case
from Aspen Plus. These streams are separated into segments of temperature intervals with
different heat capacity values which affects the shape of the composite curves. This option

allows for a more accurate look on the energy integration possibilities of the process.

Certain streams that could not be accurately modelled with the simulation software were

added manually as heat sources or sinks based on existing process documentation.

7.2. Composite curves

The DTmin (Minimum temperature approach) for the process was chosen based on targeting
the minimum total cost index. The principle of this analysis is to observe the effect of cho-
sen DTmin ON the yearly cost of the plant when the capital cost is divided over a time peri-
od, often the plant payback time. Increase in DTmin lowers the required heat exchange area
while increasing the required utilities. Often a global minimum for this yearly cost can be
found. Aspen Energy Analyzer default of 5 years was used for this. The results of this

analysis are shown in Figure 25.
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Figure 25  The effect of chosen DTmin 0N the total cost of the process
It can be seen from Figure 25 that the minimum total cost is obtained when the DTmin Value
is set to be around 9. This value was used for the pinch analysis as it’s not far from 10 °C

which is often used for initial estimation for DTmin in many processes.

The composite curves were constructed for most of the process excluding certain parts.
Besides heat exchangers also required evaporator heat duties were included in the pinch

analysis. The constructed composite curves are shown in Figure 26.
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Figure 26 Composite curves for the process

It can be seen from Figure 26 that there are heat integration possibilities in the process.
However, still around 29 MW of external heating and 18 MW of external cooling will be
required. The pinch temperatures of this process were 81,3 °C for hot streams and 72,3 °C
for cold streams and the process pinch is at 76,8 °C. AT stays very constant near both sides
of the pinch which creates so called “pinch region”. This requires more care when design-
ing the heat exchanger network. This is shown very clearly in the grand composite curve of
the process:
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Figure 27 Grand composite curve for the process

The GCC reveals the real situation and shows multiple pinches. However, the other pinch
points are only a “near pinches”. These near pinches can be treated as real pinch points but
relaxing them and allowing heat exchange over them will still reach the overall energy
target (Kemp et al., 2007). In order to keep the heat exchanger network as simple as possi-

ble these near pinches weren’t given any special attention.

7.3. Results

The results obtained from the pinch analysis show significant energy integration possibili-
ties. Compared to the original base case heat exchanger network a quite large amount of
heating and cooling utilities could be saved by redesigning the HEN according to the prin-

ciples of pinch analysis. The results of required heating and cooling duties for both of these
cases are shown in Figure 28:
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Figure 28  Heating and cooling requirement difference between the base case and pinch
network

Figure 28 shows that over 16 MW of heating (36 %) and 16 MW (47%) of cooling could

be saved.

The simulation shows that there is large amount of cross-pinch heat exchange happening in
the original simulation model. Many hot streams above the pinch are cooled with utility
water and many cold streams below the pinch are heated with utility steam. Some cross-
pinch heat exchange between process streams is also happening. This causes the large en-

ergy requirement compared to the pinch design

In order to construct a heat exchange network according to the pinch principle some stream
splitting had to be done. This was because the rule of mCp(cold)>mCp(hot) right above the
pinch and mCp(cold)<mCp(hot) right below the pinch was not obtainable with the original
stream flowrates. As with most pinch problems stream splitting also has multiple possible

answers which leads to the same energy integration possibilities.

Comparison between the features of the optimal pinch design network and the base case
are shown in Table XI:
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Table XI Amount of heat exchangers and total heat exchanger area for base case and
the pinch network

Base case Optimum pinch network
Number of heat exchangers 39 46
Heat exchange area, m? 4522 7628

Table XI shows that the optimum pinch network requires a larger capital investment. This
optimum pinch network is based on a theoretical “vertical” heat exchange between the cold
and hot composite curves. It should be possible to achieve this target when the process is

still being designed but in a retrofit situation this might not be possible.

Aspen Energy Analyzer can also propose HENs based on non-linear programming. These
networks are not based on the pinch principle and just aim for the right balance between
energy efficiency and capital cost. Unfortunately, the software was not able to find any
answers for this HEN problem, perhaps because the stream data was too complicated. This

shows the limitations of this type of software.

8. CONCLUSIONS

In this work a process simulation for a bioethanol process was constructed with Aspen
Plus. The thermodynamic method used for this simulation was chosen based on comparing
VLE data available from literature to the modelled VLE-results. The results from the pro-
cess simulation were imported to Aspen Energy Analyzer software which was used to con-
duct a pinch analysis study for the process. The aim was to find the energy saving potential

of the process if the heat exchanger network was constructed based on the pinch principle.

Thermodynamic method choice also affected the results of pinch-analysis. Although the
difference between the different activity coefficient+tHOC methods weren’t significant, the
difference compared to ideal vapor phase models was much larger. This shows that it is
important to use right type of method to model non-ideal behavior of different species not

only for accurate stream composition results but also for energy consumption results.
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The pinch analysis made for the biorefinery process shows high energy integration possi-
bilities. Up to 36 % of heating and 47 % of cooling utility usage could be saved by con-

structing the heat exchange network according to pinch principles.

The program used to conduct the pinch analysis was not able to find answers to the HEN-
problem automatically although this is one of the properties of the software. All the net-
works had to be constructed by hand. This shows that there are limitations in this type of
software and that in many cases constructing an efficient heat exchanger network requires

engineering knowledge and understanding of the basic principles of pinch.

Although the optimum pinch network could be, in theory, constructed based on this work it
would not be a simple task to build a plant wide heat integration network. Instead the pinch
analysis could be conducted for each part of the process separately. This would result in
smaller energy savings but significantly simplify the HEN. It would be especially interest-
ing to conduct pinch analysis on the MEE-evaporators in the process to see if any of the
effects in the evaporator trains crosses the pinch causing energy losses. With the approach
used in this work this could not be properly evaluated. Other challenges in the pinch net-
work that should be researched in the future include process startup, semi batch process

heat integration and the optimization of DTmin value based on actual process economics.
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Simulation flowsheet: Ethanol distillation
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Simulation flowsheet: Stillage treatment
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Simulation flowchart: Settling, fermentation and supertanant evaporation

Streamname  Temperature, °C Pressure, bar Mass Flows, kg/h Cellulose ~ Water Dextrose  Ethanol co2 Hemicellulose Lignin
1305 55 1 81654,1 0 68502,2 13151,9 0 0 0 0
1351 66 1 81654,1 0 68502,2 13151,9 0 0 0 0
S34 90 1 81654,1 0 68502,2 13151,9 0 0 0 0
S50 90 1,03 81654,1 0 68502,2 13151,9 0 0 0 0
5S3 101 1,03 81654,1 0 68502,2 13151,9 0 0 0 0
654 102 1 7959,18 0 7959,18  0,0002502 0 0 0 0
1358 110,8 1 7959,18 0 7959,18  0,0002502 0 0 0 0
5S3 101 1,03 81654,1 0 68502,2 13151,9 0 0 0 0
654 102 1 7959,18 0 7959,18  0,0002502 0 0 0 0
7S5 141 1 7959,18 0 7959,18  0,0002502 0 0 0 0
9S7 102 1 73695 0 60543 13151,9 0 0 0 0
11S9 102 1 73695 0 60543 13151,9 0 0 0 0
10S8 141 1 9031,29 0 9031,29  0,0003076 O 0 0 0
1355 102,05 1 64663,7 0 51511,7 13151,9 0 0 0 0
1359 110,8 1 9031,29 0 9031,29  0,0003076 O 0 0 0
S15 110,8 1 16990,5 0 16990,5  0,0005579 0O 0 0 0
TOWATT 60 1 16990,5 0 16990,5  0,0005579 0O 0 0 0
S35 72 1 64663,7 0 51511,7 13151,9 0 0 0 0
SLUDGE 55 1 11308,1 1851,57  8466,56 989 931 0 0 0 0
S45 46 1 75971,7 1851,57  59978,3 14141,9 0 0 0 0
S46 32 1 75971,7 1851,57  59978,3 141419 0 0 0 0
S47 70 1 75971,7 1851,57  59978,3 14141,9 0 0 0 0
S11 32 1 75971,7 1851,57  59978,3 1895,01 6263,42 598345 0 0



APPENDIX II, 2 (6)

Simulation flowchart: Ethanol distillation

Stream name Temperature, °C Pressure, bar Mass Flows, kg/h Cellulose ~ Water Dextrose Ethanol CO2 Hemicellulos Lignin
TS1 50 1 69988,3 1851,57 59978,3 1895,01 6263,42 O 0 0
S12 76 0,5 15000 0 8736,87 2,95E-01 6263,15 O 0 0
TS10 104 2 12000 0 8581,77 2,95E-01 341824 O 0 0
TS13 92 1,7 3200 0 206331 1,32E-143 2993,67 O 0 0
S2 92 1,7 3200 0 206331 O 2993,67 O 0 0
S6 112 1,7 3200 0 206331 O 2993,67 O 0 0
TS7 92 1,7 5798,26 0 180714 O 5780,19 O 0 0
S8 92 1,7 401 743 0 343357 O 583857 O 0 0
S5 92 2 3000 0 155098 1,04E-297 28449 0 0 0
1504 81 0,5 54988,4 185157 51241,3 1895 0,441726 O 0 0
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Simulation flowchart: Stillage treatment

Stream name Temperature, °C Pressure, bar Mass Flows, kg/h Cellulose ~ Water Dextrose Ethanol CO2 Hemicellulos Lignin
S33 81 1 5330,93 1851,57 3024,34 455 0,022086 0 0 0
2003 81 1 49657 ,4 0 48217 1440 0,419639 O 0 0
S53 83 1 49657 ,4 0 48217 1440 0,419639 O 0 0
S54 100 1 49657 ,4 0 48217 1440 0,419639 O 0 0
S2uU 100 1 49657 ,4 0 48217 1440 0,419639 0 0 0
S6U 100 1 25476,6 0 24036,6 1440 0,034007 O 0 0
S7U 101 1 25476,6 0 24036,6 1440 0,034007 O 0 0
S11U 101 1 7099,34 0 5659,34 1440 0,001142 0 0 0
S55 84 1 7099,34 0 5659,34 1440 0,001142 0 0 0
S12u 69,5 0,299097 5866,27 0 4426,27 1440 0,000336 O 0 0
S13U 83,1 0,524051 4793,52 0 3353,52 1440 9,67E+00 O 0 0
S20U 98 0,916533 3569,39 0 2129,39 1440 2,13E+00 O 0 0
S14U 98 0,916533 1224,13 0 1224,13 3,68E+00  7,54E+00 O 0 0
S15U 97 0,916533 1224,13 0 1224,13 3,68E+00  7,54E+00 O 0 0
S19U 83,1 0,524051 1072,76 0 1072,76  6,38E-01 0,000239 0 0 0
S16U 83 0,524051 1072,76 0 1072,76  6,38E-01 0,000239 0 0 0
S21U 69,5 0,299097 1233,07 0 1233,07 1,50E-01 0,000806 O 0 0
S8U 101 1 18377,3 0 18377,2 0,00053783 0,032865 O 0 0
S9uU 207 2 18377,3 0 18377,2 0,00053783 0,032865 0 0 0
S10U 124 2 18377,3 0 18377,2 0,00053783 0,032865 0 0 0
S3uU 100 1 24180,8 0 24180,4 0,00026572 0,385633 0 0 0
S4U 141 1 24180,8 0 24180,4 0,00026572 0,385633 O 0 0
S5U 110 1 24180,8 0 24180,4 0,00026572 0,385633 O 0 0
S56 110 1 42558,1 0 42557,7 0,00080355 0,418498 0 0 0
S57 110 1 42558,1 0 42557,7 0,00080355 0,418498 0 0 0



