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Hydrometallurgical methods are suitable for the treatment of primary, secondary, high- 

and low-grade raw materials enabling the  production of metals essential to modern 

society, in an environmentally and economically sustainable way. Among other methods, 

liquid–liquid extraction is widely used in the processing of various base, precious and 

other metals due to the development of stable selective extractants that effectively recover 

valuable metals from complex raw materials. The increasing demands for pure metals and 

environmentally sustainable processes further promote the development of liquid–liquid 

extraction as a separation technique. 

The purpose of the studies presented in this thesis is to develop tools, which can help to 

decrease costs and improve the efficiency of process development in hydrometallurgy. 

Since modelling and simulation can be used effectively in the development of processes 

for production of metals, the application of modelling and simulation tools to 

hydrometallurgical process development is explored in the current thesis. The fields: 

model formulation, efficient solution of model equations, simulation of counter-current 

liquid–liquid extraction cascades as well as automated process synthesis in 

hydrometallurgy are studied. Mechanistic modelling is applied to simulate liquid–liquid 

extraction processes, whereas a metaheuristic algorithm is implemented in order to 

perform the efficient automated synthesis of the hydrometallurgical processes.  

Mechanistic models are based on the chemistry of the separation processes and provide 

detailed information on their thermodynamic and kinetic limitations. Also they can serve 

as a tool for determining the optimal configuration of a metal’s recovery process. The 

research on mechanistic modelling and process simulation was focused on two cases, for 

which the equilibrium models were developed. The first one was the efficiency 

improvement of copper liquid–liquid extraction by studying the factors affecting the 

copper extraction and the fate of iron as the main impurity in the process. New 

experimental data on the extraction equilibrium of copper and iron in the extraction and 



stripping steps were collected. The data were used to validate the developed model. It was 

found that the high copper loading of the organic phase in the extraction stages leads to 

decreased iron co–extraction and, consequently, higher process efficiency. The developed 

simulation tool helps quantify the effect. 

The second case was devoted to the analysis of the operation and performance of a liquid–

liquid extraction process for fractionation of cobalt, nickel, and lithium from Li–ion 

battery leachates of different composition. The process model was developed and 

validated using data taken from literature. A simple and effective process flowsheet, in 

which cobalt and nickel were first selectively extracted, yielding pure lithium raffinate, 

and then separated as pure products in the stripping steps, was thoroughly studied and 

optimized using numerical simulation. The process was found to be able to separate 

cobalt, nickel, and lithium from leachates of different composition in a single extraction 

circuit. Furthermore, the operation of the process is rather flexible, and pure fractions 

(>99%) of lithium, nickel, and cobalt may be produced with high yield. 

Advanced mathematical and statistical methods were employed to ensure confidence in 

the modelling and simulation results. The mechanistic models of extraction equilibrium 

were solved by the rate-based approach, which provides fast calculations with controlled 

accuracy. Nonlinear regression analysis was used to estimate the values of the model 

parameters. A Markov chain Monte Carlo algorithm was used to assess the reliability of 

the modelling results. The sequential-modular approach was used for simulation of 

counter-current operation of the liquid–liquid extraction processes. 

A method for the automated synthesis of hydrometallurgical processes using limited 

amounts of experimental data was developed. The method allows the  selection and 

sequencing of the most effective process step options (e.g., leaching, liquid–liquid 

extraction, and precipitation) and simultaneously optimising their performance. An 

algorithm based on the Ant colony optimisation technique was used to generate promising 

process alternatives and identify the most economic one in an iterative manner. Key 

performance indicators were employed to compare the process alternatives. The 

applicability of the method was studied by investigating zinc recovery from argon oxygen 

decarburisation dust and the recovery of lanthanides from nickel metal hydride batteries. 

The processes for the recovery of the valuable components were successfully synthesised, 

and recommendations for further improvements of the processes were given. 

 

Keywords:  hydrometallurgy, process development, process synthesis, liquid–liquid 

extraction, solvent extraction, equilibrium, key performance indicators, ant colony 

optimisation, modelling, parameter estimation, simulation. 
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1 Introduction 

Background 

In this thesis, the term liquid–liquid extraction refers to the distribution of a solute 

between two immiscible liquid phases that are in contact with each other. Usually, one of 

the phases is an aqueous solution and the other, generally, an organic solvent (Figure 1a). 

The distribution of a solute between the phases may be caused by a difference in its 

solubility, in nonreactive systems, or by chemical reactions producing species that 

preferentially distribute into one of the phases. The former is referred to as nonreactive 

extraction, and the latter as reactive extraction. 

 

 

Figure 1. A schematic representation of liquid–liquid extraction. a) The initial state of the aqueous 

and organic phases; the solute M is usually dissolved in only one of the two liquids; b) Mixing of 

the phases with the formation of a dispersion, in which the solute redistributes between the phases 

until equilibrium is reached; c) The phases separate, when the mixing is stopped. 

 

In industrial applications, the transfer of a solute from one phase to another occurs in a 

dispersion formed when the phases are vigorously mixed (Figure 1b). The phases have 

different densities, causing them to separate when the mixing is stopped (Figure 1c). The 

change in colour of the phases in Figure 1 from a) to b) indicates that a solute, M, is 

redistributed between the phases, and that phase equilibrium is reached during the mixing. 

The industrial use of liquid–liquid extraction largely began in the 1940s and 1950s, with 

its application to uranium production and for the reprocessing of irradiated nuclear 

materials in the U.S. Manhattan Project (Rydberg et al., 2004). In the following decades, 

the technology was developed intensively and introduced as a separation and purification 

process in a large number of chemical and metallurgical industries. In the present day, 

liquid–liquid extraction is a widely employed separation method for the refining of a 

range of elements and chemicals in diverse applications, for example in extractive 

a) 

 

b) 

 

c) 
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metallurgy, biotechnology,  the food industry and in the production of pharmaceuticals, 

industrial chemicals and petrochemicals. 

Hydrometallurgy is technology, within the field of extractive metallurgy, involving the 

use of aqueous chemistry for the recovery of metals from ores, concentrates and recycled  

or residual materials at ordinary temperatures1. In hydrometallurgy, liquid–liquid 

extraction is frequently referred to as solvent extraction and is used for the processing of 

a variety of base and precious metals (Ritcey, 2006a; Sole, 2008). Demands for higher 

product purity, less pollution, and the need for the recovery of valuable metals from 

complex matrices and lower grade resources, together with the efficiency and high 

selectivity of liquid–liquid extraction are the driving forces behind its use in 

hydrometallurgy (Rydberg et al., 2004). 

Due to its high selectivity, and ability to treat large volumes, liquid–liquid extraction is 

commonly used in hydrometallurgy for separation and purification in large-scale 

processes for the production of metals from primary raw materials. High-purity copper,  

for instance, is produced through a combination of the leaching of oxidized copper ore, 

or sulfide copper concentrate in sulfuric acid, followed-by concentration and purification 

by liquid–liquid extraction with a hydroxyoxime extractant and, finally, recovery of 

copper by electrowinning (Kordosky, 2002; Molnar and Verbaan, 2003). This process is 

the most widely used application of liquid–liquid extraction in the metallurgical industry 

(Kordosky, 2002; Tamminen, Sainio & Paatero, 2013). Another major application of 

liquid–liquid extraction in hydrometallurgy is the separation of nickel and cobalt (Flett, 

2005). Plants using the technology in these applications process solutions resulting from 

ores, concentrates, precipitates mattes, various scrap materials, and waste effluents with 

organophosphorus acid extractants (Ritcey, 2006a). Other major applications of liquid–

liquid extraction are the recovery of uranium (Zhu, Pranolo & Cheng, 2016), separation 

of rare earth elements (Innocenzi et al., 2018) and precious metals (Cieszynska and 

Wieczorek, 2018).  

The demand for metals used in new energy technologies, and the production of portable 

electronic devices, is increasing due to the world’s increasing population and continuing 

technological development (Reuter et al., 2013). At the same time, high-quality ores are 

being depleted, and there is an overall decrease in ore-grades (Reuter et al., 2013). It is 

important to note that almost all metals used in new energy technologies, and the 

production of portable electronic devices, are by-products from the production of base 

metals, with the exception of the rare-earth elements and lithium (Reuter et al., 2013; 

Technology Metals Research, 2018). However, the stocks of metals in use by society are 

increasing, and at the end of their use, this metal stock becomes an increasingly valuable 

resource contained in End-of-life (EoL) goods (Reuter et al., 2013; Graedel et al., 2011). 

It is of increasing importance to ensure that technologically valuable metals do not 

                                                 
1 In contrast to pyrometallurgy where high temperatures are used that causes solid materials to melt. 
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disappear together with the EoL goods into landfill, or into processes that cannot fully 

recover the most valuable and scarce elements.  

Liquid–liquid extraction is well suited to the recovery of metals from low grade, mixed 

metal ores and can be adapted to the recovery of metals from secondary sources (Wilson 

et al., 2014; Forsén and Aromaa, 2013). Secondary raw materials are often characterised 

by high complexity and may contain combinations of elements that do not occur in 

primary raw materials (Forsén and Aromaa, 2013; Reuter et al., 2013). Due to its high 

selectivity, and wide range of available extractants, liquid–liquid extraction is especially 

suitable for these purposes and is often successfully included in process flowsheets for 

the recovery of valuable metals from secondary raw materials. Numerous examples of 

recycling Li-ion battery wastes (Granata et al., 2012; Mantuano et al., 2006), spent 

catalysts (Zhao et al., 2017; Paiva et al., 2017), and discarded LCD panel glass (J. Yang, 

Retegan & Ekberg, 2013; Virolainen, Ibana & Paatero, 2011) are found in the scientific 

literature. Thus, the key characteristics of liquid–liquid extraction – flexibility, the ability 

to separate elements with similar physical properties from both concentrated and dilute 

solutions, high extraction efficiency and low emissions – assure it a promising and 

important role, not only in primary metals production but also in metals recycling. 

Process simulation in chemical engineering is the representation of a chemical process by 

a mathematical model, which is then solved to obtain information about the performance 

of the process (Motard, Shacham & Rosen, 1975). As discussed by Reuter et al. (2013), 

advanced modelling and simulation tools play an important role in metal recycling. 

Mechanistic models are based on the physics and chemistry that lie beneath separation 

processes and provide detailed information on their thermodynamic and kinetic 

limitations. These mechanistic models are a tool that can be used in determining the 

optimal combination and arrangement of recycling processes. Mechanistic modelling 

allows the prediction of complex nonlinear behaviour within the extraction processes. It 

facilitates the testing of different process options and configurations as well as assessing 

the performance of the processes for various raw material qualities. Equilibrium-based 

simulation of separation processes gives an estimate of the steady-state of a process under 

given operating conditions. Dynamic simulation can aid in the design of process and 

control system, in order to ensure that the process can operate and meet product 

specifications when the process deviates from steady-state operation (Komulainen et al., 

2006; Komulainen et al., 2009; Moreno, Pérez-Correa & Otero, 2009). 

Mechanistic modelling of a liquid–liquid extraction system depends upon the availability 

of information on the extraction mechanism, such as the reaction path, stoichiometry of 

the extraction reactions, and distribution equilibria. Slope analysis is a technique 

frequently used in liquid–liquid extraction studies to deduce a stoichiometry of the 

extraction reactions from equilibrium experiments in dilute aqueous and organic solutions 

(Batchu, Sonu & Lee, 2014; Mansur, Slater & Biscaia, 2002; Guimarães and Mansur, 

2017; Lum, Stevens & Kentish, 2012; Geist et al., 2006). The stoichiometry is determined 

using the linearization of the mass action law equation of an extraction reaction. Slope 

analysis can only be used with a very low metal concentration in both phases, and with 
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changes to the liquid phases that are very small and do not cause the activity coefficients 

of the species involved in the liquid–liquid extraction to change. 

During the development of a liquid–liquid extraction process, McCabe-Thiele analysis is 

employed in flowsheet design to estimate the number of theoretical stages required to 

obtain a specified level of process performance and for evaluating the performance of an 

operating circuit (Rydberg et al., 2004; Thomas, 2010). McCabe-Thiele analysis of a 

counter-current cascade (Figure 2) involves the graphical construction of an isotherm, an 

operating line, and the stepwise evaluation of the number of stages (Rydberg et al., 2004). 

The extraction and stripping isotherms define the capabilities of the extractant in both the 

extraction and stripping sections of the plant (Rydberg et al., 2004; Thomas, 2010). The 

data for the isotherms can be collected experimentally using one of two methods. The 

first employs variation of the phase ratio of the aqueous and organic phases; the second 

involves recontacting the organic phase with fresh aqueous phase until the saturation 

loading of the extractant is reached. Generally, the first method is recommended due to 

its ease of implementation (Rydberg et al., 2004).  

a) b) 

Figure 2. McCabe-Thiele diagrams for a counter-current cascade. a) Loading step; b) Stripping 

step. Blue lines – extraction and strip isotherms; red lines – operating lines; black lines – lines 

used to determine the number of process stages. 

The extraction isotherm defines the maximum amount of a solute that may be extracted 

from the pregnant leach solution for each organic-to-aqueous volumetric ratio. According 

to the first method of data collection, the organic phase is mixed with the leachate at 

various phase ratios until equilibrium is obtained (the equilibrium pH of the aqueous 

solution must be the same in every point on the isotherm). The organic and aqueous phase 

are separated, and the solute concentration in each phase analysed. The data are plotted 

on the diagram (Figure 2a), with organic solute concentration on the y-axis and aqueous 

on the x-axis. The position and shape of the isotherm are primarily affected by the solute 
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concentration in the leachate, the acidity in the leachate, the choice of extractant, and the 

extractant concentration. 

The stripping isotherm (Figure 2b) defines the maximum amount of a solute that may be 

removed from the loaded organic for each phase ratio. The loaded organic phase is mixed 

with stripping aqueous solution at various phase ratios until equilibrium is reached. The 

organic and aqueous phase are separated, and the solute concentration in each phase 

analysed. The data are plotted (Figure 2b), with the aqueous solute concentration on the 

y-axes and organic concentration on the x-axis. 

The number of stages in an extraction step for a given extraction isotherm and leachate 

concentration is determined in the following way. First, a vertical line, AB, is drawn 

starting from point A, which corresponds to the solute concentration in the leachate, until 

it crosses the operating line. Then, a horizontal line, BC, is drawn until it crosses the 

isotherm. The point C indicates the equilibrium concentration of a solute in the aqueous 

and organic phases after the first loading stage. Then, a vertical line, CD, is drawn until 

it crosses the operating line. Again, a horizontal line, DE, is drawn. The point E indicates 

the equilibrium concentration of a solute in the aqueous and organic phases after the 

second loading stage. The point G indicates the solute concentration in the raffinate. The 

two-stage extraction provides 
1.2−0.1

1.2
∙ 100% ≈ 92% recovery of the solute. Only two 

stages are considered here; more stages can be, however, considered to achieve higher 

solute recovery. The slope of the operating line shows the phase ratio, while its position 

is determined by the concentrations of the organic and aqueous streams that enter and 

leave the extraction. The same procedure is applied for the stripping step (Figure 2b); 

however, the starting point is the concentration of a solute in the loaded organic phase. 

This simple graphical method found wide application in liquid–liquid extraction. For 

example, McCabe-Thiele diagrams were used to analyse different process configurations 

in coupled multistage extraction and stripping circuits in an extraction process by Gálvez 

et al. (2004). However, the method heavily relies on equilibrium data in the form of 

extraction and stripping isotherms, which can vary depending upon the extractants used, 

their concentrations, and acidity in the aqueous phase. Quite small changes in aqueous 

phase composition or in phase ratio can change the isotherms and cause dramatic effects 

on the performance of a counter-current cascade (Rydberg et al., 2004). Moreover, 

McCabe-Thiele analysis does not give a good indication of the transfer of impurities in 

the process. 

The application of modern computational techniques has made the use of McCabe-Thiele 

diagrams largely redundant (Rydberg et al., 2004). It is often easier, and more accurate, 

to calculate the cascade directly using numerical models. For example, an empirical 

modelling approach, relying on response surface methodology, has been used to design a 

separation process for a system with competing extraction reactions by Olivier, Dorfling 

& Eksteen (2012) and Bourget et al. (2011). The method allows for the transfer of 

impurities to be assessed. However, it requires large variations in the experimental data 

to accurately predict process performance in a wide range of operating conditions. On the 
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other hand, the mechanistic modelling offers higher flexibility and accuracy in process 

design. 

Mechanistic models are based on the laws of chemistry and, therefore, are able to predict 

complex process behaviour in systems with competitive extraction. In the mechanistic 

modelling of an extraction equilibrium, a set of reaction equations, which is thought to 

describe the actual extraction mechanism is assumed (Whewell and Hughes, 1979; Bart 

and Rousselle, 1999; Agarwal et al., 2012; Lum et al., 2012). The stoichiometry of the 

extraction reactions, determined using the slope analysis, is essential information for the 

subsequent mechanistic modelling. A set of nonlinear mass action and mass balance 

equations, corresponding to the set of reaction equations, is solved in order to calculate 

the speciation in both aqueous and organic phase. Models developed in this way give an 

opportunity to investigate the extraction performance in a wide range of conditions and 

elucidate the limitations of the process. However, validation of the models with a 

reasonable amount of experimental data is still required. 

When the kinetics of an extraction process is studied, dynamic models are developed to 

help infer the extraction mechanism, the limiting step of the extraction, and estimate the 

rate at which the extraction equilibrium is approached (Lyon, Utgikar & Greenhalgh, 

2017; Flett, Okuhara & Spink, 1973; Bart and Rousselle, 1999; Torkaman et al., 2014). 

Reactor modelling aims to assess the extraction performance depending on the interplay 

of hydrodynamics and mass transfer in different contactors (mixing tanks, settlers or 

columns). For that purpose, such computationally intensive modelling tools as 

computational fluid dynamics (Hlawitschka et al., 2017; Lane et al., 2016; Ye et al., 

2016) and particle population balance modelling (Fang et al., 2017; Alzyod, Attarakih & 

Bart, 2016; Korb and Bart, 2017) are used. 

Rintala, Lillkung & Aromaa (2011) discussed the development of a method that could 

support the synthesis of an entire hydrometallurgical process, consisting of various sub-

processes. The method would be required to enable automated process synthesis, by 

selecting and sequencing unit operations within a process to produce products of a certain 

quality from a specified raw material. The method could employ either the available 

experimental data on the performance of process options or the established process 

models or both at the same time. An example of such a task is the design of a process 

consisting of multiple liquid–liquid extraction circuits with different extractants 

employed in each of them to produce pure solutions of valuable metals from a leachate 

containing a complex mixture of the metals. To synthesise a complete hydrometallurgical 

process, leaching, solution purification and product recovery are required to be 

considered for all the target metals from a raw material. It is a complex combinatorial 

problem that is currently solved manually based on previous experience (Rintala et al., 

2011; Gálvez et al., 2004; Zhang et al., 1998). There are examples of automated synthesis 

of chemical processes (Shafiee et al., 2017; Schuldt and Schembecker, 2013; Cziner et 

al., 2005). However to the author’s knowledge, the automated synthesis of 

hydrometallurgical processes has not been studied. 



 19 

Although numerical models of separation systems and contactors continue to be 

developed and improved all the time in liquid–liquid extraction, they are often under-

utilised (Ritcey, 2006a). The explanation for this under-utilization of the models can be 

found in the fact that deep knowledge of extraction phenomena and computing skills are 

often required, not only for development of the models but also for their fruitful 

utilisation. Conventionally, the mathematical models usually presented in the scientific 

literature, for example the models presented by Whewell and Hughes (1979) and Agarwal 

et al. (2012), are used to explain the extraction of a single metal in a single phase contact 

and in a rather narrow range of conditions. However, the models applicable to simulation 

of counter-current separation of a multicomponent mixture have high industrial relevance 

(Bourget et al., 2011). In addition, the solution of the sophisticated numerical models 

requires considerable computing power and consumes time. Nonetheless, the utilization 

of numerical models and process simulation tools is advantageous in process analysis, 

optimization, and control. 

Research gaps and motivation 

As has been discussed above, modelling and simulation can play an important role in the 

development of hydrometallurgical processes, both in general and in liquid–liquid 

extraction in particular. With rare exceptions, the liquid–liquid extraction of only single 

metals in a single phase contact is usually modelled. However, simulating a competitive 

extraction of multiple metals can lead to a better understanding of process behaviour and, 

consequently, to higher performance efficiency. Although simulation of new counter-

current processes for the separation of several metals can reveal insights into challenges 

encountered in pilot scale experiments, it is rarely done. The development of simulation 

tools has significant industrial relevance, since the tools can be used in process analysis, 

optimization, and control. In addition, typically no computer-aided methods are used in 

the early stages of hydrometallurgical process development, when a promising process 

route has to be synthesised (Rintala et al., 2011). Therefore, the motivation for the current 

research was found in the need to decrease the costs and improve the efficiency of 

hydrometallurgical process development. 

Research problems 

The purpose of the current research was to decrease the cost and improve the efficiency 

of hydrometallurgical process development. The application of process simulation tools 

in hydrometallurgical process development was chosen as a mean to achieve this purpose. 

Therefore, the aim of the research was to develop simulation tools applicable to the 

development of liquid–liquid extraction processes and for the automation of 

hydrometallurgical processes. To achieve this aim, the following research problems were 

identified and respective objectives were formulated. 

1. Mechanistic modelling of liquid–liquid extraction of metals 

The objective was to develop numerical models to simulate the equilibrium of liquid–

liquid extraction of metals. These mechanistic mathematical models for the liquid–liquid 
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extraction of metals provide an opportunity to investigate the extraction performance in 

a wide range of conditions by numerical simulation, and to elucidate the limitations of 

the process. The application of mathematical modelling and simulation can decrease the 

costs encountered during process development.  

2. Numerical methods for mechanistic modelling and simulation 

In the current research, the objective was to test different numerical methods that could 

enable mechanistic modelling of liquid–liquid extraction equilibrium of metals. The 

mathematical and statistical methods applicable for analysing the reliability of the 

modelling results had to be checked. Such information is important for the development 

of a general approach to the modelling and simulation of liquid–liquid extraction 

processes. 

3. Automated process synthesis 

The objective was to develop a method for the automated synthesis of hydrometallurgical 

processes to enable exploration of new process alternatives. In the initial stages of 

hydrometallurgical process development, the synthesis of possible process routes and 

comparison of process alternatives is traditionally done based on previous experience, as 

well as on extensive experimentation. Computational power is rarely used to support the 

decisions. 

Scope and limitations 

The main focus of the current research is on methods to enhance hydrometallurgical 

process development using computer aids. Mathematical modelling and simulation is 

seen here as a tool for fast and efficient process development. Although significant effort 

is needed to develop process models, the results of the process simulation can decrease 

costs in further process development stages. In this study, the leaching and product metal 

recovery steps are merely considered as process boundary conditions in the design of 

liquid–liquid extraction processes, whereas all the hydrometallurgical process steps are 

considered in the method  developed for automated process synthesis. The original feature 

of the research presented in this thesis is that the numerical methods applicable to 

modelling, simulation, and process development are studied along with chemistry and 

engineering aspects of the extraction processes under consideration. In addition, the 

mechanistic models of the liquid–liquid extraction processes developed in the current 

thesis allow more in-depth study of these processes.  

Structure of thesis 

This thesis comprises two main parts: a summary and four papers published in 

international scientific journals, given as appendices. The summary consists of six 

chapters. The introduction, Chapter 1, presents the research background, explains the 

motivation for the research and sets-out the objectives of the studies. The description of 

liquid–liquid extraction of metals and its place in hydrometallurgy, extraction 

mechanisms, reactor design considerations, and optimisation of process performance are 
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given in Chapter 2. The approaches to modelling extraction equilibrium and simulation 

of liquid–liquid extraction cascades developed in this study are presented in Chapter 3. 

Two case studies: copper extraction and separation of cobalt, nickel, and lithium are also 

introduced. Chapter 4 contains descriptions of the methods developed for process 

synthesis and process design in hydrometallurgy. The main results obtained in the current 

thesis work are presented and discussed in Chapter 5. The conclusions and outlook for 

future research based on the presented results are given in Chapter 6.  
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2 Liquid–Liquid Extraction of Metals 

Hydrometallurgical metal recovery typically consists of leaching, solution concentration 

and/or purification, and, finally, product metal recovery. Liquid–liquid extraction is 

frequently employed for the concentration and/or purification operations. A scheme of a 

hydrometallurgical process, in which liquid–liquid extraction is involved, is illustrated in 

Figure 3. The aqueous feed stream, pregnant leach solution, which requires concentration 

and/or purification, is contacted with the stripped organic phase in an extraction circuit. 

By means of chemical reactions of metal ions from the aqueous phase and extractant 

molecules from the organic phase, hydrophobic complexes are formed. These 

hydrophobic complexes may then enter the organic phase. The loaded organic phase is 

then contacted with the strip liquor in the stripping circuit, and the extracted metal is 

transferred back into another aqueous phase. The concentrated and purified metal in the 

loaded strip liquor is suitable for the product metal recovery stage. The organic phase is 

recycled between the extraction and stripping circuits in the process. 

 

 
Figure 3. A hydrometallurgical process to recover metals from raw materials, where liquid–liquid 

extraction is responsible for solution concentration and purification. 

 

As will be discussed in Section 2.2, depending on the properties of the metal species 

present in the pregnant leach solution, the extractants of different types (acting according 

to different extraction mechanisms) can be employed in liquid–liquid extraction 

processes. Along with an extractant, the organic phase can contain phase modifiers (to 

enhance phase separation or to increase the solubility of certain species), antioxidants (to 

retard or prevent degradation of components of the organic phase), phase-transfer 

catalysts (to improve the reaction kinetics) and synergistic extractant (to improve 

extraction or separation factors) dissolved in an inexpensive hydrocarbon diluent (to 

decrease the viscosity of the organic phase) (Sole, 2008). 
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Control of the extraction and stripping steps can be realized by changing acidity (pH-

swing), counteranion concentration (anion-swing) or temperature in the process steps, 

depending on the type of extractant. In addition, special techniques such as redox 

stripping or stripping with complexing agents are sometimes needed to increase stripping 

efficiency. For example, reductive stripping under vacuum of iron(III) from di(-2-

ethylhexyl)phosphoric acid (D2EHPA), using zinc powder as a reducing agent, was 

suggested (Lupi and Pilone, 2000). Efficient stripping of actinides from the loaded 

organic phase (extractant CyMe4-BTBP) with sodium glycolate solution as a complexing 

agent was shown to be possible (Geist et al., 2006; Andersson et al., 2009). 

A generalised liquid–liquid extraction circuit is illustrated in Figure 4. Commercial 

processes are usually operated counter-currently, with the aqueous and organic streams 

flowing in opposite directions in order to maximise extraction (or stripping) and 

separation efficiencies (Sole, 2008). A scrub and wash steps may be included in the 

extraction circuit, depending on a particular application. Washing is used for the physical 

removal of impurities from the organic phase. A wash step may be included to minimise 

the loss of organic phase by entrainment in the aqueous phase, or to minimise carry-over 

of contaminants into the loaded strip liquor. The wash step may also be located after the 

scrub, strip, or regeneration steps, depending on the process chemistry or the purity 

requirements of the product. For example, in the extraction of copper from cuprous 

chloride solution, using a liquid ion exchange reagent, the copper-loaded organic solution 

must be washed with copper sulfate electrolyte to prevent the transfer of excess chloride 

to the electrowinning step (Lu and Dreisinger, 2014). 

 

 

Figure 4. Generalised liquid–liquid extraction circuit. 

 

The extraction process is rarely specific so that impurities may be co-extracted with the 

target metal. A scrub step is sometimes used between the extraction and stripping steps 
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for the chemical removal of impurities from the organic phase. An aqueous scrub liquor 

is introduced to remove unwanted co-extracted species from the loaded organic phase by 

displacing the impurities with the more strongly complexed target metal. For example, 

zirconium nitrate was used as a scrubbing agent in the process for recovery and separation 

of zirconium and hafnium from raffinate stream of zirconium purification plant with 

Mixed Alkyl Phosphine Oxide as the extractant (Pandey et al., 2016). In the scrubbing 

step, co-extracted hafnium was displaced from the organic phase by zirconium in the 

scrub solution. 

Some processes also include an extractant regeneration step. A regeneration step is 

employed to convert the extractant to the appropriate chemical form required for 

extraction. For instance, stripping with strong acid may convert an extractant to its 

protonated form. However, extraction may require the extractant in the ammonium form 

to facilitate pH control. In that case, a regeneration step could be employed for the 

conversion of the protonated form of the extractant to the ammonium salt form. The 

separation of cobalt and nickel from other impurities in the leachate of spent Li-ion 

batteries with Cyanex 272 is an example of such a process (Virolainen et al., 2017).  

 

2.1 Equipment design under mass transfer 

There are three fundamental phenomena (Figure 5) that determine the performance of a 

liquid–liquid extraction of metals: chemical reactions, mass transfer between the 

dispersed and continuous phases, and the hydrodynamics in the contactor (Bart, 2002). 

Although a few metal compounds are sufficiently covalent to be extracted into an inert 

organic phase (e.g. RuO4, OsO4, GeCl4, AsCl3, SbCl3, and HgCl2), for a number of 

reasons, such as their ease of hydrolysis, this type of compound is unlikely to feature in a 

commercial extraction process (Rydberg et al., 2004). In general, metal salts exist in 

aqueous solutions as hydrated species and, as such, are incompatible with nonpolar 

organic solutions typically used in hydrometallurgy. Therefore, species must be reacted 

with an organic compound to make them more hydrophobic (see Section 2.2 for more 

details) to achieve extraction. Thus, the extraction reactions are usually the core of an 

extraction process. The extraction reactions normally encountered in the liquid–liquid 

extraction of metals are usually reversible, and the equilibrium of the reactions largely 

determine the extraction performance. The kinetics of extraction is a function of both the 

various chemical reactions occurring in the system and the rates of diffusion of the various 

species involved in the extraction process. The mass transfer rate determines the transport 

of the reactants to the interface and the products of the reactions from the interface. In 

turn, the rate of mass transfer is strongly influenced by hydrodynamics in a contactor. 

Hydrodynamics can affect the drop size distribution and dispersed phase holdup, which, 

in tun, determine interfacial area and droplet residence time and, thus, extraction 

efficiency (Korb and Bart, 2017; Darmana et al., 2007). 
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Figure 5. Interference of phenomena in a liquid–liquid extraction process with chemical reactions. 

 

Adequate contact between the two phases is necessary to ensure that good mass transfer 

of the extracted and stripped species across the organic-aqueous interface occurs. 

Depending on various physical and chemical factors, inherent in the extraction system, 

different contact systems may be appropriate. Continuous counter-current extraction can 

be performed in stagewise or differential contactors. 

A typical contactor for stagewise extraction is a mixer-settler (Figure 6a). This comprises 

some means for mixing the two phases and an adjoining means for separating them. The 

mixer provides adequate interfacial area for the extraction to take place, without creating 

such small droplets that they will not then settle efficiently and, provided there is 

sufficient residence time, for the desired degree of extraction to take place. Settlers 

typically comprise a relatively large shallow tank, rectangular in shape, which provides 

sufficient residence time for the mixed phases to separate while they flow from an inlet 

at one end to the two outlets for the separated phases at the other. Mixer-settlers are 

assembled in mixer-settler cascades to enable continuous stagewise extraction. 

 

a) 

 

b) 

 
Figure 6. A schematic representation of a mixer–settler and column. 
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Mixer-settlers are usually preferred for systems that exhibit poor phase disengagement, 

slow kinetics, and thus require a considerable settling area. Stage efficiencies in this 

configuration are high, meaning that a close approach to equilibrium is achieved. Mixer-

settler circuits are usually employed when a small number of extraction stages (2-4) is 

required. However, the separation of rare earth elements that requires a large number of 

equilibrium stages is usually performed in mixer-settler circuits, due to slow kinetics (Ryu 

et al., 2013; Belova, 2017). 

Differential extraction in a column (Figure 6b) allows contact between the two phases to 

be continuous and, therefore, permit a large number of possible theoretical stages, thereby 

maximising mass-transfer. They are useful for processing low flow rates and for systems 

that exhibit a tendency to form emulsions. Another important advantage of columns is 

that the extraction and stripping processes occur in a fully enclosed system. This is critical 

for systems in which toxicity is an issue. Columns take up very little floor space but 

require considerable headroom; mixer-settler requirements are the opposite (Sole, 2008). 

Also, there are examples of processes in which both mixer-settlers and columns are 

employed for different tasks. For example, in THORP design, pulsed columns are used 

in the highly active and plutonium purification cycles to allow critically safe operation 

with the high plutonium concentrations, while mixer-settlers are used in a uranium 

purification cycle (Phillips, 1993). Centrifugal contactors, characterised by very short 

contact time, found very limited application in liquid–liquid extraction in 

hydrometallurgy (Sole, 2008; Rydberg et al., 2004). 

 

2.2 Optimal operation of liquid–liquid extraction 

The optimization of separation processes aims to produce the purest possible product at 

the highest yield and lowest possible cost, and under the most favourable environmental 

and safety conditions. Liquid–liquid extraction in hydrometallurgy is a complex operation 

involving multicomponent extraction, where target metals are separated from impurities 

present in the feed solution (Pinto et al., 2009). The feed from upstream leaching usually 

contains several metals leached from the raw material, and the extractants used are never 

absolutely selective. Thus, impurities are always co-extracted with the target metals. The 

equilibrium distribution and kinetics of extraction of different species determine 

selectivity in an extraction process.  

The International Union of Pure and Applied Chemistry (IUPAC) (Rice, Irving & 

Leonard, 1993) gave the recommendations on the definitions of the quantitative 

description of liquid–liquid extraction systems. The same definitions are used throughout 

this thesis. 
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The partitioning between the two phase of a particular solute, Mi, (usually measured at 

equilibrium) is described by distribution ratio, which is defined as “the ratio of the total 

analytical concentration of a solute in the extract (regardless of its chemical form) to its 

total analytical concentration in the other phase”, Eq. (1). Several solutes are usually 

involved in the extraction in the separation systems, the distribution ratio for the various 

solutes are indicated by DM1, DM2, etc. Since the solute partitions differently, depending 

on extraction conditions, the value of the distribution ratio depends on the extraction 

conditions. 

 

𝐷i =
 𝑀i
̅̅ ̅ 

 𝑀i 
 (1) 

 

The solutes can be separated from each other by liquid–liquid extraction with a particular 

extractant only if the distribution ratio of the solutes are different. Therefore, the ability 

of the solutes to be separated is described by the separation factor, Eq. (2), defined as the 

ratio of the respective distribution ratios of two solutes measured under the same 

conditions. By convention, the solutes designated to M1 and M2 are chosen so as to make 

𝛼𝑀1 𝑀2⁄ > 1. 

 

𝛼𝑀1 𝑀2⁄ =
𝐷M1

𝐷M2

 (2) 

 

In industrial applications, it is more practical to use the fraction extracted E (recovery) 

defined as the fraction of the total quantity of a substance extracted by the extractant under 

specified conditions, Eq. (3), where  𝑀i 0 and  𝑀i  denote the concentrations of a solute 

at the start and after the extraction, respectively, under the assumption that the extractant 

did not contain the solute initially.  

 

𝐸i = 1 −
 𝑀i 

 𝑀i 0
 (3) 

 

If the solute from the aqueous phase is extracted with n successive portions of organic 

phase, the phase volume ratio (organic/aqueous) being 𝑉org 𝑉aq⁄ , the fraction extracted is 
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given by Eq. (4). Eq. (4) is valid only with the assumption that the distribution ratio is 

constant in all the successive phase contacts. This assumption is not always valid in 

industrial applications, where pH variation can be observed in the process stages. 

 

𝐸i = 1 − (
𝑉org

𝑉aq
𝐷i + 1)

−𝑛

 (4) 

 

The fraction extracted for a solute in a continuous counter-current extraction process with 

n steps and phase ratio 
𝑉org

𝑉aq
 in each step is given by Eq. (5). Again, Eq. (5) is only valid if 

the distribution ratio is constant. 

 

𝐸i = 1 −

𝑉org

𝑉aq
𝐷i − 1

(
𝑉org

𝑉aq
𝐷i)

𝑛+1

− 1

 (5) 

 

Purity of the target element in the product stream is an important measure of extraction 

performance in industrial applications, since product purity directly affects the product 

price. Purity of the target species in the product streams is defined by Eq. (6). 

 

𝑃 =
mass of species 𝑗 in the product

∑mass of all species in the extract
 

(6) 

 

As has been discussed above, the primary objective of a liquid–liquid extraction plant in 

hydrometallurgy is typically to achieve as high a recovery of a target metal as possible 

(minimising losses of the target metal to raffinate) while minimising the co-extraction of 

impurities (producing the highest quality metal product, thereby reducing further 

purification costs). A multistage operation inevitably becomes necessary in order to 

achieve the required separation performance, giving rise to complex circuits with several 

loading, scrubbing, and stripping stages. The optimal operation of an extraction circuit is 

achieved by means of a careful choice of operating conditions. The efficiency of the 

extraction of a target metal can be increased by adding extraction and stripping stages to 
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the circuit, increasing the extractant concentration, adjusting contact time(s) and mixing 

conditions or changing the relative organic and aqueous flowrates (the O/A ratio). 

Industrial liquid–liquid extraction circuits are easily controlled and forgiving, allowing a 

consistent product stream composition (Schlesinger et al., 2011a).  

 

2.3 Metal extraction mechanisms 

As discussed in Section 2.1, metal salts normally exist in the aqueous phase as hydrated 

species, which are hydrophilic and thus do not transfer into nonpolar organic solvents 

typically used in hydrometallurgy. A hydrophilic inorganic solute must therefore be 

rendered hydrophobic and lipophilic in order to enter the organic phase (Rydberg et al., 

2004). In general, three metal extraction mechanisms are known: 

 Reaction of the metal cation, with suitable anions, to produce a neutral complex 

that is preferentially dissolved in the organic phase; 

 Formation of an ion pair that is preferentially dissolved in the organic phase; 

 Replacement of hydrated water molecules by an organic solvating reagent. 

Reagents that are capable of such reactions are termed acidic, basic (or ion pair) or 

solvating. Therefore, a commercial metal-extracting reagent used in reactive liquid–liquid 

extraction is selected depending on the nature of the extractable metal species present in 

the aqueous solution. Wilson et al. (2014) based their classifications of the metal 

extraction mechanisms on the coordination chemistry and distinguished the extraction 

mechanisms as the extraction of metal cations, the extraction of metalate ions, and metal 

salt extraction. 

Some extractants can, however, change their extraction mechanism under extreme 

conditions, or depending on the metal being extracted. The extraction of actinides from 

nitric acid with di(2-ethylhexyl)phosphoric acid (DEHPA) exemplifies the change of the 

extraction mechanism (Svantesson et al., 1980). The distribution coefficient of 

curium(III) and americium(III) first gradually decreases as the concentration of the nitric 

acid increases, but with exceptionally high nitric acid concentration, starts to go up again 

as the nitric acid concentration increases. On the other hand, the distribution coefficient 

of neptunium(III) first increases as the concentration of nitric acid increases, but then at 

extremely high nitric acid concentration, starts to go down as the nitric acid concentration 

increases. 

Metal cation extraction 

The extraction of a metal cation from an aqueous phase containing a weak inner sphere 

ligand (for example sulfate ion) is realized by the generation of a charge-neutral complex, 

MAz
̅̅ ̅̅ ̅̅ , that is preferably dissolved in the organic phase by combining anionic ligand A–̅̅ ̅ 
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with the metal cation Mz+
, as in Eq. (7). The pH-dependence of the equilibrium makes it 

possible to control the loading and stripping steps by varying the pH of the aqueous phase 

with which the organic phase is in contact. 

 

zHA̅̅ ̅̅ + Mz+ ⇄ MAz
̅̅ ̅̅ ̅̅ + zH+ (7) 

 

This extraction mechanism was considered in the extraction of copper and iron through 

the use of a hydroxyoxime-type extractant Acorga M5640 in Publications I and II. The 

same mechanism explains the extraction of base metals by organophosphorus extractants 

(phosphinic, phosphonic and phosphoric acids). However, the stoichiometry MA2(HA)2
̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅  

of the complexes with divalent metal cations is usually observed when the extractant is 

present in excess due to self-adduct formation. This extraction mechanism was considered 

in the extraction of cobalt, nickel, and lithium by Cyanex 272 in Publication III. 

Metalate extraction 

At high concentration of a strong inner sphere ligand (for example, chloride ion), metalate 

ions, MXz
b−, are very likely to be present in the aqueous solution. The metalates can be 

transferred to the organic phase by the formation of outer sphere ion pairs. This can be 

achieved in two ways. Mixing a solution of a neutral extractant, A̅, with an acidic aqueous 

solution can lead to protonation of the extractant and the “pH-swing” process, Eq. (8). 

Loading is favoured by lowering the pH of the aqueous phase and stripping by raising the 

pH. 

 

𝑏A̅ + 𝑏H+ + MX𝑧
𝑏− ⇄ (AH)𝑏MX𝑧

̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅  (8) 

 

Alternatively, an extractant that carries a permanent positive charge, A+̅̅ ̅̅ , can be employed 

in an anion exchange process, Eq. (9). In this case, loading and stripping are influenced 

by variation of the concentration of the counteranion Y− in an “anion-swing” process. 

 

𝑏AY̅̅̅̅ + MX𝑧
𝑏− ⇄ (A)𝑏MX𝑧

̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ + 𝑏Y− (9) 
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For example, the extraction of Pt(IV) from chloride solution by Aliquat 336 was studied 

by (Fontàs, Salvadó & Hidalgo, 1999), and the extraction mechanism was found to be 

 

2𝑅4𝑁𝐶𝑙̅̅ ̅̅ ̅̅ ̅̅ +  𝑃𝑡𝐶𝑙4 
2− ⇄ (R4𝑁)2 𝑃𝑡𝐶𝑙4 ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅ + 2𝐶𝑙− (10) 

 

The structure of assemblies formed in metalate extraction processes are not fully 

understood (Wilson et al., 2014). They involve electrostatic, hydrogen bonding, and other 

supramolecular interactions. 

Metal salt extraction 

It is possible to generate charge-neutral complexes MX𝑧(A)𝑏
̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅  that are preferably dissolved 

in the organic phase by using a neutral reagent A̅, which effectively solvates the metal 

salt, MX𝑧, according to Eq. (11). The solvation extractant molecules may be coordinated 

in the inner or outer sphere, or both. The metal salt extraction operates on an “anion-

swing” mechanism. 

 

𝑏A̅ + MX𝑧 ⇄ MX𝑧(A)𝑏
̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅  (11) 

 

In the PUREX process, first developed for the recovery of plutonium and uranium, the 

metal salt extraction mechanism is used in the extraction of an uranyl cation, with two 

molecules of tri-n-butylphosphate (TBP), Eq. (12) (Irish and Reas, 1957; Wilson et al., 

2014; Rydberg et al., 2004). The extraction and stripping are controlled by variation of 

the concentration of nitric acid in the aqueous phase. 

 

𝑈𝑂2
2+ + 2𝑁𝑂3

− + 2𝑇𝐵𝑃̅̅ ̅̅ ̅̅ ⇄ 𝑈𝑂2(𝑁𝑂3)2(𝑇𝐵𝑃)2
̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅  (12) 

 

2.4 Liquid–liquid extraction equilibria 

Reactive extraction of metals from aqueous solutions into organic solvents can be 

achieved through three different extraction mechanisms, depending on the properties of 

the metals (see Section 2.3). However, the extraction usually occurs through a number of 

elementary steps. The subdivision of an extraction reaction into its elementary steps is 
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useful for understanding how the distribution ratio varies as a function of the type and 

concentration of the reagents. 

The chemical reaction equilibria in one or both liquid phase(s) and the distribution 

between the phases of different species involved in the reactions affect the value of the 

distribution ratio. The distribution of the species can be measured, and the distribution 

constant can be defined as the ratio of the concentration of a substance in a single definite 

form, S, in the organic phase to its concentration in the same form in the aqueous phase 

at equilibrium:  

 

𝐾D,S =  𝑆̅  𝑆 ⁄  (13) 

 

For a chemical reaction, for example Eq. (14), involved in the metal extraction 

mechanism, the extraction (equilibrium) constant, Eq. (15), can be expressed as the 

equilibrium constant of the reaction in terms of the reacting species. 

 

𝑀𝑧+ + 𝑧𝐻𝑅 ⇄ 𝑀𝑅𝑧 + 𝑧𝐻+ (14) 

𝐾ex =
 𝑀𝐴𝑧
̅̅ ̅̅ ̅̅   𝐻+ 𝑧

 𝑀𝑧+  𝐻𝐴̅̅ ̅̅  𝑧
 (15) 

 

When the thermodynamics of extraction processes is considered, an assumption is made 

that equilibrium has been established. . The extraction chemical reactions can occur at the 

interface, in the organic phase, and in the aqueous phase (Rydberg et al., 2004; 

Szymanowski, 1993). However, regardless of the number of stages, or steps, of an 

extraction process, the total enthalpy change for the extraction is the sum of all changes, 

according to Hess’s law. Therefore, regardless of a chosen reaction site or the reaction 

path taken from the initial to the final state, the same prediction, in terms of 

thermodynamics, of the distribution ratio value can be obtained. 

The values of the extraction constants for the elementary reactions and the distribution 

constants for the species involved in a thermodynamically-consistent extraction process 

affect the value of the distribution ratio. In the following sections, the mechanisms that 

usually occur in the extraction of metals are discussed, following the methodology given 

by (Rydberg et al., 2004). The distribution ratios are defined for each of the mechanisms. 
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2.4.1 Extraction of inert metal compounds 

A small number of almost purely covalent inorganic compounds can be extracted by 

nonsolvating organic solvents (Figure 7). These stable molecular compounds (e.g. RuO4, 

OsO4, GeCl4, AsCl3, SbCl3, and HgCl2) are nonelectrolytes, and can be considered inert 

solutes. However, for a number of reasons, such as their ease of hydrolysis, this type of 

compound is unlikely to feature in a commercial extraction process (Rydberg et al., 

2004). 

 

Solute S extracted into organic phase S̅ 

Nonelectrolyte solute S in aqueous phase 

⇄
 

S 

Figure 7. Liquid–liquid extraction equilibrium of inert metal compounds. 

 

The distribution of the inert solute S (Figure 7), which does not undergo any reaction, 

either in aqueous, or in organic solutions, except for solubility, follows the Nernst 

distribution law, and the equilibrium extraction can be described either by a distribution 

constant KD,S, or an equilibrium extraction constant Kex: 

 

𝑆 ⇄ S̅; 𝐾D,S = 𝐾ex =  𝑆̅  𝑆 ⁄  (16) 

 

2.4.2 Extraction of coordinatively saturated metal chelates 

Chelating organic extractants are able to complex a metal ion through two or more 

binding sites of “basic” atoms, such as O, N, or S, to form metal chelates. Chelating 

provides extra stability to the metal complex. 

 

Coordinatively saturated metal adduct 

complex in organic phase 
𝑀𝐴z
̅̅ ̅̅ ̅̅  

Metal ion Mz+ is complexed by z A– 

ligands to form neutral MAz 

⇄
 

𝑀𝑧+ + z𝐴− ⇄ 𝑀𝐴z 

Figure 8. Liquid–liquid extraction equilibrium of coordinatively saturated metal chelate type 

complexes. 
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An uncharged metal complex MAz is formed from a metal ion Mz+ (central atom) through 

a stepwise reaction with the anion A– (ligand) of a monobasic organic acid, HA, defining 

a stepwise formation constant Kn, Eqs. (17) and (18), and an overall formation constant 

𝐾tot, Eq. (19). 

 

𝑀𝑧+ + 𝐴− ⇄ 𝑀𝐴𝑧−1; 𝐾1 =
[𝑀𝐴𝑧−1]

 𝑀𝑧+  𝐴− 
 (17) 

𝑀𝐴𝑧−1 + 𝐴− ⇄ 𝑀𝐴2
𝑧−2; 𝐾2 =

[𝑀𝐴2
𝑧−2]

 𝑀𝐴𝑧−1  𝐴− 
 (18) 

𝑀𝑧+ + n𝐴− ⇄ 𝑀𝐴𝑛
𝑧−𝑛; 𝐾tot =

 𝑀𝐴𝑛
𝑧−𝑛 

 𝑀𝑧+  𝐴− 𝑛
 (19) 

 

The MAz complex is lipophilic and dissolves in organic solvents and the distribution 

constant KD,C of the complex is defined as: 

 

𝑀𝐴𝑧 ⇄ 𝑀𝐴𝑧
̅̅ ̅̅ ̅̅ ; 𝐾D,C =

 𝑀𝐴𝑧̅̅ ̅̅ ̅̅  

 𝑀𝐴𝑧 
 (20) 

 

Taking all metal species in the aqueous phase into account, the distribution of the metal 

can be written in the form of Eq. (21), which shows that the distribution ratio depends 

only on the free ligand concentration. 

 

𝐷M =
 𝑀𝐴𝑧
̅̅ ̅̅ ̅̅  

∑ 𝑀𝐴𝑛
𝑧−𝑛 

=
𝐾D,C𝐾tot 𝐴

− 𝑧

∑𝐾𝑛 𝐴− 𝑛
 (21) 

 

However, for practical reasons, it is simpler to use the extraction constant Kex for the 

reaction 

 

𝑀𝑧+ + 𝑧𝐻𝐴̅̅ ̅̅ ⇄ 𝑀𝐴𝑧
̅̅ ̅̅ ̅̅ + 𝑧𝐻+ (22) 
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in which case the 𝑀𝐴𝑛
𝑧−𝑛 complexes in the aqueous phase are neglected. The relevant 

equations for the extraction constant and distribution ratio are 

 

𝐾ex =
 𝑀𝐴𝑧
̅̅ ̅̅ ̅̅   𝐻+ 𝑧

 𝑀𝑧+  𝐻𝐴̅̅ ̅̅  𝑧
 (23) 

 

and 

 

𝐷′M = 𝐾ex

 𝐻𝐴̅̅ ̅̅  𝑧

 𝐻+ 𝑧
 (24) 

 

Thus only one constant, 𝐾ex, is needed to predict the metal extraction for given 

concentrations of protons and extractant molecules. Eq. (24) is valid only when the 

complexes 𝑀𝐴𝑛
𝑧−𝑛 can be neglected in the aqueous phase. 

As discussed in Section 2.5.1, copper is extracted with hydroxyoxime extractants 

according to the chelation mechanism. Furthermore, phenolic oximes like LIX 84 can be 

used to separate palladium(II) and platinum(IV) from chloride solutions (Rane and 

Venugopal, 2006). Hydroxyoxime forms an extractable 2:1 chelate complex with 

palladium(II) (PdA2) in acidic solutions, Eq. (25), whilst platinum(IV) is not extracted 

below pH 8.  

 

𝑃𝑑𝐶𝑙4
2− + 2𝐻𝐴̅̅ ̅̅ ⇄ 𝑃𝑑𝐴2

̅̅ ̅̅ ̅̅ ̅ + 4𝐶𝑙− + 2𝐻+ (25) 

 

An aliphatic extractant LIX63 in a mixture of Solvent 70 and decanol was found to be 

able to extract copper, cobalt, and nickel from a deep eutectic solvent (formed from 

choline chloride and lactic acid into mixtures of either Aliquat 336 or DEHPA diluted 

with hydrocarbons) (Albler et al., 2017). However, the very slow kinetics of nickel 

extraction from the deep eutectic solvent makes this reagent unsuitable for mixer-settlers. 
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2.4.3 Extraction of metal complexes as adducts 

A coordinatively saturated neutral metal complex forms MAz(H2O)x in the aqueous phase, 

where 2z+x equals the maximum coordination number of the metal. In the absence of a 

solvating organic solvent, this complex preferentially distributes into the aqueous phase. 

A more lipophilic adduct complex MAzBb may be formed if the water of hydration is 

replaced by organic molecules, B (Figure 9). 

 

Coordinatively saturated metal adduct 

complex in organic phase (and B) 
�̅�                 𝑀𝐴z𝐵𝑏

̅̅ ̅̅ ̅̅ ̅̅ ̅ 

Formation of neutral complex 

coordinatively saturated by adduct former 

B 

⇵ ⇵ 

𝑀𝑧+ + 𝑏𝐵 + z𝐴− ⇄ 𝑀𝐴z𝐵𝑏 

Figure 9. Liquid–liquid extraction equilibrium of inert metal compounds. 

 

Depending on the ligand, several types of such adducts exist: 

 type MAzBb, where A and B are different organic structures; 

 type MXzBb, where MXz is a neutral inorganic compound (salt); 

 type MAz(HA)b, where A and HA are the basic and neutral variant of the same 

molecule (self-adducts). 

 

2.4.3.1 Type MAzBb 

The extraction of the metal complex adduct can be written 

 

𝑀𝑧+ + 𝑧𝐻𝐴̅̅ ̅̅ + 𝑏�̅� ⇄ 𝑀𝐴𝑧𝐵𝑏
̅̅ ̅̅ ̅̅ ̅̅ ̅ + 𝑧𝐻+ (26) 

 

The extraction constant for the reaction is defined by 

 

𝐾ex =
 𝑀𝐴𝑧𝐵𝑏
̅̅ ̅̅ ̅̅ ̅̅ ̅  𝐻+ 𝑧

 𝑀𝑧+  𝐻𝐴̅̅ ̅̅  𝑧 �̅� 𝑏
 (27) 
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or 

 

𝐾ex = 𝐷M

 𝐻+ 𝑧

 𝐻𝐴̅̅ ̅̅  𝑧 �̅� 𝑏
 (28) 

 

Thus the distribution of the metal, DM, depends on the concentrations of H+ and HA to 

the power z of the charge of the metal ion, and on the concentration of B to the power of 

b. 

It can be shown that 

 

𝐾ex =
𝐾a

z𝐾n𝐾DC𝐾ad,bB

𝐾DR
z  (29) 

 

where 𝐾a =  𝐻+  𝐴−  𝐻𝐴 ⁄  is the acid dissociation constant, 𝐾DR =  𝐻𝐴̅̅ ̅̅   𝐻𝐴 ⁄  is the 

distribution constant for the undissociated acid HA, and 𝐾ad,bB =  𝑀𝐴𝑧𝐵𝑏
̅̅ ̅̅ ̅̅ ̅̅ ̅  �̅� b 𝑀𝐴𝑧

̅̅ ̅̅ ̅̅  ⁄  

is the formation constant for the adduct MAzBb in the organic phase. The five parameters 

𝐾a, 𝐾n, 𝐾D,C, 𝐾ad,bB, and 𝐾DR are, in general, unrelated, even though it may not always 

be possible to change one without affecting the others, as each molecular species may 

take part in several equilibria. Without considering the independent parameters, it is often 

difficult to understand why Kex varies in the way observed, and it may be impossible to 

predict improvement of the system. 

 

2.4.3.2 Type MXzBb 

Mineral salts and mineral acids can be extracted by the adduct formation mechanism 

(Rydberg et al., 2004). Metal salts with monodentate univalent anions like Cl–, ClO4
–, 

SCN–, and NO3
– are strongly hydrated in the aqueous phase and have quite limited 

solubility in inert solvents. In order to extract acids of these anions, they must either form 

an adduct with a strongly basic extractant, like tri-n-butyl phosphate (TBP), or 

trioctylphosphine oxide (TOPO) or be in solvating solvents such as ethers, ketones, 

alcohols, or esters. Monomeric metal hydroxides can also be extracted in the form of the 

adducts by strong donor molecules. 

For example, the extraction of americium(III), europium(III), and curium(III) with 6,6′‐

bis(5,6‐dialkyl‐[1,2,4]triazin‐3‐yl)‐[2,2′] bipyridines (BTBP) proceeds via a solvating 

mechanism (Geist et al., 2006) 
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𝑀3+ + 3𝑁𝑂3
− + 2𝐵𝑇𝐵𝑃̅̅ ̅̅ ̅̅ ̅̅ ⇄ 𝑀(𝑁𝑂3)3(𝐵𝑇𝐵𝑃)2

̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅  (30) 

 

The extraction of nickel with some of the BTBP-class ligands is an example of complex 

extraction behaviour, when a solvating extraction is employed (Ekberg et al., 2007). It 

was shown that the BTBPs are capable of forming both 1:1 and 1:2 complexes with 

nickel(II). When the BTBP concentration is low, the nickel distribution ratio is governed 

by the formation of the nickel/BTBP complex while at higher BTBP concentrations the 

partitioning of the nickel complex between the two phases dictates the nickel distribution 

ratio. 

The BTBP can distribute between the organic and the aqueous phases 

 

𝐾𝐷,𝐵𝑇𝐵𝑃 =
 𝐵𝑇𝐵𝑃̅̅ ̅̅ ̅̅ ̅̅  

 𝐵𝑇𝐵𝑃 
 (31) 

 

At excess of the extractant molecules, the 1:2 complex with nickel(II) is formed: 

 

𝐾𝑁𝑖(𝐵𝑇𝐵𝑃)2 =
 𝑁𝑖(𝐵𝑇𝐵𝑃)2 

 𝑁𝑖2+  𝐵𝑇𝐵𝑃 2
 (32) 

 

When the organic phase is deficient in extractant molecules, in comparison to the 

available amount of nickel(II), the 1:1 complex is formed 

 

𝐾𝑁𝑖𝐵𝑇𝐵𝑃 =
 𝑁𝑖𝐵𝑇𝐵𝑃 

 𝑁𝑖2+  𝐵𝑇𝐵𝑃 
 (33) 

 

Both 1:1: and 1:2 complexes can enter the organic phase with the distribution ratios 

 

𝐾𝐷,𝑁𝑖𝐵𝑇𝐵𝑃 =
 𝑁𝑖𝐵𝑇𝐵𝑃̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅ 

 𝑁𝑖𝐵𝑇𝐵𝑃 
 (34) 
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𝐾𝐷,𝑁𝑖(𝐵𝑇𝐵𝑃)2 =
[𝑁𝑖(𝐵𝑇𝐵𝑃)2
̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅]

 𝑁𝑖(𝐵𝑇𝐵𝑃)2 
 

(35) 

 

Taking all nickel species in the aqueous and organic phases into account, the distribution 

of nickel can be written in the form of Eq. (36), in which shows that the distribution ratio 

depends only on the free ligand concentration. 

 

𝐷Ni =
 𝑁𝑖𝐵𝑇𝐵𝑃̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅ + [𝑁𝑖(𝐵𝑇𝐵𝑃)2

̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅]

 𝑁𝑖2+ +  𝑁𝑖𝐵𝑇𝐵𝑃 +  𝑁𝑖(𝐵𝑇𝐵𝑃)2 

=
𝐾𝐷,𝑁𝑖𝐵𝑇𝐵𝑃𝐾𝑁𝑖𝐵𝑇𝐵𝑃 𝐵𝑇𝐵𝑃 + 𝐾𝐷,𝑁𝑖(𝐵𝑇𝐵𝑃)2𝐾𝑁𝑖(𝐵𝑇𝐵𝑃)2

 𝐵𝑇𝐵𝑃 2

1 + 𝐾𝑁𝑖𝐵𝑇𝐵𝑃 𝐵𝑇𝐵𝑃 + 𝐾𝑁𝑖(𝐵𝑇𝐵𝑃)2
 𝐵𝑇𝐵𝑃 2

 

(36) 

 

In comparison to copper(II) extraction, Eq. (24), the equation for the distribution ratio of 

the nickel extraction with BTBP, Eq. (36), cannot be further simplified because the 

extraction of both 1:1 and 1:2 complexes is significant, and both complexes are able to 

enter the organic phase. 

 

2.4.3.3 Type MAz(HA)b 

Hydration only occurs in neutral complexes that are coordinatively unsaturated by the 

organic ligand. The hydrate water reduces the extractability of the complex. In the 

absence of strong donor molecules, which can replace this hydrate water, there is still a 

chance for the undissociated acid to replace the water, leading to a self-adduct according 

to the reaction: 

 

𝑀𝐴𝑧(𝐻2𝑂)𝑤 + 𝑏𝐻𝐴̅̅ ̅̅ ⇄ 𝑀𝐴𝑧(𝐻𝐴)𝑏 + 𝑤𝐻2𝑂 (37) 

 

This competition between the formation of an adduct with HA, or with H2O, is observed 

as an increasing extraction, with increasing HA concentration (Rydberg et al., 2004) and 

as an increasing viscosity with increasing loading (Thomas, 2010). Existence of similar 

adducts, like MAzBb, supports the existence of self-adducts. Self-adducts are rather 

common, and have been identified for complexes of calcium, barium, nickel, cobalt, 

cadmium, and uranium(IV) with acetylacetone, theoyltrifluoroacetone, tropolone, oxine, 
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and organophosphinic acid (Rydberg et al., 2004; Thomas, 2010; Lindell et al., 2000). 

Self-adducts of cobalt, nickel, and lithium complexes in the extraction with Cyanex 272 

extractant were modelled in Publication III. 

 

2.4.4 Metal extraction by liquid anion exchangers 

Metals that react with inorganic ligands to form negatively charged complexes can be 

extracted by extractants with large organic cations by liquid anion exchange (Rydberg et 

al., 2004). The extraction mechanism is depicted in Figure 10. 

 

Organic phase with anion 

exchanger and metal complex 
        𝑅𝑁𝐻+𝑋−̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅         (𝑅𝑁𝐻+)𝑝𝑀𝑋𝑛

−𝑝̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅  

Aqueous phase contains metal 

with complexing anion L– and 

amine 

⇵ ⇵ 

𝑀𝑧+ + 𝑛𝑋− + 𝑝𝑅𝑁𝐻+𝑋− ⇄ (𝑅𝑁𝐻+)𝑝𝑀𝑋𝑛
−𝑝

 

Figure 10. Liquid–liquid extraction equilibrium of inert metal compounds. 

 

The amines form strong adducts with hydrogen ions. The adducts are so strong that they 

remain protonated while exchanging the anion. A classic example is the formation of the 

ammonium ion NH4
+

 when NH3 is dissolved in water. The organic amines (the amine base 

RN) have a nitrogen atom attached to a large organic molecule R, usually containing more 

than 7 aliphatic or aromatic carbon atoms. They are highly soluble in organic diluents and 

almost insoluble in water. In contact with an aqueous phase containing HX, the amine 

base RN reacts with the acid HX to form RNH+X–, but with an excess amount of acid HX 

into the organic phase, and also with additional water. The formation of the ion pair salt 

can be written 

 

𝑅𝑁̅̅ ̅̅ + 𝐻+ + 𝑋− ⇄ 𝑅𝑁𝐻+𝑋− (38) 

 

Four types of organic ammonium cations exist: primary amines 𝑅𝑁𝐻3
+, secondary amines 

𝑅2𝑁𝐻2
+, tertiary amines 𝑅3𝑁𝐻+, and quaternary ammonium cations 𝑅4𝑁

+. In general 

the amines extract metal complexes in the order tertiary > secondary > primary. Only 

long-chain tertiary and, less frequently, quaternary ammonium cations are used in 

industrial applications, due to their suitable physical properties. Trioctilamine (TOA) is 

the most frequently used. In practice, there is a difficulty related to the need to use high 
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ligand concentrations,  𝑋− , in the aqueous phase in order to obtain the negatively 

charged complexes. 

In general, the metal Mz+ reactions with a monobasic anion X– can be written 

 

𝑀𝑧+ + 𝑛𝑋− ⇄ 𝑀𝑋𝑛
𝑧−𝑛; 𝛽𝑛 =

 𝑀𝑋𝑛
𝑧−𝑛 

 𝑀𝑧+  𝑋− 𝑛
 (39) 

 

When z–n=p <0, a negatively charged metal complex has been formed, which can be then 

extracted 

 

𝑀𝑋𝑛
−𝑝 + 𝑝 𝑅𝑁𝐻+𝑋−̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ⇄  (𝑅𝑁𝐻+)𝑝

+𝑝𝑀𝑋𝑛
−𝑝̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ + 𝑝𝑋− (40) 

 

With the extraction constant written as 

 

𝐾𝑒𝑥 =
[(𝑅𝑁𝐻+)𝑝

+𝑝𝑀𝑋𝑛
−𝑝̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ]  𝑋− 𝑝

[𝑀𝑋𝑛
−𝑝

][𝑅𝑁𝐻+𝑋−̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ]
𝑝  (41) 

 

With the assumption that all the stepwise complexes 𝑀𝑋𝑛
−𝑝

 are in the aqueous phase, the 

distribution ratio is defined as 

 

𝐷M =
[(𝑅𝑁𝐻+)𝑝

+𝑝𝑀𝑋𝑛
−𝑝̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ]

∑ 𝑀𝑋𝑛
𝑧−𝑛 

= 𝐾𝑒𝑥

𝛽𝑝 𝑋− 𝑝 𝑅𝑁𝐻𝑋̅̅ ̅̅ ̅̅ ̅̅  𝑝

1 + ∑𝛽𝑝 𝑋− 𝑝
 (42) 

 

The distribution of a metal, M, depends on both the free amine salt concentration in the 

organic phase and the concentration of free X– in the aqueous phase until all metal in the 

aqueous phase is bound in the 𝑀𝑋𝑛
−𝑝

 complex. 
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2.5 Selected commercial extractants used for the extraction of base 

metals 

The extractants used in the publications included in this thesis are briefly characterised in 

this section. Only the liquid–liquid extraction with hydroxyoxime and organophosphorus 

extractants was investigated. The extraction and separation of copper and iron with 

hydroxyoxime extractant Acorga M5640 was considered in Publications I and II. The 

liquid–liquid extraction separation of cobalt, nickel, and lithium with organophosphorus 

extractant Cyanex 272 was simulated in Publication III. The liquid–liquid extraction with 

D2EHPA was included in both of the hydrometallurgical processes synthesised in 

Publication IV. 

 

2.5.1 Hydroxyoxime extractants 

Hydroxyoxime extractants belong to the class of chelating acidic extractants. Chelating 

extractants contain donor groups capable of forming bidentate complexes with metal ions 

that provide extra stability to the metal complex. The mechanism involved in the 

extraction with hydroxyoxime extractants is discussed in Section 2.4.2. These extractants 

are widely used for the separation of different base metals from both acidic and alkaline 

solutions. The best known application of hydroxyoxime extractants is copper extraction. 

LIX 63, an aliphatic α-hydroxyoxime, was the first commercial extractant developed for 

copper extraction (Sole, 2008). Although it was very selective for copper, it could operate 

only at pH from 5 to 8. Since most leach solutions were at pH between 0.7 and 2.2, there 

was a need for the development of an extractant that could operate at higher acidities. The 

introduction of aromatic rings into the oxime structure in LIX 65 increased the acidity of 

the exchangeable proton and thus enabled copper extraction at higher acidity, compared 

with LIX 63. The further developed extractant LIX 84 has demonstrated a higher ability 

to extract copper from acidic sulfate solutions and a higher rate of extraction. The first 

commercial extractants were all based on ketoxime functionality, did not allow the 

extraction of copper at pH below 1.8 and still had slow extraction kinetics. The second-

generation aldoxime extractants were developed to overcome these limitations of the 

ketoximes. Aldoxime extractants demonstrate very fast extraction kinetics, high 

selectivity over iron, and high loading capacity. Because aldoximes extract copper at high 

acidity, stripping of the copper is difficult. Aldoxime extractants are therefore modified 

with polar organic compounds to enhance stripping at the common acid strength of spent 

electrolyte from electrowinning tankhouses (160-180 g/L H2SO4) (Schlesinger et al., 

2011a; Sole, 2008). 

The different blends mixtures of aldoximes and ketoximes are used to achieve a better 

extraction and stripping performance through a combination of the properties of the 

different types of extractants. Today, aldoximes modified with nonylphenol, tridecanol 

or long-chain esters and aldoxime-ketoxime mixtures are the most widely used copper 
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extractant systems. The most sophisticated approach to extractant selection is based on 

customizing the extractant composition for each plant, depending on composition and 

concentration of leachate, concentration of solids, engineering limitations, and 

geological, climatic, or operational characteristics (Sole, 2008). 

 

Table 1. Selected hydroxyoxime extractants used for copper extraction (Sastre and Szymanowski, 

2004; Szymanowski, 1993). 

Reagent Type Molecular structure Modifier 

LIX 63 

5,8-diethyl-7-

hydroxydodecan-6-

oxime 

α-hydroxyoxime 

 

- 

LIX 65N 

2-hydroxy-5-

nonylbenzophenone 

oxime 

Ketoxime 

 

- 

LIX 64N 

 

Ketoxime LIX 65N+LIX 63 

44:1 

LIX 63 to 

accelerate 

extraction 

LIX 84 

2-hydroxy-5-

nonylacetophenone 

oxime 

Ketoxime 

 

- 

Acorga M5640 

2-hydroxy-5-

nonylsalicylaldoxime 

Aldoxime 

 

Fatty esters 

 

2.5.2 Organophosphorus extractants 

Acidic organophosphorus extractants include esters of orthophosphoric, phosphoric and 

phosphinic acids, and other compounds containing polyfunctional groups (Ritcey, 

2006b). These have one ionisable proton, with the exception of phosphate monoesters, 

which have two. Their metal donor atom (O or S) can be varied to suit the hard-soft 
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properties of different metals. These extractants were developed for the separation of 

cobalt and nickel, though many other applications are now available (Thomas, 2010; 

Wilson et al., 2014; Ritcey, 2006b). The organophosphorus acid extractants form stable 

dimeric structures in non-polar solvents. When the extractant is present in excess, 

formation of a metal complex involves the retention of one of the hydrogen bonds in the 

dimer, whilst the other is broken to release a proton, which is released by the metal cation. 

Extraction of divalent metal cations of base metals by organophosphorus extractants 

usually gives complexes with 4:1 ligand:metal stoichiometry, [MA2(HA)2] that 

correspond to the self-adduct formation extraction mechanism discussed in Section 

2.4.3.3. With the increasing loading and decreasing number of extractant molecules 

available for metal complexation, the organophosphorus acid extractants are able to form 

polymeric structures with the average ligand:metal stoichiometry of 2:1. This can lead to 

increased viscosity and third phase formation.  Modification of the extractants can 

decrease this effect. Organophosphorus acid extractants have been shown to be effective 

in the extraction of wide range of metals, particularly d- and f- block elements, the latter 

often in synergistic mixtures (Wilson et al., 2014). 

Di-2-ethylhexyl phosphoric acid (D2EHPA) is a very versatile extractant that has been 

used commercially for the extraction of many metals including uranium, cobalt and 

nickel, rare earths, zinc, and vanadium (Ritcey and Ashbrook, 1984). Among the 

advantages offered by D2EHPA are its chemical stability, good kinetics of extraction, 

good loading and stripping characteristics as well as its low solubility in the aqueous 

phase. The selectivity series for several base metals from sulfate solution with D2EHPA 

is Fe(III)>Zn>Ca>Cu>Mg>Co>Ni. 

Since D2EHPA demonstrates very low Co/Ni selectivity, an ester of a phosphonic acid 

(2-Ethylhexyl phosphonic acid mono-2-ethylhexyl ester) was developed for the effective 

separation of cobalt and nickel in sulfate medium (Ritcey, 2006b; Thomas, 2010). Along 

with a good selectivity of Co over Ni, this extractant features the extraction of zinc at 

lower pH than normally occurs with D2EHPA. The selectivity series for several base 

metals from sulfate solution with phosphonic extractant is Fe(III)>Zn> Cu >Ca> Co> 

Mg>Ni. 

A phosphinic acid extractant, bis-2,4,4-trimethyl pentyl phosphinic acid, was developed 

to further increase the Co/Ni selectivity in extraction from both chloride and sulfate 

solutions (Ritcey and Ashbrook, 1984). The phosphinic acid extractant possesses high 

selectivity (especially for cobalt over calcium and magnesium), low aqueous solubility, 

and high chemical stability (Thomas, 2010). The separation factor between cobalt and 

nickel is 10-100 times higher than other extractants. The selectivity series for several base 

metals from sulfate solution with phosphinic extractant is Fe(III)>Zn> Cu > Co> Mg> 

Ca>Ni. Besides Co/Ni separation, other commercial applications include iron and zinc 

removal and the purification and separation of the heavy rare earth elements.  
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The selectivity of Co/Ni separation shown by the organophosphorus acid extractants 

increases in the order phosphoric<phosphonic<phosphinic, under similar conditions 

(Ritcey and Ashbrook, 1984). 

 

Table 2. Structure of the selected commercial organophosphorus extractants. 

Extractants Structure of compounds 

D2EHPA 

Di-2-ethylhexyl phosphoric acid 

 

PC88A 

2-Ethylhexyl phosphonic acid mono-2-

ethylhexyl ester 

 

Cyanex 272 

Bis-2,4,4-trimethyl pentyl phosphinic 

acid 

 

TBP 

Tri-n-butyl phosphate 

 
 

As shown in Sections 2.4.3.2, the solvation of neutral inorganic molecules or complexes, 

by electron-donor containing extractants, is an important metal extraction mechanism. 

The solvation increases the solubility of inorganic species in the organic phase. The most 

well known, and most used, solvating extractant is tri-n-butyl phosphate (TBP). It is 

widely used in the nuclear field (Irish and Reas, 1957; Svantesson et al., 1979; Rydberg 

et al., 2004; Wilson et al., 2014). In addition, TBP finds many applications in the 

processing of base metals as a synergistic solvating extractant or modifier, which 

enhances the extraction or prevents third phase formation (Suzuki et al., 2012). 

 

 

 

 

 



47 

 

3 Modelling Extraction Equilibrium 

In the current study, two extraction systems were investigated: the extraction of copper 

with a hydroxyoxime extractant, in the presence of iron, and the separation of cobalt, 

nickel, and lithium using an organophosphorus extractant. The modern hydroxyoxime 

extractants used in hydrometallurgical copper recovery are very selective to copper over 

major impurities. However, some transfer of the impurities from the pregnant leach 

solution to the rich electrolyte has been reported (Molnar and Verbaan, 2003), especially 

for extraction from concentrated pregnant leach solutions. As iron(III) is the most critical 

impurity for copper electrowinning, and since chemical co-extraction contributes the 

most to its transfer from pregnant leach solution to rich electrolyte, the extraction 

equilibrium of iron(III) was studied in addition to that of copper. The extraction of cobalt, 

nickel, and lithium was studied since separation of these metals, and their production in 

a pure form, is critical for the recycling of spent Li-ion batteries. The employment of 

liquid–liquid extraction can offer a viable option for this separation task. A mechanistic 

modelling approach was utilised in modelling the extraction equilibrium of the systems. 

The aim of the mechanistic modelling was to develop a tool that could be used in process 

flowsheeting to explore different potential process configurations and operation 

parameters. 

 

3.1 Extraction of copper in the presence of iron(III) 

Hydroxyoxime extractants have been proven to be very selective towards copper 

(Szymanowski, 1993; Kabugo et al., 2017), which has resulted in their extensive 

exploitation in large industrial hydrometallurgical copper recovery plants. However, a 

slight transfer of iron(III) from the pregnant leach solution to rich electrolyte is inevitable 

(Gotfryd and Pietek, 2013; Molnar and Verbaan, 2003) and there is a problem for many 

processes that bleed to control iron levels in the strip liquor. Most of the iron(III) transfer 

is due to chemical extraction (Thomas, 2010). Mechanistic mathematical modelling of 

the competitive extraction of copper and iron(III) helps identify the process conditions 

for the most selective transfer of copper from pregnant leach solution to rich electrolyte 

and the lowest transfer of iron(III).  

 

3.1.1 Extraction of copper(II) with hydroxyoxime extractant 

As chelating extractants, hydroxyoxime reagents complex with copper(II) through two 

binding sites of nitrogen and oxygen atoms to form metal chelates, shown in Figure 11 

(Flett et al., 1973; Szymanowski, 1993; Piotrowicz et al., 1989; Schlesinger et al., 2011a).  
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Figure 11. Phenolic hydroxyoxime, its dimer and the structure of the copper–extractant complex 

(Wilson et al., 2014). 

 

As discussed in Section 2.4.2, copper(II) can be extracted by a hydroxyoxime extractant 

by the chelation mechanism depicted in Figure 12.  

 

Coordinatively saturated metal adduct 

complex in organic phase 
𝐻𝐴̅̅ ̅̅      𝐶𝑢𝐴2

̅̅ ̅̅ ̅̅ ̅ 

Metal ion Cu2+ is complexed by 2 A– 

ligands to form neutral CuA2 

⇵           ⇵ 

𝐻+ + 𝐴− ⇄ 𝐻𝐴        𝐶𝑢𝐴2 ⇄ 𝐶𝑢2+ + 2𝐴− 

Figure 12. Liquid–liquid extraction equilibrium of copper(II) with hydroxyoxime extractants. 

 

Extractant molecules as a monobasic organic acid, HA, distribute between the organic 

and the aqueous phases. The distribution of the extractant follows the Nernst distribution 

law and the distribution is described by a distribution constant Eq. (43). Next the acidic 

extractant molecules dissociate in the aqueous phase with a dissociation constant Ka, 

Eq. (44).  

 

𝐻𝐴 ⇄ 𝐻𝐴̅̅ ̅̅ ; 𝐾D,HA =
 𝐻𝐴̅̅ ̅̅  

 𝐻𝐴 
 (43) 

𝐻𝐴 ⇄ 𝐻+ + 𝐴−; 𝐾𝑎 =
 𝐻+  𝐴− 

 𝐻𝐴 
 (44) 
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An uncharged metal complex CuA2 is formed from Cu2+, through a stepwise reaction with 

the anion A– of a monobasic acidic extractant, HA, defining a stepwise formation constant 

Kn, Eqs. (45) and (46), and an overall formation constant 𝛽tot, Eq. (47). 

 

𝐶𝑢2+ + 𝐴− ⇄ 𝐶𝑢𝐴+; 𝐾1 =
 𝐶𝑢𝐴+ 

 𝐶𝑢2+  𝐴− 
 (45) 

𝐶𝑢𝐴+ + 𝐴− ⇄ 𝐶𝑢𝐴2 ; 𝐾2 =
[𝐶𝑢𝐴2 ]

 𝐶𝑢𝐴+  𝐴− 
 (46) 

𝐶𝑢2+ + 2𝐴− ⇄ 𝐶𝑢𝐴2 ; 𝛽tot =
 𝐶𝑢𝐴2 

 𝐶𝑢2+  𝐴− 2
 (47) 

 

The CuA2 complex is lipophilic and dissolves in organic solvents; the distribution 

constant KD,C of the complex is defined: 

 

𝐶𝑢𝐴2 ⇄ 𝐶𝑢𝐴2
̅̅ ̅̅ ̅̅ ̅; 𝐾D,C =

 𝐶𝑢𝐴2̅̅ ̅̅ ̅̅ ̅̅  

 𝐶𝑢𝐴2 
 (48) 

 

Taking all metal species in the aqueous phase (𝐶𝑢2+, 𝐶𝑢𝐴+, and 𝐶𝑢𝐴2) into account, the 

distribution of the metal can be written in the form of Eq. (49), in which shows that the 

distribution ratio depends only on the free ligand concentration. 

 

𝐷Cu =
 𝐶𝑢𝐴2
̅̅ ̅̅ ̅̅ ̅ 

 𝐶𝑢2+ +  𝐶𝑢𝐴+ +  𝐶𝑢𝐴2 
=

𝐾DC𝛽tot 𝐴
− 2

1 + 𝐾1 𝐴− + 𝛽tot 𝐴− 2
 (49) 

 

where 

 

 𝐴− =
𝐾𝑎

𝐾D,HA

 𝐻𝐴̅̅ ̅̅  

 𝐻+ 
 (50) 
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is the expression for the free ligand concentration derived from the distribution of the 

extractant between the phases and its dissociation in the aqueous phase, which shows that 

the free ligand concentration and, consequently, the distribution ratio of copper(II) 

depends on the extractant concentration in the organic phase and acidity in the aqueous 

phase. 

For practical reasons, it is simpler to use the extraction constant Kex,Cu for the extraction 

reaction 

 

𝐶𝑢2+ + 2𝐻𝐴̅̅ ̅̅ ⇄ 𝐶𝑢𝐴2
̅̅ ̅̅ ̅̅ ̅ + 2 𝐻+; 𝐾ex,Cu =

 𝐶𝑢𝐴2̅̅ ̅̅ ̅̅ ̅̅   𝐻+ 2

 𝐶𝑢2+  𝐻𝐴̅̅ ̅̅  2
 (51) 

 

Eq. (52), for the distribution ratio, can be derived from Eq. (49) under the assumption that 

the solubility of the species 𝐶𝑢𝐴+ and 𝐶𝑢𝐴2 are negligibly low. However, this assumption 

is not always true. There are examples of metals being extracted in several complexes 

soluble in the organic phase (Ekberg et al., 2007; Albler et al., 2017). The expression for 

the distribution ratio cannot be so significantly simplified in such cases. 

 

𝐷′Cu = 𝐾ex,Cu

 𝐻𝐴̅̅ ̅̅  2

 𝐻+ 2
 (52) 

 

Thus only one constant, 𝐾ex,Cu, is needed to predict the metal extraction for the given 

concentrations of protons and extractant under the assumption that the solubility of the 

metal complexes CuA+ and CuA2 in the aqueous phase is negligibly small. This 

assumption is valid for most modern commercial reagents used for copper extraction. 

Moreover, 𝐷′Cu can be easily measured in shaking experiments, enabling the mechanistic 

modelling of the copper extraction process using the 𝐾ex,Cu constant. This approach was 

used in Publications I and II as discussed in Section 3.1.3. 

The extraction constant Kex,Cu can be expressed as the product of several equilibrium 

constants for other assumed equilibria in the net reaction 

 

𝐾ex,Cu = 𝐾DC𝛽tot𝐾𝑎
2𝐾𝐷,𝐻𝐴

−2  (53) 
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The extraction constant 𝐾ex determines the efficiency of an extraction process. It depends 

on the internal chemical parameters of the system, i.e. the chemical reactions and the 

concentration of reactants of both phases. In principle, the constants for all the steps in 

the described extraction mechanism can be measured with different measurement 

techniques (Rydberg et al., 2004).  

Similar expressions for the steps of the extraction mechanism for iron(III) can be derived. 

Speciation of inorganic salts and acids in the aqueous solution affects the availability of 

both copper(II) and protons and must be considered, when the extraction from the 

concentrated solutions is modelled. Modelling the extraction of copper and iron using the 

extraction constants for the net extraction reactions and aqueous phase speciation is 

discussed in the next sections. 

 

3.1.2 Speciation in the system CuSO4–Fe2(SO4)3–H2SO4–H2O 

The mechanism of copper and iron(III) extraction considered in the current study 

accounts for aqueous phase speciation and the interfacial ion exchange reactions of 

copper and iron(III), as depicted in Figure 13. In the system CuSO4–Fe2(SO4)3–H2SO4–

H2O, the aqueous solution contains ions that are products of the dissociation reactions of 

substances present in the solution: CuSO4, Fe2(SO4)3 and H2SO4. The pH of solutions in 

copper liquid–liquid extraction is usually below 2, as lower acidity leads to poorer 

extractant selectivity (Gotfryd and Pietek, 2013; Molnar and Verbaan, 2003; 

Ochromowicz and Chmielewski, 2013) and because a higher pH will lead to the formation 

of iron hydroxyl complexes and even iron precipitates (Yue et al., 2014). The hydrolysis 

of iron(III) was not considered in the present study, since copper extraction is usually 

performed at a pH lower than 2. A detailed description of aqueous phase speciation was 

presented in Publications I and II. 

 

3.1.3 Interfacial and organic phase chemistry 

The liquid–liquid extraction of a given metal ion by an acidic hydroxyoxime extractant is 

the ion transfer between the aqueous and organic phases according to an overall 

equilibrium reaction, Eq. (54), which leads to the expression of the extraction equilibrium 

constant, Eq. (55) (Flett et al., 1973; Ritcey and Ashbrook, 1984). 

 

𝑀𝑛+ + 𝑛𝐻𝐴̅̅ ̅̅ ⇄ 𝑀𝐴𝑛
̅̅ ̅̅ ̅̅ + 𝑛𝐻+ (54) 
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𝐾LLX =
 𝑀𝐴𝑛
̅̅ ̅̅ ̅̅  ∙  𝐻+ 𝑛

 𝑀𝑛+ ∙  𝐻𝐴̅̅ ̅̅  𝑛
𝐾γ (55) 

 

 

Figure 13. Mechanism of liquid−liquid extraction of copper and iron(III) from a sulfate solution 

with an hydroxyoxime extractant in an aqueous/organic two-phase system. A stands for the 

deprotonated hydroxyoxime molecule. 

 

The product of activity coefficients, 𝐾γ, given in Eq. (56) accounts for the nonideality of 

the aqueous and organic phases. The activity coefficients for the aqueous phase species 

are calculated using an activity coefficient model for electrolyte solutions as discussed in 

Section 3.3. The application of the existing activity coefficient models for the organic 

phase (e.g. Scott-Hildebrandt, NTLR and UNIQUAC) is hindered by the lack of 

respective data and, consequently, values of the models parameters. In addition, the 

organic phase typically contains extractant molecules, modifier molecules and a solvent 

that increases the number of required parameters in the models and further complicates 

estimation of the values of the model’s parameters. Therefore, the activity coefficients for 

the organic phase species are usually assumed to be constant. 

 

𝐾γ =
𝛾MAz

𝛾H+
𝑧

𝛾Mz+𝛾HA
𝑧  (56) 
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The extraction equilibrium in diluted systems is usually obtained using a simple linear 

regression model, Eq. (57), derived from Eq. (55). The term log 𝐾γ vanishes since activity 

coefficients of all the species are assumed to be constant. However, the term log 𝐾γ may 

significantly deviate from zero nil in real solutions, as will be demonstrated later (Figure 

22 in Section 5.1.1). 

 

log𝐷 = log 𝐾LLX + 𝑧 ∙ 𝑝𝐻 + 𝑧 ∙ log 𝐻𝐴̅̅ ̅̅   (57) 

 

As a divalent metal, copper is extracted with a hydroxyoxime-type extractant according 

to the overall extraction reaction, Eq. (58), which leads to the expression of the extraction 

equilibrium constant, Eq. (59), where activity coefficients of organic phase species are 

assumed to be constant. 

 

𝐶𝑢2+ + 2𝐻𝐴̅̅ ̅̅ ⇄ 𝐶𝑢𝐴2
̅̅ ̅̅ ̅̅ ̅ + 2𝐻+ (58) 

𝐾LLX
Cu =

 𝐶𝑢𝐴2
̅̅ ̅̅ ̅̅ ̅ ∙  𝐻+ 2

 𝐶𝑢2+ ∙  𝐻𝐴̅̅ ̅̅  2
∙

𝛾H+
2

𝛾Cu2+
 (59) 

 

As a trivalent metal, iron(III) is extracted according to the overall extraction reaction 

shown in Eq. (60), which leads to the expression of the extraction equilibrium constant, 

Eq. (61), where activity coefficients of the organic phase species are assumed to be 

constant. 

 

𝐹𝑒3+ + 3𝐻𝐴̅̅ ̅̅ ⇄ 𝐹𝑒𝐴3
̅̅ ̅̅ ̅̅ ̅ + 3𝐻+ (60) 

𝐾LLX
Fe =

 𝐹𝑒𝐴̅̅ ̅̅ ̅ ∙  𝐻+ 3

 𝐹𝑒3+ ∙  𝐻𝐴̅̅ ̅̅  3
∙

𝛾H+
3

𝛾Fe3+
 (61) 

 

Speciation calculations presented in Publication II indicated that the predominant species 

containing iron in the aqueous solution were FeSO4
+ and Fe(SO4)

2–. As a cation 

exchanger, oxime could also extract FeSO4
+ along with Fe3+. That is why the presence of 

sulfate ions in the iron-loaded organic phase was checked. The loaded organic phase was 
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stripped with hydrochloric acid and the resulting aqueous phase was analysed using ion 

chromatography. No sulfate ions were detected in the aqueous phase after stripping. If 

the FeSO4
+ was the extractable species, SO4

2– would had been detected in the strip liquor. 

Therefore, it was inferred that ferric ion is the only extractable species. 

It has been argued that the phenolic hydroxyoxime extractants are able to form dimers 

according to the reaction Eq. (62) (Szymanowski and Borowiak-Resterna, 1991). The 

strong interligand H-bonds between the oxime hydrogen and the phenolic oxygen atoms 

define a planar donor set, and a cavity that is a particularly good fit for copper (II), as 

shown in Figure 11 (Wilson et al., 2014). The dimerisation depends mainly on the diluent: 

it is more prominent in aliphatic hydrocarbon diluents, whereas it is small in aromatic 

hydrocarbon diluents (Sastre and Szymanowski, 2004; Szymanowski, 1993; 

Szymanowski and Borowiak-Resterna, 1991). The concentration-based equilibrium 

constant of dimerization is shown by Eq. (63). Polymerisation of the copper-oxime 

complex and solvation of the copper complex by hydroxyoxime molecules are unlikely 

(Szymanowski and Borowiak-Resterna, 1991). In addition, it has been shown, in 

Publication I, that there is no statistical proof of the phenomena existing when the reactive 

extraction equilibrium is analysed using the data collected in equilibrium shaking 

experiments. 

 

2𝐻𝐴̅̅ ̅̅ ⇄ (𝐻𝐴)2
̅̅ ̅̅ ̅̅ ̅̅  (62) 

𝐾Dim =
[(𝐻𝐴)2
̅̅ ̅̅ ̅̅ ̅̅ ]

 𝐻𝐴̅̅ ̅̅  2
 (63) 

 

3.2 Extraction of Co, Ni, and Li with organophosphorus extractants 

In the current study, the liquid–liquid extraction of cobalt, nickel and lithium is considered 

as an interphase extraction process (Figure 14). The extraction equilibrium is modelled 

with consideration for aqueous phase speciation, competing interfacial ion exchange 

extraction reactions of the cations and the formation of extracted cation-extractant 

complexes of different stoichiometry in the bulk organic phase. 
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Figure 14. Mechanism of liquid−liquid extraction of lithium, nickel and cobalt from a sulfate 

solution with saponified phosphinic acid in an aqueous/organic two-phase system. M stands for 

Co2+, Ni2+, Li+ or NH4
+; A stands for deprotonated phosphinic acid. 

 

3.2.1 Extraction of metal cations with organophosphorus extractants 

As discussed in Section 2.4.3.3, the undissociated acid can replace the hydrate water in 

the metal extractant complex leading to the formation of a self-adduct as depicted in the 

scheme in Figure 15. 

 

Coordinatively saturated metal adduct 

complex in organic phase and extractant 
(𝐻𝐴)2
̅̅ ̅̅ ̅̅ ̅̅ ⇄ 𝐻𝐴̅̅ ̅̅                  𝑀𝐴z𝐻𝐴𝑏

̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅  

Formation of neutral complex 

coordinatively saturated by extractant 

molecules and dissociation of the 

extractant 

   ⇵        ⇵ 

𝑀𝑧+ + 𝑏𝐻𝐴 + z𝐴− ⇄ 𝑀𝐴z(𝐻𝐴)𝑏 

𝐻𝐴 ⇄ 𝐻+ + 𝐴− 

Figure 15. Liquid–liquid extraction of metal complexes with formation of self-adducts. 

 

The organophosphorus acid extractants form stable dimer complexes in the organic phase 

Eq. (64). Monomeric extractant molecules, HA, distribute between the organic and the 

aqueous phases. The distribution of the extractant follows the Nernst distribution law and 

the distribution is described by a distribution constant Eq. (65). Then the acidic extractant 

molecules dissociate in the aqueous phase with a dissociation constant Ka, Eq. (66).  
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𝐻𝐴̅̅ ̅̅ ⇄ (𝐻𝐴)2
̅̅ ̅̅ ̅̅ ̅̅ ; 𝐾D,HA =

[(𝐻𝐴)2̅̅ ̅̅ ̅̅ ̅̅ ̅]

 𝐻𝐴̅̅ ̅̅  
 (64) 

𝐻𝐴 ⇄ 𝐻𝐴̅̅ ̅̅ ; 𝐾D,HA =
 𝐻𝐴̅̅ ̅̅  

 𝐻𝐴 
 (65) 

𝐻𝐴 ⇄ 𝐻+ + 𝐴−; 𝐾𝑎 =
 𝐻+  𝐴− 

 𝐻𝐴 
 (66) 

 

The extractable self-adduct metal complex is formed in the aqueous phase according to 

the reaction in Eq. (67). An overall formation constant 𝛽tot is represented by Eq. (68). 

 

𝑀𝑧+ + 𝑏𝐻𝐴 + z𝐴− ⇄ 𝑀𝐴z(𝐻𝐴)𝑏 (67) 

𝛽tot =
 𝑀𝐴z(𝐻𝐴)𝑏 

 𝑀𝑧+  𝐴− 𝑧 𝐻𝐴 𝑏
 (68) 

 

The 𝑀𝐴z(𝐻𝐴)𝑏 complex is lipophilic and dissolves in organic solvents and the 

distribution constant KD,C of the complex is defined: 

 

𝑀𝐴z(𝐻𝐴)𝑏 ⇄ 𝑀𝐴z(𝐻𝐴)𝑏
̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ; 𝐾DC =

[𝑀𝐴z(𝐻𝐴)𝑏̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅]

 𝑀𝐴z(𝐻𝐴)𝑏 
 (69) 

 

Taking all metal species in the aqueous phase (𝑀2+, 𝑀𝐴z(𝐻𝐴)𝑏) into account, the 

distribution of the metal can be written in the form of Eq. (70), in which shows that the 

distribution ratio depends only on the free ligand concentration and acidity of the aqueous 

phase. 

 

𝐷M,add =
[𝑀𝐴z(𝐻𝐴)𝑏
̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ]

 𝑀𝑧+ +  𝑀𝐴z(𝐻𝐴)𝑏 
=

𝐾DC𝛽tot 𝐴
− 𝑧 𝐻𝐴 𝑏

1 + 𝛽tot 𝐴− 𝑧 𝐻𝐴 𝑏

=
𝐾DC𝛽tot𝐾𝑎

𝑧 𝐻𝐴̅̅ ̅̅  𝑧+𝑏

 𝐻+ 𝑧𝐾D,HA
𝑧+𝑏 + 𝛽tot𝐾𝑎

𝑧 𝐻𝐴̅̅ ̅̅  𝑧+𝑏
 

(70) 
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As the concentration of protons in the aqueous phase decreases, the  𝐻+ 𝑧𝐾D,HA
𝑧+𝑏  term also 

decreases and approaches zero. In that case, the distribution ratio becomes dependent only 

on the distribution coefficient of the metal complex: 𝐷Cu ≈ 𝐾DC. On the other hand, under 

the assumption that the solubility of the 𝑀𝐴z(𝐻𝐴)𝑏 complex in the aqueous phase is 

negligibly small in comparison with the equilibrium concentration of metal cations 

 

𝐷′M,add =
[𝑀𝐴z(𝐻𝐴)𝑏
̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ]

 𝑀𝑧+ 
= 𝐾DC𝛽tot 𝐴

− 𝑧 𝐻𝐴 𝑏 =
𝐾DC𝛽tot𝐾𝑎

𝑧 𝐻𝐴̅̅ ̅̅  𝑧+𝑏

 𝐻+ 𝑧𝐾D,HA
𝑧+𝑏  (71) 

 

The dimeric form is predominant for the organophosphorus extractants, such as bis-2,4,4-

trimethyl pentyl phosphinic acid (Cyanex 272) (Ritcey, 2006b). Thus, the overall 

extraction reaction of a metal with an organophosphorus acid extractant can be 

represented by Eq. (72). The corresponding expression for the extraction equilibrium 

constant is given by Eq. (73). 

 

𝑀𝑧+ +
𝑧 + 𝑏

2
(𝐻𝐴)2
̅̅ ̅̅ ̅̅ ̅̅ ⇄ 𝑀𝐴z(𝐻𝐴)𝑏

̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ + 𝑧𝐻+ (72) 

𝐾tot =
[𝑀𝐴z(𝐻𝐴)𝑏
̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ] 𝐻+ 𝑧

 𝑀𝑧+ [(𝐻𝐴)2
̅̅ ̅̅ ̅̅ ̅̅ ]

𝑧+𝑏
2

 (73) 

 

The extraction equilibrium constant, Eq. (73), is valid in the special case under the 

assumptions that the aqueous solubility of the metal complex is negligibly small and that 

all of the extractant molecules are present in the organic phase in the dimeric form. These 

assumptions were used to enable the mechanistic modelling of the extraction separation 

of Co, Ni, and Li in Publication III as shown in Section 3.2.3. 

 

3.2.2 Aqueous phase speciation 

The aqueous phase in the liquid–liquid extraction of cobalt, nickel and lithium contains 

ions that are products of the dissolution of the compounds present in the electrolyte 

solution (CoSO4, NiSO4, NH3, H2SO4 and Li2SO4) and their speciation in the electrolyte. 

The hydrolysis of cobalt and nickel was included in the speciation model because the 



3 Modelling Extraction Equilibrium 

 

58 

operation of some steps in the proposed process is intended to be at a pH of around 7, 

where precipitation of the metal hydroxides is possible, but undesirable. For instance, 

hydroxides of nickel and cobalt will precipitate from a 20 mM (~1 g/L) solution of each 

metal at pH 9.3 and 8.4, respectively, as calculated from solubility products 

logKsp(Ni(OH)2) = -10.5 and logKsp(Co(OH)2) = -12.2 (Puigdomenech, 2016). The 

precipitation pH of the metals lowers when the concentration of the individual metals 

increases, but increases as the ionic strength of the multi-metal solution increases. The 

detailed description of the aqueous phase reactions considered in the present study was 

presented in Publication III. 

 

3.2.3 Interfacial and organic phase chemistry 

Depending on extraction conditions, organophosphorus acid–based extractants form with 

metal ion complexes of variable stoichiometry. These complexes are partitioned into the 

organic phase. The extractant-to-metal molar ratio for divalent metal ions changes from 

four (tetrahedral complex) to two (polymer formation) as the loading of extractant 

increases and less extractant molecules are available for metal complexation (Thomas, 

2010). At the excess of extractant complexes, (HA)2, MA2(HA)2
̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅

 are first formed in the 

case of a divalent metal ion (Figure 16). When the organic phase is deficient in extractant 

molecules, in comparison to the available amount of divalent metal cations, the 

complexes MA2
̅̅ ̅̅ ̅̅  are formed. 

 

 

Figure 16. Complex formation equilibrium involving divalent metal and phosphinic acids. 

Retrieved from (Wilson et al., 2014). 

 

The liquid–liquid extraction of a given cation by an organophosphorus acid–based 

extractant can be described by assuming two stepwise reactions (Mantuano et al., 2006; 

Mansur et al., 2002), the first one of which is an ion transfer at the interface of the aqueous 

and organic phases: 

 



 

 

59 

𝑀𝑛+ + 𝑚(𝐻𝐴)2
̅̅ ̅̅ ̅̅ ̅̅ ⇄ 𝑀𝐴𝑛(𝐻𝐴)2𝑚−𝑛

̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅ + 𝑛𝐻+ 
(74) 

 

and the second reaction occurring in the bulk organic phase at a deficiency of extractant 

molecules: 

 

𝑀𝐴𝑛(𝐻𝐴)2𝑚−𝑛
̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅ ⇄ 𝑀𝐴𝑛

̅̅ ̅̅ ̅̅ +
2𝑚 − 𝑛

2
(𝐻𝐴)2
̅̅ ̅̅ ̅̅ ̅̅  

(75) 

 

In the cases of cobalt and nickel, the metals are extracted first according to the interfacial 

reaction Eq. (76) and Eq. (78). The extraction reactions have the concentration-based 

extraction equilibrium constants, Eq. (77) and Eq. (79).  

 

𝐶𝑜2+ + 2(𝐻𝐴)2
̅̅ ̅̅ ̅̅ ̅̅ ⇄ 𝐶𝑜𝐴2(𝐻𝐴)2

̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅ + 2𝐻+, (76) 

𝐾𝐿𝐿𝑋,1
𝐶𝑜 =

[𝐶𝑜𝐴2(𝐻𝐴)2̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ]∙ 𝐻+ 2

 𝐶𝑜2+ ∙[(𝐻𝐴)2̅̅ ̅̅ ̅̅ ̅̅ ̅]
2 . (77) 

𝑁𝑖2+ + 2(𝐻𝐴)2
̅̅ ̅̅ ̅̅ ̅̅ ⇄ 𝑁𝑖𝐴2(𝐻𝐴)2

̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅ + 2𝐻+, (78) 

𝐾𝐿𝐿𝑋,1
𝑁𝑖 =

[𝑁𝑖𝐴2(𝐻𝐴)2̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅]∙ 𝐻+ 2

 𝑁𝑖2+ ∙[(𝐻𝐴)2̅̅ ̅̅ ̅̅ ̅̅ ̅]
2 . (79) 

 

Then, the formed metals-extractant complexes break down in the bulk organic phase 

when high organic loading is achieved, Eq. (80) and Eq. (82). The respective 

concentration-based extraction equilibrium constants are represented by Eq. (81) and 

Eq. (83). 

 

𝐶𝑜𝐴2(𝐻𝐴)2
̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅ ⇄ 𝐶𝑜𝐴2

̅̅ ̅̅ ̅̅ ̅ + (𝐻𝐴)2
̅̅ ̅̅ ̅̅ ̅̅ , (80) 

𝐾𝐿𝐿𝑋,2
𝐶𝑜 =

 𝐶𝑜𝐴2̅̅ ̅̅ ̅̅ ̅ ∙[(𝐻𝐴)2̅̅ ̅̅ ̅̅ ̅̅ ̅]

[𝐶𝑜𝐴2(𝐻𝐴)2̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ]
, 

(81) 

𝑁𝑖𝐴2(𝐻𝐴)2
̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅ ⇄ 𝑁𝑖𝐴2

̅̅ ̅̅ ̅̅ ̅ + (𝐻𝐴)2
̅̅ ̅̅ ̅̅ ̅̅ , (82) 
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𝐾𝐿𝐿𝑋,2
𝑁𝑖 =

 𝑁𝑖𝐴2̅̅ ̅̅ ̅̅ ̅ ∙[(𝐻𝐴)2̅̅ ̅̅ ̅̅ ̅̅ ̅]

[𝑁𝑖𝐴2(𝐻𝐴)2̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅]
. 

(83) 

 

At an excess of the extractant, lithium is extracted by organophosphorus extractants in 

reaction with two dimeric extractant molecules (Hano et al., 1992; Zushi et al., 2000) 

 

𝐿𝑖+ + 2(𝐻𝐴)2
̅̅ ̅̅ ̅̅ ̅̅ ⇄ 𝐿𝑖𝐴 ∙ 3𝐻𝐴̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅ + 𝐻+, (84) 

 

Lithium is extracted at lower acidity in comparison to cobalt and nickel. Under the studied 

conditions, the organic phase is loaded to a high extent by cobalt and nickel, and the 

extraction of lithium is assumed to proceed with only one dimeric extractant molecule 

according to the reaction Eq. (85). The reaction in Eq. (85) leads to the expression of the 

concentration-based extraction equilibrium constant shown in Eq. (86). 

 

𝐿𝑖+ + (𝐻𝐴)2
̅̅ ̅̅ ̅̅ ̅̅ ⇄ 𝐿𝑖𝐴 ∙ 𝐻𝐴̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅ + 𝐻+, (85) 

𝐾𝐿𝐿𝑋
𝐿𝑖 =

 𝐿𝑖𝐴∙𝐻𝐴̅̅ ̅̅ ̅̅ ̅̅ ̅̅  ∙ 𝐻+ 

 𝐿𝑖+ ∙[(𝐻𝐴)2̅̅ ̅̅ ̅̅ ̅̅ ̅]
. (86) 

 

3.2.4 Synergistic effect of solvating reagents on extraction 

As discussed in Section 2.5.2, organophosphorus acid extractants may form polymeric 

metal complexes with ligand:metal stoichiometries 2:1 at high loadings of the organic 

phase. This causes problems in industrial application, as third phase formation may occur. 

A solution to the problem can be found in the addition to the solvent of a solvating 

extractant, such as tri-n-butyl phosphate (TBP) or tri-n-octylamine (TOA), that can 

increase the solubility of the metal complexes. In addition, these extractants can improve 

the selectivity of metals extraction (Suzuki et al., 2012; Atanassova, Kurteva & Dukov, 

2016). 

The extraction of the metal complex adduct of a divalent metal can be written in this case, 

Eq. (87), as discussed in Section 2.4.3.1. The formation of the polymeric complexes is 

prevented by the stabilization of the 2:1 ligand:metal complexes by the solvating 

extractant molecules. 
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𝑀2+ + 2𝐻𝐴̅̅ ̅̅ + 2�̅� ⇄ 𝑀𝐴2𝐵2
̅̅ ̅̅ ̅̅ ̅̅ ̅ + 2𝐻+ (87) 

 

3.2.5 Extraction distribution of ammonia 

Acidic organophosphorus extractants are used frequently in the form of their ammonium 

salts in order to facilitate pH control. The salts are prepared by partial pre-neutralization 

to a specific degree of conversion. In addition, ammonium is known to be extracted by 

the organophosphorus extractants (Inoue, Nakayama & Watanabe, 1986). It is important, 

therefore, to study the extraction behaviour of ammonia with the extractant, in addition 

to that of metal ions. According to Eq. (88), ammonium is extracted with 

organophosphorus extractants as an ion-pair NH4A(HA)4 in the low pH region (pH<6). 

The concentration-based extraction equilibrium constant for the extraction reaction can 

be expressed in the form of Eq. (89). 

 

𝑁𝐻4
+ + 2.5(𝐻𝐴)2

̅̅ ̅̅ ̅̅ ̅̅ ⇄ 𝑁𝐻4𝐴(𝐻𝐴)4
̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ + 𝐻+, (88) 

𝐾𝐿𝐿𝑋,1
𝑁𝐻4

+

=
[𝑁𝐻4𝐴(𝐻𝐴)4̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅]∙ 𝐻+ 

[𝑁𝐻4
+]∙[(𝐻𝐴)2̅̅ ̅̅ ̅̅ ̅̅ ̅]

2.5 . (89) 

 

At higher pH (pH>6), ammonia exists in the organic phase as complex NH4A (Inoue et 

al., 1986; Lindell et al., 2000), which is formed according to the reaction in Eq. (90), 

which has the concentration-based extraction equilibrium constant in the form of Eq. (91). 

 

2𝑁𝐻4
+ + (𝐻𝐴)2

̅̅ ̅̅ ̅̅ ̅̅ ⇄ 2𝑁𝐻4𝐴̅̅ ̅̅ ̅̅ ̅̅ + 2𝐻+, (90) 

𝐾𝐿𝐿𝑋,2
𝑁𝐻4

+

=
 𝑁𝐻4𝐴̅̅ ̅̅ ̅̅ ̅̅  2∙ 𝐻+ 2

[𝑁𝐻4
+]

2
∙[(𝐻𝐴)2̅̅ ̅̅ ̅̅ ̅̅ ̅]

. (91) 

 

A single-phase microemulsion is formed at an ammonia/organic acid molar ratio equal to 

1 at a high aqueous ammonia concentration (Lindell et al., 2000). The microemulsion 

contains reversed micelles enclosing water. It is the breakdown of the microemulsion 

upon contact with an acidic aqueous phase in the loading stage of the liquid−liquid 

extraction that is assumed here to follow the reaction in Eq. (90). The presence of water 

in the microemulsion is neglected here. 
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3.3 Activity coefficient models for aqueous electrolytes 

The speciation of electrolytes in the aqueous solutions play an important role in the 

liquid–liquid extraction of metals because only certain ionic species are extracted by 

extractants, and the availability of these species at certain conditions determines 

extraction efficiency. The electrolyte speciation in aqueous solutions can be calculated 

using appropriate reaction equilibrium constants and an ionic activity coefficient model 

applicable to electrolyte solutions (Casas, Papangelakis & Liu, 2005; Casas, Crisóstomo 

& Cifuentes, 2005; Cifuentes, Casas & Simpson, 2006; Yue et al., 2014). 

(Casas et al., 2005) compared three activity coefficient models: the extended Debye-

Hückel equation; the Pitzer model with binary ion interaction parameters; and the 

Bromley-Zemaitis model, in application to the aqueous solutions of high ionic strength 

encountered in hydrometallurgical processes. 

The extended Debye-Hückel model is characterised by its simplicity. There is only one 

species-specific parameter, the distance of the closest approach of ions å. As this 

parameter is not a directly measurable quantity, reasonable results may be obtained by 

choosing values close to the hydration radius, often in the range of 3.5 to 6.2 Å (Zemaitis 

et al., 1986). The activity coefficients can be calculated using the equation 

 

ln 𝛾i = −
𝐴DH𝑧i

2√𝐼

1 + åiBDH√I
+ �̇�𝐼 (92) 

 

where åi is the distance of the closest approach of the i-th ionic species, zi is the charge of 

the i-th species, ADH and BDH are the Debye–Hückel parameters, which are defined 

functions of the kind of solvent and the temperature, Ḃ is the parameter to account for 

interactions other than electrostatic and I is the ionic strength of the electrolyte solution. 

The definitions of the Debye–Hückel parameters ADH and BDH appearing in Eq. (92) are 

 

𝐴DH = (
𝑒

√𝜖0𝜖𝑟𝑘𝐵𝑇
)

3
√2𝑑0𝑁A

8𝜋
 (93) 

𝐵DH = √
2𝑒𝑑0𝑁A

𝜖0𝜖𝑟𝑘𝐵𝑇
 (94) 
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where e is the elementary charge, 𝜖𝑟 is the relative permittivity of the solvent, 𝜖0 is the 

permittivity of free space, 𝑘𝐵 is Boltzmann constant, 𝑑0 is the solvent density, and NA is 

the Avogadro constant. 

The extended Debye–Hückel model is a modification of the classical Debye–Hückel 

model that is valid for binary interactions. In order to correct the activity coefficient for 

those cases where interactions other than electrostatic come into play, the same value of 

the �̇� parameter is included for all participating species. The model is valid for aqueous 

electrolyte solutions with moderate (up to I = 1 M) ionic strength (Casas, Alvarez & 

Cifuentes, 2000; Casas et al., 2005). 

The Pitzer model can be theoretically applied to simulate highly concentrated systems (up 

to 10 m in ionic strength) (Pitzer, 1991; Casas et al., 2005). However, it requires a large 

number of parameters to quantify the physicochemical interactions among all of the 

species present in the solution. Therefore, considerable simplification, by omission of 

several interaction parameters, is often necessary, which results in a loss of predictive 

ability. The activity coefficient for an ion i can be calculated using the simplified form of 

the Pitzer model in which only second-order interaction coefficients together with the 

long-range electrostatic interactions are considered (Pitzer, 1991; Casas et al., 2005): 

 

log 𝛾𝑖 = (
𝑧i

2

2
)𝑓′(𝐼) + 2∑𝜆𝑖𝑗(𝐼)𝑚𝑖

𝑖

+ ∑∑[(
𝑧i

2

2
) 𝜆𝑗𝑘

′ (𝐼)]𝑚𝑗𝑚𝑘

𝑘𝑗

 (95) 

 

where m is the molal concentration, z is the charge, i,j, and k are ions, 

 

𝑓′(𝐼) = −
2 ln 10

3
𝐴DH (

2

𝑏
ln(1 + 𝑏√𝐼) +

√𝐼

1 + 𝑏√𝐼
) 

 

where 𝐴DH is the Debye–Hückel parameter, b is assigned a constant value of 1.2, 𝜆′ is the 

derivative of 𝜆  with respect to I, and 𝜆 is the second-order interaction coefficient between 

ions i and j. 𝜆 is a function of the ionic strength and can be expressed as 
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𝜆𝑖𝑗(𝐼) = 𝛽𝑖𝑗
(0)

+
2𝛽𝑖𝑗

(1)

𝛼1
2𝐼

[1 − (1 + 𝛼1√𝐼)exp(−𝛼1𝐼)]

+
2𝛽𝑖𝑗

(2)

𝛼2
2𝐼

[1 − (1 + 𝛼2√𝐼)exp(−𝛼2𝐼)] 

 

As discussed by (Casas et al., 2005), for 1:1, 2:1, 3:1, and 4:1 electrolytes, the 𝛽(2) term 

is omitted, 𝛼1 has a value of 2.0, and the adjustable parameters become 𝛽(0) and 𝛽(1). For 

2:2 electrolytes, 𝛼1 = 1.2, 𝛼2 = 12.0, and there are three adjustable parameters 𝛽(0), 𝛽(1) 

and 𝛽(2). For higher charge types of electrolytes, such as 3:2, 𝛼1 and 𝛼2 may have 

different values.  

The Bromley-Zemaitis model is an example of Specific ion Interaction Theory (SIT 

theory) and presents a convenient way to simulate multiphase and multicomponent 

inorganic systems (Casas et al., 2005; Zemaitis et al., 1986). This model can describe the 

solution speciation over a wide range of concentration (0.1 to 30 molal). However, the 

model requires three temperature-dependent parameters per cation-anion pair to make the 

prediction accurate. The activity coefficients can be calculated using the equation 

 

log 𝛾± = −
𝐴DH|𝑧+𝑧−|√𝐼

1 + √I
+

(0.06 + 0.6𝐵)|𝑧+𝑧−|𝐼

(1 +
1.5

|𝑧+𝑧−|
𝐼)

2 + 𝐵𝐼 + 𝐶𝐼2 + 𝐷𝐼3 
(96) 

 

where ADH is the Debye–Hückel parameter, and B, C, and D are temperature-dependent 

Bromley parameters for one pair of cation–anion. 

 

The main advantage of the extended Debye–Hückel model is its simplicity, as there is 

only one species-specific parameter, which can be assigned a reasonable value. The 

advantage of the Pitzer model is that it can be theoretically applied to predict speciation 

in highly concentrated solutions. The accuracy can be achieved at the cost of a large 

number of parameters to quantify the physicochemical interactions among all the 

components present in the solution. Significant effort is required to estimate the unknown 

parameters for more uncommon systems. Considerable simplifications, by omission of 

several interaction parameters, on the other hand, may result in a loss of predictive ability. 

The Bromley-Zemaitis model is able to produce consistent predictions in multiphase and 

multicomponent systems, yet requires a significant number of model parameters. 

Therefore, the extended Debye–Hückel model is the most convenient aqueous activity 
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coefficient model which is able to produce reasonable predictions with minimum number 

of required parameters. The extended Debye–Hückel model is employed in Publications 

II and III. 

In Publication I, another correlation, Eq. (97), derived from the Debye-Hückel Equation, 

was used to consider the effect of the ionic strength on the sulfate-bisulfate equilibrium 

and sulfate-copper sulfate equilibrium by using correlations logKS–BS = 1.99 − ∆logKS–BS 

for the former and logKCuSO4 = 2.35 − ∆logKCuSO4 for the latter. ∆logK describes the effect 

of the ionic strength on the equilibrium. Please refer to Publication I for more details. 

 

Δlog𝐾 =  0.51 (
√𝐼

1 + 1.50√𝐼
− 𝐶𝐼)𝜒 + 𝐶𝐼 (97) 

 

The value of χ = 4 for bisulfate (KS–BS), and χ = 8 for copper sulfate (KCuSO4). At a 

relatively low ionic strength range (I<0.5), the value of C = 0.09 was used for both 

electrolytes, whereas the value of C = 0.01 was used up to I = 3 (Tamminen et al., 2013). 

 

3.4 Numerical methods 

3.4.1 Modelling a single extraction stage 

According to the modelling approach conventionally applied in the mechanistic 

modelling of extraction equilibrium, a model of the liquid–liquid extraction equilibrium 

consists of nonlinear algebraic equations for the equilibrium constants of all the reactions 

of the assumed mechanism and linear algebraic equations of mass and electrical charge 

balances  for the species in the system. In addition, an equation to calculate ionic activity 

coefficients is used to account for aqueous phase non-ideality. The equilibrium 

composition of the process phases can be calculated from their initial composition by 

simultaneous solution of the equations. The equations constitute the model for the liquid–

liquid extraction equilibrium. The model can be solved since it is possible to formulate 

the same number of independent equations as there are variables (species). 

The model can be solved using, for example, the Newton-Raphson method (Salmi, 

Mikkola & Wärnå, 2010). The method is used for solving nonlinear systems of algebraic 

equations through searching for successively better approximations to the solutions of 

these systems of equations (Ypma, 1995) 
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𝒙𝑛+1 = 𝒙𝑛 − 𝑱𝐹(𝒙𝑛)−1𝑭(𝒙𝑛) (98) 

 

where F is the system of continuously differentiable functions, J is the Jacobian matrix 

for the system F, x is the approximation to the solution of the system F, n is the number 

of the iteration number. 

The Newton-Raphson method requires a good initial approximation to the solution of the 

system; otherwise, erroneous or inaccurate results can be obtained (Salmi et al., 2010; 

Ypma, 1995). 

Alternatively, a rate-based approach can be used for solution of the model (Kuitunen, 

2014; Salmi et al., 2010). Since reversible chemical reactions proceed until an 

equilibrium is reached, the solution of a system of ordinary differential equations at 

plateau gives the same result as the solution of the system of nonlinear algebraic 

equations. Therefore, for a heterogeneous two-phase reaction in a batch reactor, the 

element balance equation, Eq. (99), can be used to calculate the concentrations of either 

the aqueous or organic phase species, together with the total mass balance equation, 

Eq. (100), used to solve the concentrations of the species in the other phase. 

 

d(𝑉𝑐i)

d𝑡
= −𝜑𝑟i𝑉tot (99) 

𝑉Aq

d𝑐i
Aq

d𝑡
+ 𝑉Org

d𝑐i
Org

d𝑡
= 0 (100) 

 

where Vtot is the total volume of the batch reactor, V is the volume of aqueous or organic 

phase, c is the concentration of a species in the aqueous or organic phases, i is the index 

of the species in the system, t is the reaction time, r is the generation rate of an individual 

species, and 𝜑 =
𝑉

𝑉tot
 is the holdup of the aqueous or organic phase. 

For an elementary reversible reaction, Eq. (101), a reaction rate equation, Eq. (102), is 

formed directly from the reaction stoichiometry in agreement with the mass action law. 

The expression of the reaction equilibrium constant, Eq. (103), sets the relationship 

between the forward and backward parts of the reversible reactions. The forward reaction 

rate constant can be assigned to be kf = 1000, the same for all the reactions, since its value 

does not influence equilibrium but rather affects the time required to reach it. 
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𝛼A + 𝛽B+. . .⇄ 𝛾C + 𝛿D+. .. (101) 

ℛj = 𝑘f,j(𝑎A
𝛼𝑎B

𝛽
…− 𝑎𝐶

𝛾
𝑎𝐷

𝛿/𝐾j)
 (102) 

𝐾j =
𝑘f,j

𝑘r,j
 (103) 

 

where kf and kr are the reaction rate constants of the forward and backward reactions, 

respectively, K is the equilibrium constant, i is the index of species and j is the index of 

equilibrium reactions. 

The rate of a reaction step, ℛj, is related to the generation rate of an individual species, ri, 

by Eq. (104). 

 

 

where 𝜗 is the stoichiometric coefficient of the species. 

With this mathematical manipulation, the nonlinear algebraic equations for the 

equilibrium constants and linear algebraic equations for element balance are converted 

into ordinary differential equations (ODEs). In the case of a reversible heterogeneous 

reaction encountered in liquid–liquid extraction, the following equations for aqueous and 

organic phase species need to be solved simultaneously: 

 

d𝑐i
Aq

d𝑡
= −∑𝜗ij

𝑆

𝑗=1

ℛj (105) 

𝜗kj

d𝑐k
Org

d𝑡
= −𝜗ij

𝑉Aq

𝑉Org

d𝑐i
Aq

d𝑡
 (106) 

 

The ordinary differential equations can be solved simultaneously as an initial value 

problem by integration. In such a way, the solution of the model can be significantly 

𝑟i = ∑𝜗ij

𝑆

𝑗=1

ℛj (104)  
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simplified. A model solution can be obtained faster, and, at the same time, the accuracy 

of the solution can be easily controlled by solver settings. 

 

Example: extraction of copper(II) by a cation exchanger 

As discussed in Section 3.1.1, copper(II) is extracted by a chelating cation extractant 

according to the reaction 

 

𝐶𝑢2+ + 2𝐻𝐴̅̅ ̅̅ ⇄ 𝐶𝑢𝐴2
̅̅ ̅̅ ̅̅ ̅ + 2 𝐻+ (E1) 

 

which has the concentration based extraction equilibrium constant 

 

𝐾ex,Cu =
𝑐CuA2

𝑐H
2

𝑐Cu𝑐HA
2  (E2) 

 

Nonlinear system of equations 

The mass balance for the cation exchange reaction Eq. (E1) is 

 

𝑐Cu
∗ 𝑉Aq + 𝑐Cu𝐴2

∗ 𝑉Org − 𝑐Cu
0 𝑉Aq − 𝑐Cu𝐴2

0 𝑉Org = 0 (E3) 

𝑐HA
∗ + 𝑐Cu𝐴2

∗ − 𝑐HA
0 − 𝑐Cu𝐴2

0 = 0 (E4) 

 

The electrical charge balance for the cation exchange reaction Eq. (E1) is 

 

𝑐H
∗ + 2𝑐Cu

∗ − 𝑐H
0 − 2𝑐Cu

0 = 0 (E5) 
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The equilibrium composition of the aqueous and organic phases can be calculated by the 

simultaneous solution of Equations E2 – E5, given their initial compositions, phase ratio 
𝑉Aq

𝑉Org
, and the value for the extraction equilibrium constant, Eq. (E2). 

 

Rate-based approach 

The concentration-based extraction rate for the reaction in Eq. (E1) is 

 

ℛex,Cu = 𝑘f(𝑐Cu𝑐HA
2 − 𝑐CuA2

𝑐H
2/𝐾ex,Cu) (E6) 

 

The generation rates for the individual species 

 

𝑟Cu = −ℛex,Cu 

𝑟HA = −2ℛex,Cu 

𝑟CuA2
= ℛex,Cu 

𝑟H = 2ℛex,Cu 

(E7) 

 

The element balance equations for the individual species 

 

d𝑐Cu
Aq

d𝑡
= −ℛex,Cu 

d𝑐H
Aq

d𝑡
= 2ℛex,Cu 

d𝑐HR
Org

d𝑡
= −2

𝑉Aq

𝑉Org

d𝑐Cu
Aq

d𝑡
 

(E8) 
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d𝑐CuA2

Org

d𝑡
= −

𝑉Aq

𝑉Org

d𝑐Cu
Aq

d𝑡
 

 

The equilibrium composition of the aqueous and organic phases can be calculated using 

the rate-based approach by simultaneous solution of Equations E8 given the initial 

composition of the phases, phase ratio 
𝑉Aq

𝑉Org
, and the value for the extraction equilibrium 

constant, Eq. (E2). The reaction rate constant can be assigned a value, for example kf = 

1000, as discussed above. 

Solving the equations presented above with the initial concentrations of copper and 

protons in the aqueous phase 0.016 mol/L and 0.001 mol/L, respectively, while that of 

extractant and copper-extractant complexes in the organic phase 0.01 mol/L and 0 mol/L, 

respectively, and taking the extraction equilibrium constant equal to 30, one can calculate 

the composition of the process phases at equilibrium (Figure 17.). The phase ratio 
𝑉Aq

𝑉Org
 is 

taken to be 0.5. 

 

 

Figure 17. Solution of the phase equilibrium of copper(II) extraction with a chelating cation 

exchange extractant, using the rate-based approach. 
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3.4.2 Estimation of model parameters 

Mechanistic mathematical models are used in chemical engineering to aid in different 

engineering tasks such as process design, analysis, and process control system 

development. The models used often contain parameters that need to be estimated from 

experimental data. The reliability of the models depends on the depth and precision of the 

theoretical background used in the model development and on the accuracy of the 

parameter estimates. Consequently, the progress in fruitful utilisation of the models 

depends on the reliability of the parameters estimated. After the model parameters are 

estimated and their reliability is proved, the model can be used for various tasks with 

confidence. 

Traditionally, the values of model parameters are obtained using, e.g. Gaussian 

approximations, and the reliability of the point estimates is analysed using a linearised 

model. However, the emergence of efficient Markov chain Monte Carlo (MCMC) 

methods has made the Bayesian approach a standard tool in quantifying the uncertainty 

in parameters (Solonen, 2011). MCMC methods are used to approximate the posterior 

distribution of a parameter of interest by random sampling in a probabilistic space (Geyer, 

2011). MCMC methods aim at generating a sequence of random samples, whose 

distribution asymptotically approaches the posterior distribution as the number of samples 

increases (Figure 18). As the name of the methods states the method consists of two parts. 

The term Monte Carlo refers to the methods that are based on random number generation, 

e.g., random sampling. Markov Chain refers to the sequence of samples generated so that 

each new point depends only on the previous point. 

 

 

Figure 18. The path of the metropolis sampler (blue line), when sampling a non-Gaussian target 

(contours given by black lines). 
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The general procedure of the MCMC methods in parameter estimation (Figure 18) is as 

follows. To begin with, parameters 𝜃 are estimated based on measurements y using, e.g., 

a least squares approach. The estimated parameters are used for the initialisation of the 

chain. New candidate 𝜃new is randomly generated from a suitable proposal distribution 

that may depend on the previous data point of the chain (this is the Monte Carlo part). For 

a pair of parameter values, it is possible to compute which is a better parameter value, by 

computing how likely each value is to explain the data, y, given a proposal distribution 

of parameters. If the new randomly generated parameter, 𝜃new, value is better than the 

previous one, it is added to the chain of parameter values with a certain probability, 

determined by how much better it is (this is the Markov chain part). If the new candidate, 

𝜃new, is worse than the last one, it is rejected, and a new candidate is randomly generated 

again. When a candidate is accepted, a new candidate is generated. The procedure is 

repeated until a desired chain length is achieved. Gradually the approximated posterior 

distribution of the parameters (within the contours in Figure 18) is explored. 

MCMC helps to solve the parameter estimation problem in a statistical manner, and the 

entire distribution of the parameters can be explored. It is especially useful and convenient 

when a model contains many parameters. In that case, the exploration of the distributions 

of parameters using contour plots is inconvenient. 

In this study, an open source MCMC code package (Laine, 2017) was used. This toolbox 

provides tools to generate and analyse a Metropolis-Hastings MCMC chain using 

multivariate Gaussian proposal distribution (Haario et al., 2006; Laine, 2017). In 

Publications I–III, the nonlinear regression modelling approach was used for the 

estimation of the model parameters, and the MCMC algorithm was used for estimating 

the reliability of the modelling results. Also, the MCMC algorithm was used for model 

discrimination in Publication I and in search of an optimal experimental design in 

Publication II. 

 

3.4.3 Simulation of counter-current extraction cascades  

Modelling and simulating process flowsheets of chemical plants is a basic task in 

chemical engineering and is intended for quantitative description of the plants for their 

optimal design and control (Boyadjiev, 2010). Process flowsheets show a combination of 

mutually influenced process steps and the equipment selected to carry out the process 

steps, the stream connections, stream flow-rates and compositions, and the operating 

conditions. It is the steady-state mass and energy balances that are behind the flow–sheet 

calculations. The model of a plant comprises a combination of the models for the 

separation processes, which are supplemented with the equations for the interactions 

between them. Therefore, when the models of the process steps are available, the problem 
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of chemical plant modelling becomes the introduction of the equations linking the sub-

models of the process steps. The plant simulation task is accomplished by the efficient 

and accurate solution of the plant model using a simulation method. 

Process simulation 

Process flowsheets represent a combination of process steps which are connected in a 

definite way by process streams. The streams are examined as informational because they 

transfer information (without change) from one process step to another, containing 

quantitative data on quantity and composition of the material stream (energy balance is 

often neglected in the process flow–sheets where temperature effects are not of interest). 

The model of a chemical plant is built from mathematical structures, providing a 

connection between inlet regime variables (irv), outlet regime variables (orv), 

constructive variables (a), and variables (b) characterising the state of the equipment. The 

inlet and outlet regime variables represent the parameters of the inlet and outlet streams 

of a process step. The constructive variables are the constructive parameters of the 

equipment. The parameters characterising the state of the equipment account for some 

effects of quasi-stationary processes, such as extractant degradation or diluent 

evaporation. The model of each process step is represented by a system of equations that 

describe the dependencies between all the variables: 

 

𝒇(𝒊𝒓𝒗i, 𝒐𝒓𝒗i, 𝒂i, 𝒃i) = 0 (107) 

 

The combination of the models of all the process steps (i = 1, …, itot, where itot is the total 

number of the process steps in the process), Eq. (107), supplemented with the equations 

describing the connections between the process steps, Eq. (108), gives the complete 

model of the whole process. 

 

𝑖𝑟𝑣i = 𝑜𝑟𝑣i−1 (108) 

 

The streams that do not realize connections between the process steps are the inlet and 

outlet streams of the whole process. The outlet streams of the whole process can be 

calculated only if all the inlet streams are specified. 



3 Modelling Extraction Equilibrium 

 

74 

Simulation methods 

The simulation of a chemical process represents the utilisation of methods and algorithms 

for the determination of the outlet regime variables, ORV, by solution of the process 

model, G, in Eq. (109), when the process inlet regime variables (IRV), constructive 

variables, (CV) and equipment state variables (ESV) are known: 

 

𝑶𝑹𝑽 = 𝑮(𝑰𝑹𝑽,𝑪𝑽, 𝑬𝑺𝑽) (109) 

 

There are three basic approaches available to solve this problem: simultaneous equations, 

simultaneous-modular, and sequential-modular. The simultaneous approaches require a 

global solution of the system comprising Eqs. (107) and (108). There are computing 

problems usually encountered in the simultaneous approaches coming from the large 

number of variables and equations, the nonlinearity of the equations, and the small 

number of variables in the individual equations. In the simultaneous equations approach, 

the problems are solved entirely by mathematical means, which obstructs the close 

scrutiny of the physical relevance of the results obtained in the progression to the solution. 

The simultaneous modular approach requires the identification of the groups of equations 

that can be solved simultaneously with respect to one of the output variables (Chen and 

Stadtherr, 1985). The sequential modular approach is used in a wide range of applications 

due to its simplicity (Kisala et al., 1987). However, the sequential-modular approach may 

require a longer computational duration when many iterations are needed for model 

solution. In the sequential modular approach, the process step models are solved in the 

sequence in which the process steps appear in the process under the condition that all inlet 

regime variables are regulated. 

The hierarchical organisation of the process modules within the process plays a central 

role in the sequential-modular approach. There are two types of hierarchical organisations 

of process steps in a chemical plant system (Figure 19): acyclic, when there are no 

recirculating streams (Process Steps I and II), and cyclic, when there are recirculating 

streams (Process Steps III, IV, V, VI), or sequences of the process steps. The composition 

of Stream 3 can be easily calculated as a result of the simulation of Blocks I and II, if the 

composition and flow rate of Stream 1 are known. However, calculating the composition 

of Stream 4 requires the characteristics of Stream 8 to be known, along with the 

composition of Stream 3. 

 



 

 

75 

 

Figure 19. Chemical plant system that contains acyclic and cyclic parts. 

 

The Process Steps III, IV, V and VI are organised in a cycle that makes the calculation of 

Stream 4 more complicated. In practice, the problem is solved iteratively. First, an 

assumption on the values of input regime variable for Stream 8 is made. Then, Modules 

III, IV, V and VI are simulated, and new values for Stream 8 are estimated. After that, the 

simulation of Modules III, IV, V and VI are repeated again until the values for Stream 8 

do not change any more. At that point, Modules III, IV, V and VI are considered as an 

independent contour. Since chemical plants often have many recycling streams, the 

simulation of the chemical plant system requires decomposition of the system into acyclic 

parts and independent contours. The blocks in the acyclic parts are simulated only once, 

whereas the blocks in the separate independent contours are simulated repeatedly. 

Counter-current process simulation 

The simulation of an idealised counter-current liquid–liquid extraction process, as 

depicted in Figure 20, can be done by applying the sequential modular approach to the 

process model solution. The composition of pregnant leach solution is usually fixed, since 

it depends on leaching process performance. The composition of the lean electrolyte can 

be assumed to be fixed as well, since it depends on product metal recovery process (Figure 

3). The organic phase is recycled between the process steps in the loading and stripping 

stages counter-currently to the aqueous solution. The counter-current motion of the 

process phase makes the process consist of only cyclic parts. Therefore, the process can 

only be simulated by an iterative solution of the process model. Each of the process stages 

represents an equilibrium extraction stage that can be modelled employing the approach 

discussed in Section 3.4.1 above. According to this approach, the outlet streams’ 

compositions can be calculated when the compositions of all the inlet streams and their 

flowrates are defined. However, only pregnant leach solution and lean electrolyte 

compositions and total extractant concentration in organic phase are known. The exact 

organic phase composition is not defined at any of the inlet streams; only the total 

extractant concentration is specified. 
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Figure 20. A schematic representation of a counter-current liquid–liquid extraction process in 

which the loading and stripping steps are organised in a series. The blue arrows represent the 

aqueous electrolyte solution in the loading stage, the brown arrows represent organic streams and 

the green arrows represent the strip liquor. 

 

The difficulty can be bridged if the compositions of all the organic streams in the loading 

step are assigned reasonable values. For example, the streams can be assumed to be a pure 

organic phase containing no metal ions extracted. In the same manner, the compositions 

of all the aqueous outlet streams in the stripping step can be assigned to be the same as 

the composition of the lean electrolyte. Now, having the inlet organic phase composition 

known in the loading stages, the outlet aqueous phase composition in the loading stages 

can be calculated in a series starting from the first one (L 1). Finally, the raffinate 

composition is calculated. Then, having the composition of the organic stream coming 

from the first loading stage estimated, the compositions of the rich electrolyte, and all the 

organic streams, in the stripping stages can be calculated in series in the same manner 

starting from the first stripping stage (S 1). The composition estimated in the first iteration 

is used in the subsequent one, until the stopping criteria are met. 

When the compositions of all of the streams are calculated after each iteration, the mass 

balance in the entire extraction circuit is required to be checked. At the steady state, the 

amount of substance transferred from pregnant leach solution to loaded organic in the 

loading step is equal to the amount of the substance transferred from the loaded organic 

to the rich electrolyte in the stripping step. Thereafter, the target function can be 

formulated by Eq. (110). The iterations can be stopped when MB becomes smaller than a 

small fixed 휀 > 0.  

L 1 L 2 L n

S 2 S nS 1

PLS

Lean electrolyteRich electrolyte

...

...

Raffinate

Sequence of simulation in loading stages

Sequence of simulation in stripping stages
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𝑀𝐵 = ∑(∆𝐶L,𝑖 ∙ 𝐹PLS − ∆𝐶S,𝑖 ∙ 𝐹RE)
2

𝑁

𝑖=1

 (110) 

 

where i is the index of an element extracted in the process, N is the total number of the 

elements extracted in the process, ∆𝐶L,𝑖 = 𝐶PLS,𝑖 − 𝐶Raffinate,𝑖 is the difference in the 

concentration of an element in pregnant leach solution and raffinate, ∆𝐶S,𝑖 = 𝐶RE,𝑖 − 𝐶LE,𝑖 

is the difference in the concentration of an element in the rich electrolyte and the lean 

electrolyte, 𝐹PLS is the flowrate of the aqueous solution in the loading step and 𝐹RE is the 

flowrate of the aqueous electrolyte solution in the stripping step. 

The simulation approach described above was used for the analysis of the chemical iron 

transfer in the copper liquid–liquid extraction process and in optimisation of liquid–liquid 

extraction fractionation of cobalt, nickel and lithium in Publications II and III, 

respectively. 
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4 Hydrometallurgical Process Development 

Hydrometallurgical process development usually originates in the need to produce a 

valuable product; then the available raw materials are analalsed and processing routes 

considered (Forsén and Aromaa, 2013). Chemical composition, mineralogy, particle size, 

volume, etc. are analysed with the aim of estimating their potential for recovery of the 

valuable product and establishing the most promising process routes. Actual process 

development starts with process synthesis and continues with process design. The 

objective of process synthesis is to determine the optimal processing route, subject to 

predefined process constraints and performance criteria, from numerous alternatives, to 

convert given raw materials into desired products (Babi et al., 2015; Tula et al., 2017). 

The objective of process design is to determine the values of the design variables of the 

unit operations in the selected flowsheet (Tula et al., 2017). 

When a new hydrometallurgical process is being developed, a comparison of process 

alternatives and process optimisation is usually made, based on the experience of 

scientists and engineers, as well as on extensive experimentation (Rintala et al., 2011). 

However, the application of mathematical modelling and optimisation can aid 

significantly in hydrometallurgical process development: clarification of the interactions 

between process steps, utilisation of validated models for process optimisation and the 

ability to identify the optimal process (Nfor et al., 2009). Raw experimental data can serve 

as a superstructure of process options and guide the process synthesis. Furthermore, 

process design can be based on validated mathematical models of process steps in model-

based process design. 

The availability of meaningful objective functions to measure process performance is 

critical for successful process synthesis and process design. Purity in the product stream 

and recovery of the target metals from the raw materials are widely applied measures of 

process performance, although they often determine technical feasibility only. They do 

not measure the economical potential of the alternative processes. However, it is desirable 

to base process synthesis decisions upon costs over the complete process. The information 

needed to precisely estimate the profitability of the process and its internal rate of return 

is not available at the very beginning of process development, which makes the task of 

hydrometallurgical process development very challenging. 

In addition to technical feasibility, health, safety, and environmental aspects play an 

important role in process development and implementation. Early implementation of 

health, safety, and environmental principles is essential to the success of development of 

hydrometallurgical processes, and can prevent negative consequences in the later stages 

of process development (Edwards et al., 2013). Any economic advantage of liquid–liquid 

extraction over other separation processes for metals can be lost if the required operating 

conditions are too harsh (Rydberg et al., 2004). For example, too high a loss of solvent 

from the system, too corrosive process solutions, or their high toxicity may make a 

process option economically infeasible or unacceptable from the point of view of health, 

safety, and environment. 
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4.1 Algorithm-based process synthesis 

The task of hydrometallurgical process synthesis was defined in Publication IV. It is to 

identify the most suitable sequence of unit operations and the most effective combination 

of operating parameters to obtain the desired purification and yield with the least 

economic effort. Process synthesis, therefore, involves the analysis of the problem to be 

solved, and, generation, evaluation and screening of process alternatives so that the best 

process option can be identified. A hydrometallurgical process typically consists of 

leaching, concentration and purification, and product recovery steps (Figure 3). Several 

alternative unit operations are available for each process step. For instance, one of a 

number of leaching agents can be employed for leaching valuable metals. Liquid–liquid 

extraction, ion exchange and/or selective precipitation can be employed for purification 

and concentration. Crystallisation, chemical precipitation or electrowinning can be used 

for product metal recovery.  

As it has been discussed above, meaningful objective functions to ground the comparison 

of different process alternatives in hydrometallurgical process synthesis are required. It 

was demonstrated in Publication IV that key performance indicators (KPIs) introduced 

by Winkelnkemper and Schembecker (2010) could be used to evaluate the suitability of 

different process alternatives in the early stages of process development. The indicators 

assess the selectivity and estimate the relative costs of purification.  

Purification rating 

For assessment of the purification of one step as a percentage of the purification of the 

total process to be designed, the purity of the initial mixture P0 and the target purity Pf 

must be considered as given boundaries of the purification process. Winkelnkemper and 

Schembecker (2010) defined a purification performance index (PPIj) as: 

 

𝑃𝑃𝐼l =
tanh−1(2𝑃l − 1) − tanh−1(2𝑃l−1 − 1)

tanh−1(2𝑃f − 1) − tanh−1(2𝑃0 − 1)
 (111) 

 

where Pl is the purity after the current purification step, and Pl–1 is the purity after the 

previous purification step. 

 

Due to the high nonlinearity of the arctangent function, PPI is a balanced measure of 

purity over the whole purity range of a purification process. It evenly rates purification 

process steps, when high purity improvement requires moderate effort and conversion 

and recovery steps and when small purity improvement requires great effort. Thus, PPI 

can be used to connect the purification performance with the projected effort.  
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Estimation of recovery cost 

The influence of single purification steps on total process costs is readily quantifiable 

using a separation cost indicator (SCI) defined by Winkelnkemper and Schembecker 

(2010), as shown in Eq. (112). The separation cost indicator depends on the normalized 

purification rating (PPI), yield (Y) and the specific costs. In the present case, the specific 

costs are leaching cost, Lk , and the specific cost of purification steps, 𝑘𝑝𝑢𝑟,𝑙. 
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The task of process synthesis is the minimisation of the total specific production costs for 

the process. Therefore, the sum of specific costs of the process steps can be taken as the 

target function in an algorithm-based process design: 





n

SCISCI
1l

ltot  (113) 

 

In this way, the KPIs are suitable for an initial synthesis of a purification process when 

not enough data for rigorous optimisation is available. 

Ant colony optimisation for process synthesis 

The solution of an optimisation problem in the process synthesis of a hydrometallurgical 

process requires a suitable and efficient algorithm; one that is capable of identifying the 

minimum value of the target function and the corresponding sequence of extraction and 

purification steps, with their optimal operating parameters where several alternative 

options are available (Figure 21). Algorithms based on extensive searches for the optimal 

solution are not preferred due to the high computational efforts required (Raeesi, Pishvaie 

& Rashtchian, 2008). Moreover, gradient-based algorithms are not suitable due to the 

complexity of the task and the potential availability of multiple optimum points. 

However, the problem can be addressed in an efficient manner through the use of 

metaheuristics to find approximate solutions (Raeesi et al., 2008; Biswas, Chakraborti & 

Sen, 2009). Such algorithms as simulated annealing, genetic algorithms, differential 

evolution, etc., are often applied in the solution of this category of optimisation task. 
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Figure 21. Superstructure of process alternatives. 

 

The stochastic metaheuristic ant colony optimisation (ACO) algorithm, among others, has 

been found to be promising for the efficient synthesis of chemical separation processes 

(Raeesi et al., 2008; Rintala et al., 2011; Chunfeng and Xin, 2002). The algorithm imitates 

the foraging behaviour of ants in search of short paths between their nest and food sources 

(Blum, 2005). In the same way, ACO is typically used to find the shortest path from the 

first cell to the last in the structure to be optimised. This naturally resembles 

hydrometallurgical process synthesis, in which the most feasible and economic 

processing route has to be identified to produce a valuable product from a raw material, 

as depicted in Figure 21. 

A hydrometallurgical process chain is built of individual process steps: leaching, solvent 

extraction, stripping, chemical precipitation, etc. However, in general the process steps 

are considered in the developed ACO-based algorithm as black boxes with inputs and 

outputs and could just as well be continuous (e.g. liquid–liquid extraction) and even 

consist of multiple stages. An output from a unit operation is an input for the next one in 

the constructed process route. A model for each unit operation comprises mass balance 

equations. 

An algorithm-based method for the synthesis of hydrometallurgical processes using 

limited amounts of experimental data was presented in Publication IV. In this method, an 

ACO-based algorithm is used to identify the most economic process alternative in an 

iterative manner. The purification performance index measures purity improvement, and 

the separation cost indicator is used as an objective function for the comparison of process 

alternatives. The detailed description of the method was presented in Publication IV. 
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4.2 Model-based process design 

Model-based process design can be implemented by employing mechanistic models for 

process steps and a simulation method, as discussed in Section 3.4.3. This approach is 

common in chemical engineering, and is implemented in many commercial software 

packages used for process simulation and optimisation, for example, HSC Sim for 

metallurgical applications and Aspen HYSYS for the energy industry. However, 

mechanistic models are not available for all possible separation processes and systems in 

hydrometallurgy. Therefore, a continuous investigation of the chemistry involved in 

separation processes and the development of corresponding models are ongoing in 

research institutions and in industry. Model-based process design is extremely useful in 

testing different process configurations and their performance. It helps to carry out 

detailed preliminary investigations before expensive tests on a pilot scale. In this study, 

the sequential modular simulation approach (Section 3.4.3) was applied to perform a 

simulation of the liquid–liquid extraction separation of copper and iron in Publication II 

and the extraction fractionation of cobalt, nickel and lithium in Publication III.  

 





85 

5 Results and Discussion 

5.1 Extraction equilibrium of Cu and Fe with a hydroxyoxime 

extractant 

5.1.1 Experimental methods 

Experimental studies were carried out on the liquid–liquid extraction equilibria of copper 

and iron with a hydroxyoxime extractant in order to collect data for Publications I and II. 

Only a brief explanation of the experimental procedures used are presented here. More 

details on the experimental design are presented in Publications I and II. 

Extraction and stripping experiments were carried out on an orbital shaker in 50 mL 

separation funnels with a 30 min equilibration time at 20 °C. The organic to aqueous 

(O/A) phase ratios, the amount of metals in both aqueous and organic phase and the initial 

acidity of the aqueous phase were varied in different experiment sets.  

Only one parameter was variable in each experiment set. In copper extraction 

experiments, the initial acidity was varied in the first loading experiment set, whereas the 

organic to aqueous phase ratio was varied in all the other loading and stripping experiment 

sets. In the iron loading experiments, the organic to aqueous phase ratio was varied in all 

the experiment sets. Since the equilibrium acidity was not adjusted in all the experiments, 

this approach facilitated fast and simple data acquisition in the shaking experiments. Yet, 

the data collected in such a way were sufficient for model discrimination and validation. 

In the loading experiments, aqueous phases, with known iron and copper contents and 

acidity, were contacted with the metal-free organic phases of known extractant 

concentrations. In the stripping experiments, metal-free aqueous phases of known acidity 

were contacted with the loaded organic phases with known metals and extractant 

concentrations. 

The iron and copper content in the aqueous phase was analysed using inductively coupled 

plasma mass spectrometry, or ICP-MS (Agilent technologies, Agilent 7900). The H2 cell 

gas line was used for improved interference removal on 56Fe with intense plasma-based 

polyatomic overlaps. Therefore, no ArO+ interference problem was experienced during 

the analysis of iron in the calibration range 1-500 ppb. Alternatively, isotopes with lower 

abundances could be used, resulting in lower sensitivity and thus higher detection limits. 

The internal standard contained 72Ge, 115In, and 118In in the ICP-MS analysis. A Mettler 

Toledo T50 titrator with a DG 111-SC electrode was used to measure the total acidity in 

the aqueous phase in the experiments on copper extraction. The end point in titration of 

acidic solutions containing copper was set at pH 4.3 as copper hydroxides are formed at 

higher pH. Measurements of the pH were carried out with a Consort C3010 pH meter 

using a SenTix Mic glass electrode. 
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The oxime concentration in the metal-free organic phases was measured by the ultimate 

loading method using a standard 0.1 M NaOH solution (Sigma-Aldrich, AR grade) and a 

Mettler Toledo T50 titrator with a DG 111-SC electrode. The method is based on the 

stoichiometric reaction of 2 moles of oxime in an aliphatic diluent per mole of copper at 

pH 4.3, liberating acid which is determined by potentiometric titration with standard 

sodium hydroxide solution. The initial copper sulfate solution was prepared to have 

copper in excess in comparison with the estimated oxime concentration to be measured. 

The initial pH was adjusted to pH 4.3. The organic phase and the copper sulfate solution 

were placed in a beaker. The pH electrode and glass paddle stirrer were placed in the 

beaker as well. Vigorous mixing was ensured. As the pH of the mixture reached 3.5, the 

titration was stopped for 2 minutes to allow for complete mixing, then the titration was 

continued slowly until pH 4.3 was reached. 

 

5.1.2 Extraction equilibrium 

In the present study, liquid–liquid extraction of copper and iron(III) from sulfuric acid 

solutions with hydroxyoxime extractant Acorga M5640 in the aliphatic diluent Exxsol 

D80 was studied in a wide concentration range of copper, iron and extractant 

concentrations. Figure 22 shows that a simple linear regression model, Eq. (57), which is 

usually used to analyse the equilibrium in ideal solutions, is unable to fully explain all the 

variation in the collected data. The experimental design of the extraction and stripping 

experiments on copper extraction is shown in Table 3, while that for iron extraction is 

presented in Table 4. As discussed in Publications I and II, the nonideality of both the 

aqueous and organic phases explains the deviation from the straight line of slope 2 in 

copper extraction and slope 3 in the extraction of iron(III), since the concentrations vary 

significantly and are rather high in many of the data points. 
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Figure 22. The classical log–log representation of extraction equilibrium: a) loading and stripping 

equilibria of copper liquid–liquid extraction, b) the equilibrium distribution of iron(III) at 

different equilibrium pH levels and under different experimental conditions. The experimental 

conditions are presented in Table 3 and Table 4. 

 

Table 3. Experimental design of the extraction and stripping experiments. (Publication I) 

Extraction       

Experiment 

set ID 
Data 

points 

C(Cu)0, 

g/L 
pH0 

HA, 

vol-% 
Loading0, % O/A range 

E1 28 5 0.11…3.91 10 0 1/1 

E2 21 1 1.4 10 0 1/10 … 10/1 

E3 25 5 1.4 10 0 1/10 … 10/1 

E4 29 25 1.4 10 0 1/10 … 10/1 

E5 30 25 1.4 25 0 1/10 … 10/1 

E6 29 32 1.4 25 0 1/10 … 10/1 

E7 26 45 1.4 25 0 1/10 … 10/1 

E8 15 25 1.4 5 0 1/10 … 10/1 

E9 15 25 1.4 17 0 1/10 … 10/1 

 

Stripping 
      

Experiment 

set ID 

Data 

points 
C(Cu)0, 

g/L 
C(H2SO4)0, 

g/L 

HA, 

vol-% 
Loading0, % O/A range 

S1 15 0 160 10 90 2/1 … 10/1 

S2 15 0 160 25 80 2/1 … 10/1 

S3 15 0 190 10 90 2/1 … 10/1 

S4 15 0 190 25 80 2/1 … 10/1 
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Table 4. Experimental designs of the extraction and stripping experiments. Subscript 0 

refers to the initial solutions. (Publication II) 

Extraction Initial Fe loading = 0%. 

Experiment 

set ID 
C0(Fe), g/L pH0 

C0(H2SO4), 

g/L 
HA, M O/A range 

E1 1.45 1.65 1.57 0.18 1/10 … 10/1 

E2 23.27 1.19 1.57 0.18 1/10 … 10/1 

E3 23.27 1.19 1.57 0.50 1/10 … 10/1 

E4 23.55 1.17 0.54 0.19 1/10 … 10/1 

E5 3.02 1.84 0.39 0.19 1/10 … 10/1 

E6 3.02 1.84 0.39 0.50 1/10 … 10/1 

E7 3.07 1.81 0.16 0.19 1/10 … 10/1 

E8 3.07 1.81 0.16 0.50 1/10 … 10/1 

E9 16.13 1.36 0.16 0.50 1/10 … 10/1 

E10 16.13 1.36 0.16 0.19 1/10 … 10/1 

E11 3.07 1.81 0.39 0.30 1/10 … 10/1 

E12 3.17 1.81 0.39 0.05 1/10 … 10/1 

E13 45.37 0.82 0.16 0.23 1/10 … 10/1 

 

Mechanistic mathematical modelling was employed to develop models capable of 

predicting the equilibrium compositions of the process phases from their known initial 

compositions and volumetric phase ratios in the liquid–liquid extraction of copper and 

iron. The models were developed as described in Section 3.1, and the models solutions 

were realized, as explained in Sections 3.4.1 and 3.4.3. The models’ parameters were 

estimated using the MCMC method, as described in Section 3.4.2. 

It was observed that the value of the apparent equilibrium constant of the extraction 

reaction, Eq. (58), for copper extraction Eq. (61), changes systematically when fitted 

individually against data for each extractant concentration (Figure 23a). The same trend 

of a decreasing equilibrium constant with an increase of extractant concentration was 

reported by Hu and Wiencek (2000), Lin, Huang & Juang (2002), and Bazin, Hodouin & 

Zouadi (2005) in the extraction systems with hydroxyoxime extractants LIX64N, LIX84 

and LIX 984 (see Table 1 for the molecular structure of the extractants), respectively, in 

aliphatic diluents. This behaviour was explained through the nonideality of the organic 

phase. It is evident that a different value of apparent equilibrium constant is needed for 

each total extractant concentration. 
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Figure 23. Dependency of the apparent extraction equilibrium constant on the total extractant 

concentration: a) Copper extraction. Blue squares – the apparent extraction equilibrium constant 

in the loading stage was estimated individually for each total extractant concentration; Red circles 

– the apparent extraction equilibrium constant in the stripping stage was estimated individually 

for each total extractant concentration; Blue line – the function 𝐾LLX = 𝐾LLX,0 ∙ (1 −

tanh(𝛼 ∙  𝐻𝐴 tot)) was used for data fitting with all the data in the loading stage; Red line – the 

linear function 𝐾LLX = 𝐾LLX,0 − 𝛼 ∙  𝐻𝐴 tot was used for data fitting with all the data in the 

stripping stage: b) Iron extraction. Blue squares – the apparent extraction equilibrium constant in 

the loading stage was estimated individually for each total extractant concentration; Blue line – 

the function 𝐾LLX = 𝐾LLX,0 ∙ (1 − tanh(𝛼 ∙  𝐻𝐴 tot)) was used for data fitting with all the data 

in the loading stage. 

 

Agarwal et al. (2012) argued that the organic phase nonideality can be modelled by the 

extractant dimerization equilibrium, Eq. (114)2), since inclusion of the equation in their 

model significantly improved the explanation of their experimental data. However, the 

introduction of Eq. (114) into the equation for the concentration-based copper extraction 

equilibrium constant, Eq. (115)2, using a mass balance of extractant, Eq. (116), gives 

Eq. (117) in which the term 
1

(1+2𝐾D)2
 does not depend on extractant concentration. 

Therefore, in the author’s opinion, dimerisation of the extractant molecules in organic 

phase cannot explain the observed organic phase nonideality. At least the dimerisation 

constant and the extraction equilibrium constants cannot be estimated simultaneously 

from the same data set. (Whewell and Hughes, 1979) reported that the ratios of the 

parameters could be determined quite precisely; however, the absolute values remained 

uncertain. In order to overcome this difficulty, the extractant dimerisation has to be 

studied independently from the extraction equilibrium. For example, a vapour–liquid 

equilibrium measurement technique could be used for that purpose. Otherwise, an 

                                                 
2) The Eqs. (52) and (53) in this section repeat the Eqs. (12) and (16) to increase the clarity of the thesis. 
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empirical function can be used to correlate the apparent extraction equilibrium constant 

and the total extractant concentration. 

 

𝐾D =
[(𝐻𝐴)2
̅̅ ̅̅ ̅̅ ̅̅ ]

 𝐻𝐴̅̅ ̅̅  2
 (114) 

𝐾LLX
Cu ∗

=
 𝐶𝑢𝐴2
̅̅ ̅̅ ̅̅ ̅ ∙  𝐻+ 2

 𝐶𝑢2+ ∙  𝐻𝐴̅̅ ̅̅  2
 (115) 

 𝐻𝐴̅̅ ̅̅  𝑡𝑜𝑡 =  𝐻𝐴̅̅ ̅̅  + 2[(𝐻𝐴)2
̅̅ ̅̅ ̅̅ ̅̅ ] =  𝐻𝐴̅̅ ̅̅  ∙ (1 + 2𝐾D) (116) 

𝐾LLX
Cu ∗

=
 𝐶𝑢𝐴2
̅̅ ̅̅ ̅̅ ̅ ∙  𝐻+ 2

 𝐶𝑢2+ ∙ ( 𝐻𝐴̅̅ ̅̅  ∙ (1 + 2𝐾D))
2 = 𝐾LLX

Cu
1

(1 + 2𝐾D)2
 (117) 

 

In Publications I and II, a hyperbolic tangent function, Eq. (118), was applied to account 

for the dependence between the total extractant concentration and the apparent extraction 

equilibrium constants of copper and iron in the extraction step. The data for iron 

extraction are not described as well as they are for copper extraction. Large uncertainty 

was observed in the experimental data with low extractant concentration, due to the low 

extraction percentage of iron in these experiments. Therefore, a large error is associated 

with the outlying data point in Figure 23b. 

The hyperbolic tangent function is just an empirical function, although it appears to 

represent the dependence well. When selecting an empirical function, the primary 

concern is limiting the number of parameters (the parameters must be well discriminated) 

and, secondly, physically meaningful extrapolation of the function beyond the 

experimental range. The general hyperbolic tangent function shown in Figure 24a gives 

an ordinate scaled between (–1, 1). The form (1–tanh(x)) gives a decreasing function for 

positive x values. The form (1–tanh(𝛼x)) introduces a scaling factor for x. The form of 

the function used in the current study shown in Figure 24b gives us a monotonically 

decreasing function with two adjustable parameters only. Thus, the function used in the 

current study, Eq. (118), gradually decreases when the total extractant concentration 

decreases, and has a maximum value (for HA≥0), when the total extractant concentration 

approaches zero. The same trends are observed in the experimental data (Figure 23a and 

b).  

 

KLLX = KLLX,0·(1 − tanh(𝛼·[HA]tot)) (118) 
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Figure 24. a) The general view of the hyperbolic tangent function; b) The hyperbolic tangent 

function used in our study. 

 

A linear function, KLLX = KLLX,0 + 𝛼·[HA]tot, was applied for the same purpose in 

modelling copper stripping, due to the fact that only two levels of extractant concentration 

were studied in copper stripping. The estimated values of the parameters are shown in 

Table 5.  

 

Table 5. Comparison of the correction functions for the model predicting equilibrium in the 

liquid–liquid extraction of copper. 

Loading Parameter Value Standard error 

KLLX = KLLX,0·(1 − tanh(𝛼·[HA]tot)) 

𝐾LLX,0
Cu  50.23 3.24 

𝛼Cu 3.16 0.08 

𝐾LLX,0
Fe  0.0215 0.003 

𝛼Fe 3.342 0.893 

Stripping Parameter Value Standard error 

KLLX = KLLX,0 + 𝛼·[HA]tot 
𝐾LLX,0

Cu  13.77 0.01 

𝛼Cu –23.16 0.00 
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The linear function predicts a negative KLLX value very shortly after the range of the 

experimental data. This is acceptable, since an extractant concentration higher than 

0.55 M is not practically used due to high viscosity. The stripping of iron from the loaded 

organic phase was also studied. However, it was found that the same modelling approach 

could not be used in that case due to the very low stripping efficiency, independent of 

experimental conditions (Publication II). 

Figure 25 shows how the model for copper extraction, supplemented with the hyperbolic 

tangent function is able to predict the extraction isotherms well at different conditions 

with uncontrolled equilibrium acidity. Goodness of fit for the iron liquid–liquid extraction 

equilibrium model, supplemented with the hyperbolic tangent function, is demonstrated 

in Figure 26. 

 

 

Figure 25. Extraction isotherms of copper extraction at various initial aqueous copper 

concentrations and at uncontrolled equilibrium acidity. The apparent equilibrium constant of 

copper extraction is corrected using function 𝐾LLX
Cu = 50.23 ∙ (1 − tanh(3.16 ∙  𝐻𝐴 tot)). a−c) 

HA 10%; d−f) HA 25%; g) HA 5%; h) HA 17%. Please refer to Publication I for more details.  
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Figure 26. Goodness of fit of the iron(III) liquid−liquid extraction model. The experiments were 

performed with uncontrolled equilibrium acidity. Please refer to Publication II for more details. 

 

After the models for the extraction equilibrium of copper and iron were developed 

separately, a combined model capable of predicting competitive extraction of the metals 

was devised and validated using the data collected in optimal experiments (Publication 

II). The good prediction of the experimental data by the combined model demonstrated 

in Publication II proved the validity of the modelling approach used in this study and 

enables reliable utilisation of the developed models in process design and optimisation. 

 

5.1.3 Significance of organic phase nonideality 

The dependence of the apparent extraction equilibrium constant on the extractant 

concentration can affect the design of the copper liquid–liquid extraction process. It was 

shown, in Publication II, that there is an optimum extractant concentration at which the 

extractant is used most efficiently. The existence of the optimum originates from organic 

phase nonideality. The dependence of copper extraction performance is demonstrated in 

Figure 27. The curves are calculated using the developed model with corrected apparent 

extraction equilibrium constant. Initial aqueous and organic copper concentrations are 

correspondingly 45 g/L and 0 g/L, O/A equals 1, and the equilibrium acidity is 0.77 M. 

The organic phase nonideality has to be considered in the process design along with the 

physical limitations (high viscosity of concentrated extractant leading to high operational 

costs) of utilising high extractant concentrations in copper liquid–liquid extraction with 

hydroxyoxime extractants.  
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Figure 27. Extraction of copper and loading of extractant in copper liquid–liquid extraction 

depending on extractant concentration. A single phase contact was simulated. Red lines – KLLX = 

19.78; Blue lines – 𝐾LLX = 50.23 ∙ (1 − tanh(3.16 ∙  𝐻𝐴 tot)); Dashed lines – loading; 

Solid lines – extraction. (Publication I) 

 

5.1.4 Model-based analysis of Fe transfer in Cu extraction process 

The application of the extraction equilibrium model developed for the analysis of the 

chemical iron(III) transfer in the copper extraction process was demonstrated in 

Publication II. The extraction circuit configuration was kept simple (two extraction stages 

in series, with counter-current flow of the aqueous and organic phases and a single 

stripping stage, as depicted in Figure 28). In a copper extraction process, the efficiency 

of copper transfer from pregnant leach solution to rich electrolyte via consecutive 

extraction and stripping steps can be increased by increasing the extractant concentration 

or changing the relative flowrates of the organic and aqueous phases (the O/A ratio). 

However, those operational parameters influence iron transfer to the organic phase and, 

consequently, to the rich electrolyte, too. However, the presence of iron in rich electrolyte 

requires bleed for iron control that causes losses of electrolyte additives, copper and acid 

(Schlesinger et al., 2011b; Thomas, 2010). Therefore, it is important to study such 

operation conditions that maximise copper transfer and simultaneously minimise the 

transfer of iron. 

As demonstrated in Publication II, it was found that the higher the copper loading of the 

organic in the extraction stages, the less iron is transferred from the pregnant leach 

solution to rich electrolyte, and, consequently, the less bleed is required, leading to a more 

efficient process operation. The reason is that copper has higher affinity towards 

hydroxyoxime extractants than iron, and, therefore, copper is preferentially loaded onto 

the organic phase preventing iron loading. Iron transfer and the required bleed increases 
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with an increase in the organic to aqueous phase ratios in both the extraction and stripping 

stages. In loading, the higher the organic to aqueous phase ratio the more extractant is 

available to extract both copper and iron. In stripping, the phase ratio does not affect the 

stripping efficiency of iron much, and, therefore, the more iron is loaded the more is 

transferred to rich electrolyte. Therefore, the phase ratios have to be carefully adjusted to 

keep the bleed for iron control in the strip electrolyte at acceptable levels. 

Also, it was confirmed that due to excellent selectivity of the hydroxyoxime extractant, 

the co-extraction of iron and its transfer from pregnant leach electrolyte to rich electrolyte 

was very small in comparison to that of copper. However, the industrial copper extraction 

cascades operate on large-scale 5 to 400 kt copper per year (Schlesinger et al., 2011a). 

The small iron transfer becomes significant when the copper extraction process is run 

dynamically over a long time. Therefore, those operations that bleed for iron control 

should put significant focus not only on the selectivity of extractants, but also on the 

minimisation of iron transfer by determining the optimal process parameters using 

equilibrium-based models. The developed process simulation tool can help study the 

process operation limits, decreasing the costs for expensive experimentation on the pilot 

or industrial scale. 

PLS
15–45 g/L Cu

40 g/L Fe

20 g/L H2SO4

LO

Raf

RE

BO

LE
35 g/L Cu

3 g/L Fe

175 g/L H2SO4

PLS – pregnant leach solution

Raf – raffinate

LO – loaded organic

BO – barren organic

LE – lean electrolyte

RE – reach electrolyte
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Figure 28. Process configuration used for analysis of the copper liquid–liquid extraction process. 

Thick and thin lines show organic and aqueous streams, respectively. 
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5.2 Extraction of Co, Ni and Li with organophosphorus extractants 

5.2.1 Extraction equilibrium 

The model for calculating the composition of the aqueous and organic phases at 

equilibrium in the liquid−liquid extraction of cobalt, nickel and lithium from sulfate 

solution using Cyanex 272 extractant was developed as described in Section 3.2 and fitted 

against the pH-extraction isotherms published by Virolainen et al. (2017). The values of 

the model parameters (extraction equilibrium constants in Eqs. (77, 79, 81, 83 and 86)) 

were estimated and are presented in Table 6. The values of the model parameters were 

estimated for Cyanex 272 extractant, unmodified and modified with 5% v/v trioctylamine 

(TOA), to check how the modification affects the values of the model parameters. The 

modifier was used to decrease the organic phase viscosity at high loading as discussed in 

Section 3.2.4. As shown in Table 6, the values of all the corresponding parameters are of 

the same order of magnitude for both organic phases. The difference in the values is small 

and can be explained by the fact that the modification of the extractant only slightly 

changes the chemistry of the extraction due to the ability of TOA to solvate the metal-

extractant complexes in the organic phase. The goodness of fit presented in Figure 29a 

and b for both the organic phases suggests a good description of the experimental data by 

the developed model. 

 

Table 6. Extraction equilibrium constants for the reactions in Eqs. (77, 79, 81, 83 and 86). 

 1 M Cyanex 272 1 M Cyanex 272 + 5% v/v TOA 

 log KLLX log σ3) log KLLX log σ3) 

𝐾LLX,1
Co  −5.94 −6.99 −6.43 −7.11 

𝐾LLX,1
Ni  −9.69 −9.99 −9.97 −10.21 

𝐾LLX
Li  −6.54 −7.21 −6.71 −6.92 

𝐾LLX,2
Co  −1.64 −2.11 −2.28 −2.46 

𝐾LLX,2
Ni  −1.06 −1.37 −0.72 −0.88 

 

The dependence of the distribution ratio, calculated using Eq. (4), on equilibrium pH is 

shown in Figure 29c and d. The figures demonstrate that the model fitted against fraction 

                                                 
3) The standard deviation of the parameter estimates is estimated using the Markov chain Monte Carlo 

method. 
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extracted is able to predict the equilibrium distribution of the metals in the liquid–liquid 

extraction. Since the range of distribution ratio is accurately measured from about 0.1 to 

10 (Rydberg et al., 2004), the model predicts best the distribution ratio of the metals 

between 0.01 and 100. Large experimental error is associated with the data points outside 

this range and explains the presence of the outliers in the figure. 

The behaviour of the experimental data for cobalt extraction in Figure 29c suggests that 

it is important to be confident in the accuracy of the distribution coefficient 

measurements. A wrong conclusion about the change of the extraction mechanism could 

be made based on the behaviour of distribution coefficient in pH range 6 to 8 alone. The 

data are explained simply by the fact that cobalt was completely recovered (within the 

measurement accuracy) from the aqueous solution in the experiment at pH > 6. 

 

  

  
Figure 29. Dependence of the metals’ extraction from the simulated sulfate leachate of Li-ion 

battery waste on the equilibrium pH. The composition of the sulfate leachate was 14 g/L Co, 

0.5 g/L Ni and 2.8 g/L Li .Symbols: circles Co, triangles Ni, squares Li, and lines model. Organic 

phases: (a) unmodified 1 M Cyanex 272 pre-neutralised with NH3 to extents of 48%, (b) 1 M 

Cyanex 272 modified with 5% v/v TOA and pre-neutralised with NH3 to extents of 48%, c) the 

dependence of the distribution ratio on the equilibrium pH calculated from figure a, d) the 

dependence of the distribution ratio on the equilibrium pH calculated from figure b. The 

experimental data were retrieved from Virolainen et al. (2017). 
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The extraction of metals with organophosphorus extractants is usually carried out with 

partially pre-neutralised extractant to facilitate pH control. This is necessary because the 

selective and efficient extraction of one of the metals from a mixture is possible in a 

narrow pH range. For example, the separation of cobalt and nickel with Cyanex 272 is 

possible at pH levels from 5 to 6.5 (Figure 29). However, since the extraction reaction 

proceeds with the release of protons (Eq. (74)), the difference in the acidity of the leach 

solution and raffinate can be significant. The utilisation of the extractant in partially 

neutralised form allows keeping the pH in the desired limits, in agreement with the overall 

ion exchange reaction, Eq. (119). 

 

𝑀𝑛+ + 𝑚(𝐻𝐴)2
̅̅ ̅̅ ̅̅ ̅̅ + 𝑛𝑁𝐻4𝐴 ⇄ 𝑀𝐴𝑛(𝐻𝐴)2𝑚

̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ + 𝑛𝑁𝐻4
+ 

(119) 

 

The values of the model parameters (the extraction equilibrium constants in Eqs. (89) and 

(91)) for the equilibrium distribution of ammonia were estimated separately using the data 

presented by Inoue et al. (1986). The capacity of the fitted model of predicting the 

equilibrium in loading and stripping stages with partially pre-neutralised extractant was 

validated with the experimental data retrieved from Virolainen et al. (2017). As can be 

seen in Figure 30 and Figure 31, the fitted model predicts the loading and stripping 

equilibria well.  

 

 

Figure 30. Extraction isotherms of a) Co and b) Ni for the organic phases: unmodified 1 M Cyanex 

272 (blue), 1 M Cyanex 272 modified with 5% TOA (red) used in the equilibrium experiments 

for the simulated sulfate leachate of Li-ion battery waste. Full circles – experimental results; 

empty circles – modelling results. Equilibrium pH was not controlled. The experimental data were 

retrieved from Virolainen et al. (2017). 
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Figure 31. Stripping isotherms of (a) Ni and (b) Co, with 0.025 M H2SO4 solutions from the 

unmodified 1 M Cyanex 272 (blue), and 1 M Cyanex 272 modified with 5% TOA (red). Full 

circles – experimental results; empty circles – modelling results. Equilibrium pH was not 

controlled. The experimental data were retrieved from Virolainen et al. (2017). 

 

The model presented in Publication III accounts for the extraction equilibrium of metal 

ions and ammonia and thus widens the applicability of the model for process design. 

 

5.2.2 Model-based process design 

The model presented in Publication III and described in Section 3.2 can be employed to 

design and analyse a continuous counter-current process for the separation of the metals 

from Li-ion battery leachates by process simulation. Recently, Virolainen et al. (2017) 

suggested a simplified flowsheet (Figure 32), in which cobalt and nickel were selectively 

extracted from the leachate with Cyanex 272, yielding pure lithium raffinate. Cobalt and 

nickel were consequently separated in the stripping stage and obtained as pure products. 

The purpose of the process simulations was to study how the varying leachate 

composition affects the process performance. The process performance can be regulated 

by the adjustment of process operation parameters, such as O/A phase ratio, number of 

stages and composition of the scrubbing and stripping solutions. The developed model 

provides an opportunity to test the whole process in continuous mode rather than each of 

the process steps separately. In this way, extensive experimentation on an expensive pilot 

scale can be limited. 
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Figure 32. Flowsheet for the continuous counter-current solvent extraction fractionation of metals 

in Li-ion battery waste leachate. LO – loaded organic; BO – barren organic; PNO – pre-

neutralised organic. Thick and thin lines show organic and aqueous streams, respectively. 

 

The composition of the fresh organic phase used in the extraction circuit was set to contain 

1 M of Cyanex 272 with 5% v/v TOA and was 48% pre-neutralised with ammonia. The 

pre-neutralisation of the organic phase is not explicitly considered here. The main 

difficulty in the process design for the flowsheet in Figure 32 is the selection of 

appropriate operation parameters for the loading and scrubbing stages (O/A phase ratios 

and number of stages), since there is a recycling stream that feeds scrubbed nickel and 

lithium back to the first loading stage. This interconnection makes the performances of 

both of the stages interdependent. It was shown in Publication III that the two-loading-

stage configuration was optimal, since it provided high recovery of lithium and loaded 

organic with high purity of cobalt and nickel. Also, it was demonstrated that there is an 

operation window, when a high purity (>99%) of cobalt and nickel in the loaded organic 

phase and lithium in the raffinate can be recovered with high yields (>98%). 

The performance of the interconnected loading and scrubbing stages of the processes with 

varying leachate compositions is presented in Table 7. The O/A ratio in the scrubbing 

was set to 1 in all simulations, while the O/A in the two-stage loading step was adjusted 

so that the equilibrium pH of 7.5 was maintained in the second loading stage. The same 

scrubbing solution (0.3 g/L Ni and pH 1.4) was used in all the processes. The simulations 

showed very good performance of the processes with different leachate compositions 

under the condition that the equilibrium pH of 7.5 was maintained in the last loading stage 

by adjustment of the O/A phase ratios in the loading and scrubbing stages. Cobalt was 

recovered completely from the leachates into the LO, and most of the lithium (>99%) was 

left in the raffinate. At the same time, complete recovery of nickel was not achieved due 

to low pH (between pH 5 and 6 depending on the leachate) in the first loading stage with 

the highest recovery corresponding to the leachates II and III with the highest nickel 

concentration. Notably, the higher recovery of nickel was accompanied by the lower 

purity of lithium in the raffinate; however, the underlying reason was the higher nickel 

Leachate
BO

LO

Extraction

stages

Li Scrubbing
Ni Stripping

stages

Co Stripping

stages

Co
Co+Ni

Ni + Li
H2SO4

H2SO4

H2SO4

Li in Raffinate

Co

Ni

PNO
Pre-

neutralization
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concentration in the leachates. Therefore, a higher Ni/Co ratio in leachate impedes pure 

lithium recovery in the process.  

 

Table 7. Performance of the interconnected loading and scrubbing stages of the processes with 

varying leachate composition. Two-stage loading step with the equilibrium pH of 7.5 maintained 

in the second loading stage and leachate pH 3.5. The O/A in the scrubbing stage was 1 in all 

simulations. The fresh organic phase contained 1 M of Cyanex 272 that was 48% neutralised and 

5% v/v TOA. Scrubbing solution: 0.3 g/L Ni and pH 1.4. 

Leachate 
Co, 

g/L 

Ni, 

g/L 

Li, 

g/L 
Source 

O/A 

loading 

𝑃Li
Raff, 

% 

𝑅Li
Raff, 

% 

𝑃Co+Ni
LO , 

% 

𝑅Co
LO, 

% 

𝑅Ni
LO, 

% 

𝑐Ni
LO, 

g/L 

I 14.0 0.5 2.8 Virolainen et al. (2017) 0.57 99.57 99.99 99.98 100 88.59 0.62 

II 16.7 11.0 1.4 Nan et al. (2006) 0.72 98.48 99.95 99.98 100 98.45 4.59 

III 11.3 11.5 1.8 
Y. Yang, Xu & He 

(2017) 
0.67 98.98 99.94 99.96 100 98.73 5.76 

IV 25.1 2.5 6.2 Nguyen et al. (2014) 0.72 99.65 99.98 99.96 100 94.37 1.25 

 

The rather low amount of nickel, in comparison to that of cobalt, in leachates I and IV 

leads to the low concentration of nickel in the loaded organic (Table 7). Subsequently, it 

does not allow pure nickel to be obtained in the aqueous phase after nickel stripping 

stages, due to the co-stripping of some cobalt (Figure 33). The problem could be solved 

by either the utilisation of leachates with higher nickel concentration, or by increasing the 

concentration of nickel in the scrub solution. The nickel from the scrub solution can be 

extracted in the latter case, increasing the content of nickel in the loaded organic. 

However, mass balance has to be taken into account to keep the amount of stripped nickel 

higher than the amount used in scrubbing. In the former case, the leachate of the desired 

composition can be prepared by combining spent batteries of different types or mixing 

different leachates. 



5 Results and Discussion 102 

 

Figure 33. Performance of the two-stage stripping of Ni from loaded organic with variable Ni 

concentration. The loaded organic phase contains 11 g/L Co; O/A equals 1. Red: the purity of Ni 

in loaded strip liquor; blue: the stripping efficiency of Ni; black dashed line: 99% stripping 

efficiency. Ni concentration in loaded organic: solid line = leachate I; dashed line = leachate II; 

dotted line = leachate III; dash-dot line = leachate IV. 

 

It was shown in Publication III that the process is applicable to separating cobalt, nickel, 

and lithium from leachates of different compositions. The process can be tuned for 

treatment of different leachates by adjustment of the O/A phase ratios in the loading and 

scrubbing stages. The proposed process flowsheet constitutes a simple and effective 

alternative for the recovery of valuable metals from the spent Li-ion batteries. In 

comparison to the processes presented by (Nguyen et al., 2014; Nguyen et al., 2015), the 

process presented here process consists of only one extraction circuit using Cyanex 272 

extractant, providing pure fractions of all three metals. 

 

5.3 Algorithm-based process synthesis 

A method to aid the synthesis of hydrometallurgical processes was developed, as 

explained in Section 4.1. The method employs the Key Performance Indicators (KPI) 

introduced by Winkelnkemper and Schembecker (2010) to assess and compare different 

process options, as well as the Ant Colony Optimisation (ACO) technique as an 

optimisation algorithm. The results of the method application to hydrometallurgical 

process synthesis were presented in Publication IV. 

Identification of the best process scheme was realised in an iterative manner. A 

superstructure of a search domain that contains the collected experimental data is needed 

for the method to work. All the processes that can be constructed are present in the 
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superstructure. Alternative process routes are created by a combination of the process step 

options with the operating parameters as shown in Figure 21. All the process routes 

created constitute the superstructure of the solutions. All the process routes from the 

superstructure are evaluated, and the best one is identified. Instead of enumeration of all 

the possible alternative processing routes, the ACO allows efficient identification of the 

most promising process steps and combines them to create the most promising processing 

routes.  

The ACO algorithm was shown to be very efficient in its application to process synthesis. 

The practical applicability of the method to hydrometallurgy was demonstrated by 

investigating zinc recovery from argon oxygen decarburisation (AOD) dust with two 

alternative leaching methods, as well as the recovery of lanthanides from nickel metal 

hydride (NiMH) batteries. In the first zinc recovery process, 150-minute normal batch 

leaching with 0.5 M H2SO4 was used, and in the other 270-minute batch leaching with 

H2SO4 was done by controlling the pH (>3.0). In both cases, the leachate was extracted 

with D2EHPA at pH 4.27 and stripped with circulating solution from zinc electrolysis. 

Although the set target purity of zinc in the stripped electrolyte (final product) was not 

reached, this case study revealed the power of the method in hydrometallurgical process 

design. 

For lanthanides recovery, the ACO-based method suggested a process in which the raw 

material is leached with 1.3 M HCl, the leachate is extracted with D2EHPA at pH 2.2, 

organic phase is stripped with 2.0 M HCl and 99% pure Ln-oxalates are precipitated with 

oxalic acid at pH 0.6. The set target product purity was exceeded in this case. The 

successful application of the method in the case studies corroborates the potential of the 

suggested method for the automated synthesis of hydrometallurgical processes. 

A critical assumption in the procedure described here is that the calculation of the yields 

and purities in a given stage from experimental data remains reasonably accurate under 

all conditions included in the optimisation. For higher accuracy, one may perform a 

second iteration with refined experimental data once the most promising process schemes 

have been identified. It is also straightforward to include any kind of numerical 

simulations to calculate the purity and yield in a given stage. 
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6 Conclusions 

Hydrometallurgy enables the production of metals that are essential to modern society in 

an environmentally and economically sustainable way. Among other hydrometallurgical 

methods, liquid–liquid extraction is widely included in processing routes of various base, 

precious and other technologically valuable metals. The availability of highly selective 

extractants and advances in the engineering of the technology make it possible.  

The need to recover the valuable metals from such challenging raw materials as low-

grade ores and End-of-Life goods requires the development of new hydrometallurgical 

processes. Modelling and simulation are able to decrease costs and improve efficiency of 

hydrometallurgical process development. In addition, they can help improve the 

performance of those processes already in operation. Moreover, the initial stages of 

process development can be partially automated. 

In the current thesis, a general approach to the modelling and simulation of liquid–liquid 

extraction processes has been formulated. A mechanistic mathematical model of a liquid–

liquid extraction equilibrium has to describe aqueous phase speciation, interfacial 

extraction reactions and organic phase speciation. The rate-based approach to a model 

solution allows fast calculations with a controlled level of accuracy. The nonlinear 

regression modelling approach allows the estimation of model parameters, and the 

Markov chain Monte Carlo (MCMC) algorithm can be used for estimating the reliability 

of the modelling results. The counter-currently operated processes can be simulated using 

the mechanistic model and the sequential-modular approach. The process simulation tools 

developed in such a way can help in researching the process operation under various 

conditions, decreasing the costs of experimentation on the pilot or industrial scale. 

A mechanistic mathematical model capable of predicting the liquid–liquid extraction 

equilibrium of copper and iron(III) from a sulfate solution with a hydroxyoxime 

extractant in wide range of copper, iron and extractant concentrations was developed. The 

modelling of both the loading and stripping steps was implemented. The organic phase 

nonideality was found to significantly affect the extraction performance of both metals 

and was described by empirical functions. The developed model enabled the simulation 

of a multistage copper extraction process and prediction of the iron transfer from pregnant 

leach solution to rich electrolyte in the process. The factors influencing the transfer of 

iron as the main contaminant in the process were studied. It was found that the higher the 

copper loading of the organic in the extraction stages, the less iron was transferred. The 

iron transfer also increased with an increase in the organic to aqueous phase ratios in both 

the loading and stripping stages. The developed process simulation tool enables the 

quantification of the iron transfer and is, therefore, useful in its minimisation. 

A mechanistic mathematical model for the equilibrium of the liquid−liquid extraction of 

cobalt, nickel and lithium from a sulfuric acid solution with an organophosphorus 

extractant was developed and validated. The model was employed for the analysis of an 

extraction process for the fractionation of Li-ion battery leachates of different 
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compositions. The process flowsheet, where cobalt and nickel were recovered together 

from the leachate in the loading step, leaving lithium in the raffinate and where, 

subsequently, cobalt and nickel were separated and purified in the selective stripping step, 

was found to be very flexible. The process was shown to be applicable to the separation 

of cobalt, nickel and lithium from leachates of different compositions. The process can 

be tuned for the treatment of different leachates by adjusting the O/A phase ratios in the 

loading and scrubbing stages. It was found that a high Ni/Co ratio in a leachate impedes 

pure lithium recovery in the process. However, the higher the nickel concentration in the 

leachate, the higher purity of nickel is obtained in the stripped fraction. The process 

scheme allows the adjustment of the process performance to the changing market value 

of the metals. 

In the current research, a simple and efficient automated process synthesis method, 

applicable to the early stages of hydrometallurgical process development, was developed. 

The method makes use of experimental data for the construction of a superstructure of 

process alternatives. Key performance indicators were used to assess and compare 

different process alternatives. The algorithm, based on the ant colony optimisation 

technique, was employed to efficiently identify the most promising process alternative in 

an iterative manner. The method is considered applicable for the development of any 

chemical purification processes that involve the simultaneous selection of unit processes 

and their sequence in a processing route, the selection of mass separating agents and the 

definition of operating parameters.  

Two case studies demonstrated the practical applicability of the method. The recovery of 

zinc from argon oxygen decarburisation dust and the recovery of lanthanides from nickel 

metal hydride batteries were studied. For zinc recovery, the synthesised process consists 

of leaching with controlled pH 3, extraction with D2EHPA at pH 4.27 and striping with 

circulating solution from zinc electrolysis and meets the requirements for the level of 

impurities in the final product. For lanthanides recovery, the synthesised process consists 

of leaching with 1.3 M HCl, extraction with D2EHPA at pH 2.2, stripping with 2.0 M 

HCl and precipitation of 99% pure Ln-oxalates with oxalic acid at pH 0.6. The achieved 

product purity exceeded the initial specifications.  

The studies presented in the current thesis broaden the horizons for future research work. 

The modelling and simulation tools, as well as the method for automated process 

synthesis, were developed to use the experimental data in the most effective way in 

hydrometallurgical process development. Mechanistic models enable exploring the 

operation of liquid–liquid extraction processes in wide range of conditions. The 

application of automated process synthesis facilitates testing different process routes and 

configurations during the hydrometallurgical process development. It is also possible to 

combine the two methods. It is straightforward to utilise the simulation tools in the 

algorithm-based process synthesis to increase accuracy. In addition, the same simulation 

approach can be used for the design of a process where copper, iron, cobalt and nickel are 

separated in two successive liquid–liquid extraction circuits and an iron precipitation 

stage. The results of the process simulations can be validated with the data collected in 
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the continuous counter-current operation of a pilot plant. Furthermore, the same 

mechanistic modelling approach could be used to describe the liquid–liquid extraction 

equilibrium in the extraction of valuable compounds in biotechnology. The difference 

would be that, along with reactive extraction, the extraction of the compounds by physical 

extraction would also be significant. 
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� A mechanistic model for copper liquid-liquid extraction equilibrium.
� A useful empirical correlation for organic phase non-ideality is introduced.
� MCMC is used for identification of the best models with significant parameters.
� The model is shown to be applicable over a wide range of operating conditions.
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a b s t r a c t

The phase equilibrium in the loading and stripping stages of liquid–liquid extraction of copper with
hydroxyoxime extractant in kerosene was studied over a wide range of Acorga M5640 extractant
(5–25 vol%) and copper (1–45 g/L) concentrations. A mechanistic mathematical model explaining the
phase equilibrium was developed and validated. The model accounts for the non-ideality of both the
aqueous and the organic phases. The composition of the aqueous sulfate solution was calculated through
speciation of the electrolytes with an ion association model. The concentration of the extractant in the
organic phase has a strong effect on the equilibrium constant of the extraction reaction. The organic
phase non-ideality in the loading stage was described with an empirical correlation. The model
parameters were fitted against the experimental data using nonlinear regression analysis. A Markov
chain Monte Carlo algorithm was used to assess the reliability of the modeling results. The model has
a significantly wider range of application than previous models and thus facilitates the optimization of
extractant concentration.

� 2017 Elsevier Ltd. All rights reserved.

1. Introduction

Liquid–liquid extraction of copper is the most widely used
application of liquid–liquid extraction in the metallurgical industry
(Schlesinger et al., 2011; Tamminen et al., 2013). Within the
hydrometallurgical method of pure copper production, liquid–
liquid extraction is responsible for the purification and concentra-
tion of copper from a pregnant leach solution (PLS) to generate an
electrolyte for the electrowinning of high quality copper cathodes.
This process scheme accounts for about 20% of primary copper
production in the world (Schlesinger et al., 2011).

The copper liquid–liquid extraction process with hydroxyoxime
extractants can be represented as interfacial, reversible, competi-

tive reactions of copper(II) cation, protons, and cationic impurities
on the aqueous side with chelating hydroxyoxime extractant mole-
cules on the organic side. Hydroxyoxime extractants exhibit high
selectivity for copper over other metallic cations, especially iron,
which is the main impurity in the process. This allows the
concentration and purification of copper in the organic phase and
the rejection of impurity species in the PLS to the raffinate.

Extraction of copper in the range of low aqueous copper
concentrations with hydroxyoxime-type extractants has been
extensively studied and reported in the literature (Agarwal et al.,
2012; Aminian et al., 2000; Flett et al., 1973; Komasawa et al.,
1980; Piotrowicz et al., 1989; Tanaka, 1990a,b,c). It has been con-
sidered sufficient, since according to Kordosky et al. (2006), copper
liquid–liquid extraction was applied in order to concentrate and
purify copper from solutions generated in heap and dump leaching.
In these cases, the PLS typically contained 0.5–8 g/L of copper.

http://dx.doi.org/10.1016/j.ces.2017.05.003
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However, significant progress in the leaching of high-grade copper
sulfide ores and copper concentrates and the application of
pressure oxidation leaching has enabled the feeding of liquid–liq-
uid extraction with PLS containing up to 43 g/L of copper. This also
requires the use of high extractant concentrations (Kordosky et al.,
2006; Schlesinger et al., 2011).

Even though there are many studies on the extraction
equilibria of copper with hydroxyoximes (Aminian et al., 2000;
Doungdeethaveeratana and Sohn, 1998; Gouvea and Morais, 2010;
Molnar and Verbaan, 2003; Ochromowicz and Chmielewski, 2013;
Sridhar and Verma, 2011), data on extraction in awide range of con-
ditions, especially in the range of high aqueous copper concentra-
tions with hydroxyoxime extractants like Acorga M5640, are still
insufficient. The equilibrium of liquid–liquid extraction is usually
represented in terms of loading extraction isotherms (Agarwal
et al., 2010; Deep et al., 2010; Ferreira et al., 2010). However, this
representation cannot show the influence of all the variations in
the extraction conditions on the phase equilibrium in a compact
form. On the other hand,mechanisticmathematicalmodels are reli-
ably able to predict phase equilibrium and create the isotherms
under any operating conditions within the calibration range.
Information concerning the mechanistic mathematical modeling
of the extraction equilibrium of copper(II) with the hydroxyoxime
extractants from a sulfate medium is scarce in the literature.

The equilibrium of copper liquid–liquid extraction has usually
been described using a simple concentration-based mass action
law, when the concentrations of copper and sulfuric acid in the
aqueous phase were low or their variation was small. Otherwise,
the non-ideality of the aqueous phase was taken into account by
introducing the activity formulation of an extraction equilibrium
constant (instead of a concentration-based mass action law) using
activity coefficient models for aqueous species (Agarwal et al.,
2012; Piotrowicz et al., 1989; Tanaka, 1990a). The non-ideality of
the organic phase has been observed when a model with a single
parameter for the extraction equilibrium constant was applied to
solutions with widely varying total extractant concentrations
(Agarwal et al., 2012; Hu and Wiencek, 2000; Lin et al., 2002;
Piotrowicz et al., 1989). Non-ideality has also been observed with
different values of the apparent extraction equilibrium constant
for different total extractant concentrations. Agarwal et al. (2012)
and Piotrowicz et al. (1989) tried to explain this phenomenon by
the dimerization of the hydroxyoxime molecules in the organic
phase; an additional parameter, the dimerization equilibrium con-
stant, was introduced into the models. Agarwal et al. (2012) found
that this improved the model fit, whereas Piotrowicz et al. (1989)

found that the dimerization of oxime could be neglected for
hydroxyoxime concentrations up to 20 vol%.

Although Agarwal et al. (2012) and Alguacil et al. (2004)
reported data and models for the equilibrium of the copper extrac-
tion from the aqueous system CuSO4�H2SO4 with Acorga M5640
extractant in an aliphatic diluent, the studies cover only low
aqueous copper concentrations. Yet for processes with concen-
trated PLS solution conditions, it is relevant that these models have
not covered 5–35 vol% of extractant in the organic phase and up to
43 g/L of copper in the aqueous phase (Schlesinger et al., 2011).
Nor, to our knowledge, has mechanistic mathematical modeling
been used to predict the equilibria of the stripping stage of
liquid–liquid extraction of copper. To sum up, there is no mecha-
nistic model available in the literature that allows the prediction
of the composition of the process phases of copper liquid–liquid
extraction equilibriumwith a hydroxyoxime extractant in the wide
PLS and extractant concentration ranges.

In this work, a mechanistic mathematical model able to explain
the equilibrium of copper liquid–liquid extraction in wide concen-
tration ranges of copper and hydroxyoxime extractant was corre-
lated. The developed model was verified with extensive
experimentally collected data on the equilibrium of the loading
and stripping stages in wide concentration ranges. A new formula-
tion for the copper extraction reaction equilibrium constant was
suggested to improve the model prediction. A Markov chain Monte
Carlo (MCMC) algorithm (Haario et al., 2006) was used to estimate
the reliability of the modeling results.

2. Materials and methods

2.1. Materials

The extractant used was Acorga M5640 (Cytec), whose active
substance is 2-hydroxy-5-nonylsalicylaldoxime. The extractant
was used after washing twice with 3 M H2SO4. The washed organic
and samples taken from the batch equilibrium experiments were
centrifuged for 10 min at 4000 rpm prior to analyses to ensure
complete phase disengagement. As a diluent, aliphatic diluent ker-
osene Exxsol D80 (Exxon Mobil) was used. An organic solution of
the required hydroxyoxime concentration was prepared by dis-
solving the washed organic in the solvent. Aqueous stock solutions
of copper were prepared by dissolving copper(II) sulfate pentahy-
drate (Fluka, AR grade), or copper(II) sulfate (VWR Chemicals, AR
grade) in purified water (ELGA VEOLIA CENTRA R120), and the
pH value was adjusted using H2SO4 (Merck, AR grade).

Nomenclature

Abbreviations
MCMC Markov chain Monte Carlo
MSE mean squared error
PLS pregnant leach solution
SE standard error

Letters
A parameter in regression model
I ionic strength
G number of experimental groups
HR protonated hydroxyoxime
K equilibrium constant
k reaction rate constant
M number of measured responses
N number of experimental points in an experimental

group

R deprotonated hydroxyoxime
r reaction rate

Subscripts and superscripts
D dimerization
eq equilibrium
Exp measured experimental data
f forward
i index of chemical reactions
Mod data calculated with model
LLX liquid–liquid extraction
r reverse
S solvation
tot total
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2.2. Experimental procedure

Extraction and stripping experiments were carried out on an
orbital shaker in 50 mL separation funnels, with 30 min equilibra-
tion time and at 20 �C. Organic to aqueous (O/A) phase ratios were
varied. In the loading experiments, aqueous phases with known
copper content and acidity were brought into contact with
copper-free organic phases of known extractant concentration. In
the stripping experiments, copper-free aqueous phases of known
acidity were brought into contact with loaded organic phases with
known copper and extractant concentrations.

The experimental design of the extraction and stripping experi-
ments is shown in Table 1 and in the supplementary materials. In
extraction experiment E1, the initial acidity was varied, and
the organic to aqueous phase ratio (O/A) was kept constant. In all
the other extraction experiments, E2–E9, only O/A was varied.
The equilibrium acidity was not controlled in all the experiments.
The loaded organic phases for the stripping experiments (S1–S4)
were prepared by bringing fresh organic phases of known extrac-
tant concentrations into contact with the aqueous phase containing
45 g/L of copper at pH 4.3. Each experiment was replicated three
times. The equilibrium copper concentration in the aqueous phase,
the equilibrium acidity of the aqueous phase, and the free oxime-
extractant concentration in the organic phase were measured.
The copper concentration in the organic phase was calculated from
the mass balance. The volume change due to mixing was neglected.

Copper content in the aqueous phase was analyzed by ICP-MS
(Agilent technologies, Agilent 7900), and acidity was measured
by titration with a standard 0.1 M NaOH (Sigma-Aldrich, AR grade)
solution using a Mettler Toledo T50 titrator with a DG 111-SC elec-
trode. The same instrument was used to measure the total free
oxime concentration in the organic phases by the ultimate loading
method. Measurements of the pH were carried out with a Consort
C3010 pH meter using a SenTix Mic glass electrode.

3. Extraction and stripping equilibrium model

The distribution equilibrium of copper between the aqueous and
organic phases in liquid–liquid extraction with a hydroxyoxime
extractant depends on the chemistry and physics of the process.

3.1. Interfacial and organic phase chemistry

The core of liquid–liquid extraction of copper is the ion transfer
between the aqueous and organic phases according to a reversible
two-step mechanism (Flett et al., 1973):

Cu2þ þ HR¢CuRþ þ Hþ ð1Þ

CuRþ þ HR¢CuR2 þ Hþ ð2Þ
where the overbar denotes the species in the organic phase, R
denotes deprotonated hydroxyoxime, and HR denotes a protonated
hydroxyoxime molecule.

The overall extraction reaction, Eq. (3), leads to the expression
of the concentration-based extraction equilibrium constant, Eq.
(4), which is the same for the two-step mechanism.

Cu2þ þ 2HR¢CuR2 þ 2Hþ; ð3Þ

KLLX ¼ ½CuR2� � ½Hþ�2

½Cu2þ� � ½HR�2
; ð4Þ

When concentrations of species in both phases are small (ideal
solutions), the equilibrium of copper extraction is traditionally
described and analyzed by slope analyses using a simple linear
regression model derived from Eq. (4) (Ritcey and Ashbrook, 1984):

logD ¼ logðKLLXÞ þ 2 � log½HR� þ 2 � pH; ð5Þ
where D ¼ ½CuR2�=

P½Cu2þ�. A linear relationship of logD vs. equilib-
rium pH and log½HR� is usually observed with a slope of around 2,
which shows the stoichiometry of the extraction reaction, whereas
the intersection term gives an estimate for the extraction equilib-
rium constant, KLLX (Ritcey and Ashbrook, 1984; Szymanowski
and Borowiak-Resterna, 1991). However, due to the non-ideality
of the aqueous and organic phases, there are considerable devia-
tions from Eq. (5) in systems with high copper and extractant con-
centrations (Agarwal et al., 2012; Komasawa et al., 1980).

When the concentration of hydroxyoximes in the organic phase
is high, phenomena such as the association of unreacted hydroxy-
oximes, the polymerization of the copper-hydroxyoxime com-
plexes, and the solvation of complexes with unreacted (Sastre
and Szymanowski, 2004) hydroxyoxime molecules may occur
(Szymanowski and Borowiak-Resterna, 1991). The characteristic
feature of hydroxyoxime extractants is to undergo self-
association due to the presence of the oximino group (@NOH),
which is a weak proton acceptor (Szymanowski, 1993). Most likely
only two oxime molecules participate in the association, meaning
dimerization (Szymanowski, 1993). In this work, other numbers
of molecules involved in self-association were also tested, but this
did not show an improvement in model fit. The dimerization of
extractant molecules can be described using the equilibrium con-
stant determined for a given system:

Table 1
Experimental design of the extraction and stripping experiments.

Extraction

Experiment set ID Data points C(Cu)0, g/L pH0 HR, vol% Loading0, % O/A range

E1 28 5 0.11 . . . 3.91 10 0 1/1
E2 21 1 1.4 10 0 1/10 . . . 10/1
E3 25 5 1.4 10 0 1/10 . . . 10/1
E4 29 25 1.4 10 0 1/10 . . . 10/1
E5 30 25 1.4 25 0 1/10 . . . 10/1
E6 29 32 1.4 25 0 1/10 . . . 10/1
E7 26 45 1.4 25 0 1/10 . . . 10/1
E8 15 25 1.4 5 0 1/10 . . . 10/1
E9 15 25 1.4 17 0 1/10 . . . 10/1

Stripping

Experiment set ID Data points C(Cu)0, g/L C(H2SO4)0, g/L HR, vol% Loading0, % O/A range

S1 15 0 160 10 90 2/1 . . . 10/1
S2 15 0 160 25 80 2/1 . . . 10/1
S3 15 0 190 10 90 2/1 . . . 10/1
S4 15 0 190 25 80 2/1 . . . 10/1
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2HR¢ ðHRÞ2; ð6Þ

KD ¼ ½ðHRÞ2�
½HR�2

: ð7Þ

The dimerization depends mainly on the diluent. Dimerization
constants are in the order of a few units (L/mol) in aromatic hydro-
carbon diluents and in the range of 20–200 L/mol in aliphatic
hydrocarbon diluents (Sastre and Szymanowski, 2004;
Szymanowski and Borowiak-Resterna, 1991; Szymanowski,
1993). Therefore, the higher the extractant concentration in the
organic phase, the more deviation from the straight line, according
to Eq. (5), will be observed (Agarwal et al., 2012; Komasawa et al.,
1980; Piotrowicz et al., 1989).

According to Szymanowski and Borowiak-Resterna (1991),
polymerization of the copper-oxime complex is not usually
observed in systems with commercial copper extractants, and
there is little probability of solvation of the copper complex by
hydroxyoxime molecules. However, the reaction of the copper(II)
cation with the dimeric extractant has been considered by
Russell and Rickel (1990), while Amores et al. (1997) have also con-
sidered the formation of another copper complex present in the
organic phase (1997) according to reaction Eq. (8). Amores et al.
(1997) reported that the introduction of reaction Eq. (8) to the
extraction mechanism enabled a better explanation of their exper-
imental data on copper extraction equilibrium.

Cu2þ þ 2ðHRÞ2 ¢CuðHR2Þ2 þ 2Hþ ð8Þ
However, it is deemed unlikely here that copper-extractant

complexes are formed to a significant extent according to Eq. (8).
This is because the structure of the dimer significantly reduces
its adsorption on the phase interface and thus limits the probabil-
ity of its reaction with the copper cations in the aqueous phase. It is
more likely that the complex is formed in the bulk organic phase in
a solvation reaction with the unreacted hydroxyoxime, as in Eq.
(9), or with the dimer, as in Eq. (11).

CuR2 þ 2HR¢CuðHR2Þ2; ð9Þ

KS1 ¼ ½CuðHR2Þ2�
½CuR2�½HR�2

; ð10Þ

CuR2 þ ðHRÞ2 ¢CuðHR2Þ2; ð11Þ

KS2 ¼ ½CuðHR2Þ2�
½CuR2�½ðHRÞ2�

: ð12Þ

To conclude, equilibrium liquid–liquid extraction of copper is
governed by the interfacial chelating reaction, Eq. (3). However,
when the extractant concentration is high, the reaction equilib-
rium may be influenced by organic phase non-ideality, which can
be caused by extractant dimerization Eq. (6) and/or by the solva-
tion of the extracted complex Eq. (9) or Eq. (11). All these phenom-
ena, Eqs. (3), (6), (9), and (11), are considered in this work in order
to find the best way to explain the measured experimental data
using mechanistic mathematical modeling.

3.2. Aqueous-side chemistry

In liquid–liquid extraction of copper from concentrated sulfate
solutions, the aqueous phase contains the dissolution products of
electrolytes CuSO4 and H2SO4, so that the principal species present
in the solution are cupric ion (Cu2+), bisulfate (HSO4

�), cupric sulfate
(CuSO4aq), proton (H+), and sulfate ion (SO4

2�). The concentration of
undissociated H2SO4 is negligibly small (Casas et al., 2000). There-

fore, not all the copper in the aqueous solution is available for the
reaction with the hydroxyoxime extractant in the form of Cu2+. In
the same way, the degree of sulfuric acid dissociation affects the
liquid–liquid phase equilibrium. The higher the concentrations of
copper sulfate and sulfuric acid, the more non-ideal is the aqueous
phase, and the more there is deviation from the straight-line rela-
tionship of Eq. (5) (Agarwal et al., 2012; Komasawa et al., 1980;
Piotrowicz et al., 1989; Tanaka, 1990a). Thus, speciation in the
aqueous phase has to be taken into account when Modeling liq-
uid–liquid extraction of copper from concentrated aqueous solu-
tions. The aqueous phase model used in this study contains the
reactions presented in Table 2.

The values of the concentration-based dissociation constants of
the electrolytes in concentrated aqueous solutions are known to
depend on the composition of the solutions and on their amounts.
Here, the first step of sulfuric acid dissociation was assumed to be
complete (log K1 = �3). The sulfate–bisulfate equilibrium and sul-
fate–copper sulfate equilibrium were calculated by using correla-
tions logK2 = 1.99 � DlogK2 and logK3 = 2.35 � DlogK3 (Tamminen
et al., 2013), where DlogK describes the effect of the ionic strength
and is defined as follows:

D logK ¼ 0:51

ffiffi
I

p

1þ 1:50
ffiffi
I

p � CI

 !
vþ CI ð16Þ

The value of v = 4 for bisulfate (K2) and of v = 8 for copper sul-
fate (K3). At a relatively low ionic strength range (I < 0.5), the value
of C = 0.09 is used for both electrolytes, whereas the value of
C = 0.01 is used up to I = 3 (Tamminen et al., 2013).

3.3. Numerical methods in solution

The model of the copper liquid–liquid extraction phase equilib-
rium consists of non-linear algebraic equations for the equilibrium
constants of all the reactions of the assumed mechanism and of
mass balance equations for the species in the system. In addition,
a semi-empirical equation is used to account for aqueous phase
non-ideality by correcting the equilibrium constants of the aque-
ous phase reactions.

The model equations can be solved for the equilibrium composi-
tion of the process phases using, for example, the Newton-Raphson
algorithm. However, a good initial guess is needed, since otherwise,
erroneous or inaccurate results can be obtained. An alternative is a
rate-based approach (Kuitunen, 2014; Salmi et al., 2010), where
both the forward and reverse parts of the reactions are represented
as irreversible, and a reaction rate equation is formed for each of
them according to the mass action law Eq. (17). The forward reac-
tion rate constant was chosen to be kf = 1000, the same for all the
reactions, since it does not influence equilibrium but influences
the time required to reach it. The expression of the reaction equilib-
rium constant Eq. (18) sets the relationship between the forward
and backward parts of the reversible reactions. With this mathe-
maticalmanipulation, all the nonlinear algebraic equations are con-
verted into differential equations that can be solved simultaneously
as an initial value problem by integration, and the solution of the
model can be significantly eased.

Table 2
Aqueous phase dissociation reactions in the system H2SO4–CuSO4.

Chemical reaction Equation for equilibrium constant

H+ + HSO4
� = H2SO4 K1 ¼ ½H2SO4 �

½Hþ�½HSO�
4 �

(13)

H+ + SO4
2� = HSO4

�
K2 ¼ ½HSO�

4 �
½Hþ�½HSO2�

4 �
(14)

Cu2+ + SO4
2� = CuSO4 K3 ¼ ½CuSO4 �

½Cu2þ�½SO2�
4 �

(15)
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ri ¼ �ki½A�a½B�b; ð17Þ

kf ;i ¼ kr;iK i; ð18Þ

where kf and kr are the reaction rate constants of the forward and
reverse reactions, respectively, K is the equilibrium constant, r is
the reaction rate, i is the index of equilibrium reactions, [A] and
[B] are molar concentrations of components, and a and b are stoi-
chiometric coefficients of the forward or reverse reactions.

In theory, the same model described above can be used to pre-
dict the equilibrium of both the extraction and stripping stages of
the copper solvent extraction process. However, in practice, differ-
ent equilibrium constants may be needed, due to the large differ-
ence in the acidity of the extraction and stripping stages of the
copper liquid–liquid extraction.

3.4. Parameter estimation and model selection

The unknown model parameters were estimated by nonlinear
regression fitting of the experimentally measured total copper con-
centration in the aqueous phase, the total acidity in the aqueous
phase, and the total free oxime concentration in the organic phase;
in other words, the expression in Eq. (19) was minimized. A similar
approach was used when Russell and Rickel (1990) fitted the
model parameters by minimizing the sum of squares of the
difference between the calculated and experimentally measured
copper concentration in the organic phase. The estimation of
model parameters has traditionally been done by fitting logD only
(Agarwal et al., 2012; Alguacil et al., 2004; Doungdeethaveeratana
and Sohn, 1998; Tanaka, 1990b), but the approach used in this
work is more accurate, since it directly utilizes experimentally
measured data. The logarithmic function has a different behavior
of errors in comparison with the function responses (concentration
of copper in both phases), while in this study, the goal is the accu-
rate prediction of concentrations of the species in the process
phases instead of their distribution.

Res ¼
XG
g¼1

XM
m¼1

XN
j¼1

Yexp
j;i � Ymod

j;i

maxðYexp
g;j;iÞ

 !2

ð19Þ

where Res is the weighted sum of squares residual, Y is the total
equilibrium molar concentration of copper or protons in the aque-
ous phase or is the total extractant concentration in the organic
phase, m is the number of responses, j is the number of experi-
ments, N is the total number of experiments in the experimental
group, M is the total number of responses, g is number of the group,
and G is the total number of experimental groups.

The range of the measured values of total concentrations was
very wide, giving extremely high weightings to some experimental
results and disregarding others. Therefore, the experimental data
were weighted inside data groups (E1–E9 or S1–S4), so that the
data from different groups had equal importance in the estimation
of the model parameters.

The selection of the most appropriate model for the copper liq-
uid–liquid extraction equilibrium in our study was done by the fol-
lowing principle: the preferable model was the one with the
minimum mean squared error (MSE), Eq. (20), explaining the
experimental data well enough according to visual observations
of the loading isotherms and with the minimum number of param-
eters (Beck and Arnold, 1977).

MSE ¼ Res
N �m� p

ð20Þ

where p is the number of fitted parameters in the model.

All the modeling in the current study was done in Matlab. An
open source MCMC code package developed by Laine (2015) was
used to estimate the reliability of the modeling results.

4. Results

4.1. Modeling of loading stage

In the present study, liquid–liquid extraction of copper from
sulfuric acid solutions with hydroxyoxime extractant Acorga
M5640 in the aliphatic diluent Exxsol D80 was studied with 218
phase equilibrium experiments according to the design of experi-
ments in Table 1. The measured experimental data are presented
as supplementary material. Fig. 1 shows that a simple linear
regression model, Eq. (5), which is usually used to analyze the
equilibrium in ideal solutions, is unable to explain well all the vari-
ation in the collected experimental data. An underlying reason may
be the non-ideality of both the aqueous and organic phases, since
the concentrations are rather high in many of the data points.

4.1.1. Mechanistic models
Several mechanistic models for liquid–liquid extraction of cop-

per were considered in order to find the one that would best
explain the collected experimental data in this work. The same
aqueous speciation model, Eqs. (13)–(15), was used in all the cases,
whereas the organic phase phenomena were modeled with the
models listed in Table 3.

Fig. 1. Overview of the experimental data using the classical log–log
representation.

Table 3
Mechanistic models used for the organic-side phenomena and interfacial reactions of
liquid–liquid extraction of copper.

Model
ID

Model Equations

1 Overall equilibrium complexation reaction Eq. (3)
2 Overall equilibrium complexation reaction

+ dimerization of unreacted hydroxyoxime
molecules

Eqs. (3) and (6)

3 Overall equilibrium complexation reaction
+ dimerization of unreacted hydroxyoxime
molecules + solvation of the extracted metal
complex by dimer

Eqs. (3), (6), and (11)

4 Overall equilibrium complexation reaction
+ dimerization of unreacted hydroxyoxime
molecules + solvation of the copper-
extractant complex by monomers in bulk
organic phase

Eqs. (3) and (9)
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The parameters of the models in Table 3 were estimated from
the experimental data and are shown in Table 4 together with indi-
cators of their significance and their goodness of fit. According to

the MSE values, the best fit is obtained with Models 2 and 3; how-
ever, the superiority of these models over Model 1 is small and is
owed to a higher number of parameters. Although Model 4
provides a fit that is better than Model 1 according to MSE value,
the difference is small, and parameter KS1 is not significant
(t-stat = 1.2 < 3) according to the t-test. There is 23% probability
that KS1 = 0 according to the p-value. Therefore, the differences in
predictive power between Models 1–3 are rather small, and in
these circumstances, the preference should be given to the sim-
plest model with the minimum number of parameters, i.e., Model
1. Moreover, the parameters KLLX and KD are heavily correlated
(correlation coefficient 0.96) according to the posterior distribution
of parameters obtained with the MCMC method (Fig. 2), which
reveals that the parameters are linearly dependent on each other.
Therefore, the parameters cannot be determined simultaneously.
The same applies to the parameters KLLX and KD in Model 3
(Fig. 3). It is worth noting that the estimated values of the dimer-
ization constant are lower than expected for the system with ali-
phatic diluents. This indicates the relatively low importance of
the dimerization phenomenon in the extraction mechanism.

Although Model 1 seems to provide a compromise between the
simplicity of the model and the goodness of fit, the explanation of
the experimental data by the model cannot be admitted to be suf-
ficiently good, as can be seen from Figs. 4 and 5. An overprediction
of organic copper concentration and a corresponding underpredic-
tion of aqueous copper concentration is observed for experiments
with 10 vol% reagent concentration, whereas an underprediction

Table 4
Comparison of models for prediction of copper solvent extraction phase equilibrium in the loading stage.

Model ID Parameter SE t-stat p-value MSE

1 KLLX 19.78 2.18 9.09 �0 7.65e�4

2 KLLX 39.20 5.10 7.70 5.26e�14 4.55e�4
KD 4.37 1.12 3.91 1.03e�4

3 KLLX 44.71 7.16 6.25 7.57e�10 3.94e�4
KD 6.15 1.81 3.40 7.09e�4
KS2 1.33 0.35 3.77 1.78e�4

4 KLLX 17.52 0.78 22.36 �0 6.64e�4
KS1 0.57 0.35 1.2 0.23

Fig. 2. Posterior distribution of parameters with the two-parameter model that
includes aqueous phase speciation, interfacial extraction reaction, and dimerization
of the extractant molecules in the organic phase.

Fig. 3. Posterior distribution of parameters with the three-parameter Model 3 that includes aqueous phase speciation, interfacial extraction reaction, dimerization of the
extractant molecules, and solvation of the extracted complex by dimer in the organic phase. Based on the density estimation, 50% and 95% confidence regions and the one-
dimensional marginal densities are calculated.
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is observed for experiments with 17 vol% and 25 vol% concentra-
tions (Fig. 4). The same is observed with the predictions of Models
2–4. This fact suggests that there is a dependency in the phase
equilibrium that is not accounted for by Models 1–4. The same
was observed by Hu and Wiencek (2000), and the suggested expla-
nation was the non-ideality of the organic phase.

4.1.2. Empirical correction for organic phase non-ideality
It was observed that the value of the equilibrium constant of the

extraction reaction, Eq. (3), changes systematically when fitted
individually against data for each extractant concentration
(Table 5). There were 15 experimental points in each data set for
a fixed extractant concentration, which makes identification of
the equilibrium constant comparable and reliable. The correlation
of the equilibrium constant and the total extractant concentration

is characterized by the correlation coefficient �0.95 with a 4.5%
probability that there is no correlation (p-value = 0.045). The same
trend of a decreasing equilibrium constant with an increase of
extractant concentration (Table 5) was reported by Hu and
Wiencek (2000) and Lin et al. (2002) in the extraction systems with
hydroxyoxime extractants LIX64N and LIX84 in aliphatic diluents.
This behavior was explained through the non-ideality of the
organic phase. In this work, no other correlations with other vary-
ing experimental conditions were found to be significant using cor-
relation analysis.

An excellent fit is observed when Model 1 is individually fitted
for each extractant concentration data set (Fig. 6). The calculated
copper loading (filled symbols) is very close to the experimental
values (open symbols) in all cases. The lines are added to demon-
strate the shape of the loading isotherm at a hypothetical constant

Fig. 4. Measured equilibrium concentrations of copper in aqueous and organic phases at uncontrolled equilibrium acidity. (a) Cu0 1 g/L, HR 10%; (b) Cu0 5 g/L, HR 10%; (c) Cu0

25 g/L, HR 10%; (d) Cu0 25 g/L, HR 25%; (e) Cu0 32 g/L, HR 25%; (f) Cu0 45 g/L, HR 25%; (g) Cu0 25 g/L, HR 5%; (h) Cu0 25 g/L, HR 17%. Modeled values are calculated with the
one-parameter Model 1 that includes aqueous speciation and interfacial extraction reaction. Simultaneous fitting for experimental sets E1–E9.

Fig. 5. Goodness of fit of the one-parameter Model 1 in the experiments with uncontrolled equilibrium acidity. Simultaneous fitting for experimental sets E1–E9.

Table 5
Dependency of the copper liquid–liquid extraction equilibrium constant in the loading stage on the total extractant concentration. O/A ratio was varied while keeping all other
initial conditions the same.

HRtot, vol% [HR]tot, M KLLX SE t-stat p-value MSE

5 0.055 36.02 24.3 1.48 0.15 3.699e�3
10 0.170 22.75 3.09 7.38 3.2e�9 3.729e�4
17 0.306 9.33 1.70 5.46 2.1e�6 6.916e�4
25 0.462 6.48 1.07 6.06 2.7e�7 7.258e�4
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equilibrium pH. These results suggest that equilibrium Model 1
successfully accounts for aqueous phase non-ideality. However, it
is unable to explain the non-ideality of the organic phase, because
a different value of KLLX is needed for each [HR]tot.

Two functions were considered in order to account for the
dependence between the total extractant concentration and the
extraction equilibrium constant (Table 6): a linear function
(KLLX = KLLX,0 + A � [HR]tot) and a hyperbolic tangent function
(KLLX = KLLX,0�(1 � tanh(A � [HR]tot))). Both functions were used to

calculate the apparent extraction equilibrium constant for Model
1 described earlier in Table 4. The nonlinear hyperbolic tangent
function is clearly able to predict the nonlinear variations in the
experimental data better in comparison to the linear function,
according to the MSE value. The hyperbolic tangent function is also
characterized by a gradual approaching of the x-coordinate with
increasing extractant concentrations that is more natural in com-
parison with the linear function. MSE values with both functions
are also lower than those of all the considered mechanistic Models
1–4 (Table 4), which confirms the significance of the correlation of
the extraction equilibrium constant and the total extractant
concentration.

Fig. 7 demonstrates a very good fit of the experimental data by
Model 1, supplemented with a correction of the apparent extrac-
tion equilibrium constant by the two-parameter hyperbolic tan-
gent function. Fig. 8 shows how well the corrected model is able
to predict the loading isotherms with uncontrolled equilibrium
acidity. Comparing Figs. 7 and 8 with Figs. 4 and 5, it can be seen
that the correction of the equilibrium constant using the hyper-
bolic tangent function enables a more accurate explanation of
the equilibrium phase composition. Hence, organic phase non-
ideality is obviously present in the liquid–liquid extraction with
hydroxyoxime extractants in aliphatic diluents.

The utilization of the hyperbolic tangent function allows not
only a correction for the organic phase non-ideality and thus for
the improvement of the model fit, but it also enhances the identi-
fiability of the model parameters (Fig. 9). Parameters KLLX and A of
the hyperbolic tangent function in Fig. 9 are less correlated
(correlation coefficient 0.81) than the parameters KLLX and Kdim

(dimerization constant) in Fig. 2, which once again proves the
superiority of Model 1 with the corrected apparent equilibrium
constant over Models 2–4.

Since the apparent extraction equilibrium constant depends on
the extractant concentration, it affects the copper liquid–liquid
extraction process design. Calculated using the developed model,

Fig. 6. Equilibrium concentrations of copper in aqueous and organic phases with
uncontrolled equilibrium acidity with the one-parameter Model 1, including
aqueous speciation and interfacial extraction reaction. Fitting for individual
datasets with constant extractant concentration. q = HR 25 vol%; / = HR 17 vol%;
. = HR 10 vol%; s = HR 25 vol%; empty symbols = experimental results; filled
symbols = predicted results. The lines show predicted extraction isotherms with
an arbitrarily chosen equilibrium acidity of 0.76 M.

Table 6
Comparison of the correction functions for the model predicting equilibrium in liquid–liquid extraction of copper.

Extraction Parameter Value SE MSE

KLLX = KLLX,0 + A�[HR]tot KLLX,0 39.47 1.32 1.401e�4
A �74.71 2.92

KLLX = KLLX,0�(1 � tanh(A�[HR]tot)) KLLX,0 50.23 3.24 1.292e�4
A 3.16 0.08

Stripping Parameter Value SE MSE

KLLX = KLLX,0 + A�[HR]tot KLLX,0 13.77 0.01 2.68e�4
A �23.16 0.00

Fig. 7. Goodness of fit for the model that includes correction of extraction equilibrium constant for organic phase non-ideality by hyperbolic tangent function.
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Fig. 10 demonstrates how the extraction of copper from the aque-
ous phase increases nonlinearly with the increase in the extractant
concentration in the organic phase. The effect is insignificant until
the extractant concentration reaches 0.25 M (�14 vol%). A further
increase in the extractant concentration leads to a less pronounced
increase in copper extraction. If there was no effect of organic
phase non-ideality on the copper extraction, loading of the extrac-
tant in the organic phase could be expected to increase slowly
starting from the extractant concentration of about 0.14 M
(�8 vol%). However, according to the developed model, loading
gradually decreases due to organic phase non-ideality. Thus, in
addition to the physical limitations (high viscosity of concentrated
extractant leading to high operational costs), there are also
chemical limitations to the application of high extractant

concentrations in copper liquid–liquid extraction with hydroxy-
oxime extractants.

4.2. Stripping stage modeling

Since modeling the loading stage of the copper liquid–liquid
extraction with aqueous speciation and a corrected extraction
reaction equilibrium constant gives an excellent result, the same
approach was applied to modeling the equilibrium of the stripping
stage of the process. The extraction equilibrium constant for
Model 1 (Table 3) was fitted against the collected experimental
data individually for each set of data points with a given total
extractant concentration and acidity of the aqueous phase. There
were 15 experimental points in each data set. Table 7 shows that
the equilibrium constant of the extraction reaction in the stripping
stage depends on the concentration of the extractant in the organic
phase, just as in the loading stage. The variation in the extractant
equilibrium constant due to the variation in the aqueous phase
acidity is negligible. This is seen in Table 7, where the 95%
confidence intervals (KLLX ± 2�SE) of the equilibrium constants,
with the same extractant concentrations but different acidities,
overlap.

A linear correction function for the apparent equilibrium con-
stant of the extraction reaction in the stripping stage was fitted
against the experimental data. The estimated model parameters
in Table 6 are significantly different from the parameters estimated
for the loading stage. The difference may be explained by the large
differences in the acidity in the stripping and loading stages. In
other words, the speciation model for the aqueous phase is not
accurate at very high acid concentrations, and this inaccuracy is
included in the values of the parameters of the linear correction
function. However, the determined stripping stage parameters
are significant, since the estimated standard error (SE) is small
compared to the values of the parameters. Figs. 11 and 12
demonstrate a satisfactory fit of the experimental data. This
verifies the good applicability of the fitted model to explain the
phase equilibrium in the stripping stage of the liquid–liquid
extraction of copper from the extractant diluted in the organic
phase.

Fig. 8. Equilibrium concentrations of copper in aqueous and organic phases in experiments with uncontrolled equilibrium acidity. (a) Cu0 1 g/L, HR 10%; (b) Cu0 5 g/L, HR 10%;
(c) Cu0 25 g/L, HR 10%; (d) Cu0 25 g/L, HR 25%; (e) Cu0 32 g/L, HR 25%; (f) Cu0 45 g/L, HR 25%; (g) Cu0 25 g/L, HR 5%; (h) Cu0 25 g/L, HR 17%. The two-parameter model includes
aqueous speciation and interfacial extraction reaction corrected for the organic phase non-ideality extraction equilibrium constant.

Fig. 9. Posterior distribution of parameters with the two-parameter model that
includes aqueous phase speciation and interfacial extraction reaction. The equilib-
rium constant of the extraction reaction is corrected for the organic phase non-
ideality by the hyperbolic tangent function.
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5. Conclusions

A mechanistic mathematical model was developed to explain
the equilibrium of the loading and stripping stages of liquid–liquid
extraction of copper from concentrated aqueous sulfate solutions
with a hydroxyoxime extractant in an aliphatic diluent in a wide
range of copper and extractant concentrations. The model was val-
idated against an extensive amount of new experimental data.

Several mechanistic mathematical models that included the
speciation of aqueous phase species, reversible interfacial extrac-
tion reactions, the dimerization of extractant molecules in the
organic phase, and the solvation of the extracted complex in the
organic phase were considered. Nonlinear regression analysis
was used to fit the model parameters against the collected exper-
imental data. In addition, a Markov chain Monte Carlo (MCMC)
algorithm was used to identify correlations in the estimated

Table 7
Variation in the copper liquid–liquid equilibrium constant in the stripping stage due to varying extractant and acid concentrations. Equilibrium data were collected
experimentally by varying the O/A ratio individually for each extractant concentration while keeping all other initial conditions the same.

Experiment ID HRtot, vol% [HR]tot, M [H2SO4]tot KLLX SE MSE

S1 10 0.17 3.42 10.26 0.27 1.399e�4
S2 28 0.51 3.91 2.25 0.003 3.890e�4
S3 10 0.17 3.91 10.82 0.008 4.278e�4
S4 28 0.51 3.42 2.22 0.018 3.993e�4

Fig. 11. Goodness of fit for the one-parameter model for the stripping stage (experiments S1–S4) with uncontrolled equilibrium acidity. The model contains the two-
parameter linear function for the correction of organic phase non-ideality.

Fig. 10. Extent of extraction of copper and utilization of extractant in copper liquid–liquid extraction depending on extractant concentration. The curves are calculated using
the developed model with corrected apparent extraction equilibrium constant and Model 1. Initial aqueous and organic copper concentrations are correspondingly 45 g/L and
0 g/L, O/A = 1, and equilibrium acidity is 0.77 M.
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parameters of the considered models and to prove the reliability of
the models.

It was found that the extraction is best modeled by an ion asso-
ciation model to describe the speciation of aqueous phase species
and the overall reversible interfacial extraction reaction. However,
it was observed that the value of the equilibrium constant of the
extraction reaction was heavily correlated with the total concen-
tration of the extractant in the organic phase. This is evidence of
organic phase non-ideality. Neither the dimerization of the unre-
acted extractant molecules nor the solvation of the copper-
extractant complexes was sufficient to explain the organic phase
non-ideality, and too many parameters led to poor identifiability.
The organic phase non-ideality was taken into account by an
empirical correction of the extraction equilibrium constant. The
suggested correction function is the hyperbolic tangent function
KLLX = 50.23�(1 � tanh(3.16 � [HR]tot)) for the loading stage and the
linear function KLLX = 13.77 – 3.16 � [HR]tot for the stripping stage.
The developed models were shown to serve as excellent explana-
tions of the measured experimental data.
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� A mechanistic model for iron (III) liquid–liquid extraction equilibrium is developed.
� A useful empirical correlation for organic phase non-ideality is used.
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� Influence of iron (III) on the copper liquid–liquid extraction process was analyzed.
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a b s t r a c t

The phase equilibrium in the loading and stripping stages of the liquid–liquid extraction of iron (III) with
hydroxyoxime extractant in kerosene was studied over a wide range of hydroxyoxime extractant (Acorga
M5640, 3–25 vol–%) and iron (1.5–45 g/L) concentrations. A mechanistic mathematical model explaining
the phase equilibrium in the loading stage was developed and validated with new experimental data. The
model accounts for the non-ideality of both the aqueous and the organic phases. The composition of the
aqueous sulfate solution was calculated through speciation of the electrolytes with an extended Debye–
Hückel model. The organic phase non-ideality in the loading stage was described with an empirical cor-
relation that accounts for the effect of extractant concentration on the extraction equilibrium constant.
The model parameters were fitted against measured experimental data using nonlinear regression anal-
ysis. A mechanistic mathematical model explaining the co-extraction of iron in copper liquid–liquid
extraction was developed and validated using D-optimal experiment design and the Markov chain
Monte Carlo algorithm. The model facilitates the optimization of copper liquid–liquid extraction circuits,
as iron is the most common impurity in industrial systems, making process operations challenging.

� 2017 Elsevier Ltd. All rights reserved.

1. Introduction

About 20% of primary copper is produced by the hydrometallur-
gical method, which involves the leaching of copper-bearing ores
or concentrates with sulfuric acid solutions followed by liquid–liq-
uid extraction with hydroxyoxime extractants and electrodeposi-
tion of high-purity cathode copper (Schlesinger et al., 2011b).
Since such leaching is not selective, impurities including iron, zinc,
magnesium, nickel, cobalt, and arsenic are also leached (Gotfryd
and Pietek, 2013). However, the liquid–liquid extraction process
produces relatively pure copper (II) sulfate solutions for elec-

trowinning due to the high copper selectivity of the hydroxyoxime
extractants used for purification and concentration. The purity
requirements with respect to the content of most contaminants
in copper electrolytes are not particularly high because of the posi-
tion of the copper in the electrochemical series. Therefore, no spe-
cial attention is paid to their levels when they occur within
relatively broad but acceptable limits (Gotfryd and Pietek, 2013).
This applies especially to nickel, cobalt, arsenic, and antimony.
Cobalt might even be desirable in the electrolytes to prevent corro-
sion of insoluble lead anodes. However, the amount of iron (III)
that is present in electrolytes is more strictly restricted and con-
trolled, as its reduction at the cathode competes with the copper
electrodeposition reaction. This lowers the current efficiency of
copper plating (Schlesinger et al., 2011c).

https://doi.org/10.1016/j.ces.2017.10.003
0009-2509/� 2017 Elsevier Ltd. All rights reserved.
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Even though hydroxyoxime extractants have been proven to be
very selective towards copper (Szymanowski, 1993; Kabugo et al.,
2017), the transfer of iron (III) and other impurities from the preg-
nant leach solution (PLS) to rich electrolytes (RE) is inevitable
(Gotfryd and Pietek, 2013; Molnar and Verbaan, 2003). Most of
the iron (III) transfer is due to chemical extraction, while entrain-
ment contributes to a minor extent (Thomas, 2010). The buildup
of impurities in the electrolyte is controlled by bleeding a small
portion of the electrolyte from the tank house, which increases
operational costs. Therefore, the transfer of impurities and espe-
cially of iron (III) must be minimized. This can be done through
the accurate selection of an extractant formulation that can pro-
vide high enough selectivity with regard to iron (III) and other
impurities as well as careful design of the liquid–liquid extraction
process. Mechanistic mathematical modeling of iron (III) co-
extraction may serve for the latter purpose.

The liquid–liquid extraction of metals with hydroxyoxime
extractants is generally presented as interfacial, reversible, and
competitive reactions of metal cations and protons on the aqueous
side, with chelating cation exchange extractant molecules on the
organic side. Depending on the extracting selectivity, one of the
metal cations is extracted selectively over others. The extraction
of iron (III) in the range of low aqueous iron concentrations with
hydroxyoxime extractants has been studied and reported in the lit-
erature (Aminian and Bazin, 2000; Ocaña and Alguacil, 1998; Parus
et al., 2011; Simpson et al., 1996; Zhang et al., 2016). However, the
data on extraction in a wide range of conditions, especially in the
range of high aqueous iron (III) concentrations, remain insufficient.
Agarwal et al. (2012), Aminian and Bazin (2000), Ocaña and
Alguacil (1998), and Simpson et al. (1996) studied the effect of
the presence of iron (III) in the aqueous solution on the extraction
of copper, when copper was extracted preferably. Iron (III) was
found to have a minor effect on copper extraction. However, there
were no attempts to quantify how much iron (III) is actually co-
extracted with copper under different extraction conditions. Even
so, the information is critical for copper liquid–liquid extraction
process design, as it is important to predict under which process
operation conditions the iron (III) transfer from the PLS to RE is
minimized. In sum, there is no model available in the literature
that allows the prediction of the equilibrium composition of the
process phases of the liquid–liquid extraction of copper in the
presence of iron (III) with a hydroxyoxime extractant in wide PLS
and extractant concentration ranges.

In this work, a mechanistic mathematical model explaining the
equilibrium of iron (III) liquid–liquid extraction in wide ranges of
iron (III) and hydroxyoxime extractant concentrations was corre-

lated. The developed mechanistic model was verified with new
experimental data on the equilibrium of the loading stage. This
model was then combined with a previously developed model
for copper liquid–liquid extraction equilibrium (Vasilyev et al.,
2017). The combined model was verified with experimental data
collected using D-optimal experiments. The verified combined
model was then used to optimize a copper liquid–liquid extraction
circuit, with the aim to minimize iron (III) transfer from PLS to RE.

2. Materials and methods

2.1. Materials

The extractant employed in this study was Acorga M5640
(Cytec), with an active substance of 2-hydroxy-5-nonylsalicylaldox
ime. It was used after washing two times with 3 M H2SO4. The
washed organic as well as samples taken from the batch equilib-
rium experiments were centrifuged for 10 min at 4000 rpm prior
to analyses to ensure complete phase disengagement. Aliphatic
kerosene Exxsol D80 (Exxon Mobil) was used as a diluent. Aqueous
stock solutions of iron (III) and copper (II) were prepared by dis-
solving exsiccated iron (III) sulfate (Sigma–Aldrich, AR grade) and
copper (II) sulfate (VWR Chemicals, AR grade) in purified water
(Elga Veolia Centria R120). The acidity was adjusted with H2SO4

(Merck, AR grade).

2.2. Experimental procedure

Extraction and stripping experiments were carried out on an
orbital shaker in 50 mL separation funnels, with a 30 min equili-
bration time at 20 �C. The contact time was chosen based on data
presented elsewhere (Ocaña and Alguacil, 1998; Simpson et al.,
1996). The organic to aqueous (O/A) phase ratios were varied. In
the loading experiments, aqueous phases with known iron and
copper contents and acidity were contacted with the metal-free
organic phases of known extractant concentrations. In the strip-
ping experiments, metal-free aqueous phases of known acidity
were contacted with the loaded organic phases with known metals
and extractant concentrations.

The design of the experiments to study the extraction and strip-
ping equilibrium of iron (III) is shown in Table 1. One-factor-at-a-
time strategy was used in the experimental designs aiming at col-
lecting sufficient data to visually assess the influences of the vari-
able experimental conditions on iron extraction equilibrium and to
fit a model predicting the equilibrium. In all the extraction (E1–E9)

Nomenclature

Abbreviations
LE lean electrolyte
MCMC Markov chain Monte Carlo
MSE mean squared error
PLS pregnant leach solution
RE rich electrolyte
SE standard error

Letters
A parameter in regression model
I ionic strength
F flow rate
G number of experimental groups

HR protonated hydroxyoxime
J sensitivity of responses to parameters
K equilibrium constant
N number of experimental points in an experimental

group
R deprotonated hydroxyoxime

Subscripts and superscripts
eq equilibrium
Exp measured experimental data
Mod data calculated with model
LLX liquid–liquid extraction
tot total
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and stripping (S1–S5) experiments, only the O/A was varied, keep-
ing the initial phases composition constant. The equilibrium acid-
ity was not controlled in all the experiments. The loaded organic
phases for the stripping experiments (S1–S5) were prepared by
contacting fresh organic phases of known extractant concentra-
tions with an aqueous phase containing 39 g/L of iron (III) at a
pH of 1.06. The loaded organic phases were typically stored over-
night before the stripping experiments. Each experiment was repli-
cated twice. The equilibrium iron concentration and equilibrium
pH in the aqueous phase were measured. The iron concentration
in the organic phase was calculated from mass balance. Volume
changes due to mixing were neglected.

Iron and copper content in the aqueous phase was analyzed via
ICP–MS (Agilent technologies, Agilent 7900). A Mettler Toledo T50
titrator with a DG 111–SC electrode was used to measure the total
free oxime concentration in the metal free organic phases with the
ultimate loading method using a standard 0.1 M NaOH solution
(Sigma–Aldrich, AR grade). Measurements of the pH were carried
out with a Consort C3010 pH meter using a SenTix Mic glass
electrode.

2.3. Numerical methods, parameter estimation, and model selection

The model of the liquid–liquid extraction phase equilibrium
consists of non-linear algebraic equations for the equilibrium
constants of all the reactions in the assumed mechanism and of
mass balance equations for the elements in the system. In addi-
tion, a semi-empirical equation is used to account for aqueous
phase non-ideality by correcting the equilibrium constants of
the aqueous phase reactions. A rate-based approach (Kuitunen,
2014; Salmi et al., 2010) is used to solve the model
equations in the same manner as reported elsewhere (Vasilyev
et al., 2017).

Unknown model parameters are estimated by non-linear
regression fitting of experimentally measured total iron concentra-
tions in the aqueous phase, minimizing the weighted sum of
squared residuals (Eq. (1)).

Res ¼
XG
g¼1

XN
j¼1

Yexp
j � Ymod

j

max Yexp
g;j

� �
0
@

1
A

2

; ð1Þ

where Res is the weighted sum of squared residuals, Y is the total
equilibrium molar concentration of iron, j is the number of experi-
ments, N is the total number of experiments in the experimental
group, g is the number of groups, and G is the total number of exper-
imental groups.

Since the range of the measured values of the total concentra-
tions was very wide, giving high weights to some experimental
results while disregarding others, the experimental data were
weighted inside the data groups (E1–E13 or S1–S5). Hence, the
data from different groups had equal importance in the estimation
of the model parameters.

Selection of the most appropriate model for the iron liquid–liq-
uid extraction equilibrium in our study was done according to the
following principle: the model with the minimum mean squared
error (MSE; Eq. (2)), explaining the experimental data well enough
according to visual observations of the loading isotherms, and with
the minimum number of parameters is preferable (Beck and
Arnold, 1977).

MSE ¼ Res
N � p

; ð2Þ

where p is the number of fitted parameters in the model.
All modeling in the current study has been done in Matlab. An

open source MCMC code package developed by Laine (2015) was
used for estimating the reliability of the modeling results.

2.4. Model-based D-optimal design of experiments

Since the capability of a model to represent a physical system
must ultimately be assessed by comparing the model’s predictions
with actual measured behavior, the combined model for predicting
the extraction of copper and iron from mixed aqueous solutions
has to be validated against experimental data. The technique of
design of experiments (DoE), which is an important link between
the experimental and modeling worlds, was used for that purpose.
The use of DoE here is intended to obtain the maximum informa-
tion from an experimental apparatus being modeled by devising
experiments that will yield the most informative data, in a statis-
tical sense, for use in the model validation (Franceschini and
Macchietto, 2008). Since parameter estimates for the equilibrium
constants of the extraction reactions of copper and iron are the

Table 1
Experimental designs of the extraction and stripping experiments. Subscript 0 refers to the initial solutions.

Extraction Initial Fe loading = 0%

Experiment set ID C0(Fe), g/L pH0 C0(H2SO4), g/L HR, M O/A range

E1 1.45 1.65 1.57 0.18 1/10–10/1
E2 23.27 1.19 1.57 0.18 1/10–10/1
E3 23.27 1.19 1.57 0.50 1/10–10/1
E4 23.55 1.17 0.54 0.19 1/10–10/1
E5 3.02 1.84 0.39 0.19 1/10–10/1
E6 3.02 1.84 0.39 0.50 1/10–10/1
E7 3.07 1.81 0.16 0.19 1/10–10/1
E8 3.07 1.81 0.16 0.50 1/10–10/1
E9 16.13 1.36 0.16 0.50 1/10–10/1
E10 16.13 1.36 0.16 0.19 1/10–10/1
E11 3.07 1.81 0.39 0.30 1/10–10/1
E12 3.17 1.81 0.39 0.05 1/10–10/1
E13 45.37 0.82 0.16 0.23 1/10–10/1

Stripping C0(Fe) = 0 g/L

Experiment set ID C0(H2SO4), g/L HR, M Initial Fe loading, % O/A range

S1 130 0.22 56 1/10–10/1
S2 160 0.22 56 1/10–10/1
S3 190 0.22 56 1/10–10/1
S4 160 0.31 36 1/10–10/1
S5 160 0.11 47 1/10–10/1
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most critical for the model validity, D-optimal DoE, which mini-
mizes the volume of confidence region for all the parameters,
was selected for choosing the conditions for the test experiments.
The number of experiments was arbitrarily chosen to be 15 to min-
imize the laboratory workload while collecting a sufficiently large
amount of data.

D-optimality minimizes the determinant of the variance–co-
variance matrix (Eq. (3)) that contains partial derivatives of the
model response with respect to the model parameters under cer-
tain experimental conditions (Franceschini and Macchietto,
2008). The sensitivities are calculated at each experimental point,
and the process is iterative. One has to sort out many experimental
designs, X, to find the one that minimizes the function (Eq. (4)) at a
fixed parameters estimate, ĥ. This is a hard combinatorial problem
that can be solved, for example, using the Markov chain Monte
Carlo (MCMC) algorithm (Haario et al., 2006).

var ĥ � ðJT JÞ�1
; ð3Þ

min MðX; ĥÞ ¼ min ½� log ðdet ðJT JÞÞ�; ð4Þ

where J ¼ f ðX; ĥÞ ¼ @gðX;ĥÞ
@h – the sensitivity of the responses to the

parameters, gðX; ĥÞ – the model, which consists of equations
describing how the equilibrium concentrations depend on the
experimental conditions, X (initial phase compositions and O/A
phase ratios), and parameters estimate, ĥ.

In our case, validation of the combined model using D-optimal
DoE consisted of the following steps: development of the model
with the parameters estimated from the individual extraction
experiments, definition of the design space (ranges of allowed
experimental conditions), actual design of the experiments using
the MCMC algorithm, collection of experimental data according
to the DoE, and comparison of the modeling results with the exper-
imental data.

3. Results and discussion

3.1. Speciation in the system Fe2(SO4)3–H2SO4–H2O

The electrolyte speciation in concentrated aqueous solutions
can be determined using appropriate equilibrium constants and
ionic activity coefficient models derived from the Debye–Hückel
theory (Casas et al., 2005; Cifuentes et al., 2006; Yue et al., 2014).
In the system Fe2(SO4)3–H2SO4–H2O, the aqueous solution contains
ions that are products of the dissociation reactions (Eqs. (5)–(9))
presented in Table 2. The values of the corresponding reaction
equilibrium constants are taken from the literature (Casas et al.,
2005; Tamminen et al., 2013; Yue et al., 2014). The equilibrium
constants for the dissociation reactions of sulfuric acid and ferric
sulfate were set to be very small, logK = �3, to represent complete
dissociation of the substances.

The pH of solutions in copper liquid–liquid extraction is usually
below 2, as lower acidity leads to poorer extractant selectivity
(Gotfryd and Pietek, 2013; Molnar and Verbaan, 2003;
Ochromowicz and Chmielewski, 2013) and because a higher pH
will lead to the formation of iron hydroxyl complexes and even
iron precipitates (Yue et al., 2014). Speciation calculations indicate
that iron hydroxide complexes always play a minor role in solu-
tions where pH is around or below 2. As a result, at high acidities
of interest (pH generally less than 2.0), the hydrolysis of ferric ions
was not taken into account in the current study.

The extended Debye–Hückel model, Eq. (11), is used here to
model the aqueous phase non-ideality.

log ci ¼
�Az2i

ffiffi
I

p

1þ�aiB
ffiffi
I

p þ _BI; ð11Þ

where åi is the hard-core diameter of the i-th ionic species, zi is the
charge of the i-th species, A and B are the Debye–Hückel parame-
ters, and I is the ionic strength of the electrolyte solution.

This is a modification of the classical Debye–Hückel model, and
it is valid for binary interactions. In order to correct the activity
coefficient for those cases where molecular interactions—other
than electrostatic ones—come into play, the same value in the _B
parameter is included for all participating species. The model is
valid for aqueous electrolyte solutions with moderate (up to I = 1
M) ionic strength (Casas et al., 2000; Casas et al., 2005). The model
has three temperature-dependent parameters, A, B, and _B, whose
values at room temperature are 0.5114 kg0.5/mol0.5, 0.3288 kg0.5/-
mol0.5/Å, and 0.0410 kg/mol, respectively, and one parameter for
each of the species, the ‘‘hard–core diameter,” å.

Fig. 1 shows the calculated distribution of species using the
extended Debye–Hückel model and the speciation reactions
(Table 2) for the system Fe2(SO4)3–H2SO4–H2O at 20 �C and various
concentrations of sulfuric acid and ferric ion. The calculations indi-
cate that the FeSO4

+ and Fe(SO4)2� are predominant iron species in
the system. The relative concentration of ferric ion decreases with
an increase of total iron concentration; the maximum relative con-
centration of ferric ion in the considered conditions is at the lowest
total iron concentration (0.1 g/L) and amounts to 6% of all the iron
in the system (Fig. 1A). When the concentration of sulfuric acid is
variable, the relative concentration of ferric ion increases with an

Table 2
The dissociation reactions included in the model for the aqueous phase speciation in
the solutions containing copper and ferric sulfates in sulfuric acid.

Chemical reaction Equation for equilibrium constant logK

H+ + HSO4
� = H2SO4 K1 ¼ ½H2SO4 �

½Hþ�½HSO�
4 �

�3 (5)

H+ + SO4
2� = HSO4

�
K2 ¼ ½HSO�

4 �
½Hþ�½SO�

4 �
1.98 (6)

Fe3+ + SO4
2� = FeSO4

+
K3 ¼ ½FeSOþ

4 �
½Fe3þ�½SO2�

4 �
4.04 (7)

Fe3+ + 2SO4
2� = FeðSO4Þ�2 K4 ¼ ½FeðSO4Þ�2 �

½Fe3þ�½SO2�
4 �2

5.38 (8)

2Fe3+ + 3SO4
2� = Fe2ðSO4Þ3 K5 ¼ ½Fe2ðSO4Þ3 �

½Fe3þ�2 ½SO2�
4 �3

�3 (9)

Cu2+ + SO4
2� = CuSO4 K6 ¼ ½CuSO4 �

½Cu2þ�½SO2�
4 �

2.36 (10)

Fig. 1. Calculated speciation of ferric sulfate in H2O–H2SO4 system at 20 �C. A. The
concentration of sulfuric acid is 1.6 g/L and that of ferric ion is variable 0.1–50 g/L;
B. The concentration of sulfuric acid is variable 0.32–20 g/L and that of ferric ion is
15 g/L. Red solid lines – Fe3+, blue dashed lines – FeSO4

+, black dash-dot lines – Fe
(SO4)2�. (For interpretation of the references to colour in this figure legend, the
reader is referred to the web version of this article.)
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increase of acidity (Fig. 1B). However, the relative concentration of
ferric ion is still very small: 3.4% at 20 g/L of sulfuric acid.

3.2. Modeling of the loading stage

Liquid–liquid extraction of a given metal by an acidic extractant
is the ion transfer between the aqueous and organic phases accord-
ing to an overall equilibrium reaction (Flett et al., 1973; Ritcey and
Ashbrook, 1984):

Menþ þ nHR¢MeRn þ nHþ: ð12Þ
In the case of iron (III), the overall extraction reaction takes the

form shown in Eq. (13), which leads to the expression of the
concentration-based extraction equilibrium constant, Eq. (14).

Fe3þ þ 3HR¢ FeR3 þ 3Hþ; ð13Þ

KFe
LLX ¼ ½FeR3� � ½Hþ�3

½Fe3þ� � ½HR�3
: ð14Þ

When concentrations of species in both phases are small
(ideal solutions), the equilibrium of extraction is traditionally
described and analyzed by slope analyses using a simple linear
regression model derived from Eq. (14) (Ritcey and Ashbrook,
1984):

logD ¼ logðKFe
LLXÞ þ 3 � log½HR� þ 3 � pH; ð15Þ

where D ¼ ½FeR3�=
P½Fe3þ�. A linear relationship of logD vs. equilib-

rium pH and log½HR� should be observed with a slope of 3, which
shows the stoichiometry of the extraction reaction, whereas the
intersection term gives an estimate for the extraction equilibrium
constant, KFe

LLX (Ocaña and Alguacil, 1998; Simpson et al., 1996;
Szymanowski, 1993). However, due to the non-ideality of the
aqueous and organic phases, there are considerable deviations from
Eq. (15) in systems with high and variable salinity and extractant
concentrations (Rydberg et al., 2004; Szymanowski, 1993).

In the present study, the liquid–liquid extraction of iron (III)
from sulfuric acid solutions with hydroxyoxime extractant Acorga
M5640 in the aliphatic diluent Exxsol D80 was studied through
126 phase equilibrium experiments (experimental design in
Table 1). Fig. 2 shows that a simple linear regression model,

Eq. (15), which is usually used to analyze the equilibrium in ideal
solutions, is unable to explain all the variation in the collected
experimental data. The deviation from the straight line of slope 3
increases with an increase of the initial total iron (III) concentra-
tion in the aqueous phase. An underlying reason is likely non-
ideality of both the aqueous and organic phases since the concen-
trations are rather high at many of the data points. This kind of
behavior was also observed with similar wide concentration range
modeling of copper liquid–liquid extraction (Vasilyev et al., 2017).

Since the predominant species in the aqueous phase are FeSO4
+

and Fe(SO4)2�, the presence of sulfate ions in the aqueous solution
after stripping of the loaded with iron organic phase with
hydrochloric acid was checked using ion chromatography (Thermo
Scientific Dionex ICS-1100 with Dionex AS-DV autosampler); no
sulfate ions were detected. In addition, the presence of ferrous iron
in the aqueous solutions was checked using capillary electrophore-
sis (Beckman Coulter P/ACETM MDQ); likewise, no ferrous iron was
detected. Therefore, based on the analysis, we assume that in the
studied conditions, all iron was present in the trivalent form.

3.2.1. Mechanistic models
A mechanistic model for liquid–liquid extraction of iron, which

was considered to explain the collected experimental data in this
work, contains equations for aqueous speciation (Eqs. (5)–(9) and
(11)) and an equation for the extraction equilibrium constant, Eq.
(14). When the model parameter extraction equilibrium constant,
KFe

LLX , was estimated using all the data sets (E1–E13 in Table 3),

the value of the parameter estimate, KFe
LLX = 0.0036, was not signif-

icant (p�value = 0.19 > 0.05). On the other hand, Fig. 3 indicates an
acceptable goodness of fit. The low extraction percentages of iron
hinder the estimation of a significant value of the parameter.

3.2.2. Empirical correction for organic phase non-ideality
It was observed that the value of the equilibrium constant of the

extraction reaction, Eq. (14), changed when fitted individually
against each data set depending on the initial composition of the
process phases (Table 3). The value of the extraction equilibrium
constant, KFe

LLX , was different in all cases, varying from 0.0002 to
0.1036. The p-value in all the cases was higher than 0.05, indicating
the low significance of the parameter estimates in all the cases.
One reason for this might lie in the low number of data points in
each data set. However, the fact that even the value of the param-
eter estimated using all the data was not significant indicated that
there was a dependence that was not included in the model.

Correlation of the extraction equilibrium constant with the ini-
tial iron concentration and acidity in the aqueous phase was ana-
lyzed along with the total extractant concentration in the organic
phase. The strongest correlation observed was that of the equilib-
rium constant and the total extractant concentration (�0.55 corre-
lation coefficient). No other correlations among other experimental
conditions were found to be significant. The same trend of a
decreasing equilibrium constant with an increase of extractant
concentration was reported by Hu et al. (2000), Lin et al. (2002),
and Vasilyev et al. (2017) in the liquid-liquid extraction of copper
with hydroxyoxime extractants. The behavior was explained
through the non-ideality of the organic phase in all these cases.

Vasilyev et al. (2017) suggested the use of a hyperbolic tangent
function, KFe

LLX = KFe
LLX;0�(1 � tanh(A�[HR]tot)), to take into account the

correlation between the extraction equilibrium constant and the
total extractant concentration in the organic phase. The two
parameters, KFe

LLX;0 and A, were estimated using the whole data
set (E1�E13), and significant values were obtained using the
MCMC algorithm (see Table 4). The goodness of fit for the model,
corrected for the organic phase non-ideality extraction equilibrium

Fig. 2. The equilibrium distribution of iron (III) at different equilibrium pH levels
and under different experimental conditions.
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constant, is presented in Fig. 4, which indicates acceptable model-
ing results.

3.3. Stripping stage modeling

Since modeling the loading stage of the iron liquid–liquid
extraction with aqueous speciation and a corrected extraction
reaction equilibrium constant gives an excellent result, the same
approach was attempted to model the equilibrium of the stripping
stage of the process. The data on the stripping stage were collected
according to the experimental plan presented in Table 1. There
were ten equilibration experiments in each of the five data sets.
Fig. 5A presents the equilibrium stripping isotherms of iron, where
only the O/A phase ratio was variable in each data set. The higher
the phase ratio, the higher the aqueous iron concentration that can
be achieved; however, only a small portion of the iron loaded onto
the organic phase can actually be stripped in a single stripping

stage, as indicated in Fig. 5B. Even the acid concentration had little
effect on the stripping efficiency. The results confirm that the strip-
ping of iron (III) with concentrated sulfuric acid is difficult (Yu
et al., 1989). The reason for this is that iron (III) forms polynuclear
complexes with the extractant molecules in the bulk organic phase
(Smith et al., 2003), and the polynuclear complex iron cannot enter
the interface between the aqueous and organic phases. Special
measures such as the addition of reducing agents to the stripping
acid (Liu et al., 2014) or utilization of oxalic acid as a stripping
agent (Zhang et al., 2016) may be needed to improve the stripping
efficiency. However, development of a method for the complete
stripping of iron (III) from a loaded hydroxyoxime extractant is
beyond the scope of the current study.

Attempts were made to fit the extraction equilibrium constant
for the same model as for the loading stage against the collected
experimental data individually for each set of data points, with a
given total extractant concentration and acidity of the aqueous
phase and for the whole data set. These attempts to fit the model
were not successful. Typically, some 10% of the iron (III) loaded
onto the organic phase can be expected to be stripped in back-
extraction under the studied conditions (Fig. 5B).

3.4. Modeling of simultaneous copper and iron liquid–liquid extraction

In the case of the extraction of copper from single-metal aque-
ous solution by a hydroxyoxime extractant, the overall extraction
reaction, Eq. (16) (Flett et al., 1973), leads to the expression of
the concentration-based extraction equilibrium constant, Eq. (17)
(Vasilyev et al., 2017). The extraction equilibrium constant takes
the form KCu

LLX = 50.23�(1 � tanh(3.16�[HR]tot)), taking into account
organic phase non-ideality. However, scant data are available on
the modeling of liquid–liquid extraction equilibrium of copper in
the case of extraction from aqueous solutions containing impuri-
ties such as iron (III) (Agarwal et al., 2012; Ocaña and Alguacil,
1998; Simpson et al., 1996). Once proven models for copper and
iron are available, it would be interesting to check whether they
are capable of predicting the extraction equilibrium from mixed
copper–iron aqueous solutions. The models for the liquid–liquid
extraction equilibrium of copper and iron were combined to check
their validity in the case of multi-metal extraction systems. A
model-based D-optimal design of experiments (DoE) approach

Table 3
Dependency of the iron (III) liquid–liquid extraction equilibrium constant in the loading stage on total extractant concentration.

Experiment set ID KFe
LLX

t-stat p-value Number of observations MSE

E1–E13 0.0036 1.32 0.19 126 0.0028
E1 0.0096 1.99 0.08 10 0.0016
E2 0.0029 1.35 0.21 10 0.0001
E3 0.0002 1.50 0.17 10 0.0002
E4 0.0169 1.57 0.15 10 0.0002
E5 0.0135 0.21 0.84 10 0.0021
E6 0.0017 0.40 0.70 10 0.0009
E7 0.0123 0.22 0.83 10 0.0017
E8 0.0020 0.28 0.78 10 0.0017
E9 0.0016 0.68 0.51 10 0.0012
E10 0.0078 0.45 0.67 7 0.0004
E11 0.0030 0.28 0.79 10 0.0013
E12 0.1037 0.29 0.78 9 0.0003
E13 0.0004 1.34 0.21 10 0.0001

Fig. 3. Goodness of fit of the iron (III) liquid-liquid extraction model in the
experiments with uncontrolled equilibrium acidity. Simultaneous fitting for
experimental sets E1�E13.

Table 4
The parameters of the correction function for the model predicting equilibrium in the liquid–liquid extraction of iron (III).

Parameter Estimate Estimated 95% CI Estimated SE t-stat p-value

KFe
LLX;0

0.0215 (0.015–0.028) 0.003 6.24 6.35e�9

A 3.342 (1.575–5.110) 0.893 3.74 2.77e�4
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was used to select the experimental conditions for the experiments
on liquid–liquid extraction with a hydroxyoxime extractant from
mixed aqueous solutions containing high amounts of copper and
iron.

Cu2þ þ 2HR¢CuR2 þ 2Hþ ð16Þ

KCu
LLX ¼ ½CuR2� � ½Hþ�2

½Cu2þ� � ½HR�2
: ð17Þ

Table 5 presents the developed D-optimal DoE using the MCMC
algorithm. Initial aqueous phase acidity and total extractant con-
centration were chosen manually with the idea of using the chem-
icals that were readily available in the laboratory. The volumetric
phase ratio, O/A, was set to be the same in all the experiments.
Only initial concentrations of copper and iron in the range of 0–
50 g/L of each metal in the aqueous phase were the subjects of
alternation during the iterative development of the DoE using the
MCMC algorithm.

Fig. 6A demonstrates how the D-optimal DoE, developed using
the MCMC algorithm, distributed the experimental conditions in

the set design space. The initial copper and iron concentrations
are distributed along the diagonal line, with the highest deviation
in the center of the design space. This indicates that the extraction
equilibrium is the most sensitive to the value of the model param-
eters when the aqueous phase contains twice as many moles of
copper than iron. The approach to convergence with the MCMC
algorithm is shown in Fig. 6B.

Good prediction of the experimental data with the combined
model (Fig. 7) validates the ability of the model to predict the
extraction equilibrium in the liquid–liquid extraction of copper
with hydroxyoxime extractant in the presence of iron in the aque-
ous phase. It is also likely that this modeling approach would be
valid with other impurities in a copper liquid-liquid extraction
system.

3.5. Equilibrium model-based study of copper liquid–liquid extraction
in the presence of iron

Information on how much iron is transferred under different
operational conditions, e.g., relative flowrates in the process stages
and extractant concentrations, is needed to optimize the perfor-
mance of the copper liquid–liquid extraction process. In this sec-
tion, application of the developed extraction equilibrium models
for analysis of the chemical iron (III) transfer in the process is
demonstrated.

While keeping the extraction circuit configuration simple (two
extraction stages in series, with counter-current flow of the aque-
ous and organic phases and a single stripping stage, as depicted in
Fig. 8), the efficiency of copper transfer can be increased by
increasing the extractant concentration or changing the relative
flowrates of the organic and aqueous phases (the O/A ratio). How-
ever, those operational parameters influence iron transfer to the
organic phase, and consequently to the RE, too. The model for
simultaneous copper and iron liquid–liquid extraction that was
verified in the previous section was used to simulate the extraction
stages of the circuit, whereas a model for copper stripping
(Vasilyev et al., 2017) was used to simulate the stripping stage.
Based on the iron stripping experiments (Section 3.3), it was
assumed that 10% of the loaded iron is stripped.

In the simulations, the PLS contained 15–45 g/L copper, 40 g/L
iron, and 20 g/L H2SO4, which corresponds to the leach solution
after pressure oxidation leaching (Schlesinger et al., 2011a). The
lean electrolyte (LE) coming from electrowinning back to stripping
contained 35 g/L copper, 3 g/L iron, and 175 g/L H2SO4 (Thomas,
2010). The phase ratio (O/A) was 3.5 and 1.3 in the extraction

Fig. 4. Goodness of fit of the iron (III) liquid-liquid extraction model with non-
ideality correlated for the organic phase. The experiments were performed with
uncontrolled equilibrium acidity. Simultaneous fitting for experimental sets
E1�E13.

Fig. 5. A. Stripping isotherms collected in the experiments with uncontrolled equilibrium acidity. B. Efficiency of stripping in the experiments with uncontrolled equilibrium
acidity. Red symbols – C0(H2SO4) = 130 g/L, blues symbols – C0(H2SO4) = 160 g/L, black symbols – C0(H2SO4) = 190 g/L, open circles – [HR]tot = 0.11 M, filled circles –
[HR]tot = 0.22 M, and crosses – [HR]tot = 0.31 M. (For interpretation of the references to color in this figure legend, the reader is referred to the web version of this article.)
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and stripping stages, respectively. Fig. 9 shows the performance of
the extraction circuit depending on the copper concentration in the
PLS and the extractant concentration in the organic phase. The con-
centration of iron in the LO increases with an increase in the
extractant concentration, but it decreases with an increase of the
copper content in the PLS. This is because the more free extractant
(not loaded with copper) is available in organic phase, the more
pronounced the extraction of iron, and consequently the larger
the iron transfer to RE, as around 10% of the loaded iron is stripped
in the stripping stage. Thus, the organic phase must be loaded with
copper as much as possible in the extraction stage to prevent
chemical iron transfer.

The small iron transfer becomes significant when the copper
extraction process is run dynamically over a long time. For exam-
ple, a transfer of 1 mg/L of iron per 1 m3/h of electrolyte in the pro-
cess with a 250 m3/h flow rate of electrolyte per train results in a
need to bleed about 720 m3 per year per train according to Eq.
(18). This causes losses of electrolyte additives, copper, and acid
(Schlesinger et al., 2011b; Thomas, 2010). Therefore, those opera-
tions that bleed for iron control should put significant focus not
only on the selectivity of extractants but also on the minimization
of iron transfer by determination of the optimal process parame-
ters using equilibrium-based models.

FBleed ¼ FElectrolyte
CRE
Fe � CRE

Fe;target

CLE
Fe

; ð18Þ

Table 5
Design of experiments developed using the D-optimality criterion and MCMC algorithm.

Experiment ID [Cu]0, M [Fe]0, M C(H2SO4)0, g/L [HR]0, M O/A, mL/mL

1 0.30 0.47 5 0.31 1
2 0.26 0.24 5 0.31 1
3 0.55 0.46 5 0.18 1
4 0.53 0.42 5 0.18 1
5 0.25 0.45 5 0.18 1
6 0.43 0.49 0.5 0.18 1
7 0.55 0.29 0.5 0.31 1
8 0.18 0.16 0.5 0.31 1
9 0.29 0.47 0.5 0.18 1
10 0.39 0.49 0.5 0.18 1
11 0.60 0.74 0.05 0.18 1
12 0.26 0.39 0.05 0.18 1
13 0.34 0.22 0.05 0.31 1
14 0.41 0.63 0.05 0.31 1
15 0.27 0.33 0.05 0.31 1

Fig. 6. A. Visualization of the D-optimal DoE developed using the MCMC algorithm.
B. Convergence plot.

Fig. 7. Comparison of experimental and modeling results for the extraction in the systems containing copper (II) and iron (III).
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where F is the volumetric flow rate and CRE
Fe;target is the iron concen-

tration required in rich electrolyte.
The operation of the circuit can be adjusted to favor maximum

loading of the organic phase with copper to minimize the co-
extraction of iron, while maintaining copper recovery at an accept-
able level. This can be done by manipulating the relative flowrates
of the organic and aqueous phases in both the extraction and strip-
ping stages of the process for fixed PLS and LE compositions and
total extractant concentrations (Fig. 10). Copper recovery and the
percentage of copper loaded in the organic phase are opposing pro-
cess performance parameters, and thus achieving maximum levels
for both at the same time is not possible. Both the recovery of cop-
per and the copper loading of the organic are more sensitive to
changes of the phase ratio in stripping when the phase ratio in
the extraction is high. Again, the higher the copper loading of the
organic in the extraction stages, the less iron is transferred from
the PLS to RE and the less bleed is required. Iron transfer and the

required bleed increases with an increase in the phase ratios in
both the extraction and stripping stages. High copper concentra-
tions in the PLS along with high selectivity of the extractant result
in low iron transfer and consequently low volumes of bleed for all
the studied phase ratios in the extraction and stripping stages.

Performance optimization of the extraction circuit, with the aim
to minimize the iron transfer from the PLS to RE and keep the cop-
per recovery and organic loading at a desirable level, can be accom-
plished by solving the constrained nonlinear optimization
problem, Eq. (19).

minFeRE ¼ f
O
A
extr;

O
A
str;CHR

� �
; ð19Þ

subject to

RCu > Rmin

LCu > Lmin

10% < CHR < 30%;

where f ð. . .Þ represents a mathematical model that calculates the
equilibrium iron (III) concentration in RE, R is recovery, L is loading
of the organic phase after the extraction stage, FeRE is the iron con-
centration in the RE, and CHR is the volume percentage concentra-
tion of the extractant in the organic phase. The model, f ð. . .Þ,
includes mass balance equations for copper, iron, acid and extrac-
tant, and equations for the extraction equilibrium constants for all
the reactions in both extraction and stripping stages (Eqs. (5)–(10),
(11), (14), (17)).

For instance, with the set target loading of more than 80% and
copper recovery in the liquid–liquid extraction of more than 60%,
the optimum phase ratio in the extraction stages is found to be 5
and in the stripping stage 1, as the extractant concentration is
23%. Under those optimized conditions, loading is 86% and copper
recovery is 67%, whereas the iron concentration in the RE increases
by 5.81 lg/L in comparison to that in the LE. This operation
requires only 4.2 m3/year per train in an operation with a 250
m3/h electrolyte flow rate per train.

The phase ratio in each extraction stage can be adjusted by
internal stage recycling, and it does not affect the capacity of the
total process (Kaul and Van Wormer, 1985). However, mass trans-

Fig. 8. Process configuration used in the simulation of the iron transfer in the copper liquid–liquid extraction process. Thick and thin lines show organic and aqueous streams,
respectively.

Fig. 9. Effect of copper concentration in the PLS and extractant concentration in the
organic phase on the performance of the copper extraction circuit (Fig. 8). Solid and
dashed lines are organic loading with copper and iron concentration in loaded
organic, respectively. Blue lines – CPLS

Cu = 15 g/L, red lines – CPLS
Cu = 30 g/L, black lines –

CPLS
Cu = 45 g/L. (For interpretation of the references to color in this figure legend, the

reader is referred to the web version of this article.)
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fer effects can influence process operation, so the steady-state of a
dynamically run process may differ from the one calculated in this
article based on extraction equilibriummodeling. The performance
would depend on the residence time and dispersion conditions in
the mixers as well as mixing effects in the settlers (Hoh et al.,
1989). In order to improve the recovery of copper, the process per-
formance could be enhanced by implementing an optimum series–
parallel circuit configuration (Nisbett et al., 2008).

4. Conclusions

A mechanistic mathematical model was developed to explain
the equilibrium of the loading stage of the liquid–liquid extraction
of iron (III) from concentrated aqueous sulfate solutions with a
hydroxyoxime extractant in kerosene with a wide range of iron
and extractant concentrations. The model was validated against
an extensive amount of new experimental data using nonlinear
regression analysis. The stripping stage of the liquid–liquid extrac-
tion of iron was also studied experimentally, and it was noticed
that a maximum of 10% of the iron loaded onto the organic phase
could be expected to be stripped under the wide range of studied
conditions.

Extraction equilibrium was modeled by an ion association
model with an extended Debye–Hückel activity coefficient model
to describe the speciation of the aqueous phase species and the
overall interfacial extraction reaction. However, it was observed
that the value of the equilibrium constant of the extraction reac-
tion depended on the total concentration of the extractant in the
organic phase. This was explained by organic phase non-ideality
and was taken into account by empirical correction of the extrac-
tion equilibrium constant with a hyperbolic tangent function.

The developed model for iron extraction was combined with a
previously developed model for copper extraction. The combined
model was validated against experimental data, which were col-
lected according to iteratively determined experimental conditions
using the Markov chain Monte Carlo (MCMC) algorithm with the
D-optimality criterion to establish the parameters of the model.
The validated model was shown to excellently predict the extrac-
tion of iron (III) in the copper liquid-liquid extraction processes.

This work helps to determine the optimal process parameters
for minimization of the iron transfer in the copper liquid-liquid
extraction operations that bleed for iron control. The verified com-
bined model was used to analyze the performance of a copper liq-
uid–liquid extraction circuit that recovers copper from the PLS
obtained from pressure oxidation leaching and containing 45 g/L
copper, 40 g/L iron, and 20 g/L H2SO4. It was shown that high cop-

per loading of the organic phase hinders the extraction of iron, and
that iron extraction increases with an increase of the O/A phase
ratios in both the extraction and stripping stages. With the simula-
tions, it was shown to be possible to optimize, in terms of minimiz-
ing the iron transfer, the phase ratios (flowrates) between the
organic and aqueous phases and extractant concentrations, which
are among the key design parameters in the extraction process.
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A B S T R A C T

Fractionation of Li-ion battery waste leachates into high-purity Li, Ni, and Co streams in a liquid−liquid ex-
traction circuit was studied using numerical simulations. A new mechanistic mathematical model explaining the
phase equilibrium in the loading, scrubbing, and stripping stages using bis(2,4,4-trimethylpentyl)phosphinic
acid (Cyanex 272) as extractant was developed. Including the distribution equilibrium of ammonia in the model
enabled simulation of metal extraction with partially neutralized extractant. The model facilitates the design and
optimization of liquid–liquid extraction circuit for fractionation of Li-ion battery leachates. Four leachates from
recent research articles were selected to the study in order to cover a wide composition variation. In the se-
paration process scheme studied, Co and Ni are first selectively extracted, yielding a pure Li raffinate, and then
separated as pure products in the stripping steps. The simulation results confirm the viability of the scheme. The
influence of the leachate composition on the feasible range of O/A ratios in loading and scrubbing as well as acid
concentration in Ni stripping was quantified. With proper operating parameters, high recoveries of Li and Co
(> 99.9%) are achieved for all leachate compositions. The leachates containing 10–25 g/L Co,> 10 g/L Ni,
and>2.5 g/L Li are particularly suitable for fractionation of the metals into high-purity (> 99%) Li, Ni, and Co
streams.

1. Introduction

Li-ion batteries are widely used for powering portable electronic
devices of different types due to the favorable properties of Li, which
has the highest redox potential value, and the highest specific heat
capacity, of any solid element [1]. Currently, Li-ion batteries account
for 37% of all the rechargeable batteries produced in the world, and
their share is increasing. The number of appliances powered by this
type of battery is growing as well. In total, 39% of produced Li is
consumed in the manufacture of batteries [1]. Moreover, a sharp in-
crease in Li demand is expected in the near future, due to the rapid
development of the electric vehicle market [2,3].

Along with Li, spent Li-ion batteries contain hazardous materials; Co
is classified as critical, and others are extensively used base metals (Mn,
Ni, Cu, etc.) [2]. As the estimated operational life of Li-ion batteries is
10 years, the amount of these metals available from spent batteries, as a
secondary resource, will only increase, along with an increase in the
number of batteries in use [4]. Therefore, the investigation of processes
for recovery and recycling of metals from spent batteries has become

highly desirable, from both environmental and economic viewpoints
[2,5].

In a hydrometallurgical process applied for the recovery of valuable
metals from spent Li-ion batteries, the battery waste is usually leached
with H2SO4 or HCl acid [6,7] after mechanical and possibly some other
pretreatment [8,9]. Also, H3PO4 was reported [10] to be a suitable
agent for the leaching of the cathode materials (LiCoO2) and Co re-
covery. In addition, some organic acids such as citric acid [11] were
considered as a leaching agent. As mentioned above, along with Li, Ni,
and Co, Li-ion batteries contain significant amounts of Cu (7–17%), Al
(3–10%) and Fe (up to 20%) [12] that may also be leached. Cu, Al, Mn,
and Fe can be removed from the leachate by precipitation [13,14], or
liquid−liquid extraction with 2-hydroxy-5-nonylsalicylaldoxime
(Acorga M5640) [5], leaving Li, Ni, and Co in the solution. The utili-
zation of the hydroxyoxime reagent also allows recovery of pure Cu.

Organophosphorus reagents bis(2,4,4-trimethylpentyl)phosphinic
acid (Cyanex 272, Mextral 272P, P507) and 2-ethylhexyl hydrogen(2-
ethylhexyl)phosphate (PC-88A) are solely used for separation of Co, Ni,
and Li due to their good Co/Ni selectivity and low extractability of Li
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from acidic solutions [6]. The separation of Co and Ni is a well-studied
application of liquid−liquid extraction in hydrometallurgy [15]. The
plants that use liquid−liquid extraction for Co/Ni separation process
solutions resulting from ores, concentrates, precipitates, matte, various
scrap materials, and waste effluents [16], operate mostly with di(2,4,4′-
trimethylpentyl)phosphinic acid (Cyanex 272, Mextral 272P, P507).
The active component has been shown to yield high selectivity, low
aqueous phase solubility, and high chemical stability [15]. Virolainen
et al. [6] showed that high Co/Ni selectivity of Cyanex 272 makes this
extractant a more attractive choice than PC-88A for the fractionation of
Co, Ni, and Li.

In response to the increasing necessity to recycle spent Li-ion bat-
teries, a number of studies have suggested employing liquid–liquid
extraction to recover and separate Co, Ni, and Li from battery leachates
[3,5,6,11]. A challenge for utilization of the phase equilibrium and pilot
data available in the literature is that the composition of the leachate
may vary strongly depending on the exact Li-ion battery chemistry and
leaching conditions. To the authors’ knowledge, the influence of Li
battery leachate composition on the performance and operation of
continuous counter-current liquid–liquid extraction processes has not
been investigated.

Numerical simulation of extraction processes can aid in under-
standing the influence of different operation conditions on process
performance. Yet, there are no detailed numerical modeling and si-
mulation studies on the liquid−liquid extraction processes for Li-ion
batteries recycling. Slope analysis is often used for determining the
nature of the extracted complexes and the stoichiometry of the metal
extraction reactions [5,17–20]. Process design usually relies on
McCabe-Thiele analysis, which is used for determination of the number
of theoretical stages required in loading, scrubbing, and stripping steps
to achieve a specified purification and recovery in a counter-current
operation [18,20–22]. The method heavily relies on extraction equili-
brium data in the form of loading, scrubbing, and stripping isotherms,
which are different for different extractant concentrations and acidity
of aqueous phase. Moreover, it is best suited for designing single metal
extraction and does not give a good indication of the impurity transfer
in the process. Bourget et al. [23] introduced a simulation software that
relies on the simultaneous solution of multiple equilibrium calculations
based on pre-generated equilibrium data. The capabilities of the si-
mulation tool were demonstrated in optimization of the design para-
meters of a circuit for recovery of Ni and Co. Even though the modeling
method allows for transfer of impurities, it requires large variations in
the experimental data to predict process performance accurately over a
wide range of operating conditions. Alternatively, mechanistic mod-
eling offers higher flexibility and accuracy in process simulation and

design [24,25], especially in systems with competitive extraction re-
actions. Calibration of the models with reasonable amount of experi-
mental data is however still required.

An effective Li-ion battery leachate fractionation process was earlier
proposed by Virolainen et al. [6] and demonstrated in continuous
counter-current runs for loading, scrubbing and stripping steps in-
dividually. However, the operation of the entire process was not vali-
dated. The process focuses on the separation of Co, Ni, and Li, which is
the final stage in the processing of Li-ion battery leachate when all the
other impurities (e.g. Cu, Al, Mn, and Fe) are removed by either se-
lective precipitation or liquid–liquid extraction.

The objective of this study was to examine by numerical simulations
the operation of the entire process scheme proposed by Virolainen et al.
[6] in application to fractionation of Li-ion battery leachates of different
compositions. For this purpose, a new mechanistic mathematical model
of the equilibrium liquid–liquid extraction of Li, Co, and Ni with Cyanex
272 extractant from a sulfate solution was developed. The removal of
other impurities in the initial stages of the Li-ion battery leachates
processing is not considered because there are several known solutions
discussed above. The same process scheme was studied for fractionation
of four different Li-ion battery leachates presented in the literature
[6,21,26,27]. The four leachates differed significantly in the target
metals concentrations (Co, Ni, and Li). For three leachates [21,26,27],
different process flowsheets have been originally suggested but the
designs have not been verified by continuous experimental runs or si-
mulations. It is shown here that numerical simulations can be used for
optimization of the entire process and for analysis of process operation
limitations over a wide range of feed concentrations.

2. Modeling

In the current study, the liquid–liquid extraction of Co, Ni, and Li is
considered to be an interphase extraction process (Fig. 1). The extrac-
tion equilibrium is modeled by taking into account the aqueous phase
speciation, the competing interfacial ion exchange extraction reactions
of the cations, and the formation of extracted cation-extractant com-
plexes of different stoichiometries in the bulk organic phase.

Acidic organophosphorus extractants are frequently used in the
form of their Na or ammonium salts in order to facilitate pH control of
the operations when the leaching solutions contain high concentrations
(> 3 g/L) of the metals being extracted [28–30]. Hence, it is important
to study, in addition to the extraction behavior of the metal ions, also
the extraction of ammonia [30]. Yet, up to now, no model has been
suggested that could describe the ammonia equilibrium distribution in
the range of pH 2–7, corresponding to the loading and stripping steps in

Nomenclature

Abbreviations

LLX liquid–liquid extraction
SSR sum of the squared residuals

Letters

A deprotonated phosphinic acid
a activity
c molar concentration
E extent of extraction
HA protonated phosphinic acid
I ionic strength
k reaction rate constant
K equilibrium constant
M extractable cations Co2+, Ni2+, Li+, or NH4

+

R rate of an elementary reaction
S number of reactions in the system

Greek

γ activity coefficient
ϑ stoichiometric coefficient of the species
σ standard deviation of the parameter estimates

Subscripts and superscripts

Aq aqueous phase
exp measured experimental data
f forward
mod data calculated with model
Org organic phase
r reverse
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the process of liquid−liquid separation of Co and Ni. The liquid−liquid
equilibrium distribution of ammonia is thus accounted for here.

2.1. Extraction of Co, Ni, and Li

2.1.1. Aqueous phase speciation
The aqueous phase in liquid–liquid extraction contains ions that are

products of the dissociation reactions listed in Table 1. The corre-
sponding equations for the equilibrium constants (Eqs. (1–18)) are also
listed in Table 1. The values of the equilibrium constants were taken
from the database of Medusa software [31]. The value of the equili-
brium constant for sulfuric acid in Eq. (1) was set to be small
(logK=−3) to represent complete dissociation [25]. The hydrolysis
reactions of Co and Ni were included in the speciation model because
the operation of some steps in the process considered herein is intended
to be around pH 7, where precipitation of the metal hydroxides is
possible (but of course undesirable). The equilibrium constants of the
hydrolysis reactions listed in Table 1 include the concentration of
water, which was assumed to be constant.

In concentrated aqueous solutions, electrolyte speciation can be
determined using appropriate reaction equilibrium constants and ionic
activity coefficient models, derived from the Debye–Hückel theory
[25,32]. The extended Debye–Hückel model, Eq. (19), was used herein
to calculate activity coefficients for the aqueous phase species. A dis-
cussion on the model is presented elsewhere [24,25,32]. The activity
coefficient γ relates the activity a to a measured molar concentration
for the species in the aqueous phase: =a γc. Activity coefficients of the
species in the organic phase were assumed unity.

=
−

+
+γ

Az I
a B I

BIlog
1 ˚

̇
i

i

i

2

(19)

where åi is the hard-core diameter of the i-th ionic species, zi is the
charge of the i-th species, A and B are the Debye–Hückel parameters,
and I is the ionic strength of the electrolyte solution.

2.1.2. Extraction mechanism
Depending on the extraction conditions, organophosphorus acid-

based extractants are known to form complexes of variable stoichio-
metry with metal ions. These complexes are preferentially distributed
into the organic phase [18–20,28]. The extractant-to-metal molar ratio
for divalent metal ions changes from four (tetrahedral complex) to two
(polymer formation), as the loading of the organic phase increases and
less extractant molecules are available for metal complexation [29].
The liquid–liquid extraction of a given divalent metal by an

organophosphorus acid-based extractant can be described assuming
two stepwise reactions [33,34], the first one of which is an ion transfer
at the interface of the aqueous and organic phases, where M stands for
Co or Ni:

+ ⇄ ++ +M HA MA HA H2( ) ( ) 22
2 2 2 (20)

and the second of which occurs in the bulk organic phase as a break-
down of the complex MA HA( )2 2:

⇄ +MA HA MA HA( ) ( )2 2 2 2 (21)

In the case of Co and Ni, the first extraction reaction step takes the
form shown in Eqs. (22) and (24), which leads to the expression of the
extraction equilibrium constants, Eqs. (23) and (25):

+ ⇄ ++ +Co HA CoA HA H2( ) ( ) 22
2 2 2 (22)

=
+

+
K a CoA HA a H

a Co a HA
( ( ) )· ( )

( )· (( ) )LLX
Co

,1
2 2

2

2
2

2 (23)

+ ⇄ ++ +Ni HA NiA HA H2( ) ( ) 22
2 2 2 (24)

=
+

+
K a NiA HA a H

a Ni a HA
( ( ) )· ( )

( )· (( ) )LLX
Ni

,1
2 2

2

2
2

2 (25)

At high organic loading, the breakdown of the extracted complexes
of Co and Ni in the bulk organic phase is described by Eqs. (26) and (28)
that lead to the expression of the extraction equilibrium constants, Eqs.
(27) and (29):

⇄ +CoA HA CoA HA( ) ( )2 2 2 2 (26)

Fig. 1. Mechanism of the liquid−liquid extraction of Li, Ni, and Co from a
sulfate solution with saponified phosphinic acid in an aqueous/organic two-
phase system. M stands for extractable cations Co2+, Ni2+, Li+, or NH4

+; A
stands for deprotonated phosphinic acid.

Table 1
Aqueous speciation reactions included in the model for aqueous phase specia-
tion in the simulated sulfate leachate of Li-ion battery waste [25,31]. Equili-
brium constants of the hydrolysis reactions include the concentration of water,
which was assumed to be constant.

Chemical reaction Equation for equilibrium
constant

logK

H++HSO4
−⇄ H2SO4 = + −K a H SO

a H a HSO1
( 2 4)

( )· ( 4 )
−3 (1)

H++SO4
2−⇄ HSO4

−

=
−

+ −K
a HSO

a H a SO2
( 4 )

( )· ( 4
2 )

1.98 (2)

Co2++ SO4
2−⇄ CoSO4 = + −

K a CoSO
a Co a SO3

( 4)
( 2 )· ( 4

2 )
2.34 (3)

Co2+ H2O⇄ H++CoOH−

=
− +

+K a CoOH a H
a Co4

( )· ( )
( 2 )

−9.2 (4)

Co2++H2O⇄ 2H++Co(OH)2 =
+

+K a Co OH a H
a Co5

( ( )2)· ( )2

( 2 )

−18.6 (5)

Co2++H2O⇄ 2H++Co(OH)2,S =
+

+K a H
a Co6

( )2

( 2 )
−12.2 (6)

Co2++NH3⇄ CoNH3
2+

=
+

+K a CoNH
a Co a NH7

( 32 )
( 2 )· ( 3)

2.1 (7)

Ni2++ SO4
2−⇄ NiSO4 = + −

K a NiSO
a Ni a SO8

( 4)
( 2 )· ( 4

2 )
2.29 (8)

Ni2++H2O⇄H++NiOH−

=
− +

+K a NiOH a H
a Ni9

( )· ( )
( 2 )

−9.5 (9)

Ni2++H2O⇄ 2H++Ni (OH)2 =
+

+K a Ni OH a H
a Ni10

( ( )2)· ( )2

( 2 )
−20.01 (10)

Ni2++H2O⇄ 2H++Ni (OH)2,S =
+

+K a H
a Ni11

( )2

( 2 )
−10.5 (11)

Ni2++NH3⇄NiNH3
2+

=
+

+K a NiNH
a Ni a NH12

( 32 )
( 2 )· ( 3)

2.73 (12)

Li++ SO4
2−⇄ LiSO4

−
=

−

+ −K a LiSO
a Li a SO13

( 4 )
( )· ( 4

2 )
2.29 (13)

Li++H2O⇄H++LiOH
=

+

+K a LiOH a H
a Li14

( )· ( )
( )

−9.5 (14)

Li++NH3⇄ LiNH3
+

=
+

+K a LiNH
a Li a NH15

( 3 )
( )· ( 3)

−0.7 (15)

H++NH3⇄NH4
+

=
+

+K a NH
a H a NH16

( 4 )
( )· ( 3)

9.237 (16)

H++NH3+ SO4
2−⇄ NH4SO4

−
=

−

+ −K a NH SO
a H a NH a SO17

( 4 4 )
( )· ( 3)· ( 4

2 )
9.237 (17)

H2O⇄H++OH−
= + −K a H a OH( )· ( )18 −14 (18)
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=K a CoA a HA
a CoA HA
( )· (( ) )

( ( ) )LLX
Co

,2
2 2

2 2 (27)

⇄ +NiA HA NiA HA( ) ( )2 2 2 2 (28)

=K a NiA a HA
a NiA HA
( )· (( ) )

( ( ) )LLX
Ni

,2
2 2

2 2 (29)

Li is extracted by Cyanex 272 at lower acidity in comparison to
cobalt and nickel. Under such conditions, the organic phase is assumed
to be loaded, to a high degree, by Co and Ni, and extraction of Li is
possible with only one dimeric extractant molecule according to the
reaction in Eq. (30). This leads to the expression of the extraction
equilibrium constant shown in Eq. (31).

+ ⇄ ++ +Li HA LiA HA H( ) ·2 (30)

=
+

+
K a LiA HA a H

a Li a HA
( · )· ( )
( )· (( ) )LLX

Li

2 (31)

As has already been discussed in the introduction, when leaching
solutions contain high concentrations of the metals to be extracted, the
extractant is used in the saponified form to reduce the generation of
acid during the extraction. The reaction in Eq. (32) is usually used to
describe the extraction mechanism of a divalent metal ion, with the pre-
neutralized organophosphorus extractant, when slope analysis is em-
ployed [5,17,18]:

+ + ⇄ ++ +M HA NH A MA HA NH( ) 2 ( ) 22
2 4 2 2 4 (32)

The reaction explains how the pre-neutralization prevents excessive
generation of acid in the loading step by means of exchange of the
metal and ammonium ions. However, Eq. (32) gives only a qualitative
explanation of the overall interfacial extraction mechanism, and is not
suitable for the mechanistic modeling of the extraction equilibrium of
Co, Ni, and Li. Therefore, a model of ammonia equilibrium distribution,
developed in the next section, was included in the model for an ex-
traction equilibrium of the metal ions.

2.1.3. Liquid–liquid distribution equilibrium of ammonia
Inoue et al. [30] studied the extraction of ammonium with Cyanex

272 and found that it is extracted as an ion-pair NH4A(HA)4, according
to Eq. (33), in the low pH region (pH < 6), in which the loading of
ammonia in the organic phase is low. The extraction equilibrium con-
stant for the extraction reaction can be expressed in the form of Eq.
(34). Also, it was concluded that ammonia exists as NH4A complex in
the organic phase in the region of the high loading ratio of ammonia to
the extractant, at pH > 7 [30]; however, there have been no quanti-
tative studies on its distribution equilibrium at pH 2–8 to date.

+ ⇄ ++ +NH HA NH A HA H2.5( ) ( )4 2 4 4 (33)

=
+

+
K a NH A HA a H

a NH a HA
( ( ) )· ( )
( )· (( ) )LLX

NH A HA( ) 4 4

4 2
2.5

4 4

(34)

Lindell et al. [28] studied the water (NH3)/Cyanex 272/aliphatic
diluent (D-70, Shell Chemicals) system and concluded that, at a high
aqueous ammonia concentration, a single-phase microemulsion is
formed at an ammonia/organic acid molar ratio of 1. The microemul-
sion contains reversed micelles enclosing the water. Upon contact with
an acidic aqueous phase in the loading stage of the liquid−liquid ex-
traction, the breakdown of the microemulsion is assumed here to follow
the reaction in Eq. (35), which has an extraction equilibrium constant
in the form of Eq. (36). The influence of the presence of water in the
microemulsion on volume change was neglected.

+ ⇄ ++ +NH HA NH A H2 ( ) 2 24 2 4 (35)

=
+

+
K a NH A a H

a NH a HA
( ) · ( )

( ) · (( ) )LLX
NH A 4

2 2

4
2

2

4

(36)

The reaction in Eq. (32) is actually obtained by combining the re-
actions in Eqs. (20) and (35). Therefore, Eq. (32) represents the net
extraction reaction, whereas Eqs. (20) and (35) describe the extraction
in detail, and enable the mechanistic modeling of the extraction pro-
cess.

In order to study the extraction equilibrium of ammonia in the pH
2–10 range, the aqueous speciation reactions shown in Table 2 were
considered, following the approach presented by Inoue et al. [30]. The
value of the dissociation constant of ammonium nitrate was taken from
Mozurkewich (1993) [35], whereas the rest of the constants were taken
from the database of Medusa software [31].

2.2. Numerical methods

The model for the liquid–liquid extraction equilibrium of Co, Ni,
and Li consists of nonlinear algebraic equations for the equilibrium
constants of all the aqueous speciation reactions (Eqs. (1–18)), and the
reactions in the assumed extraction mechanism (Eqs. (23), (25), (27),
(29), (31), (34), (36)). In the same manner, the model for the li-
quid–liquid distribution equilibrium of ammonia consists of equations
for the aqueous speciation reactions (Eqs. (37)–(40)), and the reactions
in the assumed extraction mechanism (Eqs. (34) and (36)). In addition,
the mass balance and electrical charge balance equations are needed to
solve the systems of nonlinear algebraic equations for the equilibrium
phase composition. The set of equations can be solved since it is pos-
sible to formulate the same number of independent equations as there
are variables (species). However, a good initial guess is required, since
otherwise erroneous or inaccurate results can be obtained. Therefore, a
rate-based approach, described in the following section, is used herein
as an alternative.

Solution of the phase equilibrium model
A rate-based approach [24,25,36] was used herein to solve the

model equations, since the approach was found to be more efficient in
comparison to the solution of a system of nonlinear algebraic equations
using, for example, a Newton-Raphson method. The rate-based ap-
proach implies conversion of the nonlinear algebraic equations of the
equilibrium constants and linear balance equations into the system of
ordinary differential equations (ODEs). Since reversible chemical re-
actions proceed until an equilibrium is reached, the solution of a system
of ODEs at plateau gives the same result as the solution of the respective
system of nonlinear algebraic equations. Therefore, the element balance
equations for the aqueous phase species, Eqs. (41), and the total mass
balance equations, Eq. (42), for the heterogeneous two–phase reactions
in a batch reactor can be used to calculate the composition of the
process phases at equilibrium.

∑= −
=

a
t

R
d

d
ϑ

j

S
i
Aq

1
ij j

(41)

= −
a

t
V
V

a
t

ϑ
d

d
ϑ

d
d

k
kj

Org

ij
Aq

Org

i
Aq

(42)

where VAq and VOrg are the volumes of the aqueous and organic phases

Table 2
Aqueous speciation reactions in the liquid–liquid extraction of ammonia from
an ammonium nitrate solution [31,35].

Chemical reaction Equation for equilibrium constant logK

NH4
++NO3

−⇄ NH4NO3 = + −K a NH NO
a NH a NO19

( 4 3)
( 4 )· ( 3 )

−1.63 (37)

H++NO3
−⇄ HNO3 = + −K a HNO

a H a NO20
( 3)

( )· ( 3 )
−1.283 (38)

H++NH3⇄NH4
+

=
+

+K a NH
a H a NH21

( 4 )
( )· ( 3)

9.237 (39)

H2O⇄H++OH−
= + −K a H a OH( )· ( )22 −14 (40)
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respectively, t is the time, i is the index of species in the aqueous phase,
k is the index of the corresponding species in the organic phase, j is the
index of equilibrium reactions, S is the number of reactions in the
system; ϑ is the stoichiometric coefficient of the species and Rj is the
rate of an elementary reaction.

For an elementary reaction, Eq. (43), a reaction rate equation, Eq.
(44), is formed directly from the reaction stoichiometry, in agreement
with the mass action law. The reaction equilibrium constant, Eq. (45),
gives a relationship between the forward and backward parts of the
reversible reactions. The forward reaction rate constant can be assigned
the value kf = 1000. It can be the same for all the reactions, since it
does not affect equilibrium but the time required to reach it.

+ + ⇄ + +α β γ δA B ... C D ... (43)

= ⋯−R k a a a a K( / )α β
C
γ

D
δ

j f,j A B j (44)

=K
k
kj

f,j

r,j (45)

where kf and kr are the reaction rate constants of the forward and
backward reactions, respectively, K is the equilibrium constant.

The ODEs in Eqs. (41) and (42) can be solved simultaneously as an
initial value problem by integration. In such a way, the model can be
solved faster, at the same time the accuracy of the solution can be easily
controlled by solver settings. The model was solved numerically using
ode15s solver in Matlab.

Estimation of parameter values
All modeling in the current study was done in Matlab. An open

source MCMC code package, developed by Laine [37,38], was used to
estimate the reliability of the modeling results. The model developed
for the liquid–liquid extraction equilibrium of Co, Ni, and Li was cali-
brated with the data presented by Virolainen et al. [6]. The unknown
model parameters, i.e. the extraction equilibrium constants (Eqs. (23),
(25), (27), (29), (31)), were estimated by nonlinear regression fitting of
the experimentally measured extent of extraction of the metals, mini-
mizing the sum of the squared residuals (Eq. (46)):

∑ ∑= −
= =

SSR E E( )
m

T

j

N

m j m j1
1 1

,
exp

,
mod 2

(46)

where SSR is the sum of the squared residuals, E is the extent of metal
extraction, j is the index of an experimental data point, N is the total
number of experimental points, m is the number of a metal, and T is the
total number of metals.

The model for the liquid–liquid extraction equilibrium of Co, Ni,
and Li contains equilibrium constants for the ammonia liquid−liquid
equilibrium distribution (Eqs. (34) and (36)). The constants were esti-
mated separately, from independent data retrieved from Inoue et al.
[30]. The extraction equilibrium constants (Eqs. (34) and (36)) were
estimated by nonlinear regression fitting of logarithmic total con-
centration of ammonia in the organic phase, minimizing the sum of the
squared residuals (Eq. (47)).

∑= −
=

+ +SSR Log NH Log NH( ([ ] ) ([ ] ) )
j

N

j j2
1

4 org
exp

4 org
mod 2

(47)

where j is the index of experimental points, and N is the total number of
experimental points.

Process simulation
The process simulations were done using a sequential modular si-

mulation approach. In the approach, the process step models are solved
in the sequence in which the steps appear in the process under the
condition, that the inlet stream compositions and flowrates are regu-
lated. In the processes with the recirculating streams, the models of the
interconnected steps are solved iteratively, until the mass balance over

the entire process converges. The model developed in Section 2.1 is
used to simulate loading, scrubbing and stripping stages in a continuous
counter-current liquid–liquid extraction process.

3. Results and discussion

The model for the liquid−liquid extraction equilibrium of Co, Ni,
and Li from a sulfate solution, developed in the current study, accounts
for the extraction of ammonium along with the extraction of the metals.
The models for ammonium equilibrium distribution and extraction of
Co, Ni, and Li are first calibrated and then validated below. Finally, the
main task, analysis of the separation process operation with different
leachates is presented.

3.1. Model calibration

3.1.1. Ammonia equilibrium distribution
The extraction reaction equilibrium constants for ammonium shown

in Eqs. (34) and (36), KLLX
NH A(HA)4 4 and KLLX

NH A4 , were fitted against the
data retrieved from Inoue et al. [30] minimizing the sum of the squared
residuals in Eq. (47). The estimated values of the model parameters are
presented in Table 3. The estimated value of KLLX

NH A(HA)4 4 differs from the
value estimated by Inoue et al. [30]. This difference may result from the
different approaches used for parameter estimation. The nonlinear re-
gression modeling used herein is considered superior to linear regres-
sion, since linearization alters the error structure of the data.

The model developed in the current study shows an excellent fit
(Fig. 2a) to the experimental data presented by Inoue et al. [30]. In
comparison to the model of Inoue et al. [30], the model developed
herein explains well the extraction behavior from acidic to basic solu-
tions (pH 2–10).

3.1.2. Extraction equilibrium of Co, Ni, and Li
The model for calculating the compositions at phase equilibrium in

the liquid−liquid extraction of Co, Ni, and Li from a sulfate solution
using Cyanex 272 extractant was developed as described in Section 2.1.
The parameters were fitted against the pH-extraction isotherms from
Virolainen et al. [6] minimizing the sum of the squared residuals in Eq.
(46). The composition of the sulfate leachate was 14 g/L Co, 0.5 g/L Ni,
and 2.8 g/L Li. The estimated values of the model parameters, extrac-
tion equilibrium constants for Co, Ni, and Li, are presented in Table 3.
The values of the model parameters were estimated for 1M Cyanex 272
modified with 5% v/v trioctylamine (TOA). The modifier was used for
decreasing organic-phase viscosity, and preventing third phase forma-
tion at high loading. The goodness of fit presented in Fig. 2b indicates a
good correlation of the experimental data with the developed model.

The results of the MCMC analysis of the model parameters are
presented in Fig. 3, which shows two-dimensional posterior distribu-
tions. The density of the dots in each subfigure represents the

Table 3
Estimated values of the parameters in the models for ammonia equilibrium
distribution and extraction equilibrium of Co, Ni, and Li.

log K log σa

K A HA
LLX
NH4 ( )4 −5.69 −6.20

K A
LLX
NH4 −14.33 −14.46

KLLX
Co

,1 −6.43 −7.11

KLLX
Ni

,1 −9.97 −10.21

KLLX
Li −6.71 −6.92

KLLX
Co

,2 −2.28 −2.46

KLLX
Ni

,2 −0.72 −0.88

a The standard deviation of the parameter estimates was estimated using the
Markov chain Monte Carlo method.
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probability that the true values of the parameters lie in that region, and
the two circles represent the 95% and 90% probability regions of the
parameters. It can be seen from the banana-shaped distribution in Fig. 3
that parameters KLLX

Ni
,1 and KLLX

Ni
,2 are slightly correlated. Such a corre-

lation results from the small number of data points on the extraction
isotherm for Ni in between pH 6 and 7, as the corresponding pair of

parameters for Co does not correlate. All of the other parameters are
well determined, as shown by the well-centered probability distribu-
tions, and the sharp peaks in the one-dimensional distributions. In ad-
dition, despite the correlation, the model with the fitted parameters
explains the extraction of Co, Ni, and Li well, as can be seen in Fig. 2b.

Fig. 2. (a) Extraction of ammonia with Cyanex 272. Total monomeric extractant concentration: = 1.45M, =0.657M, ● = 0.340M. Experimental data from
Inoue et al. [30]. Solid lines: prediction of the model from the current study, dashed lines: model from Inoue et al. [30]. (b) Dependence of metal extraction from the
simulated sulfate leachate of Li-ion battery waste on the equilibrium pH. Symbols: circles= Co, triangles=Ni, squares= Li. Lines: model from the current study.
Experimental data from Virolainen et al. [6].

Fig. 3. Two-dimensional posterior distributions for the model parameters fitted with the data for the modified extractant. The 50% and 95% confidence regions
(black lines), and the one-dimensional marginal densities (red lines), were calculated based on the density estimation. (For interpretation of the references to colour
in this figure legend, the reader is referred to the web version of this article.)
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3.2. Model validation

Once the equilibrium model parameters were estimated from the
pH−extraction isotherms, the model was validated against experi-
mental data on loading and stripping of the metals from Virolainen
et al. [6]. The organic phase contained 1M Cyanex 272 modified with
5% v/v TOA, and 48% pre-neutralized with ammonia, as presented by
Virolainen et al. [6]. As can be seen in Figs. 4 and 5, the fitted model
predicts well the loading and stripping equilibria.

From the excellent results of the predicted loading and stripping
steps of the liquid−liquid extraction of Co, Ni, and Li, it was inferred
that the model is also capable of predicting the scrubbing step in the
process.

3.3. Separation process operation with different leachates

The model developed and validated above can be employed to de-
sign and analyze a continuous counter-current process for the separa-
tion of metals from Li-ion battery leachate. The common approach is to
extract Co and Ni in separate liquid−liquid extraction circuits, whereas
Li remains in the final raffinate after Ni extraction. For instance, such a
process has been suggested in which both Co and Ni were produced as
99.9%, and Li as 99.8%, pure, using 2-ethylhexyl hydrogen(2-ethyl-
hexyl)phosphonate (PC-88A) extractant [21,22]. Recently, Virolainen
et al. [6] suggested a simplified flowsheet, in which Co and Ni were
selectively extracted from the leachate with Cyanex 272, yielding pure
Li raffinate. Co and Ni were consequently separated in the stripping
stage and obtained as pure products. The loading, scrubbing, and
stripping steps of the process were studied individually in equilibrium
and bench-scale continuous counter-current separation experiments
[6]. In the current numerical simulation study, this simplified and more
efficient flow sheet is used to separate Co, Ni, and Li in a single process
with loading, scrubbing, and two stripping steps (Fig. 6).

Since the leachates considered herein contain rather high con-
centrations of the metals, the extractant has to be partially neutralized
to limit the release of protons in the loading stages, but this step is not
explicitly considered here. Instead, the feed organic phase (PNO in
Fig. 6), entering the loading step, is set to contain 1M of Cyanex 272
with 5% v/v TOA, and is 48% pre-neutralized with ammonia.

The main difficulty in designing the process in Fig. 6 is the selection
of appropriate operation parameters for the loading and scrubbing
stages (O/A phase ratios and number of stages). This is because there is
a recycling stream that feeds scrubbed Ni and Li back to the first loading
stage. This interconnection makes performance of both of the stages
interdependent.

The influence of the number of loading stages on the performance of

the process is presented in Table 4. Here the leachate contains 14 g/L
Co, 0.5 g/L Ni, and 2.8 g/L Li, and has a pH of 3.5. The scrubbing sulfate
solution contains 0.3 g/L of Ni, and has a pH of 1.4. The O/A in loading
and scrubbing were 0.57 and 1.00, respectively, in all simulations. The
equilibrium pH of 7.5 was maintained in the last loading stage. The
simulations show that the effect is minor and is mainly seen in Ni re-
covery. Using a single stage would yield low Li recovery and lower
purity of Co and Ni in the loaded organic. Addition of the second
loading stage resolved these issues. However, addition of a third stage
makes the performance worse, since purity of Li in raffinate and re-
covery of Ni slightly drop. The cause of this drop is that the saponified
extractant is consumed according to Eq. (20) in the last loading stages,
whereas the extraction proceeds according to Eq. (32) in the first stage,
where pH decreases, decreasing Ni extraction. The number of loading
stages does not affect the Li recovery or its purity in the raffinate very
much. Two loading stages appear to be the optimal process configura-
tion, providing high recovery of Li, and loaded organic with high purity
of Co and Ni. This result agrees well with the conclusion based on the
experimental studies [6].

The influence of phase ratios on the performance of the inter-
connected loading (two stages) and scrubbing steps, with given feed
composition and flow rate of the leachate, is presented in Fig. 7. Only
the operation with <O A O A(scrubbing) (loading) is feasible here, due
to the mass balance of the process streams. Fig. 7a shows the equili-
brium pH in the second loading stage. It can be seen that the desired pH
of around 7 is achievable within a narrow region only under the con-
ditions studied. This requires a very stable process operation. The re-
gion where the pH is between 6.5 and 7.5 is marked in Fig. 7b–d with
cyan and magenta lines. Fig. 7b shows that, when the process is oper-
ated such that pH 7 is maintained in the second loading step, the de-
sired purity of Li (> 99%) in the raffinate is not achievable if the
scrubbing product is recycled back to the loading feed. Instead, addi-
tional purification must be carried out by e.g. precipitation of lithium
carbonate [7,39] or lithium phosphate [11,14]. Thereby a pure Li
product can be achieved with the suggested liquid−liquid extraction
process. Otherwise, pH around 7.5 can be adjusted by varying the O/A
ratio in the second loading stage to increase Li purity in the raffinate,
since concentrations of Co and Ni in the aqueous phase in this stage are
such low that they are not precipitated. Fig. 7c demonstrates that op-
erating the process at pH between 6.5 and 7.5 in the second extraction
stage provides a pure mixture of Co and Ni in the scrubbed loaded
organic phase.

Virolainen et al. [6] argued that keeping pH at around 6.5 in the
scrubbing step provides complete scrubbing of Li leaving Ni and Co in
the scrubbed loaded organic phase. The simulations of the inter-
connected loading and scrubbing steps, however, show (Fig. 7d) that

Fig. 4. Loading isotherms of (a) Co and (b) Ni for
the 1M Cyanex 272 modified with 5% TOA, used in
the equilibrium experiments for the simulated sul-
fate leachate of Li-ion battery waste. Squares: ex-
perimental results, circles: modeling results. The
equilibrium pH was not controlled. Experimental
data is from Virolainen et al. [6].
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this process scheme does not allow maintaining the equilibrium
pH > 6 in the scrubbing stage, when pH is between 6.5 and 7.5 in the
last loading stage. As a result, Ni is partially scrubbed along with Li.
Therefore, some amount of Ni always circulates between the loading
and scrubbing stages, decreasing the efficiency of extractant utilization.
The low recovery of Ni (< 93%) in the simulations presented in Table 4
is explained by the same reason.

The recovery of Ni in the two-stage process can be improved by
dosing a base to the first loading stage, which can decrease the required
degree of neutralization of the PNO to the second loading stage. Even
though part of the Ni is lost to the raffinate in the two-stage process in
Table 4, the purity of the Li in the raffinate is very high (99.54%). This
is due to the low concentration of Ni in the leachate (0.5 g/L) and the
high equilibrium pH of 7.5 in the second loading stage. Low amounts of
Co and Ni in the raffinate also decrease the risk of precipitation.

The performance (simulation results) of the interconnected loading
and scrubbing stages of the processes with varying leachate composi-
tion is presented in Table 5. The O/A ratio in the scrubbing was set to 1
in all simulations, while the O/A in the two-stage loading step was
adjusted so that the equilibrium pH of 7.5 maintained in the second
loading stage. The same scrubbing solution (0.3 g/L Ni and pH 1.4) was
used in all the processes. The simulations show very good performance
of the processes with different leachate compositions when the equili-
brium pH of 7.5 is maintained in the last loading stage by adjustment of

O/A phase ratios in the loading and scrubbing stages. Co is recovered
completely from the leachates into the LO, and most of the Li (> 99%)
is left in the raffinate. At the same time, complete recovery of Ni is not
achieved (due to low pH in the first loading stage as discussed above)
with the highest recovery corresponding to the leachates II and III that
have the highest Ni concentration. The higher recovery of Ni is followed
by the lower purity of Li in the raffinate. However, the underlying
reason is the higher Ni concentration in the leachates. It is thus con-
cluded that higher Ni content of leachate impedes pure Li recovery in
the process.

The performance of the separation process with the different lea-
chate compositions in Table 5 is shown in Fig. 8. As seen in the figure, a
purity of> 99% of Li in the raffinate is achieved with different O/A
ratios for different leachates. Also the location of the feasible operating
window (cyan and magenta lines) depends on the leachate composition.

Fig. 5. Stripping isotherms of (a) Ni and (b) Co, with 0.025M H2SO4 solutions from the 1M Cyanex 272 modified with 5% TOA. Squares: experimental results,
circles: modeling results. Equilibrium pH was not controlled. The experimental data is from Virolainen et al. [6].
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Fig. 6. Flowsheet for the continuous counter-current solvent extraction fractionation of metals in Li-ion battery waste leachate. LO= loaded organic, BO=barren
organic, PNO=pre-neutralized organic. Thick and thin lines show organic and aqueous streams, respectively.

Table 4
Performance of the interconnected loading and scrubbing stages depending on
the number of the loading stages.

Loading Stages PLi
Raff , % RLi

Raff , % +PCo Ni
LO , % RCo

LO, % RNi
LO, %

1 99.72 99.86 99.78 100.00 92.76
2 99.54 99.99 99.99 100.00 88.06
3 99.42 99.99 99.99 100.00 84.55
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The leachates with higher total concentration of Co and Ni (Leachate II,
III, and IV), require higher O/A ratio in the loading stage for the same
O/A ratio in scrubbing.

Performance of the two-stage stripping of Ni from the loaded or-
ganic phases corresponding to the four cases in Table 5 is shown in
Fig. 9. The loaded organic phase contains 11 g/L Co, O/A=1. The
stripping efficiency increases with increasing strip liquor acidity. The
complete stripping of Ni is possible only at the cost of co-stripping of Co
and, consequently, reduced Ni purity. The achievable Ni purity in the
loaded strip liquor increases with the Ni concentration in the LO. If the
Ni concentration in the LO is lower than 2 g/L, which is the case in
Leachate I and Leachate IV, it is not possible to reach high Ni purity
(> 99%) in strip liquor. Therefore, Leachates II and III with higher Ni
concentrations are particularly well suited for this process since the
product strip liquor with high Ni purity can be produced. Complete

stripping of Co from the loaded organic after Ni stripping can be easily
accomplished in one stage, for example, with a strip feed of 10 g/L Co
and 25 g/L H2SO4 [29].

4. Conclusions

The influence of leachate composition on operation and perfor-
mance of solvent extraction circuits for recovery and purification of Li,
Co, and Ni from spent Li-ion battery leachates was studied by numerical
simulations. For this purpose, a new model for the equilibrium of the
liquid−liquid extraction of these metals from a sulfuric acid solution
with bis(2,4,4-trimethylpentyl)phosphinic acid (Cyanex 272 extractant)
was developed and validated. The model accounts for the aqueous
phase speciation of the species present in the sulfate solution, and ex-
plains the extraction of the metal ions with Cyanex 272 by interfacial

Fig. 7. Performance of the interconnected loading and scrubbing stages for the process with leachate I in Table 5 (a) Equilibrium pH in 2nd extraction step; (b) purity
of Li in raffinate; (c) purity of Co and Ni together in the scrubbed loaded organic phase; and (d) equilibrium pH in the scrubbing step. The region with equilibrium pH
in the second extraction step between 6.5 and 7.5 is between the cyan and magenta lines. (For interpretation of the references to colour in this figure legend, the
reader is referred to the web version of this article.)

Table 5
Performance (simulation results) of the interconnected loading and scrubbing stages of the processes with varying leachate composition.

Leachate Co, g/L Ni, g/L Li, g/L Source O/A loading PLi
Raff , % RLi

Raff , % +PCo Ni
LO , % RCo

LO, % RNi
LO, % cNi

LO, g/L

I 14.0 0.5 2.8 [6] 0.57 99.57 99.99 99.98 100 88.59 0.62
II 16.7 11.0 1.4 [26] 0.72 98.48 99.95 99.98 100 98.45 4.59
III 11.3 11.5 1.8 [27] 0.67 98.98 99.94 99.96 100 98.73 5.76
IV 25.1 2.5 6.2 [21] 0.72 99.65 99.98 99.96 100 94.37 1.25
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competitive ion exchange reactions of different stoichiometries. In ad-
dition, ammonium equilibrium distribution in the extraction system
was modeled to enable prediction of the metal extraction with the pre-
neutralized extractant.

The process flowsheet, in which Co and Ni are recovered together
from the leachate in the loading step, leaving Li in the raffinate and
where, subsequently, Co and Ni are separated and purified in the se-
lective stripping step, was found to be very flexible. The process was
shown to be applicable to separate Co, Ni, and Li from leachates of
different composition. The process can be tuned for treatment of dif-
ferent leachates by adjustment of O/A phase ratios in the loading and
scrubbing stages. It was found that high Ni content of the leachate
impedes pure Li recovery in the process. The higher the Ni concentra-
tion in leachate, the higher purity of Ni is obtained in the stripped
fraction. The process scheme allows adjusting the process performance
to the changing market value of the metals.
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An algorithm-based method for synthesis of hydrometallurgical processes using limited amounts of experimen-
tal data is presented. The method enables simultaneous selection and sequencing of unit operations and optimi-
zation of operating parameters. An ant colony optimization (ACO) based algorithm is used to identify the most
economic process alternative in an iterative manner. Key performance indicators are used for comparison of
candidate processes: a purification performance indexmeasures purity improvement and a separation cost indi-
cator is used as an objective function in process optimization. Computational times were reduced significantly
with the suggestedmethod compared to an algorithmwhich evaluates all the possible process options. The prac-
tical applicability of the method to hydrometallurgy is demonstrated by investigating zinc recovery from argon
oxygen decarburization dust with two alternative leaching methods and recovery of lanthanides from nickel
metal hydride (NiMH) batteries. In the first zinc recovery process, 150 min normal batch leaching with 0.5 M
H2SO4 is used, and in the other one 270 min batch leaching with H2SO4 is done by controlling the pH (N3.0).
In both cases the leachate is extracted with D2EHPA at pH 4.27, and stripped with circulating solution from
zinc electrolysis. For lanthanides recovery the algorithm suggested a process inwhich the rawmaterial is leached
with 1.3MHCl, the leachate is extractedwithD2EHPA at pH 2.2, organic phase is strippedwith 2.0MHCl and 99%
pure Ln-oxalates are precipitated with oxalic acid at pH 0.6. Compared to previously suggested process for the
same raw material, the algorithm suggests operating the leaching step such that higher selectivity is achieved
by sacrificing some yield.

© 2015 Elsevier B.V. All rights reserved.

Abbreviations

ACO ant colony optimization
AOD argon oxygen decarburization
CPU central processing unit
EDR energy dissipation rate
IRR internal rate of return
KPI key performance indicator
PPI purification performance index
SCI separation cost indicator

Notation
A flow rate, m3/s
ci concentration of contaminants, kg/m3

E concentration of extractant, m3/m3

K cost, item of expenses, €/kg
kL specific cost of a leaching step, €/kg

kpur,l specific cost of a purification step, €/kg
L probability
M number of components in a chemical system
N number of ants in a colony
n number of process steps
P number of discrete values of operating parameters
SL solvent loss in solvent extraction
T concentration of a target metal in the system, kg/m3

tb batch time in leaching, s
U number of unit operations
VL volume of leaching vessel, m3

x purity
Y yield

Greek symbols
α the degree of importance of the pheromones
ξ parameter used to control the scale of the global updating of

the pheromone
τl,u,p amount of pheromone in a cell
ρ pheromone decay factor
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Subscripts
0 initial
b batch
chem chemicals
el electricity
extr extractant
f final
i contaminant
L leaching
l process step
org organic phase
p value of operating parameter
raf raffinate
sol solvent
str stripping
tot total process SCI
u unit operation

Superscripts
a aqueous phase
k ant
raf raffinate

1. Introduction

Hydrometallurgical process development usually starts with analy-
sis of the rawmaterials to be treated, i.e., chemical composition, miner-
alogy, state, particle size, volume etc. (Forsén and Aromaa, 2013). The
process itself typically consists of three consecutive main steps:
leaching, concentration and purification, and final product recovery.
Several alternative unit operations are available for each process step.
For instance solvent extraction, ion exchange, and/or selective precipi-
tation can be employed for purification and concentration, and crystal-
lization, chemical precipitation or electrowinning for product metal
recovery. Moreover each unit operation can be run under a wide
range of operating conditions (pH, pressure, phase ratio, solvent type,
etc.). A key to successful and efficient hydrometallurgical purification
is identification of the most suitable sequence of unit operations and
the most effective combination of operating parameters to obtain the
desired purification and yield with minimum (economical) effort.

Cisternas (1999) identified lack of works devoted to design of com-
plete process due to complexity of the problem and great number of var-
iables and restrictions to consider in his extensive review on synthesis of
processes in extractive metallurgy and inorganic chemistry. To decrease
the size of the problem process steps are usually designed individually
(Cisternas, 1999), so that there are many methods and techniques avail-
able for design of each process step (Gálvez et al., 2004; Alonso et al.,
2001; Trujillo et al., 2014). However, synthesis of complete processes
is potentially more efficient since process step interactions are taken
into account (Angira and Babu, 2006; Cisternas, 1999).

When a new hydrometallurgical process is being developed, com-
parison between process alternatives and process optimization is usual-
ly done based on the experience of scientists and engineers, as well as
on extensive experimentation (Rintala et al., 2011). Over-expenditure
on reagents, experimental biases, complicated data processing and the
complexity of considering several process parameters simultaneously
prolong the course of hydrometallurgical process development at its
early stages and contribute to inefficiency.

Hydrometallurgical purification process development is usually
based on scale-up of processes established on a laboratory or pilot
scale. Conceptual design or process synthesis in the early stage is thus
viewed as the most important stage of process development (Cziner
et al., 2005). Major decisions affecting the lifecycle of the process are

made during development of the first process flowsheet. Experience-
based process synthesis can often result in overall suboptimal processes
with inefficient utilization of energy and auxiliary materials (Nfor
et al., 2009). Therefore, systematic process development based on
identification of justified optima is essential for efficient utilization
of time and resources.

Nfor et al. (2009) identified four types of process synthesis strategies
applicable to chemical industries: heuristics or knowledge-based strat-
egies (Cziner et al., 2005), optimization-based strategies (Steimel et al.,
2013; Grossmann and Daichendt, 1996), high-throughput experimen-
tation strategies (Bhambure et al., 2011; Schuldt and Schembecker,
2013) and a combination of the aforementioned strategies (Ahamed
et al., 2006). Each approach has strengths and weaknesses as discussed
elsewhere (Nfor et al., 2009).Mathematical optimization basedmethod
can offer significant advantages to hydrometallurgical process develop-
ment: clarification of interactions between unit operations, utilization
of validated models for process optimization, user-independence after
formulation of the search space, and the ability to identify the optimal
process meeting the set criteria (Nfor et al., 2009). Application of math-
ematical optimization requires a superstructure of process alternatives
and the availability of useful objective functions.

Numerical measures for assessment of process performance are
required for efficient application of optimization based method. These
measures have to reflect the main features of the alternative unit
operations and form a reliable base for comparison. The main criteria
for decisions on process synthesis in extractive metallurgy are tech-
nical feasibility and economic potential, along with environmental,
safety and other aspects (Linninger, 2002; Chakraborty et al., 2004). It
is desirable to base process synthesis decisions upon costs over the com-
plete process. However, at the very beginning of process development, be-
fore process concepts are available, such information is not available and
the profitability of a process or its internal rate of return (IRR) cannot be
precisely estimated. The use of the key performance indicators (KPIs) intro-
ducedbyWinkelnkemper andSchembecker (2010) offers a potentially ef-
fective approach to address this problem. The KPIs were developed for
rating purification and cost-efficiency on the basis of single step purity
improvement, yield and specific costs. The indicators do not require
complete mass and energy balances and can be applied from the begin-
ning of experimental investigation. Although the KPIs were first intro-
duced for evaluation of pharmaceutical bio-separation processes, they
are equally valid for hydrometallurgy.

Solution of an optimization problem requires a suitable and efficient
algorithm that is capable of identifying theminimum value of the target
function and the corresponding sequence of unit operations and their
operating parameters. Mathematical programming algorithms and
methods available for synthesis of chemical processes have been the
subject of a number of reviews (Grossmann and Daichendt, 1996;
Grossmann et al., 1999; Acevedo and Pistikopoulos, 1998). Algorithms
based on extensive searches for the optimal solution are computa-
tionally not preferred due to the high computational efforts required
(Raeesi et al., 2008). However, the problem can be addressed in an
efficientmanner byusingmeta-heuristics tofind approximate solutions
(Raeesi et al., 2008; Biswas et al., 2009). The stochastic meta-heuristic
ant colony optimization (ACO) algorithm has been found to be promis-
ing for efficient synthesis and optimization of processes (Raeesi et al.,
2008; Chunfeng and Xin, 2002).

The objective of this research was development of an algorithm-
based method for synthesis of hydrometallurgical processes using
experimental data. Key theoretical aspects of in silico hydrometal-
lurgical process development using ant colony optimization (ACO)
and key performance indicators (KPIs) are discussed and the devel-
opedmethod and algorithm are presented. The efficiency of the algo-
rithm is demonstrated, and utilization of the method is examined
based on two case studies, namely recovery of Zn from argon oxygen
decarburization (AOD) dust, and extraction of lanthanides from
spent nickel metal hydride (NiMH) batteries.
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2. Methods

The proposedmethod for design and optimization of hydrometallur-
gical purification processes consists of five steps:

• feed characterization and product specification,
• preselection of unit operations and the mass separation agents,
• collection of data (experiments or literature search for missing data),
• automated process synthesis,
• verification and validation of the constructed process.

In thefirst step, the specific characteristics of the purification process
are set, e.g., the composition of the raw material, target purity, target
concentration and other constraints. Based on these, a number of prom-
ising separation unit operations and corresponding mass separation
agents are preselected. The latter are experimentally investigated by
data collection experiments (construction of ad- and desorption iso-
therms, concentrations in leaching versus time or pH, step yields,
changes of concentrations, etc.). The missing data can be also collected
using literature search. The acquired data are used for simultaneous
design and optimization of a purification process by means of a devel-
oped ACO-based algorithm and the synthesized process is then stud-
ied and developed further.

A hydrometallurgical process chain is built of individual unit opera-
tions: leaching, solvent extraction, stripping, chemical precipitation, etc.
However, in general the unit operations are considered in the ACO-
based algorithm as black boxes with inputs and outputs, and could
just as well be continuous (e.g. SX) and even consist of multiple stages.
An output from a unit operation is an input for the next one in the con-
structed process chain, i.e., the yield from one unit operation affects the
feed composition of the next one. A model for each unit operation com-
prises mass balance equations.

2.1. Ant colony optimization

ACO is a probabilistic technique for solving computational prob-
lems (Blum, 2005). The algorithm is inspired by the foraging behavior
of ants. Indirect communication between the ants by means of chem-
ical pheromone trails is the core of this behavior. The pheromone
trails enable the ants to find short paths between their nest and
food sources. In the same way, ACO is usually used to find the shortest
path from “nest” to “food” or from the first cell to the last one on the

graph. Several possible routes through the different cells are first tried,
but the shortest ones stand out. The ACO was used among others for
optimization of chemical synthesis (Raeesi et al., 2008) and for design
of multiproduct batch chemical process (Chunfeng and Xin, 2002).
The same principles can be implemented for defining an optimum
hydrometallurgical process sequence. A cost function, which represents
the dependence of the specific costs of the final product on the compo-
sition of the rawmaterials and the unit operation parameters, is used as
an objective function for optimization.

2.1.1. Algorithm development
The hypothetical ants travel through a multi-layered structure

(Fig. 1). The path of the ant corresponds to a solution of the design
problem as it determines the sequence of unit operations and their
operating parameter for every process step. The composition of aque-
ous, organic or solid phases is calculated based on the chosen unit op-
eration and the values of its operating parameters. The search domain
consists of n layers which represent the prespecified number of pro-
cess steps. On each layer every ant has to choose a cell pu that repre-
sents a unit operation with its operating parameters, for instance
solvent extraction with equilibrium pH 3.0 or leaching with 2.0 M
HCl. For each hydrometallurgical purification process, U candidate
unit operations with P operating parameters are nominated. The
number of discrete operating parameters P depends on the size
of the available data set. If needed, experimental data can be interpo-
lated to get a sufficient number of discrete values. Consequently, the
search domain consists of n · U · P cells, which means (U · P)n possi-
ble processes.

Themain features of the devised ACO-based algorithm are given as a
flow chart in Fig. 2. Identification of the best solution is an iterative pro-
cess. In each iteration, N hypothetical ants travel from the start point to
the end point of the graph. Each iteration starts from launching the first
ant and ends by updating the pheromone matrix in compliance with
evaluation of solutions constructed by the hypothetical ant colony in
the iteration. On the initialization step a three-dimensional matrix
corresponding to ACO search network (Fig. 1) is created. It contains
the collected experimental data and all the processes that can be con-
structed are present there. Also the matrix containing pheromone
values is created of the same size. Every hypothetical ant travels through
the graph selecting one cell on each layer consequently creating a pro-
cess route. All the process routes created by every ant from the colony
constitute the superstructure of the solutions. All the process routes
from the superstructure are being evaluated and the best one is

Fig. 1. Graphical representation of the ACO search in the form of a multi-layered structure, with n process steps, U unit operations and P discrete values of operating parameters for each
unit operation.
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identified. The iterative search stops when all ants construct the same
process route.

2.1.2. Layer transition and pheromone updating rules
The layer transition rule determines the probability of choosing

a cell on each process step. The probability relies on the pheromone
value, τl,u,p, assigned for each cell of the search domain. The probabil-
ity of selecting of a certain cell on a certain layer is defined according
to the amount of pheromone it contains comparing to other cells on
the same layer (roulette wheel selection mechanism) (Rao, 1996):

Ll;u;p ¼ τl;u;pXU
u¼1

XP
p¼1

τl;u;p:

ð1Þ

As the raw materials are solids in the cases considered in this
paper, prior to the first iteration the pheromone is uniformly distrib-
uted over the search domain in such a way that only leaching can be
chosen as a unit operation of the first layer. In addition, heuristics and
a phase selection rule are applied in the ACO-based algorithm to

govern the selection of successive unit operation. The former one ren-
ders the logic of hydrometallurgical process synthesis and deter-
mines, for example, that only solvent extraction or precipitation can
follow the leaching step and not stripping. The later one postulates
that the phase with yield of target element more than 50% is subject-
ed for further treatment. The heuristics and the rule are realized by
respective pheromone redistribution for each hypothetical ant before
it makes a decision on the next layer.

After each iteration, the pheromone value of each cell is updated
according to the pheromone updating rule Eq. (2) (Rao, 1996). One iter-
ation is a complete cycle involving the ant's movement, pheromone
evaporation and pheromone deposition. The goal of the pheromone up-
date is to increase the pheromone value associated with good or prom-
ising paths

τl;u;p ¼ 1−ρð Þ � τl;u;p þ
XN
k¼1

Δτ kð Þ
l;u;p ð2Þ

where Δτl,u,p(k) is the amount of pheromone deposited on cell pu by the
best ant k, i.e., by the ant with theminimum value of the objective func-
tion, and ρ∈ [0, 1) is the pheromone decay factor. The decrease in pher-
omone intensity favors the exploration of different paths during the
search process, which assists elimination of poor choices made previ-
ously. Furthermore, it helps in bounding the maximum value attained
by the pheromone trails.

At the end of an iteration, when each ant has chosen a cell on
each layer, i.e., after construction of the solutions' superstructure,
the constructed processes have to be evaluated and compared to
identify the best one. SCI function, which represents dependence of
specific costs of final product on composition of raw materials and
unit operation parameters, is used as an objective function for optimi-
zation. The pheromone deposited on cell lup by the best ant k is taken
as (Rao, 1996)

Δτ kð Þ
l;u;p ¼

ξ � SCIbest
SCIworst

if l;u;p ∈global best path

0 otherwise

8<
: ð3Þ

where SCIworst is the worst value and SCIbest is the best value of the
objective function among the paths taken by the N ants, and ξ is a
parameter used to control the scale of the global updating of the
pheromone. The larger the value of ξ, the more pheromone is de-
posited on the global best path, and the better the exploitation
ability.

The pheromonedecay factor ρ, the global updating scale parameter ξ
and the population of the ant colony N are the principal parameters of
the ACO algorithm. Values of these parameters may slightly change, de-
pending on the problem size and complexity. The values ρ = 0.1 and
N= 2 · U · P were used, as Raeesi et al. (2008) showed that for a non-
linear combinatorial problem ACO algorithm finds the optimal solution
with minimal computational effort with these values. The global
updating scale parameter ξ was varied for each particular problem de-
pending on scale of difference between SCIbest and SCIworst. An empiri-
cally adjusted typical value was 1.5.

2.2. Key performance indicators (KPIs)

In order to evaluate the suitability of different process alternatives in
the early stages of process development, selectivity and estimated rela-
tive costs or KPIs introduced by Winkelnkemper and Schembecker
(2010) are applied. KPIs are suitable for initial stages of purification
process design, where not enough data for rigorous optimization is
available.

Fig. 2. Flow chart for an ant colony optimization (ACO) based algorithm.
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2.2.1. Purification rating
Purity, defined as the fraction of the target product in amixturewith

contaminants, is an essential concept in description of performance and
can be described by Eq. (4) (Winkelnkemper and Schembecker, 2010),
where T is the concentration of a target metal in the system, ci is the
concentration of contaminant i, and M is the number of metals in the
system:

x ¼ T

T þ
XM−1

i¼1

ci

¼ 1

1þ
XM−1

i¼1

ci
T
:

ð4Þ

For assessment of the purification of one step as a percentage of
the purification of the total process to be designed, the purity of the
initial mixture x0 and the target purity xf must be considered as
given boundaries of the purification process. The purification perfor-
mance index (PPIj) is defined as (Winkelnkemper and Schembecker,
2010):

PPIl ¼
tanh−1 2xl−1ð Þ− tanh−1 2xl−1−1ð Þ
tanh−1 2x f−1ð Þ− tanh−1 2x0−1ð Þ : ð5Þ

Due to high nonlinearity of arctangent function, PPI is a balanced
measure of purity over the whole purity range of a purification process.
It evenly rates purification process steps, when high purity improve-
ment requires moderate effort, and conversion and recovery steps,
when small purity improvement requires great effort. Thus PPI can be
used to connect the purification performance with the projected effort.
As the purity x is defined by the concentrations of all contaminants i
(ci) and the target substance (T) Eq. (4). PPIl can be rearranged and
expressed with the concentrations (Winkelnkemper and Schembecker,
2010):

PPIl ¼
log

XM−1

i¼1

ci;l
T l

 !
− log

XM−1

i¼1

ci;l‐1
T l‐1

 !

log
XM−1

i¼1

ci; f
T f

 !
− log

XM−1

i¼1

ci;0
T0

 ! : ð6Þ

Eq. (6) shows that PPI reflects changes in contaminant-to-target
ratios.

2.2.2. Cost-estimation
As soon as a complete process scheme is established, the influence of

single purification steps on total process costs is readily quantifiable
using a separation cost indicator (SCI). The separation cost indicator de-
pends only on the normalized purification rating, yield (Yl), and the spe-
cific costs (Winkelnkemper and Schembecker, 2010). In the present
case, the specific costs are leaching cost, kL, and the specific cost of puri-
fication steps, kpur,j:

SCIl ¼ Y
− 1

PPIl
l � kL þ kpur;l �

1−Y
1

PPIl
l

1−Y l

0
@

1
A: ð7Þ

Both PPI and Y are used as decimal fractions in Eq. (7) and the SCI
function is determined for Y ∈ [0, 1) and PPI ∈ [0, 1). A major chal-
lenge is quantification of specific costs for the leaching and purifica-
tion steps, since comparison of the process alternatives using SCI is

only as reliable as the degree of precision of the estimation of these
specific costs.

The optimization task of the purification process synthesis is
minimization of total specific production costs for the process.
Therefore, the sum of specific costs of the process steps is taken
as the target function. The specific costs of the whole process are
equal to the sum of step-specific costs of all purification steps within
the process:

SCItot ¼
Xn
l¼1

SCIl: ð8Þ

2.2.3. Determination of SCI for leaching and purification
For comparison purposes, the costs of alternative leaching processes,

KL, can be calculated using operational costs (Sreekrishnan and Tyagi,
1996):

KL ¼
X

Kequipment þ
X

Kchemicalsþ
X

Kutilities þ
X

K labor: ð9Þ

Only the chemical costs and the costs of electricity required for
mixing are here taken into account in estimation of specific costs of
leaching step. Chemical costs are calculated based on the quantity of
each chemical required for the process and its unit price. The quantity
of acid needed is calculated from the process chemistry, the composi-
tion of the solids and its consumption in the process. The costs of
mixing accounts electricity needed for slurry mixing. Both chemical
and electricity costs are calculated per unit mass of target metal in
the leachate.

kL ¼ kmixing þ kchem ð10Þ

For simplification and generalization, operating costs of solvent
extraction are here assumed to result from the introduction of the organic
phase to the process stream, stripping by aqueous solution and power
consumed inmixing and pumping of the phases. The function for cal-
culation of the operating costs resulting from losses of the target
compound and solvent, for both solvent extraction and stripping stages,
is (Robinson and Paynter, 1971):

Kpur;l ¼ A � Kt � Tra f
l þ SL � A � E � Kextr þ 1−Eð Þ � Ksolð Þ ð11Þ

where A is the feed rate of the aqueous phase, m3/s; Kt is the price of tar-
get element, €/kg; Tlraf is the concentration of the target element in the
raffinate, kg/m3; SL is the solvent loss per unit volume, m3/m3; E is the
volume concentration of extractant, m3/m3; Kextr is the cost of extractant,
€/m3 and Ksol is the cost of diluents, €/m3.

Pumping and mixing costs can be estimated from their ratio with
reagent costs, as the operating costs of solvent extraction are stated as
consisting of 89.9% reagents and 10.1% electricity (US Bureau of Mines,
2009). Therefore, dividing the operating costs by the final concentration
of the target metal Tl the specific costs for the solvent extraction and
stripping steps are:

kpur; j ¼
Ara f � Kt � Tra f

l þ 1:11 � SL � Aorg � E � Kextr þ 1−Eð Þ � Ksolð Þ
T l � At

ð12Þ

where Araf is the raffinate flow rate, m3/s; Aorg is the flow rate of organic
phase,m3/s andAt is theflow rate of the phase containingmajor amount
of the target metal, m3/s.
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2.3. Efficiency of the method

The ACO-based algorithm was implemented in Matlab. In order to
demonstrate the efficiency of the method, calculation times were com-
pared with an enumeration algorithm also implemented inMatlab. The
latter constructs all possible combinations of process alternatives and
operating parameters andfinds the onewith the lowest specific produc-
tion costs for the target component using the SCI function. Arbitrary
pyrity and yield data were used as inputs, and the number of process
steps and operating conditions were varied to vary the total number
of process alternatives.

As seen in Fig. 3, the ACO-based algorithm is significantly faster
when the number of process alternatives is large. Typically, the solution
is obtained with a few seconds, even when enumeration takes tens of
minutes. For very small problems, the difference is not significant and
enumeration can be faster.

The efficiency of the ACO-based algorithm in process synthesis orig-
inates from the fact that it identifies the best combination of process
steps without evaluation of all possible process combinations. Instead,
it performs selection of the best process options in an iterative manner,
discarding the worst unit operations or operating parameters at the
very beginning. Hence, it is possible to evaluate many processes and
select the best one in a reasonably short time. The difference in calcula-
tion times would be even more critical if the computational effort
required to evaluate the PPI and SCI on each layer was considerable.
This is the case if dynamic simulations are involved or iterative solutions
of sets of algebraic equations are required.

3. Results and discussion

In order to evaluate the proposed method and algorithm from
hydrometallurgical point of view, two case studies are presented.

The first case is synthesis of hydrometallurgical processes for Zn
recovery from argon oxygen decarburization (AOD) dust. The second
case focuses on hydrometallurgical recovery of lanthanides from
spent NiMH batteries. Single stage batch unit operations are exclu-
sively considered in the example case studies. The enumeration al-
gorithm was employed to ascertain that the ACO-based algorithm
has identified the optimal process, which was the case in both
examples.

The original intention of the SCI was to rate single process
steps in terms of the costs of the purification scaled up to 100%
(Winkelnkemper and Schembecker, 2010). SCI is a step-specific eco-
nomic rating in the context of a complete process that is unknown
except for the boundary purities. In the current study, however,
the SCI-function (Eq. (8)), as the summation of step specific SCIs, is
used as an objective function for the algorithm-based process syn-
thesis, that is valid for the purpose of the initial process flowsheet
synthesis. The intention is to estimate the total process costs on the
basis of the costs of the separate process steps.

3.1. Zinc recovery from AOD dust

Argon oxygen decarburization (AOD) dust is generated in stain-
less steel production processes, and contains valuable heavy metals.
Its composition is presented in Table 1. Based on previous work by
Virolainen et al. (2013), Zn was chosen as the target component for
recovery.

The most common way to produce metallic Zn in hydrometallur-
gy is by electrolysis of ZnSO4 solutions (Habashi, 1997). The chemical
composition of the electrolyte in the process has a significant influ-
ence on process performance and economics. The electrolyte is to
contain 50–90 g/L of Zn and 120–200 g/L of H2SO4 (Tsakiridis et al.,
2010), and typical impurity content of industrial electrolytes is: Fe
20–50 mg/L, Ni 0.1–0.5 mg/L, Mn b 10 g/L, Na b 10 g/L, Mg b 10 g/L
and other metals b 20 mg/L (Marchenko, 2009). Using these limita-
tions, the target purity of Zn can be calculated, according to Eq. (1),
as 99.6%.

The process was constructed utilizing H2SO4 as the lixiviation agent.
H2SO4 in low andmoderate concentrations shows high yield and selec-
tivity for Zn over Fe (Shawabkeh, 2010), and in high H2SO4 concen-
trations yields are even higher but some of the undesired Fe is also
leached. Thus two routes were examined separately; a route in which
the dust was leached directly in batch reactor with 0.5 M H2SO4, and a
route in which the dust was leached by controlling the pH with H2SO4

to be close to, but not below 3.0. Three extractants were selected for
purification of the AOD leachates: 25% v/v Di-(2-ethylhexyl)phosphoric
acid (D2EHPA) in kerosene, 10% v/v carboxylic acid Versatic 10 in n-
heptane and 20% v/v hydroxyoxime LIX 984 in xylene (Extraction data
only for Zn, Ni, Fe and Pb were found in the Rodríguez de San Miguel
et al. (1997). Extraction of other metals from the leach solution by
extractant LIX 984 was assumed to be negligible.). Phase ratio was 1:1
for all the extractants. Stripping of the loaded organic phase was done
by spent electrolyte. Its metal content is presented in Table 1 (Pereira
et al., 2007).

Table 1
Composition of the rawmaterial (AOD) and aqueous solutions in the recovery process of Zn from AOD dust. The rawmaterial contains 31.5% of other elements (mainly oxygen) not listed
here. The concentration of H2SO4 in Zn stripping solution is 181.3 g/L.

Ca Fe K Mg Cr Mn Mo Ni Pb Zn

Composition of raw material (Virolainen et al., 2013), % 4.78 38.3 0.93 1.25 9.74 2.76 0.03 0.72 0.10 9.93
Composition of Zn stripping solution (Pereira et al., 2007), mg/L 0.34 1.03 – 18.4 – 3.20 – 0.54 0.87 73600
Composition of the final purified solution in the process with direct
leaching and D2EHPA extraction, mg/L

470 1560 72 403 20 804 0 1.3 0.9 86630

Composition of the final purified solution in the process with pH
controlled leaching and D2EHPA extraction, mg/L

400 1 49 329 11 230 0 0.7 0.9 83940

Fig. 3. Efficiency of the ACO-based algorithm compared to enumeration algorithm.

126 F. Vasilyev et al. / Hydrometallurgy 153 (2015) 121–133



Experimental data on leaching of AOD dust and solvent extraction
were taken from literature (Virolainen et al., 2013; Rodríguez de San
Miguel et al., 1997; Preston, 1985) and are presented in Appendix A.
The available leaching data represent two modes of leaching: direct
leachingwith H2SO4 (Fig. A1), and leachingwith controlled pH of leach-
ate above 3.0 to prevent dissolution of Fe (Fig. A2). The data are
expressed as concentrations of metals and pH, depending on leaching
time in a batch process. Therefore, the task is to find the optimal time
to dissolve Zn in the most economical way. For solvent extraction and
stripping steps, the data represent dependence of metals extraction on
pH of aqueous phase, and the task is to identify the most economical
pH using yield and purity improvement as target quantities. For calcula-
tion of stripping step, the same equilibrium data sets were used as for
extraction step. The solvent extraction data for D2EHPA, hydroxyoxime
LIX 984 and Versatic 10 acid are respectively presented in Figs. A3, A4
and A5.

The developedACO-based algorithmwasused for simultaneous pro-
cess design and optimization, i.e., for selection of the most economical
sequence of unit operations and its operating parameters. A separation
cost indicator (SCI) was used for evaluation of the process performance.
Specific costs for the leaching (kL) and purification (kpur.j) steps are
required for calculation of SCI. The values can be calculated according
to Eq. (10) and Eq. (12).

Consumption of H2SO4 in the leaching can be estimated based on
dissolution chemistry. The Zn dissolution reactions are the following
(Havlik et al., 2005):

ZnOþH2SO4 aqð Þ→Zn2þ þ SO2−
4 þH2O ð13Þ

ZnFe2O4 þ 4H2SO4 aqð Þ→Zn2þ þ SO2−
4 þ Fe2 SO4ð Þ3 þ 4H2O ð14Þ

ZnFe2O4 þH2SO4 aqð Þ→Zn2þ þ SO2−
4 þ Fe2O3 þ H2O ð15Þ

CaOþ H2SO4 aqð Þ→CaSO4 þH2O: ð16Þ

Reaction (16) is assumed to go to completion. The leaching of Zn
from its minerals is slower than formation of CaSO4, so the consump-
tion of H2SO4 depends on desired concentration of Zn in the leachate.
In absence of other knowledge, it is assumed that zincite and franklinite
are present in ratio of 1:2 in the AOD dust and thus six moles of
H2SO4 are required for dissolution of three moles of Zn. Therefore,
the concentration of H2SO4 (in units of g/L) needed is three times the
desired final concentration of Zn in the leachate (MH2SO4=MZn ¼ 1:5).
A considerable amount of H2SO4 is consumed also in reaction (16) as
the dust contains 7% CaO. Consequently, the total amount of H2SO4

required is:

mH2SO4
¼ 0:07 �mAOD �MH2SO4

MCaO
þ 3 � cZn2þ � VL: ð17Þ

The specific cost of chemicals is then calculated as:

kchem ¼ KH2SO4

VL � cZn2þ

0:07 �mAOD �MH2SO4

MCaO
þ 3 � cZn2þ � VL

� �
: ð18Þ

A value of 0.145 €/kg was used for the price of leaching acid, KH2SO4 ,
the volume of leaching vessel, VL was 5 L, and the mass of the AOD dust
was 0.8 kg. The concentration of Zn in the leachate, cZn2þ , is a time
dependent variable and changes as leaching progresses.

We assume complete particle suspension in a severe agitation opera-
tionwith energy dissipation rate (power input/unit mass) EDR=1W/kg

slurry (Nienow, 1997). The specific costs of mixing (electricity) in
leaching are:

kmixing ¼ EDR � ρslurry � Kel � tb
60 � cZn2þ

ð19Þ

where ρslurry is the slurry density, kg/m3; Kel is the price of electricity,
€/kWh; tb is the batch time in minutes and cZn2þ is the concentration
of target metal in the slurry, kg/m3.

Eq. (12) is used for calculation of the specific costs of the purifica-
tion steps for both solvent extraction and stripping. In the case of Zn
solvent extraction from leachate of AOD the equation takes the
form:

kSX; j ¼
KZn � cra fZn2þ þ 1:11 � SL � RSX � E � Kextr þ 1−Eð Þ � Ksolð Þ

RSX � cOZn2þ
ð20Þ

where RSX is the organic to aqueous phase ratio in solvent extraction;

cra fZn2þ is the concentration of Zn in raffinate, kg/m3 and cOZn2þ is the con-
centration of Zn in organic phase, kg/m3.

In the stripping stage, the costs for neutralization of stripping
electrolyte with NaOH to the certain pH are taken into account, and
thus Eq. (10) for the stripping of loaded organic phase takes the
form:

kStr;l ¼ RStr �
KZn � cra fZn2þ þ 1:11 � SL � E � Kextr þ 1−Eð Þ � Ksolð Þ

caZn2þ

þmNaOH � KNaOH

caZn2þ
; ð21Þ

where RStr is the organic to aqueous phase ratio in stripping; caZn2þ is
the concentration of Zn in the aqueous phase after stripping, kg/m3;
mNaOH is the mass of NaOH needed for neutralization of the electro-
lyte, kg, and KNaOH is the price of NaOH, €/kg.

The price of Zn is assumed to be 1.39 €/kg (LME spot price March,
2014), the prices of D2EHPA and kerosene are assumed to be 2.32 €/L
and 0.74 €/L (U.S. Energy Information Administration, 2014), the prices
of Versatic 10 and xylene are assumed to be 1.59 €/L and 5.03 €/L, and
prices of LIX 984 and n-heptane are assumed to be 7.89 €/L and
4.12 €/L. The solvent loss per unit volume is set to be 100 ppm (Cytec,
2006). The price of NaOH is assumed to be 0.34 €/kg. The price of elec-
tricity is taken as 0.087 €/kWh (Statistics Finland, 2014). Eqs. (18)–(21)

Table 2
Constructed processes for recovery of Zn from AOD dust using ACO-based algorithm.

Unit operation Leaching method: Direct

Time, min pH O/A Yield, % PPI, % SCI, €/kg

Leaching 150 3.0 – 68.7 36.1 2.02
SX – 4.27 1 99.93 9.3 0.87
Stripping – b0 1 99.9 23.1 0.73
Total process 68.6 68.5 3.61

Unit operation Leaching method: Controlled pH

Time, min pH O/A Yield, % PPI, % SCI, €/kg

Leaching 270 3.2 – 55.2 41.7 3.33
SX – 4.27 1 99.93 15.9 0.91
Stripping – b0 1 99.9 25.2 0.81
Total process 55.1 82.9 5.06
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are implemented in the algorithm for calculation of the SCI function ac-
cording to Eq. (7).

The hydrometallurgical processes for the recovery of Zn from
AOD dust constructed by the ACO-based algorithm are presented in
Table 2. The design space (see graph in Fig. 1) consisted of 3 process
steps, 8 unit operations and 30 levels of operating parameters for
each step (linear interpolation of data was used). The number of
alternative processes and operating parameter combinations is
approximately 1.4 · 107 but, with ACO-based method, the CPU time
was only 13 s. The short computational time to solve the current pro-
cess synthesis problem can be explained by simplicity of the model,
as only algebraic calculus is used, and by efficiency of the ACO in
solving combinatorial optimization problems (Raeesi et al., 2008;
Chunfeng and Xin, 2002).

The process constructed by the ACO-based algorithm for the di-
rect leaching method consists of three steps. The time for leaching
step with H2SO4 is 150 min (corresponding pH of leachate is 3.0).
The second step is solvent extraction with D2EHPA at pH 4.27. Final-
ly, the loaded organic phase is stripped with the electrolyte without
neutralization. The initially specified final purity of Zn (99.6%) in the
electrolyte is not achieved (96.3%) that is also indicated from the
total PPI value. The PPI value was 68.5%. The PPI should normally
be equal to 100% when the specified target purity is reached. The
composition of the final purified solution is presented in Table 2.
The concentrations of the contaminating elements in the final solu-
tion are higher than the required limits, though the calculated con-
centration of Zn in the purified solution is higher than initially
specified (86.6 g/L). The impurities that are more electronegative
than Zn, e.g. K, Na, Ca, Mg and Mn, do not directly interfere with
the electrolytic process and can be tolerated up to 60 g/L. The impu-
rities that are more electropositive than Zn, e.g. Fe, Ni, Cr and Pb lead
to a reduction in the overvoltage, decrease in the current yield and
deterioration of cathode purity (Habashi, 1997). For this reason,
the maximum tolerable concentrations of these impurities are very
low. Although the selected extractant for purification of the AOD
leachate, D2EHPA, is characterized by its high capacity and selectivity
for Zn over a wide range of common metals (Tsakiridis et al., 2010),
the concentrations of Fe and Ni exceed the specified limits, and
consequently the obtained electrolyte cannot be readily used in the
electrolysis of Zn.

From the data for direct method (Fig. A1 in Appendix A) it can
be seen that Fe would eventually precipitate away from the solu-
tion as the pH increases over 3, but there was still 1000 mg/L left
after one day. Thus a similar process, but the first step is the previ-
ously introduced controlled leaching, was also optimized. Leaching

time was optimized to be 270 min, and the solvent extraction and
stripping steps are exactly the same as in the process with the di-
rect leaching. This process with controlled leaching is characterized
by higher specific costs (controlled leaching 5.06 €/kg, direct
leaching 3.61 €/kg) resulting from lower leaching yield, but it pro-
vides the electrolyte with permissible concentrations of impurities
although the overall purity target was not reached. Though this
case study clearly reveals the power of the constructed ACO-
based algorithm in the hydrometallurgical process design, the pre-
vious discussion shows that the algorithm needs to be modified to
use values of individual impurity components as boundary condi-
tions if needed.

The most important characteristics for process performance of
the constructed purification sequence for direct leaching process
are presented in Table 3. It is worth noting that the values of the
enrichment factors for solvent extraction with D2EHPA indicate
considerable purification of Zn during the one step solvent extrac-
tion stage of the process. In practice, solvent extraction is carried
out in cascades of two or more stages. The algorithm able to han-
dle also such multiple process steps in one unit process layer,
and calculation of the PPI values could even involve dynamic
simulations.

The calculated specific production cost (5.06 €/kg), is higher than
the market price of Zn (1.94 €/kg according to LME). It should be
borne in mind, however, that the separation cost indicator is as such
not intended for calculation of production costs but rather as a fast
tool for comparison of process alternatives during the process con-
cept synthesis stage of process development (Winkelnkemper and
Schembecker, 2010).

3.2. Recovery of lanthanides from nickel metal hydride (NiMH) batteries

Present-day NiMH batteries contain multicomponent alloys such as
La0.8Nd0.2Co2.4Si0.1, La0.8Nd0.2Ni2.5Co2.4Al0.1,MmNi3.55Co0.75Mn0.4Al0.3 or
MmNi3.5Co0.7Al0.8 (where Mm refers to rare earth mischmetal) as the
cathode and Ni(OH)2 as the anode. In a recent comprehensive review
of research on recycling of spent NiMH batteries (Binnemans et al.,
2013), composition of the spent batteries is given as 36–42% Ni, 3–4%
Co and 8–10%mischmetal containing La, Ce, Pr andNd. The composition
of raw material considered here is presented in Table 4. Lanthanides
were chosen as target metals for their high value and relatively high
content in the raw material. The target purity was set at 99% and the
target phase as a solid precipitate.

The aim of this case study was to investigate the feasibility of the
presentedmethod to identifywhat should be the targets of each process

Table 4
Composition of the raw material for the lanthanides recovery process from spent nickel metal hydride batteries (Zhang et al., 1998) and metal content of the precipitated oxalates.

Ni Co Fe Zn Al Mn La Ce Pr Nd Sm

Raw material, % 64.3 4.5 7.7 2.4 1.1 2.7 9.2 0.6 1.8 5.8 0.2
Product (oxalates), % b0.01 b0.01 b0.01 b0.01 b0.01 0.04 52 3.4 10.2 33 1.0

Table 3
Characteristics of extraction–back extraction part (25% v/v D2EHPA in kerosene) of the synthesized direct leaching process for Zn recovery from AOD dust.

Zn Ni Fe Ca Cr K Mn Mg

Extraction
Distribution coefficient 1385 0.01 1000 3.61 0.05 0.05 5.25 0.25
Enrichment factor for Zn over metal M 1 85 1 1.3 19 20 1.2 5

Back extraction
Stripping coefficient 6330 1662 1000 1000 1000 1000 1003 1050
Enrichment factor for Zn over metal M 1 1 1 1 1 1 1 1
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step by utilizingdata collected from literature sources.More specifically,
the ACO based method was used to analyze whether it is better to
design the first process steps such that high yield or high purity is
achieved. High purity in leaching is usually achieved only by sacrificing
the yield but this may be desired if the subsequent purification costs
dictate the total costs.

Potential mass separating agents were selected based on the
literature (Zhang et al., 1998; Fernandes et al., 2013). HCl for leaching
and stripping of the loaded organic phase, 25% v/v D2EHPA in ker-
osene for solvent extraction, and oxalic acid for precipitation of
metals from the stripped aqueous solution. The data required for
the calculations are presented in Appendix B. The calculations for
specific leaching and purification costs were based on the chemis-
try of the processes and were performed in the same manner as in
the case study for Zn recovery from AOD dust. The problem to be
solved consisted of four layers with four unit operations and eight
discrete values of operating parameters. The number of alternative
processes and operating parameter combinations was approximately
1.1 · 106.

The constructed hydrometallurgical process sequence for recov-
ery of lanthanides from Ni-MH batteries is presented in Table 5. The
first step is leaching with 1.3 M HCl. The collected leachate is then
contacted with 25% D2EHPA in kerosene at equilibrium pH 2.2 (O:
A = 1:1). The loaded organic phase is then stripped with 2.0 M
HCl (O:A = 1:1). The final step of the process is precipitation with
oxalic acid at pH 0.6. The resulting metal oxalates (99% of REE, Mn
as a contaminant) can be used for the production of corresponding

oxides. High specific leaching costs result from low purity improve-
ment (PPI = 3.3%) in the leaching step, while the total process PPI
indicates exceeding of initially specified target purity. The changes
in metal purities over the process sequence are shown in Fig. 4.
The organic phase is mostly loaded with lanthanides, Fe and Zn.
The raffinate after solvent extraction contains mostly Ni, Co, Fe
and Mn.

The constructed process resembles the conceptual flowsheet pre-
sented by Zhang et al. (1998). The difference in the values of the
leaching acidity can be explained by the fact that the strategy of Zhang
et al. (1998) was to maximize the leaching yield for all the metals.
Here the ACO-based algorithm suggests optimizing leaching condi-
tions towards selective leaching of lanthanides. Here single stage
batch unit operations are exclusively used in the constructed pro-
cesses, whereas multi-stage counter-current solvent extraction was
explored experimentally by Zhang et al. (1998). The different opera-
tional modes thus explain the difference in operating parameters for
solvent extraction and stripping. In addition, in this study, the eco-
nomic factor was taken into account when comparing different
schemes for interconnecting unit operations, because it is important
to consider the economics of a designed process from the early stages
of the process development.

4. Conclusions

A simple and computationally efficient process synthesis method
applicable to the initial stages of hydrometallurgical process devel-
opment was presented. Themethod consists of three parts: experimen-
tally obtained data, an ant colony optimization based algorithm and key
performance indicators (KPIs). The core of the method is the use of the
ACO-based algorithm that efficiently identifies themost promising pro-
cess alternative in an iterative manner. Experimental data are used for
construction of the superstructure of process alternatives. The total
process costs, estimated as sum of step specific costs (SCI), serve as
the objective function.

A critical assumption in the procedure described here is that calcula-
tion of the yields and purities on a given stage from (interpolated)
experimental data remains reasonably accurate under all conditions
included in the optimization. For higher accuracy, one may perform a
second iteration with refined experimental data once the most promis-
ing process schemes have been identified. It is also straightforward to
include any kind of numerical simulations to calculate the purity and
yield on a given stage.

The practical applicability of the method was demonstrated
for synthesis of recovery processes for Zn from argon oxygen
decarburization (AOD) dusts and for recovery of lanthanides
from spent nickel metal hydride (Ni-MH) batteries. The high ef-
ficiency of the algorithm (measured as CPU time) for large prob-
lems originates from the fact that inefficient process alternatives
are excluded from the iterative solution in the early stages. Be-
sides hydrometallurgy, the method is considered applicable for
the design of any chemical purification process that involves
simultaneous selection of mass separation agents, definition of the
operating parameters of the unit processes involved and selection of
their sequence.
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Table 5
Synthesized process for recovery of lanthanides from nickel metal hydride batteries using
ACO-based algorithm. A stands for aqueous, O for organic and S for solid.

Unit operation pH Target phase cHCl, mol/L O/A Yield, % PPI, % SCI, €/kg

Leaching – A 1.3 – 90.0 3.3 57.70
SX 2.2 O – 1 99.8 33.5 2.63
Stripping – A 2.0 1 99.99 18.7 2.61
Precipitation 0.6 S – – 100 98.2 3.33
Total process 88.7 153.7 66.27

Fig. 4. Changes in metal purities in the constructed process for lanthanides recovery from
spent nickel metal hydride batteries. Characteristics of the process steps are presented in
Table 5.
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Appendix A. Experimental data for case of Zn recovery from AOD
dust

The experimental data used as an input in the ant colony optimi-
zation algorithm for the case of Zn recovery fromAODdust is presented
in Figs. A1 to A5. The data were interpolated such that for each unit
operation there were 30 levels of operating parameters. The pH
isotherms for solvent extraction (Figs. A3–A5) are used for both extrac-
tion and stripping unit processes. The data produced by the research
group of the current authors (the AOD case), have been presented
in appendices both as figures and in tabular form (Figs. A1 to A3,
Tables A1 to A3). The data obtained from literature have been presented
as they appear in the references.

Fig. A5. Solvent extraction of some metals with 0.50 M solution of Versatic 10 acid in
xylene at 20 °C. (For more details an interested reader is referred to Preston, 1985.)

Fig. A4. Percent of extraction of 20 ppmofmetal ions as a function of the equilibriumpHof
the aqueous phase with 0.3 M hydroxyoxime LIX 984 at T = 25 °C. (For more details an
interested reader is referred to Rodríguez de San Miguel et al., 1997.)

Fig. A3. Solvent extraction of metals with D2EHPA from solution obtained from 0.5 M
H2SO4 leaching of AOD dust. T = 30 °C, O/A= 1:1. (For more details an interested reader
is referred to Virolainen et al., 2013.)

Fig. A1. Direct leaching of AOD dust with 0.5 M H2SO4. L/S ratio = 5:1 (L/kg), T = 30 °C.
(For more details an interested reader is referred to Virolainen et al., 2013.)

Fig. A2. Leaching of AOD dustwith H2SO4 and controlled pHof the solution by keeping the
pH close to, but above, 3.0 with 96% H2SO4. L/S ratio = 5:1 (L/kg), T = 30 °C. (For more
details an interested reader is referred to Virolainen et al., 2013.)
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Table A2
Leaching of AOD dust with H2SO4 and controlled pH of the solution by keeping the pH close to, but above, 3.0 with 96% H2SO4. L/S ratio = 5:1 (L/kg), T = 30 °C. (For more details an
interested reader is referred to Virolainen et al., 2013.)

Time, min pH Leaching concentration, mg·L−1

Zn Ni Fe Ca Cr K Mn Mg Pb

0 3.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
1 6.28 449.15 1.00 0.00 1644.18 221.21 971.71 13.22 50.83 15.30
4 5.60 1691.79 1.00 0.00 845.90 214.03 949.45 25.57 122.51 15.09
8 4.99 4683.18 1.00 0.00 687.23 246.43 1120.83 65.92 363.72 12.93
13 4.90 6540.16 1.64 0.00 636.92 245.17 1163.25 100.44 658.54 11.24
18 4.81 6159.71 2.26 0.00 585.92 208.19 1007.04 101.43 732.97 10.08
25 4.24 7522.20 2.89 0.00 563.22 215.41 1018.44 128.09 920.16 12.07
40 4.09 8860.97 6.01 0.00 518.38 198.51 966.70 169.10 1145.51 12.82
50 3.84 9617.95 6.79 0.00 498.27 196.19 984.36 180.17 1252.31 12.53
60 3.60 10609.29 7.72 0.00 521.17 206.05 984.43 188.60 1322.68 13.80
90 3.30 10236.05 9.72 0.00 510.53 212.38 967.45 200.43 1383.02 11.92
120 3.30 9853.42 10.51 0.00 501.29 209.01 912.39 204.47 1360.03 12.88
190 3.02 10220.00 12.97 0.00 511.62 219.95 930.47 236.41 1448.77 13.49
225 3.07 10725.31 15.36 0.00 534.11 242.46 1079.87 278.44 1671.35 10.12
240 3.14 10278.58 14.09 0.00 495.31 207.42 947.33 249.22 1458.18 11.95
270 3.17 10959.71 14.94 0.00 512.70 215.89 978.36 271.39 1556.23 15.12

Table A1
Direct leaching of AOD dust with 0.5 M H2SO4. L/S ratio = 5:1 (L/kg), T = 30 °C. (For more details an interested reader is referred to Virolainen et al., 2013.)

Time, min pH Leaching concentration, mg·L−1

Zn Ni Fe Ca Cr K Mn Mg Pb

0 0.6 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
15 2.48 12584.23 46.18 2427.56 610.89 463.05 1356.16 796.03 1720.35 19.16
30 2.57 12812.89 48.38 2053.90 590.61 452.78 1348.70 846.24 1755.74 18.12
45 2.62 13032.74 56.06 1936.92 593.60 455.16 1416.32 910.42 1846.68 19.29
60 2.7 13428.9 57.89 1830.70 610.40 450.56 1426.17 936.30 1892.25 17.69
90 2.76 12846.78 56.96 1631.62 596.65 402.62 1353.75 887.80 1786.75 16.90
120 2.90 12996.41 61.22 1560.54 596.03 386.40 1378.18 907.49 1819.28 16.44
150 3.03 13672.12 66.38 1565.40 600.14 388.84 1436.44 955.21 1929.95 15.64
180 3.14 13118.07 64.90 1487.11 588.23 298.65 1408.78 936.17 1915.49 15.36
240 3.33 13554.36 67.40 1528.67 601.72 283.48 1464.42 1003.81 1993.86 14.35
300 3.53 13744.57 69.00 1377.77 607.13 260.75 1389.37 984.99 1892.09 14.04
360 3.66 13519.86 69.80 1392.42 583.84 235.97 1385.87 982.18 1925.12 14.38
420 3.78 13160.73 68.32 1331.95 573.10 213.10 1307.08 949.88 1861.66 14.23
1440 4.17 13222.51 75.21 1020.13 540.28 73.76 1369.02 1013.18 2004.87 14.59

Table A3
Solvent extraction of metals with D2EHPA from solution obtained from 0.5 M H2SO4 leaching of AOD dust. T = 30 °C, O/A = 1:1. (For more details an interested reader is referred to
Virolainen et al., 2013.)

pH Metals remaining in the raffinate, %

Zn Ni Fe Ca Cr K Mn Mg Pb

−0.57 99.90 99.90 99.90 99.90 99.90 99.90 99.90 99.90 0.00
−0.20 99.90 99.90 99.90 99.90 99.90 99.90 99.90 99.90 0.00
0.01 99.90 99.90 99.90 99.90 99.90 99.90 99.90 99.90 0.00
0.20 96.22 99.90 92.52 99.46 99.05 99.90 99.90 99.90 0.00
0.50 78.94 99.90 60.00 99.90 99.90 96.88 98.58 97.78 0.00
1.00 48.92 98.10 20.96 90.49 98.07 99.90 98.84 99.77 0.00
1.52 23.21 96.69 17.09 92.17 98.68 96.97 98.31 99.30 0.00
2.00 11.20 97.16 0.00 89.98 98.05 96.19 94.02 96.96 0.00
2.55 2.88 99.27 0.00 82.10 99.35 98.18 90.89 99.90 0.00
2.98 1.21 98.38 0.00 65.30 99.90 96.28 74.46 99.01 0.00
3.52 0.80 98.60 0.00 40.98 98.94 95.76 44.19 96.44 0.00
4.08 0.04 99.90 0.00 25.57 97.63 93.51 21.00 85.11 0.00
4.50 0.11 97.47 0.00 17.22 91.57 96.71 10.24 74.12 0.00
5.08 2.34 97.58 0.00 12.56 71.80 95.50 6.55 53.24 0.00
5.51 0.15 95.41 0.00 5.07 47.95 96.36 0.00 42.08 0.00
6.56 7.18 74.25 0.00 9.20 11.74 96.88 9.00 35.01 0.00
7.56 0.54 46.96 0.00 2.88 0.00 98.61 0.00 30.49 0.00
8.51 4.71 46.99 0.00 1.02 1.50 96.71 0.00 27.99 0.00
8.85 25.84 52.77 0.00 0.00 0.00 97.92 0.00 25.20 0.00
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Appendix B. Experimental data for the case of lanthanides recovery
from spent NiMH batteries

The experimental data used as an input in the ant colony optimiza-
tion algorithm for the case of lanthanides recovery from spent NiMH
batteries is presented in Tables B1 to B2 and Figs. B1 to B2. The data
were interpolated such that for each unit operation there were 8 levels
of operating parameters.
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