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Abstract 

Sorption enhanced gasification (SEG) is a promising technology for production of a renewable 

feedstock gas for biofuel synthesis processes. The technology has been previously demonstrated 

at pilot scale. Scaling of the technology to an industrial size requires knowledge from governing 

phenomena. One-dimensional bubbling fluidized bed (BFB) reactor model was developed and 

validated against experimental data from 200kWth dual fluidized bed facility. Sub-models for 

biomass gasification, reactive bed material and fluidized bed hydrodynamics were incorporated 

into the model frame. The model gave satisfactory predictions for bed material conversion, 

temperature profiles and gas composition of the producer gas. The conducted validation 

improved understanding of bed material conversion, water-gas shift reaction and hydrodynamics 

and their role in SEG reactors. Further refinement and comprehensive validation of the model 

with additional data from the pilot is required. The knowledge from the comprehensive 

validation can be utilized in simulation of an industrial size reactor. 
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1. Introduction 

EU strategy for transition to a low-carbon economy sets out a framework and mechanisms to 

address climate change. The aim of the EU strategy is to keep average global warming below 

2°C compared to the pre-industrial temperatures [1]. Greenhouse gas emissions from 

transportation account for almost a quarter of Europe’s greenhouse gas emissions and 

transportation is the main source of air pollution in European cities [2]. A target of 14% 

renewable fuels usage in the transportation sector by 2030 has been set and, consequently, there 

is a pressing need to develop effective and cost-efficient ways to produce transportation fuels 

from renewable sources [3]. 

Fossil liquid fuels, such as petroleum and diesel have been used for transportation for decades 

due to high energy density. The majority of emissions from the traditional fuels comprises CO2, 

NOX and small particulate emissions. From the localized pollution perspective, gaseous fuel 

grades, such as dimethyl ether (DME) are considered attractive alternative fuels, since 

combustion of gas is free from small particulate emissions. DME can be used in diesel-powered 

vehicles without any major modification to the combustion technology by liquidizing the gas [4]. 

DME synthesized from a renewable feedstock, for instance biomass, can be considered to be 

renewable fuel. 

DME can be synthesized from a gaseous feedstock, which is containing a suitable ratio of CO, 

H2, CO2 and hydrocarbons. The gas required for DME synthesis can be produced by a number of 

different methods, of which gasification of biomass is one alternative. In recent decades, 

considerable research attention has been devoted to study of conventional biomass gasification, 

but in recent years, more advanced processes, such as dual fluidized bed gasifiers, have become 

the subject of increased research interest [5]. Sorbent enhanced gasification (SEG) is dual 
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fluidized bed technology that improves the quality of the producer gas compared to conventional 

gasification [6]. The producer gas from indirect H2O gasification processes, such as SEG 

process, contains less non-combustible gas species (CO2 and N2) compared to the conventional 

gasification processes without CO2 capture.  

The conventional fluidized bed gasification process is operated at elevated temperatures around 

800-900°C, where in oxygen depleted sub-stoichiometric conditions, biomass thermal 

degradation fractionates the biomass as gas species, tars and char [7]. Sorbent enhanced 

gasification is indirect steam gasification process operated at temperatures between 600-800°C 

and the process is enhanced by limestone, which captures CO2 from the process.  

The actual processes governing the biomass gasification are difficult to model, since the 

conversion process is complicated and modeling all details might not be even possible. 

Therefore, extent and rate of chemical conversion processes are commonly simplified as 

unambiguous reaction equations and chemical kinetics are describing the rate of conversion from 

one substance to another. Fluidized bed reactor modeling methods can be divided into different 

approaches based on the number of physical dimensions of the model. Selection of the number of 

physical dimensions is done according to the required level of details and generally involves a 

choice between 0D, 1D and 3D-approaches. Dimensionless models (0D) are based on 

fundamental mass and energy balances of a control volume for the complete reactor [8]. An 

equilibrium model is useable for first estimation, however development of new processes 

generally requires more detailed information. Modeling of the additional details requires 

implementation of dimensional approach with fluidized bed hydrodynamics and chemical 

reaction kinetics. 1D-approach is the simplest from the dimensional approaches. In 1D-approach 

simulation domain is vertically discretized as control elements. The method separates the reactor 
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into distinguishable sections making it possible to investigate the extent of phenomena in 

different parts of the model. 1D modeling approach for bubbling fluidized bed (BFB) 

gasification has been widely implemented [9], [10], [11], [12], [13], but suffer the drawback of 

averaging of phenomena in lateral direction of the reactor. Therefore, it is not suitable for 

reactors with significant dimensions or it requires sub-models for considering the lateral 

direction. The model is most suitable for pilot scale reactors, since impact of lateral mixing in the 

reactor is not significant due to the small lateral reactor dimensions. To take into account the 

lateral mixing, 3D-approach is required. In literature there are modeling paper with various 

levels of details [12] [14], [15], [16], however for the current need 1D-approach is the most 

suitable. 

Most published 1D models have been developed for conventional gasification and are not 

suitable for modeling of the SEG process. The SEG process requires use of a chemically active 

bed material (formed from individual material fractions, such as ash, CaO and CaCO3), since the 

sorbent bed material reacts with the gases formed from biomass, and these reactions must be 

included in the model. A comprehensive 1D SEG process model has been developed by Hejazi 

[17]. A drawback with this model is that 0D balance is used for modeling sorbent conversion in 

the bed instead of 1D balances. The assumption makes the bed as perfectly mixed without 

considering local solid fraction differences. Although, there can be mixing and diffusional 

limitations in the bed if reacting gas species are locally depleted.  

There currently appears to be very few published 1D SEG or 1D biomass gasification models 

that implement non-ideal mixing with sufficient accuracy. The model developed in this study 

considers the mixing issue by separating in-bed solid phase as emulsion and wake, and 

conversion of bed material fractions separately for the emulsion and the wake.  
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Development and scaling of technology requires thorough understanding of all relevant 

phenomena. The main outcome from reactor process modeling are correlations describing 

different phenomena occurring in the reactor. These correlations could be used in development 

of the technology by implementing the correlations in semi-empirical 3D simulation of an 

industrial scale reactor. 

The goal of this paper is to develop a 1D BFB gasification model suitable for SEG gasification 

that be coupled with previously developed SEG circulating fluidized bed combustor model [18]. 

Previously published empirical equations for gas-solid interaction and gasification chemistry are 

employed in the model. The model is based on general accepted principles and is extended with 

chemically reactive bed material. With the developed model in-bed and freeboard operation 

conditions of the gasifier can be investigated.  

The model developed in this work is one of very few 1D models developed for SEG processes 

and enables study of the gasification reactor at steady-state operation and during transient change 

of operation. Preliminary validation of the developed model is carried out by steady-state 

simulations against experimental data published by Hafner et al. [19] from a dual fluidized bed 

facility located at the Institute of Combustion and Power Plant Technology (IFK) of the 

University of Stuttgart. 

2. Modeling approach 

The model frame for the BFB SEG process was developed based on a semi-empirical 1D-

approach. The model frame consists of a gasification reactor which can later be coupled with a 

previously published complete model of a SEG process with CFB reactors [18]. Ideal 

fundamental balance equations for mass and energy are implemented in the gasification model 
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frame. Transport phenomena and chemical reactions are modeled using empirical model 

equations. The model frame is implemented in Matlab’s Simulink environment, where reactor 

code is resolved using Simulink’s embedded computational engine. The reactor model is written 

with C-programming language. Spatial derivatives of the reactor model are discretized using a 

first order upwind scheme for convection terms and time derivatives are resolved using an 

explicit solver in Simulink.  

2.1 Two-phase model 

A hydrodynamic model was developed for the BFB SEG process. The bubble bed model was 

derived based on well-known principles of fluidization [20], [21]. Simplifications have been 

made for BFB hydrodynamics. The hydrodynamic scheme includes important solid dynamics of 

the BFB reactor. The two-phase model is based on following assumptions:  

• Bubbling bed contains gas and solid phases,  

• the gas is situated in bubble and emulsion and the gases are called as bubble gas and 

emulsion gas, 

• the solids are situated in emulsion and wake, 

• the solids situated in the wake are rising upwards with gas bubble,  

• the emulsion and the wake are assumed to be at the minimum fluidization state,  

• the solids in the emulsion move downwards,  

• heterogeneous chemical reactions occur between the wake solid and the bubble gas and 

the emulsion solids and the emulsion gas, 

• the solid and the gas phases are resolved by using the average temperature of reactor 

element for both phases, and  
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• elutriated particles are added into the emulsion at the freeboard, which has an impact on 

energy and mass balances. 

The computational domain is divided into three sections: bed, surface and freeboard, of which 

the bed and the freeboard are divided into multiple 1D elements. The surface element is the 

boundary of the bed and the freeboard, where mixing of gases and solids takes place. Upward of 

surface element an emulsion is used for mixture of solid and gas. The bubble-emulsion model of 

the bed follows simplified approach shown in Fig. 1. The freeboard sections is hydrodynamically 

treated as dilute two-phase flows where dispersion of solids is high. The freeboard section is 

assumed to hold small quantities of solid material entrained in the gas flow. The freeboard is 

divided amongst emulsion gas and emulsion solids. Solids are circulated from the combustor to 

the gasifier with continuous flow and are added in the freeboard to the emulsion at the feed 

location. Respectively, solids are discharged from the emulsion at the bottom of the reactor.  

 

Fig. 1. Bubble-emulsion model of dense bed. Notations: ub is velocity of bubble gas, us,e is 

velocity of solids in emulsion, Vb is volume of bubble, VW is volume of wake, Jg,eb is diffusion 
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between emulsion and bubble, Qg,eb is gas net flow between emulsion and bubble and Qs,ew is net 

flow of solids between emulsion and wake. 

2.2 Solid phase balances 

Solid phase is resolved in dense bed, bed’s surface and freeboard sections. The bubbling bed is 

dense (high density of solid) two-phase zone separated physically as the wake of bubble and the 

emulsion. The bed zone’s physical and mathematical separation is required, since solids are 

rising upwards in the wake of the bubble and moving downwards in the emulsion. Solids in-bed 

circulation and mixing is caused by this movement. Emulsion solids movement to downwards is 

caused by reactor configuration in which the solids are fed to the surface of the bed and are 

discharged at the bottom of the bed.  

The solid bed material is formed from discrete material fractions (CaO, CaCO3, CaSO4, and ash). 

Char have been separated from the other material fraction and is assumed to be uniformly mixed 

with the bed material in each control element. The continuity equation is resolved for each 

material fraction in each control element and the dense bed can retain different material fraction 

distributions for the wake and the emulsion. Formulation of separate continuity equations for the 

wake and the emulsion is shown in Appendix A. General continuity equation for material 

fraction k can be written as: 

𝜕  

𝜕𝑡
(𝑊𝑠,𝑘𝜌𝑠) +

𝜕  

𝜕𝑧
(𝑊𝑠,𝑘𝑢𝑠𝜌𝑠) = 𝑊𝑠,𝑘𝑄𝑠,𝑒𝑤 + ∑ 𝑅𝑠,𝑘 + ∑ 𝑆𝑠,𝑘 (1) 

where 𝑊𝑠,𝑘 is material fraction of k, 𝜌𝑠 is density of solids, 𝑢𝑠 is velocity of solids, 𝑄𝑠,𝑒𝑤 is net 

flow of solids between emulsion and wake, chemical reaction term ∑ 𝑅 describes the chemical 

reactions of material k according to Table 1, while the term ∑ 𝑆 considers local mass changes of 

material k due to local feeds and discharges of the solids. Maximum 𝑊𝑠,𝑘 for CaCO3 is selected 
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as 30 m-% based on previous studies of the calcium looping process [22], which is caused by 

aging of the limestone [23]. In each control element, the effect of chemical reaction into the 

material fractions is resolved using balance equations. Solid mixing 𝑄𝑠,𝑒𝑤 from the wake to the 

emulsion and net flow of solids to the opposite direction is resolved with equation 

𝑄𝑠,𝑒𝑤 = 𝐾𝑑𝑄𝑠,𝑤 (2) 

within each dense bed control element. The solid mixing 𝑄𝑠,𝑒𝑤 between wake and emulsion is 

modeled using 𝐾𝑑 of 0.15 from mass transported by the wake. The magnitude of the mixing is 

selected based on experimental work of Chiba and Kobayashi [24].  

Table 1. Limestone chemical reactions. 

Reaction Equation H (at 25°C) Ref 

Calcination 

CaCO3(s)→CaO(s)+CO2(g) 

𝑅𝑐𝑎𝑙𝑐 = 𝜌𝑠𝑘′𝑐𝑎𝑙𝑐𝑊𝑠,𝐶𝑎𝐶𝑂3

2
3 (𝐶𝐶𝑂2,𝑒𝑞 − 𝐶𝐶𝑂2

) 

𝑘′𝑐𝑎𝑙𝑐 = 𝑎𝑐𝑎𝑙𝑐  2057 𝑒𝑥𝑝 (−
112400

𝑅𝑇
) 

 

178300 [25] 

Carbonation 

CaO(s)+CO2(g)→CaCO3(s) 

𝑅𝑐𝑎𝑟𝑏 = 𝜌𝑠𝑘′𝑐𝑎𝑟𝑏(𝑊𝑠,𝑚𝑎𝑥 − 𝑊𝑠,𝐶𝑎𝐶𝑂3
)(𝐶𝐶𝑂2

− 𝐶𝐶𝑂2,𝑒𝑞) 

𝑘′𝑐𝑎𝑟𝑏 = 𝑎𝑐𝑎𝑟𝑏30 

 

-178300 [26], [27] 

Limestone 

thermodyna

mic reaction 

equilibrium 

𝐶𝐶𝑂2,𝑒𝑞 =
4.137 × 1012

𝑅𝑖𝑇
𝑒𝑥𝑝 (−

20474

𝑇
) 

 

 [28] 

Sulphation 
CaO(s)+SO2(g)+0.5 O2(g)→CaSO4(s) 

𝑆𝑠𝑢𝑙𝑝 = 𝜌𝑠𝑊𝑠,𝐶𝑎𝑂𝑘𝑠𝑢𝑙𝑝𝑊𝑔,𝑆𝑂2
𝑊𝑔,𝑂2

 
-502100 [29] 
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𝑘𝑠𝑢𝑙𝑝 = 𝑎𝑠𝑢𝑙𝑝 4.0 (−3.843𝑇 + 5640)𝑒𝑥𝑝 (−
8810

𝑇
) 

 

De-

sulphation 

CaSO4(s)+CO(g)→CaO(s)+SO2(g)+CO2(g) 

𝑅𝑑𝑒𝑠𝑢𝑙𝑝 = 𝜌𝑠𝑊𝑠,𝐶𝑎𝑆𝑂4
𝑘′𝑑𝑒𝑠𝑢𝑙𝑝𝐶𝐶𝑂𝐴𝑟,𝐶𝑎𝑆𝑂4

𝑀𝐶𝑎𝑆𝑂4
 

𝑘′𝑑𝑒𝑠𝑢𝑙𝑝 = 𝑎𝑑𝑒𝑠𝑢𝑙𝑝0.005 𝑒𝑥𝑝 (−
10000

𝑇
) 

 

219200 [30] 

Direct 

sulphation 

CaCO3(s)+SO2(g)+0.5 O2(g)→CaSO4(s)+CO2(g) 

𝑅𝑑𝑖𝑠𝑢𝑙𝑝 = 𝜌𝑠𝑊𝑠,𝐶𝑎𝐶𝑂3
𝑘′𝑑𝑖𝑠𝑢𝑙𝑝𝐶𝑆𝑂2

𝑎 𝐶𝐶𝑂2

𝑏 𝐶𝑂2

𝑐 𝐴𝑟,𝐶𝑎𝐶𝑂3
𝑀𝐶𝑎𝐶𝑂3

 

𝑘′𝑑𝑖𝑠𝑢𝑙𝑝 = 𝑎𝑑𝑖𝑠𝑢𝑙𝑝0.01 𝑒𝑥𝑝 (−
3031

𝑇
) 

𝑎 = 0.9, 𝑏 = −0.75, 𝑐 = 0.001 

-323800 [30] 

2.4 Gas phase balances 

Two simplifications have been made to simplify gas phase balances. The first, on the interface of 

the bubble and the emulsion region, there is no area called as cloud. The second, gas species 

balance of the emulsion is resolved first, and it will define the amount of gas situated in the 

bubble. The gas species O2, N2, CO2, CO, NO, H2O, H2S, NH3, CH4, C2H4, H2, and SO2 are 

considered in the model and the total gas flow is the sum of individual gas species. Mass 

balances are resolved separately for each component in each control element, however at the bed 

section, there is a division between bubble gas and emulsion gas with separate balance equation, 

which are described in Appendix A. The emulsion and the bubble can retain different 

concentration of gas species. General continuity equation for individual gas specie j is written as: 

𝜕𝑊𝑔,𝑗 

𝜕𝑡
𝜌𝑔 +

𝜕𝑊𝑔,𝑗𝑢𝑔 

𝜕𝑧
𝜌𝑔 = ∑ 𝑅𝑔,𝑗 + ∑ 𝑆𝑔,𝑗 + 𝑄𝑔,𝑒𝑏,𝑗 + 𝐽𝑔,𝑗 (3) 

where ∑ 𝑅 describes the chemical reactions of each specie j and are summarized in Table 2 and 

the source term ∑ 𝑆 considers local mass changes of each species due to formation of volatiles, 

drying of fuel, char gasification and local feeds and discharges of the gas. However, biomass 
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devolatilization and drying is taking place only in the emulsion. There is always net gas flow 

∑ 𝑄𝑔,𝑒𝑏 from the emulsion to the bubble, since the minimum fluidization state must apply at the 

emulsion. Thus, the excess gas is assumed to appear as gas bubbles. Diffusion ∑ 𝐽𝑔,𝑒𝑏 between 

the emulsion and the bubble is taking place and different concentrations between the bubble and 

the emulsion gas induces mass transfer 𝐽𝑗. The mass transfer modeled using Chapman-Enskog 

theory with parameters of Cussler [31] and a mixture approach of Fairbanks and Wilke [32] to 

resolve the diffusion in a correlation of Sit and Grace [33]. Gas phase mass balances at the 

freeboard section are resolved according Eq. (3) without the mass transfer. 

Devolatilization process is modeled according to Myöhänen [30] and Ylätalo [22]. The model 

formulation makes possible to freely define devolatilization profile for the process. Gases 

released at the devolatilization from the fuel are CO, CO2, H2, CH4 and C2H4. The 

devolatilization model parameter γ influences in distribution of volatiles. Ratio of CO and CO2 is 

adjusted with the parameter. All volatile O elements in the fuel are spend and distributed as CO 

and CO2 according to the coefficient. The leftover volatilized elements are distributed to NH3, 

H2S, H2, CH4 and C2H4 gases. Other gas species NO, H2S and NH3 are formed during 

combustion (not taking place) and char gasification. Drying of the fuel produces H2O. 

Table 2. Gasification reactions. 

Reaction Equation H (at 25°C) Ref 

Boudouard 

C (s) + CO2 (g) → 2 CO (g) 

𝑅𝑏𝑜𝑢𝑑 = 𝑎𝑏𝑜𝑢𝑑𝑘𝑏𝑜𝑢𝑑𝜌𝑐ℎ𝑎𝑟𝑊𝑐ℎ𝑎𝑟,𝐶 

𝑘𝑏𝑜𝑢𝑑 =  2.34 × 104 exp (−
166200

𝑅𝑇
) 𝑝𝐶𝑂2

0.83 [kPa] 

 

172400 [34] 
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Water-gas 

C (s) + H2O (g) → H2 (g) + CO (g) 

𝑅𝑤𝑔 = 𝑎𝑤𝑔𝑘𝑤𝑔𝜌𝑐ℎ𝑎𝑟𝑊𝑐ℎ𝑎𝑟,𝐶 

𝑘𝑤𝑔 =  2.14 × 105 exp (−
164000

𝑅𝑇
) 

 

131300 [35] 

Methanation 

C (s) + 2 H2 (g) → CH4 (g) 

𝑅𝑚𝑒𝑡ℎ = 𝑎𝑚𝑒𝑡ℎ𝑘𝑚𝑒𝑡ℎ𝜌𝑐ℎ𝑎𝑟𝑊𝑐ℎ𝑎𝑟,𝐶 

𝑘𝑚𝑒𝑡ℎ = 16.4 exp (−
94800

𝑅𝑇
) 𝑝𝐻2

0.93[MPa] 

 

-75000 [36] 

Water-gas shift 

CO (g) + H2O (g) ↔ CO2 (g) + H2 (g) 

𝑅𝑤𝑔𝑠 = 𝑎𝑤𝑔𝑠𝑀𝐶𝑂𝑘′
𝑤𝑔𝑠 (𝐶𝐶𝑂𝐶𝐻2𝑂 −

𝐶𝐶𝑂2
𝐶𝐻2

𝐾𝑤𝑔𝑠
) 

𝑘′𝑤𝑔𝑠 =  2.78 exp (−
12560

𝑅𝑇
) 

 

-41100 [37] 

Shift thermodynamic 

reaction equilibrium  

𝐾𝑤𝑔𝑠 = 0.0265 exp (−
3965

𝑇
) 

 

 [38] 

Steam methane 

reforming 

CH4 (g) + H2O (g) ↔ CO (g) + H2 (g) 

𝑅𝑠𝑚𝑟 = 𝑎𝑠𝑚𝑟𝑀𝐶𝐻4
𝑘′𝑠𝑚𝑟(𝐶𝐶𝐻4𝐶𝐻2𝑂 −

𝐶𝐶𝑂𝐶𝐻2

3

𝐾𝑠𝑚𝑟
) 

𝑘′𝑠𝑚𝑟 =  3.05 × 105 exp (−
125000

𝑅𝑇
) 

 

206200 [39] 

Reforming 

thermodynamic 

reaction equilibrium 

𝐾𝑠𝑚𝑟 =  6.14 × 1013 exp (−
28116

𝑅𝑇
)  [39] 

2.3 Bubbling Bed Hydrodynamics 

Empirical hydrodynamic equations are employed to close the above defined constitutive 

equations. These equations are based on measurements and observations of fluidization 

phenomena. The empirical hydrodynamic equations cannot be often used directly, since the 

equations are based on measurements done with specific operating conditions. Therefore, the 
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empirical equations are needed to be tuned to make the equations valid on pilot conditions, or 

modified otherwise, if the equations are not directly valid on the operation conditions of interest. 

The empirical hydrodynamic equations described in Table 3 are implemented in the reactor 

model. Additional information is provided in Appendix A.  

Table 3. Hydrodynamic equations. 

Name Equation Ref 

Minimum 

fluidization 

velocity 

𝑢𝑚𝑓 =
μg

𝜌𝑔𝑑𝑝
(√27.22 + 0.0408 𝐴𝑟 − 27.2) [40], [41] 

Bed expansion 1) 
𝑓𝑒𝑥𝑏𝑒𝑑 = 𝑎𝑒𝑥𝑏𝑒𝑑(1 +

14.31(𝑢0 − 𝑢𝑚𝑓)
0.738

𝑑𝑝
1.006𝜌𝑝

0.376

𝜌𝑔
0.126𝑢𝑚𝑓

0.937 ) 

𝑎𝑒𝑥𝑏𝑒𝑑 = 0.85 

[42] 

Bubble gas velocity 𝑢𝑏 = 𝑢0 − 𝑢𝑚𝑓 + 𝑢𝑏𝑟 [20] 

Single bubble rise 

velocity 
𝑢𝑏𝑟 = 0.711√𝑔𝑑𝑏 [20] 

Bubble diameter 2) 
𝑑𝑏 = 𝑎𝑏𝑑0.54(𝑢0 − 𝑢𝑚𝑓)

0.4
(ℎ + 4√𝐴)

0.8
𝑔−0.2 

𝑎𝑏𝑑 = 0.1 

[43] 

Entrainment mass 

flow 3) 

�̇�𝑓𝑏 = 𝑎𝑒𝑙𝑢𝑡𝑟𝑖𝑎𝑡𝑖𝑜𝑛�̇�𝑠,𝑤,𝑠𝑢𝑟𝑓𝑎𝑐𝑒 𝑒𝑥𝑝(−𝑎𝑑𝑒𝑐𝑎𝑦ℎ𝑇𝐷𝐻) = 𝑐 

𝑐 = 0.01, 𝑎𝑑𝑒𝑐𝑎𝑦 = 3.5, 𝑎𝑒𝑙𝑢𝑡𝑟𝑖𝑎𝑡𝑖𝑜𝑛 = 0.5 
[44] 

Wake volume ratio 𝑓𝑤 =
𝑉𝑤

𝑉𝑏
= 0.3 [45] 

Mass transfer 

coefficient 4) 

𝐾𝑚,𝑏𝑒,𝑗 = 𝑎𝑑𝑖𝑓𝑓 (
2𝑢𝑚𝑓

𝑑𝑏
+ 12√

𝐷𝑔,𝑗𝜖𝑚𝑓𝑢𝑏

𝜋𝑑𝑏
3 ) 

𝑎𝑑𝑖𝑓𝑓 = 0.3, for CO2 𝑎𝑑𝑖𝑓𝑓 = 0.5 

[33] 

1. Bed expansion for the pilot was determined against pressure measurements. 
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2. A bubble size coefficient of 0.1 was determined as appropriate model coefficient value after 

a bubble size study. 

3. ℎ𝑇𝐷𝐻 is calculated according Appendix A. Model coefficient 𝑎𝑒𝑙𝑢𝑡𝑟𝑖𝑎𝑡𝑖𝑜𝑛 is selected based 

on the data provided by Wen and Chen [44]. 

4. 𝑎𝑑𝑖𝑓𝑓 = 0.3 is based on experiments of Chiba and Kobayashi [46] and 𝑎𝑑𝑖𝑓𝑓 = 0.5 is based 

on experiments of Wakabayash and Kunii [47]. 

2.5 Energy Balance 

Energy balance is required in order to resolve time dependent temperatures in the reactor. The 

energy balance is resolved in the control element for two-phase flow. The general uniform 

energy balance for gas and solid phases can be written as: 

𝑑𝑈 

𝑑𝑡
= 𝐸𝑐𝑜𝑛𝑣 + 𝐸𝑟 − 𝐸ℎ𝑠, (4) 

where 𝑈 is internal energy, 𝐸𝑐𝑜𝑛𝑣 convection of energy, 𝐸𝑟 energy from chemical reactions, 𝐸ℎ𝑠 

is heat source or sink. In Appendix A, detailed formulation of the energy balance is presented. 

One element wise temperature is resolved from the uniform energy equation (Eq. (4)) that is used 

by gas and solid phase in the model. 

3. Experimental work and modeling setup 

Experimental investigations of the SEG process was conducted at a 200 kWth dual fluidized bed 

facility at the Institute of Combustion and Power Plant Technology (IFK) at the University of 

Stuttgart (Fig. 2). The facility consists of a bubbling (BFB) and a circulating fluidized bed (CFB) 

reactor that are connected to each other.  

https://www-sciencedirect-com.ezproxy.cc.lut.fi/science/article/pii/0009250970850606?via%3Dihub#!
https://www-sciencedirect-com.ezproxy.cc.lut.fi/science/article/pii/0009250970850606?via%3Dihub#!
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BFB reactor is 6 m in height, has an inner diameter of 0.33 m, and is operated as 

gasifier/carbonator. The CFB reactor has a height of 10 m, an inner diameter of 0.2 m, and is 

operated as a combustor/calciner. Biomass is gravimetrically fed via a rotary valve and screw 

conveyor directly into the bed of the gasifier. Steam is fed via two gas spargers at the bottom of 

the gasifier and the steam acts as both a gasification and fluidizing agent. The gasifier is 

equipped with a primary cyclone for particle separation and internal recirculation of entrained 

bed material and char particles. In the producer gas line, there is a secondary cyclone for further 

particle reduction before the gas is combusted in a flare.  

Bed material and char particles leave the gasifier via the bottom loop seal and enter the calciner 

at the lower part of the reactor. In the calciner, char particles are combusted together with 

additional biomass (if needed) and oxygen enriched air to provide the heat that is required for the 

calcination of the bed material. To maintain the activity of the bed and for compensation of 

losses due to attrition, fresh limestone is fed to the calciner. 

Solids are separated from the flue gas in the primary cyclone of the calciner. A part of the 

separated solids is transferred back to the gasifier via a screw conveyor, while the rest of the 

material is sent back to the calciner. The solid circulation rate is controlled by the rotational 

speed of the screw. For further reduction of the particle concentration in the flue gas, the calciner 

is provided with a secondary cyclone and a bag filter. 

In the gasifier, gas samples for different measurements can be taken after the primary cyclone 

and/or after the secondary cyclone. Standard gas components such as H2, CO, CO2 and CH4 were 

measured continuously after the primary cyclone using an ABB AO2020 gas analyzer after fine 

filtration, washing in isopropanol (for tar removal) and condensation. Low hydrocarbons (C2H4, 

C2H6, C3H6, C3H8 and C4H10) were measured with a Varian CP-4900 Micro GC analyzer. 
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Experiments in this work have been conducted with wood pellets as fuel and limestone from 

Germany with a nominal particle size distribution of 100 µm – 300 µm as active bed material. 

The chemical composition of the wood pellets is given in Table 4. During the experiments, the 

steam-to-carbon ratio was kept constant at 1.5 molH2O/molC. Gasification temperature was 

increased by variation of the circulation rate and the calcination temperature was between 910 °C 

and 935 °C. Each experimental point was kept at steady-state conditions for a minimum of 1 h 

and a maximum of 3 h. 

H2-rich 

syngas

fuel + 

steam

CO2-rich

flue gas

Air + O2

Air + O2

(+ additional fuel)

Air + O2

CaCO3

CaO

Gasifier

Combustor/ 

Calciner

 

Fig. 2. 200 kWth dual fluidized bed facility at IFK, University of Stuttgart and main model 

dimensions of the gasifier.  

Table 4. Chemical composition of wood pellets used in experimental investigations of the SEG 

process. 
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Proximate analysis Ultimate analysis 

 

Moisture Ash Volatiles 
Fixed 

carbon 
C H N S O LHV 

wt%, ar wt%, ds wt%, daf MJ/kg,ar 

6.0 0.2 82.5 17.3 50.8 6.1 0.2 0.1 42.8 17.36 

 

Modeling setup was done based on the specification of the pilot gasifier. The main dimensions of 

the gasifier are shown in Fig. 2. For modeling, the reactor was divided into 40 discrete elements 

from which 3 were place on the conical bottom section of the gasifier. The gasifier was operated 

with constant operational parameters during the experiments and the parameters are summarized 

in Table 5. Simulation boundary conditions were determined based on online process 

measurements and samples of solid material extracted from loop seals. The main boundary 

conditions are summarized in Table 6 and solid properties are presented in Table 7.  

Simulations included the dense bed and the freeboard section. Gas and solid flows entering or 

exiting from the reactor were modeled as balances adding or removing the material. Primary gas 

fed from the bottom of the reactor was assumed to be perfectly mixed and the gas was fed in the 

bubble gas at the bottom element of the reactor. The fuel was fed into the reactor at the conical 

section above the bottom boundary (at the two lowest bed elements). The top boundary at the 

freeboard was set below the cyclone connecting pipe, where the gas flow was assumed to be 

steady, and it was assumed that there were no effects from the connecting pipe. Chemical 

reactions between the top simulation boundary and the cyclone were assumed to be small due to 

the small distance between the simulation boundary and the measurement points. Solids internal 

circulation from the primary and secondary cyclones were modeled by returning elutriated solids 
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from the top element back to the bed. Totally eight N2 feed positions were situated in the 

simulation domain. The N2 feeds were modeled as secondary air feeds. The N2 in the reactor was 

used for various purposes such as: fluidizing bottom and cyclone loop seals, sealing rotary valve 

and purging pressure sensors. Part of the total N2 feed leaked outside the reactor through rotary 

valve and loops seals without entering into the reactor. 

Table 5. Operating conditions of experimental balances. 

Parameter  

Fuel feed [kg/h] 30 

Primary gas [kg/h] 30.3 

Primary gas 

temperature [°C] 
146 

S/C [mol/mol] 1.5 

 

Table 6. Simulation boundary conditions. 

Parameter OP 1.1 OP 1.2 OP 1.3 OP 1.4 

Solid flow from combustor 

[kg/h] 
341 498 570 694 

Char from combustor [kg/h] 0 0 0.003 0 

Material mass fractions at 

circulation [%] 

    

    CaO 85.21 93.33 91.24 95.97 

    CaCO3 9.55 1.99 4.68 0.42 

    CaSO4 0.00 0.00 0.00 0.00 

    Ash 5.24 4.68 4.08 3.61 

Temperature of solid flow [°C] 716 734 787 809 

N2 feeds total [kg/h] 10.50 10.94 15.05 14.63 
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N2 feeds temperature [°C]     

    Dense bed 550 650 

    Freeboard 200 

 

Table 7. Solid properties. 

Parameter  

Bed material particle diameter [µm] 180 

Char particle diameter [µm] 300 

Solid 𝜌 [kg/m3] 3000 

Char 𝜌 [kg/m3] 550 

Solid 𝑐𝑝 [J/(kg K)] 1000 

Reaction surface of CaCO3 [m
2/kg] 300 

Reaction surface of CaSO4 [m
2/kg] 100 

 

4. Results 

Modeling activities in this paper focus on modeling the gasification reactor of the dual fluidized 

bed facility. Totally six operation points were experimentally investigated by Hafner et al. [19], 

and four of the operation points are modeled. The aim of the modeling is to gain the knowledge 

required to model hydrodynamics, chemical kinetics and energy transfer in the process. The role 

of in-bed chemical reactions, particularly bed material conversion and water-gas shift were found 

important. The developed model is capable to model the aforementioned important 

characteristics of the SEG process. Temperature dependency of fuel conversion were found 

important for precise modeling capability of lower temperature operation points. The validation 

of the reactor model focused on higher temperatures, where favourable gas composition for 
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DME synthesis is produced. Detailed knowledge of the physical and chemical phenomena in a 

SEG reactor is of value in scale-up of the SEG process from a pilot to an industrial scale.  

4.1 Model validation 

Validation of the developed reactor model was conducted by introducing the measured operation 

parameters into the model with appropriate model equations for physical and chemical 

phenomena. Hydrodynamics and gasification chemistry are modeled using literature correlations 

and parameters. The experimental work shows that higher operating temperatures to be more 

significant for the model validation than lower operating temperatures, since gas composition on 

the higher temperatures is more favourable for DME synthesis [19]. The precise prediction 

capability on the higher temperatures was used as the basis of the model validation and 

equilibrium of carbonation was adjusted to produce the favourable gas composition on the higher 

temperatures. The equal shift of the equilibrium was applied for each operation. The fitting of the 

employed hydrodynamic correlations to the measurements was done first. The hydrodynamics 

were adjusted against pressure measurements with experimental parameters from literature. 

Gasification chemistry was after the hydrodynamics. Char reactivity was investigated using 

literature correlations, since reactivity data were not available for in-bed conditions of the pilot 

reactor. Information for different chars was collected based on literature reviews [48], [49], and 

the most representative correlations were selected as preliminary models by considering an 

influence of biomass quality [50]. The preliminary correlation for water-gas reaction was 

according to Hemati and Laquerie [51], and for Boudouard reaction, according to Risnes et al. 

[52]. The kinetics of the selected preliminary correlations were set based on balances and new 

correlations having a good fit with the fitted correlations were selected from the reactivity 
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library. The methodology provided direct literature correlations for char reaction kinetics, which 

are presented in Table 2. 

Biomass devolatilization is modeled using standard proximate analysis. This is a common 

modeling assumption made for a conventional processes operating on temperatures around 

900°C. However, at lower temperatures such as where the SEG process is operated, the quantity 

of formed volatiles, char and hydrocarbons depends on devolatilization temperature [53]. Heavy 

hydrocarbons “tars” are not directly considered in the used devolatilization model. The 

implemented devolatilization model assumes all oxygen in the fuel to be volatilized and no 

leftover oxygen remains in the formed char. The assumption might have a slight impact on how 

the elements are distributed as different volatiles species in the model compared to the actual 

formation of volatiles in the gasifier. Formation of volatile gas species H2, CO, CO2, CH4 and 

C2H4 gas species are considered in the devolatilization model. However, C2H4 gas was not 

formed in the fuel decomposition. In the selected approach, light hydrocarbon species are 

assumed to be assimilated into CH4, since formation of lower hydrocarbons (C2, C3 or C4) were 

not considered. In general, the higher hydrocarbons are containing a smaller hydrogen to carbon 

ratio compared to CH4, which causes the lumping of the elements overestimates CH4 

concentration and underestimates H2 concentration in the reactor. The tars formed on biomass 

devolatilization can be assumed to be more severely cracked in SEG reactors compared to a 

conventional reactors, since bed material is mostly calcined limestone [54]. The effect of the 

calcined limestone to the tar conversion has been demonstrated experimentally [55], [56]. 

Devolatilization was assumed to be the major source of hydrocarbons in the process [53]. The 

model was adjusted according to this assumption. CH4 formation from char was assumed to be 

small and to not have a large contribution into the total amount of hydrocarbons [14]. 
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Devolatilization parameter γ was selected as 0.53 for all cases based on the previous 

assumptions. 

4.2 Hydrodynamics 

Hydrodynamics of the reactor were adjusted against vertical pressure measurements. The 

hydrodynamic scheme was formulated based on previously investigated correlations for physical 

phenomena. Good agreement between the model and the measurements was achieved using 

uniform hydrodynamic parametrization for the simulated operation points. The simulated 

hydrostatic pressure profiles compared to hydrostatic pressures determined from the pressure 

measurements are shown in Fig. 3.  

 

Fig. 3. Hydrostatic pressure profiles of the gasifier. The hydrostatic pressure profile of operation 

point 1.1 has minor deviation from the other profiles, since inventory of solids was slightly 

smaller in the gasifier during the experiments. 

4.3 Mass balance and heat balance 

The producer gas flow from the pilot gasifier was measured before the gas was flared. The 

simulated gas mass flows compared to mass flows determined from the measurements are shown 
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in Fig. 4. The simulations are following similar temperature trends as the measurements. Model 

prediction for mass flow on higher temperatures agrees with the measurements. Moreover, the 

difference between mass flows is diminished as the temperature is increased. This suggest that 

the used modeling approach is adequate for modeling on the higher temperatures. 

 

Fig. 4. The overall producer gas mass flow. The mass flow of the producer gas was determined 

based on the measurements. In the figure, at each operation point, the left bar represents 

simulation and the right bar the measurement. Abbreviation “Vol” in this instance denotes all 

gases except H2O and N2. The mass flow determined from measurements is not including tars, 

which will cause a difference between simulations and experimental mass flows. 

The measured producer gas composition against simulation results is shown in Fig. 5. Good 

agreement between the measured producer gas composition and the simulation is achieved on 

higher temperatures. Particularly at operation point 1.3, module 2 is achieved, which is the most 

favourable gas composition for DME synthesis [19]. The module is calculated from relations of 

gases: 

𝑀 =
𝑦𝐻2−𝑦𝐶𝑂2

𝑦𝐶𝑂+𝑦𝐶𝑂2

. (5) 
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The favourable module should be applied as the target of process optimization, since additional 

process steps required for preparation of the feedstock gas can be reduced. Model performance is 

good on the higher temperatures, which can be seen from precise prediction capability of the 

module. On these operation points the simulation agrees with the measured mass flows (Fig. 4). 

However, on lower temperatures model prediction differs from the measurement, which 

influences in water-gas shift and carbonation reactions, since partial pressures of gases are not 

predicted precisely. The effect can be seen from relations of CO, CO2 and H2 of operation point 

1.1 from Fig. 5.  

Simulated gas concentration profiles in respect to the reactor height for emulsion gas and bubble 

gas are shown in Fig. 6. In example, N2 gas is inert in the process. The gas is fed to the bubble at 

the bottom of the bed in the two lowest bed elements. In these elements, there is a large 

concentration difference for the N2 between the emulsion and the bubble until the mixing evens 

the difference. The relatively high concentration difference for the N2 is caused by three reasons: 

biomass devolatilization is taking place in the emulsion, primary gas is fed to the bubble and 

minimum fluidization state influences on gas exchange. The mixing of emulsion and bubble are 

limited at the bottom because of modeling assumptions.  
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Fig. 5. Volume fractions of H2, CO, CO2 and CH4 gas species and module of producer gas at the 

studied operation points. In Fig. 5 a) H2, b) CO, c) CO2, and d) CH4 volume fractions of producer 

gas are shown. In Fig. 5 e) The producer gas module is presented.  

 

Fig. 6. Gas profiles of the major gas species in the bubble and the emulsion at operation point 

1.1. Primary and secondary gas feeds are mixed into bubble gas in the bed. Gases formed on 
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devolatilization are situated in the emulsion before mixing with the bubble gas. At the surface of 

the bed concentration differences disappear due to complete mixing.  

Solid feed rate between the combustor and the gasifier was increased during the experimental 

runs. The increased feed elevated the bed temperature of the gasifier, since more heat was 

transferred from the combustor. The vertical process temperatures and the simulated temperature 

profiles are shown in Fig. 7. A heat source term was applied for bed reactor to match local 

temperatures. The heat balance adjustment according to Table 8 was applied for the bed. 

Constant heat loss of -2.4 kW/m was applied at freeboard in each simulations case. The 

freeboard heat loss is included in the adjustment in Table 8. The approach was used to 

compensate impact of uncertainties, such as devolatilization process, solid flow measurement 

and temperature measurements in the energy balance.  

Table 8. Heat source term of simulations. 

Parameter OP 1.1 OP 1.2 OP 1.3 OP 1.4 

Heat balance adjustment 

[kW/kWfuel] 
-0.14 -0.09 -0.04 0.04 

 

Good match was gained between simulated temperature profiles and the temperature 

measurements by the used boundary conditions and applied heat source term. It is important to 

gain good match between the simulated and the measured temperature profile, since the 

temperature affects the chemical reactions and the operation of the entire reactor.  
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Fig. 7. Simulated temperature profiles and process measurements from the pilot gasifier. 

4.4 Bed material conversion 

Bed material carbonation is mainly influenced by bed temperature and as the bed temperature 

increases, bed material carbonation becomes more limited, which can be remarked from Fig. 5 

c), as decreased CO2 concentration, and from Fig. 4 as increased mass flow. The limited CO2 

capture decreases the bed material carbonation and the conversion reduced as function of the bed 

temperature, which is shown in Fig. 8. The simulated results are following the trend shown by 

measurements from operation point 1.1 and 1.4, which are reflecting a different behaviour of the 

reactor. Conversion of limestone was estimated precisely for at operation point 1.4. Moreover, 

the module of the producer gas and mass flow were precise at the operation point. The 

indications suggest the model to be precise on higher operating temperatures. Conversion of the 

limestone was over predicted on lower temperatures, which can be caused by modeling 

conversion of fuel as temperature independent. The model could not reproduce the lower 

conversion at operation point 1.2, since the devolatilization model overestimated the yield of 

CO2. Previously investigated correlation for carbonation reaction was used and calcination was 
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assumed to not take place in the reactor. Sulphation reactions of bed material were not occurring, 

since SO2 was not present. 

The carbonation of limestone is influenced by factors such as temperature, limestone material 

fractions and difference between CO2 equilibrium concentration and concentration of the 

process. Generally, as the temperature increases the limestone carbonation becomes limited due 

to elevated equilibrium concentration. In simulations, appropriate bed material conversion and 

CO2 concentration according to gas measurements were attained by adjusting the thermodynamic 

reaction equilibrium of limestone. It is reasonable to assume that actual limestone does not 

follow exactly the theoretical reaction equilibrium in real process conditions because of 

impurities of the limestone. This remark can be determined from measurements of Hajaligol et 

al. [57]. The reaction equilibrium was set according to operation point 1.3, where favourable 

module for gas composition was attained by shifting the equilibrium. The equilibrium was 

shifted 22°C towards calcination in each case.  

The developed gasification model is capable of modeling differences in the bed material 

conversion between the emulsion and the wake. The feature has not been previously 

implemented into 1D gasification models according to the conducted literature review. However, 

the reactive bed material has been incorporated into the SEG model published by Hejazi [17]. 

Nevertheless, in the corresponding case, the bed has been assumed to be perfectly mixed (0D 

solid balance of the bed). By implementing 1D balances, modeling assumptions of 0D-approach, 

such as, uniform solid temperature and uniform CaCO3 fraction for the bed are avoided. With 

1D-approach the material conversion can be traced within the gasifier and the effect of local 

operation conditions are taken into account. The bed material conversion in the gasifier and local 

material fractions of CaCO3 are shown in Fig. 9. High in-bed solid mixing is induced by pilot 
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reactor design that evens differences in the solid material fractions on vertical direction of the 

dense bed. The high mixing of solids causes the bed to behave as ideally mixed bed without 

significant material fraction differences. 

 

Fig. 8. Bed material conversion from CaO to CaCO3 in the gasifier. The bed material conversion 

was determined from solid samples extracted from loops seals. The conversion is calculated as 

difference of CaCO3 mass fraction between the loop seals. 
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Fig. 9. Simulated solid profiles in the reactor below bed material feeding point for CaCO3. The 

bed material feeding point and the surface of the bed are situated approximately at height of 1.7 

m and 0.7 m, respectively.  

4.5 Water-gas shift reaction 

Water in the reactor is consumed by water-gas shift, steam-methane reforming and water-gas 

reaction. At low temperatures water-gas reaction rate remained slow. This is an indication that 

most of the water in the reactor was consumed by the water-gas shift reaction, since methane 

reforming was assumed to be slow due to absence of a catalyst [58], [59]. The influence of 

water-gas shift reaction on producer gas composition can be observed from the relations of H2, 

CO and CO2 gas species concentrations presented in Fig. 5. The reaction is enhanced by 

limestone carbonation, which consumes CO2 as gas conversion by water-gas shift reaction 

proceeds. Active in-bed CO2 capture is the main cause for the low concentration in the reactor at 

operation point 1.1. The present signifies the water-gas shift reaction to be kinetically limited at 

the freeboard. The water-gas reaction has been reported to be catalyzed by ash of the fuel and in-

organic substances in previous studies [58], [14], [49], and in the absence of the catalyst or the 

inorganic substances the reaction is kinetically limited. Modeling was done by considering 

equilibrium of water-gas shift and catalytic effects [14], [13]. In-bed and surface reaction rate 

was modeled according to Biba et al. [37] and freeboard reaction rate was set slow. The reaction 

produced satisfactory trends for the final composition of the producer gas as is shown in Fig. 5. 

Due to the slow reaction kinetics at the freeboard, the reaction conversion remained below 

reaction equilibrium, which is shown in Fig. 10. The same remark has been made in other 

experimental steam gasification studies conducted with a laboratory scale equipment [13], [60], 

[61]. 
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Fig. 10. Water-gas shift reaction equilibrium. The reaction is kinetically limited at the freeboard, 

which causes the gas composition stay below the thermodynamic reaction equilibrium. The 

equilibrium coefficient was determined from the relation of gas partial pressures with equation: 

𝐾𝑤𝑔𝑠 =
𝑝𝐶𝑂 𝑝𝐻2

𝑝𝐶𝑂 𝑝𝐻2𝑂
 [38]. 

Uniform parametrization was used for in-bed water-gas shift kinetics. The differences between 

the emulsion and the bubble reaction rates are shown in Fig. 11. The most of the reaction 

conversion took place in the bubble gas where high concentration of H2O was available because 

of primary gas feed. CO required by the reaction was formed in the emulsion on biomass 

devolatilization and the CO was exchanged from the emulsion to the bubble by net flow. The 

influence of high CO2 concentration at operation point 1.1 can be seen in Fig. 11 as decreased 

reaction rate.  
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Fig. 11. In-bed and surface water-gas shift reaction rates. Separate reaction rates for emulsion 

and bubble are presented.  

4.6 Carbon conversion 

Carbon conversion describes chemical energy conversion of a fuel in a gasification reactor. With 

the fuel, elemental carbon is supplied into the reactor, and in this instance, the carbon conversion 

describes conversion of the elemental carbon from the fuel to the producer gas. The carbon 

conversion is reflecting the chemical conversion taking place by fuel devolatilization, 

hydrocarbon cracking and reforming, and char gasification. The carbon conversion is lower in 

the case of SEG processes, if compared to conventional gasifiers, since bed material carbonation 

decreases the carbon conversion. The carbon conversion in the simulated operation range is 

shown in Fig. 12. The conversion has been calculated from data shown in Fig. 4 and Fig. 5. The 

developed model was able to predict trend of the carbon conversion in the simulated temperature 

range.  
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Fig. 12. Carbon conversion from fuel to producer gas on a tar free basis. The ratio kgC,G / kgC,F is 

determined directly from producer gas measurements. The ratio considers the full chemical 

conversion process taking place in the gasifier.  

5. Conclusions 

A reactor model for the sorbent enhanced gasification (SEG) process was developed in this 

work. The model was formulated based on the specifications of a 200kWth SEG pilot plant. The 

developed model takes into account the most important aspects required for comprehensive 1- 

dimensional modeling of SEG processes. The model formulation is based on a non-perfectly 

mixed bubble bed, where the bed material conversion degree can vary along the vertical 

direction for solids situated in emulsion or wake. Biomass gasification has previously been 

modeled successfully using a two-phase approach similar to the one developed in this paper, 

however none of these models has been directly applicable to SEG processes. The developed 

model is based on ideal fundamental mass and heat balances, and the model permits simulation 

of the SEG process at steady-state conditions. The developed gasification reactor model can be 

coupled with previously developed combustor model to simulate the full dual fluidized bed. The 
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developed hydrodynamic model is not limited for the conditions of the SEG pilot, but can be 

applied for different hydrodynamic conditions using proper model equations.  

Preliminary validation of the 1D BFB gasification model was done at steady-state conditions. 

The pilot reactor was operated with steam-to-carbon ratio of 1.5 [mol/mol] and temperature of 

the gasifier was varied between 630 – 770°C. The developed model was capable of capturing 

important characteristics of the SEG process. The model was able to predict hydrodynamics and 

trends for temperatures, bed material conversion and producer gas composition. The model 

performed precisely in the temperature range, which is the most important for synthesising DME 

from the producer gas of the gasifier. The model performance is limited on lower operation 

temperatures and more detailed fuel conversion model including tars might be required for 

precise simulations on the lower temperatures. The indicated is less substantial on the higher 

temperatures, which can be observed as diminished difference between the simulations and the 

experiments, which makes the model capable of predicting the operation of the pilot on the 

higher temperatures. 

Bed material carbonation and water-gas shift played an important role in the SEG pilot. 

Combined effect of the reactions had significant impact on the final yield of the gasifier. Yield of 

water-gas shift is increased by low operating temperatures, where CO2 capture of limestone is 

active. However, when the operation temperature limits the CO2 capture capability of the bed, 

the gasifier starts to behave similarly as a conventional steam gasification process and decreased 

CO2 capture also limits the gas conversion by water-gas shift. 

The current model is based on literature correlations. However, the model prediction could be 

still further improved with better knowledge of reaction phenomena in the pilot reactor. Such 

information would require further experimental work focusing on specific phenomenon. The 
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work conducted in this paper improved the current understanding of physical and chemical 

phenomena important in SEG processes. 

The work presented in this study is a first step towards scaling pilot SEG processes to the 

industrial scale. The model was developed based on the pilot reactor to simulate SEG processes. 

The preliminary validation revealed important aspects about the behaviour of SEG reactors. 

Further investigations of phenomena could be conducted with the developed model. 

Furthermore, investigations could include full loop 1D simulation of the dual fluidized bed 

facility. The knowledge of physical and chemical phenomena gained from the 1D simulations 

could be utilized in semi-empirical 3D simulations and scaling of the reactor technology. The 

capability to model phenomena in complex reactor systems is an important step towards scaling 

and commercialization of SEG technology.  
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Abbreviations 

𝑎 coefficient [−] 

𝐴 area of control element [m2] 

𝐴𝑟 reaction surface area [m2/kg] 
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𝐴𝑟 Archimedes number [−] 

𝑐 mass ratio constant [−] 

𝑐𝑝 specific heat capacity [J/(kg K)]  

𝐶 concentration [mol/m3] 

𝑑 diameter [m] 

𝐷 binary diffusion coefficient [cm2/s] 

𝐸 energy [W/m3] 

𝑓𝑒𝑥𝑏𝑒𝑑 bed expansion coefficient [−] 

𝑓𝑤 wake volume ratio [−] 

𝑔 gravity [m/s2] 

ℎ enthalpy [J/kg] 

𝐻 reaction enthalpy [J/kg] 

ℎ𝑏𝑒𝑑 bed height [m] 

ℎ𝑇𝐷𝐻 TDH height [m] 

𝐽 diffusion [kg/(m3s)] 

𝑘 chemical reaction rate coefficient [1/s] 

kgC,G/kgC,F elemental carbon conversion from daf fuel to producer gas [−] 

𝑘′ chemical reaction rate coefficient [m3/(mol s)] 
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𝐾𝑑 lateral mixing coefficient [−] 

𝐾𝑚 total mass transfer coefficient [1/s] 

𝐾 reaction equilibrium [−] 

�̇� mass flow rate [kg/s] 

𝑀 molar mass [mol/kg] 

𝑝 pressure [Pa] 

𝑄ℎ𝑠 heat source [W] 

𝑄𝑠,𝑤 flow of wake [kg/(m3s)] 

𝑄𝑔,𝑒𝑏 net flow [kg/(m3s)] 

𝑄𝑠,𝑒𝑤 net flow [kg/(m3s)] 

𝑅 chemical reaction rate [kg/(m3s)] 

𝑅𝑖 ideal gas constant [J/(mol K)] 

𝑆 source term [kg/(m3s)] 

𝑡 time [s] 

𝑇 temperature [K] 

𝑇𝐷𝐻 transport disengaging height [m] 

𝑢 velocity [m/s] 

𝑈 internal energy [W/m3] 
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𝑉 volume [m3] 

𝑊 mass fraction [kgi/kgy] 

𝑦 mole fraction [moli/moly] 

𝑧 distance [m] 

Greek 

γ CO and CO2 ratio [−] 

𝜖 void fraction [−] 

𝜇 dynamic viscosity [Pa s] 

𝜌 density [kg/m3] 

𝜎 collision diameter [m] 

Ω diffusion parameter [−] 

Indices 

𝑏 bubble, bubble gas 

𝑏𝑒𝑑 bubble bed 

𝑏𝑟 single bubble 

𝑐𝑜𝑛𝑣 convection 

𝑐ℎ𝑎𝑟 char (fixed carbon) 

𝐶 carbon 
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𝑒 emulsion 

𝑒𝑞 equilibrium 

𝑓𝑏 freeboard 

𝑔 gas 

ℎ𝑠 heat source/sink 

𝑖 index 

𝑗 index 

𝑘 index 

𝑙𝑎𝑡 latent 

𝑚𝑎𝑥 maximum conversion limit for sorbent 

𝑚𝑓 minimum fluidization 

𝑝 particle 

𝑟 reaction 

𝑠 solid 

𝑠𝑢𝑟𝑓𝑎𝑐𝑒 surface of dense bed 

𝑣𝑜𝑙 volatiles 

𝑤 wake 
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Appendix A. Model formulation and additional model equations 

A.1 Solid mass balances for wake and emulsion 

General solid (s) mass balance equations at the wake (w) and the emulsion (e) can be written as: 

 
𝜕𝜌𝑠,𝑤 

𝑑𝑡
+

𝜕𝑢𝑠,𝑤𝜌𝑠,𝑤 

𝜕𝑧
= −𝑄𝑠,𝑒𝑤 + ∑ 𝑅𝑠,𝑤 + ∑ 𝑆𝑠,𝑤 (A.1) 

𝜕𝜌𝑠,𝑒 

𝜕𝑡
+

𝜕𝑢𝑠,𝑒𝜌𝑠,𝑒 

𝜕𝑧
= 𝑄𝑠,𝑒𝑤 + ∑ 𝑅𝑠,𝑒 + ∑ 𝑆𝑠,𝑒, (A.2) 

where 𝜌𝑠 is density of solids, 𝑢𝑠 is velocity of solids, 𝑄𝑠,𝑒𝑤 is net flow of solids between 

emulsion and wake, chemical reaction term ∑ 𝑅 includes mass change due to solid chemical 

reaction, while the term ∑ 𝑆 includes the mass from other sources such as local feeds and 

discharges. The solid concentration depends on the material composition 

𝜌𝑠 =  ∑ 𝑊𝑠,𝑘𝜌𝑠𝑘  (A.3) 

in which 𝑊𝑠,𝑘 is material fraction for each solid material k. The continuity equations for each 

material k in wake and emulsion are after substitution 

𝜕  

𝜕𝑡
(𝑊𝑠,𝑤,𝑘𝜌𝑠,𝑤) +

𝜕  

𝜕𝑧
(𝑊𝑠,𝑤,𝑘𝑢𝑠,𝑤𝜌𝑠,𝑤) = 𝑊𝑠,𝑤,𝑘𝑄𝑠,𝑒𝑤 + ∑ 𝑅𝑠,𝑤,𝑘 + ∑ 𝑆𝑠,𝑤,𝑘 (A.4) 

𝜕  

𝜕𝑡
(𝑊𝑠,𝑒,𝑘𝜌𝑠,𝑒) +

𝜕  

𝜕𝑧
(𝑊𝑠,𝑒,𝑘𝑢𝑠,𝑒𝜌𝑠,𝑒) = 𝑊𝑠,𝑒,𝑘𝑄𝑠,𝑒𝑤 + ∑ 𝑅𝑠,𝑒,𝑘 + ∑ 𝑆𝑠,𝑒,𝑘. (A.5) 

The Eq. (A.5) is applied for the freeboard emulsion. 

A.2 Gas phase mass balances for wake and emulsion 

General mass balance for the gases in the emulsion and the bubble are according to equations: 

𝜕𝜌𝑔,𝑒

𝜕𝑡
+

𝜕𝑢𝑔,𝑒𝜌𝑔,𝑒

𝜕𝑧
= ∑ 𝑅𝑒 + ∑ 𝑆𝑒 − 𝑄𝑔,𝑒𝑏 − 𝐽𝑔,𝑒𝑏 (A.6) 
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𝜕𝜌𝑔,𝑏 

𝜕𝑡
+

𝑑𝑢𝑔,𝑏𝜌𝑔,𝑏 

𝜕𝑧
= ∑ 𝑅𝑏 + ∑ 𝑆𝑏 + 𝑄𝑔,𝑒𝑏 + 𝐽𝑔,𝑒𝑏. (A.7) 

Time derivate is resolved from Eq. (A.6) and Eq. (A.7) according to the following equation: 

𝜕𝜌𝑔 

𝜕𝑡
=

𝜕(𝑊𝑔,𝑗𝜌𝑔) 

𝜕𝑡
=

𝜕𝑊𝑔,𝑗 

𝜕𝑡
𝜌𝑔 +

𝜕𝜌𝑔 

𝜕𝑡
𝑊𝑔,𝑗, (A.8) 

where the time derivate of gas mixture density is considered to be small and to not have 

significant impact in the equation. Gas density of the total mixture is resolved from ideal gas 

approach. After substitution the continuity equation for each individual gas specie j is written as: 

𝜕𝑊𝑔,𝑗 

𝜕𝑡
𝜌𝑔 +

𝜕𝑊𝑔,𝑗𝑢𝑔 

𝜕𝑧
𝜌𝑔 = ∑ 𝑅𝑔,𝑗 + ∑ 𝑆𝑔,𝑗 + 𝑄𝑔,𝑒𝑏,𝑗 + 𝐽𝑔,𝑗. (A.9) 

A.3 Bubbling bed hydrodynamics 

The emulsion of dense bed is assumed to remain at the minimum fluidization state. Emulsion gas 

void fraction is resolved: 

𝜖𝑔,𝑒 =
𝜖𝑔,𝑚𝑓

𝑓𝑒𝑥𝑏𝑒𝑑
, (A.10) 

where minimum fluidization voidage 𝜖𝑔,𝑚𝑓 is resolved from the Ergun equation [40] with 

empirical parameters of Grace [41] and the bed expansion factor 𝑓𝑒𝑥𝑏𝑒𝑑 modeled according to 

Babu et al. [42]. 

Gas moves with the emulsion and the slip velocity between the emulsion gas and the emulsion 

solid is 𝑢𝑚𝑓/𝜖𝑚𝑓. When solids in the emulsion are moving with the velocity 𝑢𝑠,𝑒, the emulsion 

gas velocity is: 

𝑢𝑔,𝑒 =
𝑢𝑚𝑓

𝜖𝑚𝑓
+ 𝑢𝑠,𝑒. (A.11) 
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It should be noted that the direction of the emulsion gas can be upwards or downwards, based on 

the velocity of the emulsion solids.  

Particles transported by the wake of the bubble are ejected to the freeboard from the surface of 

the bubbling bed by bubble splashes. The finest particles entrained in the gas flow are 

pneumatically transported into the cyclone of the reactor. However, coarse particles do not exit 

from the freeboard region. One representative particle size is used for entrainment model. 

Transport disengaging height (TDH) is the limit, how far-off at the freeboard the coarse particles 

are transported 

𝑇𝐷𝐻 = ℎ𝑏𝑒𝑑 + ℎ𝑇𝐷𝐻. (A.12)  

A.5 Energy balance 

General energy balance Eq. (4) is formed from separate balances for gas and solid phases, which 

have been conjoined as one equation: 

𝑑𝑈𝑠 

𝑑𝑡
+

𝑑𝑈𝑔 

𝑑𝑡
= 𝐸𝑠,𝑐𝑜𝑛𝑣 + 𝐸𝑔,𝑐𝑜𝑛𝑣 + 𝐸𝑠,𝑟 + 𝐸𝑔,𝑟 − 𝐸ℎ𝑠, (A.13) 

in which the terms are obtained from following set of equations: 

𝜕𝑈𝑠 

𝜕𝑡
+

𝜕𝑈𝑔 

𝜕𝑡
= ∑ (𝜌𝑠,𝑒𝑊𝑠,𝑒,𝑘)𝑘 𝑐𝑝,𝑠

𝜕𝑇 

𝜕𝑡
+ ∑ (𝜌𝑠,𝑤𝑊𝑠,𝑤,𝑘)𝑘 𝑐𝑝,𝑠

𝜕𝑇 

𝜕𝑡
+ ∑ (𝜌𝑔,𝑒𝑊𝑔,𝑒,𝑗)𝑗

𝜕ℎ𝑔,𝑒

𝜕𝑡
+

𝜌𝑔,𝑒 ∑ (
𝜕𝑊𝑔,𝑒,𝑗

𝜕𝑡
ℎ𝑔,𝑒,𝑗)𝑗 + ∑ (𝜌𝑔,𝑏𝑊𝑔,𝑏,𝑗)𝑗

𝜕ℎ𝑔,𝑏

𝜕𝑡
+ 𝜌𝑔,𝑏 ∑ (

𝜕𝑊𝑔,𝑏,𝑗

𝜕𝑡
ℎ𝑔,𝑏,𝑗)𝑗  (A.14) 

𝐸𝑠,𝑐𝑜𝑛𝑣 + 𝐸𝑔,𝑐𝑜𝑛𝑣 = ∑ (𝜌𝑠,𝑒𝑊𝑠,𝑒,𝑘)𝑘 𝑢𝑠,𝑒𝑐𝑝,𝑠
𝜕𝑇

𝜕𝑧
+ ∑ (𝜌𝑠,𝑤𝑊𝑠,𝑤,𝑘)𝑘 𝑢𝑠,𝑒𝑐𝑝,𝑠

𝜕𝑇

𝜕𝑧
+

∑ (𝜌𝑔,𝑒𝑊𝑔,𝑒,𝑗)𝑢𝑔,𝑒𝑗
𝜕ℎ𝑔,𝑒

𝜕𝑧
+ ∑ (𝜌𝑔,𝑏𝑊𝑔,𝑏,𝑗)𝑢𝑔,𝑏𝑗

𝜕ℎ𝑔,𝑏

𝜕𝑧
 (A.15) 

𝐸𝑠,𝑟 + 𝐸𝑔,𝑟 = ∑ 𝐻𝑠,𝑒,𝑘,𝑟𝑅𝑠,𝑒,𝑘𝑘 + ∑ 𝐻𝑠,𝑤,𝑘,𝑟𝑅𝑠,𝑤,𝑘𝑘 + ∑ 𝐻𝑔,𝑒,𝑗𝑅𝑔,𝑒,𝑗𝑗 + ∑ 𝐻𝑔,𝑏,𝑗𝑅𝑔,𝑏,𝑗𝑗 +

𝐻𝑔,𝑒,𝑣𝑜𝑙,𝑗𝑆𝑔,𝑒,𝑣𝑜𝑙,𝑗 + 𝐻𝑔,𝑒,𝑙𝑎𝑡,𝑗𝑆𝑔,𝑒,𝑙𝑎𝑡,𝑗, (A.16) 
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where ℎ is enthalpy, 𝐻 is reaction enthalpy and 𝐻𝑔,𝑒,𝑙𝑎𝑡,𝑗𝑆𝑔,𝑒,𝑙𝑎𝑡,𝑗 is latent heat of specie j. In the 

total mixture, only latent heat of H2O is considered. Convection of energy in the system is 

resolved by using first order upwind scheme for the gas and the solid phases.  
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