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A B S T R A C T   

Sorption-enhanced gasification (SEG) is a promising technology for producing renewable feedstock gas to be 
used in biofuel synthesis processes, especially in dimethyl ether (DME) synthesis. To adopt the technology on a 
commercial scale, it is necessary to acquire knowledge about the related operational characteristics. The SEG 
process is carried out at lower temperatures than those employed in conventional gasifiers. A typical operating 
range is from 600 ◦C to 800 ◦C. Fuel decomposition experiments have shown distribution of the decomposition 
products to vary by the process temperature in this operating range, and thus, it is important to adapt this 
phenomenon for modelling the SEG process. To model the temperature dependence of the decomposition 
products, a fuel model was developed. Fuel decomposition experiments were conducted to obtain the boundary 
conditions for the fuel model. The developed fuel model was implemented to an SEG model frame, and the model 
prediction was compared against data from a 200 kWth dual fluidised bed facility. The model gave satisfactory 
predictions for producer composition and temperature trends. Furthermore, the main balances of the model were 
in agreement with typical trends of the SEG process. The conducted simulations improved our understanding of 
material balances in SEG reactors. Knowledge from physical operations governing the process is of value in 
further development of the technology.   

1. Introduction 

Increased greenhouse gas emissions during the past few decades 
have induced the European Union (EU) to pursue a climate policy whose 
goal is to keep average global warming below 2 ◦C compared to pre- 
industrial temperatures [1]. To pursue this policy, the EU has set a 
target of 14% renewable energy usage for the transportation sector by 
2030 [2]. Consequently, there is a pressing need to develop effective and 
cost-efficient ways for producing transportation fuels from renewable 
sources. The transportation sector has relied on liquid fossil oil-derived 
fuels, such as petroleum and diesel, for decades. A cost-efficient alter-
native is thus to replace fossil-based diesel fuel with liquefied renewable 
dimethyl ether (DME). 

Sorption-enhanced gasification (SEG) has been recognised as a 
promising technology to produce renewable feedstock for the synthesis 
of DME. The SEG process operated within specific operating conditions 
can produce a feedstock gas from biomass that is almost directly suitable 
for the DME synthesis. This has been experimentally verified under a 
certain operating condition of the gasifier [3]. The benefit of the process 

is that additional downstream modification of the producer gas 
composition is not required. In the SEG process, the producer gas 
composition can be tailored to be suitable for the downstream DME 
synthesis in the gasification reactor. 

However, experiments are usually limited to a finite number of 
experimental points; operations outside the experimental points or on a 
different scale cannot be evaluated with certainty. To overcome these 
experimental limitations, a process model can be developed. Process 
modelling can directly evaluate the impact of various process parame-
ters on the operation of a gasifier. To develop a process model for this 
purpose, the main phenomena governing the operation of the process 
must be included in the model. Occasionally, a simplified gasification 
process model with only the most relevant characteristics has been 
sufficient to produce satisfactory prediction capability [4]. However, in 
other instances, more detailed modelling approaches have been devel-
oped, especially for fuel decomposition [5,6]. 

The fuel decomposition process is called pyrolysis, and it is the pri-
mary step of biomass gasification. During pyrolysis, the biomass is 
decomposed into solid and gaseous fractions. The gas fraction is formed 
from non-condensable and condensable gas species. The condensable 
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fraction is mainly formed from heavy hydrocarbons, referred to as tars. 
In the literature, there are several studies concerning fuel decom-

position, and one of the main observations of these studies has been that 
the decomposition products vary by temperature [7]. A comprehensive 
literature review concerning fuel decomposition products was made by 
[8]. The authors thoroughly reviewed many experimental studies for 
various biomasses and provided many examples of how the fuel 
decomposition products are changed by the process temperature. 

Conventionally, fuel decomposition products have been modelled by 
using standard proximate analysis. Standard proximate analysis repre-
sents the fuel decomposition products at 905 ◦C. The standard approach 
has been successfully applied for conventional gasification processes, 
which are carried out at temperatures around 850 ◦C. In gasification 
processes that are carried out well below the conventional operating 
temperatures, the fuel decomposition products are expected to differ 
from those observed under standard characterisation conditions. The 
distribution of decomposition products is temperature-dependent, and it 
varies with temperature. To analyse low-temperature systems, this 
characteristic must be considered, and thus, a temperature-dependent 
fuel decomposition model is needed. 

The goal of this study is to develop a fuel decomposition model 
suitable for low-temperature biomass gasification and to implement the 
model into an SEG model frame. By introducing characteristics of the 
decomposition phenomena into the model frame, the fuel model 
development is premised on the main characteristics of the decompo-
sition process. The major decomposition products, e.g. permanent gases, 
char, and tar, are included in the model. Elemental balances are 
formulated based on these main products. The effect of temperature on 
the distribution of the main products is considered to model the effect of 
temperature on the elemental balances. 

The fuel model is implemented into a previously published SEG 
model frame [9], and the model prediction is compared against gasifi-
cation experiments [3]. In addition, fuel decomposition experiments 
were conducted at a temperature range that is important for the SEG 
process. The experiments were carried out to obtain boundary condi-
tions for the fuel decomposition sub-model. 

2. Numerical model development 

Gasification can be divided into three major steps: drying, decom-
position, and gasification of the decomposition products. A simplified 
overview of the gasification process is shown in Fig. 1. The objective of 
this work is to develop a fuel model that considers the main aspects of 
fuel decomposition. Fuel decomposition is one of the main process steps 
of gasification, and hence, it impacts the final gasification products. 

2.1. Drying 

Biomass drying is carried out at low temperatures. The water bound 
in the biomass is analysed by drying the biomass. Determining the water 
fraction is a standard procedure belonging to the standard proximate 
analysis of the fuel. 

2.2. Fuel decomposition 

In fuel decomposition, the biomass is fractioned into solid and gas 
fractions. The gas fraction is formed from permanent gases (CO, CO2, H2, 
CH4, and C2–C4 hydrocarbons) and condensable gas species, referred to 
as tars. The primary decomposition occurs at temperatures from 200 ◦C 
to 500 ◦C [8]. Typically, at temperatures around 500 ◦C, tar yield is 
maximised. At higher temperatures, the tar yield decreases owing to tar 
reformation reactions. The tars are decomposed to lower hydrocarbons, 
and in the process, additional permanent gases are released. This process 
continues until the decomposition temperature is approximately 905 ◦C. 
At this temperature, the fuel decomposition is free from the tars ac-
cording to the standard proximate analysis. 

A solid fraction is formed from biomass after the biomass is stripped 
from the volatile substances. The solid is formed from char and ash. The 
ash fraction of biomass is inert and is mainly formed from various trace 
elements. However, the char fraction varies by the process temperature 
[8]. The char inherits the same elements that were present in the parent 
fuel, and the elemental composition varies by the process temperature. 
According to [8], the char formed at decomposition is mostly formed 
from elemental carbon. However, there are still significant traces of 
hydrogen and oxygen present. In addition, low quantities of nitrogen 
and sulphur remain in the formed char [10]. 

Nomenclature 

γ parameter, [–] 
ρ density, [kg/m3]

ar as-received 
C concentration, [mol/m3]

CCO2 ,eq CO2 equilibrium concentration, [mol/m3]

ds dry solid 
dW mass fraction difference, [kgi/kgy]

F fuel 
g gas 
H reaction heat, [kJ]
i index 
j index 

k chemical reaction rate coefficient, [1/s]
k′ chemical reaction rate coefficient, [m3/(mol⋅s)]
KWGS water–gas shift equilibrium coefficient, [ − ]

M molar mass, [g/mol]
n mole, [mol]
PG permanent gas 
Q energy, [J]
R reaction rate, [kg/(m3⋅s)]
Ri ideal gas constant, [J/(mol⋅K)]

s solid 
T temperature, [K]

W mass fraction, [kgi/kgy]

y mol fraction, [moli/moly]

Fig. 1. Simplified process steps of gasification.  
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2.3. Gasification reactions 

The chemical reactions can be divided to reactions with char, per-
manent gases, and reaction with tars [11]. The main heterogenous re-
actions with the char are Boudouard, water–gas, and methanation 
reactions. The primary homogeneous reaction is water–gas shift reac-
tion. Furthermore, there are various reaction paths for the decomposi-
tion of the tars. The tars are typically reduced to permanent gases by 
oxidation, dry reforming, steam reforming, hydrogenation, and thermal 
cracking reactions. These reactions can be homogeneous or heteroge-
neous, and they can take place inside or outside the biomass particles. 
The tar reactions are not commonly modelled owing to very complex 
reaction networks and uncertainty about the application of reaction 
networks to the fluidised bed process. 

2.4. Main modelling assumptions and formulation of decomposition 
balances 

A fuel model that considers the most significant fractions of the fuel 
and their temperature-dependent interrelations is developed. The main 
assumptions of the fuel decomposition model are as follows:  

• Fuel is decomposed to permanent gases, tars, char, ash, and 
moisture.  

• The relationship between permanent gases, tars, and char depends 
on temperature.  

• The elemental composition of the main fractions are as follows:  
– Permanent gas (C, H, O, N, S)  
– Char (C, H, O, N, S)  
– Tar (C, H)  

• Devolatilisation product gases from the fuel model are CO, CO2, CH4, 
C2H4, H2S, NH3, and H2.  

• Lower hydrocarbons (C2–C4) are lumped under the C2H4 model 
component.  

• Tars are lumped under the single model component C7H8.  
• All hydrocarbons are formed upon fuel decomposition, and are 

assumed as inert gas species without chemical reactions associated 
with the gases.  

• Char gasification releases elements bound to the char as H2S, H2, O2, 
and N2.  

• Fuel decomposition is instantaneous.  
• Ash is an inert fraction.  
• The ash and moisture fractions are based on the standard proximate 

analysis. 

The hydrocarbons are assumed to be inert, and no reaction paths are 
associated with them. Elemental composition of hydrocarbons (CH4, C2- 
C4 and tars) measured from producer gas is set into decomposition 
model for the hydrocarbon model components. This approach assures 
that the elemental distribution of hydrocarbons in the producer gas is 
according to measurements at the outlet of the gasifier. Fuel decompo-
sition balances are formulated based on the assumptions presented 
above. According to the standard proximate analysis, the fuel is formed 
from four main fractions: 

WF,ar = WVol,ar +WChar,ar +WAsh,ar +WMoist,ar , (1)  

where the fuel is the sum of the volatile, char, ash, and moisture frac-
tions. The equation can be extended for a gasification process: 

WF,ar = WPG,ar +WTar,ar +WChar,ar +WAsh,ar +WMoist,ar (2)  

in which the tar fraction is separated from the volatile fraction. The fuel 
and the decomposition products can be divided into i elements: 
∑

i
WF,daf ,i =

∑

i
WPG,i +

∑

i
WTar,i +

∑

i
WChar,i (i = C,H,O,N, S) (3)  

in which the sum of the elements makes up the main products and the 
fuel is formed from the sum of the main products or from the elements 
within the fuel. It should be noted that tar consists only of C and H el-
ements. The char elemental composition is modelled according to [8] 
and [10]. Correlations for the C and H compositions of the char are 
according to [8] 

WChar,C = 0.93 − 0.92exp( − 0.0042T) (4)  

WChar,H = − 0.0041+ 0.1exp( − 0.0024T), (5)  

where T is fuel decomposition temperature in ◦C. Elements N and S are 
assumed to follow correlations by [10]. 

WChar,N = 0.088WF,NW0.6
Char,daf

(
WF,N

WF,C

)− 0.6

(6)  

WChar,S = 0.14WF,SW0.2
Char,daf

(
WF,H

WF,C

)− 0.6

, (7)  

where WF,i is the fraction of an element of the char’s parent fuel ac-
cording to the ultimate analysis. Oxygen represents the most uncertainty 
in data by [8], and therefore, O is resolved from the balance and the 
other elements from the correlations. 

2.5. Tar fraction 

The tar fraction is specified in the model as the mass fraction based 
on the tar measurement of the producer gas. Tar species that are 
measured from the producer gas are typically formed from elemental 
carbon and hydrogen [12]. Toluene (C7H8) was evaluated to represent 
the overall elemental composition of tars. 

2.6. Volatile release 

Volatile release is resolved from elemental mass balances by 
removing the char and the tar from the elemental composition of the 
fuel. The volatilised gas species are formed from the leftover elemental 
mass balance. The volatile composition follows stoichiome try. 

yC + yH + yO + yN + yS = yPG = yNH3 + yH2S + yCO + yCO2 + yCH4 + yC2H4 + yH2

(8)  

The volatile composition changes by temperature [8]. In the model, the 
stoichiometry can be altered with parameters γ1 and γ2. 

γ1 =
nCO

nCO + nCO2

(9)  

γ2 =
nCH4 ,C

nCH4 ,C + nC2H4 ,C
(10)  

The parameter γ1 divides volatilized oxygen between CO and CO2. 

yO,CO = γ1yO (11)  

yO,CO2 = 2(1 − γ1)yO (12)  

The amount of oxygen determines carbon consumed by CO and CO2 
gases. The remaining carbon is consumed by CH4 and C2H4 gases. 

yC,rem = yC − yC,CO − yC,CO2 (13)  

yC,CH4 = γ2yC,rem (14)  

yC,C2H4 = (1 − γ2)yC,rem (15)  

Elemental balances for the volatilised elements can be written as fol-
lows: 
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yS = yS,H2S
yN = yN,NH3

yO = yO,CO + yO,CO2

yC = yC,CO + yC,CO2 + yC,CH4 + yC,C2H4

yH = yH,H2S + yH,NH3 + yH,CH4 + yH,C2H4 + yH,H2 .

(16)  

Volatilised permanent gases are determined from the elemental bal-
ances. 

2.7. Heat balance 

The heat balance of the fuel decomposition is formulated based on 
theoretical reaction energies. The heat balance is modelled according to 
the following equations: 

QReaction = QF,LHV +QF,H2O +QDecomposition (17)  

in which QF,LHV is the lower heating value of fuel, QF,H2O is evaporation 
of water, QDecomposition is an external heat required by the decomposition 
and QReaction is combustion energy of decomposition products according 
to equation: 

QReaction =
∑

i
WChar,iQChar,i +

∑

j
WPG,jQPG,j + WTarQTar (18)  

in which WChar,i is mass fraction of an char element, WPG,j is mass frac-
tion of a gas specie, QChar,i and QPG,j are reaction heats of char elements 
and permanent gases, respectively. The energy balance is described in 
Fig. 2. 

2.8. Overall balances of fuel model 

The overall balances of the developed fuel model are summarised in 
Fig. 2. The mass and heat balances for fuel decomposition at 710 ◦C are 
presented. An example case based on a simulation is shown. Decom-
position balances of fuel from the as-received state to individual gas 
species and solid char are presented. 

2.9. Chemical reactions 

Chemical reactions used in the model are summarised in Table 1. 
Chemical reactions are based on literature correlations for individual 

Fig. 2. Mass and heat balances of fuel model at 710 ◦C with γ1 = 0.764 and γ2 = 0.642.  

Table 1 
Chemical reactions.  

Reaction Equation H (at 
25 ◦C) 

Ref. 

Calcination CaCO3 (s)→CaO (s) + CO2 (g)

Rcalc = ρsk
′

calcW
2/3
s,CaCO3

(CCO2 ,eq − CCO2 )
178.3 [13–15]  

k
′

calc = 2057exp( −
112400

RiT
)

Carbonation CaO(s) + CO2 (g)→CaCO3 (s)

Rcarb = ρsk
′

carb(Ws,max − Ws,CaCO3 )(CCO2 − CCO2 ,eq)
− 178.3 [15–17]  

k
′

carb = 30    
Sulphation CaO (s)+ SO2 (g)+ 0.5O2 (g)→CaSO4 (s)

Rsulph = ρsWs,CaOksulpWg,SO2 Wg,O2  − 502.1 [18]  

ksulph = 4.0( − 3.843T + 5640)exp( −
8810

T
)

De- CaSO4 (s) + CO (g)→CaO(s) + SO2 (g) + CO2 (g)
sulfation Rdesulph = ρsWs,CaSO4 k

′

desulpCCOAr,CaSO4 MCaSO4  
219.2 [10]  

k
′

desulph = 0.005exp( −
10000

T
)

Direct CaCO3 (s) + SO2 (g) + 0.5O2 (g)→CaSO4 (s) +
CO2 (g)

sulfation Rdisulph =

ρsWs,CaCO3 k
′

disulpC0.9
SO2

C− 0.75
CO2

C0.001
O2

Ar,CaCO3 MCaCO3  

− 323.8 [10]  

k
′

disulph = 0.01exp( −
3031

T
)

Boudouard C(s) + CO2 (g)→2CO (g)
Rboud = kboudρcharWchar,C  172.4 [19]  

kboud = 2.11⋅107exp( −
219000

RiT
)p0.36

CO2 
[bar]    

Water C(s) + H2O (g)→CO(g) + H2 (g)
–gas Rwg = kwgρcharWchar,C  131.3 [20]  

kwg = 1.23⋅107exp( −
198000

RiT
)p0.75

H2O [atm]    
Methanation C(s) + 2H2 (g)→CH4 (g)

Rmeth = kmethρcharWchar,C  -75.0 [5]  

kmeth = 16.4exp( −
94800

RiT
)p0.93

H2 
[MPa]    

Water CO(g) + H2O(g)↔ H2 (g) + CO2 (g)
–gas Rwgs = MCOk

′

wgs((CCOCH2O) − (CCO2 CH2 )/Kwgs) − 41.1 [21,22] 

shift k
′

wgs = 2.78exp( −
3965

T
)
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chemical phenomena. Homogeneous and heterogeneous reactions are 
modeled as source terms of gas and solid phase mass balances. The 
balance equations and the main assumptions concerning the modelling 
of the chemical reactions in an SEG reactor are described elsewhere [9]. 

3. Experimental work 

New experimental work focused on fuel decomposition was con-
ducted to support the modelling. The experiments were carried out in 
the temperature range of 600–800 ◦C, which is the most relevant range 
for the SEG process. Wood pellets of the SEG gasification experiments 
were used to obtain proper boundary conditions for the fuel model. A 
brief description regarding the SEG gasification experiments is provided 
in this paper. The gasification experiments have been published in detail 
elsewhere [3]. 

3.1. Fuel decomposition experiments 

Proximate analyses for wood pellets were carried out with a fixed 
bed reactor at temperatures of 650 ◦C, 700 ◦C, 750 ◦C, and 800 ◦C under 
atmospheric pressure. Wood pellets of ENplus A1-quality were used in 
the experiments. The mass of a single pellet was 15 g. The elemental 
composition of the pellets is presented in Table 2. The mass balances of 
the experiments are based on the fractions recovered from the reactor. 
The balances are shown in Table 3. The yields of the fractions are listed 
as received-based. Therefore, the liquid and solid yields in the table 
include the moisture and ash present in the fuel. The closures of the mass 
balances are reported as the sum of the measured fractions. The mass 
balances of the experiments were determined using the following pro-
cedure. The reactor was flushed by known N2 flow, and the N2 and other 
gases were collected in a bag. The permanent gas yield from the wood 
pellets was determined from a balance after gas chromatography anal-
ysis of the collected gases. The solid fraction was collected from the 
reactor after cooling. The liquid fraction was determined by weighing a 
condenser and various parts of the reactor where the liquid fraction can 
condense. 

The permanent gas and liquid yields of the experiments represent the 
total volatile yield. The liquid fraction is formed from liquid organics 
and water, and it represents the tar fraction of the fuel [8]. The solid 
fraction is formed during devolatilisation. The solid fraction is in a stable 
state unless a reactive gasification agent is fed into the reactor. Distri-
bution of the volatiles into the permanent gases and liquid varies by 
process conditions. The mass of the tar that is measured from a fluidised 
bed environment is much lower than from the fuel decomposition 
experiment. Therefore, the fraction given in Table 3 cannot be directly 
utilised in simulations of a fluidised bed without implementing reaction 
paths to decompose the tars to lighter gases. However, the solid fraction 
of the fuel from the experiments can be utilised in the analysis of a 
fluidised bed reactor. 

3.2. Sorption-enhanced gasification experiments 

Gasification experiments were conducted at a 200 kWth dual 

fluidised bed (DFB) pilot facility at the Institute of Combustion and 
Power Plant Technology (IFK) at the University of Stuttgart [3]. The 
pilot facility consisted of a bubbling fluidised bed gasifier and a circu-
lating fluidised bed combustor that were connected to each other. The 
pilot facility is shown in Fig. 3. Detailed information regarding the pilot 
facility is provided in [9]. The experimental work focused on varying the 
temperature of the SEG pilot by varying the bed material circulation rate 
from the combustor to the gasifier. Three steady-state operating points 
were selected from these experiments for further analysis with simula-
tions. These operating points represent the most interesting operating 
range from the point of view of DME synthesis. The chemical composi-
tion of the wood pellets used is presented in Table 2. The operational 
parameters of the experiments are presented in Table 4. Additional 
boundary conditions were determined from solid samples for the sim-
ulations and are summarised in Table 5. The fuel decomposition frac-
tions (char, tars, and permanent gases) were specified into the model as 
temperature-dependent. The fractions are summarised in Table 6. The 
tar fraction of the fuel was evaluated according to gravimetric tar 
measurements [23]. The char fraction was evaluated based on decom-
position experiments presented in Table 3. The permanent gases were 
calculated from mass balance based on known tar and char fractions 
from Eq. 2. Moisture and ash content were specified in the model ac-
cording to standard proximate analysis (Table 2) conducted for the fuel 
batch on the site. Elemental composition of biomass was specified in the 
model according to Table 2. 

4. Simulation results and discussion 

The aim of this work was to develop a fuel model and implement the 
model into an SEG model frame. By introducing the characteristics of the 
decomposition phenomena into the model frame, the overall model was 
able to capture the main characteristics of the SEG process, and aspects 
about the characteristics are discussed in this section. 

4.1. Hydrodynamics and heat balances 

The simulations were conducted by introducing the operating pa-
rameters of the pilot-scale process into the model with appropriate 
model equations describing phenomena that are present in the SEG 
process. A previously developed and validated hydrodynamic scheme 
was used in the current simulations [9]. Simulated temperature profiles 
against measurements of the gasifier are shown in Fig. 4. The temper-
ature of the gasifier was adjusted during the experiments by varying the 
rate of bed material circulation from the combustor to the gasifier. The 
operating temperature of the gasifier was increased by increasing the 
circulation rate. Because of uncertainties in the applied boundary con-
ditions, a heat balance correction term was applied to the bed of the 
gasifier to match local bed temperatures. The heat balance adjustments 
presented in Table 5 were applied to the bed. A constant heat loss [kW/ 
m] was applied at the freeboard section according to Table 5. The 
freeboard heat loss was included in the adjustment. This approach is 
used to compensate for the impact of uncertainties such as devolatili-
zation and uncertainty of the solid flow and temperature measurements 
in the energy balance. 

4.2. Producer gas yield 

The typical gas yield range of various SEG experiments is presented 
in Fig. 5 against the gas yield predicted by the model. The gas yield by 
the model matches with the typical range. The range is based on liter-
ature data [24]. The producer gas composition at the simulated oper-
ating points against measurements of the IFK’s pilot facility from [3] are 
shown in Fig. 6. Furthermore, a typical producer gas composition range 
from various experiments is shown [24]. The range covers various 
operating conditions and was obtained from experiments with three 
different gasifiers. As can be seen from Fig. 6, some experiments can 

Table 2 
Chemical composition of wood pellets used in gasification 
experiments.  

Fuel Wood pellets 

C [wt.%,daf] 50.8 
H [wt.%,daf] 6.1 
N [wt.%,daf] 0.2 
S [wt.%,daf] 0.1 
O [wt.%,daf] 42.8 
Moisture [wt.%,ar] 6.0 
Ash [wt.%,ds] 0.2 
LHV [MJ/kg,ar] 17.36  
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differ from this range because the producer gas composition is a result of 
the overall effect of various operating parameters, e.g. bed material 
circulation rate, steam-to-carbon ratio, and hydrodynamic conditions. 

In Table 5, two model parameters for the fuel model are presented. 
The values for the parameters were determined from gasification ex-
periments. Parameter γ2 was set based on average distribution of hy-
drocarbons in the producer gas. Parameter γ1 was calibrated to the 
methane concentration in Fig. 6, and a linear fit to the calibration was 
used. 

The producer gas composition from the IFK pilot with respect to 
operating temperature is shown in Fig. 6. The model was able to predict 
the main temperature trends for the composition. Furthermore, the 

simulation results with respect to the typical producer gas composition 
were good. However, there was a deviation between the simulations and 
measurements of the pilot for CO2 and H2 gases. There could be various 
reasons for the deviation. The modelling was limited within the main 
reactor, and chemical reactions outside the reactor, e.g. in the cyclones, 
were not considered. Thus, the modelling could not consider chemical 
reactions in the cyclones, such as carbonation of the bed material. 
Another explanation for the deviation could be that the reaction equi-
librium of real limestone differs from the thermodynamic reaction 
equilibrium [25]. Consequently, the CO2 capture in the pilot could be 

Table 3 
Fuel decomposition balances of wood pellets.  

Wood pellets Temperature Liquid yield Solid/char yield Permanent gas yield Moisture Ash Closure  
◦C wt.%,ar wt.%,ar wt.%,ar wt.%,ar wt.%,ar wt.%,ar  

650 36.87 19.43 35.15 - - 91.45 
Temperature 700 31.90 19.52 40.48 - - 91.90 

variation 750 21.09 17.76 51.06 - - 89.91  
800 20.53 17.28 55.94 - - 93.75 

Standard proximate 905 - 15.29 78.80 5.55 0.36 100  

Fig. 3. 200 kWth DFB pilot facility at IFK, University of Stuttgart [9].  

Table 4 
Operating parameters of gasification experiments.  

Parameter  

Biomass feed [kg/h] 30 
Steam flow [kg/h] 30.3 
Steam temperature [◦C]  146 
Steam-to-Carbon ratio [mol/mol] 1.5  

Table 5 
Simulation boundary conditions.  

Parameter OP 1.1 OP 1.2 OP 1.3 

Operational temperature 

Bed temperature1 [◦C] 710 757 774     

Solid circulation from combustor 

Solid flow1 [kg/h] 498 570 694 
Temperature1 [◦C] 734 787 809     

Composition 

CaO1 [wt.%] 93.3 91.2 96.0 
CaCO3 

1 [wt.%] 2.0 4.7 0.4 
Ash1 [wt.%] 4.7 4.1 3.6     

N2 sealing gas and purges 

Feed1 [kg/h] 10.94 15.05 14.63     

Temperature 

Freeboard [◦C] 200 200 200 
Dense Bed [◦C] 650 650 650     

Fuel model parameters 

γ1  0.764 0.779 0.785 
γ2  0.642 0.642 0.642     

Heat balance 

Freeboard loss [kW/m] − 2.4 − 2.4 − 2.4 
Balance correction [kW/kWfuel]  − 0.037 0.072 0.105 

1 Measured value. 

Table 6 
Temperature-dependent fuel fractions used in the simulations.  

OP  1.1 1.2 1.3 

Temperature ◦C 710 757 774 
Tar wt.%,ds 0.49 0.13 0.13 
Char wt.%,ds 18.33 17.56 17.28 
Permanent gas wt.%,ds 80.98 82.11 82.38 
Moisture wt.%,ar 6.0 6.0 6.0 
Ash wt.%,ds 0.2 0.2 0.2  
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larger than was predicted by the modelling. Because there is strong 
coupling of carbonation and water–gas shift, the higher H2 fraction of 
the measurements could be explained by an enhanced water–gas shift 
reaction that was not captured by the modelling. In addition to expla-
nations related to the CO2 capture, the deviation could be caused by 
underestimated element transfer from the gasifier to the combustor in 
the simulations. There could have been material losses that were not 
included in the modelling and consequently, the model prediction for 
the CO2 fractions was higher than the measurements. 

The model was able to predict the producer gas composition of IFK 
experiments with reasonably good accuracy. As indicated, there were 
uncertainties in the boundary conditions of the experiments, which 
could explain the model’s higher prediction of the CO2 fractions. 
Nevertheless, the modelling results were in agreement with the general 
trends presented in Fig. 5 and Fig. 6. The modelling results were 
excellent in this respect. 

4.3. Bed material CO2 capture 

Bed material CO2 capture in the gasifier can be determined from the 
difference in CaCO3 fractions of circulating solids. The bed material 

CaCO3 mass fraction change in simulations is shown in Fig. 7, with the 
CO2 capture determined from the fractions. The bed of the gasifier 
operated close to the thermodynamic reaction equilibrium. The bed el-
ements with respect to the equilibrium are shown in Fig. 8. The reaction 
kinetics were fast enough to set the bed operating close to the equilib-
rium, and therefore the maximum transfer capacity for the CO2 was 
attained in each case. Consequently, the operating temperature was the 
main process parameter to define the amount of carbon capture. The 
basic operating characteristics are shown in Fig. 7. The CO2 capture 
decreases with increasing operating temperature because the maximum 
transfer capacity is limited by the equilibrium. When the operating 
temperature was increased to the level of OP 1.3, carbonation was no 
longer possible owing to thermodynamic limitations of the reaction. 
Thus, no carbon capture occurred according to Fig. 7. However, Fig. 8 
shows that local carbon capture occurred at the upper parts of the bed, 
but the limestone was calcined before the bottom of the gasifier was 
reached. 

4.4. Carbon balance 

Carbon balances were formulated from the simulations for each 
operating point. The carbon balances were compared against carbon 
balance data from an SEG balance study [24]. The comparison is shown 
in Fig. 9. The carbon balances in the figure are presented as the carbon of 
fuel that is transported from the gasifier to the combustor. The carbon 
balances by [24] are based on general trends presented in Fig. 5 and 
Fig. 6. 

The total carbon transport (in Fig. 9) was calculated by removing the 
carbon of the producer gas (kgg,C/kgF,daf ,C) from the amount of carbon 
that was fed into the reactor. As a result, 60 wt.% to 40 wt.% of the total 
carbon was transported to the combustor in the simulations. The total 
carbon transport to the combustor is very similar in this study and in the 
study by [24], although there are differences in producer gas yield. 

The total carbon transport can be divided among a solid carbon 
(carbon in char) and CaCO3 to conduct more profound system analysis. 
The distribution of the carbon fractions is similar in this study and in the 
study by [24]. However, the simulation showed that the CO2 transport to 
the combustor was not possible at the operating temperature of 774 ◦C 
owing to thermodynamic limitations. The char of the fuel was almost 
completely transported to the combustor owing to relatively low resi-
dence time in the reactor. Consequently, the carbon transport by the 
char followed closely the fuel’s char fraction from the decomposition 
balances. Therefore, the elemental carbon concentration of producer gas 
was mainly the result of devolatilised carbon and carbon capture. This 
example highlights the importance of the decomposition process for the 
overall material balance of the SEG. 

5. Conclusions 

A fuel model for gasification was developed and implemented to an 
SEG model frame. The fuel model was suitable for various gasification 
processes and different operating temperatures. The model considered 
the major decomposition products of the fuel to model the main char-
acteristics of the fuel decomposition. The main elemental balances and 
influence of temperature on the balances were considered. 

The SEG model frame was previously developed based on specifi-
cations of a 200 kWth SEG pilot plant [9]. The SEG pilot experiments 
were simulated with the model frame with the developed fuel model. 
The modelling focused on a temperature range between 710 ◦C and 
770 ◦C, with a steam-to-carbon ratio of 1.5 [mol/mol]. This temperature 
range is the most interesting for the SEG process from the point of view 
of DME synthesis. 

Elemental carbon balances, typical gas yield, and the producer gas 
composition range of an SEG reactor are presented by [24] for the 
investigated temperature range. The carbon balances of the simulations 
were consistent with [24]. Furthermore, the producer gas yield and 

Fig. 4. Simulated temperature profiles against pilot’s temperature measure-
ments [9]. 

Fig. 5. Gas yield of various SEG experiments and simulated producer gas yield. 
The gas yield range is based on a data presented by [24]. 
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Fig. 6. Volume fractions of H2, CO, CO2, CH4, and CxHy gas species of producer gas at the studied operating points of 200 kWth pilot gasifier [3]. The typical range 
for the measurements is presented based on various SEG experiments [24]. 
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composition followed the typical trends. The heat balances of the model 
were in agreement with the trends from the IFK pilot reactor. Overall, 
the performance of the model was good. The model produced the main 
phenomena of the SEG process. Thus, the model can be used to study the 
operational characteristics of the process. The model predicted with 
reasonably good accuracy the CO, CO2, CxHy, CH4, and H2 gas fractions 
of the IFK experiments. The simulated volume fractions of carbon-based 
gases were higher than the measurements. This indicates the carbon 
concentration of the producer gas to be higher than that of the pilot. This 
may be due to material losses during the experiments that were not 
specified in the model. Fuel decomposition balances played an impor-
tant role in the overall balances of the process. Therefore, it is important 
to model the main phenomena of the fuel decomposition process. The 
decomposition has a significant impact on the element transfer between 
the reactors and for the composition of the producer gas. 

To investigate material losses and fuel decomposition balances 
further, the element exchange between the gasifier and the combustor 
must be determined. The element exchange can be estimated by 
formulating a balance study. The known element exchange opens the 
possibility to evaluate the pilot system more profoundly and elucidates 
the uncertainties, such as the material losses. 

The work presented in this paper improves the current 

understanding of the physical and chemical phenomena governing the 
SEG processes. Further investigations on this topic could include a bal-
ance study of the pilot SEG reactor system to evaluate the element ex-
change between the reactors. An understanding of material exchange in 
complex reactor systems is important for analysing the operation of the 
systems and for modelling the processes. 
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