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Sorption enhanced gasiﬁcation (SEG) is a promising technology for producing gas derived from
renewable feedstock to be used in biofuel synthesis processes. As a response to the growing need for
renewable fuels, an SEG reactor design was developed for industrial-scale dimethyl ether (DME) production. A 100MWth scale SEG reactor concept for wood pellets as a feedstock was created by a modelbased approach. Thus, a 1D modeling tool for the coupled circulating ﬂuidized beds was developed. The
model was used to investigate the dual ﬂuidized bed system’s operation in the gasiﬁer temperature

range of 730e790 C. In this range, the optimal producer gas composition without external hydrogen for

the downstream DME synthesis was achieved at gasiﬁer temperature 730 C: 63 %vol;db H2 , 11 %vol;db CO, 13
%vol;db CO2 . The model prediction was successfully compared against experimental data and modeling
results from the literature. The developed 1D model enables the investigation of the composition and
yield of the producer gas with different operating parameters, such as the part-load operation. This
advanced capability can be used to develop new control strategies for the SEG system and investigate the
impact of various operating parameters on the producer gas composition and yield.
© 2021 The Author(s). Published by Elsevier Ltd. This is an open access article under the CC BY license
(http://creativecommons.org/licenses/by/4.0/).
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1. Introduction
EU strategy for the transition to a low-carbon economy sets out
a framework and mechanisms to address climate change. Greenhouse gas emissions from transportation account for almost a
quarter of Europe’s greenhouse gas emissions, and transportation is
the primary source of air pollution in European cities [1]. The target
of 14% renewable fuel usage in the transportation sector by 2030
has been set and, consequently, there is a pressing need to develop
effective and cost-efﬁcient ways to produce transportation fuels
from renewable sources [2]. In recent decades, considerable
research attention has been devoted to the study of conventional
biomass gasiﬁcation. However, in recent years, more advanced
processes, such as dual ﬂuidized bed gasiﬁers, have become the
subject of increased research interest to produce tailored syngas for
transportation biofuel production [3]. Sorbent enhanced gasiﬁcation (SEG) is a dual ﬂuidized bed technology that improves the
syngas’ quality compared to conventional gasiﬁcation [4]. The SEG
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is an indirect steam gasiﬁcation process operated at temperatures
between 600 and 800+ C, and the process is enhanced by limestone,
which captures CO2 from the gasiﬁcation process. The removal of
CO2 from the gasiﬁer enhances hydrogen production through the
water-gas shift reaction. The schematic of the SEG process is
illustrated in Fig. 1.
By the SEG operation, producer gas composition can be
adjusted. The operating parameters affecting producer gas yield
and composition are steam to carbon ratio, biomass feed rate to the
combustor, solid inventories in the reactors, solids carrying capacity of CO2 , and solids circulation rate between the reactors. By
these parameters, the reactors’ temperature levels can be
controlled, resulting in the target reaction environment. The
gasiﬁer temperature level is the most dominant controlling variable, which deﬁnes the limestone CO2 capture yield by the
carbonation reaction equilibrium.
The SEG and similar absorption enhanced reforming (i.e., AER)
processes have been studied previously experimentally and in
numerical simulations. The experimental investigations have
mainly been carried out using pilot-scale test equipment from TU
Wien [5,6] and the University of Stuttgart [7]. In these facilities, the

https://doi.org/10.1016/j.energy.2021.120387
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temperature range of 730  790+ C. The lower value of the temperature range is selected according to producer gas suitability for
downstream Dimethyl ether (DME) synthesis with producer gas
Module (M) of 2. The Module M is determined according to Eq. (1),
using the ratio of the H2 , CO and CO2 concentrations of the producer gas.

M¼

yH2  yCO2
yCO þ yCO2

(1)

The temperature range’s upper value is based on the mixing of
additional hydrogen from an external source with producer gas to
make the producer gas suitable for DME synthesis. SEG system
operation and performance values are investigated within the
operation range of M ¼ 2:17…0:7. This is the most interesting
operation range for the DME synthesis. The model approach evaluates aspects of process operation and optimization that inﬂuence
the process and plant design and form the basis for evaluating
process performance and costs. One objective is to create a model
frame that can investigate the process conditions outside of this
study, such as different biomass feedstock.
Fig. 1. Schematic of the SEG process.

2. One-dimensional SEG model
2.1. Reactor model frame

gasiﬁer is operated in bubbling ﬂuidized bed (BFB) mode, and the
combustor is operated in circulating ﬂuidized bed (CFB) mode.
Experimental results from these facilities are summarized in a review by Fuchs et al. [8]. The test results show the operation range of
the SEG process in the temperature range of 600  850+ C, which
results in the corresponding H2 gas concentrations 75  50%db , CO
gas concentrations 5  22%db and CO2 gas concentrations 3 
24%db , respectively. The test results show the SEG process’s
controllability, enabling the ﬂexible production of producer gas
suitable for downstream processes. By adjusting the process, it is
possible to maximize hydrogen production or, accordingly, to produce the desired ratio of gas components. Coupled SEG reactors
have also been investigated numerically using simple lumped reaction equilibrium models [9,10], and kinetic reaction models
[11,12] in a 1D simulation frame. These macroscopic models of
coupled reactors have been implemented with the BFB gasiﬁer and
the CFB combustor on a pilot scale.
In this work, coupled SEG process is simulated on an industrialscale using CFB technology in both reactors considering the reactors’ hydrodynamics and using kinetic modeling for the reactions. These novel model approach and reactor combination have
not been considered in the earlier studies. Here, CFB reactors have
been selected, which are often more favorable and are used in
larger industrial units due to their better mixing properties and
smaller land area footprint. A model frame for the SEG process with
CFB reactors was developed based on a semi-empirical 1Dapproach. The model frame contains the gasiﬁcation and the
combustion reactors, coupled together to form a complete SEG
process. Fundamental balance equations for mass and energy are
implemented in the reactor model frame. This modeling approach
involves coupled heat capacity ﬂows from hydrodynamics that
determines reactor temperatures. The model also considers solids’
conversion degree between reactors obtained from a combination
of solids inventories, reaction rates, and residence times. Transport
phenomena and chemical reactions are modeled using empirical
model equations validated with pilot-scale experiments and literature data. Reactor design with geometry and boundary condition
data for the SEG system using biomass (i.e., wood pellets) as
feedstock is proposed in this study. SEG model in a scale of
100MWth is used to estimate SEG operation in the gasiﬁer

The overall 1D model frame can simulate a system of several
interconnected reactors, each of which is discretized vertically into
one-dimensional control volumes. The physical reactor scale is not
limited: it can range from laboratory and pilot-scale to industrial
scale. The effect of the scale is naturally considered in fundamental
physical submodels or included in the empirical submodels and
correlations. Fig. 2 presents the 1D-model for one CFB reactor
including the cyclone-standpipe-loop seal system.
The overall model frame can contain several reactor models,
which exchange solid material with each other. Time-dependent
conservation equations for mass, energy, and gas and solid material fractions have written using the ﬁrst-order difference method
and the forward Euler method. The convective ﬂows are differentiated with the upwind method, and the diffusion of energy is
differentiated with the central difference method. These equations
are solved in the Matlab Simulink environment using built-in ordinary differential equation (ODE) solvers. The reactor models are
capable of using constant and variable time steps with ODE solvers.
In this study, simulations are continued until the steady-state is
reached for the SEG system.
The discretization scheme has three regions related to the
chosen reactor geometry, namely straight bottom and freeboard
sections, and a conical frustum part between these sections. The
user-deﬁned number of discretization elements with geometry
data can be set for all regions independently. Elevation to exit
channel deﬁnes the exit channel location, and the model collects
and averages ﬂow properties from discretized 1D elements located
next to the exit channel. The gas phase’s main boundary conditions
include primary gas feed, and a user-deﬁned number of secondary
gas feeds with feed point elevation data. The fuel is numerically
decomposed into char, ash, volatile, tar, and moisture fractions. In
CFB conditions, volatile, tar, and moisture fractions are released in
the reactor’s bottom section, where larger fuel particles settle after
the feeding. In the model’s steady-state conditions, the rates of
released components in the bottom section equal to the amount of
components in the fuel feeding. Therefore, in the model, the total
amount of volatile, tar, and moisture fractions in the fuel feed are
released to the gas phase in the bottom section, which typically
consists of 2e4 lowest elements of the reactor model. The
2
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X
X
dmj;i X
¼
qm;j;i 
qm;j;i þ
rj;i ;
dt
out
in
reaction

(2)

where qm;j represents the mass ﬂow rate of material j and rj;i represents the change of mass due to chemical reactions. The energy
balance scheme includes input and output streams of gas and solid,
reaction heats, heat transfer to cooling surfaces, and energy
dispersion between adjacent control volumes to model energy
mixing. Heat transfer to cooling surfaces has three main options.
Reactor conﬁguration with refractory linings can be modeled with
heat conduction through the wall. Also, a heat transfer to a plain
reactor wall can be modeled. An internal plain wall heat surfaces
can also be included in the model with location and heat surface
area data. The general form of the energy balance for element i is
given in Eq. (3).

X
X
X
X
dEi X
¼
qadv;i þ
qadv;i þ
qdisp;i þ
qht;i þ
qr;i ;
dt
gas
solid

(3)

solid

where qadv is advection, qdisp is energy dispersion between adjacent
elements, qht is the heat transfer to the cooling surfaces and qr is
reaction heat. The energy dispersion term represents the mixing of
energy between adjacent control volumes, and it is written by
applying the central difference method to Fick’s law of diffusion.
A large number of continuous state variables are included in the
model. The reactor’s general state variables are total solid mass,
total char mass, and total volatile and tar release rates. Also, state
proﬁles with ntot (i.e., the total number of 1D elements) variables
for solid density, char density, the concentration of gas species, core
temperature, wall layer temperature, wall layer solid density, and
solid material fractions in core and wall layer are solved. Furthermore, two-dimensional state variables are included in the model
for refractory lining temperatures. As a model input, amounts and
compositions of primary and secondary gases, fuel, and solid
makeup ﬂow are given. The primary gas is inserted into the ﬁrst
control volume, and secondary gases can be inserted into any
control volumes based on the secondary gas feed elevation. The
solids input is divided to enter the selected control volumes according to design and exits the reactor from the control volumes
located at the exit. Surface temperatures of heat surfaces are given
as an input. The inputs are given as a time-vector to the Matlab
Simulink solver. The solver requires the initial state values for each
continuous variable, read from the state ﬁle.

Fig. 2. Overview of the 1D model frame for the CFB reactor.

heterogeneous reactions connect gas-phase mass balance with
solid-phase mass balance. Thirteen gas species (O2 , N2 , CO2 , H2 O,
NH3 , H2 S, CO, CH4 , C2 H4, H2 , NO, SO2 and tars) are solved in gas
phase with heterogeneous and homogeneous reaction schemes.
The solid phase is divided into char and primary solid material with
separate reactor-level inventory balances. The primary solid’s
consists of four solid materials: CaO, CaCO3 , CaSO4 and ash. The
primary solid’s main boundary conditions include a user-given
solid inlet ﬂow proﬁle, fuel ash, and makeup ﬂow sources. A
separate solid purge can be used to control the primary solid inventory in the reactor. In connection with the material purge, char
is removed at the discharge location in proportion to the materials’
concentrations. Fuel ash source, makeup ﬂow, and solid purge are
located at the bottom of the reactor (i.e., in the ﬁrst element). Char
has the reactor-level mass inventory to which char from the fuel is
added. Primary solid and char inventories are distributed to the
reactor by the vertical density proﬁles. The solid-phase ﬂow
scheme includes wall layer ﬂow (i.e., 1.5D-model) used in larger
reactors to model horizontal and vertical mixing in the reactor. The
mass balance of the char includes char combustion and gasiﬁcation
reactions. The Ca-containing materials are solved with the dominant reaction schemes for calcitic limestone. The ash is assumed
inert. According to mass balances, gas and solids ﬂow rates combined with local reactions determine the gas species’ concentration
proﬁles and solids material fraction proﬁles. The general form of
the mass balance for material j and discretized element i is given in
Eq. (2).

2.2. Fuel decomposition
According to the fuel’s proximate analysis, the fuel decomposition model divides the fuel into moisture, ash, volatiles, char, and
tar. Elements C, N, O, H and S are divided between tar, char, and
volatiles based on fuel analysis data. Submodels for char material
fractions with tar composition are used to divide elements into
volatile, tar, and char. For tar, C7 H8 hydrocarbon is used as a model
component to represent overall tar composition. The C7 H8 hydrocarbon was selected to describe tars based on SEG test results [13]
to represent the measured ratio of Carbon and Hydrogen and satisfy
the elemental material balance. The fuel decomposition model
generates reactive gas and solid fractions with theoretical reaction
heats. This reaction heat is balanced with moisture latent heat and
volatilization heat to obtain a measured lower heating value (LHV)
of the fuel for the model.
In a standard laboratory analysis (DIN 51720), the sample’s
devolatilization temperature is 900+ C. The actual process temperature inside the gasiﬁer is below 800+ C. A lower process
3
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temperature is considered in the primary fuel decomposition, and
temperature-dependent decomposition for volatiles, char, and tars
is used instead of standard proximate data. For fuel moisture and
amount of ash, a standard proximate data is used, shown with fuel’s
ultimate data in Table 1.
In the analysis, the volatile content was determined according to
DIN 51720, but at temperatures 650…800+ C. Within this range,
char formation represents a process conditions of the SEG. With
this data, the char fraction of the fuel was obtained in a function of a

gasiﬁcation temperature Tgasif in C. An empirical correlation for
char formation is given in Eq. (4).

xchar;O ¼ 1  xchar;C  xchar;H  xchar;N  xchar;S

The volatiles’ elemental composition is calculated from the
balance (Eq. (12)) using the ultimate analysis data and compositions of char and tar.

xvol;i ¼ xF;i  xchar;daf xchar;i  xtar;daf

(4)
The amount of the formed tars during the fuel decomposition is
modeled by combining the measured tar yield from SEG experiments [13] and producer gas yield reported by Fuchs et al. [8].
Linear dependency for tar formation is assumed in the investigated
temperature range. Empirical correlation for tar formation is presented in Eq. (5).

(6)

In the fuel decomposition model, empirical correlations by
Neves et al. [14] are used for Carbon (Eq. (7)) and Hydrogen (Eq. (8))
€ha
€nen [15] are
fractions in char, and empirical correlations by Myo
used for fractions of Nitrogen (Eq. (9)) and Sulphur (Eq. (10)) in
char. Correlations for C and H composition of the char are according
to Neves et al. [14]:

(7)



xchar;H ¼  4:1  103 þ 0:1exp  2:4  103 Tgasif :

(8)

xchar;N ¼ 8:8  10


xF;N x0:6
char;daf


xchar;S ¼ 0:14xF;S x0:2
char;daf

xF;H
xF;C

xF;N
xF;C

0:6

(10)

where xF;i is fraction an element of char’s parent fuel according to
the ultimate analysis. The oxygen fraction of the char is calculated
from the Eq. (11).

C [wt-%,daf]
H [wt-%,daf]
N [wt-%,daf]
S [wt-%,daf]
O [wt-%,daf]
Moisture [wt-%,ar]
Ash [wt-%,ds]
LHV [MJ/kg,ar]

51.82
6.15
0.2
0.02
41.81
15.0
1.15
16.37

nCH4 ;C
nCH4 ;C þ nC2 H4 ;C

(14)

g1 ¼ 1:626  104 Tgasif þ 0:703

(15)

2
g2 ¼  4:38  108 Tgasif
þ 8:142  105 Tgasif þ 0:612

(16)



.
i
Te h
a2 a3 a4
; mol
m3 s
rgas ¼ A0 T a1 Cgas
CO2 CH2 O exp
T

Table 1
Chemical composition of wood pellets.
Wood pellets

g2 ¼

In this study, homogeneous gas reactions and heterogeneous
reactions for limestone and char are considered. Limestone and
gasiﬁcation reactions are summarized in Table 2.
In oxidation conditions, a combustion reaction is applied for
char with reaction rate by Basu [25]. The different combustible
gaseous species produced from fuel decomposition, tar release,
char combustion, and gasiﬁcation will react in the presence of oxygen. The kinetic reaction rates of homogeneous combustion reactions are determined with the generic correlation given in Eq.
(17).

(9)

Fuel

(13)

2.3. Reactions

0:6

;

nCO
nCO þ nCO2

Measured Hydrocarbon concentrations from SEG experiments
[13] and producer gas yield reported by Fuchs et al. [8] were used to
develop empirical correlations for gi, which are presented in Eqs.
(15) and (16).

N and S elements are assumed to follow correlations by
€ ha
€nen [15]:
Myo
2

g1 ¼

1. Volatile S and N are used to form H2 S and NH3 , respectively.
2. Volatile O is used to form CO and CO2 in a ratio of g1 , deﬁned in
Eq. (13).
3. Leftover Carbon after step 2. is used to form hydrocarbons CH4
and C2 H4 in a ratio of g2 , deﬁned in Eq. (14).
4. Leftover Hydrogen after steps 1. and 3. is used to form H2

(5)



xchar;C ¼ 0:93  0:92exp  4:2  103 Tgasif

(12)

For the formation of the volatile species, following procedure is
applied:

The volatile fraction of the fuel is calculated from the following
Eg. 6.

xvol;ds ¼ 1  xchar;ds  xtar;ds  xash;ds

Mtar;i
Mtar

Based on stoichiometry NH3, H2 S, CO, CO2 , CH4 , C2 H4 and H2
gases are formed from volatilized elements. The stoichiometric
composition can be adjusted with model parameters g1 and g2 :

h
i
xchar;ds ¼ max  1:72  104 Tgasif þ 0:3037; 0:17 ; ½kgchar = kgds 

xtar;ds ¼  2:0  105 Tgasif þ 2:92  102 ; ½kgtar = kgds 

(11)

(17)

The modeled homogeneous reaction equations with reaction
rate parameters are given in Table 3.
2.4. Solid hydrodynamics
The vertical distribution of solid material in the reactor is solved
by dividing the total solid mass into the reactor with a semiempirical correlation presented in Eq. (18) by Johnsson and Leckner [32].
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Table 2
Limestone and gasiﬁcation reactions. Heterogeneous reactions in Ri ¼ ½kg =ðm3 sÞ and homogeneous reactions in ri ¼ ½mol =ðm3 sÞ.
Reaction

Equation

DH298K [kJ/mol]

Calcination

CaCO3 ðsÞ/CaOðsÞ þ CO2 ðgÞ

178.2

Carbonation

0:67 ðC
Rcalc ¼ kcalc rs WCaCO
CO2 ;eq  CCO2 Þ
 3

112400
kcalc ¼ 2057exp 
RT


4:137  1012
20474
exp 
CCO2 ;eq ¼
T
RT
CaOðsÞ þ CO2 ðgÞ/CaCO3 ðsÞ

Sulphation

Direct
Sulphation

Desulphation

Boudouard

Water-gas

Methanation

Water-gasShift

Ref.
[16]
[17]
[18]

178.2

Rcarb ¼ kcarb rs ðWCaCO3 ;max  WCaCO3 Þ0:67 ðCCO2  CCO2 ;eq Þ


2309
kcarb ¼ 0:3429fcarb exp 
T
fcarb ¼ 0:9
CaOðsÞ þ SO2 ðgÞ þ 0:5O2 ðgÞ/CaSO4 ðsÞ
Rsulp ¼ ksulp rs WCaO WSO2 WO2


8810
ksulp ¼ 4:0ð  3:843T þ 5640Þexp 
T
CaCO3 ðsÞ þ SO2 ðgÞ þ 0:5O2 ðgÞ/CaSO4 ðsÞ þ CO2

[19]
[19]

502.3
[20]
[20]
324.1

0:9 C 0:75 C 0:001
Rdirs ¼ kdirs rs WCaCO3 CSO
O2
2

CO2
3031
kdirs ¼ 0:01exp 
Am;CaCO3 MCaCO3
T
Am;CaCO3 ¼ 300 [m2 =kg]
CaSO4 ðsÞ þ COðgÞ/CaOðsÞ þ SO2 þ CO2
Rdesu ¼ kdesu rs WCaSO4 CCO


10000
kdesu ¼ 0:005exp 
Am;CaSO4 MCaSO4
T
2
Am;CaSO4 ¼ 100 [m =kg]
CðsÞ þ CO2 ðgÞ/2COðgÞ
Rboud ¼ kboud rchar Wchar;C


219000 0:36
kboud ¼ 2:11  107 exp 
pCO2 ½bar
RT
CðsÞ þ H2 OðgÞ/COðgÞ þ H2 ðgÞ
Rwg ¼ kwg rchar Wchar;C


198000 0:75
kwg ¼ 1:23  107 exp 
pH2 O ½atm
RT
CðsÞ þ 2H2 ðgÞ/CH4 ðgÞ
Rmf ¼ kmf rchar Wchar;C


94800 0:93
kmf ¼ 16:4exp 
pH2 ½MPa
RT
COðgÞ þ H2 OðgÞ/H2 ðgÞ þ CO2 ðgÞ
rwgs ¼ kwgs ðCCO CH2 O  CCO2 CH2 =Kwgs Þfwgs


12560
kwgs ¼ 2:78exp 
RT


3956
Kwgs ¼ 0:0265exp
T
fwgs ¼ 0:075

[15]
[15]
[15]
219.3
[15]
[15]
[15]
172.4
[21]
[21]
131.3
[22]
[22]
74.6
[23]
[23]
41.1
[24]
[24]
[23]

Table 3
Reaction rate parameters for homogeneous combustion reactions.
Reaction equation

DH298K [kJ/mol]

gas

A0

a1

a2

a3

a4

Te

Ref.

C2 H4 þ 3O2 / 2CO þ 2H2

1323.2

C2 H4

6:3  107

0.0

0.1

1.65

0.0

15106

[26]

CH4 þ 0:5O2 /CO þ 2H2

802.6

CH4

3:6  1011

1.0

1.0

1.0

0.0

15700

[27]

H2 S þ 1:5O2 /SO2 þ H2 O

518.0

H2 S

2:8  109

0.0

1.074

1.084

0.0

18956

[28]

CO þ 0:5O2 /CO2

283.0

CO

7:3  1014

0.0

1.0

0.25

0.5

34745

[29]

H2 þ 0:5O2 /H2 O

241.8

H2

1:6  109

1.5

1.5

1.0

0.0

3430

[30]

C7 H8 þ 3:5O2 / 7CO þ 4H2

3772.0

C7 H8

5:0  106

0.0

0.1

1.85

0.0

15106

[26]

NH3 þ 1:25O2 /NO þ 1:5H2 O

902.1

NH3

1:9  109

0.0

0.86

1.04

0.0

19655

[31]

rs ðhÞ ¼ ½rb  re expðKhe ÞexpðahÞ þ re exp½Kðhe  hÞ;

a¼

4ut
ugrid

(19)

K¼

0:23
;
u  ut

(20)

(18)

where rb is the bottom density, re is the exit density at the elevation
he , a represents the splash zone decay coefﬁcient and K represents
the transport zone decay coefﬁcient. Empirical correlations for
decay coefﬁcients a and K [32] are given in Eqs. (19) and (20),
respectively.

where u is the superﬁcial gas velocity at the transport zone, ut is the
terminal velocity of the particle, and ugrid is the superﬁcial gas
5
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velocity at the grid. Solid density at the exit is calculated with a
linear function according to Eq. (21).

re ¼ rs;av

u  ut
upn  ut

Table 4
Dimensions of the SEG reactors and solid material properties.

(21)

Height of the bottom section, m
Height of the frustum section, m
Height of the reactor, m
Diameter of the grid, m
Diameter of the freeboard, m
Number of nodes in bottom section
Number of nodes in frustum section
Number of nodes in freeboard section
Elevation of secondary gas feed, m
Elevation of tertiary gas feed, m
Elevation of input solid ﬂow channel, m
Elevation of external circulation channel, m
Solid exit to another reactor, m
Limestone particle diameter, mm

where rs;av is the average solid density in the reactor, and upn
represents the corresponding transport velocity of the gas. The
solid mass ﬂow rate out from the reactor is approximated with a
€talo [33].
semi-empirical correlation given in Eq. (22) by Yla

qm;s;e ¼ 0:85uAe r0:8
e

(22)

3. Simulation setup for coupled SEG reactor system

Limestone particle density, kg=m3
Limestone speciﬁc heat, J/kgK
Char particle diameter, mm

The SEG conﬁguration was built by coupling two CFB reactors
together. The reactor coupling was done by connecting solid
streams from the reactor to another. The coupled reactor system is
illustrated in Fig. 3. Both reactors have a circular cross-section,
straight bottom and freeboard sections, and a conical frustum between these sections. On design basis, 100 MWth fuel power and
superﬁcial gas velocity of 5 m=s in both reactor were used. Steam to
Carbon ratio (S/C) on a molar basis was ﬁxed to 1.5.
The dimensions of the reactors and material properties for char
and limestone are given in Table 4.
Ten operation points were investigated, covering the SEG
operation range for producer gas Module from 2 to 0.7. Deﬁnition
for producer gas module M is given in the Eq. (1). The SEG operation
was investigated with a temperature limit of 950+ C for the

Char particle density, kg=m3
Wood pellet particle diameter, mm

Gasiﬁer

Combustor

2.3
4.00
20.00
2.35
2.88
5
8
27
1.0
2.0
0e0.9
0e0.9
18.00
150
3000

2.2
2.00
20.00
2.51
3.09
5
4
31
1.0
2.0
0e0.9
0e0.9
18.00
150
3000

1050
300
550

1050
300
550

6

6

combustor. A constant heat loss of 20.0 kW/m was applied to model
a heat loss of the reactors. Cyclone efﬁciencies after the reactors
were set for limestone, ash, and char separately with values of
0.999, 0.995, and 0.99, respectively. The maximum carbonation
degree for the limestone was set to 0.25 as mass-based. Boundary
conditions for the operation points are presented in Table 5.
4. Results and discussion
1D simulation results for the industrial-scale SEG system is
shown in ten operating points (OP) covering an operational range
for producer gas M value from 2.17 (OP1) to 0.7 (OP10). The Module
range is achieved within the gasiﬁer temperature range of 730+ C
(OP1) to 786+ C (OP10). 1D simulation results for producer gas yield
and composition are compared against experimental results [13]
and an SEG review study by Fuchs et al. [8]. Simulated temperature
range and solid’s circulation rates in the SEG system are illustrated
in Fig. 4.
The temperature range is achieved by changing the fuel feed
ratio to the combustor and controlling the temperature difference
between the reactors with system hydrodynamics. Increasing the
solid’s inventory or gas velocity will lead to a higher solid’s circulation rate and a smaller temperature difference between the reactors. In the SEG system, the gasiﬁer’s temperature is the most
dominant factor in deﬁning SEG performance. The gasiﬁer temperature will determine the producer gas yield and composition by
carbonation and water-gas shift reactions. Simulated producer gas
yield is presented in Fig. 5, which is consistent with the SEG range
by review work of Fuchs et al. [8].
Simulation results for the main produced gas concentrations
and corresponding producer gas module M are presented in Fig. 6.
All the main gas concentrations are consistent with the SEG range
by review work of Fuchs et al. [8] and with experimental data for
wood pellets [13] with steam to carbon ratio of 1.5. Estimation for
producer gas module M was achieved within the investigated
temperature range.
In the current simulation approach, hydrocarbons are considered only in gaseous form and are divided into three groups: 1)
methane CH4 2) light hydrocarbons C2 H4 and 3) heavy hydrocarbons (i.e., tars) C7 H8 . Simulation results for hydrocarbons in producer gas are illustrated in Fig. 7. Amounts of the hydrocarbons in
the producer gas are consistent with the SEG range by review work
of [8] and with experimental data [13].

Fig. 3. SEG conﬁguration with connection streams.
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Table 5
Boundary conditions for the SEG simulations. Stream numbers (S#) refer to numbering in Fig. 3.

Fuel feed, kg/s
Fuel feed, MW
Fuel to combustor, %
S/C, mol/mol
CO2 feeda, kg/s
CO2 feeda, + C

Steam, C
O2 , v  %db

Air, C
CaCO3 , kg/s

CaCO3 , C
Grid over pressureb, Pa
Exit pressure, kPa
Solid purge, kg/s
a
b

S#

OP1

1
1
3
4/2
4
4
4
12
10
16
16
4,10
6,12
17

6.644
108.8
1
1.5
0.2
25
200
3.0
250
0.5
20
4500
143
0.163

OP2

OP3

OP4

OP5

OP6

OP7

OP8

OP9

OP10

2

3

4

5

6

6

6

6

6

200
3.0

200
3.0

200
3.0

200
3.0

200
3.0

300
3.5

400
4.7

400
4.7

400
4.7

4500

4500

4500

4500

4500

4500

4750

5000

5250

0.156

0.150

0.144

0.138

0.131

0.122

0.097

0.088

0.080

Sealing gas.
Pressure difference caused by the solid material in the reactor.

Fig. 4. Simulated temperatures (a) and mass ﬂow rates (b) from the gasiﬁer and the combustor.

Overall performance indicators for the SEG system can be
derived using a producer gas yield and composition data. Cold gas
efﬁciency (CGE) values have been derived for the producer gas
considering different gas species. The general form for CGE in lower
heating value basis is given in Eq. (23).

CGE ¼

qm;pg

P

xi LHVi
Pfuel

(23)

where qm;pg is the producer mass ﬂow rate, xi is mass fraction of gas
species i with lower heating value LHVi , and Pfuel is fuel power fed
to the gasiﬁer in LHV basis. Simulated CGE values with and without
methane and light hydrocarbons are illustrated in Fig. 8.
In the CGE calculations, tars are excluded. Maximum
CGE ¼ 75.4% with methane and light hydrocarbons is obtained at
OP10 in the gasiﬁer temperature of 786+ C. Throughout the investigated temperature range, the methane and light hydrocarbon part
in the CGE are approximately 29%-units. Methane and light hydrocarbons should be exploited in downstream processes to capture fuel power most efﬁciently. Carbon conversion (CC) into the
producer gas, tar, char, and CaCO3 is investigated and determined
by the Eq. (24), considering the effect of CO2 sealing gas.

Fig. 5. Producer gas yields a function of gasiﬁer peak temperature.
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Fig. 6. Concentrations of main producer gas species (a) CO2 , (b) CO, (c) H2 and corresponding module M in (d).

CCi ¼

qm;C;i
qm;C;fuel þ qm;C;CO2

"Q

(24)

pdeq ¼ log10

Carbon conversion and carbon transport to combustor are presented in Fig. 9.
The carbon conversion to char is slightly decreasing as the
temperature is increased. This is mainly caused by the fuel
decomposition model that forms less char in higher temperatures,
and there is a slight increase in char gasiﬁcation on the elevated
temperatures. Carbon conversion to Calcium material is reduced
signiﬁcantly on the elevated temperatures shifting the carbon
conversion towards producer gas. On the elevated temperatures,
gasiﬁer operation approaches the carbonation equilibrium
reducing the CO2 capture. The carbon transport from the gasiﬁer to
the combustor is compared with the model prediction by Fuchs
et al. [8]. Simulation results are consistent with the model prediction by Fuchs et al. [8].
Carbonation and water-gas shift reactions are the most dominant SEG reactions, and these reactions mainly deﬁne the overall
system performance. For these reactions, reaction rate deﬁnitions
according to Table 2 are used. As a result of reaction kinetics in local
system conditions, both reactions approach the thermodynamic
equilibrium as operating temperature increases. The deviation from
the equilibrium is determined by the expression given in Eq. (25).

vi
i pi

#

Kp ðTÞ

(25)

The deviation from the equilibrium for the water-gas shift and
the carbonation reactions are shown in Fig. 10.
In addition to the overall SEG results, the model provides 1D
proﬁle results for the reactors. Temperature proﬁles along the
reactor height are presented in Fig. 11 for OP1 and OP10. Almost
uniform temperature is predicted for both reactors with respect to
the reactor height in the investigated operation range. The
maximum of 50+ C temperature difference was predicted inside the
reactors.
Carbonation, calcination, and water-gas-shift reaction are the
most dominant SEG reactions to determine the local gas concentrations inside the reactors. Reaction rates for these reactions are
illustrated in Fig. 12, at OP1 and OP10.
At OP1, the gasiﬁer is entirely on the carbonation side, and the
combustor is fully on the calcination side. At OP10, the bottom part
of the gasiﬁer is on the calcination side. Above 5 m, carbonation
occurs until the top of the gasiﬁer. The actual carbonation rate at
OP10 is smaller compared to OP1, resulting smaller amount of
CaCO3 to be transferred to the combustor. At OP10, CaCO3 fed to the
reactor is fully calcined already at the bottom part of the combustor.
8
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Fig. 7. Concentrations of hydrocarbons in producer gas. (a) methane CH4 , (b) light hydrocarbons Cx Hy and (c) tars C7 H8 .

In both operating points, water-gas shift reaction rate proﬁles are
on a similar magnitude. A shift of the carbonation-calcination reaction direction at OP10 is illustrated in Fig. 13, where the local CO2
concentration is plotted against local temperature that crosses the
reaction equilibrium curve.
At OP1, combustor temperature is closer to the carbonation
equilibrium resulting in slow calcination and partially calcined
limestone material transfer to the gasiﬁer. Increasing the
combustor temperature at OP1 would increase the calcination rate
leading to the fully calcined material output.
Simulated conversion degree proﬁles for CaCO3 are presented in
Fig. 14 for OP1 and OP10.
Minimal CaCO3 content at the combustor bottom is observed at
OP10. This is due to the low CO2 capture on the gasiﬁer side, leading
to a low CaCO3 concentration in the solids ﬂow, as well as the
relatively high combustor temperature. The low CaCO3 concentration in the solids input stream keeps the CaCO3 level very low on
the combustor side. The high temperature of the combustor accelerates the calcination reaction, leading to the disappearance of
the CaCO3 fraction above the lower reaction zone. At OP1, about
1 m-% of CaCO3 is estimated at combustor exit. On the gasiﬁer side,
small CaCO3 content is observed at OP10 due to operation near the
carbonation equilibrium. Maximum CaCO3 conversion is observed
at OP1 in the gasiﬁer’s exit with a value of 11 m-%. That is much

Fig. 8. Cold gas efﬁciencies (CGE) in a function of gasiﬁer temperature. Simulation data
with and without methane and light hydrocarbons.
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Fig. 9. (a) Carbon conversion to produced gas, tar, char and CaCO3 . Gasiﬁer temperature presented with circles. (b) Carbon transport to combustor with char and CaCO3 .

equilibrium.
The water-gas shift reaction approaches the equilibrium but will
not reach it. The water-gas shift reaction balance values for the
gasiﬁer output are shown in Fig. 10 expressed as a logarithmic
distance from the equilibrium.

smaller compared to the maximum CaCO3 conversion degree of
25 m-%, set for the limestone material. A negligible amount of
CaSO4 was observed within the lime.
As a result of the reaction scheme connected with mass and
energy balances, gas concentration proﬁles are obtained. The gas
concentration proﬁles for the main gas species and both reactors
are illustrated in Fig. 15.
In operation points OP1 and OP10, the effect of water-gas shift
reaction can be observed. The water-gas shift reaction will reduce
the CO and H2 O contents along with the reactor height. At the same
time, H2 and CO2 contents are increasing. At OP1, H2 content is
increasing with a higher rate than CO2 . The formed CO2 by the
water-gas shift is captured and reduced by the carbonation reaction. At OP10, reduced CO2 content at the combustor side is
observed due to reduced CO2 capture on the gasiﬁer side. Gas
concentrations on the gasiﬁer side start to remain constant after
15 m and on the combustor side after 10 m of height.
The water-gas shift reaction balance proﬁle is determined by
using the gas concentration proﬁles of the gasiﬁer. The water-gas
shift reaction balance values in a function of corresponding local
temperature are presented in Fig. 16 with the theoretical reaction

5. Conclusions
In this work, sorption enhanced biomass gasiﬁcation on an industrial scale was studied. A 1D modeling tool for coupled reactors
was used to design and investigate the SEG process on a 100MWth
scale. Based on the simulations, it was possible to demonstrate the
wide operating range of the SEG process, where it is possible to
produce producer gas with different compositions suitable for
downstream biofuel syntheses. The optimal producer gas composition without external hydrogen for the downstream DME syn
thesis was achieved at gasiﬁer temperature 730 C: 63 %vol;db H2 , 11
%vol;db CO, 13 %vol;db CO2 , corresponding Module value of 2.1. The
modeling method used took into account the hydrodynamic solids
proﬁles and ﬂow rates between the reactors. The thermal capacity

Fig. 11. OP1 and OP10 temperature proﬁles for both reactors along with the reactor
height.

Fig. 10. Deviation of the equilibrium for carbonation and water-gas shift reactions.
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Fig. 12. Reaction rates for carbonation, calcination, and water-gas-shift along the reactor height. (a) OP1 and (b) OP10.

ﬂows according to the solids ﬂow rates were taken into account in
the connected reactors’ energy balances, giving an accurate physical description of the reactor temperature levels. Also, the ﬂow
rates of solids, including their conversion degrees, provided a
sound basis for considering heterogeneous reactions in reactors
with sufﬁcient accuracy. Unlike before, the modeling used a
temperature-dependent fuel decomposition model, which gave a
more detailed description of the fuel’s behavior under the conditions of the reactors. This was able to guarantee more accurate
source terms for the reaction descriptions, and ultimately a reliable
prediction of the yield and composition of the product gas was
achieved. This also included a forecast for the yields of light and
heavy hydrocarbons to obtain more accurate predictions for the
elemental distribution of producer gas. The simulation results obtained correspond to the results presented in the literature for a
similar type of process. The work was also able to demonstrate the
suitability of CFB-CFB for SEG processes using a simulation model.
In the future, this investigation can be extended to part load cases
where the total fuel feed to the SEG process is changed. In this way,
it is possible to consider lower and higher gasiﬁer temperatures,
whereby the yield and composition of the product gas can be
controlled over a broader range. Concerning the physical sub-

Fig. 13. Local CO2 concentration in a function of local temperature with carbonationcalcination reaction equilibrium. Arrows show the direction of the reactor’s vertical
axes.

Fig. 14. Local CaCO3 conversion degrees. (a) OP1 and (b) OP10.
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Fig. 15. Gas concentration proﬁles for both reactors at (a) OP1 and (b) OP10.

data and physical sub-models for different biomasses’ behavior
under SEG conditions. The modeling method presented in this

processes, it was found that the lime reactions and the water-gas
shift reaction were the most signiﬁcant reactions together with
the decomposition of the fuel, which affect the yield and composition of the product gas. For lime reactions, an appropriate temperature level must be obtained for the carbonation in the gasiﬁer
in order to be able to control the CO2 capture and water-gas shift
reactions that ultimately determine the quality of the producer gas.
A sufﬁciently high-temperature level must be reached on the
combustor side so that the calcination is as efﬁcient as possible, and
the degree of lime material conversion will not limit the CO2 capture in the gasiﬁer. For the water-gas shift reaction, it is noted that
the reaction does not reach equilibrium under SEG conditions, and
this should be taken into account when using simpliﬁed reaction
equilibrium modeling techniques. One important model development area is related to the hydrodynamics of the CFB reactor. For
hydrodynamics, computational ﬂuid dynamics can provide a good
model development support. More accurate hydrodynamic submodels can provide a better prediction for intra- and interreactor ﬂows, giving a more accurate model result for heat capacity ﬂows. This also leads to a better and physically valid estimation
for the operation of the whole process. The presented modeling
method also provides an opportunity to study and compare
different biomasses’ suitability for the SEG process based on dual
bed arrangement. However, this requires adequate preliminary

Fig. 16. Local water-gas shift reaction balance value in a function of local temperature.
Arrows show the direction of the reactor’s vertical axes.
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work does not place constraints on the biomass under consideration, as long as it is possible to ﬁnd and use sufﬁciently accurate
descriptions of fuel decomposition at different temperatures, as
well as main reaction descriptions. An industrial-scale plant’s
operating values presented in this work provide essential information to support plant design and assess plant operating performance and costs.
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