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Abstract 

Synthesis of methanol from carbon dioxide is affected by thermodynamic limitations and 

excessive formation of water that might have a detrimental impact on methanol production rate 

and catalytic activity. To overcome these effects, sorption enhanced (SE) carbon dioxide 

hydrogenation to methanol with selective in-situ adsorption of water is investigated both 

experimentally and via process simulation. A significant improvement in the process performance 

due to the thermodynamic equilibrium shift, achieved as a result of selective water removal, is 

reported. Depending on the process conditions, during the SE phase, outlet methanol concentration 

is ca. 150-290 % of the steady state values recorded after the adsorbent saturation. For carbon 

monoxide this factor is ca. 220-510 %. The effect of process parameters such as reactor pressure, 

temperature, overall gas flowrate and catalyst-to-adsorbent ratio is thoroughly addressed. Reactor 

pressure is demonstrated to affect methanol production during the SE phase to the greatest extent. 

Particularly, increasing reactor pressure above 40 bar enhances methanol formation during the SE 

phase at the cost of decreasing carbon monoxide production, thus improving process selectivity. 

Although increasing reactor temperature above 250 oC favors carbon monoxide formation, it 

results in suppressed methanol production and considerable shortening of the SE phase duration. 

Because of the RWGS reaction fast kinetics, the variations in gas hourly space velocity and amount 

of the adsorbent loaded in the reactor affect production of methanol more than carbon monoxide. 

The parameters describing kinetics of the involved reactions and water adsorption are adjusted 

based on the acquired experimental data.  
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Highlights 

• 3Å molecular sieve is mixed with methanol synthesis catalyst to adsorb water 

• Significant temporary improvement in efficiency is achieved due to water removal   

• The process is studied for a wide range of industrially relevant conditions 

• Mechanistic process model is developed for investigating temporal process changes 

• Downstream processing can be simplified as methanol is the only liquid product 
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Notation 

Greek symbols 

𝜀𝑏   bed porosity (considers the void volume in the bed); 

𝜀𝑝   particle porosity (considers the void volume inside a particle); 

𝜀𝑡   total bed porosity (considers the total void volume 𝜀𝑡 = 𝜀𝑏 + (1 − 𝜀𝑏) 𝜀𝑝); 

𝜌𝑎𝑑𝑠,𝑝   adsorbent particle density, kg/m3; 

𝜌𝑎𝑑𝑠   adsorbent bulk density, kg/m3; 

𝜌𝑐𝑎𝑡   catalyst bulk density, kg/m3; 

𝜌𝑤   reactor wall density, kg/m3; 

𝜗𝑖,𝑗   stoichiometric coefficient of component i for reaction j; 

𝜇   gas dynamic viscosity, Pa s; 

𝜂𝑗   effectiveness factor of reaction j; 

 

Other symbols 

𝐴𝑖   pre-exponential factor for adsorption constant of component i, mol/(s kgcat bar); 

𝐴𝑗   pre-exponential factor for kinetic rate constant of reaction j, mol/(s kgcat bar);  

𝑏𝐻2𝑂,0   Langmuir adsorption isotherm fitting parameter, Pa-1; 

𝑏𝐻2𝑂   Langmuir adsorption isotherm parameter, Pa-1; 

𝐶𝑝,𝑎   adsorbate heat capacity, J/(mol K);  

𝐶𝑝,𝑎𝑑𝑠   adsorbent heat capacity, J/(kg K); 

𝐶𝑝,𝑐𝑎𝑡   catalyst heat capacity, J/(kg K); 

𝐶𝑝,𝑔   gas heat capacity, J/(mol K); 

𝐶𝑝,𝑤   reactor wall material heat capacity, J/(kg K); 

𝐷𝑐   micropore diffusivity, m2/s; 

𝐷𝑙   axial dispersion coefficient, m2/sec; 

𝐷𝑝   macropore diffusivity, m2/s; 



   

 

5 

 

𝐸𝑎,𝑗   activation energy of reaction j, J/(mol); 

𝑓𝑖   partial fugacity of component i, bar; 

ℎ𝑖𝑛   reactor wall - catalyst/adsorbent mixture heat transfer coefficient, J/(m2 K sec); 

ℎ𝑜𝑢𝑡   reactor wall - reactor wall surroundings heat transfer coefficient, J/(m2 K sec); 

𝐾𝑖   adsorption constant of component i, bar-1; 

𝐾𝑝,𝑗   equilibrium constant of reaction j; 

𝑘(𝑇𝑟𝑒𝑓)   rate constant at reference temperature, mol/(s bar kgcat);  

𝑘𝐿𝐷𝐹   mass transfer coefficient for water adsorption on the adsorbent, s-1;  

𝑘𝑓   film mass-transfer coefficient for water adsorption on the adsorbent, s-1; 

𝑘𝑗   kinetic constant of reaction j, mol/(s bar kgcat); 

𝑘𝑤   reactor wall axial thermal effective conductivity, J/(kg K sec); 

𝑘𝑧   bed axial effective thermal conductivity, J/(kg K sec); 

𝑚𝐻2𝑂   adsorbent saturation capacity, mol/kg; 

𝑝   reactor pressure, Pa; 

𝑞𝐻2𝑂   adsorbent loading, mol/kg; 

𝑞𝐻2𝑂
∗    equilibrium adsorbent loading, mol/kg; 

𝑅   universal gas constant, J/(mol K); 

𝑅𝑗   rate of reaction j per weight of catalyst, mol/(s kgcat) ; 

𝑟𝑐   micropore radius, m; 

𝑟𝑖𝑛   inner radius of the reactor tube, m; 

𝑟𝑜𝑢𝑡   outer radius of the reactor tube, m; 

𝑟𝑝   average particle radius, m;  

𝑇𝑟𝑒𝑓   reference temperature, K; 

𝑇𝑜𝑢𝑡   reactor wall surroundings temperature, K; 

𝑇𝑤   reactor wall temperature, K; 

𝑇   bed temperature, K; 

𝑣   interstitial gas velocity, m/s; 

𝑦𝑖   component molar fraction; 



   

 

6 

 

z   reactor length, m;  

∆𝐻𝑎𝑑𝑠,𝐻2𝑂   heat of water adsorption on the adsorbent, J/(mol); 

∆𝐻𝑎𝑑𝑠,𝑖
𝑐𝑎𝑡   heat of adsorption of component i on the catalyst surface, J/(mol); 

∆𝐻𝑅,𝑗   heat of reaction j, J/(mol); 

 

 

Superscripts and subscripts: 

i  denotes component; 

j  denotes reaction; 

e  denotes experiment; 

t  denotes a time point during a sorption enhanced synthesis run, min; 

  ̂  denotes a component’s concentration value obtained from the reactor simulation 

 

 

List of Acronyms: 

WGS   Water Gas Shift; 

SE   Sorption-Enhanced; 

GHSV   Gas Hourly Space Velocity; 

RWGS   Reversed Water Gas Shift; 

LDF   Linear Driving Force; 

PDEs   Partial Differential Equations; 

ODEs   Ordinary Differential Equations; 
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1. Introduction 

 

In light of the incessant increase in the rate of global greenhouse gas emissions, the necessity of 

transition towards renewable energy based economy becomes evident. However, intermittent 

nature of renewable energy sources imposes significant limitations on existing power systems and 

necessitates development of clean and efficient energy storage technologies [1]. Production of 

chemical compounds with high energy value using renewable electricity enables efficient energy 

storage in a conveniently transportable form [2]. Carbon dioxide hydrogenation technologies open 

up the possibility to utilize H2 as the main energy carrier and CO2 as the carbon source. Such an 

opportunity forms the basis for overcoming the renewable energy storage challenges and reducing 

net CO2 emissions at the same time [3]. Methanol is one example of a chemical energy carrier that 

can be produced by catalytic reduction of CO2.  Aside from being a clean-burning fuel, methanol 

also finds extensive application as a precursor in chemical synthesis, including production of 

olefins, formaldehyde, methyl-tert-butyl ether, formic acid, dimethyl ether, acetic acid, biodiesel, 

and synthetic fuels [4,5]. The volumetric energy density of methanol is, although lower than 

hydrocarbon fuels, reasonably high, and surpasses even liquid H2 [6]. Combined with its physical 

properties, it also makes methanol an efficient energy carrier. Moreover, CO2-based methanol is 

estimated to play a crucial role in decoupling the chemical industry from fossil resources in the 

not so distant future [7]. 

Traditionally, methanol is produced via gas-phase catalytic conversion of syngas at 50-100 bar 

pressure and 200-250 oC temperature over Cu/ZnO based catalysts [8]. The reactions involved in 

methanol synthesis can be summarized as follows: 

CO + 2H2 ⇌ CH3OH    ∆𝐻0 = −91.0 kJ/mol (1) 

CO2 + H2 ⇌ CO + H2O    ∆𝐻0 = 41.2 kJ/mol (2) 

CO2 + 3H2 ⇌ CH3OH + H2O    ∆𝐻0 = −49.8 kJ/mol (3) 
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Importance of methanol synthesis via catalytic reduction of pure CO2 with renewable H2 has been 

widely recognized in the recent years in view of the significant CO2 utilization potential of the 

technology [9]. However, methanol synthesis by hydrogenation of pure CO2 is complicated due to 

severe equilibrium limitations, which result in low single-pass conversion and, consequentially, 

increased amount of unconverted reactants in the product stream [10]. This, in turn, necessitates 

recirculation of the unreacted gases, thereby increasing size and utility consumption of the 

downstream equipment. An additional issue resides in the increased water formation during direct 

hydrogenation of pure CO2. During conventional methanol synthesis from syngas, CO acts as a 

scavenger of oxygen atoms thus forming CO2 via the water-gas-shift (WGS) reaction. This way, 

without CO in the feed stream, water formation is drastically increased [11–14]. Higher water 

content not only results in a shift of the equilibrium towards the reactants, but also has a detrimental 

impact on the catalyst [15]. In terms of methanol synthesis catalytic materials, the adverse effect 

of water mainly involves inhibition of active catalyst sites [16,17] and promotion of catalyst 

sintering [18,19]. Moreover, some evidence of Cu/ZnO synergy disruption as a result of ZnO 

crystallization due to presence of water has been reported and linked to permanent reduction of 

specific catalytic activity [20].  

Selective removal of the reaction products with the purpose of shifting the chemical equilibrium 

towards higher conversions has been recognized as a viable concept for intensification of methanol 

synthesis process [21]. In one of the pioneering studies on the topic, Westerterp et al. [10] 

employed a series of two packed tubular reactors with an interstage methanol absorption in 

between to experimentally verify that a significant increase in single-pass conversion can be 

achieved by selective product removal. Furthermore, the concept of selective membrane separation 

of the synthesis products inside the reactor has elicited extensive research interest on the topic of 

membrane reactors [22]. In the context of methanol synthesis, Struis et al. were the first to suggest 

and thoroughly investigate the applicability of membrane reactors for methanol synthesis process 

intensification [23,24]. Through experiments and mathematical modeling of the process, their 
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studies verified that in-situ removal of the reaction products results in increased methanol 

production rates. The selective products removal is achieved due to preferential permeation of 

water and methanol through the membrane. In a similar manner, Chen and Yuan also reported a 

considerable increase in conversion during methanol synthesis in a membrane reactor [25]. The 

experimental investigation was, however, limited to rather mild pressure and temperature 

conditions. Furthermore, some studies were also focused on circumventing the thermodynamic 

limitations of the process by selectively removing the products from the reaction zone via in-situ 

condensation [26,27]. The obtained results indicate a significant improvement in conversion of the 

initial reactants, though at the cost of substantial increase in energy consumption. A novel 

methanol synthesis reactor concept involving removal of methanol and water from the reaction 

zone via in-situ absorption by ionic liquids has also been proposed [28].  

In terms of the tradeoff between increased energy consumption and improved process 

performance, the sorption-enhanced (SE) reaction technology is one of the most viable solutions 

for process intensification via selective removal of reaction products. It involves simultaneous 

reaction and separation of the products in a single packed bed column filled with an admixture of 

catalyst and selective sorbent [29]. The concept of sorption enhancement has been successfully 

applied for intensification of a number of important reactions including CO2 methanation [30], 

steam methane reforming [31–34], water gas shift reaction [35–37] and dimethyl ether synthesis 

[38–40]. Although the SE process provides an opportunity to significantly intensify the 

equilibrium-controlled reactions, the process is highly transient in nature due to limited sorption 

capacity. Therefore, to maintain improved process performance an additional sorbent regeneration 

step should be considered. At the same time, by choosing a selective sorbent with the right affinity 

the SE process can be designed to produce a pure product.  

Although several studies investigated SE methanol synthesis process by modeling and 

optimization [41–44], experimental verification has been so far rather limited. The gas phase SE 

methanol synthesis was first experimentally investigated by Terreni et al [45]. More specifically, 
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a copper-based catalyst supported on commercial 13X zeolite beads was prepared and used for 

methanol synthesis. A significant temporary increase in production of methanol and CO due to 

water adsorption onto the zeolite part of the catalyst was demonstrated. The enhancement factor 

was much more significant for CO than for methanol. Dimethyl ether was also detected in the 

product stream. However, the process was studied under relatively low pressure of 15 bar, which 

is not typical for industrial methanol synthesis conditions. Considering that CO2 hydrogenation 

reaction (Eq. 3) involves a significant decrease in the total number of moles, the effect of pressure 

on the performance of SE methanol synthesis is of great interest. Application of a selective 

adsorbent with a smaller pore diameter and higher saturation capacity is also more beneficial in 

terms of improved methanol production. 

In-situ water adsorption during alcohol-promoted liquid phase methanol synthesis with 3Å 

molecular sieve was investigated by Nieminen et al. [46], and was also proven to significantly 

improve the process efficiency. Considering that among the species involved in conventional gas 

phase methanol synthesis only H2 and water molecules have effective diameters smaller than 3Å 

[47,48], it can be speculated that 3Å molecular sieve is a suitable material for selective in-situ 

water adsorption during gas phase synthesis. In addition to its high selectivity towards water 

adsorption due to its limited pore diameter, 3Å molecular sieves also possess significant sorption 

capacity at elevated temperatures, which was demonstrated by van Kampen et al. [49] Moreover, 

adequate thermal stability under the methanol synthesis conditions and ease of regeneration [50] 

also make 3Å molecular sieves a particularly suitable material for steam separation in the SE 

process. 

In the current work, SE methanol synthesis via CO2 hydrogenation is studied over a wide range of 

industrially relevant conditions with 3Å molecular sieves used as selective water adsorbent. The 

effect of parameters such as pressure, temperature, catalyst-to-adsorbent ratio, and gas hourly 

space velocity (GHSV) is investigated in terms of methanol and CO production. For better 
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understanding of the process, a reactor model is developed and the main parameters characterizing 

reaction and adsorption kinetics are estimated from the acquired experimental data. 
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2. Materials and Methods 

2.1. Materials 

A commercial copper-based methanol synthesis catalyst (Cu/ZnO/Al2O3, Alfa Aesar) was used in 

this study. The pelletized catalyst was ground and sieved to obtain a powdered sample with 125-

250 µm particle size. 3Å molecular sieve (Alfa Aesar) was used as a water adsorbent for the SE 

methanol synthesis experiments. The adsorbent was also ground and sieved to produce a 125-250 

µm sample. A catalyst/adsorbent mixture was prepared by means of granule mixing at the required 

mass ratio of the two components as described in [51] and loaded in the reactor.  

2.2. Experimental setup and data acquisition 

The SE methanol synthesis experiments were conducted in a stainless-steel tubular reactor. While 

all the details of the experimental setup were reported previously [52], a brief description is 

provided here as well for the sake of consistency. The core unit of the system is a steel tubular 

reactor heated with an external electric furnace. Inner diameter of the reactor is 10 mm, while the 

catalyst/adsorbent mixture bed length is 150 mm. The reactor wall thickness is 1 mm. The reactor 

temperature is measured and controlled by three K-type thermocouples installed in direct contact 

with its wall outer surface. The reactor pressure is maintained with a back-pressure regulator. The 

reactor outlet pipe is connected to a Raman cell equipped with a gas-phase Raman probe (AirHead, 

Kaiser Optical System, Inc.). The probe serves as an intermediate device transferring the signal to 

the Raman spectrometer (RamanRXN1, Kaiser Optical Systems, Inc.) via an optic cable. The 

Raman spectrometer is equipped with a 785 nm laser with 400 mW output power and a charge 

coupled device detector. Intensity calibration of the Raman spectrometer was performed with a 

tungsten-halogen reference lamp of the Raman Calibration Accessory (RamanRXN Systems). 

Cyclohexanol was used for wavenumber calibration and system verification.  

In order to prepare the adsorbent for the SE synthesis experiments, the catalyst/adsorbent mixture 

loaded in the reactor was kept at 250 oC for 3 hours under a flow of N2. The reactor was then 
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cooled down to the ambient temperature. The catalyst activation was performed by heating the 

cooled reactor to the point of 250 oC at a rate of 1 oC per minute under a flow of H2 (20 mol.%) 

balanced with N2, and then maintaining the reactor under these conditions for additional 90 

minutes [53].   

Each experiment (Table 1) involved 3 consecutive runs of SE methanol synthesis with adsorbent 

regeneration in between. Considering the highly transient nature of the investigated phenomena, 

the experimental runs were performed in such a way as to avoid any chemical transformations 

before the required process conditions are reached. More specifically, the reactor was heated under 

a constant flow of N2 to the required temperature. Once the required temperature had been reached, 

the reactor pressure was gradually increased also under the flow of N2. After the required process 

conditions had been reached, the gas analysis system was set, and the experimental run was started 

by changing the inlet gas composition. All experiments were performed with the constant inlet gas 

composition: CO2 – 22.7 mol.%, H2 – 68.2 mol.%, N2 – 9.1 mol.%. Each run involved monitoring 

of the system for at least 30 minutes or until there were no changes in the outlet gas composition 

for at least 10 consecutive minutes. This approach ensures that by the end of the run the adsorbent 

is fully saturated, and the SE phase is over. The adsorbent regeneration is achieved by completely 

depressurizing the reactor and purging it under the flow of N2 (550 mlSTP/min) for 25 minutes 

while the reactor temperature is maintained at 230 oC.   

For monitoring of the outlet gas composition, Raman spectra were acquired using the exposure 

time of 45 seconds and a single scan for each spectrum. Concentrations of CO2, H2, CO and N2 

were determined directly from the acquired spectral data using a set of reference spectra obtained 

beforehand. The Raman cell was maintained at ambient pressure and 115 oC temperature during 

spectral data acquisition. Methanol concentration was determined by means of the data 

reconciliation algorithm reported previously [52]. More specifically, the algorithm was applied to 

determine the methanol concentration value after the adsorbent saturation, i.e. after the SE effect 

is over and the steady state operation is reached. This value was then coupled with the methanol 
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signal intensity values acquired from the collected spectral data for a separate SE synthesis run to 

determine the rest of the methanol concentrations.  

2.3. Reactor modeling 

A mathematical model (Appendix A) was developed to simulate the phenomena occurring in the 

reactor during the SE methanol synthesis experiments. The phenomenological model consists of a 

system of partial differential equations (PDEs). The model is one-dimensional, pseudo-

homogeneous, non-isothermal, non-adiabatic and non-isobaric. Considering the small diameter of 

the reactor, the gradients of concentration, velocity, pressure, and temperature are considered 

negligible in the radial direction. The flow is described by the axial-dispersed plug flow model. 

The linear driving force model (LDF) is considered for description of the water adsorption 

kinetics [54]. The changes in the gas flow due to the occurring chemical reactions and adsorption 

phenomena are considered by the overall mass balance equation. The momentum balance is 

described using the Darcy’s law [41]. The equations forming the basis of the reactor model are 

provided in Appendix A along with a description of the correlations used for estimation of the 

phenomenological parameters.  

The finite difference method is used to spatially discretize the obtained PDEs into a system of 

coupled ordinary differential equations (ODEs). The first order spatial derivatives (Eqs. A1-A3, 

A5) are approximated via the five-point upwind finite difference method [55]. The second order 

spatial derivatives (Eqs. A1, A2, A5, A6) are evaluated via the fourth order approximation 

algorithm [56]. The spatial discretization is performed by compartmentalizing the simulated 

adsorbent-catalyst bed into 100 separate sections, each one of which is described by a separate set 

of ODEs. The obtained system of the coupled ODEs is solved in MATLAB with the standard 

integration subroutine for stiff problems – ‘ode15s’ [57].  

Several kinetic models describing the process of methanol synthesis exist in the literature [58]. 

The kinetic model developed by Graaf et al. was developed as a result of a rigorous investigation 
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of the rate-determining steps of the occurring reactions [59]. The model considers a dual-site 

Langmuir-Hinshelwood mechanism with dissociative hydrogen adsorption for temperatures in the 

range between 210 and 275 oC and pressures up to 50 bar. The model was further improved by the 

authors taking account of the mass transfer phenomena of the process [60]. A thorough 

investigation of the chemical equilibria of the reactions was also published [61]. Overall, the 

research conducted by the authors of the kinetic model has set a significant standard in the context 

of mathematical modeling of methanol synthesis process.  

The kinetic model of VandenBussche and Froment coupling the rates of the CO2 hydrogenation 

and RWGS reactions through a surface oxygen intermediate was also widely recognized. The 

model is developed based on the experimental data acquired at temperatures between 180 and 

280 oC and pressures between 15 and 51 bar [62].  

Furthermore, Park et al. reported a new kinetic model for methanol synthesis, which was based 

upon the assumption of the three-site adsorption. However, the proposed kinetic model was still 

based on the original kinetic interpretation proposed by Graaf et al. In addition to that, the model 

also considered formation of DME as a side product [63].  

Askgaard et al. also proposed a kinetic model for methanol synthesis by extending their kinetic 

interpretation of the WGS reaction. All kinetic parameters were estimated from the gas-phase 

thermodynamics and surface science studies [64].  

As methanol is the main product of the process, accurate estimation of its production rate is crucial 

for a reliable analysis of the SE methanol synthesis process. Therefore, due to its proven accuracy 

in terms of methanol concentration estimation, demonstrated in our previous study [52], the kinetic 

model of Graaf et al.[59] was employed for kinetic modeling within the scope of this study. This 

way, the kinetic rate expressions for the reactions Eqs. 1-3 are given by Eqs. 4-6 respectively: 
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𝑅1 =  

𝑘1𝐾𝐶𝑂 [𝑓𝐶𝑂√𝑓𝐻2

3 −
𝑓𝐶𝐻3𝑂𝐻

√𝑓𝐻2
𝐾𝑝,1

]

(1 + 𝐾𝐶𝑂𝑓𝐶𝑂 + 𝐾𝐶𝑂2
𝑓𝐶𝑂2

) [√𝑓𝐻2
+

𝐾𝐻2𝑂

√𝐾𝐻2

𝑓𝐻2𝑂]

 (4) 

𝑅2 =  

𝑘2𝐾𝐶𝑂2
[𝑓𝐶𝑂2

𝑓𝐻2
−

𝑓𝐻2𝑂𝑓𝐶𝑂

𝐾𝑝,2
]

(1 + 𝐾𝐶𝑂𝑓𝐶𝑂 + 𝐾𝐶𝑂2
𝑓𝐶𝑂2

) [√𝑓𝐻2
+

𝐾𝐻2𝑂

√𝐾𝐻2

𝑓𝐻2𝑂]

 (5) 

𝑅3 =  

𝑘3𝐾𝐶𝑂2

[
 
 
 

𝑓𝐶𝑂2
√𝑓𝐻2

3 −
𝑓𝐶𝐻3𝑂𝐻𝑓𝐻2𝑂

√𝑓𝐻2

3𝐾𝑝,3 ]
 
 
 

(1 + 𝐾𝐶𝑂𝑓𝐶𝑂 + 𝐾𝐶𝑂2
𝑓𝐶𝑂2

) [√𝑓𝐻2
+

𝐾𝐻2𝑂

√𝐾𝐻2

𝑓𝐻2𝑂]

 
(6) 

where 𝑅1, 𝑅2 and 𝑅3 are reaction rates per weight of catalyst for reactions 1-3 respectively, mol/(s 

kgcat); 𝑘1, 𝑘2 and 𝑘3 are the kinetic constants for the same reactions, mol/(s bar kgcat); 𝐾𝑝,1, 𝐾𝑝,2 

and 𝐾𝑝,3 are the equilibrium constants for the same reactions;  𝑓𝑖 denotes partial fugacity of a 

component i, bar; 𝐾𝑖 denotes adsorption constant for a component i, bar-1. 

Fugacity coefficients for the kinetic equations and the gas mixture compressibility factor were 

evaluated with the modified Soave-Redlich-Kwong equations of state [65]. The original literature 

values for the constants used in Eqs. 4-6 are retrieved from [59]. The equilibrium constants are 

calculated based on the latest reassessment of chemical equilibria in methanol synthesis by [61].   

The kinetics of water adsorption onto the 3Å molecular sieve is described with the LDF 

model [54]: 

𝜕𝑞𝐻2𝑂

𝜕𝑡
= 𝑘𝐿𝐷𝐹(𝑞𝐻2𝑂

∗ − 𝑞𝐻2𝑂) (7) 

where 𝑞𝐻2𝑂 is adsorbent loading, mol/kg; 𝑘𝐿𝐷𝐹 is mass transfer coefficient s-1; 𝑞𝐻2𝑂
∗  is equilibrium 

adsorbent loading, mol/kg. The expression for calculation of the mass transfer coefficient value is 

provided in Appendix A. 
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The equilibrium adsorbent loading value for the LDF model is determined with a single-site 

Langmuir adsorption isotherm model:  

𝑞𝐻2𝑂
∗ = 

𝑚𝐻2𝑂𝑏𝐻2𝑂𝑦𝐻2𝑂𝑝

1 + 𝑚𝐻2𝑂𝑦𝐻2𝑂𝑝
 

(8) 

where 𝑚𝐻2𝑂 is the adsorbent saturation capacity, mol/kg; 𝑏𝐻2𝑂 is Langmuir adsorption isotherm 

parameter, Pa-1; 𝑦𝐻2𝑂 – water molar fraction; 𝑝 – reactor pressure, Pa. 

2.4. Parameter estimation 

It should be noted that in our previous study on methanol synthesis by hydrogenation of pure CO2 

[52] the outlet concentrations of methanol and CO were slightly different from those predicted by 

the original kinetic model of Graaf et al [59]. It was concluded that with the catalyst used for 

methanol synthesis, the RWGS reaction was more significant than predicted by the original kinetic 

model. This discrepancy is caused by the different behavior of the employed catalytic material. 

The same catalyst was used in this work. Moreover, the experimental data forming the basis of the 

original kinetic model’s parameters have been acquired during steady state experiments in a 

spinning basket reactor for hydrogenation of mixtures of CO2 and CO [59]. This work, however, 

studies the dynamic behavior of methanol synthesis from a stoichiometric mixture of CO2 and H2 

in a tubular reactor with in-situ water adsorption. Therefore, the parameters characterizing the 

reaction rates (Eqs. 4-6) and water adsorption (Eq. 8) are estimated in the current work based on 

the acquired experimental data.  

In the rate equations (Eqs. 4-6), the constants describing the rates of the corresponding reactions 

(𝑘1, 𝑘2, 𝑘3) are given by the Arrhenius equation in the following way:  

𝑘𝑗 = 𝐴𝑗exp [−
𝐸𝑎,𝑗

𝑅𝑇
] (9) 
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where: 𝐴𝑗 is a pre-exponential factor for kinetic constant of reaction j, mol/(s kgcat bar); 𝐸𝑎,𝑗 is 

activation energy of reaction j, J/mol; 𝑅 is universal gas constant, J/(mol K); 𝑇 is reactor 

temperature, K.   

In a similar manner, the components adsorption equilibrium constants (𝐾𝐶𝑂, 𝐾𝐶𝑂2
, 𝐾𝐻2𝑂 √𝐾𝐻2

⁄ ) 

are also determined with the Arrhenius type equation: 

𝐾𝑖 = 𝐴𝑖exp [−
∆𝐻𝑎𝑑𝑠,𝑖

𝑐𝑎𝑡

𝑅𝑇
] (10) 

where: 𝐴𝑖 is a pre-exponential factor for i-component adsorption equilibrium constant, bar-1; 

 ∆𝐻𝑎𝑑𝑠,𝑖
𝑐𝑎𝑡  is i-component heat of adsorption, J/mol. 

Likewise, in the equation describing the kinetics of water adsorption onto the molecular sieve 

(Eq. 8), the Langmuir adsorption isotherm parameter is described in the following way: 

𝑏𝐻2𝑂 = 𝑏𝐻2𝑂,0exp [−
∆𝐻𝑎𝑑𝑠,𝐻2𝑂

𝑅𝑇
] (11) 

where: 𝑏𝐻2𝑂,0 is a Langmuir adsorption isotherm fitting parameter, Pa-1; ∆𝐻𝑎𝑑𝑠,𝐻2𝑂 is heat of water 

adsorption onto the 3Å molecular sieves, J/mol.  

The value for the heat of water adsorption onto the employed sorption material is retrieved from 

the literature [66] (Table A1). This way, overall, there are 14 parameters to be estimated based on 

the acquired experimental data: 6 pre-exponential factors, 3 activation energy and 3 heat of 

adsorption values describing the methanol synthesis reactions, the Langmuir adsorption isotherm 

fitting parameter, and adsorbent saturation capacity (Eq. 8).  

The parameter estimation is based upon the values of methanol and CO molar fractions in the 

reactor outlet stream. The objective function based on the sums of squared residuals is chosen for 

the parameter estimation. To account for the transient changes in the process performance, the 

concentration values of methanol and CO are considered for each experiment in the time range 
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from 2 to 25 minutes of operation. This way, the objective function for the parameter estimation is 

expressed in the following way: 

OF = ∑∑[(�̂�MeOH − 𝑦MeOH)𝑒,𝑡
2 + (�̂�CO − 𝑦CO)𝑒,𝑡

2 ]

25

𝑡=2

14

𝑒=1

 (12) 

where �̂�MeOH and �̂�CO denote the calculated outlet concentration values of methanol and CO 

respectively, while 𝑦MeOH and 𝑦CO denote the methanol and CO outlet concentration values 

determined from the acquired experimental data; index e denotes the experiment (Table 1); index 

t denotes the time point from the beginning of the SE methanol synthesis process in minutes. 

To diminish high parameter correlation between the pre-exponential factors and the corresponding 

values of activation energy or heat of adsorption during optimization, the Arrhenius type equations 

for the rate constants are reparametrized in the following form through definition of reference 

temperature [67]:   

𝑘 = 𝑘(𝑇ref)
exp [−

𝐵

𝑅
(
1

𝑇
−

1

𝑇ref
)] (13) 

where B represents either activation energy or heat of adsorption and 𝑇ref = 503.15 K. 

The objective function is minimized with the interior-point algorithm [68]. The bootstrap method 

is applied to investigate statistical reliability of the parameter estimation results and evaluate 

variability of the estimated parameters’ values [69]. Considering the immense computational cost 

of the optimization problem due to significant complexity and non-linearity of the reactor model, 

the quantity of bootstrap replicates is selected to be 200. Taking into account the statistical basis 

of the method, the number of the bootstrap replicates may seem low, however, it is considered to 

be sufficient for a robust estimation of standard error values [70]. Therefore, this number is 

selected as a tradeoff between accuracy and the amount of time required for the computations.   
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3. Results and Discussion 

The experiments conducted in this study are listed in Table 1. No signals of additional products 

apart from methanol and CO were detected in the acquired spectral data. Figure 1 demonstrates 

an example of the C-H stretching region of the acquired Raman spectra. It can be noted that during 

the SE phase only 4 peaks originating from methanol Raman signal are present in the region [71]. 

An example of a complete Raman spectra of the reactor outlet stream can be found in the 

Supporting Information.  

During each experiment, production of methanol and CO is significantly enhanced in the 

beginning of the process due to water adsorption. This results in a significant increase in outlet 

concentrations of methanol and CO, and decreased outlet concentration of CO2. As the process 

continues, the production of methanol and CO gradually decreases due to the fact that the 

adsorbent is being saturated with water. Consequently, as the time passes, the SE effect, achieved 

as a result of in-situ water removal, slowly diminishes. Eventually, when the adsorbent is fully 

saturated, the SE effect is terminated, the water breakthrough point is reached, and the steady state 

operation is achieved. Raw experimental data, expressed in terms of the main components’ signal 

intensities, can be found in the Supporting Information. 

In order to prove that this transient behavior of the system is indeed due to the in-situ water 

adsorption, a series of additional blank experiments was performed. More specifically, to 

investigate the transient response of the testing equipment caused by changing the inlet gas 

composition, a reference experimental run was performed with the reactor filled with inert 

material. Furthermore, to prove that the observed enhancement in process performance is not 

associated with any kind of transient catalyst behavior, an additional experiment with the reactor 

filled only with catalyst was also conducted. In each case, the breakthrough pattern of the outlet 

components' concentrations was monitored. The acquired experimental data demonstrate that 

neither the testing equipment nor the employed experimental methodology affect the temporary 
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increase in the process efficiency recorded during the SE synthesis runs. A more detailed 

description of the experimental data acquired during these blank experiments is provided in the 

Supporting Information.  

Because of the insufficient accuracy of the standard kinetic model, the experimental observations 

are compared with the simulation data obtained with the reactor model based on the estimated 

kinetic parameters. Comparison of the experimentally determined methanol and CO outlet 

concentrations with the results of the reactor simulation based on the original values of the kinetic 

parameters can be found in the Supporting Information. 

Table 1. Results of the SE methanol synthesis experiments 
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1 20 230 1:1 2800 1.51 0.97 6.89 2.31 

2 30 230 1:1 2800 2.86 1.62 8.69 2.26 

3 40 230 1:1 2800 4.98 1.73 10.87 2.23 

4 50 230 1:1 2800 5.85 1.82 9.91 2.17 

5 60 230 1:1 2800 7.03 2.08 8.77 2.09 

6 40 210 1:1 2800 3.93 1.35 5.46 1.55 

7 40 250 1:1 2800 5.73 2.04 13.53 2.44 

8 40 270 1:1 2800 5.12 1.77 14.86 2.92 

9 40 230 1:2 2800 3.51 1.36 9.90 2.16 

10 40 230 1:3 2800 2.32 1.09 6.32 1.87 

11 40 230 1:4 2800 1.43 0.75 4.16 1.55 

12 40 230 2:1 2800 4.63 1.98 9.37 2.15 

13 40 230 3:1 2800 4.35 2.24 7.35 2.06 

14 40 230 1:1 5600 2.25 1.03 7.98 2.14 
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Typical reactor effluent concentration profile during the SE methanol synthesis experiments is 

presented in Figure 2 both in terms of experimental and simulation data.   

 

Figure 1. C-H stretching region of the Raman spectra of the reactor outlet stream during and after SE phase 

Methanol Raman signal is characterized by the following bands: 

CH3-SS: CH3 symmetric stretching; CH3-FR: CH3 Fermi resonance; in-CH3-AS: CH3 antisymmetric stretching; 

(the bands assignment is retrieved from [71]) 

 

Figure 2. Reactor outlet during SE methanol synthesis experiment (reactor pressure = 60 bar,  

temperature = 230 oC, GHSV = 2800 h-1, catalyst-to-adsorbent ratio = 1:1)  

 

The values of the parameters describing the kinetics of the undergoing reactions and water 

adsorption obtained from the parameter estimation are provided in Table 2. The correlation matrix 
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proving the absence of the cross-correlation between the estimated kinetic parameters can be found 

in the Supporting Information along with the histograms depicting the distributions of the 

parameter values. In general, the values of the estimated parameters are normally distributed. 

However, estimations of the CO hydrogenation reaction rate constant at reference temperature are 

skewed towards lower values region, while for the CO2 adsorption equilibrium constant the 

distribution bears a rather bimodal pattern. These shortcomings are explicable considering the low 

number of the bootstrap datasets studied during the parameter estimation. Regardless of these 

limitations, the obtained results still enable estimation of the validity of the acquired values. 

The values of the pre-exponential factors recalculated from the reparametrized equation form (Eq. 

13) back to the original context of Arrhenius and Van’t Hoff are provided in Table 3. Comparison 

of the kinetic parameters obtained within the limits of this work with the values estimated by Graaf 

et al. in the context of the kinetic studies of methanol synthesis [59,60] can be found in the 

Supporting Information (Table S1). It should be noted that even though the estimation of the 

kinetic parameters was performed based on the intrinsic process kinetics, the obtained results are 

tightly fixed to the process conditions considered within the scope of this work.  

The parity plots for methanol and CO outlet concentration values are provided in Figures 3.A-3.B. 

Considering the complexity of the system, a reasonably good fit can be observed. The deviations 

from the diagonal are random and do not exhibit any trends. It can be noted that the deviation is 

slightly higher in the case of CO outlet concentration values. Due to the high rate of water 

formation and adsorption, the SE effect propagates through the reactor as a steep front of the 

components’ concentrations. Since the SE effect does not hold for long under the investigated 

conditions, methanol and CO concentrations at the reactor outlet change drastically within a short 

period of time. In this context, it is worth highlighting that the analytical Raman probe is installed 

at some distance from the actual reactor outlet, while the model predicts the concentration values 

right at the reactor exit. Additionally, between the reactor outlet and the analytical probe a 

backpressure regulator is installed. More details about the design of the experimental setup can be 
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found in the Supporting Information. Therefore, the accuracy of the gas composition analysis may 

have been affected to a minor extent by the axial gas dispersion and the changes in the outlet gas 

flowrate due to the varying conversion of the initial reactants. In light of this, even though the 

parity plots provide valuable information about the general goodness of fit, the data depicted there 

are not perfectly representative in terms of comparison between the calculation results and the 

experimental observations due to the highly transient nature of the process. This is especially 

relevant for CO due to the much sharper changes in the outlet concentration values in time. In this 

sense, the validity of the fitted reactor model should be evaluated based on the overall pattern of 

the products’ outlet concentrations changing in time. More details about this are given further in 

the text. 

Table 2. Estimated parameter values considering the reparameterization  

of the Arrhenius type equations   

Parameter Value 
Standard 

deviation 

Lower limit 

95% conf. int. 

Upper limit 

95% conf. int. 

𝑘1 (𝑇ref)
, mol/(s kgcat bar) 3.14 × 10-4 5.14 × 10-5 3.07 × 10-4 3.21 × 10-4 

𝑘2 (𝑇ref)
, mol/(s kgcat bar) 7.40 × 10-3 6.29 × 10-4 7.30 × 10-3 7.50 × 10-3 

𝑘3 (𝑇ref)
, mol/(s kgcat bar) 4.51 × 10-4 3.37 × 10-5 4.46 × 10-4 4.56 × 10-4 

𝐾𝐶𝑂 (𝑇ref)
, bar-1 1.28 × 10-2 1.30 × 10-3 1.26 × 10-2 1.30 × 10-2 

𝐾𝐶𝑂2 (𝑇ref)
, bar-1 6.15 × 10-2 5.30 × 10-3 6.07 × 10-2 6.22 × 10-2 

𝐾𝐻2/𝐻2𝑂 (𝑇ref)
, bar-1 7.66 0.75 7.55 7.77 

 𝐸𝑎,1, J/mol 3.22 × 104 1.51 × 103 3.20 × 104 3.25 × 105 

 𝐸𝑎,2, J/mol 6.47 × 104 3.16 × 103 6.42 × 104 6.51 × 104 

 𝐸𝑎,3, J/mol 2.52 × 104 1.23 × 103 2.50 × 104 2.54 × 104 

  ∆𝐻𝑎𝑑𝑠,𝐶𝑂
𝑐𝑎𝑡

, J/mol -1.34 × 104 622.22 -1.34 × 104 -1.32 × 104 

  ∆𝐻𝑎𝑑𝑠,𝐶𝑂2

𝑐𝑎𝑡
, J/mol -1.26 × 103 65.25 -1.27 × 103 -1.25 × 103 

 ∆𝐻𝑎𝑑𝑠,𝐻2 𝐻2𝑂⁄
𝑐𝑎𝑡

, J/mol -1.01 × 105 4.29 × 103 -1.02 × 105 -9.99 × 104 

𝑏𝐻2𝑂 (𝑇ref)
 , Pa-1 9.47 × 10-6 1.74 × 10-6 9.22 × 10-6 9.73 × 10-6 

𝑚𝐻2𝑂, mol/kg 3.25 0.19 3.21 3.28 
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Table 3.  Kinetic parameter values calculated from Table 2 

Parameter Value (95% conf. int.) 

𝐴1, mol/(s kgcat bar) 0.8303 (± 4.53 × 10-2) 

𝐴2, mol/(s kgcat bar) 3.24 × 104 (± 5.21 × 103) 

𝐴3, mol/(s kgcat bar) 0.1957 (± 8.40 × 10-3) 

𝐴𝐶𝑂, bar-1 5.10 × 10-4 (± 1.54 × 10-5) 

𝐴𝐶𝑂2
, bar-1 4.90 × 10-2 (± 5.53 × 10-4) 

𝐴𝐻2/𝐻2𝑂, bar-1 3.18 × 10-10 (± 9.95 × 10-11) 

𝑏𝐻2𝑂,0   1.04 × 10-13 (± 2.42 × 10-5) 

 

Although the estimated kinetic parameters are rather different from the parameters proposed by 

the authors of the original kinetic model [59], the values determined within the scope of this work 

follow all the physico-chemical constraints. More specifically, the estimated values of activation 

energies, pre-exponential factors for the reaction rate constants and pre-exponential factors for the 

adsorption equilibrium constants are positive, while the values of heats of adsorption are negative. 

Additionally, the negative values of the CO and CO2 adsorption entropies calculated from the 

estimated pre-exponential factors for the corresponding adsorption equilibrium constants do not 

exceed the CO and CO2 entropies at the process temperature (Table S2 in the Supporting 

Information). More detailed description of the physico-chemical constraints can be found 

elsewhere [62].  
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A  

 

B 

Figure 3. Parity plots describing the parameter estimation accuracy  

A – outlet methanol concentration values, B – outlet carbon monoxide concentration values 

Comparing the rates of the CO and CO2 hydrogenation reactions (Eqs. 4 and 6 respectively) it can 

be concluded that the kinetic description based on the estimated values of the kinetic parameters 

follows the general consensus about CO2 being the primary carbon source for methanol 

formation [72]. A graphical representation of the ratio of CO hydrogenation rate to CO2 

hydrogenation rate during the SE methanol synthesis experiments is provided in the Supporting 

Information for the varying process conditions. It can be noted that in-situ water removal improves 

the CO hydrogenation reaction more than it does the CO2 hydrogenation reaction. This is 
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manifested in increased values of the 𝑅1: 𝑅3 ratio during the SE phase of the experiments. This 

effect is particularly substantial for the increased reactor temperatures. This pattern can also be 

attributed to the fast kinetics of the RWGS reaction (Eq. 2) during the investigated process. More 

specifically, the excessive amount of CO, produced due to the fast endothermic RWGS reaction 

being enhanced as a result of the in-situ water removal, accelerates the CO hydrogenation reaction. 

After the SE phase, the 𝑅1: 𝑅3 ratio is decreased meaning that the rate of the CO hydrogenation 

reaction is reduced because of the decrease in the CO concentration since the enhancement of the 

RWGS reaction is over.  

It is also worth noting that the value of adsorbent saturation capacity determined in the course of 

this work is also much lower than those estimated from the data of water adsorption on pure 

sorptive material without any catalyst [41]. At the same time, the estimated saturation capacity 

value is in reasonably good agreement with the values of adsorbed water load in SE dimethyl ether 

synthesis reactor studied by Guffanti et al [38]. In this context, it should be mentioned that to 

demonstrate the insignificance of competitive adsorption between H2 and water molecules onto 

the molecular sieves 3A, the negligible H2 adsorption onto the adsorbent under the studied process 

conditions was proven experimentally in the current work. More detailed information about the 

experiment and the acquired data can be found in the Supporting Information.  Although zeolite 

sorptive materials with 3Å pore diameter exhibit the highest selectivity and affinity towards water 

molecules, it was previously shown that the presence of methanol species reduces the water uptake 

capacity of these adsorbents [73,74]. Moreover, in the context of SE processes, it was concluded 

that water adsorption can be influenced by blockage of the adsorbent pores by the reaction 

intermediates [75]. In light of these observations, the decreased values of the parameters describing 

the water adsorption isotherm determined within the limits of this work can be considered 

reasonable.  
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A considerable increase of the reactor wall temperature recorded during each experiment should 

also be mentioned. Particularly, during the SE phase of each experiment, when the produced water 

is being adsorbed by the molecular sieves, a rapid increase in the reactor temperature can be 

observed. The temperature rise is due to the exothermicity of the intensified hydrogenation 

reactions (Eqs. 1 and 3) and the exothermicity of the water adsorption process. As the adsorbent 

is being saturated with water, and, consequently, the intensification of the occurring chemical 

reactions is attenuating, the reactor wall temperature steadily decreases. Recorded reactor wall 

temperature values are provided in the Supporting Information along with the corresponding 

reactor simulation results. To a minor extent, the recorded reactor wall temperature values were 

affected by the experimental setup’s control system since the setup was not designed to be operated 

in the adiabatic manner. This way, in general, the agreement between the experimental and 

simulation results is rather poor. However, it should be noted that the model still accurately 

estimates the initial temperature rise during the SE phase.   

Overall, the obtained experimental data are in good agreement with the observations of Terreni et 

al. [45], except for the presence of dimethyl ether in the reactor outlet stream. In addition, a more 

significant increase in CO production during the SE phase of the process as compared with the 

methanol formation enhancement can also be observed in our experiments. This pattern can be 

explained by the fact that the rate of the RWGS reaction is more significant under the methanol 

synthesis conditions studied during this work. In addition to that, it is also worth mentioning that 

under the process conditions, the RWGS reaction equilibrium constant is ca. 2 orders of magnitude 

larger than the CO2 hydrogenation reaction equilibrium constant. The ratio of RWGS equilibrium 

constant to the CO2 hydrogenation equilibrium constant during and after the SE phase is provided 

in the Supporting Information. It can be noted that, because of the significant production of heat 

during the SE phase, the RWGS reaction becomes more thermodynamically favorable. 
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3.1. Experiments with varied reactor pressure 

Outlet concentrations of methanol and CO during the SE methanol synthesis experiments with 

varied reactor pressure are provided in Figures 4.A-4.B both in terms of experimental observations 

and process simulation results. In good agreement with the Le Chatelier’s principle, the increase 

in reactor pressure improves methanol production and CO2 conversion. However, it is also worth 

noting that the increase in the reactor pressure also increases the significance of the SE effect in 

terms of methanol production. At the same time, the effect of the increase in reactor pressure on 

CO production during the SE phase is quite the opposite. More specifically, the acquired 

experimental data indicates that CO production decreases when the reactor pressure exceeds 40 

bar. This means, that under the process conditions, the hydrogenation reactions (Eqs. 1 and 3), 

which involve reduction in the total number of moles, become more significant than the RWGS 

reaction (Eq. 2) because of the pressure increase. This way, methanol formation is improved while 

CO concentration in the outlet is decreased. Thus, it can be concluded that more CO is converted 

to methanol at higher pressures via the CO hydrogenation reaction (Eq. 1). 

The outlet concentration data might not give enough information about methanol production rate 

because of the decrease in the gas flowrate as a result of the reduction in the total number of moles 

due to the hydrogenation reactions (Eqs. 1 and 3). Therefore, specific methanol production rates 

retrieved from the reactor model based on the estimated kinetic parameters can be found in the 

Supporting Information. 
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A  

 

B 

Figure 4. Outlet concentrations during SE methanol synthesis for the experiments with varied reactor pressure 

A – methanol concentration, B – carbon monoxide concentration 

reactor temperature = 230oC, catalyst-to-adsorbent ratio = 1:1, GHSV = 2800 h-1 

solid lines denote process simulation results; circles represent experimental observations; 

 

Even though the agreement between the experimental and simulated values of methanol and CO 

concentrations is reasonably good for the major part, the model is not able to predict the decrease 

in CO outlet concentration at the elevated reactor pressure. This minor drawback is explicable 

considering the high non-linearity of the system of PDEs employed for the process simulation and 



   

 

31 

 

substantial complexity of the optimization problem during parameter estimation. Alongside with 

that, it should be also noted that the model does predict the decrease in the enhancement of CO 

production during SE phase as the reactor pressure rises. Additionally, the steady state 

concentration values of CO after the SE phase are also estimated reasonably accurately. 

Since the increase in the reactor pressure results in higher methanol and CO production during the 

SE phase, the conversion of CO2 and H2 is also much higher in the beginning of the process. Outlet 

concentration profiles of the initial reactants during the SE synthesis runs are provided in the 

Supporting Information. As the reactor pressure rises, the components reach the steady state outlet 

concentration values much slower. This way, the curves, describing CO2 and H2 outlet 

concentrations during the SE phase, flatten with the reactor pressure increase, indicating higher 

conversion.  

3.2. Experiments with varied reactor temperature 

Outlet concentrations of methanol and CO during the SE methanol synthesis experiments with 

varied reactor temperature are provided in Figures 5.A-5.B both in terms of experimental 

observations and process simulation results. The effect of reactor temperature on the SE methanol 

synthesis process is rather similar to its effect on the conventional methanol synthesis process. 

Initially, as the reactor temperature rises, the methanol production is improved due to increase in 

the rate of the occurring chemical reactions. However, when the reactor temperature exceeds 

250 oC, the exothermic hydrogenation reactions (Eqs. 1 and 3) face the thermodynamic 

equilibrium and, thus, the methanol formation is suppressed. At the same time, the effect of 

temperature is more straightforward in terms of CO production. Since CO can only be produced 

through the endothermic RWGS reaction, increased reactor temperature drastically improves 

formation of CO. Moreover, the higher the reactor temperature, the more significant the SE effect 

on CO formation is. Exothermic reaction of CO hydrogenation to methanol is also suppressed 



   

 

32 

 

under the increased temperature conditions, which also increases CO concentration in the product 

stream at elevated process temperatures. 

 

A  

 

B 

Figure 5. Outlet concentrations during SE methanol synthesis for the experiments with varied reactor temperature 

A – methanol concentration, B – carbon monoxide concentration 

reactor pressure = 40 bar, catalyst-to-adsorbent ratio = 1:1, GHSV = 2800 h-1 

solid lines denote process simulation results; circles represent experimental observations; 

 

It is also worth noting that the duration of the SE effect is shorter for the experiments with high 

reactor temperature. It can be explained by the fact that high temperature is not favorable for 
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adsorption processes. This way, increased reactor temperature decreases the overall water uptake 

by the adsorbent, thus making the SE effect last shorter. Another issue is that increased rate of 

RWGS reaction also results in enhanced water formation, which, in turn, results in rapid adsorbent 

saturation. These changes in the SE effect duration are particularly evident in terms of methanol 

production rates (the Supporting Information). A point that should be highlighted here is that even 

though the maximum methanol formation rate is still observed at 250 oC, better performance in 

terms of the SE phase duration can be noted for 210 oC and 230 oC reactor temperatures. 

Comparing the experimental values of CO and methanol outlet concentrations with the predictions 

of the reactor model based on the original kinetic parameters (the Supporting Information) it can 

be observed that methanol and CO formation is much higher at lower temperatures than estimated 

by the original kinetic model. These observations substantiate the decreased activation energy 

values estimated within the limits of this work.  

The changes in the process performance due to the variation in the reactor temperature can also be 

observed in the H2 and CO2 outlet concentration profiles (the Supporting Information). More 

specifically, the rate at which H2 and CO2 reach the steady-state outlet concentrations increases 

considerably as the reactor temperature rises, indicating the shortening of the SE phase duration 

due to faster saturation of the adsorbent and its lower capacity at the elevated temperatures.   

3.3. Experiments with varied bed composition 

Outlet concentrations of methanol and CO during the SE methanol synthesis experiments with 

varied reactor bed composition are provided in Figures 6.A-6.B both in terms of experimental 

observations and process simulation results. The variation in the catalyst-to-adsorbent ratio in the 

SE methanol synthesis experiments affects both methanol and CO production rates in a similar 

manner. From the obtained data it can be noted that the increase in the adsorbent loading results 

in a slight increase in the SE phase duration, since the overall amount of water that can be removed 

from the system is increased. It is worth mentioning that the overall bed volume was maintained 
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constant during these experiments, and the increase in the adsorbent loading comes at the cost of 

reducing the amount of catalyst in the reactor. This way, production of methanol and CO is greatly 

reduced because there is much less catalyst loaded in the reactor. Therefore, the actual GHSV 

value in terms of the contact time with the catalyst is much lower. This results in a significant 

decrease of the overall conversion and has a particularly detrimental impact on methanol 

production after the SE phase. This pattern can also be observed in the CO2 and H2 outlet 

concentration profiles for these experiments (Supporting Information), which bear considerable 

commonalities with the same results for the experiments with varied reactor temperature, in terms 

of the SE phase duration. In this context it is also worth mentioning that CO outlet concentrations 

after the SE phase are not affected by this decrease in the overall conversion as significantly as 

methanol outlet concentrations. This observation also corroborates the notion about RWGS being 

much faster than the hydrogenation reactions, which aligns well with the estimated kinetic 

parameter values.  

 

A  
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B 

Figure 6. Outlet concentrations during SE methanol synthesis for the experiments with varied bed composition 

A – methanol concentration, B – carbon monoxide concentration 

reactor pressure = 40 bar, reactor temperature = 230oC, GHSV = 2800 h-1 

solid lines denote process simulation results; circles represent experimental observations; 

 

The increase in the amount of catalyst loaded in the reactor comes at the cost of reduced adsorbent 

amount. Therefore, the SE effect holds for a much shorter period of time, which can be observed 

from both methanol and CO outlet concentration profiles. However, the peak in production of both 

methanol and CO due to water removal is much more significant. With the experimental setup 

employed in this work, the time resolution of the outlet gas composition monitoring was limited 

to 1 analysis per minute. Therefore, the sharp peak in the products’ formation during the SE phase 

of the experiment with 3:1 catalyst-to-adsorbent ratio was not verified experimentally. 

Additionally, with such a sharp peak in methanol production during the experiment, it is also 

possible that the accuracy of the components’ concentrations measurement was affected by the 

aforementioned minor limitations of the experimental setup.  
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3.4. Experiments with varied flowrate  

Outlet concentrations of methanol and CO during the SE methanol synthesis experiments with 

varied values of the overall gas flowrate are provided in Figures 7.A-7.B both in terms of 

experimental observations and process simulation results. Increased overall gas flowrate decreases 

methanol outlet concentration. The duration of the SE phase is also slightly reduced with increased 

GHSV. This reduction is explained by the fact that, because of its high rate, the RWGS rection is 

more prevalent under the increased GHSV conditions compared to the hydrogenation reactions. 

This is supported by the fact that outlet CO concentration after the SE phase remains practically 

unchanged for both experiments. Therefore, since under these conditions the RWGS reaction is 

more significant, the thermodynamic equilibrium shift, achieved because of the selective water 

removal, in turn, enhances water formation in a more substantial way compared with methanol 

formation. Consequently, the adsorbent is saturated much faster, which shortens the duration of 

the SE phase. This decrease in the SE phase duration is also demonstrated by the H2 and CO2 outlet 

concentration profiles during the experiments (the Supporting Information). As for the steady state 

operation after complete adsorbent saturation, the obtained results are rather similar to the 

observations explained for the experiments with varied reactor bed composition.  

However, although outlet methanol concentrations are lower for the increased GHSV experiment, 

the methanol production is much higher in this case due to the higher gas flowrate (the Supporting 

Information). The differences in the SE phase duration are also more evident in terms of the 

methanol production values. 
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A  

 

B 

Figure 7. Outlet concentrations during SE methanol synthesis for the experiments with varied GHSV 

A – methanol concentration, B – carbon monoxide concentration 

reactor pressure = 40 bar, reactor temperature = 230oC, catalyst-to-adsorbent ratio = 1:1 

solid lines denote process simulation results; circles represent experimental observations; 
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4. Conclusions 

A thorough experimental verification of the concept of methanol synthesis through SE 

hydrogenation of pure CO2 is conducted in this work. For better understanding of the involved 

phenomena, a dynamic pseudo-homogeneous one-dimensional model of the process is developed. 

The effect of process parameters such as reactor pressure, temperature, overall gas flowrate and 

catalyst-to-adsorbent ratio on the process performance is addressed. Taking into account the 

differences between the analyzed system and conventional methanol synthesis studies, the 

parameters describing kinetics of the occurring reactions and water adsorption are adjusted to fit 

the acquired experimental data.  

A significant temporary improvement in process efficiency, achieved as a result of in-situ water 

removal, is reported. Particularly, depending on the process conditions, methanol outlet 

concentration during the SE phase is ca. 150-290 % of the steady state values recorded after the 

complete adsorbent saturation. For CO, this enhancement factor is ca. 220-510 %. The increase in 

methanol and CO production during the SE phase is accompanied by the corresponding increase 

in CO2 and H2 conversion.  

Reactor pressure is demonstrated to have the most significant impact on the enhancement of 

methanol production rate during the SE phase. Moreover, the acquired experimental data indicates 

that increasing reactor pressure above 40 bar improves methanol formation at the cost of reducing 

CO production, thus greatly improving the process selectivity during the SE phase. Although the 

increase in reactor pressure considerably improves methanol formation intensity, the duration of 

the SE phase remains practically unchanged. The increase in the reactor temperature, on the other 

hand, not only affects the methanol and CO production rates, but also notably shortens the SE 

phase duration. Even though, initially, increasing reactor temperature improves the process 

performance due to faster reaction kinetics, methanol formation during the SE phase is 

substantially suppressed at temperatures above 250 oC, while CO production rate steadily increases 
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as the reactor temperature rises. The changes in the overall gas flowrate and the composition of 

the catalyst:adsorbent mixture affect production of methanol to a much greater extent than CO 

because of the faster kinetics of RWGS reaction.  

Although the relatively short duration of the SE effect reported in this work might seem 

discouraging in the context of the potential industrial applicability of the SE CO2 hydrogenation 

concept, it should be noted that this issue can be improved by adjusting the GHSV. This way, with 

lower gas flowrates and increased reactor size, the duration and effectiveness of the SE effect can 

be tremendously improved thus making the process more practical. Additionally, application of 

sorption materials that would be able to selectively uptake larger amounts of water at elevated 

temperatures without intervening with the process chemistry is also of great economic interest. It 

is also worth mentioning that with the system described within the scope of the work, methanol is 

the only liquid product in the reactor outlet during the SE phase of the process, which significantly 

simplifies downstream processing.    
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Appendix A. Reactor model governing equations 

The mass balance for component i (except for i = H2O) [76]:  

𝜕𝑦𝑖
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The mass balance equation for H2O species is:  
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The overall mass balance equation: 
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(A3) 

The axial pressure drop is described by the Darcy’s law [42]:  

−
𝜕𝑝

𝜕𝑧
=  
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The overall energy balance for the catalyst/adsorbent mixture bed is formulated as [42,76]: 

(𝜌𝑎𝑑𝑠𝐶𝑝,𝑎𝑑𝑠 + 𝜌𝑐𝑎𝑡𝐶𝑝,𝑐𝑎𝑡 + 𝜌𝑎𝑑𝑠𝐶𝑝,𝐻2𝑂𝑞𝐻2𝑂)
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The energy balance for the reactor wall element is described as [42]: 

𝜌𝑤𝐶𝑝,𝑤
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  (A6) 

The mass transfer coefficient value for the LDF model is determined with the following 

expression:  
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(A7) 

The gas mixture viscosity and thermal conductivity were estimated with the correlations developed 

by Chung, et al. [77]. The values of acentric factors and critical volumes for the components were 

retrieved from [78]. The packed bed axial thermal conductivity was determined with the 

correlation developed by Yegi, et al. [79]. The heat transfer coefficient value was estimated with 

the correlations developed by Li and Finlayson [80]. The values of the diffusion coefficients were 

determined by the equations developed by Fuller, et al. [81]. In order to take the mass transfer 

phenomena into consideration, the values of the reactions’ effectiveness factors were estimated 

through the Thiele modulus in accordance with the data reported by Lommerts, et al. [82]. The 

axial diffusion coefficient value was determined with the correlations reported by Edwards and 

Richardson [83]. Evaluation of the film mass transfer coefficient value was done through 

calculation of the dimensionless Sherwood, Schmidt, and Reynolds numbers [54]. The constants 

used for the model equations are provided in Table A1. 

Table A1. Constants for the phenomenological reactor model 

Parameters Value Ref. 

𝜌𝑐𝑎𝑡,𝑝 – catalyst pellet density, kg/m3 1450 This work 

𝜌𝑎𝑑𝑠,𝑝 – adsorbent pellet density, kg/m3 625 This work 

𝑟𝑝 – average particle radius, m 2 × 10-4 This work 

𝐷𝑝 – macropore diffusivity, m2/s 3 × 10-5 [84] 

𝐷𝑐  – micropore diffusivity, m2/s 3 × 10-7 [42] 

𝐶𝑝,𝑎𝑑𝑠 – adsorbent heat capacity, J/(kg∙K) 1045 [66] 

𝐶𝑝,𝑐𝑎𝑡  – catalyst heat capacity, J/(kg∙K) 850 [42] 

𝜀𝑏 – bed porosity; 0.34 This work 

𝜀𝑝 – particle porosity; 0.28 This work 

𝜀𝑡 – total porosity;  0.52 This work 

∆𝐻𝑎𝑑𝑠,𝐻2𝑂 – heat of water adsorption on  

the adsorbent kJ/(mol); 
78 [66] 
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