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The goal of this thesis work was to study the feasibility of an electrodialysis based capture 

process for carbon dioxide (CO2) from seawater. The basis of the process is to divide seawater 

into two separate streams with increased and decreased pH level by using bipolar membrane 

electrodialysis. The stream with the increased pH can be then used to precipitate carbonates 

from the stream. Gaseous carbon dioxide can be obtained from the solidified carbonates when 

combined with the acidic stream. The literature review provides a background for the work, an 

assessment of the current existing methods to separate CO2 from seawater involving the 

processes and their feasibility. The effect of the quality and properties of seawater to the process 

function is also reviewed. The applied part is devoted to study the feasibility of the process in 

terms of process simulation and financial evaluation. The original plan was to use Aspen Plus 

for the simulation of the process. Unfortunately, it became clear that the obtained results for 

seawater pH and carbonate precipitation with the current thermodynamic models and their 

parameters were not consistent with experimental data available for seawater. Therefore, the 

simulations were carried out with simple spreadsheeting calculation to solve the mass and 

energy balances. In the simulation part the process layout, mass and energy balances and 

simulation design are presented to provide a proof of a concept. The yearly CaCO3 production 

is 13400 tons from 36.5 Mt of brine. In the latter part the investment and operational costs are 

evaluated. The total investment cost was estimated at 96.8 M€ and annual operating cost at 52.6 

M€. Minimal selling price for the solid CaCO3 was evaluated to be between 4-5 €/kg where it 

reached a positive annual gross profit. This estimated price is higher than the current market 

price of CaCO3. Therefore, the studied process is not profitable with the used evaluation basis.  
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Tämän diplomityön tavoitteena oli tutkia soveltuvuutta hiilidioksidin talteenotolle merivedestä 

hyödyntäen elektrodialyysiin pohjautuvaa prosessia. Prosessin lähtökohtana on jakaa merivesi 

kaksisuuntaisen membraanielektrodialyysin avulla emäksiseksi ja happamaksi virraksi. 

Emäksistä virtaa käytetään karbonaattien saostamiseen merivesivirrasta ja kiinteästä 

karbonaatista voidaan ottaa talteen kaasumaista hiilidioksidia happaman virran avulla. 

Kirjallisuusosassa taustoitetaan työtä ja arvioidaan nykyisiä menetelmiä hiilidioksidin 

talteenotolle merivedestä. Meriveden laadun ja ominaisuuksien vaikutusta prosessin 

toimivuuteen myös tarkastellaan. Työn soveltuva osa keskittyy prosessin soveltuvuuden 

arvioimiseen prosessisimuloinnin ja kustannusarvioinnin avulla. Simulointi oli tarkoitus 

suorittaa Aspen Plus -simulointiohjelmiston avulla. Valitettavasti kävi ilmi, että saadut tulokset 

meriveden pH:sta ja karbonaattien saostumisesta käytetyillä termodynaamisilla malleilla eivät 

olleet johdonmukaisia olemassa olevan kokeellisen datan kanssa. Simulointi siirrettiin 

taulukkolaskentaohjelmaan massa- ja energiataseiden laskemiseksi. Lisäksi simulointiosassa 

esitetään prosessisuunnitelma lohko- ja virtauskaavioiden, sekä mitoituksen avulla. Tulosten 

perusteella kalsiumkarbonaatin vuosittainen tuotanto on 13400 tonnia, kun merivedestä 

tuotetun liuoksen vuotuinen kapasiteetti on 36.5 Mt. Kustannusarvioinnissa esitetään prosessin 

investointi- ja käyttökustannukset. Kokonaisinvestointikustannukset arvioidaan olevan 96.8 

M€ ja vuotuiset käyttökustannukset 52.6 M€. Minimi myyntihinta kiinteälle 

kalsiumkarbonaatille on 4-5 €/kg, jolloin positiivinen käyttökate saavutetaan. Hinta on 

kalliimpi nykyiseen markkinahintaan verrattuna, eikä tutkittu prosessi ole tuottoisa tämän 

tutkimuspohjan perusteella. 
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1 Introduction 

The introduction focuses on the background and objectives of the master’s thesis. The current 

situation of carbon dioxide in the atmosphere and oceans are presented. The presence of carbon 

capture technologies and their current state and adaptability to seawater are discussed. 

1.1  Background 

Climate change has emerged to be one of the most concerning events in the 21st century. Human 

actions have been the source for increased emissions of greenhouse gases to the atmosphere 

and oceans. Major greenhouse gases enhancing climate change are methane (CH4), nitrous 

oxide (N2O) and especially carbon dioxide (CO2). (Creamer, Gao, 2015) According to Figure 

1, concentrations have risen steadily in the last decades and current data state that concentration 

of carbon dioxide in the atmosphere is over 410 ppm and is growing further (National Oceanic 

and Atmospheric Administration, 2021). The Paris Agreement, assessed by the United Nations, 

states an aim to fortify the response for the future dangers of climate change by restraining the 

global temperature increase to under 2 °C compared to the pre-industrialization period and 

maintaining it at 1.5 °C. However, the International Panel on Climate Change (IPCC) has stated 

that the world temperature will achieve 1.5 °C already during the next 30 years if the current 

rate is continued (Nakao et al., 2019). 

 

Figure 1 Monthly global mean concentrations of CO2 in the atmosphere in the past 50 years 

 and current situation. The red line presents the mean values. (National Oceanic 

 and Atmospheric Administration, 2021)  
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Oceans absorb carbon dioxide and simultaneously release it into air, but this exchange 

equilibrium is slowing down due to increased atmospheric CO2 levels. This causes the chemical 

properties of seawater to change. The changes are currently 100 times larger compared to the 

previous glacial termination. (Strong et al., 2014) The pH of the oceans reduces worldwide, 

referred to ocean acidification. The decrease of pH disrupts the exchange equilibrium to the 

atmosphere side causing the rise of CO2 concentrations in air. Predictions exist stating that 

burning fossil fuels combined with the decreasing capability of oceans to absorb CO2 would 

decrease pH by up to 0.5 units. (Murphy, Raisman, 2013) 

Carbon capture and storage (CCS), and utilization (CCU) technologies have emerged as one of 

the promising pathways to reduce greenhouse gas emissions. CCS focuses on technologies that 

remove CO2 from gas streams and store it to reservoirs, and CCU concentrates on converting 

the captured CO2 to new products (Al‐Mamoori et al., 2017). CCS technologies manage to 

provide heat and power with minimal carbon emissions, and solutions for industries to reduce 

carbon emissions. Promising CCS technologies include carbon capture from flue gases, ambient 

air by direct air capture (DAC) and a novel, indirect ocean capture that binds dissolved carbon 

from seawater to extract CO2 (Bui et al., 2018).  

Some technologies are categorized as negative emissions technologies (NET). The purpose is 

to obtain greenhouse gases that cause global warming such as methane or CO2. The goal is to 

decrease concentrations in the atmosphere beyond the amount that originally would have 

emitted without capturing. DAC and indirect ocean capture are recognized as promising 

techniques in the field (McLaren, 2012). 

1.2 Objectives  

The goal of this thesis is to study the feasibility of capturing CO2 from seawater using an 

electrodialysis separation process in terms of process modelling. Process simulations will be 

developed for the process. Mass and energy balances are carried out. Operational and 

investment costs are determined. Finally, a price of the captured CO2 is evaluated from the 

selected process and possibilities for further development are considered. 

2 Literature review 

The literature review first contains a comparison between direct air capture (DAC) and indirect 

ocean capture technologies to capture CO2. An assessment of the chemical nature of carbon 

dioxide in seawater with basic reactions is presented. The effect of the characteristics of 
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seawater on CO2 capture is studied. Different methods to capture CO2 using membrane 

separation and main principles of electrodialysis process are reviewed. Finally, the most 

promising process is selected for further development for process simulation and cost 

estimations. 

2.1 Direct and indirect carbon capture 

Direct air capture (DAC) is a chemical process, where CO2 is obtained directly from the air as 

opposed from flue gases. The main mechanism involves three phases: CO2-containing air is 

contacted with an absorbing or adsorbing material and the CO2 is transferred into the sorbent. 

Finally, the sorbent is regenerated to release the CO2 (Marcucci, Kypreos & Panos, 2017). 

Capturing CO2 directly from air reduces the CO2 concentrations in the atmosphere compared 

to other capture methods, that are only able to slow down the growth of emissions. (Al‐Mamoori 

et al., 2017) Additionally, it solves problems related to transporting large quantities of CO2 to 

sequestration locations. Even though the concentration of CO2 is currently high for the 

atmosphere causing global warming, it is considered low for DAC. Sorbent materials capable 

of absorbing CO2 at these concentrations at high selectivity for CO2 over N2 are thus required. 

Energy requirement also increases when regenerating sorbents, and the energy demand for 

capturing CO2 from air could be up to five times higher than from natural gas combustion, for 

example (Bui et al., 2018).  

Economic challenges also exist, as there is an unreliable and wide price range for the extracted 

CO2. DAC technology is used in some processes with only little information and several 

assumptions, or it is not yet fully adapted to a precise process design level. These smaller 

process concepts generally result in higher and inconsistent cost estimates. Currently, 

commercially captured CO2 is from ethanol and ammonia plants and hydrogen production, 

which are sources with high purity and lower separation costs. (Bui et al., 2018). However, it 

can be implicated that these sources do not correlate with DAC as the CO2 is separated from 

process side products and not directly from air.  

Indirect ocean capture (IOC) is a novel technology based on the equilibrium of CO2 between 

the ocean and atmosphere. The pH of seawater is changed to release CO2 from seawater. Studies 

of this novel method are limited (de Lannoy et al., 2018). However, it is a promising concept 

due to higher concentration of CO2 in seawater compared to the atmosphere. The dissolved 

inorganic carbon (DIC), in the forms of CO2, carbonate (CO3
2-) and bicarbonate (HCO3

-) ions, 
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forms the quantity of the carbon in seawater. The concentration can be up to 140 times higher 

compared to CO2 in the atmosphere. As a result, the technological potential for CO2 capture 

could be higher compared to DAC. 

2.2 Carbon dioxide in oceans 

This chapter contains a review of the natural carbon cycle between the atmosphere and oceans, 

the chemical nature of CO2 in seawater, and the effects of the composition of seawater to 

capturing CO2. Ocean acidification and its effects to the marine economy is also presented. 

Finally, main points of the thermodynamics of seawater are presented. 

2.2.1 The carbon cycle and ocean acidification 

Carbon cycles between the atmosphere, environment, and oceans, form the natural carbon 

cycle. The cycle is presented in Figure 2. The carbon in air is mainly in the form of carbon 

dioxide and it is exchanged with the seawater continuously in the surface waters. It dissolves 

in the water and is released back to the atmosphere, but nevertheless, oceans are a significantly 

large carbon storage in the cycle. Ocean water has a lower absorption rate of CO2 compared to 

on-land environment, but it has a larger surface area resulting in large capacity of carbon 

storing. However, the absorption rate of carbon into seawater is greater than the release of it to 

the air. Oceans take up to two gigatons more carbon than they return on a yearly basis, and with 

more CO2 emitted by human activities, the amount rises continuously and disrupts the 

equilibrium (Murphy, Raisman, 2013).  

Calcium carbonate formed and dissolved in oceans is considered to be in a key role in the global 

carbon cycle contributing to control atmospheric carbon dioxide. The absorbed CO2 in oceans 

is neutralized by seawater organisms, generating CaCO3. Most of the CaCO3 is formed by these 

organisms containing calcite or aragonite in their shells (Zeebe, R. E., Wolf-Gladrow, 2001).  
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Figure 2 Inorganic carbon cycle  (Smit et al., 2014) 

Ocean acidification refers to the seawater pH decrease in a long period of time, decades or 

more, due to the increased uptake of CO2. When increasingly released into the oceans, CO2 

becomes an acidic component and disrupts the chemistry of the surface waters. It raises the 

concentration of bicarbonate ions (HCO3
−) and dissolved inorganic carbon (DIC). The main 

impacts are the decrease in carbonate ions (CO3
2−) and pH due to increased hydronium ion (H+) 

content. (Gattuso, Hansson, 2011) The effects of ocean acidification are found widely. Marine 

life holds a large variety of living organisms that build their structure on calcium carbonate and 

thus they are highly in risk from ocean acidification. The biodiversity of oceans would suffer 

and organisms that have the ability in adapting to pH change will dominate. (Strong et al., 2014)  

2.2.2 Chemical nature of CO2 in seawater  

The chemical nature of CO2 in seawater can be described by a three-part reversible reaction 

sequence based on the DIC ions. The CO2 solubility in gas, liquid and solid phase is presented 

in Figure 3. The first part of the sequence is known as carbon dioxide hydration reaction, where 

the water and dissolved, aqueous carbon dioxide form carbonic acid. (Zeebe, Wolf-Gladrow, 

2001) 

H2O + CO2,aq ⇆ H2CO3 (1) 

The carbonic acid then breaks to a hydrogen and bicarbonate ion. 
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H2CO3  ⇆ H+ + HCO3
− (2) 

This generates bicarbonate ions, which now dissolves to a hydrogen and carbonate ion. 

HCO3
− ⇆ H+ + CO3

2− (3) 

Calcium found regularly in seawater reacts with the carbonate ion to form calcium carbonate 

which descends to the deep ocean sediments.  

Ca2+ + CO3
2− ⇆ CaCO3 (4) 

Of these DIC compounds, bicarbonate is the most common form of carbon dioxide in seawater 

at approximately 91% of the total amount. The fraction of carbonate ions is approximately 8% 

and aqueous CO2 approximately 1%. These concentrations are dependent on temperature, 

salinity, and pressure. As mentioned earlier, the pH of seawater, currently at 8.1, is controlled 

by the DIC. It functions as a buffer for the carbonate in terms of the formed hydrogen ions. 

When CO2 is added to ocean water, the newly formed H+ ions are shifted to bicarbonate ions 

when reacting with carbonate. Therefore, the pH change is not as much as expected. The acidity 

rises but the buffering keeps the mixture alkaline meaning that the ion charges are stabilized. 

However, this property is disappearing when the amount of CO2 increases, as it decreases the 

amount of carbonate ions  (Murphy, Raisman, 2013).  
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Figure 3 Illustration of CO2 solubility in all phases in seawater (Li et al., 2018) 

Seawater is known for its salinity as it contains several dissolved salts. The average salinity in 

the oceans is approximately 3.5 w-% and in surface waters, it varies between 3.3 and 3.7 w-%. 

The most dominant ions are chloride, sodium, magnesium, sulphate, bicarbonate, and carbonate 

and there are more different anions than cations existing in the seawater (Table I). The variation 

of salinity within the ocean is dependent on the precipitation and evaporation equilibrium 

between the deep and surface water. Still, the relations of the ion concentrations do not change 

significantly (Wright, 1995). 
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Table I Mass percentages of the most abundant ions in seawater. (Wright, 1995) 

Ion w-%   

Chloride 1.898 

Anions, total = 2.19 w-%  

Sulphate 0.2649 

Bicarbonate and carbonate 0.014 

Bromide 0.0065 

Borate 0.0026 

Fluoride 0.0001 

Sodium 1.0556 

Cations, total = 1.26 w-% 

Magnesium 0.1272 

Calcium 0.04 

Potassium 0.038 

Strontium 0.0013 

Total  3.5 

 

Surface waters in oceans are highly saturated with calcium carbonate. Still, spontaneous 

precipitation occurs rarely because of magnesium ions (Mg2+). Carbonate exists also as 

magnesium carbonate (MgCO3), and ocean organisms have an enhancing effect for the calcium 

carbonate to precipitate. The dominant crystalline forms of CaCO3 are calcite and aragonite, 

with latter more soluble. Deep oceans are not saturated in CaCO3 because the solubility of CO2 

and CaCO3 is higher due to higher pressure in deeper water (Wright, 1995). The dissolved 

CaCO3 is utilized by the marine organisms in deep water. Reduced temperature also has a minor 

increasing effect on the solubility of CaCO3 increasing the solubility in deep water conditions. 

Variations of calcium ion (Ca2+) concentrations are relatively low and the saturation 

concentration of CaCO3 is primarily measured from the concentration of carbonate ions. 

(Zeebe, Wolf-Gladrow, 2001). 

2.2.3 The effect of the composition of seawater to CO2 capture 

One major property of seawater affecting the capture mechanism of CO2 is pH. The distribution 

of pH in three major oceans is presented in Figure 4, where the red line indicates the mean pH 

value down to a depth of 6000 meters. Surface water has the highest differences in pH between 

the oceans compared to deep waters. The pH is in range of 7.8-8.2 so there are no major 

differences between the major oceans, but the surface water is the most suitable to be used for 

carbonate precipitation due to having a slightly higher pH. 
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Figure 4 Mean pH distribution in the Pacific, Atlantic and Indian ocean in surface water 

 and deep water. (Intergovernmental Panel on Climate Change, 2014) 

pH also affects the concentration of the DIC ions. The concentration of the ions against the 

effect of pH is presented in Figure 5. The bicarbonate ion is the dominant ion within the 

seawater pH range as it is following the CO2 equilibrium reaction sequence. Carbonate ions are 

more frequent when pH is 9 or above. In addition, carbonic acid is frequent in the acidic side, 

when pH is from 0 to 6, but it remains low due to it being a temporary product within the 

reaction equilibrium and only 0.1 % of the dissolved CO2. (Pimenta, Grear, 2018) 
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Figure 5 The effect of pH to the concentrations of the dissolved DIC species from CO2 in 

 seawater. (Pimenta, Grear, 2018)    

Other important factors are temperature, pressure, and salinity. The temperature affects the 

solubility of CO2 into oceans especially in surface waters. The solubility of CO2 decreases at 

higher temperatures and increases at lower temperatures. This means, that the total DIC amount 

in surface waters is higher at colder areas than in warmer areas. Carbonate ion concentrations 

are higher in surface waters in warmer temperatures because the CO2 is not as soluble, and it is 

rather gassed towards the atmosphere (Zeebe, Richard E., 2012). The effect is based on the 

reaction equilibrium dissociation constants, which are dependent on temperature and pressure. 

The change in the constants cause the change of the proportions in the DIC ions (Zeebe, Wolf-

Gladrow, 2001).  

The effect of temperature and pressure to CO2 solubility using synthesized seawater solution 

was studied by (Li et al., 2018). The experiments were made using an online chromatography 

to measure the solubility, thermodynamics, and kinetics of CO2 dissolution. The solubility was 

measured in terms of DIC compounds, CaCO3 and MgCO3 forming from the dissolved CO2. 

The effects of temperature and pressure to solubility are presented in Figure 6. It was found that 

increasing pressure and lowering temperature would increase the solubility significantly, and 
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the maximum solubility was found at a temperature of 20 °C and pressure of nearly 0,6 MPa. 

The increase of pressure had a more significant effect on the solubility. 

 

Figure 6 Effect of temperature and pressure on CO2 solubility (XCO2) in synthesized 

 seawater. The points represent the experimental results, and the lines are 

 calculated values which the experimental results were compared to. The best  

 solubility for CO2 was at a temperature of 20°C and pressure of nearly 0,6 MPa  

 (Li et al., 2018). 

Lowering the salinity of the solution proved to have an increasing effect on the solubility, but 

the difference was lower compared to operating pressure and temperature. Calcium oxide (CaO) 

was also added to the seawater to test the capture ability of CO2, and it showed the precipitation 

of CaCO3 and greater solubility of CO2. Adding 0.4% of CaO to seawater enhanced the 

solubility by nearly 80% compared to corresponding value at 25 °C temperature and 0.3 MPa 

pressure. Therefore, the addition proved to be the best solution to maximize the capture capacity 

for seawater. (Li et al., 2018) 

2.3 Membrane separation methods 

The basic principles and applications of electrodialysis, reverse osmosis, hollow fiber 

membranes and gas separation membranes are presented. These separation methods are used in 

CO2 capture technology. 
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2.3.1 Reverse osmosis 

Reverse osmosis (RO) is a traditional membrane process based on pressure difference, where 

high pressure is generated to one side of the membrane. The pressure difference drives the water 

through the membrane, which then rejects the dissolved solids from the water. RO applies 

semipermeable membranes to remove contaminants utilizing diffusion separation. The energy 

in the form of hydraulic pressure needed to perform the separation relies on the material and 

thickness of the membrane and the osmotic pressure of the feed flow. Osmotic pressure is 

generated from the effect of water permeating from a lower concentrated solution to a higher 

concentrated solution through a membrane. Pressure is needed to exceed the osmotic pressure 

and the resistance of the membrane. One major application for RO is water purification among 

others which include removal of contaminants, and salts. Streams with particulate matter can 

be also processed but due to the non-porous property of the membrane it may cause fouling.  

(Bergman, 2007)  

2.3.2 Gas separation membranes 

Gas permeation utilizing nonporous or porous membranes is used for separation of gases from 

gas mixtures. The driving force is partial pressure difference on both sides of the membrane 

and the separation mechanism depend on membrane type. The mechanism for separation are 

divided into different categories based on separation characteristics: sieving, differences in 

affinity, diffusivity or molecule charge, transport with a carrier or a controlled release using 

diffusion. (Ahmad Fauzi Ismail, Kailish Chandra Khulbe & Takeshi Matsuura, 2015) The main 

separation phenomena are solution-diffusion, Knudsen-diffusion and molecular sieving (Figure 

7).  
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Figure 7 Three main separation phenomena with gas permeable membranes using 

 diffusion. (Ahmad Fauzi Ismail, Kailish Chandra Khulbe & Takeshi Matsuura, 

 2015) 

Gas separation applies a pressure difference on both sides of the membrane. This causes 

differences in the concentration of diffused gases between the sides of the membrane and the 

gas flows through the membrane. The permeance is dependent on the membrane and gas. For 

example, in a nonporous polymer membrane the permeation is a three-part sequence. First the 

compound is absorbed into the polymer. Then it diffuses through it and finally the compound 

is removed from the polymer by desorption. 

Chemical properties play a key role in membrane material as the separation efficiency is 

dependent on the interaction between the gaseous compound and membrane surface. The most 

used membranes are porous and nonporous polymeric membranes, the latter being a more 

popular option. Gases and vapors are separated because of different diffusivity and solubility 

into the polymer. Porous membranes can handle higher gas flux compared to nonporous, with 

the separation principle based on Knudsen diffusion. Nonporous membranes have great 

selectivity compared to porous membranes, but the rate of the gas transfer through the 

membrane is lower. Most used nonporous polymer materials used for gas separation 

membranes include for example cellulose acetate, polyimides, -polysulfone and 

polydimethylsiloxane. Inorganic membrane materials include zeolites, ceramics, and silica, 

(Ahmad Fauzi Ismail, Kailish Chandra Khulbe & Takeshi Matsuura, 2015). 

2.3.3 Hollow fiber membranes 

Hollow fiber membrane modules represent structured tubular membrane configurations. The 

main difference to other tubular modules is the dimensions of the membrane tubes. Hollow 
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fiber membrane modules use tubes with a diameter of 0.5 mm or less. The tubes are stacked 

close together, which increases the specific membrane surface area up to 30000 m2/m3. Two 

types of flow configurations are possible for a hollow fiber module (Figure 8). The 

configuration on the left is called an inside-out system, where the feed flows through the module 

and permeates from the side of the shell. Configuration on the right is an outside-in system 

where the feed is inserted from the side of the shell and permeates through the fiber pores. The 

decision of use between the two configurations depends on the application and its process 

parameters, such as pressure, and membrane type. (Mulder, 1996)  

 

Figure 8 Two different basic designs of a hollow fiber membrane module. (Mulder, 1996) 

The main components of a hollow fiber module are the membranes, housing, tubesheets and 

end caps (Figure 9). The membranes are in a packed structure, and it is modified depending on 

the application. For example, hollow fiber modules used in liquid separation need less dense 

membrane packing compared to gas separation. The membranes can also be arranged in 

different ways, for example in parallel or crisscross. The module is divided into two sides, 

lumen side and shell side. Lumen side is the volume inside the membrane fiber, and shell side 

the volume outside the fiber. The inlet, permeate and retentate flow connections are generated 

via ports on the housing. Flows are introduced to the fibers from the ports in the end caps, and 

the tubesheet holds the fluids on the shell side and lumen side separate from each other  (Wan 

et al., 2017). 
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Figure 9 The main structure and components of a hollow fiber membrane module. The 

 configuration on the top is a parallel system and the one below is a crisscross 

 system. (Wan et al., 2017) 

Hollow fiber membrane modules are used in pervaporation and gas separation where the inlet 

flow is clean, and it can also be used in seawater desalination processes with proper 

pretreatment. (Mulder, 1996) Polymeric hollow fiber membranes are used in several membrane 

processes, for example in micro-, ultra- and nanofiltration, reverse osmosis and gas separation. 

Other applications are in the medical field in kidney dialysis. (Wan et al., 2017).  

2.3.4 Electrodialysis 

Electrodialysis (ED) is a separation method that is based on shifting charged ions through anion 

exchange membranes (AEM) and cation exchange membranes (CEM) under the effect of an 

electrical current. In the process, the ion exchange membranes are placed to a stack where the 

anions have ability to penetrate through the AEM and the cations through the CEM. In addition, 

the type-specific membranes allow only the certain ion and blocks the other (Drioli, Giorno, 

2016). The principle of the process is presented in Figure 10. The process is based on electric 

current applied to the electrodes, which generates electric potential between them. This charges 

the ions and activates the transport towards the membranes. The ion concentration increases, 

and the end-product is a solution of these, called brine. The stack is built of cells in varying 

series with the electrodes at the end positions. A cell pair is composed from the anion and cation 

exchange membranes, and spacers for the brine and dilute. (Moura Bernardes et al., 2013) 
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Figure 10 Scheme of the electrodialysis process. (Moura Bernardes et al., 2013) 

Membranes for electrodialysis have to be specific for the ion exchange function. Therefore, 

cation or anion exchange membranes are utilized. The cation exchange membranes have 

chemical groups with negative charge within them, for example carboxylic acid or sulfonic 

groups. On the contrary, the anion exchange membrane is structured with positively charged 

groups, such as quarternary ammonium salts. The two membrane types can be homogeneous 

or heterogeneous depending on the preparation method. A homogeneous membrane is prepared 

by introducing an ionic group to a polymer film, which results in an evenly spread charge over 

the membrane. A heterogeneous membrane is made by mixing an ion exchange resin and a 

polymer and modifying them to a film. This increases electrical resistance but decreases 

strength for mechanical stress. General requirements for ion exchange membranes are high 

permeability for the passing ions and electrical conductivity along with good mechanical 

strength (Mulder, 1996). 

An illustration of a sheet flow stack electrodialysis system is presented in Figure 11. Here all 

parts are configured vertically. The electrodes are placed on both ends of the system and they 

also contain the inlets and outlets for the flows passing through the system. The ion exchange 

membranes are placed alternately with spacers to form a cell pair. This pattern repeats multiple 

times inside the stack. The spacers, usually made of polyethylene or polypropylene, create the 

flow paths for the concentrate and dilute streams inside the cell, which are manifolded to 
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independent streams. Another commercial way to arrange spacers is by a tortuous flow stack. 

The main difference is compiling the spacers in a horizontal manner, as opposed to the vertical 

pattern in the sheet flow stack. A comparison of the two stack systems is presented in Table II. 

The sheet flow stack provides a shorter process path, and a low pressure loss. Tortuous stack 

can hold faster feed velocities, which reduces concentration polarization and results in a higher 

current density, but it has much higher pressure losses  (Moura Bernardes et al., 2013).  

 

Figure 11 A sheet flow stack design of a electrodialysis process. (Strathmann, 2010) 

Table II Comparison between a sheet flow and tortuous flow stack system for 

 electrodialysis. (Moura Bernardes et al., 2013) 

 Sheet flow stack Tortuous flow stack 

Spacer arrangement Vertical Horizontal 

Feed stream flow velocity 2-4 cm/s 6-12 cm/s 

Pressure loss 0.02-0.4 bar 1-2 bar 

 

A general challenge in electrodialysis processes is concentration polarization. It occurs when 

ions accumulate in the concentrate flow to the membrane surface, which leads to salt 

precipitation. This reduces ions in the membrane surface towards the diluate flow in the 

boundary layer. Once the concentration at the diluate reaches zero, the current density of the 

process will rise to its maximum value and is determined as the limiting current density (ilim). 

It is expressed as 
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ilim =
CzF

tm − ts
k (5) 

where C is the diluate concentration, z is the valence of the ions, k is the mass transfer 

coefficient, F is Faraday’s constant and tm and ts are the ion transport numbers in the membrane 

and solution. Limiting current density is proportional to the mass transfer coefficient and 

concentration of the diluate (Lee, Strathmann & Moon, 2006). 

Electrodialysis is applied in the production of drinking water from brackish waters, which is a 

special method for having the diluted stream as the wanted stream compared to salt productions 

in where it is the opposite, the concentrated flow. Larger scale applications include whey 

demineralization, deacidification of juices and fermentation broths and even amino acid 

separation  (Mulder, 1996).  

2.4 Capture and separation of CO2 from seawater 

The current technologies of separating CO2 from seawater with the phenomena and principles 

of each method are presented. In addition, typical separation efficiencies and energy 

requirements are presented. 

2.4.1 Gas permeable membranes 

Gas permeable membranes were adapted by (Willauer et al., 2008) to extract gaseous CO2 from 

aqueous solutions of NaHCO3. The functionality of a gas permeable membrane was based on 

diffusion of dissolved gases through the pores of the membrane with increased pressure as the 

driving force. The gaseous CO2 was removed from the solution, which cause the bicarbonate to 

dissolve to carbon dioxide and carbonate. The experimental values are presented in Table III. 

The experiment solution was sodium bicarbonate with a concentration of 1 g/L in water. The 

pH of the mixture was measured at 8.56. The used membrane was a microporous polypropylene 

membrane. The mixture was in contact with the membranes at a fixed pressure of 34.5 bar, and 

after the experiment the permeate was depressurized and collected for analysis of extracted 

CO2. 
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Table III Experimental values for the removal of CO2 from aqueous sodium bicarbonate 

 using gas permeable membranes  (Willauer et al., 2008) 

Solution Aqueous sodium bicarbonate at concentration of 1 g/L 

pH of solution 8.56 

Gas permeable membrane type microporous polypropylene membrane 

Pressure used in experiments 34.5 bar 

 

In the process the sodium bicarbonate solution proceeds through two reaction chains 

simultaneously. First, it dissolves into the solute water and transforms to a strong base (NaOH) 

which also forms carbonic acid (Equation 6). The carbonic acid then dissolves at the surface of 

the membrane (Equation 7) and causes the acidic CO2 to permeate through the membrane.  

NaHCO3 + H2O ⇆  NaOH + H2CO3 (6)   

H2CO3 ⇆ H2O + CO2 (7) 

This causes imbalance to the solution. Therefore, some carbonic acid dissolves according to 

Equation (8). The formed bicarbonate ions react with the solvent to produce more CO2 that 

again permeates through the membrane according to equation (9). Carbonate ions are also 

formed and together with the bicarbonate ions control the pH of the solution. The working 

principle is presented in Figure 12.  

H2CO3 + H2O ⇆ H3O+ + HCO3
− (8) 

2HCO3
− + H2O ⇆ CO3

2− + CO2 (9) 
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Figure 12 Principle of the gas permeable membrane process. (Modified, Willauer et al., 

 2008) 

The experiments indicated that the formed bicarbonate managed to dissolute to CO2 and 

permeate through the membrane. The permeability for the CO2 was lower compared to other 

membrane types and gaseous systems, but enough to pursue real seawater experiments. This 

was because of high experimental pressures compared to other studies. The high pressure 

caused water to permeate through the membrane, which decreased the gas permeance rate. It 

was considered that operating at a lower pressure would enhance the CO2 permeability. 

2.4.2 Electrolytic cationic exchange module (E-CEM) 

An electrolytic cation exchange module (E-CEM) is an electrochemical method for CO2 

separation. The cornerstone of the system are two cation exchange membranes surrounded by 

central and electrode compartments. The membranes possess sulfonic acid groups and therefore 

provides pathways only for cations to pass through. The E-CEM system is presented in Figure 

13.  
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Figure 13 Electrolytic cation exchange module (E-CEM) process. (Modified, Dimascio, 

 Hardy & Willauer, 2017) 

The feed flow, seawater, passes through the middle compartment near the membranes and 

freshwater flows near both electrodes. The use of direct current enables sodium ions to shift 

through the membrane to the cathode and away from the seawater. Hydrogen ions are created 

in the anode and position to substitute the sodium ions and create an acidic profile to the feed.  

(Dimascio, Hardy & Willauer, 2017) 

The cathode reaction for the right side (side A) in this system is  

4H2O + 4e− ⇆ 4OH− + 2H2 (10) 

The anode reaction for the left side (Side B) is  

2H2O ⇆ 4H+ + O2 + 4e− (11) 

The ion exchange equation for the center compartment is 

2H+ + 2Na+ + 2HCO3
− ⇆ 2H2CO3 + 2Na+ (12) 
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The seawater, now containing carbonic acid in the compartment dissociates to water and carbon 

dioxide. 

2H2CO3 ⇆ 2H2O + 2CO2 (13) 

Finally, the overall reaction occurring in the system generating carbon dioxide is 

2H2O + 2HCO3
− ⇆ 2OH− + O2 + 2H2 + 2CO2 (14) 

2.4.3 Bipolar membrane electrodialysis (BPMED) 

A bipolar membrane electrodialysis (BPMED) system utilizes the ion exchange mechanism 

used in E-CEM alongside with an anion exchange membrane (AEM) and a bipolar membrane 

(BPM). The combination of these compartments together produces an acidic and basic stream 

that can be used to extract CO2 and eventually, recycle the streams back together and to the 

oceans. The process principle is presented in Figure 14. Seawater (SW) and electrolyte solution 

(ES) is fed to the system consisting of multiple cells with electrodes on both sides. The cation 

exchange membrane has the same function as presented earlier in Section 2.4.2: it transfers the 

anions from the electrolyte solution and allows only cations to pass through the membrane. The 

water molecules are divided to protons and hydroxide ions in the bipolar membrane, and the 

anion exchange membrane lets only anions pass through the membrane. These separated ions 

form the acidic and basic streams flowing out of the system to be processed in CO2 separation.  

(de Lannoy et al., 2018)  

 

Figure 14 Bipolar membrane electrodialysis process. SW= seawater, ES=electrolyte solute, 

 CEM=cation exchange membrane, AEM=anion exchange membrane and 

 BPM=bipolar membrane. (Eisaman et al., 2012) 
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Acid and base processes 

There are two different pathways to configure the BPMED product stream to extract CO2, as 

presented in Figure 15 and Figure 16. In the acid process, the seawater is pumped to three 

hydrophobic hollow-fiber membrane contactors, which remove N2 and O2 under 30 mbar 

vacuum pressure. The removal of these gases increases the purity of CO2. After the 

degasification, the pH of the seawater is decreased to 4 by acidification with HCl, produced 

from the BPMED system, to convert the DIC (bicarbonate and carbonate ions) in the brine to 

gaseous CO2. The CO2 is then removed using hollow-fiber membrane contactors, which can be 

arranged in different series or parallel patterns. Finally, the pH of the decarbonized solution is 

neutralized with NaOH, produced again by the BPMED system, to restore alkalinity. Finally, 

the brine can be discharged back to the oceans to absorb more CO2. Some amount of the acidic 

brine without CO2 is removed as a sidestream to the treatment part where the stream is 

demineralized to NaCl and circulated back to the BPMED system as a source stream to produce 

more NaOH and HCl to the seawater degasification. This also improves the current efficiency 

of the BPMED system due to the low pH of the acidic sidestream. (de Lannoy et al., 2018) 

 

Figure 15 Acid process pathway for the BPMED system. (Eisaman et al., 2018) 

The base process is the opposite to the acid process. The seawater is first basified as NaOH is 

added to raise the pH to above 9, leading to precipitation of carbonates as CaCO3. The 

precipitate can be extracted utilizing sedimentation which excludes the need of membrane 
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contactors and thus reduces expenses. The precipitation can be done by two methods, 

maintaining the pH at above 9, or increasing it steadily to 10, at which MgCO3 or Mg(OH)2 

starts to form. The precipitate is then extracted by decanting and vacuum membrane filtration. 

CO2 can be extracted from CaCO3 by adding the acidic stream from the electrodialysis system. 

Similar to the acid process, some of the basic brine is used as a sidestream to neutralize it and 

circulate it back to the BPMED system as NaCl to produce more NaOH and HCl. (de Lannoy 

et al., 2018). 

 

Figure 16 Base process pathway for the BPMED system. (Eisaman et al., 2018) 

Techno-economic analyses were presented for both the acid and base process. The main 

elements for evaluating the cost of CO2 are inputs, mass and energy balance calculations, sizing 

of the BPMED process and capture plant, and equipment sizing and calculation of CO2 cost and 

purity (Figure 17). The inputs include material, and equipment cost information. Mass balance 

is based on the optimal flow rates for a certain process design and seawater composition. Plant 

sizing determines the scale of the BPMED process in order to fulfill the required CO2 capture 

capacity. As the electrodialysis generates acidic and basic brine, they need to be scaled so that 

all DIC ions are converted to CO2. Equipment and energy estimations details the sizes of the 

needed equipment and the energy consumption for each equipment. With all these elements 

combined added with other costs, for example operations and maintenance, the cost of CO2 can 

be evaluated. The unit is typically $/t(CO2), which stands for cost per ton of captured CO2. In 

addition, the purity of the captured CO2 is determined. (Eisaman et al., 2018) 
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Figure 17 A flowpath for the techno-economical estimation of the cost of carbon dioxide.  

 (Eisaman et al., 2018) 

The results for the acid and base BPMED process are presented in Figure 18.  Both processes 

are assumed to be located together with a desalination reverse osmosis plant. Two cases exist 

for the cost estimations for both processes: best-case and most-likely case scenarios. The best-

case considers ideal conditions and all parameters at optimum. The most-likely scenario holds 

the parameters at most likely present-day values. The cost of avoided ton of CO2 for the acid 

process in the best case is 365 €/tCO2 and 601 €/tCO2 for the most-likely case. The 

corresponding values for base process are 313 €/tCO2 and 506 €/tCO2. The product yield is 

89% for the acid process and 99% for the base process. The costs are dependent on the 

concentrations of acid, base and brine flows, as high concentrations decrease the need of water. 

Price of electricity and current efficiency in the BPMED process are also significant factors. 

Membrane contactors are needed in order to gasify the CO2 product in the acid process, but not 

in the base process, which results in favorable costs for the latter. Other expenses include 

construction, equipment, and labor. (Eisaman et al., 2018) 
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Figure 18 Cost estimates for acid and base process at the best case and most likely case 

 scenarios. The price ranges can be seen in the most likely scenarios with different 

 process conditions and parameters. The base process was found to be less 

 expensive in terms of the cost of CO2 captured in dollars (Eisaman et al., 2018). 

3 Applied part 

The objective of the applied part is to study the feasibility of the BPMED base process 

integrated with a reverse osmosis unit. First, the initial block flow diagram of the process is 

presented, where the whole process can be seen in more detail in blocks. After that, the process 

simulation is made to study the process in a plant scale and to see how much solid CaCO3 

product can be obtained. The simulation is done using Aspen Plus V11. The mass and energy 

balances of the process is calculated using a spreadsheet program with detailed stream 
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information. After the simulation, the cost estimation is made for the process including 

investment and operational costs, and finally a profitability analysis.   

3.1 Process flow diagram 

The block diagram of the BPMED base process is presented in Figure 19. The process path is 

from left to right, and the start of the process is the brine formation by reverse osmosis. The 

seawater [1] is inserted to the reverse osmosis unit, where the flow splits into brine [3] and 

purified water [2]. The purified water is drinking water and a side product containing minimal 

amounts of salts according to official standards. The brine stream that includes the salts from 

the seawater proceeds to a two-part section for precipitation of CaCO3. The first part is the 

crystallization unit, where solid CaCO3 is formed. The brine stream is mixed with a base 

(NaOH) [4] coming from the BPMED unit to adjust the pH to above 9. Now the brine is suitable 

for CaCO3 to precipitate, and the crystal suspension [5] goes to the settling part. The CaCO3 

settles and the mixture [6] proceeds to the CO2 desorption unit, where the CO2 is separated as 

a gas, which could be transferred to a separate refining synthesis. An acid stream (HCl) [15] 

coming from the BPMED unit is added to the mixture to adjust the pH. 

The remaining part of the process focuses on converting part of the basic brine without CaCO3 

to be recycled back to the BPMED system and part to be routed back to the oceans. This 

includes a three-phase treatment unit and an adjustment unit. The treatment units convert the 

basic brine [8] to a demineralized brine [14] consisting mainly of NaCl, which goes back to the 

BPMED unit to produce more NaOH [4], [17] and HCl [15], [16]. First, the basic brine [7] goes 

to a stream splitter that divides the brine to streams [8], [22]. Most of the brine proceeds directly 

to the pH and alkalinity adjustment unit where the brine is adjusted with acid [20] and base [21] 

streams so that it could be rejected back to the oceans to capture more CO2 [23]. The other 

stream of brine [8] proceeds to the treatment part, nanofiltration, adsorption and ion exchange. 

Magnesium is removed from the treatment units in the form of MgCl2 [9], [11], [13] due to it 

causing scaling problems if it enters the BPMED unit. The formed demineralized brine (NaCl) 

[14] proceeds to the BPMED system to produce acid and base streams with water [26], which 

are used in the process.  

Pressures and some temperatures are also presented for the blocks in the diagram. Most of the 

blocks are controlled at normal pressure approximately at 1 bar. The electrodialysis and CO2 

desorption units are operated with less pressure and the reverse osmosis and nanofiltration units 
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are operated with higher pressures. The pressure ranges for RO and NF are typical operating 

pressure ranges. (Mulder, 1996) The temperatures are the same in the whole process 

approximately at 25 °C. The crystallization unit can be operated at a temperature range of 25-

45 °C, which is an optimal range for the formation of CaCO3. (Goodarz-nia, Motamedi, 1980) 



37 

 

 

 

Figure 19 Block diagram of the BPMED base process together with reverse osmosis with 

 streams, operating pressures, and temperatures. 
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3.2 Aspen Plus simulation of electrolytic solution 

The process simulation was carried out with Aspen Plus V11 process simulation software to 

observe how the process would work in plant scale and what are the true conditions regarding 

this process. The process mass balances were also solved in a spreadsheet program to study 

how much CaCO3 would be produced, and for sizing the operating units and equipment. 

Aspen Plus (Advanced System for Process Engineering) is a simulation software to solve mass 

and energy balances. Chemical processes including pre-, and post-treatment are possible to 

model in plant scale when operating conditions, equipment models and thermodynamic data 

are inserted. Aspen Plus offers access to define the relevant chemical components with 

databanks, physical properties of these components with thermodynamic models, build the 

process flowsheet with detailed unit operation blocks and insert flow rates and conditions of all 

streams in the process (Al-Malah, 2016). There are several process models available to simulate 

in the field of chemical industry such as reactions, separations, hydrometallurgy, and 

electrolytic processes. 

3.2.1 Simulation setup 

The simulation setup was in two parts, initializing chemical components and reactions between 

them, and building the flowsheet of the model. The simulation settings were also adjusted 

including property and base simulation methods. This model was based on a ELECNRTL 

(Electrolyte Non-Random Two Liquid) example model with NaOH flow. The components and 

chemical reactions were adjusted to correspond the process of this study. The chemical 

components used in this model are presented in Table IV. The components are based on the 

reaction products that CO2 produces once dissolved in water as were presented in Equations 

(1)-(3), and the compounds present in seawater as presented in Table I. There were two types 

of components, conventional and solid. The conventional type indicates that the used 

compounds participate in phase equilibrium calculations. Two solid substances existed, which 

were the salt products. The least abundant components, strontium, bromide, borate, and fluoride 

were left out of this component list, as they were not considered significant, or databases in the 

software could not find the properties of the compound. This also simplified the model slightly.  
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Table IV List of components used in the Aspen Plus simulation. 

Component ID Type Component name 

H2O Conventional Water 

CO2 Conventional Carbon dioxide 

Mg2+ Conventional Magnesium 

Ca2+ Conventional Calcium 

Na+ Conventional Sodium 

OH- Conventional Hydroxide 

Cl- Conventional Chloride 

HCO3
- Conventional Bicarbonate 

CO3
2- Conventional Carbonate 

H2CO3 Conventional Carbonic acid 

SO4
2- Conventional Sulfate 

H+ Conventional Hydrogen 

K+ Conventional Potassium 

MgCO3 (s) Solid Magnesium carbonate 

CaCO3 (s) Solid Calcium carbonate (calcite) 

 

The software provided an Electrolyte Wizard -tool to specify the chemical reactions used in the 

simulation and add products of the reactions to the component list. The first and second part of 

the setting the Electrolyte Wizard is presented in Figure 20 and Figure 21. All components are 

selected to react with each other to ensure that all possible products are generated. The relevant 

products could be then selected, and the others are removed. The hydrogen ion type is selected 

as hydron (H+) and salt formation and water dissociation are included. The salt formation 

ensures, that solid CaCO3 can be selected into the components because it is the target product. 

The next step is to remove the reactions and aqueous species that are not relevant regarding the 

process. The list of all possible reactions and products is long, and most of them are removed, 

but the most significant ones are saved. The solid salts that were included are CaCO3 and 

MgCO3, which can also be seen in the compound list in Table IV. 
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Figure 20 Component and reaction generation option selection using Electrolyte Wizard -

 tool in Aspen Plus. 

 

Figure 21 The selection of reactions in the Electrolyte Wizard -tool in Aspen Plus. 

The selected reactions for the process are presented in Table V. Reaction 1 is same as Equation 

(3) and reaction 2 is a joint combination of Equations (1) and (2). These represent the dissolution 

of CO2 to seawater. The last two reactions represent the salt formation for the observable 

products, and the bottom reaction is the same as Equation (4). This confirms that the model is 

based on the correct chemistry. The salts in seawater are not included in these reactions, rather 

they form the alkalinity, and they are used to observe the pH.  
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Table V Chemistry with reaction equations of the process. 

Reaction Type Stoichiometry 

1 Equilibrium HCO3
− ⇆ CO3

2− +  H+ 

2 Equilibrium H2O + CO2 ⇆   HCO3
− +  H+ 

3 Equilibrium H2O ⇆ OH− +  H+  
MgCO3 (s) Salt MgCO3 (S) ⇆ CO3

2− + Mg2+ 

CaCO3 (s) Salt CaCO3 (S) ⇆ CO3
2− + Ca2+ 

 

This used model is very simple and only a part of the whole process, and it was important to 

ensure that process conditions are correct. The model was constructed after the chemistry and 

components were defined. The flowsheet of the reverse osmosis, crystallization and settling 

units is presented in Figure 22. The seawater is inserted to the brine formation unit to create the 

brine and clean water. The brine is mixed with a base stream to raise the pH. The base stream 

represents NaOH coming from the BPMED system. The mixture is fed to the crystallization 

unit, where solid CaCO3 is formed. The crystal suspension is then settled and would proceed to 

CO2 desorption unit. The effluent stream exiting the settling unit represents the basic brine that 

would be regenerated to demineralized brine and decarbonized seawater. The most critical 

results in the beginning are the pH of the brine and the amount of produced solid CaCO3.  

 

Figure 22 Flowsheet of the brine formation and precipitation units in the BPMED base 

 process. 

The compositions of the seawater feed stream and base stream were inserted to the simulation. 

The base stream coming from the BPMED unit is 2 w-% NaOH. The composition of the 

seawater stream in mass fractions is presented in Table VI. The mass fractions are added in 

correspondence with the ion weight percentages in Table I and the total salinity was also 

calculated from the mass fractions of ions to ensure it is correct. The salinity is within the 

regular salinity range for seawater (Wright, 1995). The mass fraction of total carbonates was 

split in half to a same amount of carbonates and bicarbonates. According to Figure 5, it can be 
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seen that the amount of bicarbonates and carbonates are approximately the same at a pH of 

approximately 8.5-9. This was adjusted in the simulation to correct the composition.  

Table VI  Composition of the seawater feed in mass fractions in the brine formation unit in 

 Aspen Plus. Total salinity is calculated from the ions of the ions mixed in water. 

Component Mass fraction 

H2O 0.965623 

Mg2+ 0.001272 

Ca2+ 0.0004 

Na+ 0.010556 

Cl- 0.01898 

HCO3
- 0.00007 

CO3
- 0.00007 

SO4
2- 0.002649 

K+ 0.00038 

Total 1 

Total salinity 0.034 

 

The purified water had composition standards and the water was produced so that it would 

follow these guidelines based on (World Health Organization, 1993). The standards for the 

drinking water are presented in Table VII. The EU and WHO have a different standard for the 

maximum amount of sulphates. A value 250 mg/L was used in this case, which is the standard 

in EU. 

Table VII Drinking water composition standards of the ions that can also be found in 

 seawater. (World Health Organization, 1993) 

Ion Composition, mg/L 

Sodium (Na+) 200 

Chloride (Cl-) 250 

Fluoride (F-) 1.5 

Sulphate (SO4
2-) 250-500 

  

The reverse osmosis and settling units had specific split factors. The split fractions are presented 

in Table VIII. The factors were adjusted for the reverse osmosis unit so that the ion charge 

balance of the streams remained in balance and simultaneously followed the drinking water 

standards. The factors for the settling unit were adjusted that only solid CaCO3 product and 

water would be in the CaCO3 mixture stream.  
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Table VIII Split factors for the brine formation and settling blocks. 

Block Split factor Stream 

Reverse 

osmosis 

0.49 Water to clean water 

0.009 Sodium to clean water 

0.006 Chlorides to clean water 

0.01675 Sulphates to clean water 

Settling 
0.2 Water to CaCO3 mixture 

1 Solid CaCO3 to CaCO3 mixture 

 

All process units were simulated in a temperature of 25 °C and pressure of 1 bar to simulate the 

seawater as surface ocean water. The feed flow rate of the seawater into the reverse osmosis 

unit was 8170 t/h. The seawater is split almost half to produce brine 4167 t/h which is 

approximately 100000 t/d. The flow is used as a reference to  (de Lannoy et al., 2018), where 

the brine production was approximately 130000 m3/d for the acid process. The base feed 

flowrate was 30 t/h as an initial value, that could be modified to adjust the pH. 

3.2.2 Simulation results 

The simulation was executed with the details presented above. The summarized mass flows and 

fractions for the produced clear water from the brine formation unit are presented in Table IX. 

The mass fractions indicate that the concentrations of sodium and chloride ions are at their 

maximum levels regarding the standards. There are less sulphates than there could be, but the 

ion charge balance is correct with these values, because the concentrations of hydrogen and 

hydroxides had to be included in the calculations. The produced clean water follows the 

standards and can be considered valid for drinking water.  

Table IX Mass flows and rounded mass fractions of the substances present in the drinking 

 water produced from the reverse osmosis unit in Aspen Plus. The pH of the water 

 is 6.99.    

 Clean water 

Reverse osmosis Mass flow, t/h Mass fraction 

H2O 3865.68 0.999 

Na+ 0.78 0.0002 

Cl- 0.93 0.00024 

SO4
2- 0.36 0.0001 

H+ 4.32 x 10-7 1.1 x 10-10 

OH- 7.29 x 10-6 1.9 x 10-9 

Total  3868 1 
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The produced brine already formed solid salts in the form of MgCO3 instead of CaCO3, which 

can be seen in  Table X. The pH of the seawater is also at 7.6, where it is supposed to be 

approximately in the range of 8.1-8.4 (Murphy, Raisman, 2013). Therefore, it was recognized 

that the pH level of the seawater calculated by Aspen Plus is lower that experimentally 

measured pH in actual seawater (Murphy, Raisman, 2013) The reason for this discrepancy is 

not known and could not be resolved within this thesis. 

Table X Total mass flows of the feed seawater and produced brine, pH and amounts of 

 formed solid MgCO3 and CaCO3 from the reverse osmosis unit in Aspen Plus.  

 Seawater Brine 

Reverse osmosis Mass flow, t/h Mass flow, t/h 

Total flow 8170 4302 

MgCO3 (s) 0.82 0.86 

CaCO3 (s) 0 0 

pH 7.6 7.3 

 

The simulation was run to the end to see if the increase of pH with the base stream could cause 

the CaCO3 to precipitate. The results of the salt formation are presented in Table XI. MgCO3 

continued to form in the precipitation unit, and no CaCO3 was formed at all. The MgCO3 

appears in the effluent stream because the settling unit was set in priority for CaCO3. By 

observing the mass flow of the salt regardless of the form, only 1.4 tons of salt is produced per 

hour. The initial brine flow rate was 4332 t/h after the addition of NaOH, so the production of 

the salts is very low. The pH of the streams has increased approximately 0.7 units with a base 

stream flow rate of 30 t/h.  

Table XI Mass flows and pH of the inlet and outlet flows from the precipitation units 

 in Aspen Plus. 

Block Stream name MgCO3 (s), t/h CaCO3 (s), t/h pH 

Crystallization 
Feed 1.43 0 7.99 

Crystal 1.43 0 7.99 

Settling 
Effluent 1.43 0 7.99 

CaCO3 0 0   

 

Two problems rise from the initial simulation: the pH of the seawater stream is too low, and the 

carbonates tend to precipitate with magnesium. The pH of the brine increased by 0.7 units. If 

the pH of the seawater had been at 8.4, it would have increased to approximately 9.1, which is 

in the optimal level for CaCO3 to precipitate.  
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3.2.3 Test cases of pH increase and removal of magnesium 

Since the pH was not high enough in the initial simulation, a test case was made. The pH of the 

brine produced by the reverse osmosis unit was increased directly to approximately 9.1 by 

adding more NaOH. The flow rate for the base was increased to 37.5 t/h, which increased the 

flow rate of the brine to 4339.5 t/h. This was made to see if CaCO3 precipitates or if magnesium 

remains dominant. The results of the precipitation unit for the salts after the pH increase is 

presented in Table XII. The pH was increased from 7.34 to 9.17, but CaCO3 was still not 

precipitated. Instead, slightly more MgCO3 is formed, but it is a very minor increase considering 

the large initial mass flow rate of the feed. 

Table XII Mass flows and pH of the inlet and outlet flows from the precipitation units 

 in after pH increase test in Aspen Plus. The pH was increased from 7.34 to 9.17 

 with 37.5 t/h of NaOH. 

Block Stream name MgCO3 (s), t/h CaCO3 (s), t/h pH 

Crystallization 
Feed 1.58 0 9.17 

Crystal 1.58 0 9.17 

Settling 
Effluent 1.58 0 9.17 

CaCO3 0 0   

 

One more test case was made with the simulation. Magnesium was removed from the 

components list to see if the carbonates have any reactions with the calcium, which is supposed 

to precipitate. The reactions and components were defined again with the Electrolyte Wizard 

tool, which caused the magnesium to not be included in the chemical reactions occurring in the 

process. As magnesium was not included in the seawater, the amount of water was increased 

correspondingly. The salinity of the solution decreased from 3.4 w-% to approximately 3.3 w-

%, which is still in the average seawater salinity range. The split factors in the brine formation 

unit had to be adjusted again to correct the ion charge balance. The split factor for sodium was 

decreased from 0.09 to 0.07413, because the seawater now had less cations due to the removal 

of magnesium. The produced clean water would still follow the drinking water standards, 

because the mass fractions in the previous simulations were at the maximum values. The pH of 

the brine was again increased to approximately 9.1 with the same amount of NaOH, and the 

simulation was run. 

The results of the test case are presented in Table XIII. CaCO3 precipitates when magnesium is 

not included. The pH of the seawater has also increased, but it decreases when the brine is 
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generated. This is because of the portion of ions is being included in the clean water. The 

amount of CaCO3 is doubled at a pH of 9.24 after the base is mixed into the brine. However, 

the final amount of produced CaCO3 is approximately the same as MgCO3 was produced, so 

no more could be produced in this simulation. 

Table XIII Mass flows of solid CaCO3 and pH of the streams containing CaCO3 after the 

 second test case. 

Block Stream name CaCO3 (s), t/h pH 

RO 
Seawater 0.86 8.06 

Brine 0.88 7.69 

Mixer Feed 1.69 9.24 

Crystallization Crystal 1.69 9.24 

Settling CaCO3 1.69 9.24 

 

The simulations and test cases showed that clear water could be produced from seawater, and 

both solid CaCO3 and MgCO3 were formed in the precipitation units. Most MgCO3 produced 

was 1.58 t/h when the pH of the brine was 9.17. The most CaCO3 produced was 1.69 t/h with a 

pH of 9.24. The flow rate for the brine was 4339.5 and 4325 t/h in the best cases. As a result, 

the amounts of produced salts are only a fraction of the total brine flow. Based on these 

simulations, the process would not be profitable.  

Another result that needs to be noticed is the wrong conditions for the process from the 

beginning. Even though the composition of seawater had the most relevant ions included with 

normal temperature and pressure, the pH was too low. Therefore, the results of the produced 

salts could not be considered correct. More information of the thermodynamics of seawater and 

experimental data about small scale precipitation experiments could improve accuracy of the 

simulation. These background information of the solutions that could be inserted and fitted in 

the property settings of the software could most likely provide more reliable simulations and 

realistic results for the products.  

3.3 Spreadsheet solution of mass balances 

The whole process including the post treatment of the brine was simulated in a spreadsheet 

program to evaluate mass balances. The simulation was made with simplifying assumptions 

and is a more concept-based model. The scale of the process is kept in plant size in accordance 

with the acid process by  (de Lannoy et al., 2018) as was made in the simulations with Aspen 

Plus. In addition, this same reference was used in generating the mass balance to achieve a 
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concept for the base process. The process was built in a spreadsheet program in accordance 

with the block diagram in Figure 19.  

Split factors were defined for each process unit block, where streams were split. The split 

factors are presented in Table XIV. These factors were used to calculate the process mass 

balance. All flows generated from the electrodialysis system based on the amount of 

demineralized brine entering from the ion exchange unit. The CO2 desorption only produces an 

effluent and gaseous CO2, and the adjustment unit produces decarbonized brine combined from 

basic brine, HCl and NaOH, and the effluent streams from the system. Most of the split factors 

are selected based on the acid process that was viewed more thoroughly by (de Lannoy et al., 

2018). It had similar process units and differed little from the base process. Some factors are 

not based on reference values especially in the acid and base splitter, adsorption, and ion 

exchange units, but they were adjusted with the purpose of closing the mass balance for the 

process. The two main targets were to produce as much crystal suspension and solid CaCO3 as 

possible, with demineralized and decarbonized brine produced from the remainder of the 

process. 
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Table XIV Split factors used for process units in BPMED base process to calculate mass 

 balance. 

Block Split factor Definition 

Reverse osmosis 

0.51 Brine 

0.49 Clean water 

0.009 Na+ to clean water 

0.006 Cl- to clean water 

0.01675 SO4
2- to clean water 

Crystallization 
0.80 CaCO3 (s) to crystal suspension 

0.20 CaCO3 (aq) to crystal suspension 

Settling 

0.80 Other salts to basic brine 

0.20 Other salts to CaCO3 mixture 

0.80 CaCO3 to CaCO3 mixture 

0.90 Basic brine flow split 

0.10 CaCO3 mixture flow split 

Basic brine splitter 
0.10 Basic brine to Nanofiltration 

0.90 Basic brine to Adjustment 

Nanofiltration 

0.50 Reject 

0.50 Permeate 

0.80 Mg2+ to Reject 

0.80 Cl- to Reject 

0.20 Other salts to Reject 

0.20 Mg2+ to Permeate 

0.20 Cl- to Permeate 

0.80 Other salts to Permeate 

Adsorption 

0.80 Mg2+ to Effluent 

0.80 Cl- to Effluent 

0.20 Other salts to Effluent 

0.20 Mg2+ to Concentrate 

0.20 Cl- to Concentrate 

0.80 Other salts to Concentrate 

0.20 Effluent total flow split 

0.80 Concentrate total flow splt 

Ion Exchange 

0.80 Na+ to Demineralized brine 

0.80 Cl- to Demineralized brine 

0.20 Other salts to Demineralized brine 

0.80 Other salts to Effluent 

0.20 Na+ to Effluent 

0.20 Cl- to Effluent 

0.50 Total flow for Demineralized brine 

0.50 Total flow for Effluent 
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Table XIV (cont.)   

Acid Stream splitter 
0.50 Acid stream to Nanofiltration 

0.50 Acid stream to Adjustment 

Base Stream splitter 
0.50 Base stream to Nanofiltration 

0.50 Base stream to Adjustment 

Electrodialysis 

0.2 Base stream to Precipitation 

0.2 Acid stream to CO2 desorption 

0.3 Base stream to Splitter 

0.3 Acid stream to Splitter 

 

The total mass flows of each unit with specified component mass flows and -fractions presented 

in  

Appendix 1: Stream table of calculated mass balance 

Table XXXIII in the appendix were calculated using the generated split factors. The basis was 

the brine flow (Stream 3) of approximately 100000 m3/d which generated into 4167 t/h. 

Therefore, the seawater (Stream 1) needed to produce the brine was 8170 t/h. The mass flows 

for the remainder of the process were calculated mainly based on the split factors. The amount 

of base stream (Stream 4) was taken from the simulations in Aspen Plus as a reference value, 

because it was determined that it is enough to raise the pH high enough for CaCO3 to precipitate. 

The water used in the electrodialysis system, and the gaseous CO2 produced in the desorption 

unit do not appear in this table. The water can be deionized water. The gaseous CO2 could 

proceed to a conversion stage for utilization, but this is outside the scope of this thesis. 
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The calculated mass balance of each process unit presented in Table XV was calculated using 

these mass flows. The total mass flows, carbonates and water was calculated for the process.  

Balance was achieved. The CaCO3 mixture is not a direct output of the process as it proceeds 

to the desorption unit but is inserted to represent the amount of possible captured carbon in the 

form of carbonates. The water in the CaCO3 mixture was not inserted to the total water flows 

for the same reason. The only direct output of this process is the decarbonized brine, which can 

be discarded back to the oceans. The decarbonized brine combines the basic brine, acid and 

base and effluents of the process. 

The split factors can be modified due to this conceptual model. The adjustable units are in the 

treatment part and the splitters. The treatment part can be modelled more precisely with actual 

equipment details, such as separation efficiencies of the nanofiltration, adsorption and ion 

exchange units. The splitters for the brine, and acid and base streams can be used mainly to 

control the pH of the streams and the final total flows of demineralized and decarbonized brine.  

Table XV Calculated mass balance for the BPMED base process with the total mass flows 

 of the main inlet and outlet streams of the process.  

Inputs Total mass flow, t/h Carbonate mass flow, t/h Water mass flow, t/h 

Brine 4167 1.14 3891 

Water in 79   79 

Sum 4246 1.14 3970 

        

Outputs       

CaCO3 mixture   1.53 364 

Decarbonized brine  4246   3974 

Sum 4246 1.53 3974 

 

3.4       Cost estimation of the process 

The cost estimation part includes a detailed flow diagram of the process including the main 

equipment, storage tanks, pumps, and valves. Equipment lists with flowing materials and 

material selections are presented. Equipment sizing is evaluated based on current available 

options. Finally, the investment and operational costs are determined, and a profitability 

analysis is presented for the final product CO2. 

3.4.1 Flow diagram of the process 
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The process flow diagram is presented in Figure 23. The reverse osmosis generating the brine 

and clean water from the seawater was left out from the flow diagram. The target was to mainly 

focus on the precipitation of CaCO3 and formation of demineralized and decarbonized brine. 

The path of the process is similar with the block diagram in Figure 19. Only differences apart 

from the removed RO unit is that all effluent flows are mixed to the decarbonized brine, which 

can be discharged to the oceans. There are three highlighted flows: brine [3], which is generated 

from the RO unit, water [26], which is used together with the demineralized brine to form the 

acid and base streams, and gaseous CO2 [25] produced in the desorption. There are several 

pumps, storage tanks and valves with different indicators in the process. The brine is stored in 

tank (T1), which feeds the precipitation units (CR) and (ST). The generated basic brine proceeds 

to the seconds storage tank (T2) and the CaCO3 mixture to the desorption unit (DS). There is 

one nanofiltration (NF) and two adsorption (AD) and ion exchange (IE) units. The duplicates 

are included for the purpose of cyclic regeneration of the adsorption and ion exchange beds. 

The NF unit is controlled with a pressure indicator towards pump (P7) and valves (V7) and 

(V8) for the duplicate. The treatment units are located by height difference, so that the 

concentrates and effluents pour to their locations and do not need pumps between them. All 

effluents are collected to one storage tank (T3), because all effluents mainly consist of MgCl2. 

It is then transferred to the last mixer (MIX3) to be combined with the decarbonized brine. The 

demineralized brine recycles back to the electrodialysis (ED) unit with pump (P8). The acid 

and base streams generated from the ED unit are stored in tanks (T4) and (T5) that are operated 

as the splitters. The needed acid and base are divided from these storage tanks to all mixers 

(MIX1), (MIX2) and (MIX3), and to the desorption unit (DS).  
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Figure 23 Flow diagram of the BPMED base process. 
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3.4.2 Equipment sizing 

The list of main equipment including unit processes, storage tanks and mixers is presented in 

Table XVI. The equipment type and flowing materials are presented as criteria for material 

selection and sizing. The sizing for the equipment in the table excluding nanofiltration and 

electrodialysis should be based on the large mass flows and residence time. The minimum 

volume of each equipment was calculated using Equation (15) 

V = τ x Q (15) 

Where V is volume, τ is residence time and Q is volumetric flow rate. The longest residence 

time for this process was set to 30 minutes for the settling tank (ST). The other residence times 

were shorter. The minimum volumes of the equipment are presented in Table XVII. Based on 

the calculated minimum unit volumes, it is observed that large mass flows within the process 

generally result in very large sizes for the equipment. 

Table XVI List of the main equipment used in the BPMED base  process including unit 

 processes, storage tanks, mixers, and flowing materials.  

Equipment  Equipment type 
Flowing materials  

in equipment 

ED Electrodialysis unit NaCl, water, HCl, NaOH 

CR Crystallizer reactor Basic brine 

ST Settling unit Crystal suspension  

NF Nanofiltration unit Basic brine, HCl, NaOH 

AD Adsorption unit Permeate from NF 

IE Ion exchange unit Concentrate from AD 

DS CO2 Desorption unit CaCO3 mixture, HCl 

T1 Storage tank for brine Brine 

T2 Storage tank for basic brine Basic brine 

T3 Storage tank for treatment effluents MgCl2, water 

T4 Storage tank for acid from BPMED HCl, water 

T5 Storage tank for base from BPMED NaOH, water 

MIX1 Mixer for the base stream and brine  Brine, NaOH 

MIX2 Mixer for the inlet flow of the NF unit Basic brine, NaOH, HCl 

MIX3 Mixer for the decarbonized brine. Basic brine, NaOH, HCl, MgCl2 
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Table XVII List of the sizing of the main equipment based on flow rate and residence time. 

Electrodialysis and nanofiltration are excluded. 

Equipment Flow rate, m3/h Residence time, min Minimum volume, m3 

CR 4200 30 2100 

ST 4200 30 2100 

AD 214 20 72 

IE 171 20 57 

DS 453 30 227 

T1 4167 30 2084 

T2 3780 20 1260 

T3 342 15 86 

T4 82 20 28 

T5 82 20 28 

MIX1 4200 15 1050 

MIX2 378 15 95 

MIX3 4246 15 1062 

 

The settling tanks are generally wider in surface area and low in height. The volume of the tank 

is 2100 m3 and the inlet flow rate is 4200 t/h. The flow rate for the produced CaCO3 mixture is 

420 t/h. The settling velocity and needed height of the tank can be estimated with the residence 

time of at least 30 minutes and the volume. The shape of the tank is assumed to be a cylinder. 

The settling velocity (wv) can be estimated from equation (16). 

wv =
Vu̇

A
 (16) 

where Vu̇ is the volumetric flow rate of the CaCO3 mixture and A is the cross-sectional area of 

the tank. The velocity was used to evaluate the correct height for the tank based. The results of 

the evaluation are presented in Table XVIII. A height of two meters is not enough for the CaCO3 

mixture to settle, but a height of three meters and above is sufficient. The possible height for 

the settling tank would be three meters, because it has to be as low as possible. 

Table XVIII Height evaluation of settling tank based on settling velocity. The sufficient height 

 is bolded. 

Height, m Radius, m Diameter, m A, m2 wv, m/s Distance descended in residence time, m 

2 18.3 36.6 73.1 0.0016 2.9 

3 14.9 29.9 89.6 0.0013 2.3 

4 12.9 25.9 103.4 0.00113 2.0 
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The sizing of nanofiltration unit is based on flux, production, and membrane area from which 

the number of modules can be estimated. The flow rate for the inlet is 427 t/h and the pressure 

is 20 bar. The flow rate indicates needs of units with a high membrane area. Two example 

nanofiltration units with a NF90-400 membrane and NF270-400 (Lenntech, 2021) are presented 

in Table XIX. These units have the same membrane area, dimensions, and maximum feed flow 

rate capacity, but they differ in production and rejection of salts. Both membranes would be 

adaptable due to the rejection of MgSO4 or NaCl. The NF90-400 could be a promising option 

due to the high rejection of NaCl, so the reject could be treated further in the treatment. 

Table XIX Information of two nanofiltration spiral wound elements possible to use in the 

 treatment part of the base process. (Lenntech, 2021) 

FILMTEC Active surface area, m2 37 

NF90-400 Production (NaCl), m3/h 1.18 

 Salt rejection (NaCl), % 85-95 

 Production (MgSO4), m3/h 1.5 

 salt rejection (MgSO4), % > 97 

 Maximum fleed flow, m3/h 15.9 

Dimensions Length, mm 1016 

 Feed diameter, mm 38 

 Diameter, mm 201 

   

FILMTEC Active surface area, m2 37 

NF270-400 Production (CaCl2), m3/h 2.32 

 Salt passage (CaCl2), % 40-60 

 Production (MgSO4), m3/h 47.3 

 Salt passage (MgSO4), % < 3 

 Maximum fleed flow, m3/h 1.97 

Dimensions Length, mm 1016 

 Feed diameter, mm 38 

 Diameter, mm 201 

 

The needed capacities for the nanofiltration units for this process and the capacities of the 

example units are presented in Table XX. The maximum feed flow, flux and permeability are 

the same between the two unit options, but there is a difference in the amount of production of 

different salts. The amount of nanofiltration units needed for the current process are determined 

based on the maximum inlet flow and the amount of production. Based on the information on 

the NF90-400 unit, a minimum of 27 units would be needed to intake the total flow from the 

base process. However, the production of the salts is much lower compared to the inlet flow. 
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To produce the needed amount of permeate for the process, the number of units would be 143 

to produce enough MgSO4 and 181 to produce NaCl depending on wanted product. The same 

number of units is needed for the NF270-400 based on maximum inlet flow. 93 units are needed 

to produce enough CaCl2 and 109 units to produce MgSO4. The latter option would be 

preferable as the number of needed units is lower and MgSO4 could be a good form of salt to 

obtain as an effluent. 

Table XX Performance information of both example nanofiltration elements and 

 comparison to the needs for the base process. (Lenntech, 2021) 

FILMTEC NF90-400  

Maximum feed flow, L/h 15900 

Maximum flux, L/(m2h) 430 

Maximum Permeability, L/(m2hbar) 21.5 

Production (NaCl), m3/h 1.2 

Production (MgSO4), m3/h 1.5 

  

BASE PROCESS  

Needed permeate flow rate, m3/h 214 

Needed flux, L/(m2h) 11541 

Needed Permeability, L/(m2hbar) 577 

Units needed based on inlet flow rate 27 

Amount of production with 27 units, t/h 32-41 

  

FILMTEC NF270-400  

Maximum feed flow, L/h 15900 

Maximum flux, L/(m2h) 430 

Maximum Permeability 21.5 

Production (CaCl2), m3/h 2.32 

Production (MgSO4), m3/h 1.97 

  

BASE PROCESS  

Needed permeate flow rate, m3/h 214 

Needed flux 11541 

Needed Permeability 577 

Units needed based on inlet flow rate 27 

Amount of production with 27, t/h 53.2 - 62.6 

 

The adsorption sizing is based on the amount of adsorber needed. The adsorber can be granule 

activated carbon which adsorbs organic matter from the brine. The typical operating parameters 
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for the adsorber is presented in Table XXI. The capacity can be expressed with the BV (bed 

volume) value, which indicates the volume of liquid per volume of adsorber bed. Based on the 

typical operating parameters the BV value ranges from 2 to 12 depending on the empty bed 

contact time (ECBT). (Worch, 2012) The input flow for the adsorption unit is 214 t/h, so the 

number of adsorbents is 18 with the highest BV value.  

Table XXI Typical operating parameters of a granule activated carbon adsorbent. (Worch, 

 2012) 

Parameter Typical values 

Bed height, m 2-4 

Cross-sectional area of the bed, m2 5-30 

Empty bed contact time (ECBT), min 5-30 

Bed volume, m3 10-50 

Bed porosity 0.35-0.45 

BV based on ECBT 2-12 

Number of adsorption units based on BV value 18 - 107 

  

The sizing of ion exchange resin can also be based on liquid space velocity. There are options 

on selecting strong acid cation and base anion resins based on co-current regeneration (CFR) 

or reverse-flow regeneration (RFR). Packed beds are also regenerated by reverse-flow. 

Example resins and the operating capacities are presented in Table XXII (DuPont, 2020). All 

have the same space velocity but the quantity of NaCl production is different. The difference 

between CFR and RFR is more significant, but CFR provides a wider range and more capacity 

in the process. The inlet flow rate for the ion exchange is 171 t/h. The number of any example 

units would be three with a liquid velocity of 60 m3 liquid / m3 resin. 

Table XXII Operating capacities on three different types of strong acid cation and strong base 

 anion resins for ion exchange. (DuPont, 2020)  

Strong acid cation and strong base anion resins CFR RFR Packed beds 

Bed depth, m 0.7-2.5 1.4-3 1.4-4 

Liquid space velocity, m3 liquid / m3 resin 6-60 6-60 6-60 

NaCl quantity, g/L 90-240 70-120 60-100 

 

The sizing for electrodialysis has multiple aspects to consider (Figure 24): Inlet and outlet flow 

rates, active membrane area in a cell pair determined by the height (H) and length (L), and the 

number of pairs needed, channel height (h) and the applied voltage (V). (Chehayeb et al., 2017) 

The dimensions for the membranes used in the acid process prototype were one meter by one 
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meter (de Lannoy et al., 2018), so the same dimensions are assumed to be used in the base 

process. Therefore, the area of the membrane is 1 m2. The stack width and length depend on 

the membrane area, and the channel height has different options. 

 

Figure 24 Scheme of a cell pair and a stack used in electrodialysis and the main parameters 

 to consider in sizing. (Chehayeb et al., 2017) 

The product flow rate for the electrodialysis unit can be evaluated with the following equation 

(Chehayeb et al., 2017) 

Qproduct = vhNcpW (17) 

Where Q is product flow rate in m3/s, v is flow velocity in the outlet in m/s, h is the channel 

height in meters, Ncp is the number of cell pairs and W is the stack width in meters. The number 

of cell pairs can be determined from this equation, when the membrane area and product flow 

rate is known. When assuming the membrane area at 1 m2, the flow velocity at the outlet is also 

known. There are different options for the channel height. The effect of the channel height and 

flow velocity to the stack and total power consumption is presented in Figure 25. The dashed 

line shows the power consumption in the stack and the solid line presents the total energy 

consumption. The gap between the two lines of the same color presents the energy consumption 

of pumping. The differences between the energy consumptions are not significant, but it can be 

noted that the consumptions increase when the flow velocities increase. When considering the 

flow rates of this process, the energy consumption will be large.  
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Figure 25 Effect of channel height and velocity to energy consumption per unit product in 

 electrodialysis. The dashed line represents power consumption of a stack and the 

 solid line represents the total energy consumption including pumping. (Chehayeb 

 et al., 2017) 

The amount of cell pairs and compartments can be evaluated with the channel height options in 

Figure 25 and Equation (17). The results are presented in Table XXIII. With the fixed 

membrane area and the known flow rate for the process, the needed amount of cell pairs is 

significant. One stack generally contains from two to four cell pairs, so the number of stacks 

was determined for a system of three cell pairs.  
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Table XXIII Amount of cell pairs and compartments needed for an electrodialysis unit with 

 fixed size and flow rate in different channel heights.  

Membrane area, m2 1 

Stack width, m 1 

Stack length, m 1 

Outlet flow rate, m3 /s 2.73 

Outlet flow velocity, m/s 2.73 

  

Channel height, m 0.001 

Number of cell pairs 1000 

Number of compartments with three cell pairs 334 

  

Channel height, m 0.0005 

Number of cell pairs 2000 

Number of compartments with three cell pairs 667 

  

Channel height, m 0.0002 

Number of cell pairs 5000 

Number of compartments with three cell pairs 1667 

 

For both electrodialysis and nanofiltration, having multiple separate units is more effective than 

having one large unit with a significantly large membrane area. (de Lannoy et al., 2018) In 

addition, according to Figure 25 lowering the flow velocity significantly decreases the pumping 

energy consumption as the gap narrows between the stack and total energy consumption. 

However, this would require an abundant number of units. The energy consumption for the 

production can be roughly estimated from Figure 25. One unit with a fixed membrane area at a 

flow velocity of 10 cm/s would require approximately 60 to 68 kWh energy per ton of product 

depending on the channel height. The needed number of units to equal the production of this 

process would be 28 and the amount of energy consumption is 1608 to 1904 kWh. The power 

consumption would then be 70 to 79 kW. 

The list of needed pumps with pump types and materials, and flowing materials is presented in 

Table XXIV. One major factor in the selection of pump is the material. As there are corrosive 

materials in the process, material selection is a major factor in pump specification. Most of the 

pumps can be selected in stainless steel 316 as it has good resistance for corrosion and almost 

every stream is basic. Almost all pumps can be centrifugal pumps. Diaphragm pumps can be 

used in the ED unit (pumps P10 – P15) to transport the acid and base. A diaphragm pump is 
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also needed for the CaCO3 mixture due to the capability of pumping viscous fluids containing 

solid particles. The sizing of pumps should be in accordance with the main equipment, that 

require very high capacity. The valves used in the process can be regular ball valves. One heat 

exchanger is needed due to the temperature increase in the crystallization unit. It is needed to 

cool the basic brine from a maximum of 45 °C back to 25 °C when it exits the settling unit. 

Table XXIV List of pumps and heat exchangers needed for the BPMED base process with 

 pump type, material, and flowing materials inside them. 

Equipment  

position  

identifier 

Pump type Material Materials in streams 

P1 Centrifugal pump  SS 316 Brine 

P2 Centrifugal pump  SS 316 Brine, NaOH 

P3 Diaphragm pump SS 316 CaCO3 mixture 

P4 Centrifugal pump  SS 316 Basic brine 

P5 Centrifugal pump  SS 316 Basic brine 

P6 Centrifugal pump  SS 316 Basic brine 

P7 Centrifugal pump  SS 316 Basic brine, HCl, NaOH 

P8 Centrifugal pump  SS 316 NaCl 

P9 Centrifugal pump  SS 316 MgCl2 

P10 Diaphragm pump SS 316 NaOH 

P11 Diaphragm pump Plastic HCl 

P12 Diaphragm pump Plastic HCl 

P13 Diaphragm pump SS 316 NaOH 

P14 Diaphragm pump SS 316 NaOH 

P15 Diaphragm pump Plastic HCl 

P16 Centrifugal pump  SS 316 Effluent from CO2 desorption 

P17 Centrifugal pump  SS 316 Decarbonized brine 

H1 Heat exchanger SS 316 Basic brine 

 

The calculated theoretical power consumptions of the pumps and heat exchanger are presented 

in Table XXV. The power estimates are evaluated based on pressure difference between the 

units the pump is placed to and the flow rate. The pressure differences are mostly 1 bar, but the 

highest pressure is applied in the nanofiltration unit at 20 bar with a high flow rate, which 

indicates the need for large pumping. Therefore, it has the highest power consumption in 

pumping. The basic brine from the settling unit is assumed to be cooled as a flow through. The 

salinity of the basic brine is approximately 60 g/kg, and the heat capacity was estimated based 
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on that. The specific heat capacity of water is 4.2 kJ/(kg C) and for seawater it is approximately 

3.9 kJ/(kg C) at normal salinity (Curry, Webster, 1999). The specific heat for the basic brine is 

estimated to be at around 3.5 kJ/(kg C) due to higher salinity. The heat transferred was 

calculated based on that with equation (18) 

Q =
ΔT x cp x ṁ

3600
 (18) 

where ΔT is the temperature difference, cp is the specific heat capacity and ṁ is the flow rate 

passing the heat exchanger in kg/h. The heat transferred is 73500 kW due to the high flow rate.  

Table XXV Power consumption estimation for the pumps and heat exchanger in the base 

 process. 

Equipment position 

identifier 

Pressure difference 

between units, Pa 
Flow rate, m3/h Flow rate, m3/s 

Theoretical  

power, kW 

P1 100000 4167 1.16 115.75 

P2 100000 4167 1.16 115.75 

P3 100000 4200 1.17 116.67 

P4 100000 420 0.12 11.67 

P5 100000 3780 1.05 105 

P6 100000 3402 0.95 94.50 

P7 100000 378 0.105 10.50 

P8 2000000 378 0.105 210 

P9 100000 85 0.024 2.36 

P10 100000 342 0.095 9.50 

P11 100000 33 0.0092 0.92 

P12 100000 25 0.007 0.69 

P13 100000 85 0,024 2.36 

P14 100000 25 0.007 0.69 

P15 100000 25 0.007 0.69 

P16 100000 33 0.009 0.92 

P17 100000 453 0.13 12.58 

P18 100000 4246 1.18 117.94 

   TOTAL 928.5 

     

Equipment position 

identifier Flow rate, kg/h 

Temperature 

difference 

Estimated heat 

capacity, kJ/kg 

C 

Heat  

transferred,  

kW 

H1 3780000 20 3.5 73500 
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3.4.3 Investment costs 

The investment cost includes the estimated equipment and installation costs with current factor 

regarding currency, location, and plant cost index. The equipment costs are estimated from units 

with a price available or reference values found from literature, that meet the requirements of 

the process. The cost estimation is flexible and can be considered as a guideline estimation. The 

factors used in the equipment cost calculations are presented in Table XXVI. The currency 

factor is used to convert the prices found in dollars (USD) to Euros (€). The location factor is 

used to assume that the plant could be located in Northern Sea as an example. The plant cost 

index correction converts the equipment cost to present time. The material factor is one due to 

almost all equipment is constructed of stainless steel 316 and it is used as a building material. 

Table XXVI Factors used to calculate the equipment cost of the base process.  

Factor Value Reference 

Currency factor 0.8945  (Business Insider, 2021) 

Location factor 1.3  (Humphreys, 1997) 

Plant cost index correction 0.987  (Chemical Engineering, 2020) 

Material factor 1 Used as building material in original prices 

 

The equipment costs are presented in Table XXVII. Most of the equipment was estimated to 

equal the needed amount of production in the process, and the size of the cost indicates the 

needed investment to the certain equipment. The costs are estimated as guideline values for a 

more accurate evaluation in the future. The centrifugal pumps (P1-P3, P5-P10, P17-P18) are 

identical with one large pump (Alibaba, 2021) that has enough capacity to fit the process. 

Higher cost can be noticed in the diaphragm pumps (P4, P11-P16), which are smaller capacity 

pumps, and the cost is based on the number of pumps needed to equal the needed capacity  

(Alibaba, 2021). The cost could be reduced with a higher capacity pump. The installed cost is 

25% - 60% of the purchase cost. (Peters, Timmerhaus, 1997) The mean value of 40% was used 

to calculate the installed cost.  

The cost of the electrodialysis system is estimated on reference cost estimates for a square meter 

of AEM and CEM membranes, spacers, and electrodes. The average costs are 45 $/m2 for AEM 

and 41 $/m2 for CEM, 3 $/m2 for spacers and 2000 $/m2 of electrodes. (Shah et al., 2018) The 

purchase cost was estimated for a compartment including three cell pairs, two electrodes and 
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five spacers with an active area of 1 m2 and a channel height of 1mm. The number of 

compartments is 3334 according to Table XXIII, which then would be constructed to stacks. 

The installed cost for the electrodialysis is estimated to be 65% - 80% of the purchase cost, and 

a mean value of 73% was used. (Peters, Timmerhaus, 1997) 

The crystallization unit is estimated based on an available price for a crystallizer. Only a small 

capacity reactor was found (Alibaba, 2021), and the cost was estimated on having enough units 

to meet the capacity requirement, which increased the cost significantly. The installed cost is 

30% - 60% of the purchase cost and a mean value of 45% was used in the calculation. (Peters, 

Timmerhaus, 1997) 

The settling tank, storage tanks and mixers are based on identical tanks that can be converted 

to mixing and storage tanks. (Made-In-China, 2021). The purchase cost for one tank with the 

maximum available volume is 3000 $, and the number of needed units for each unit process is 

based on the needed capacity. The installed cost is 20% - 40% of the purchase cost and the 

mean value of 30% was used. (Peters, Timmerhaus, 1997) The CO2 desorption tank is a vacuum 

tank with a price of 1500 $ (Made-In-China, 2021). The total cost was again based on number 

of units to needed capacity. The installed cost for an evaporator unit is 25% - 90% of the 

purchase cost and a mean value of 56% was used. (Peters, Timmerhaus, 1997) 

The cost nanofiltration and ion exchange units are based on available systems that meet the 

requirements in applicability and capacity. (Made-In-China, 2021, Alibaba, 2021) The need of 

regeneration unit is noted in the purchase cost for the ion exchange. The installed cost for the 

nanofiltration and ion exchange units is 65% - 80% of the purchase cost and the mean value of 

73% was used. (Peters, Timmerhaus, 1997) 

The adsorption unit is considered a tank where the adsorber can be placed due to ready systems 

where not found. (Made-In-China, 2021) The regeneration need is noticed in the number of 

needed units. The adsorber price is inserted in the consumable costs in Table XXIX. The 

installed cost is calculated based on it being a filter unit as was done for the nanofiltration and 

ion exchange units. The cost is 65% - 80% of purchase cost and a mean value of 73% was used. 

(Peters, Timmerhaus, 1997)  

The heat exchanger unit was based on an effective unit, and the purchase cost is based on 

meeting the capacity requirements. (Grainger, 2021). The installed cost for heat exchangers is 

30% - 60% of the purchase cost and the mean value of 45% was used. (Peters, Timmerhaus, 
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1997) The corrected cost converts all installed costs to euros based on current exchange rate. 

The total cost for the equipment of the process is approximately 57.6 million € based on 

available equipment. The ISBL and OSBL capital costs, engineering costs, contingency, 

working capital and total CAPEX was calculated based on the total corrected equipment cost. 

The costs are presented in Table XXVIII. The total investment cost (total CAPEX) is 

approximately 96.8 million €. 
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Table XXVII  Estimated purchase, installment and corrected costs of the base process 

  based on available commercial equipment.  

Equipment type and ID Purchase cost, $ Installed cost, $ Corrected cost, € 

Pumps       

P1 9000 12600 14461 

P2 9000 12600 14461 

P3 9000 12600 14461 

P4 468000 655200 751995 

P5 9000 12600 14461 

P6 9000 12600 14461 

P7 9000 12600 14461 

P8 9000 12600 14461 

P9 9000 12600 14461 

P10 9000 12600 14461 

P11 38000 53200 61059 

P12 28000 39200 44991 

P13 96000 134400 154255 

P14 28000 39200 44991 

P15 28000 39200 44991 

P16 38000 53200 61059 

P17 9000 12600 14461 

P18 9000 12600 14461 

        

Reactors       

ED 14246182 24645895 28286906 

CR 10920000 15834000 18173204 

ST 315000 456750 524227 

DS 42000 65520 75199 

        

Storage tanks       

T1 to T5 109000 158050 181399 

        

Treatment       

NF 1716000 2968680 3407252 

AD 120000 207600 238269 

IE 40000 69200 79423 

        

Mixers       

MIX1 to MIX3 69000 119370 137005 

        

Heat exchangers       

H1 3124191 4530077 5199319 

    

Total 31 524 373 50 207 342 57 624 621 
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Table XXVIII Estimated different capital cost variables. (Sinnott, Towler, 2020) 

  Basis Cost, M€ 

ISBL capital costs Total installed equipment cost 57.6 

OSBL capital costs 40 % of ISBL 23 

Engineering costs 10 % of ISBL + OSBL 8.1 

Contingency 10 % of ISBL + OSBL 8.1 

      

Total CAPEX   96.8 

Working capital 15 % of ISBL + OSBL 12.1 

 

3.4.4 Operational costs 

The operational costs include raw materials, consumables, and utilities needed for the process. 

In addition, the approximate costs of needed labor, maintenance and financing are estimated 

based on general factors and the investment costs. (Sinnott, Towler, 2020) The variable cost of 

production is presented in Table XXIX. The decarbonized brine is presented as a by-product, 

but it is not sold, but discarded back to the ocean. The consumption of materials is presented in 

a yearly amount and the calculated costs are presented on a same basis. The brine is assumed 

as a raw material generated from the brine formation unit and therefore it does not have a 

purchase price. The granule activated carbon (GAC) used in the adsorption unit is also 

presented. The total bed volume of needed GAC adsorber can be 2000-20000 m3 between 1-

1.5 years. A mean value of 10000 m3 was used. (Worch, 2012) The density of a commercial 

GAC is approximately 500 kg/m3 (Ravasol, 2021) and the needed yearly amount of adsorber 

was estimated to be 5000 tons. The average price for a commercial GAC is approximately 886 

euros per ton. (Alibaba, 2021). It has to be noted that GAC adsorber has to be renewed 

occasionally, which causes some additional costs in maintenance and disposal of adsorbent. 

The total cost of electricity includes all mixers, pumps and reactors, and the amount is 

significantly high. One reason is that some of the equipment costs are based on multiple smaller 

reactors that all have separate power requirements. The cost of electricity is the largest cost of 

production. The total cost of production based on raw materials, consumables and utilities is 

approximately 43 million € per year. 
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Table XXIX Estimated variable cost of production including the cost of raw materials, 

 consumables, and utilities. 

  Units Consumption (unit/y) Price (€/unit) Cost (M€/y) 

Raw Materials         

Brine t 36 502 920 0 0 

Water t 692 040 1.5 1.04 

Total raw materials   37 194 960   1.04 

          

By-Products         

Decarbonized brine t 37 194 960 0 0 

Total by-products   37 194 960   0 

          

Consumables         

Granule Activated Carbon t 5000 886 4.4 

Cleaning Water for Regeneration t 876000 1.5 1.3 

Total Consumables       5.7 

          

Utilities         

Electricity MWh 3 010 545 129.3 36.2 

Total utilities       36.2 

          

VARIABLE COST OF PRODUCTION       42.9 

 

The fixed cost of production is presented in Table XXX. The total cost of labor, maintenance 

and financing is approximately 9,7 million €.  

Table XXX Estimated fixed cost of production including labor, maintenance, and financing. 

 (Sinnott, Towler, 2020) 

 Basis Cost, M€/y 

Operators Three operators per shift. Three shifts. 0.36 

Supervision 20 % of operating labor 0.09 

Directive overhead 45 % of Labor and Supervision costs 0.2 

Maintenance 5 % of ISBL  2.88 

Plant Overhead 65 % of Labor and Maintenance 2.3 

Tax & Insurance 2 % of Total Fixed Capital Cost 1.94 

Interest on Dept Financing 2 % of Total Fixed Capital Cost 1.94 

FIXED COST OF PRODUCTION  9.70 
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3.4.5 Evaluated CO2 capture cost 

The evaluated cost of production to construct a plant based on CO2 capture in the form of CaCO3 

from seawater using a BPMED base process is presented in Table XXXI. The plant interest rate 

is assumed at 8% and plant lifetime is 20 years for the Total Annual Capital Charge estimation. 

The gross profit is calculated for the current CaCO3 market price at approximately 280 € per 

ton. (Echemi, 2021). It can be noticed that current market price causes the gross profit to be 

negative. Therefore, the selling price for the CaCO3 product needs to be higher. 

Table XXXI Summary of the preliminary cost of production for the base process. (Sinnott, 

 Towler, 2020)  

 M€/year €/t(CaCO3) 

Variable Cost of Production 42.9 3207 

Fixed Cost of Production 9.7 724 

Total Annual Capital Charge 9.86 736 

Gross Profit -48.9 -3651 

Total Cost of Production 62.55 4666.9 

 

The selling price of CaCO3 product was adjusted from 1000 to 6000 €/t (1-6 €/kg) and the effect 

to revenue and gross profit of the process and product were observed. The target was to discover 

the price from where the process is feasible. The results are presented in Table XXXII. Based 

on the annual gross profit for the process and ton of product, profit is made when the selling 

price is at least 4000 €/t, which is 4 €/kg. With this selling price, the annual profit would be 

nearly one million euros. The profit increases significantly when the price is 5€/kg. The 

minimum price for the CaCO3 product would then be 4-5 €/kg.  
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Table XXXII Profitability evaluation of CaCO3 selling price to the BPMED base process. 

CaCO3  

selling price, €/t 

Revenue, 

M€/year 

Gross profit, 

M€/year 

Gross profit, 

€/t(CaCO3) 

1000 13.4 -39.3 -2931 

2000 26.8 -25.9 -1931 

3000 40.2 -12.5 -931 

4000 53.6 +922 68.8 

5000 67 +14.3 1069 

6000 80.4 +27.7 2069 

 

4 Results and discussion 

The yearly CaCO3 production in this capacity is approximately 13400 tons per year from 4167 

t/h of brine. The CaCO3 includes the captured CO2 from seawater based on the mass balance 

calculations. The costs are significant for this process due to large amount and variety of 

equipment and utilities. The only product is the CaCO3 which is utilized to CO2, and there are 

no by-products to sell. Therefore, to achieve a break-even point for the costs, the selling price 

for the CaCO3 needs to be at least 4 €/kg or 4000 €/t. The yearly profit would be nearly one 

million euros and 14 million euros when the selling price is 5 €/kg. When considering the plant 

life of 20 years, there would be enough time to meet the total costs of the process. There are no 

significant waste streams produced from the process to cause additional costs. Every effluent 

stream from the unit processes can be routed back to the oceans with proper neutralization of 

pH by utilizing the acid and base streams produced in electrodialysis. The only waste streams 

would most likely be produced from the regeneration of adsorption and ion exchange units. 

Compared to the cost of captured CO2 between 313 and 506 €/tCO2 in the techno economic 

analysis for the base process (Eisaman et al., 2018), and to cost between 79 and 195 €/tCO2 

(Sutherland, 2019), the cost of the captured CO2 would be higher as the price of CaCO3 is 

initially high. It needs to be noted that this study scaled the production to a full-size plant, where 

the costs naturally increase.  

The precipitation of CaCO3 is the most crucial part, when reflecting on the operative and 

economical aspect of the process. The concentration of CaCO3 in seawater and basic brine is 

relatively low at 1.53 t/h. Therefore, the crystallizing needs to be effective and sedimentation 

long-lasting enough to ensure all CaCO3 can be obtained to sell. This would most likely be a 
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challenge to the continuous operation of the process, and thus it would require sufficient 

optimization. The selling price of CaCO3 was evaluated to be high compared to current market 

prices. The selling price could vary if the product is routed as a raw material to renewable fuel 

or protein production, for example.  

5 Conclusions 

The feasibility of CO2 capture from seawater was studied. The effect of the content and 

properties of seawater to CO2 capture was reviewed. Different methods for capturing CO2 from 

fluids were considered. This thesis focused on bipolar membrane electrodialysis (BPMED) base 

process to capture CO2 by precipitating CaCO3 from seawater. Process simulations were carried 

out, and mass balances were estimated to a fixed production capacity. Equipment and 

operational costs were evaluated for the process, and a selling price was determined for the 

CaCO3 product. 

Simulations with Aspen Plus did not manage to provide reliable results for seawater pH and 

carbonate precipitation with the current thermodynamic models compared to experimental data 

available for seawater. Therefore, the simulations were carried out by spreadsheet calculations. 

Mass balance calculations were carried out for the BPMED base process based on similar 

studies available in literature. It was determined that approximately 1.5 t/h of CaCO3 can be 

obtained from 4167 t/h of basic brine. The annual amount of CaCO3 would then be 13400 tons. 

The decarbonized seawater can be discarded back to the ocean and the treated brine can be 

utilized as a raw material to the BPMED system. 

Process block- and flow diagrams were carried out to visualize the process and to evaluate the 

number of units needed for cost evaluation. The diagrams included the main process units, 

storage tanks, mixers, pumps, and heat exchangers. The approximate equipment sizing was 

made based on available example units and literature that were fit for the process needs and 

capacity. The mass balances and sizing of equipment indicated that a large facility would be 

needed. 

The approximate cost estimation was evaluated based on the equipment sizing, raw materials, 

utilities, and consumables. The investment- and operational costs were estimated from available 

prices for equipment and utilities and the cost of production for the process was calculated 

based on given templates and estimates from literature. The total investment cost of the process 

was estimated at 96.8 million €. The total cost of production was evaluated at 62.6 million € 



72 

 

 

per year and the gross profit was negative with the current market price for CaCO3. The optimal 

selling price for CaCO3 was found to be between 4000-5000 €/t (4-5 €/kg) which gives a 

positive overall income making the process was feasible. The evaluated cost of the captured 

CO2 is higher than what has been presented in literature for another closely similar process 

based on electrodialysis. 
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Appendix 

Appendix 1: Stream table of calculated mass balance 

Table XXXIII Stream table of the BPMED base process system with stream number, 

      definition, total mass flow in t/h and mass fractions for each compound. 

STREAM 1 2 3 4 

Stream definition Seawater to RO 
Clean water  

from RO 

Brine to  

Crystallization 

NaOH to  

Crystallization 

Total mass flow, t/h 8170 4003 4167 33 

H+ mass flow, t/h 0 0 0 0 

OH- mass flow, t/h 0 0 0 0.00425 

Na+ mass flow, t/h 86 0.80 85 0.00575 

Ca2+ mass flow, t/h 3 0 3 0 

Mg2+ mass flow, t/h 10 0 10 0 

Cl- mass flow, t/h 155 1 154 0 

SO4
2- mass flow, t/h 22 0.36 21.64 0 

CO3
2- mass flow, t/h 1.14 0 1.14 0 

CaCO3 (s) mass flow, t/h 0 0 0 0 

CaCO3 (aq) mass flow, t/h 0 0 0 0 

H2O mass flow, t/h 7892 4001 3891 32.88 

H+ mass fraction 0 0 0 0 

OH- mass fraction 0 0 0 0.00013 

Na+ mass fraction 0.0106 0.0002 0.02051 0.00017 

Ca2+ mass fraction 0.0004 0 0.00078 0 

Mg2+ mass fraction 0.0013 0 0.00249 0 

Cl- mass fraction 0.0190 0.00025 0.03698 0 

SO4
2- mass fraction 0.0026 0.00009 0.00519 0 

CO3
2- mass fraction 0.00014 0 0.00027 0 

CaCO3 (s) mass fraction 0 0 0 0 

CaCO3 (aq) mass fraction 0 0 0 0 

H2O mass fraction 0.97 0.999 0.93 0.9997 

Total mass fraction 1 1 1 1 
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Table XXXIII (cont.) 

 5 6 7 8 9 

 

Definition 

Crystal suspension 

to Settling 

CaCO3 mixture 

to CO2 desorption 

Basic Brine 

to Splitter 

Basic Brine 

to Nanofiltration 

Reject from 

Nanofiltration 

Total flow, t/h 4200 420 3780 378 214 

H+, t/h 0 0 0 0 0 

OH-, t/h 0.00425 0.001 0 0 0 

Na+, t/h 85 17 68 7 1 

Ca2+, t/h 3 1 2 0 0 

Mg2+, t/h 10 2 8 1 1 

Cl-, t/h 154 31 123 12 10 

SO4
2-, t/h 22 4 17 2 0 

CO3
2-, t/h 0 0 0 0 0 

CaCO3 (s), t/h 2 1.22 0.31 0.03 0.01 

CaCO3 (aq), t/h 0 0.31 0.08 0.01 0.00 

H2O, t/h 3924 364 3560 356 201 

H+ mass fraction 0 0 0 0 0.00001 

OH- mass fraction 0.000001 0.00000203 0.0000009 0.000009 0.00010 

Na+ mass fraction 0.02035 0.04081 0.01809 0.01809 0.00653 

Ca2+ mass fraction 0.0006 0.00120 0.00053 0.00053 0.00019 

Mg2+ mass fraction 0.00248 0.00496 0.00220 0.00220 0.00311 

Cl- mass fraction 0.0367 0.07359 0.03261 0.03261 0.04705 

SO4
2- mass fraction 0.00515 0.01034 0.00458 0.00458 0.00162 

CO3
2- mass fraction 0 0 0 0 0 

CaCO3 (s) mass fraction 0.00036 0.00292 0.00008 0.00008 0.00003 

CaCO3 (aq) mass fraction 0.00009 0.00073 0.00002 0.00002 0.00001 

H2O mass fraction 0.93463 0.86837 0.94197 0.94197 0.94138 

Total mass fraction 1 1 1 1 1 

 

 

 

  



80 

 

 

Table XXXIII (cont.) 

 10 11 12 13 14 

 

Definition 
Permeate 

to Adsorption 

Effluent from 

Adsorption 

Concentrate 

to Ion Exchange 

Effluent from 

Ion exchange 

Demineralized 

brine 

to BPMED 

Total flow, t/h 214 43 171 85.46 85.46 

H+, t/h 0.01 0.00 0.00 0.00 0.00 

OH-, t/h 0.08 0.02 0.07 0.05 0.01 

Na+, t/h 5.58 1.12 4.47 0.89 3.57 

Ca2+, t/h 0.16 0.03 0.13 0.10 0.03 

Mg2+, t/h 0.17 0.13 0.03 0.03 0.01 

Cl-, t/h 2.51 2.01 0.50 0.10 0.40 

SO4
2-, t/h 1.39 0.28 1.11 0.89 0.22 

CO3
2-, t/h 0 0 0 0 0 

CaCO3 (s), t/h 0.02 0.005 0.02 0.004 0.00 

CaCO3 (aq), t/h 0.01 0.001 0.005 0.004 0.00 

H2O, t/h 203.72 39.14 164.59 83.39 81.21 

H+ mass fraction 0.00003 0.00003 0.00003 0.00004 0.00001 

OH- mass fraction 0.00039 0.00039 0.00039 0.00063 0.00016 

Na+ mass fraction 0.02613 0.02613 0.02613 0.01045 0.04181 

Ca2+ mass fraction 0.00075 0.00075 0.00075 0.00120 0.00030 

Mg2+ mass fraction 0.00078 0.00311 0.00019 0.00031 0.00008 

Cl- mass fraction 0.01176 0.04705 0.00294 0.00118 0.00471 

SO4
2- mass fraction 0.00648 0.00648 0.00648 0.01037 0.00259 

CO3
2- mass fraction 0 0 0 0 0 

CaCO3 (s) mass fraction 0.00011 0.00011 0.00011 0.00005 0.00005 

CaCO3 (aq) mass fraction 0.00003 0.00003 0.00003 0.00005 0.00001 

H2O mass fraction 0.95365 0.91602 0.96305 0.97577 0.95034 

Total mass fraction 1 1 1 1 1 
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Table XXXIII (cont.) 

 15 16 17 18 19 

 

Definition 

Acid stream 

to CO2 desorption 

Acid stream 

to Splitter 

Base stream 

to Splitter 

Acid stream 

to Nanofiltration 

Base stream 

to Nanofiltration 

Total flow, t/h 32.89 49 49 25 24.67 

H+, t/h 0.009 0.014 0 0.01 0 

OH-, t/h 0.32 0 0.21 0 0.10 

Na+, t/h 0 0 0.28 0 0.14 

Ca2+, t/h 0 0 0 0 0 

Mg2+, t/h 0 0 0 0 0 

Cl-, t/h 0 0 0 0.24 0 

SO4
2-, t/h 0 0 0 0 0 

CO3
2-, t/h 0 0 0 0 0 

CaCO3 (s), t/h 0 0 0 0 0 

CaCO3 (aq), t/h 0 0 0 0 0 

H2O, t/h 32.56 49 49 24.42 24.42 

H+ mass fraction 0.00028 0.00028 0 0.00028 0 

OH- mass fraction 0 0 0.00425 0 0.00425 

Na+ mass fraction 0 0 0.00575 0 0.00575 

Ca2+ mass fraction 0 0 0 0 0 

Mg2+ mass fraction 0 0 0 0 0 

Cl- mass fraction 0.00972 0.00972 0 0.00972 0 

SO4
2- mass fraction 0 0 0 0 0 

CO3
2- mass fraction 0 0 0 0 0 

CaCO3 (s) mass fraction 0 0 0 0 0 

CaCO3 (aq) mass fraction 0 0 0 0 0 

H2O mass fraction 0.99000 0,99000 0.99000 0.99000 0.99000 

Total mass fraction 1 1 1 1 1 
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Table XXXIII (cont.) 

 20 21 22 23 24 

 

Definition 

Acid stream  

to Adjustment 

Base stream  

to Adjustment 

Basic Brine  

to Adjustment 

Decarbonized brine  

from Adjustment 

Effluent from  

CO2 desorption 

Total flow, t/h 25 24.67 3402 4246 453 

H+, t/h 0.01 0 0 0.022 0.0091 

OH-, t/h 0 0.10 0 0.2 0.0009 

Na+, t/h 0 0.14 62 82 17.09 

Ca2+, t/h 0 0 2 2.5 0.50 

Mg2+, t/h 0 0 7 10.4 2.08 

Cl-, t/h 0.24 0 111 154 31.13 

SO4
2-, t/h 0 0 16 21 4.33 

CO3
2-, t/h 0 0 0 0 0 

CaCO3 (s), t/h 0 0 0.27 0.29 0 

CaCO3 (aq), t/h 0 0 0.07 0.075 397.71 

H2O, t/h 24.42 24.42 3203.98 3974 452.85 

H+ mass fraction 0.00028 0 0 0.00000515 0.00002 

OH- mass fraction 0 0.00425 0.0000009 0.0000472 0.0000019 

Na+ mass fraction 0 0.00575 0.01809 0.019 0.03774 

Ca2+ mass fraction 0 0 0.00053 0.00058 0.00111 

Mg2+ mass fraction 0 0 0.00220 0.0024 0.00459 

Cl- mass fraction 0.00972 0 0.03261 0.036 0.06875 

SO4
2- mass fraction 0 0 0.00458 0.0050 0 

CO3
2- mass fraction 0 0 0.00000 0 0 

CaCO3 (s) mass fraction 0 0 0.00008 0.00007 0 

CaCO3 (aq) mass fraction 0 0 0.00002 0.000012 0 

H2O mass fraction 0.99000 0.99000 0.94197 0.936 0.87824 

Total mass fraction 1 1 1 1 1 

 

 


