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This thesis focuses on hybrid gasification renewable methanol production plant. This hybrid 

plant consists of a combination of electrolyser working with renewable electricity and bio-

mass gasification process, to produce methanol from the combined syngas with methanol 

synthesis loop. 

In this thesis’s theory part, an overall understanding for what should be considered for the 

hybrid methanol production is gotten. This is done by reviewing fossil and renewable meth-

anol production and ways of production today with expectations to future. By reviewing 

possibilities for methanol synthesis loops. By reviewing possibilities and requirements for 

product gas cleaning and conditioning. By reviewing possibilities for heat integration and 

lastly by reviewing possibilities for the electrolysis and gasification as feedstocks. In the 

practical part of the thesis, a techno-economic comparison is made with the parent produc-

tion processes to the hybrid process, to compare the competitiveness of renewable methanol 

production methods. The modelling of the processes was done with IPSEpro. 

As main results, it was discovered that hybrid production of methanol is competitional with 

the comparing parenting technologies. Hybrid plant model achieves highest overall and car-

bon utilization efficiency and is in the middle in the other technical results. In high renewable 

electricity prices, the modelled hybrid methanol can be a cheaper way of producing methanol 

than modelled power-to-methanol production. In low renewable electricity prices, modelled 

hybrid methanol production can be cheaper than modelled biomass-to-methanol production. 
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Tämä diplomityö käsittelee hybridi kaasutuksella toimivaa uusiutuvan metanolin tuotanto-

laitosta. Tämä hybridi tuotantolaitos koostuu uusiutuvalla sähköllä toimivasta elektrolyysi 

prosessista ja biomassan kaasutus prosessista, mikä tuottaa uusiutuvaa metanolia näiden syn-

teesikaasusta metanolisynteesiprosessin avulla. 

Tämän diplomityön teoriaosuudessa, saadaan kokonaisymmärrys siihen mitä tulee ottaa 

huomioon hybridi metanolin tuotannossa. Tämä ymmärrys saadaan tarkastelemalla fossii-

lista ja uusiutuvaa metanolin tuotantoa sekä tuotanto menetelmiä nykyään sekä tulevaisuu-

den kannalta, tarkastelemalla eri metanolisynteesiprosessi vaihtoehtoja, tarkastelemalla tuo-

tekaasun puhdistus ja käsittelymenetelmiä sekä puhtausvaatimuksia, tarkastelemalla läm-

mön integrointimenetelmiä ja viimeisenä tarkastelemalla menetelmiä elektrolyysiin ja ka-

asutukseen, raaka-aineina prosessille. Diplomityön käytännön osuudessa tehdään myös tek-

noekonominen vertailu vertaillakseen hybridi tuotantolaitoksen kilpailukykyä sen emotuo-

tantolaitoksiin. Laitokset mallinnettiin IPSEpro prosessimallinnus ohjelmassa. 

Päätuloksina löydettiin, että hybridi metanolin tuotanto on kilpailukykyinen sen emotuotan-

tolaitosten kanssa. Hybridi tuotantolaitoksen malli saa kaikista suurimman kokonais- ja hii-

lenkäyttöhyötysuhteen, sekä on keskimmäinen muissa teknisissä tuloksissa. Korkeilla uu-

siutuvan sähkön hinnoilla hybridi tuotantolaitoksen mallin metanolin tuotanto voi olla hal-

vempaa kuin power-to-methanol tuotantolaitosmallin. Alhaisilla sähkön hinnoilla se voi taas 

olla halvempaa kuin ja biomass-to-methanol tuotantolaitosmallin metanolin tuotanto.  
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Symbols and abbreviations  

Roman characters 

𝐴 Area [m2] 

𝐸 Energy [Wh, J] 

𝐹 Faraday constant [A s/mol] 

𝐻(𝑇) Formation enthalpy at tem-

perature T [J/mol] 

𝐼 Current [A] 

𝑃 electric power [W] 

𝑄 Heat [W] 

𝑅 Gas constant  [J/kg K] 

𝑇 Temperature [K, ˚C] 

𝑉 Voltage [V] 

𝑝 Pressure or partial pressure 

 [Pa, bar] 

𝑟 removal efficiency [%] 

𝑧 Number of electrons [#] 

(
𝐼

𝐴
) Current density [A/m2] 

𝐻𝑟 Reaction enthalpy [J/mol] 

𝑁𝑐𝑒𝑙𝑙𝑠 Number of cells [#] 

𝑋  Conversion rate [mol/mol] 

𝑘𝑒𝑞 Equilibrium constant [-] 

𝑛  Mole amount  [mol] 

𝑞𝑚 Mass flow rate [kg/s] 

𝑞𝑠𝑝𝑒𝑐,ℎ𝑒𝑎𝑡 Specific heat need 

[kWh/tevap] 

𝑞𝑠𝑝𝑒𝑐,𝑒𝑙𝑒𝑐𝑡.  Specific electric power need

 [kWh/t,dry,fuel,kJ/kmol,remov.] 

𝑟𝑖, 𝑠𝑖, 𝑡𝑖  and 𝑎𝑖 Parameters [-] 

ℎ Specific enthalpy [kJ/kg] 

LVH Lower heating value

 [MJ/kg] 

 

Greek characters 

∆𝑛  Mole amount change [mol] 

∆𝐺 Gibbs free energy change

 [J/mol] 

∆𝐻 Formation enthalpy change

 [J/mol] 

∆𝑆 Entropy change [J/mol K] 

𝜂 Efficiency [-, %] 

 

Subscripts 

𝐶𝑂2 Carbon dioxide 

𝐻2 Hydrogen 

𝐻2𝑂 Water 

> 90 𝐶 𝐻𝑒𝑎𝑡 DH temperature heat  

ℎ𝑒𝑎𝑡 Heating 

inert Inert 

𝐶𝑂 Carbon monoxide 

𝐶𝑜𝑜𝑙 Cooling 

𝐷𝑟𝑦𝑒𝑟 Dryer 

𝑀𝑒𝑂𝐻 Methanol 

𝑃𝑆𝐴 Pressure swing absorption 

𝑆𝐺 Syngas 

𝑊𝐺𝑆 Water gas shift 

𝑏𝑖𝑜𝑚𝑎𝑠𝑠 biomass 

𝑐𝑜𝑟 corrected 

𝑑𝑟𝑦 Dry 

𝑒 electricity 

𝑒𝑙 electrolysis 



 

 

𝑓𝑢𝑒𝑙 Fuel 

𝑔𝑎𝑠 Gas 

𝑖𝑛 Inflow 

𝑜𝑢𝑡 Outflow 

𝑟𝑒𝑣   reversible  

𝑠𝑡𝑟𝑒𝑎𝑚 stream 

𝑡ℎ Thermal/ Thermoneutral  

𝑡𝑜𝑡 Total 

𝑤𝑒𝑡 Wet 

𝑝𝑟𝑜𝑑 Produced 

  

Superscripts 

′ Liquid state 

′′ Gas state 

 

Abbreviations 

AEL Alkaline Electrolysis 

AEM  Anion Exchange Membrane 

AGR  Acid Gas Removal 

ASU Air Separation Unit  

ATR Autothermal Reforming  

CCS/U Carbon Capture and Stor-

age/Utilization 

COR Carbon Oxide Ratio 

DAC Direct Air Capture 

DH District Heating 

DME Di-methyl-ether 

EU  European Union  

FCHJU  Fuel Cells and Hydrogen 

Joint Undertaking  

GHG Green House Gas 

LCOP Levelized Cost of Produc-

tion 

MEA  Monoethanolamide 

MeOH Methanol 

MSW Municipal Solid Waste 

P2X Power to X 

PEM Polymer Electrolyte Mem-

brane electrolysis 

PG  Product Gas  

PSA  Pressure Swing Absorption 

RWGS Reverse Water Gas Shift 

SG Syngas 

SMR Steam Methane Reforming  

SN Stochiometric Number 

SOECS  Solid oxide electrolyser cells  

TCI  Total Capital Investment  

TPC Total Plant Cost 

WGS Water Gas Shift 

HTS High Temperature Shift 

LTS  Low Temperature Shift 

SMR Steam Methane Reforming 

ATR Autothermal Reforming 
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1. Introduction 

Methanol is one of the most potential bio-resources or -fuels of the future. It is already uti-

lized and produced mostly for the chemical industry, but it has potential for more. The pro-

duction of methanol is mainly done from non-renewable feedstocks, but as the limiting of 

climate change is driving for the use of renewable feedstocks and carbon neutrality is the 

goal of the future, renewable ways of producing methanol are explored. (IRENA and Meth-

anol Institute, 2021.) 

That is why this thesis focuses on the topic of producing methanol from renewable sources 

with the focus being on hybrid methanol production plant. The hybrid methanol production 

plant utilizes electrolysis and biomass gasification to produce syngas consisting of mostly 

hydrogen, carbon monoxide and carbon dioxide. This syngas is then converted to renewable 

methanol in catalytic synthesis reactor. The hybrid methanol production plant is a combina-

tion or a child of Power-to-X or power-to-methanol concept e-methanol production and bi-

omass-to-methanol bio-methanol production plants. 

Investigations have been made on the parent technologies of Power-to-X concept and gasi-

fication of biomass for producing power or biomass-to-methanol, individually and found 

them to be potential for the production of renewable methanol. These studies often review 

the economic and technological standpoints for the technologies and study their feasibility 

through literature research and acquiring data from different manufacturers, providers, and 

researchers. They often compare and estimate the renewable production costs to fossil pro-

duction prices. (IRENA and Methanol Institute, 2021., Bertau M., et al., 2014,  Roode‐

Gutzmer Q. I. et al., 2019, Energy & Environmental Science, 2020 and Holmgren, KM., et 

al., 2012.) 

Many modelling studies have been made on the parent technologies also. These often model 

the parenting technologies in process modelling programs like ASPEN. They often compare 

different kinds of feedstocks technologies and producing methods to the Power-to-methanol  

and biomass-to-methanol processes. The technical modelling results acquired are often used 

in economic estimations to compare the different feedstock effect on the determination of 

most feasible option. (Zhang Z., et al., 2021, Rivera-Tinoco R., et. all, 2016, Anicic B. et al., 

2014, And Hannula I. and Kurkela E., 2013.)  
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Studies have been made also in modelling hybrid processes. By comparing hybrid methanol 

production to other hybrid production alternative fuels (Koytsoumpa EI., et al., 2020). By 

comparing different gasifiers to the hybrid methanol production process (Butera G., et al., 

2020). By comparing the biomass-to-liquid process models to hybrid process models (Han-

nula I., 2016). Also, by comparing power-to-methanol process models to the hybrid process 

model. (Clausen LR., et al., 2010). In these studies, the comparisons are made with techno-

logical and economic performance also to study the feasibility of different models. 

There haven’t been many studies on detailing or reviewing the hybrid production technol-

ogy, at least on the same scale as the parent technologies. The studies often mention the 

hybrid production plant as a possibility of producing renewable methanol, but that is rarely 

investigated in more detail and compared to its two parenting cases. (IRENA and Methanol 

Institute, 2021, and Bertau M., et al., 2014.) There is a research gap on the investigation of 

hybrid production in detail and on the feasibility comparison to its parent plants. That is why 

the hybrid methanol production is interesting for the scope of this thesis.  

The object of this thesis is to get an understanding on methanol production in general, re-

newable methanol production methods, methanol synthesis process loops and ultimately all 

the parts of the hybrid methanol plant and the plant itself, in the literature part of the thesis. 

This is done to get a detailed overall understanding what the hybrid methanol production is, 

what it consists of and the theory behind it.  The literature part will ultimately be basis for 

the practical part of the thesis, which is a modelling-based techno-economical study.  

The practical part focus is to build a process model in IPSEpro on the hybrid model. After 

base model is built, then comparing cases are built for to compare the differences through 

technical and economical parameters and performance between other methods of producing 

renewable methanol. The comparing case models are built from parenting Power-to-X con-

cept e-methanol production and biomass-to-methanol bio-methanol production processes. 

This is done to get a techno-economical understanding where the hybrid model excels and 

where are its shortcomings. Also, ultimately to see if there is potential in the hybrid methanol 

production, compared to its parent technologies in technological and economical sense. This 

thesis was done as an employment of junior research assistant to LUT-university at Lap-

peenranta campus between September 2021 and March 2022.  
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2. Methanol production  

This chapter will cover the methanol production and demand in the world in todays and 

futures point of view. Also, this chapter will cover the ways of producing methanol. This 

chapter’s target is to give an overview on the methanol production and where methanol is 

used and what ways are there to produce it, now and in the future. The main focus of this 

part is on renewable methanol production processes, but fossil production processes and 

processes in between, are also presented. 

 

2.1  Methanol production, uses and demand in the world 

Methanol aka. methyl alcohol or wood alcohol, (CH3OH or MeOH) is described as clear, 

colourless liquid that is soluble in water and biodegradable (MI, 2016). Methanol was tradi-

tionally produced in dry distillation of wood, in wood industry. Today methanol is produced 

in synthesis processes which use synthetic gas to produce methanol in catalytic reactors.  

Methanol is stated to be one of most important basic chemicals and is produced nowadays 

primary for chemical industries. The chemical industries usually use methanol to produce 

chemicals like, formaldehyde, acetic acid, methyl methacrylate, ethylene and propylene. One 

of the chemical uses for methanol is in producing glue for the need in wood processing 

industries, for example.  (IRENA and Methanol Institute, 2021, 22., Bertau M., et al., 2014, 

13, and Alén R., 2009, 129-130.) Properties for methanol are presented in Table 1. below. 
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Table 1. Methanol properties. From: MI, 2016 and Alén R., 2009. 

Property Value Property Value 

Molecular weight 

[g/mol] 
32.04 Freezing point [˚C] -97.8 

Purity 

[%wt. min] 
99.85 Boiling point [˚C] 64.6 

Water (impurity) 

[%wt. max] 
0.100 

Flash point [˚C] 

(Closed cup, 1 atm.)  
12 

Acetone (impurity) 

[mg/kg max] 
30 Explosive limit in air [%] 6-36 

Ethanol (impurity) 

[mg/kg max] 
50 

Solubility: Methanol in 

water/ Water in methanol 

[%] 

100/100 

Chloride (impurity) 

[mg/kg max] 
0.5 Hazards & Precautions 

Flammable and toxic if 

swallowed, inhaled or 

with contact to skin 

 

Methanol has potential for being used as fuel for transportation in land and sea and can be 

used as is in modified gasoline or diesel engines or in fuel cells. It is already used as an 

additive and as anti-freeze solvent in fuels (Alén R., 2009, 130). It also has potential to be 

used as an ingredient for bio-diesel and bio-gasoline. Methanol can be potentially used as 

fuel in power plants to produce steam, heat and electricity or to be used directly in gas tur-

bines to produce electricity. (IRENA and Methanol Institute, 2021, 25.)  

Methanol production has been rising steadily in the 21st century. In 2021, the production and 

demand for methanol is estimated to be ca. 110 Mt (million tons). The 2021 demand is pre-

sented in Figure 1 below in detail. 
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Figure 1. Global estimated methanol demand in end-use from total of 110 million tons in 

2021. Based on data from: MI, 2021. 

 

As seen from Figure 1, most of methanol demand comes from chemical industry, which 

accounts for ca. 80 % of the total demand. Other uses and alternative fuels only account for 

ca. 20% of the total demand in end-use. There will be a use for more methanol production 

in the future, as methanol demand is estimated to rise to ca. 120 Mt by 2025 and to ca. 500 

Mt by 2050. (IRENA and Methanol Institute, 2021, 32.)   
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2.2  Today’s industrial methanol production processes 

This subchapter will describe how methanol is produced today. This subchapter will cover 

non-renewable, renewable and processes in between these two. These can also be divided in 

literature as brown/grey, green and blue processes or by the product they produce. For ex-

ample, green methanol from renewable processes. The today’s different possible industrial 

methanol production processes from different feedstocks are described in the Figure 2 be-

low. 

 

Figure 2. Different possible routes of industrial methanol production today. From: IRENA 

and Methanol Institute, 2021. 

 

2.2.1  Non-renewable processes (Brown/Grey processes) 

Close to all methanol is today produced in non-renewable processes, using coal or natural 

gas, with a ca. 65% and ca. 35% share of total production, respectively (from renewable 

sources < 1%). The processes use coal gasification or gas reforming to produce syngas (SG) 

or product gas (PG). The syngas consists mainly of Carbon monoxide (CO), hydrogen (H2), 

and in many cases parts of carbon dioxide (CO2). This syngas is then cleaned from impurities 
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and turned into methanol in a catalytic synthesis reactor. (IRENA and Methanol Institute 

2021, 32. and Bertau M. et al., 2014, 51.) 

The gas for methanol synthesis can be natural gas, but also other gasses which contain other 

non-traditional hydrocarbons, can be used. These gasses are shale gas, tight gas, coal-bed 

methane and oil shales, when talking about non-renewable sources. Gas type feedstocks are 

the hydrogen richest and simplest processes to produce methanol. 

Coal is used for methanol synthesis if natural gas is not available as feedstock or if gas is 

very expensive and if coal is cheap and available as a feedstock in that location. The coal 

used is typically lignite and run-of-mine coal without any extra fuel processing added and 

with minimized distance to the methanol production plant. Asia and South Africa are largest 

consumers of coal for methanol production, and the methanol production from coal is in-

creasing in China. (Bertau M. et al., 2014, 55.) 

The product of using coal as initial feedstock is called brown methanol and the product of 

using gas as feedstock is called grey methanol. Brown methanol has higher carbon intensity 

compared to grey methanol, which leads to that grey methanol has less of a carbon footprint 

or less Greenhouse gas (GHG) emissions than brown methanol. The methanol from both of 

these processes is called also fossil methanol. (IRENA and Methanol Institute 2021, 32. and 

Bertau M. et al., 2014, 51.)  

  

2.2.2  Renewable processes (Green processes) 

Even though almost all methanol is produced by non-renewable processes, because of cli-

mate change there is large potential for renewable processes, to reduce GHG emissions and 

global warming. There are different feedstock and methods for producing renewable meth-

anol and they are described here. 

Methanol can be made with biomass and/or biomethane. They use the same processes like 

in non-renewable sources of gasification and reforming, respectively. The processes are also 

called biomass- or biogas-to-methanol processes. The biomass can consist of forestry waste, 

agricultural waste, Municipal Solid Waste (MSW), and black liquor from pulp and paper 

industry. Biogas or biomethane can be acquired from landfills, from sewage or from 
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fermentation of biowaste. (IRENA and Methanol Institute 2021, 13 and Bertau M., et al., 

2014, 63-64.) 

In the paper/pulp industries, by-product methanol is produced. This by-product methanol is 

typically used inside the pulp and paper mills for integrated heat and power processes, but it 

has the potential of being produced and being upgraded for selling purposes.  

There is also a possibility of producing methanol through Power-to-X (P2X) or power-to-

methanol processes. This is done by using H2 from electrolysis-process and CO2 from either 

from Carbon Capture and Storage/Utilization (CCS/U) or from Direct Air Capture (DAC). 

This gas mix is then synthesized to methanol in a catalytic reactor. It should be noted that 

the CO2 from CCS/U and electricity for H2 production needs to be from renewable sources, 

for example, biomass boiler flue gas and wind electricity, to count as renewable process. The 

methanol produced from renewable processes can be called green methanol. The methanol 

from electrolysis processes is usually called e-methanol and methanol from biomass and 

biogas is called bio-methanol. (IRENA and Methanol Institute, 2021, 34-50.)  

There can also be a combination process of bio and e-methanol processes, to a so-called 

hybrid process (bio-e-methanol in Figure 2). There can be a biomass gasification process or 

biogas reforming process and water electrolysis process working side-by-side. They produce 

a syngas mix that can be the synthesized to methanol. This hybrid combination can be done 

to maximize the carbon use for the methanol production and can result in that almost 100% 

of the carbon in the biomass or biogas can be converted into methanol. (IRENA and Meth-

anol Institute 2021, 50. and Bertau M., et al., 2014, 63-64.) The methanol produced from 

hybrid process is renewable and is called in this thesis hybrid methanol, for clarification. 

Hybrid and e-methanol processes have a possibility to be utilized as a form of long-term 

energy storage for excess renewable electricity production, because of their utilisation of 

electrolysis. (Bertau M., et al., 2014, 19-20). 

The reason why there is not so much of methanol produced using renewable processes is 

completely economical. They are not yet economically competitive with fossil sources (Ber-

tau M., et al., 2014, 51). This is mostly due to higher cost in feedstocks for producing re-

newable methanol compared to fossil methanol. E-methanol production also costs more due 

to high investment cost for electrolysers, possible DAC-processes investment cost, and the 

cost of electricity. The high cost of electrolyser and cost of electricity are also true for the 
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hybrid process, but in smaller scale due to the combination.  The cost of bio-methanol and 

especially e-methanol is expected to reduce as their production is matured, improved and 

optimized. (IRENA and Methanol Institute, 2021, 85.) The estimated prices for the fossil-

methanol, bio-methanol, e-methanol and hybrid-methanol current and matured prices are 

presented in Figure 3 below. 

 

Figure 3. Comparison between fossil-, bio- and e-methanol production costs, and how the 

maturing of green processes is estimated to effect on them. Some data found to hybrid meth-

anol estimated matured price. Data gathered from: IRENA and Methanol Institute, 2021 and 

Energy & Environmental Science, 2020. 

 

As seen from Figure 3 renewable methanol is not now competitional with the non-renewable 

methanol, when the production cost is in concern. Still as seen from the Figure 3 the costs 

of renewable methanol are expected to reach competitional levels, when the technologies 

associated to them mature enough, compared to the fossil methanol production price. Study 

made by Energy & Environmental Science (2020, 3223), estimates that fossil methanol price 

needs to be over ca. 320 €/ton that power-to-methanol and hybrid processes are viable. There 

is a need for government legislations, to push through intensives for renewable methanol, 

through carbon taxes for fossil methanol, so there would be incentive to pay premium on the 

renewable methanol (IRENA and Methanol Institute, 2021, 95). Even though, the production 
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prices are not competitional yet, there is still projects planned, underway or completed to 

make renewable methanol plants, as seen in Figure 4 below: 

 

Figure 4. Renewable methanol producing plant projects around the world. Orange: bio-meth-

anol plant. Green: e-methanol plant. From: MI 2021. 

 

As seen from Figure 4, there are many renewable methanol plant projects on going in the 

world, mostly planned or built in Europe and North America. Both bio and e-methanol plants 

are being built or planned almost equal amount. Hybrid methanol plants that are built or 

planned are covered in the Chapter 4.1 below. 

Commercial bio-methanol plants with gasification as feedstocks achieve a methanol produc-

tion efficiency ca. 53 to 62 % and e-methanol production ca. 50 to 60% (IRENA and Meth-

anol Institute 2021, 53 and 56). Hybrid gasification plants achieve methanol production ef-

ficiencies of ca. 57 to 67 %, at least by modelling results (Clausen LR., et al., 2010, 2344 

and Hannula I., 2016, 204). 
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2.2.3  Processes in between (Blue processes) 

The division between renewable/non-renewable or Green/Gray/Brown processes, is not as 

straightforward. There can exist processes between these that are not completely renewable 

or non-renewable. These processes typically concern e- and hybrid-methanol production but 

can also concern methanol produced from gasification with co-firing and reforming with 

mix stream of renewable and non-renewable feedstocks. In e-methanol production, if the 

electricity or feedstock for the H2 production process or CO2 is from non-renewable source, 

the produced methanol is not completely carbon neutral, so it can be called blue methanol 

(see Figure 2). Note that it is still less carbon intensive than brown or grey methanol. These 

processes in between could be a steppingstone toward complete carbon neutrality, when 

methanol producing industry starts going towards renewable sources. (IRENA and Methanol 

Institute 2021, 42-50.)  
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3. Methanol synthesis loops 

This chapter will cover the methanol synthesis processes or loops, based on hydrogen reac-

tions with carbon dioxide, carbon monoxide or combined gas streams of these two. This 

chapter will cover the synthesis processes and the process loop associated to them, used in 

e-methanol, bio-methanol and hybrid methanol production. This chapter’s goal is to give an 

overview on the possible ways of synthesising methanol, and what parts does the loop con-

sist of.  

 

3.1  Methanol synthesis reactions 

During synthesis of methanol from H2 and CO2 or CO, four main different reversible chem-

ical reactions are concerned. 

𝐶𝑂2 + 3𝐻2 ⇌ 𝐶𝐻3𝑂𝐻 + 𝐻2𝑂, ∆𝐻𝑟,298 𝐾,1 𝑎𝑡𝑚 =  −49,4 𝑘𝐽/𝑚𝑜𝑙 (1) 

𝐶𝑂 + 2𝐻2 ⇌ 𝐶𝐻3𝑂𝐻, ∆𝐻𝑟,298 𝐾,1 𝑎𝑡𝑚 =  −90,5 𝑘𝐽/𝑚𝑜𝑙 (2) 

𝐶𝑂 + 𝐻2𝑂 → 𝐶𝑂2 + 𝐻2, ∆𝐻𝑟,298 𝐾,1 𝑎𝑡𝑚 =  −41,1 𝑘𝐽/𝑚𝑜𝑙 (3) 

𝐶𝑂2 + 𝐻2 → 𝐶𝑂 + 𝐻2𝑂, ∆𝐻𝑟,298 𝐾,1 𝑎𝑡𝑚 =  41,1 𝑘𝐽/𝑚𝑜𝑙 (4) 

Reactions in eq.(1) is known as CO2 hydrogenation, eq. (2) is known as CO hydrogenation, 

eq. (3). is known as Water Gas Shift (WGS) reaction and eq. (4) is also known as Reverse 

Water Gas Shift (RWGS) reaction. The reactions seen in eq. (1), (2)  and (3) are exothermic 

in nature and eq. (4)  is endothermic. The methanol synthesis reactions seen in eq. (1) and 

(2) favour high pressures and low temperatures. (Roode‐Gutzmer Q. I., et al., 2019, Energy 

& Environmental Science, 2020 and Anicic B. et al., 2014.) 

As seen from reactions in equations of (1), (2)  and (4) there is a possibility of producing 

methanol from CO2 directly or convert CO2 to CO through RWGS reaction first. Therefore, 

there can be used two different processes for the methanol synthesis from CO2: One-step or 

direct methanol synthesis and two-step methanol synthesis. These synthesis processes 
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typically concern the newer trend of the P2X, power-to-methanol or e-methanol production 

processes which utilize CO2 as their feedstock. 

Production of methanol from CO is also possibility to do directly (eq. (2)), but it has been 

observed to happen mainly through WGS (eq. (3)) and hydrogenation of CO2 (eq. (1)) in 

commercial reactors. (Nestler F et al., 2018, 1410).  Typically, synthesis for CO-based 

streams is done in conventional gasification and reforming processes producing methanol 

from fossil and renewable feedstock sources, which concern the bio-methanol or biomass-

to-methanol processes. 

Both CO and CO2 methanol synthesis are effective processes and have been commercially 

proven. There is also a possibility of producing methanol from combined streams, as is the 

case for hybrid methanol production. (IRENA and Methanol Institute 2021.) These will be 

covered in detail in the subchapters below. 

 

3.2  Methanol synthesis loop for carbon dioxide-based stream 

In this subchapter the methanol production/synthesis process will be described in more de-

tail. This chapter will focus on synthesizing loops for methanol from hydrogen and carbon 

dioxide, as this is the case for e-methanol production. 

 

3.2.1  Direct methanol synthesis loop 

In direct methanol synthesis the gas consisting of H2 and CO2, can be made into methanol in 

one catalytic reactor typically in a H2/CO2 molar ration of 1:3. There is presented an example 

process diagram for a direct methanol synthesis in Figure 5. 

In direct methanol synthesis the H2 and CO2, is fed to a first methanol synthesis reactor, 

where the gasses react with help of a catalyst to create methanol, water and other by-products 

in lower concentration. Typically, the reacted methanol and water leave the reactor in gas 

state and need to be cooled to liquid after the reactor. In direct methanol synthesis the cata-

lysts used in the reactors are usually made of copper mixes with other metals (Cu/ZnO/ZrO2 

or CuO/ZnO/Al2O3), but other materials are being developed. Operating temperatures and 
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pressures in the reactors vary with the catalyst used, as the temperature and pressure effect 

on the conversion of CO2 to methanol Also, if the temperature is too high the catalyst can 

degrade. The methanol synthesis (eq. (1)) is exothermic so the reactor must be cooled to 

keep a constant temperature in the synthesis reactor. 

The conversion from CO2 directly is low in one cycle, typically ca. 14% per pass in com-

mercial reactors, so additional cycles and reactors can be made as part of the process, as seen 

in Figure 5, to achieve better per pass conversion to methanol and reduce the circulation 

need for the loop. Both reactors can operate ca. 260 ̊C and ca. 80 bars. After the reactor the 

output stream is fed to a flash separator, where the liquid products like water and methanol 

are separated from gaseous ones. After flash-separator some of the unconverted gasses, 

mainly consisting of CO, CO2 and H2, is led back to reactors or to a PSA (Pressure Swing 

Absorption), to recover most of the H2 back to the process. The gas products left in after the 

PSA are typically combusted.  

The liquid products are led to distillation columns, where in the first one dissolved gas are 

separated. The separated gasses are typically combusted. There can be one to two columns 

of distillation after the first one depending on the configuration, where the output of the fist 

column is led. These are used for the separation of water from the methanol. The water is 

led to wastewater treatment, and the final product methanol, which can have purity of 99.8% 

is led to storage. (Roode‐Gutzmer Q. I., et al., 2019, 4551 and Anicic B., et al., 2014, 282.)  
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Figure 5. Direct methanol synthesis example process diagram. From: Anicic B., et. al., 2014. 

 

3.2.2  Two-step methanol synthesis loop 

In two-step methanol synthesis (example process diagram below in Figure 6), first the syngas 

consisting of H2 and CO2 is led to RWGS reactor, which will convert some of the CO2 to 

CO and H2O as seen from eq. (4). The reaction of RWGS is endothermic and needs high 

temperatures to have a high conversion of CO2 to CO. The RWGS reactor can use 

ZnO/Al2O3 as catalyst. After the RWGS reactor water is removed from the produced prod-

ucts in a flash-separator. After that the gas stream contains mostly CO, H2 and CO2.  

Next step in the process is the methanol synthesis reactor. The synthesis reactor can operate 

with temperature of 150 to 250 ̊C and up to pressures of 100 bars. This synthesis reactor uses 

typically Cu/ZnO catalyst and typically before the reactor some additional H2 is mixed with 

products of RWGS reactor to achieve stochiometric ratio between CO/ CO2/ H2. For exam-

ple, for Cu/ZnO catalyst it is 1:1:4, but the ratio depends on the catalyst used. After the 

second reactor, the end process is similar compared to the direct methanol synthesis. 
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Consisting of flash separation, gas recycle, PSA and distillation. Also, the gasses that aren’t 

recycled are combusted. The heat from combustion is used in the RWGS reactor. (Roode‐

Gutzmer Q. I., et al., 2019, 4551-4552. and Anicic B., et al., 2014, 280-281.)  

 

 

Figure 6. Two-step methanol synthesis example process diagram. From: Anicic B., et al., 

2014. 

 

3.3  Methanol synthesis loop for carbon monoxide-based stream  

The traditional way of synthesising methanol is CO-based stream methanol synthesis. Usu-

ally this is done from syngas or product gas, either from gas reformation or gasification 

processes. This chapter will focus on biomass gasification syngas methanol synthesis.  

Methanol synthesis from gasification of biomass is usually CO-based, meaning the majority 

of the product gas used for synthesis is made up from CO and H2. Some CO2 is in the raw 

product gas depending on the gasifier and technique used. Typically, product gas from gas-

ification of biomass has less H2 in it than needed, initially.  There is a need for additional H2 

as the stochiometric value for the reaction from CO is 2 moles of H2 for every mole of CO, 

as seen from eq. (2).  
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Before the synthesis reaction the product gas is cleaned from impurities like tar and ash, and 

from acid gases like Sulphur compounds like H2S, which can lead to poisoning of down-

stream reactors and improper functioning of equipment used. To adjust H2 and CO mole 

fraction to be in optimal range, a WGS (eq. (3)) reaction reactor is introduced in gasification-

based plants. This reaction will make CO2 and H2 in the presence of H2O (steam) and CO. 

This is done to create more H2 with the decrease the amount of CO in the gas stream to reach 

optimum mole ration of 2 for H2 and CO.  After this, most of CO2 is also removed from the 

process, to produce a final syngas consisting of H2, CO, and small part of CO2. The removal 

of H2S and CO2 can be done in same process also, depending on the plant configurations 

needed. (Bertau M., et al., 2014.) 

The small part of CO2 is found to be beneficial to the methanol synthesis yield, as most of 

the CO’s methanol forming happens through WGS and CO2 hydrogenation (eq. (1) and (3)) 

in commercial catalytic methanol synthesis reactors. This produces some water to the final 

product stream as by product. The maximum conversion is achieved at the CO2 concentra-

tions of 2-5 mol%, which will kick start the WGS reactions in the synthesis reactor. (Energy 

& Environmental Science, 2020 and Nestler F et. al., 2018, 1410).  Commercial reactors use 

copper catalysts like Cu/ZnO/Al2O3 catalysts, to enhance the reaction kinetics and to en-

hance the production of methanol. (Nestler F., et al., 2018, Basu P., 2018 and Bertau M., et 

al., 2014.) 

The typical temperatures and pressures vary between manufacturers and catalysts used. 

There can be high pressure operations of 250 to 350 bar and high temperatures from 320 to 

450 ̊C, which were the standard before 1960s. Today the standard is to use lower pressures 

from 50 to 100 bar and temperatures of 200 to 300 ̊C. The temperature is limited in the 

today’s technology below 300 ̊C, because the Copper based catalyst start to rapidly deterio-

rate, when that temperature is exceeded. (Energy & Environmental Science, 2020 and Basu 

P., 2018.) 

Below in Figure 7, is  presented a basic diagram for a conventional methanol synthesis loop. 

It consists of preheater, reactor, product gas cooler/condenser, gas liquid separator and a 

compressor as components. Also, there are different streams like feed stream, which is also 

called make-up gas, raw product stream, purge stream and recycle gas stream. The recycle 

gas stream is set up to increase the methanol yield from the process, as typical commercial 

methanol reactors cannot convert all the possible feed gas to methanol in one go. Typically, 
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the per pass methanol conversion in practical synthesis reactors is ca. 15- 50 % per pass 

(Bertau M., et.al. 2014, 227).  

The purge stream is necessary so no inert gasses (methane and nitrogen) and lower reacting 

CO2 deposit on the reactor and loop. The purge stream contains some gasses that, can be 

burned to produce heat for the preheater before the reactor. The re-circulation is kept typi-

cally high above 90% to keep the methanol conversion efficiency high and reduce the loss 

of hydrogen (Clausen LR., et al., 2010, 2342). Typically, there is a distillation unit after this 

process for the raw methanol, so that the methanol can be distilled to a high standard and 

water and other dissolved impurities can be taken away. The distillation processes are similar 

to the processes already described in the CO2-based stream methanol synthesis loops. (En-

ergy & Environmental Science, 2020 and Nestler F., et.al. 2018.) 

 

Figure 7. Process diagram for methanol synthesis. From: Energy Environmental Science, 

2020. 

 

3.4  Methanol synthesis loop for combined stream of CO2 and CO 

Typically, product gas produced from biomass gasification is rich in CO and with some CO2 

in it, depending on the operating conditions. There are also catalysts and reactors developed 

for combined CO2 and CO composition streams, which have also high conversion rates of 

methanol. This combined stream synthesis has the best possibility in the hybrid methanol 

production, where both CO and CO2 can be utilized to produce methanol. To be noted, that 

the synthesis can be also done in separate streams for CO and CO2 in hybrid plants, if CO 

and CO2 can be separated from each other. (IRENA and Methanol Institute 2021, 50, Peinado 
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C., et al., 2021, and Bertau M., et al., 2014.) Conventional reactors methanol synthesis hap-

pens in gas phase, but liquid phase slurry reactors are being developed, which have been 

found to be not affected by the combined stream of CO and CO2  (Holmgren, KM., et al., 

2012, 821). In this combined composition stream, the mole relation between mole amounts 

of H2, CO and CO2 are monitored by the following equation: 

𝑆𝑁 =  
𝑛 𝐻2

− 𝑛𝐶𝑂2

𝑛𝐶𝑂 + 𝑛𝐶𝑂2

5 

 

Where 𝑆𝑁, is the stochiometric number needed for the reaction,  𝑛 𝐻2
, 𝑛𝐶𝑂 and 𝑛𝐶𝑂2

 are 

the hydrogen, carbon monoxide and carbon dioxide mole amount, respectively. The opti-

mum value for the stochiometric number is 2. This comes from the reactions shown in eq. 

(1) and (2). Another parameter concerning combined streams of feed gas is Carbon Oxide 

Ratio (COR): 

𝐶𝑂𝑅 =  
𝑛𝐶𝑂2

𝑛𝐶𝑂 + 𝑛𝐶𝑂2

6 

Which compares the CO and CO2 molar amounts. if COR is 1, the stream is all CO2 and if 

COR is 0, the stream is all CO.  COR influences the methanol synthesis performance. Heat 

from the exothermic synthesis reaction rises with the decrease of COR, but with a cost of 

increase in production of unwanted side-products, excluding water. The increase of COR 

increases water production, H2 consumption, decreases methanol yield per pass, which in-

creases recirculation needed. The COR effect on the methanol synthesis reaction is presented 

in the Figure 8 below. (Energy & Environmental Science, 2020 and Bertau M., et.al. 2014.) 

As seen from the Figure 8, it is favourable to keep the COR low to maximize the methanol 

yield and minimise the by-product water, in combined stream methanol synthesis. In the 

Figure 8, is also demonstrated that always some CO and CO2 are left unreacted at the outlet 

of the reactor. This will affect on the recycle and purge stream condition and ultimately to 

the COR of the stream going to the reactor. That is why an optimised value for recycle and 

purge streams need to be found for each operating condition individually. (Nestler F., et.al. 

2018.) 
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Figure 8. Equilibrium composition for methanol synthesis reactions at reactor outlet, exclud-

ing hydrogen, depending on the COR at 230C and 50 bars with SN of 2. Calculated with 

Aspen Plus simulating software. From: Peinado C., et al., 2021. 

 

3.5  Summary and comparison of methanol synthesis loops 

The drawbacks for the CO2-based methanol synthesis are the higher consumption of H2 and 

the higher production of H2O as a side product, compared to the conventional CO-based 

methanol synthesis. The advantages of CO2-based streams come from lower need for cool-

ing, as the reactions are not as exothermic, and lower production of hydrocarbon side-prod-

ucts, which lowers the cost of end-product distillation/purification. The combined stream 

synthesis sits somewhere in the between of these two. (Nestler F., et. al., 2018, 1413 and 

Peinado C., et al., 2021.)  Figure 9 below shows the maximum equilibrium conversion for 

CO2-based and CO-based feed, depending on the operating conditions of temperature and 

pressure. 
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Figure 9. Maximum equilibrium conversion of CO2-based and CO-based feed. From: Energy 

& Environmental Science, 2020. 

 

As seen from Figure 9, CO-based feed has overall better maximum equilibrium conversion 

rates than CO2-based feed. CO2- based stream reaches maximum value of ⁓58% at 200 ˚C 

and 100 bars, when CO-based stream reaches ⁓89% at same temperature and pressure. These 

effect the recirculation need. The better conversion, less gas is needed to recirculate and 

better production efficiency is achieved.  The combined stream conversion sits in the be-

tween of these depending on the COR.  Depending on, whether the stream is CO or CO2- 

based, the main component values and impurities vary. This is demonstrated in the Table 2 

below: 
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Table 2. End components and impurities comparison between CO and CO2-based streams. 

Data from: Energy & Environmental Science, 2020. 

 Parameter/product CO-based feed CO2-based feed  

Temperature [˚C] 250 250 

Main components [%wt.]   
Methanol 84.5 63.7 

Water 15.4 36.2 

Impurities [ppm wt.]   
n-Paraffins 78 0 

Higher alcohols 626 89 

Esters 582 145 

Ketones 24 0 

Dimethyl ether 61 14 

Total impurities [ppm wt.] 1371 248 

Methanol selectivity, excluding water [%] 99.84 99.96 

 

As seen from the Table 2 above, CO-based stream produces less water, but more impurities 

compared to CO2-based stream. The impurities production difference can be also seen in the 

values in the selectivity. Combined stream can be estimated to be somewhere in between. 

Commercial catalysts used in industrial plants usually have a lifetime of 4-8 years. The life 

is limited by catalyst poisoning from impurities in the input gas stream and by thermal de-

activation by too high temperatures in the reactor. (Energy & Environmental Science, 2020, 

3214). Increasement of COR has been also found to have a negative effect on the catalyst 

lifespan and activity, in conventional methanol processes (i.e., CO-based stream synthesis) 

and the effect of COR is being studied on CO2 based and combined  streams also, as catalyst 

are being developed. (Energy & Environmental Science, 2020, Nestler F., et. al., 2018, 1410 

and Peinado C., et al., 2021.) 

Methanol catalytic synthesis is well established technology, so many different commercial 

providers exist. Different commercial providers, design different processes and reactors 

from one another. Also different reactors are designed for different stream compositions. 

One of the most common commercial providers or licensors are Lurgi/Air liquide, ICI (Im-

perial Chemical Industries), Shell and MGC (Mitsubishi Gas Chemical Company), for ex-

ample. (Bertau M., et al., 2014. and Energy & Environmental Science, 2020.) Different de-

signs for the methanol synthesis reactor are presented in Figure 10 below: 
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Figure 10. Different reactor designs. Simplified reactor layout for a) Lurgi tubular reactor, 

b) Linde Variobar, c) Toyo MRF, d) Mitsubishi Superconverter, e) Methanol Casale IMC, 

f) Haldor Topsøe adiabatic reactor, g) Lurgi MegaMethanol and h) Air Products LPMEOH. 

From: Energy & Environmental Science, 2020. 

 

There is no exact amount how much a methanol synthesis loop cost. The cost can depend on 

which stream the synthesize is based. For example, from studies Hannula I. and Kurkela E., 

(2013) and Hannula I., (2016) it can be estimated that a methanol synthesis loop plus distil-

lation specific cost is ca. 0.22 to 0.32 M€/MWMeOH.  
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4. Hybrid gasification methanol production plant 

The hybrid gasification methanol production plant was chosen to be the topic of this thesis 

to see how competitive the hybrid model is to the conventional/parenting plants. In this chap-

ter the hybrid gasification methanol production plant will be presented in more detail in a 

illustrative figure. This chapter looks into product/syngas cleaning and conditioning, and 

heat integration possibilities for a hybrid plant. This chapter’s coal is to give more detailed 

description on the hybrid plant and its parts in question. 

 

4.1  Hybrid gasification methanol production plant description  

As described in the Chapter 2.2 , there is a possibility of producing methanol in a so-called 

hybrid gasification methanol plant. This plant is a combination of bio-methanol and e-meth-

anol production, by combining biomass gasification and electrolysis. Those two processes 

produce combined syngas/product gas appropriate for methanol synthesis. There is also a 

possibility of biogas reforming and electrolysis, but the focus of this part and thesis is on the 

combination of the gasification and electrolysis. (IRENA and Methanol Institute 2021, 50 

and Bertau M., et al., 2014, 63-64.) 

Overall, there are many possibilities, combinations and variations for a hybrid methanol 

plant. This is illustrated in the Figure 11 below, which presents block diagram with needed 

and optional parts for the hybrid process. The order and combination of the parts can change 

between plants depending on the choices and design for the process. 
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Figure 11. Process part options, feedstocks and products, for hybrid gasification methanol 

production plant. Solid components are needed, dotted components are optional and dotted 

with solid component inside are choose one or two options, if needed. Inspired by Bertau 

M., et al., 2014, Holmgren, KM., et al., 2012, Hannula, I., 2016, Clausen LR., et al., 2010 

and IRENA and Methanol Institute 2021. 

 

As seen from Figure 11, there are many parts to the hybrid plant. The hybrid plant consists 

of feedstocks, product gas cleaning and conditioning, and lastly methanol synthesis loop 

including distillation. Also, there are additional equipment that can be added to the system, 

which can consist of biomass drying and waste gas combustion, for example, as seen in the 

Figure 11. 

The feedstock sources of the hybrid plant are hydrogen production from electrolysis and 

product gas production from a gasifier. These are described in detail in Chapter 5. In this 

chapter the product gas cleaning and conditioning options in hybrid plant are described. 

Also, as seen in the Figure 11, there are different heat needs and sources associated to the 

hybrid methanol production plant. The integration, use and sources are also investigated in 

detail in this chapter. The last main part is methanol synthesis and distillation loop, where 

the methanol synthesis can be done in independent CO-based and CO2-based stream working 

side-by side, or with combined a stream synthesis. The synthesis loop framework and were 

covered already in the Chapter 3. 
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Hybrid gasification methanol plants are being developed. IRENA and Methanol Institute 

(2021) lists in their study, 4 hybrid gasification plants that utilize electrolyser as their product 

gas conditioner. 3 of these produce straight methanol and 1 of them produces ethanol through 

methanol synthesis.  The ones producing methanol only are, Enerkem projects in Rotterdam, 

Netherlands and in Saragossa, Spain, and LowLands Methanol project in Netherlands. These 

plan to produce 215, 215 and 120 kilotons of methanol per year, respectively. Their whole 

specific investment costs for the plants are estimated to be ca. 1460-3450 €/kW or 1000-

2425 €/ton methanol per year produced.  

 

4.2  Product gas cleaning and conditioning 

This subchapter will cover the product gas cleaning and conditioning, which is typically 

necessary for product gas from gasification processes. This chapter will give an overview on 

what requirement and methods are used in product gas cleaning. Methods for product gas 

conditioning are also described. 

 

4.2.1  Gas cleaning and purity requirements 

Biomass gasification produces different impurities and compounds to the stream. These need 

to be cleaned to certain extend from the stream, depending on the application of the product 

gas. Typical undesirable product gas compounds are hydrogen sulphide (H2S), Carbonyl 

sulphide (COS), Ammonia (NH3), halides (I.e., chloride compounds like HCl), hydrogen 

cyanide (HCN), fluorine compounds like hydrogen fluorine (HF). Typical undesirable im-

purities are tar, ash and particle matters (I.e., unburned fuel). (Basu P., 2018, 373, and 

IRENA and Methanol Institute 2021.) 

The cleaning of product gas can be done preventatively manner in pre-cleaning and after the 

gasification in post-cleaning. In the pre-cleaning, the product gas impurities are minimized 

using best/optimized gasifier for the application. Its operating conditions are optimized (for 

example, fuel-medium ratio) and there can be some additives added to the fuel to absorb 

Sulphur compounds and carbon dioxide with the gasification reaction.  
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Post-cleaning can be done in high temperatures and/or low temperature applications. Low 

temperature method operates below 250 ˚C gas temperature. Low temperature cleaning pro-

cesses use water and/or solvents to clean the product gas from impurities, in physical or 

chemical scrubbing processes. In AGR (Acid Gas Removal), for H2S and CO2, solvents like 

MEA (Monoethanolamide), Selexol or Rectisol can be used for the removal. These achieve 

high standards for the removal. (Bertau M., et al., 2014, Holmgren, KM., et al., 2012, 819 

and Hannula, I., 2016.)   

Hot gas cleaning is done temperatures above 400 ˚C and use catalysts and high temperature 

ceramic filters to clean the product gas (Basu P., 2018, 380-382. and Bertau M., et al., 2014). 

In the Table 3 below, is presented the required product gas purity for the methanol synthesis 

and for comparison, for Fischer-Tropsch synthesis process (for producing higher carbon 

products like gasoline and diesel) and gas turbine process. 

Table 3. Product gas purity needs for different example processes. From: Basu P., 2018. 

Compound Methanol synthesis process 

Fischer-Tropsch synthesis 

process Gas turbine process 

Sulphur [ppmv] <1 ≤0.01 <20 

Halides [ppmv] ≤0.1 ≤0.01 <1 

HCN [ppmv] ≤0.1 ≤0.02 <50 

NH3 [ppmv] ≤0.1 ≤0.02 <50 

Tar [mg/Nm3] <1 ≤0.1-1 - 

 

From Table 3, it can be seen that methanol synthesis process has high standards for the purity 

of the product gas, but not as high as for the Fischer-Tropsch synthesis process. Gas turbine 

process does not need as clean gas as compared to the other two processes. 

The purity requirements can be higher depending on the catalyst used for the methanol syn-

thesis. For example, Cu/ZnO catalyst requires the H2S to be lower than 0.05-0.5 ppm, HCl 

to be lower than 1 ppb. There are usually additional guard beds before the reactor, to protect 

the reactor from sulphur poisoning. (Energy & Environmental Science, 2020, 3215.) For 

methanol synthesis also the water moisture, particulates and inert gasses nitrogen (N2) and 

methane (CH4) need to be low in concentration. Water is typically also removed before syn-

thesis in low temperature gas cleaning processes. (Bertau M., et al., 2014, 158.) 
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4.2.2  Gas conditioning traditionally and in hybrid plant 

Gas conditioning typically means the H2/CO/CO2 molar ratios or Stochiometric number SN 

is adjusted. Conditioning can also cover the pressurization plus cooling/heating done in the 

process to achieve right conditions to the gas. The conditioning and cleaning processes work 

hand in hand, and the division between them is not clear. Typically, depending on the gasi-

fication technique or medium used the stochiometric number in the PG is below 2. This 

means that more hydrogen is needed for optimal methanol synthesis. There are two main 

possibilities for this. The traditional way of conditioning is to use WGS-reactor, and in a 

hybrid plant it is done by the electrolyser. Also, additional conditioning can be done in form 

of tar and methane reforming, which has the benefit of cleaning the PG also. 

WGS-reactor involves the reaction seen in eq. (3), which uses CO and steam (H2O) to pro-

duce H2 and CO2. Typically, the WGS-reaction will come close to equilibrium and there is 

possibility of excess H2 and CO2 production. To minimize this, WGS-reactor operate with a 

split stream of the whole product gas flow, and to have a better adjustment for the outcome 

products and stochiometric value for the reaction. There can be a COS hydrolysis stage in 

the of bypass stream of WGS-reactor to convert COS to H2S, for the removal in AGR (Bertau 

M., et al., 2014, 169).  

In traditional methanol synthesis processes, almost all CO2 is removed from the stream after 

the WGS-reactor and let to the atmosphere. This is to reach optimum SN with CO left in the 

stream. This leads to that not all carbon (only ca. 40-50 %) in the product gas can be utilized 

in the production of methanol, which lowers the possible maximum methanol yield per bio-

mass used. 

The WGS-reactor is typically working conjunction with the gas cleaning and two possible 

conversion options are used: sweet-shift or sour shift. In the sour shift, Sulphur (H2S) and 

CO2 is removed after the conversion, and in sweet shift, Sulphur is removed before conver-

sion and the CO2 removal. (Bertau M., et al., 2014, Holmgren, KM., et al., 2012 and IRENA 

and Methanol Institute, 2021.) This is illustrated in the Figure 12 below: 
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Figure 12. Sweet and Sour shift principles. From: Bertau M., et al., 2014. 

 

WGS-reaction is dependent on temperature, meaning that WGS-reaction favours lower tem-

peratures, and lower temperatures lead to higher stochiometric ratios. Pressure has almost 

no effect on the reaction equilibrium. There exists High Temperature Shift (HTS) and Low 

Temperature Shift (LTS) – reactors. Sweet shift arrangement favours LTS-reactor which 

operates in the temperature range of 50-100 ̊C and uses Cobalt-Molybdenum catalysts, 

which don’t withstand sulphur. Sour shift arrangement uses HTS- reactors. These operate on 

the temperature of range 300-500 ̊C and use iron-based catalysts, which can tolerate sulphur 

to some extent. Both HTS and LTS- reactors use steam injection. (Bertau M., et al., 2014, 

164-166.) 

To condition the product gas from gasification process, an electrolysis process can be intro-

duced to work side-by-side to form a hybrid methanol production process. The electrolyser 

will work as a conditioner for the optimum SN ratio in the hybrid process. The hydrogen 

from the electrolysis can be introduced to the product gas stream to eliminate the use of 

WGS reactor, which can be a significant investment. Also, the electrolyser can create hydro-

gen for the carbon dioxide in the stream, so that almost all carbon in the product stream can 

be utilized. This can increase the potential methanol yield from biomass up to ca. 35 percent 

(Holmgren, KM., et al., 2012, 826). The electrolyser will also make oxygen as a by-product, 

which can be utilized in the gasification to boost its performance or sold for customers. 

(IRENA and Methanol Institute, 2021, 50-52, and Clausen LR., et al., 2010.)   

The use of WGS-reactor with electrolyser in hybrid gasification methanol production plant 

is not so beneficial because of increasement in COR, which will in turn increase the hydro-

gen consumption and decrease the methanol yield as more by-product water is formed during 

the methanol synthesis, as already stated in the Chapter 3.4 (Nestler F et. al., 2018, 1410.)   



42 

 

 

One additional way of gas conditioning option for hybrid methanol plant is also a methane 

reformer. If the gasifier used operates at low temperatures of below 1000 ˚C and produces 

high amount of methane and tar, there can be a tar and methane reformer added as a part to 

the process of the product gas stream. It can be used to reform the tar into methane and then 

turn the methane into useful product of H2, CO and CO2 to the stream. As an additional 

benefit the carbon utilization of the hybrid gasification plant will be also higher. The used 

reforming techniques used for methanol process, use the typical techniques for reforming 

which are widely used in fossil or renewable methane to methanol processes.  (Holmgren, 

KM., et al., 2012, 819, Hannula, I., 2016, 201. and Bertau M., et al., 2014.) These are pre-

sented in below in more detail. 

Two main kinds of methane, bio-methane or bio-gas reforming are used for methanol syn-

thesis processes: Steam Reforming or Steam Methane Reforming (SMR) and Autothermal 

Reforming (ATR). Both reforming reactions are endothermic and need heat to provide a 

reaction. There can be also a combination of these two reformer technologies for more opti-

mized operations. Also, other methods like noncatalytic partial oxidation are being devel-

oped. (Bertau M., et al., 2014, 75.) 

Steam reforming uses steam to convert methane into H2, CO and CO2.  Before reforming 

reaction, possible high amounts of Sulphur compounds (H2S), Halogens (Chlorine com-

pounds), Arsenic and heavy metals need to be removed from the stream, so the catalyst used 

doesn’t get poisoned. Also, when the feedstock stream contains higher hydrocarbons, a pre-

catalytic reformer is set up before the actual methane reformer to turn the higher order hy-

drocarbons to methane. After the pre-catalytic reformer step, superheated steam is led to the 

stream. The amount of steam varies between the criteria of conversion and operation to 

achieve appropriate carbon-steam ratio. The inlet temperature of the stream fed to the reactor 

is typically heated up to 520 to 650 ˚C and the outlet temperatures from the reformer are 

typically from 780 to 950 ˚C.  

Steam reformer reactor is a tube type reactor with Nickel based catalysts inside, and the 

reactor is situated inside an oven/heat source. The steam reforming reaction achieves close 

to equilibrium, typically achieving methane conversion of 85 to 90 %. After the reformer, 

the gas formed is cooled down to remove condensation gases like steam/water from the 

stream and the led to the methanol synthesis unit. Steam reforming can achieve over stochi-

ometric values of 2.7 to 3.0 for methanol synthesis. (Bertau M., et al., 2014, 75-78 and 122.) 
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Autothermal reforming uses a partial combustion of the methane feed and steam with cata-

lytic reforming reaction to convert methane into H2, CO and CO2. For the partial combustion, 

typically oxygen is used, if it’s readily available. The reformer consists of the partial stream 

burner and a catalyst, where the reforming reaction takes place. The operating temperature 

inside the reformer are ca. 1100 to 1300 ˚C and pressure can be up to 40 bars. The outlet 

temperatures are ca. 800 to 1000 ˚C. Therefore, the catalysts used for these reformers need 

to stand high temperatures and are made from ceramic materials. ATR gives flexible opera-

tions, produces typically little under stochiometric ratios of 1.5-1.6 and achieves ca. 65-95% 

conversion of methane. (Bertau M., et al., 2014, 111-114 and 122, and Hannula, I. 2016.) 

To achieve stoichiometric values of 2 and a low concentration of methane in the outlet gas 

stream, combination of SMR and ATR is used. As stated before, ATR produces under sto-

chiometric gas stream and SMR over stochiometric. By combining these two processes to 

work in series, so that SMR is first with only partial conversion of methane. Then comes 

ATR, with some additional by-pass methane, and makes the rest of the reforming to achieve 

the stochiometric value. The conversion is done ca. half and half in the reformers and has 

beneficial effects on reducing the flow and size of the system/reformers. The combination 

typically concerns methane-to-methanol processes directly. (Bertau M., et al., 2014, 114-

118.) 

One of the ways of the gas conditioning is done by the pressurization and heating/cooling of 

the gasses inside the process. The pressurization can be done in many stages, likewise the 

cooling and heating (see Figure 13 below). The pressurization is done to ultimately to serve 

the methanol synthesis reactors high pressure, and typically there is pre-heating of the gas 

near the reactor to reach reactor operating temperature (see Figure 7). This was covered in 

more detail already in the Chapter 3. 

 

4.2.3  Example on product gas cleaning and conditioning 

Every process has their own type of combination and set of operating parameters with the 

product gas cleaning and conditioning, which best suits their need in economical and in op-

erational stand points. The how common a purification or conditioning process is can be 

illustrated in the Table 4 below. 



44 

 

 

Table 4. Example of how common a cleaning/conditioning process is for gasification-to-

methanol process. Data from: IRENA and Methanol Institute, 2021. 

Impurities removed Process 

More (M) or less 

(L) common 

Particulates Particulate filter M 

Tar and methane Reform for tar and/or methane decomposition M 

COS COS hydrolysis converting COS to H2S L 

Chlorine and fluorine 

components 
HCL and HF removal L 

Sulphur components AGR process either with CO2 removal or separately M 

CO2 AGR process either with H2S removal or separately M 

 

For example, in the Figure 13 below, is presented a steam-oxygen gasification cleaning pro-

cess and the gas cleaning process associated to it for hybrid methanol and gasoline synthesis, 

from a model study made by Hannula, I., (2016).  In the study, the raw syngas from the 

gasifier is first cooled and led to a fly-ash ceramic filter at 550 ˚C. Then there is a catalytic 

autothermal partial oxidation reformer, that reforms most of the tar and methane produced 

by the gasifier to H2, CO and CO2. This is done at temperature of ca. 960 ˚C and 95% of 

methane is converted. Next on the line, there is a water scrubber to where the reformed 

syngas is led at 200 ˚C. The water scrubber is a two-stage design, where in the first stage the 

flue gas is cooled to 60 ˚C and then to 30 ˚C in the second stage, to remove moisture from 

the stream. Lastly the dry syngas is led to compression stages to compress the syngas to 21 

bar and cooled for sulphur removal. The sulphur removal uses chilled methanol (Rectisol) 

as its washing solvent and achieves 100% Sulphur removal rate. After these cleaning pro-

cesses the ultra-clean syngas is led to methanol-to-gasoline synthesis loop with added H2 

from an electrolyser. 
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Figure 13. Hybrid gasification methanol-to-gasoline synthesis model gas cleaning process. 

From: Hannula, I., 2016. 

 

4.3  Heat integration, use and sources 

Heat integration or the utilization of waste heat, is crucial for to have a high total process 

efficiency (Clausen LR., et al., 2010, 2342, and Holmgren, KM., et al., 2012, 820). The first 

rule in utilizing waste heat is, that produced heat is typically the most efficient first to be 

utilized inside or near the same process it is produced, if possible. Secondly, inside the in-

dustrial complex or plant it was produced in, if possible. Lastly, if the heat energy is enough, 

the waste heat can be utilized outside the plant. (Koskelainen L., et al., 2006, 28.) 

This chapter will cover the possible heat sources in the presented hybrid methanol synthesis 

processes. This chapter will consider the heat from electrolysis process, methanol synthesis 

process loop and from the gasification process including product gas cleaning and 
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conditioning. The main point of this chapter is to consider how and where the heat from 

these processes could be integrated and utilized. 

The gasification product gas comes out of the gasifier in high temperature of 400-1300 ˚C, 

depending on the gasifier and the medium used. Product gas and gasifier heat has possibility 

of to be used in heat integration depending on the temperature of the gas cleaning process 

and the conditioning method used. Also, depending on the temperature the syngas is fed to 

the methanol synthesis. (Basu P., 2018 and Holmgren, KM., et al., 2012.)  

The electrolysers typically produce waste heat in the form of cooling need, as some of the 

electricity used is converted to heat. The heat that is produced by the electrolysers depend 

on the type of electrolyser used and what are its operating conditions. Commercial electro-

lysers can operate on the temperatures of 50 to 120 ˚C. These kinds of heats are on the lower 

side on the temperature, so their integration is not so beneficial typically (IRENA, 2020, 

Roode‐Gutzmer Q. I., et al., 2019, Lehnder M., et al., 2014, Olateju B, and Kumar A., 2011, 

and Buttler A. and Spliethoff, H., 2018.) 

As already touched on the topics in the Chapter 3, methanol synthesis reactions are exother-

mic in nature and produce heat. Even though, the operating temperatures of are above 200 

˚C, the temperatures cannot rise too high in the reactor due to catalyst deactivation, which 

can happen in the temperatures ca. and above 300 ˚C, in today’s copper-based catalysts. To 

keep the temperatures at suitable levels, the reactor needs cooling and the heat produced can 

be utilized inside or outside the plant. (Energy & Environmental Science, 2020 And Anicic 

B., et. al., 2014.) 

The distillation of methanol is also one process, where heat can be attained from and used 

in. The heat use is concerned to boiling of methanol and by products to be separated from 

the water. The heat can be attained from cooling of water and cooling/condensation of meth-

anol product. The heat attained is not so large in temperature, which depend on the pressure 

used in the distillation. (Clausen LR., et al., 2010 and Bertau M., et al., 2014.) All before 

mentioned heat sources have also a possibility to be integrated internally or in district heat-

ing, which will be covered in more detail in the subchapters below. 
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4.3.1  Internal use 

There is a large potential for the internal use in hybrid methanol synthesis process plant. This 

subchapter covers the internal use for biomass drying and typical heat use locations. 

 

Biomass drying 

Biomass drying could be one of the more potential uses for the heat inside the plant. Biomass 

typically has high moisture content, typically equal or higher than 20 % before any drying, 

depending on the biomass in question. (Basu P., 2018.) Drying has a positive effect on the 

heating value of the biomass, as the moisture, which would be needed to be vaporised during 

combustion or gasification, is removed. Also, it reduces the need of moisture removal in the 

gasification product stream. Drying can help with levelling the moisture content variation in 

a biomass fuel, which has large moisture variation in it (Satimus A., 2015, 38). 

Different types of drying processes are in use in biomass utilizing plant. The types that are 

used are drum dryers, one or multiple layers moving belt dryers, cascade dryers and pneu-

matical dryers.  Typically, the dryers use air, flue gasses or steam as their drying medium. 

The temperature used varies with the types used. For example, drum dryer uses air or steam 

at temperatures of 200-600 ˚C and belt dryers use temperatures of 30-150 ˚C for the drying 

air, which can be heated with steam or water. Some pneumatical dryers use superheated 

steam as the drying medium. The temperature of the drying air and condition of drying steam 

needs to be taken into account, when considering of using a waste heat source for the drying 

of the fuel. (Satimus Ari, 2015, 40-47.) Below in Figure 14 is an illustration for multistage 

biomass conveyor dryer. 
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Figure 14. Multistage biomass conveyor dryer. From: Hannula I., 2016. 

 

Typical and additional heat uses 

In the methanol synthesis process loop, there are possibilities to utilize heats of the synthesis 

process internally. As seen from process diagram in Figure 7, there is a preheater introduced 

to the stream, which utilize the heat internally to heat the syngas to the reactor to an appro-

priate temperature. The heat from the methanol synthesis process and cooling of products 

can be utilized to the distillation of the methanol and to steam generation for possible utili-

zation in gasification and product gas cleaning and conditioning.  (Clausen LR., et al., 2010 

and Hannula I., 2016.) 

There is also a possibility of utilizing the purge stream. Typically, the purge stream is burned, 

and its high temperature heat could be integrated inside the process for heating purpose. This 

is done in the Figure 5’s process figure, where the heat formed in purge gas combustion is 

utilized in the high heat consumption RWGS reactor, for example. Also, the purge waste gas 

combustion can be utilized in the preheating of gasses entering the methanol synthesis reac-

tor and for steam generation inside the process. (Energy Environmental Science, 2020 And 

Anicic B. et. al. 2014.) There could also be a possibility of using unneeded heat provided to 

a steam cycle and the purge gas in gas turbine cycle. This would produce additional electric-

ity to the use of electrolysis, which could be beneficial for lowering the need for outside 

electricity (Holmgren, KM., et al., 2012.) 
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4.3.2  District heating and example on heat integration 

The use of waste heat from processes is a possibility to be used as heating media for district 

heating (DH), if the waste heat source has high enough heat energy and temperature. DH is 

a form of heat, typically heated water or in rare cases steam, which is distributed to consum-

ers like housing in cities through a network of piping. European countries like Finland use 

maximum temperatures of ca. 120 ˚C for the water, when demand for heat is high. The pro-

cess waste heat needs to be able to be higher than the temperature in the DH to be able 

distributed to the network.  (Koskelainen L et al., 2006 and Holmgren, KM., et al., 2012) 

Below in Figure 15, is presented an example for a heat integration for a hybrid methanol 

production process, which produces DH. Also, some heat use is integrated inside the plant. 

 

Figure 15. Example for an integration of district heating from hybrid biomass steam-oxy-

gasification plant with methanol production. From: Clausen, L., et al., 2010. 
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In the Figure 15 above, is presented the heat integration and utilization for a model methanol 

production process, including hybrid process, in the study presented by Clausen LR., et al. 

(2010).  In the study they use all their heat sources as integration to the steam generation for 

the gasification and DH for a better energy efficiency and additional selling revenue.  

Their study used an oxy-steam gasifier in their hybrid model, which produced product gas 

in temperature of 800 ˚C. For the gas cleaning the product gas is cooled to a temperature of 

60 ˚C. Their study used an electrolyser which operated in a temperature of 70 ˚C, and its 

efficiency was 70%, and it produces heat that needs to be cooled away to keep the operating 

temperature constant. The methanol synthesis process heat comes from methanol reactor 

cooling which is operated in their study at a constant temperature of 235 ˚C and 144 bars. 

After the reactor there is a distillation process which uses and produces heat in the form of 

heating and cooling, as the mixture is heated for distillation and after that separated methanol 

condensed and water is cooled down. Also, additional heat comes from the cooling of com-

pressors needed to be pressurised to 144 bars before the methanol synthesis. The study model 

was able to get an overall efficiency of 96 % and an only methanol production efficiency of 

67 %. This study gives promising results for the heat integrations of a hybrid methanol pro-

duction plant and its heat integration to DH.  
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5. Feedstock sources of a hybrid plant 

In this chapter, the possible feedstocks of hydrogen sources will be described, covering elec-

trolysis and possible waste hydrogen sources, in more detail. The gasification as a technol-

ogy and its role of being the feedstock of carbon source to the process is also explained. The 

chapter also addresses some of the costs associated the technologies and feedstocks. This 

chapter’s focus is on giving an overview on feedstock technologies associated to the hybrid 

methanol production process. 

 

5.1  Renewable hydrogen sources 

This subchapter covers possible renewable (green) and waste hydrogen sources. This sub-

chapter also touches on the costs associated to the hydrogen production.  

 

5.1.1  Water electrolysis 

Electrolysis is well-established process where water is split into oxygen (O2) and hydrogen 

with electricity. It is the most common way on producing hydrogen in the world from water, 

and it is renewable as long as it is made with renewable electricity. (Bertau M., et al., 2014, 

212 and Olateju, B., and Kumar, A., 2011, 6328).  The water electrolysis is based on to the 

next reaction: 

𝐻2𝑂 → 𝐻2 +
1

2
𝑂2 (5) 

The how much total thermodynamical, electrical and thermal energy is needed for the elec-

trolysis water splitting, depends on the operating temperatures, which is presented in the 

Figure 16 below: 
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Figure 16. Electrolysis energy requirements depending on the operating temperature. From 

Lehnder M., et al., 2014. 

 

As seen from Figure 16, the electrical energy need decreases with the increasement of tem-

perature, but the thermal energy needs increases. The total energy can be seen to remain 

almost constant in liquid and gas phase. There is discontinuous drop in total energy demand 

going from liquid to gas phase, because in liquid phase additional energy is needed for evap-

oration, as seen in Figure 16. Increasement in pressure does not have large influence into the 

energy need or consumption for the electrolysis, but if the hydrogen is produced in higher 

pressure, it will reduce the energy consumption for additional compression downstream. 

(Roode‐Gutzmer Q. I., et. al., 2019, 12, Lehnder M., et al. 2014, 22, and Rivera-Tinoco R., 

et. al., 2016, 4548.) 

Hydrogen production from water electrolysis accounts ca. 4% of world total hydrogen pro-

duction. Most of the hydrogen production sources comes from non-renewable resources like 

natural gas (48%), Oil (30%) and Coal (18%). (IRENA, 2018.) Many references list the 

water electrolysis technologies like Alkaline Electrolysis (AEL), Polymer Electrolyte Mem-

brane (PEM) electrolysis, Solid oxide electrolyser cells (SOECS) electrolysis as the main 
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types of technologies that are used or developed in the water electrolysis field (Ghandehariun 

S. and Kumar, A., 2016, 9699, and Olateju, B. and Kumar, A., 2011, 6328). Also, some 

additional technologies like Anion Exchange Membrane (AEM) electrolysers are being de-

veloped. From these four different types of electrolysers, Alkaline and PEM electrolyser 

technologies are in commercial stage and the others are still in lab face or only commercial 

in lab size units. (IRENA, 2020, 31). 

Below in Figure 17, are presented the different electrolysis technologies and their function-

ing principles. Table 5 below, presents the specific technical values for the Alkaline, PEM, 

and SOECS electrolysis processes. 

 

Figure 17. Different available electrolysis technologies in stack level. From: IRENA, 2020. 
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Table 5. Specific technical values for different electrolysis processes. Combined from 

sources IRENA, 2020, IRENA, 2018, Roode‐Gutzmer Q. I., et al., 2019, Lehnder M., et al., 

2014, Olateju B., and Kumar A., 2011, Buttler A. and Spliethoff H., 2018, and VTT 2020. 

Operating parameters AEL PEM SOECS 

Operating temperature [˚C] 70-120 50-80 700-1000 

Operating pressure [bar] 1-30 1-200 1- 15 

Lifetime [h] 60 000-120 000 10 000-100 000 1-20 000 

Efficiency [kWh/kg, H2] 46-78 50-83 45-55 

Efficiency [%, LHV] 65-70 57-64 74-81 

Capacity per stack [Nm3/h] 1-1400 1-400 1-10 

Capital cost (system) [€/kWel] 550-1100 780-1400 2000- 5600 

Connectable to dynamic grid No Yes No 

Start-up time [cold/warm] 0.5- 2 h/1-5 min 5- 10 min/ <10s Hours/15 min 

Load flexibility [% of nominal load] 15 - 100 0-160 ±100 

Ramp-up/ramp-down 0.2-20%/sec 100%/sec NDA 

Max. nominal power per stack [MW] ≤6 ≤2 >0.01 

 

As seen from Table 5, there are large variations in technical values in and between specific 

technologies. This is due to large variation between the data technology providers and be-

tween the different sources given.  

Commercial electrolysis technologies, Alkaline and PEM, are the most promising when 

comparing the data from Table 5. Alkaline electrolysis has longer lifetime, larger capacity 

and lower capital cost, compared to PEM. PEM has higher operating pressure, lower oper-

ating temperature and possibility to connect to a dynamic electricity source, when comparing 

to alkaline electrolysis. Alkaline electrolysers have a possibility of varying their operating 

power, but this can lead to negative effect on the electrolyser’s lifetime (Olateju, B., and 

Kumar, A., 6329). 

Due to SOECS being still developing method it needs to developed even more to be compa-

rable with Alkaline electrolysis and PEM. Still there is no clear winner, as all technologies 

has their advantages and disadvantages, and all could be utilized in hybrid plant. Below in 

Figure 18 and Figure 19, is presented basic system level process diagram for Alkaline and 

PEM electrolysis processes, respectively. The Figures show the basic system level processes 

needed for electrolyser technologies. 
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Figure 18. Alkaline electrolyser system level process diagram. From: IRENA, 2020. 

 

Figure 19. PEM electrolyser system level process diagram. From: IRENA, 2020. 

 

As seen from Figure 18 and Figure 19, there is some differences between the system level 

processes of Alkaline electrolysis and PEM, but the differences come mostly from the elec-

trolyser technology itself, as AEL uses electrolyte solution kalium hydroxide for the water 

splitting. The supporting systems like oxygen removal (deoxo), reservoirs and dryers are 

similar in both systems. 
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European Union (EU) has given a strategy towards renewable hydrogen production (A hy-

drogen strategy for a climate-neutral Europe). EU has set a target to install at least 6 GW of 

renewable hydrogen electrolysers to EU, which account to a target of 1 MT (Million tons) 

of renewable hydrogen production by 2024. EU has also a target for manufacturers to scale 

their electrolysers up to 100 MW scale. From 2025 to 2030, the target has been set to install 

at least 40 GW of renewable hydrogen electrolysers, and up the production of renewable 

hydrogen up to 10 MT. On the third time period from 2030 to 2050, EU has set a target to 

mature renewable hydrogen technologies and deploy them in large scale to all hard-to-de-

carbonize sectors. (EU 2020, 6-8.) 

These targets need large investments to be reached, so EU has promised to make large in-

vestment on electrolyser technology directly and in renewable electricity production to ac-

count for the large demand for renewable electricity use by the electrolysers. This would 

amount to investments ranging from 180 to 470 billion € by 2050. (EU 2020, 8-9.) These 

capacity increasements and investments would benefit the hybrid and power-to-methanol 

processes. 

Some projects have already been funded and already started operations. One of these is 

Shell’s PEM hydrogen electrolyser at Energy and Chemical Park, Rheinland. The project 

was partly funded through the Fuel Cells and Hydrogen Joint Undertaking (FCH JU) through 

European Commission. Size of the PEM electrolyser is 10 MW, which is stated to be largest 

in the Europe and produce up to 1300 tonnes of green hydrogen per year, if renewable elec-

tricity is available. They also plan to expand the electrolyser capacity from 10 to 100 MW. 

(Shell 2021.) 

There are many commercial providers for water electrolysis technologies, which offer or are 

developing AEL, PEM and SOEC electrolysis. For example, Honda and Siemens Energy are 

key players in PEM electrolysis, Hitachi Zosen and Thyssenkrupp Uhde in AEL, and 

SOLIDpower and Toshiba in SOEC electrolysis. (IRENA, 2020.) 

 

5.1.2  Other sources 

Hydrogen could also be utilized from waste sources in the chemical industries. For an ex-

ample, LUT-university made feasibility study in 2021 for a P2X concept of making different 
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carbon neutral fuels with methanol synthesis as process step and utilization of excess hydro-

gen and carbon dioxide. The excess hydrogen was planned to be utilized from chlorate pro-

duction from a Kemira chemical plant in Joutseno. The amount of excess hydrogen was 

estimated to be 5 kilotons per year, which is a considerable amount. In the study there was 

also a plan to make additional water electrolysis for additional hydrogen generation to work 

conjunction with the waste source or when the waste source is not available. (Laaksonen P., 

et.al. 2021.) 

 

5.1.3  Cost of hydrogen and electrolysis  

In making of green hydrogen the effecting parameters for the price are, electrolyser cost and 

performance, and the price of renewable electricity. As the electrolyser and renewable elec-

tricity prices diminish and electrolysis performance improves, the green hydrogen produc-

tion price is also going to get less. (IRENA, 2020b, 180 and IRENA and Methanol Institute 

2021, 78-79.) Waste hydrogen has a possibility for additional hydrogen utilization if it’s 

capture is economic enough compared to the price of hydrogen produced from electrolysis. 

The price of hydrogen production now and estimation of future production prices are pre-

sented in the Table 6 below. 

Table 6. Estimated cost of hydrogen production reduction.  From: IRENA and Methanol 

Institute, 2021 with (1 USD = 0.9 €). 

  2015-2018 by 2030 by 2050 

Estimated Cost (€/kg H2) 3.6-7.2 1.1-4.5 0.8-1.8 

 

The most promising electrolysis technologies now are Alkaline electrolysis and PEM elec-

trolysis. Their specific investment costs are expected to decrease as function of system size 

in the future, this is presented in the Figure 20 below: 
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Figure 20. Electrolyser expected specific investment costs over system size. Data adapted 

from: IRENA, 2020 with (1 USD = 0.9 €). 

 

From the Figure 20 above can be seen that, Alkaline electrolyser’s specific investment costs 

are lower compared to PEM. These are still estimations as no larger than 20 MW units are 

offered and in 2020 largest installed alkaline electrolyser was 10 MW in Fukushima Japan. 

(IRENA, 2020, 72.) 

 

5.2  Renewable carbon sources 

This subchapter will cover the carbon sources for the hybrid methanol production plant. The 

chapter will focus on renewable sources, which consists of biomass gasification. Also, cost 

of biomass with cost of gasification and product gas cleaning process will be covered. 

 

5.2.1  Biomass gasification 

Biomass gasification is thermal conversion of solid or liquid biomass to desirable and usable 

gasses, as a form of product gas. Typically, the product gas or syngas consists mainly of 

CO2, CO, H2, H2O, Nitrogen (N2), O2, Methane (CH4), higher order hydrocarbons (CnHm), 
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ash, tar and other impurities in varying contents depending on the gasification medium, gas-

ification temperature, the gasifier type and fuel used.  

There are three kinds of mediums that are typically used: air, oxygen and steam. They can 

be used individually or with combination with one another, like oxy-steam or air-steam. 

Typically, the medium is fed so that the stoichiometric amount of oxygen to combust the 

fuel is not exceeded and only partial combustion is achieved, if the gasifier is directly 

heated/fired. (Basu P., 2018 and Bertau M., et al., 2014.) The gasifier can be indirectly 

heated/fired from a high enough heat sources (Holmgren, KM., et al., 2012, 819). 

The gasification reaction temperatures vary between 800-2000 ˚C depending on the fuel and 

gasifier type and gasification medium used. The exit temperature of the product gas also 

varies between 450-1300 ˚C from the same parameters (Basu P., 2018). The temperature of 

the gasifier has been found to influence the tar and methane production from it. The higher 

the temperature, the lower methane and tar concentrations get in the syngas produced, but 

this increases thermal loads and costs of the gasifier. The pressure of the gasifier has been 

found beneficial for reducing the size of the equipment and reducing the investment and 

operating costs of downstream pressurization. Pressurization makes feeding of solid fuels 

like biomass harder to the gasifier. (Holmgren, KM., et al., 2012, 818-819.) 

Different types of gasifiers are developed to satisfy different needs and meet certain eco-

nomic targets. Types that are typically used, are divided into main groups: fixed bed, moving 

bed, fluidized-bed, entrained flow and plasma gasifiers. Also, there can be sub-categories 

for fixed bed type gasifiers depending on the flow conditions of gasification medium. These 

are divided into Updraft, Downdraft or cross draft gasifiers. For biomass gasification the 

preferred type of gasifier type is fluidized bed type gasifiers, due to their inherent capability 

of accepting fuels in varying moisture and quality. The moisture of the fuel effects also on 

the composition of the product gas. The preferred types of biomasses are woody based bio-

masses directly or from waste streams. (Prabir, B., 2018 and Bertau M., et al., 2014.) In the 

Figure 21 below are illustrated, a bubbling fluidized bed and a circulating fluidised bed gas-

ifier. 
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Figure 21. Example on bubbling fluidized bed gasifier (left) and circulating fluidised bed 

gasifiers (right). From: Prabir, B., 2018. 

 

In bubbling fluidized bed gasifiers, the fuel plus bed material is kept in suspension (fluidised) 

by the medium flow and undergoes the gasification reaction process of pyrolysis and partial 

combustion. In circulating fluidised gasifiers, the medium is fed in higher velocity resulting 

in the circulating of fuel from a cyclone back to the reactor side (see Figure 21).  (Bertau M., 

et al., 2014, 132.) The use of different kind of gasifiers and different gasification medium, 

effects on the product gas composition and heating value that is produced. This is demon-

strated in the Table 7 and Figure 22 below.  

Table 7. Gasifier type and gasification medium effect on the dry product gas composition 

and heating value. From: Prabir, B., 2018.  

Gasifier 

type Medium 

H2 

(%vol) 

CO 

(%vol) CO2 (%vol) CH4 (%vol) 

HHV 

(MJ/m^3) 

Fluidized 

bed 
Air 9 14 20 7 5.4 

Updraft Air 11 24 9 3 5.5 

Downdraft Air 17 21 13 1 5.7 

Downdraft Oxygen 32 48 15 2 10.4 

Twin fluid-

ized bed 
Oxygen 31 48 0 21 17.4 
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Figure 22. Dry product gas composition for air, air-steam, oxygen and oxygen-steam used 

as gasification medium in gasification of hydrolytic residues of biomass, in an updraft gasi-

fier. Axx/xx is air-steam-, Axx is air-, Oxx/xx is oxy-steam and Oxx is oxy-gasification in 

different conditions. CnHm is methane plus tar and higher hydrocarbons. From: Cerone N., 

et al., 2017 

 

As already stated in earlier chapters, biomass gasification has potential in production of bio-

methanol individually in bio-methanol plants, or hybrid methanol as part of hybrid methanol 

plants, from its product gas. The composition of gasification product gas is crucial for the 

methanol synthesis. The product gas composition qualities consist of having the COR low, 

having the SN as close to two as possible and the inert gasses like CH4 and N2 low. Also, 

the impurities in the gas stream need to be low and cleaned from the product gas. Also, 

possible conditioning is typically done before methanol synthesis. These topics were covered 

in the Chapters 3 and 4.2  

Oxygen utilization in gasifier medium can be expensive and therefore other mediums and 

medium mixes are also favoured (Holmgren, KM., et al., 2012, 818). For the hybrid plant 

the utilization of oxygen or oxygen-steam as gasifier medium is not as unfavourable as to 

other plants, due to the excess oxygen production already from electrolyser that can be uti-

lized. 

The gasifier plants used commercially usually use two or more gasifiers working side-by-

side. This is done to maximize the availability of the plant if one is temporarily un-available 

in the maintenance and production point of view, and because there is no need for scaling 
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up one gasifier technology if one can use multiple smaller gasifiers. (IRENA and Methanol 

Institute 2021, 37.) 

The study made by IRENA and Methanol Institute (2021, 38), lists 14 different renewable 

feedstock-based (including biomass, MSW and black liquor) gasification-to-products plants 

in operation, being constructed or being engineered. The gasification plants produce or plan 

to produce methanol, Fischer-Tropsch-products, gasoline, di-methyl-ether (DME), ethanol 

or just plain syngas as their gasification end-product. 9 of the listed gasification plants pro-

duce methanol or use methanol as a step for ethanol or DME. From these plants, 7 of them 

uses directly oxygen fired bubbling fluidized bed gasifiers, 1 uses directly oxygen fired up-

draft gasifiers and the last one uses directly oxygen fired Entrained flow gasifiers. One could 

say that these kinds of gasifiers and gasification mediums are used because they provide 

good raw product gas composition for methanol synthesis processes and are suitable for 

gasification of biomass. The gasification plants that only produce methanol, produce or are 

planning to produce from ca.100 up to 875 kilotons of methanol per year.  

There are also many providers for gasification technologies. For example, Foster Wheeler 

in Finland and GTI in the United States provides circulating fluidized bed gasifiers for gas-

ification of biomass. (Bertau M., et al., 2014.) 

 

5.2.2  Cost of biomass and gasification  

Different biomasses cost different amount and the location of the plant has an effect on the 

biomass supply cost. The cost or supply cost of biomass is a sum of collection, production, 

processing and transportation costs. If the biomass is produced domestically, it’s supply cost 

can be divided into three groups: Low, medium and high supply cost. The low cost consists 

of MSW and processing residues with a cost of below 5 USD/GJ which is ca. 4.5 €/GJ (with 

assumption 1 USD = 0.9 €). The medium supply cost is ca. 5 USD/GJ to 8 USD/GJ, which 

is ca. 4.5 €/GJ to 7.2 €/GJ, and typically harvesting residues cost this much. The high supply 

cost group consists of cost of energy crops and forestry products like wood fuels, which can 

cost over 8 USD/GJ or ca. 7.2 €/GJ. (IRENA and Methanol Institute 2021, 68, and IRENA 

2014, 34.) 
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The total gasification system investments cost usually consists of the gasifier type used and 

the cost of the product gas cleaning and conditioning. Gasifier including high quality clean-

ing can cost 13.6 M€ with a 30 MWth thermal power, giving it a specific cost of 0.45 M€/ 

MWth (Clausen LR., et al., 2010). From study made by Hannula I., and Kurkela E., (2013) 

the estimated costs come to around same gasification and cleaning specific cost of 0.44 to 

0.45 M€/ MWth, with a 350 MWth thermal power and with a 149.8 to 152.9 M€ cost depend-

ing on the configuration used.  

When comparing cost of gasifier type only, estimating from study made by Hannula I., 

(2016) the specific cost comes to 0.15 M€/ MWth, LHV to a directly fired oxygen gasifier and 

specific cost of 0.07 M€/ MWth, LHV to an indirectly fired atmospheric steam gasifier with 

thermal power of 111.9 MWth, LHV, when excluding costs for the syngas cleaning. With the 

cost of syngas cleaning taken into account the specific cost would be ca. 0.5 M€/ MWth, LHV, 

to the oxygen gasification system and ca. 0.3 M€/ MWth, LHV, for the steam gasification sys-

tem. The gasifier type is a considerable amount of the investment on gasification system, but 

most of the price comes from the syngas cleaning and conditioning investment cost for high 

quality requirements for product synthesis.   
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6. Modelling of hybrid process and comparing cases  

In this chapter the models build will be described. Also, the modelling program of IPSEpro 

will be introduced, and the individual components built and selected for the process model 

will be explained. In this chapter the goal is to explain how the modelling was done, how 

the results were obtained, and what results were gotten. 

 

6.1  Introduction 

The modelling goal is to do a techno-economic comparison. To do a techno-economic com-

parison for a hybrid methanol production plant, a concept model needs to be constructed for 

it and comparing cases. For this task IPSEpro was decided to be the modelling program of 

choice, as it has a possibility of building a process model from the ground up. The process 

models are based on the information provided from the literature part of this thesis. 

 

6.1.1  Modelling targets and methodology  

The modelling target is to do a technical model to IPSEpro of a hybrid gasification methanol 

production plant. The model is done to study its energy and mass balances, its performance, 

and also estimate its economical investment and cost of production. To study the hybrid 

model competitiveness, comparing cases are made. These comparing cases consist of e-

methanol production (P2X) plant and bio-methanol (gasification only) production plants. 

Also, a comparison of the gasification medium used is made between the gasification using 

plants, using oxygen and oxygen-steam mix as comparison mediums. These are both were 

found to be promising for methanol production.  

The models basic operating parameters are assumed or taken from literature. The models are 

done in steady-state basis. The basic parameters are kept constant between models, so a 

comparison with them can be made, but the models were developed in that mind that one 

can change some of the operating values and parameters and the model adjusts to that.  
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6.1.2  Process modelling program IPSEpro 

IPSEpro is a process modelling program that allows to set up models graphically and solve 

the set of equations using a Kernel solver, mathematically. IPSEpro uses individual compo-

nents inside its model library. User has unlimited access to modify existing or build individ-

ual process components to his/her library and process applications. The individual compo-

nents have mathematical equations inside them and variables that can be set or to be solved 

by the IPSEpro solver. The equations can come from mass and energy balances or from 

chemical equilibrium reactions, for example. IPSEpro’s solver technique is to have equations 

and number of variables to be solved, equal. To solve set of equations, IPSEpro uses algo-

rithms set by the developers of the program. 

IPSEpro allows the combination of these individual components through connections of 

stream or shafts. Fuels streams can be added to IPSEpro, by elementary basis compositions. 

IPSEpro’s basic library has ideal gas properties for 13 different gasses, including H2O, CO, 

CO2, H2, CH4 and H2S, but not for methanol and a stream can consist as one or mix of these 

different gasses. IPSEpro also has real properties for water/steam modelled in it, as IPSEpro 

has been used substantially for steam powerplant process modelling. The stream composi-

tions and properties like pressure, temperature, mass flow and enthalpy can be set by the 

user or be solved by the program if needed. (SimTech Simulation Technology, 2021.) 

 

6.1.3  Refprop fluid properties implementation 

As already stated before, IPSEpro does not have methanol fluid properties attached to it as 

default. Luckily IPSEpro has possibility of using outside fluid properties, at least if they are 

coded in the same language as the base properties’ library.  

With the help of colleagues from LUT-university, Refprop fluid properties library was able 

to implement to the IPSEpro. This enabled the use of methanol properties for the energy and 

mass balance calculations of IPSEpro. The reference enthalpy of Refprop was set to be in 

the same point as IPSEpro’s (at close to 0 bar and 0.1 Celsius enthalpy is 0 kJ/kg).  

The idea at first was to implement to use Refprop fluid properties for a one stream which 

has all the different components, like methanol, CO, CO2 and water, for example, mixed to 
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it. This was found to be too advanced for the Refprop fluid properties and a simplification 

needed to be made. The simplification was made so that only real gasses like methanol and 

water were modelled through Refprop properties in the same stream and all the gasses like 

CO and CO2 for example were modelled as ideal gasses through IPSEpro’s properties library 

in their own stream. These streams would in reality be in the same stream, but in this sim-

plification, they are separated for this reason. 

 

6.2  General model description 

First, a process model for a hybrid model with oxy gasification was build, which is presented 

in Figure 23 below. After that total of five different models were made. These can be divided 

to three main categories of hybrid process models, P2X process model and gasification only- 

process models. The other model process diagrams are presented in the Appendix I. 

The P2X process model is the simplest and consists of alkaline electrolyser, and methanol 

synthesis loop. Gasification only-process models have the electrolyser replaced by gasifier 

with syngas cleaning and a WGS-reactor. The hybrid- process models have a gasifier and an 

electrolyser working side-by-side to replace WGS-reactor. Hybrid model is basically com-

bination of P2X and gasification only models. The methanol synthesis loops are the same in 

all models, and only one synthesis reactor is used. The gasification only and hybrid- process 

models have oxy and oxy-steam gasification models associated to them. This means that 

total of 5 models were made.  

All the models produce 100 kilotons of methanol and are assumed to run 7500 hours per 

year. The heat utilization limit for DH is set to be above 90 ˚C. The cooling water is assumed 

to enter the process at 25 ˚C and no pumping energy needs are taken in to account in the 

models. Additional processes like biomass drying, waste gas combustion and hydrogen re-

covery were also modelled. Some simplifications and assumptions needed to be made to 

make the models work. They will be mentioned in the individual model components descrip-

tions. 
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Figure 23. Oxy-gasification hybrid methanol production plant process model in IPSEpro.
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6.3  Model components descriptions  

In this chapter the modelled components will be described in detail and their modelling prin-

ciples are shown. Also, their basic operating parameters, equations, assumptions and simpli-

fications are also presented.  The process components, their parameters and biomass prop-

erties can be found in detail in Appendix I. 

 

6.3.1  Methanol synthesis loop  

The main part in model development was the development of the methanol synthesis loop, 

especially the synthesis reactor. The loop consists of methanol synthesis reactor, condensing 

heat exchanger-gas-liquid separator, distillation, PSA and waste gas combustion models. 

The un-reacted gasses are recycled to achieve high conversion in the synthesis reactor, in all 

models.  

 

Methanol synthesis reactor model 

The user-built methanol synthesis reactor model is assumed to work with ideal gasses, iso-

thermally and the products reach equilibrium at the reactor outlet. No impurities reactions 

are modelled, and their formation is neglected. No catalyst behaviour is taken into account 

in the model.  

The equilibrium state is calculated through change in Gibbs free energy ∆𝐺 using formation 

enthalpy and entropy temperature plots for the involving species from NIST Webbook 

(2021) and NASA Polynomials databases (2021).  Gibbs free energy change is defined as 

presented for example by Çengel YA., and Boles MA., (2007): 

∆𝐺 = ∆𝐻 − 𝑇∆𝑆 (6)  

Where ∆𝐻 is the formation enthalpy change, 𝑇 is the temperature of the reactor and ∆𝑆 is 

the entropy change. The equilibrium constant 𝑘𝑒𝑞 of a reaction is defined as: 
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𝑘𝑒𝑞 = 𝑒−
∆𝐺
𝑅𝑇 (7) 

Where 𝑅 is the gas constant. The reactions that happen in the reactor are shown in eq. (1), 

eq (2) and eq. (3). The equilibrium concentration in the reactor can be acquired with two, 

for example through CO-hydrogenation and WGS-reaction already stated in eq. (2) and (3). 

(Çengel YA., and Boles MA., 2007 and Bertau M., et al., 2014). The equilibrium constants 

for these reactions 𝑘𝐶𝑂 and 𝑘𝑊𝐺𝑆 with the assumptions of ideal gasses can be calculated with 

the partial pressures of the species involved after the reactions have happened, presented by 

Bertau M., et al., (2014, 224-225.): 

𝑘𝐶𝑂 =
𝑝𝑀𝑒𝑂𝐻

𝑝𝐶𝑂𝑝𝐻2
2

(8)  

𝑘𝑊𝐺𝑆 =
𝑝𝐶𝑂𝑝𝐻2𝑂

𝑝𝐶𝑂2
𝑝𝐻2

(9) 

Where 𝑝𝑀𝑒𝑂𝐻, 𝑝𝐶𝑂, 𝑝𝐶𝑂2
, 𝑝𝐻2

 and 𝑝𝐻2𝑂 are the partial pressures of methanol, carbon mon-

oxide, carbon dioxide, hydrogen and water at the outlet equilibrium, respectively. With these 

the equilibrium was calculated at the outlet of the reactor, with the knowledge, that species 

partial pressure is the species mole fraction times total pressure in the reactor.  

As the reactions involved in the methanol synthesis are exothermic and the reaction enthalpy 

changes through temperature, their reaction enthalpy was estimated through the formation 

enthalpy plots of the species, used in the calculations before from the databases. The reac-

tions to methanol are considered to produce the heat in the reactor. These are the hydrogena-

tion reactions shown in eq. (1) and (2). The eq. (1) reaction enthalpy 𝐻𝑟,𝐶𝑂2
 can be calcu-

lated through eq. (3). 𝐻𝑟,𝑊𝐺𝑆 and (2) 𝐻𝑟,𝐶𝑂 reaction enthalpy. 

𝐻𝑟,𝐶𝑂 = 𝐻𝑀𝑒𝑂𝐻(𝑇) − 𝐻𝐶𝑂(𝑇) − 2𝐻𝐻2
(𝑇) (10) 

𝐻𝑟,𝑊𝐺𝑆 = 𝐻𝐶𝑂2
(𝑇) + 𝐻𝐻2

(𝑇) − 𝐻𝐶𝑂(𝑇) − 𝐻𝐻2𝑂(𝑇) (11) 

𝐻𝑟,𝐶𝑂2
= 𝐻𝑟,𝐶𝑂 − 𝐻𝑟,𝑊𝐺𝑆 (12) 

Where 𝐻𝑀𝑒𝑂𝐻(𝑇), 𝐻𝐶𝑂(𝑇), 𝐻𝐶𝑂2
(𝑇), 𝐻𝐻2

(𝑇) and 𝐻𝐻2𝑂(𝑇) are the formation enthalpies of 

methanol, carbon monoxide, carbon dioxide, hydrogen and water at the operating tempera-

ture of the reactor. The reaction heat 𝑄𝑟𝑒𝑎𝑐𝑡 can be then calculated. 
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𝑄𝑟𝑒𝑎𝑐𝑡 =  −(𝐻𝑟,𝐶𝑂𝑋𝐶𝑂𝑛𝐶𝑂,𝑖𝑛 + 𝐻𝑟,𝐶𝑂2
𝑋𝐶𝑂2

𝑛𝐶𝑂2,𝑖𝑛) (13) 

Where 𝑋𝐶𝑂 and 𝑋𝐶𝑂2
 are the conversion ratios of carbon monoxide, carbon dioxide, respec-

tively, and 𝑛𝐶𝑂,𝑖𝑛 and 𝑛𝐶𝑂2,𝑖𝑛 are the reactor inlet mole amounts of carbon monoxide, carbon 

dioxide, respectively. The conversion rates of carbon monoxide 𝑋𝐶𝑂, carbon dioxide 𝑋𝐶𝑂2
 

presented by Bertau M., et al., (2014, 224) are defined as: 

𝑋𝐶𝑂 =  
𝑛𝐶𝑂,𝑖𝑛 − 𝑛𝐶𝑂,𝑜𝑢𝑡

𝑛𝐶𝑂,𝑖𝑛
(14) 

𝑋𝐶𝑂2
=  

𝑛𝐶𝑂2,𝑖𝑛 − 𝑛𝐶𝑂2,𝑜𝑢𝑡

𝑛𝐶𝑂2,𝑖𝑛
(15) 

Where 𝑛𝐶𝑂,𝑜𝑢𝑡 and 𝑛𝐶𝑂2,𝑜𝑢𝑡 are the outlet mole amounts of carbon monoxide, carbon diox-

ide, respectively.  With the conversion rates the component mole balance or change is cal-

culated: 

∆𝑛𝑀𝑒𝑂𝐻 = −∆𝑛𝐶𝑂 − ∆𝑛𝐶𝑂2 (16) 

∆𝑛𝐻2𝑂 = −∆𝑛𝐶𝑂2 (17) 

∆𝑛𝐻2 = 2∆𝑛𝐶𝑂 + 3∆𝑛𝐶𝑂2 = 2𝑋𝐶𝑂𝑛𝐶𝑂,𝑖𝑛 + 3𝑋𝐶𝑂2
𝑛𝐶𝑂2,𝑖𝑛 (18) 

∆𝑛𝑖𝑛𝑒𝑟𝑡 = 0 (19) 

Where ∆𝑛𝑀𝑒𝑂𝐻 , ∆𝑛𝐶𝑂 , ∆𝑛𝐶𝑂2 , ∆𝑛𝐻2𝑂 , ∆𝑛𝐻2 and ∆𝑛𝑖𝑛𝑒𝑟𝑡  are the mole amount changes of 

methanol, carbon monoxide, carbon dioxide, water, hydrogen and inert gasses, such as ni-

trogen and methane, in the reaction, respectively. The heat balance of the whole reactor is 

defined as: 

𝑞𝑚,𝑆𝐺,𝑖𝑛ℎ𝑆𝐺,𝑖𝑛 + 𝑄𝑟𝑒𝑎𝑐𝑡 = 𝑄𝑐𝑜𝑜𝑙 + 𝑞𝑚,𝑔𝑎𝑠,𝑜𝑢𝑡ℎ𝑔𝑎𝑠,𝑜𝑢𝑡 +  𝑞𝑚,𝐻2𝑂+𝑀𝑒𝑂𝐻,𝑜𝑢𝑡ℎ′′𝐻2𝑂+𝑀𝑒𝑂𝐻,𝑜𝑢𝑡 20  

Where 𝑄𝑐𝑜𝑜𝑙 is the need for cooling, 𝑞𝑚,𝑆𝐺,𝑖𝑛 and ℎ𝑆𝐺,𝑖𝑛 are the mass flow and specific en-

thalpy of the syngas in the reactor, and 𝑞𝑚,𝑔𝑎𝑠,𝑜𝑢𝑡, ℎ𝑔𝑎𝑠,𝑜𝑢𝑡, 𝑞𝑚,𝐻2𝑂+𝑀𝑒𝑂𝐻,𝑜𝑢𝑡 and 

ℎ′′𝐻2𝑂+𝑀𝑒𝑂𝐻,𝑜𝑢𝑡 are the mass flow and specific enthalpy of unreacted ideal gasses and reactor 

product water and methanol mix, in gas state, out of the reactor, respectively. Overall con-

version or methanol yield per pass from products to methanol can be defined as: 

𝑋𝑀𝑒𝑂𝐻 =  
𝑛𝑀𝑒𝑂𝐻,𝑜𝑢𝑡

𝑛𝐶𝑂,𝑖𝑛 + 𝑛𝐶𝑂2,𝑖𝑛
(21) 
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Where 𝑛𝑀𝑒𝑂𝐻,𝑜𝑢𝑡 the methanol outlet mole flow or amount.  The methanol synthesis reactor 

synthesis behaviour was validated through the usage of Figure 24 and Figure 25, to see how 

the model reactor behaves in different operating points. 

 

Figure 24. Model behaviour compared to source Energy & Environmental Science, 2020 

figure, with CO-based (COR ≈ 0) and CO2  (COR ≈ 1). 
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Figure 25. Model methanol synthesis reactor (dots) behaviour validation compared to source 

Peinado C., et al., 2021, by changing COR at 230 ˚C and 50 bars at stochiometric number of 

2. 

As seen from the Figure 24 and Figure 25, the built model works close to the validated 

sources, with little deviation, which can come from the assumption of ideal gas law. The 

methanol synthesis reactor works at 50 bar and at an isothermal temperature of 230 ˚C in the 

models, as presented in the Figure 25. The syngas is fed to the reactor at that temperature 

and pressure. It is assumed that there is a pressure loss of 5 bars in the reactor and the sto-

chiometric ratio is at optimum value of 2. The reactor cooling outlet temperature is set to 

215 ˚C. It is assumed that there are no heat losses in the reactor. The COR of the syngas 

stream to the reactor changes between the model used. Methanol synthesis reactor- model  

is illustrated in the Figure 26 below. 
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Figure 26. Methanol synthesis model in IPSEpro. Refprop properties stream has black border 

for easier identification. 

 

Condensing heat exchanger and Gas-liquid separator- model 

The formed methanol and water leave the reactor as real gas in a stream with Refprop fluid 

properties with parallel to the un-reacted ideal gasses with IPSEpro’s fluid properties. The 

parallel streams are assumed to leave in a total combined pressure of 45 bar, and the indi-

vidual streams have their pressure adjusted with their individual partial component pressure 

sum. As already stated, this was as simplification, because of errors with all fluids in the 

same stream with Refprop.  

The streams are led to a user-built condensing heat exchanger which condenses the methanol 

and water and cools the gasses to 60 ˚C. The gasses and liquids are separated in a gas-liquid 

separator, which leads the un-reacted gasses to another direction than the methanol water 

mix. This two-part system was combined for simplification and is inspired by study Clausen, 

LR., et al., (2010) process design. It is assumed that full separation of gasses and liquids is 

achieved. Refprop properties are used for water/methanol mix and IPPSEpro’s own proper-

ties for the ideal gasses. The pressure loss in the condensing heat exchanger and gas-liquid 

separator combination is assumed to be 5 bars. The energy balance of the model is defined 

as: 

𝑞𝑚,𝑔𝑎𝑠,𝑖𝑛ℎ𝑔𝑎𝑠,𝑖𝑛 + 𝑞𝑚,𝐻2𝑂+𝑀𝑒𝑂𝐻,𝑖𝑛ℎ′′𝐻2𝑂+𝑀𝑒𝑂𝐻,𝑖𝑛 − 𝑄𝑐𝑜𝑜𝑙 = 𝑞𝑚,𝑔𝑎𝑠,𝑜𝑢𝑡ℎ𝑔𝑎𝑠,𝑜𝑢𝑡 + ⋯

 𝑞𝑚,𝐻2𝑂+𝑀𝑒𝑂𝐻,𝑜𝑢𝑡ℎ′𝐻2𝑂+𝑀𝑒𝑂𝐻,𝑜𝑢𝑡 (22)
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Where and 𝑞𝑚,𝑔𝑎𝑠,𝑖𝑛, ℎ𝑔𝑎𝑠,𝑖𝑛, 𝑞𝑚,𝐻2𝑂+𝑀𝑒𝑂𝐻,𝑖𝑛 and ℎ′′𝐻2𝑂+𝑀𝑒𝑂𝐻,𝑖𝑛 are the mass flow and en-

thalpy of unreacted ideal gasses and reactor product water and methanol mix, in gas state, 

out of the reactor into the model, respectively and ℎ′𝐻2𝑂+𝑀𝑒𝑂𝐻,𝑜𝑢𝑡 is the condensed liquid 

water and methanol mix enthalpy out of the model. The model is presented in the Figure 27 

below:  

 

Figure 27. Condensing heat exchanger and Gas-liquid separator- model in IPSEpro.  

 

Distillation- model 

The methanol water mix is led to user-built distillation model, but before that the pressure is 

dropped to 3.5 bars. Only methanol and water mix stream is led to the model like in study 

made by Clausen, LR., et al., (2010). In the distillation it is assumed that only pure methanol 

is leaving the upper side of the column and the methanol leaving is at gas state. The water is 

assumed to leave from the bottom as liquid, as a simplification. This done to get some heat 

use estimation allocated to the use in distillation. Refrop properties are use in the model inlet 

and outlet streams. The distillation temperature at this pressure is around 101 ˚C, which was 

also determined by Refprop properties by specific enthalpy of 80 kJ/kg due to Refprop hav-

ing issues with temperature iterations. The heat used for the phase change of methanol is 

provided internally from methanol synthesis, condensing of products and WG combustion. 

After the column the methanol is condensed and cooled, and water is cooled down to 45 ˚C 
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and leave the process, in separate streams. No pressure losses are considered in the model. 

The heat balance is presented below: 

𝑞𝑚,𝐻2𝑂+𝑀𝑒𝑂𝐻,𝑖𝑛ℎ′𝐻2𝑂+𝑀𝑒𝑂𝐻,𝑖𝑛 + 𝑄ℎ𝑒𝑎𝑡 = 𝑞𝑚,𝑀𝑒𝑂𝐻,𝑜𝑢𝑡ℎ′′
𝑀𝑒𝑂𝐻,𝑜𝑢𝑡 +  𝑞𝑚,𝐻2𝑂,𝑜𝑢𝑡ℎ′

𝐻2𝑂,𝑜𝑢𝑡 23 

Where 𝑄ℎ𝑒𝑎𝑡 is the heat provided to the distillation/ boiling or phase change of methanol, 

ℎ′𝐻2𝑂+𝑀𝑒𝑂𝐻,𝑖𝑛 is the liquid state specific enthalpy of water methanol mix to the model, 

𝑞𝑚,𝑀𝑒𝑂𝐻,𝑜𝑢𝑡 and ℎ′′
𝑀𝑒𝑂𝐻,𝑜𝑢𝑡 are mass flow and gas state specific enthalpy of methanol out 

of the model, and 𝑞𝑚,𝐻2𝑂,𝑜𝑢𝑡 and ℎ′
𝐻2𝑂,𝑜𝑢𝑡 are the mass flow and liquid state enthalpy of 

water leaving the model. Distillation column model is illustrated in the Figure 28 below. 

 

Figure 28. Distillation model in IPSEpro.  

 

Recirculation of un-reacted gasses and PSA- model 

Most of the models, 95 % of the unreacted gasses are recirculated. Exception is made in the 

P2X process model, because it needs more of gasses led to waste gas combustion, due to the 

heat need for the preheating of syngas to the methanol synthesis reactor. The larger part of 

un-reacted gasses is pressurized and mixed with the syngas stream. The smaller portion is 

the purge stream and is led to pressure swing absorption unit to recycle some of the hydrogen 

back to the synthesis. The PSA-model is assumed to have a recovery efficiency 𝑟𝐻2
 of 90% 

and a specific electricity power consumption 𝑞𝑠𝑝𝑒𝑐,𝑒𝑙𝑒𝑐𝑡. of 20 kWh/kgH2,rec.. Its introduction 

to the model was inspired by study Anicic B., et al., (2014) process model. No pressure 

losses are taken into account. The PSA model power consumption is defined as. 
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𝑃𝑃𝑆𝐴 =  3600 𝑞𝑠𝑝𝑒𝑐,𝑒𝑙𝑒𝑐𝑡. 𝑟𝐻2
 𝑞𝑚,𝐻2,𝑖𝑛 (24) 

Where, 𝑞𝑚,𝐻2,𝑖𝑛 is the mass flow of hydrogen into the PSA in the purge stream. PSA-model 

is illustrated in the Figure 29 below. 

 

Figure 29. PSA- model in IPSEpro. Inlet (green) and outlet (white)  

 

WG-combustor model 

The stream that is left is led to waste gas combustor model from PSA, which is IPSEpro’s 

own model. The WG-combustor burns the waste gas with oxygen or air, depending on if 

excess oxygen is produced, with an assumed air ratio of 1.2. The produced flue gas heat is 

then utilized inside the process in various stages to achieve that the flue gas is led outside 

the process in ca. 150 ˚C. WG-combustor model is illustrated in IPSEpro in the Figure 30 

below.  

 

Figure 30. WG-combustor model in IPSEpro. 
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6.3.2  WGS-reactor  

In the gasification only models, there is no additional hydrogen provided, so the hydrogen 

stoichiometry in the syngas needs to be adjusted with a water gas shift reactor. There is not 

a WGS-reactor in hybrid models. The user-build WGS-reactor model used is situated after 

syngas cooling after gasifier which cools the PG to 200 ˚C. The reactor is situated in a split 

stream that only some of the PG is converted to achieve the ideal stochiometric number to 

the methanol synthesis reactor. Before the reactor, steam is injected to the stream to achieve 

steam to CO ratio of 1.8 at inlet. The model is modelled as high temperature sour shift reac-

tor. No catalyst reactions are taken into account 

The reaction equilibrium is assumed to be reached in the reactor and same equations are used 

as presented in the methanol synthesis model, but only this time WGS reaction equations are 

to be used (eq. (9) and (7)). Same is done also for the reaction heat calculation (eq. (11)). 

The WGS reactor is not cooled, so the heat balance looks like: 

𝑞𝑚,𝑆𝐺,𝑖𝑛ℎ𝑆𝐺,𝑖𝑛 + 𝑄𝑟𝑒𝑎𝑐𝑡 =  𝑞𝑚,𝑆𝐺,𝑜𝑢𝑡ℎ𝑆𝐺,𝑜𝑢𝑡 (25) 

Where 𝑄𝑟𝑒𝑎𝑐𝑡 is defined as: 

𝑄𝑟𝑒𝑎𝑐𝑡 =  −𝐻𝑟,𝑊𝐺𝑆𝑋𝑊𝐺𝑆𝑛𝐻2𝑂,𝑖𝑛 (26)  

Where 𝑋𝑊𝐺𝑆 is defined as: 

𝑋𝑊𝐺𝑆 =  
𝑛𝐻2𝑂,𝑖𝑛 − 𝑛𝐻2𝑂,𝑜𝑢𝑡

𝑛𝐻2𝑂,𝑖𝑛
  (27) 

Where 𝑛𝐻2𝑂,𝑖𝑛 and 𝑛𝐻2𝑂,𝑜𝑢𝑡 are the water mole amount in and out of the reactor. 

The individual mole balances are calculated with the reaction balance based on eq. (3). They 

are presented below: 

∆𝑛𝐶𝑂 =  ∆𝑛𝐻2𝑂 (28)  

∆𝑛𝐻2 =  − ∆𝑛𝐻2𝑂 (29) 

∆𝑛𝐶𝑂2 =  − ∆𝑛𝐻2𝑂 (30) 

∆𝑛𝐻2𝑂 =  𝑋𝑊𝐺𝑆𝑛𝐻2𝑂,𝑖𝑛 (31) 𝑥 

∆𝑛𝑖𝑛𝑒𝑟𝑡 = 0 (32) 
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There is assumed to be a 0.2 bar pressure loss in the reactor and the maximum outlet tem-

perature is assumed to be 405 ˚C. No heat losses and no COS to H2S reactions are taken into 

account in the model, as COS is not modelled in IPSEpro. The WGS-reactor-model is illus-

trated in IPSEpro in the Figure 31 below. 

 

Figure 31. WGS-reactor-model situated in split stream in IPSEpro. 

 

6.3.3  Alkaline electrolyser 

The alkaline electrolyser in the model produces hydrogen for the methanol synthesis to 

achieve stochiometric value for the synthesis in the P2X and hybrid models. Oxygen pro-

duced is used in waste gas combustion in P2X and in hybrid models. Also, in the hybrid 

models some of the oxygen produced is utilized in the gasifier. The excess oxygen is sold. 

The alkaline electrolyser model is a user-built model for the IPSEpro and was provided by 

colleagues from LUT-university, from their previous works. The Alkaline electrolysis model 

is based on thermodynamics, empirical electrochemical kinetics and heat transfer theory, 

and is based on liquid water splitting seen in eq. (5),  Figure 16 and study made by Zhou, T. 

and Francois, B., (2009). The model is based on Gibbs free energy change (eq. (6)), calcu-

lated with temperature correlations found from NIST Webbook database for reaction en-

thalpy and entropy change to calculate the reference/minimum voltage or reversible cell 

voltage needed for the water splitting. 𝑉𝑟𝑒𝑣  Is defined by the next equation: 

𝑉𝑟𝑒𝑣 =
∆𝐺

𝑧𝐹
(33) 
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Where 𝐹 is the Faraday constant, 𝑧 is the number of electrons involved in the reaction. As 

seen from Figure 16 the total energy/voltage need for a 𝑉𝑡ℎ (aka. thermoneutral voltage) is 

based on the formation enthalpy change, and it is defined by the next equation: 

𝑉𝑡ℎ =
∆𝐻

𝑧𝐹
(34) 

The reference/ minimum voltage is corrected with empirical electrochemical kinetics corre-

lations to 𝑉𝑐𝑜𝑟 fount in literature. 

𝑉𝑐𝑜𝑟 = 𝑉𝑟𝑒𝑣 + (𝑟1 + 𝑟2𝑇) (
𝐼

𝐴
) + (𝑠1 + 𝑠2𝑇 + 𝑠3𝑇2) ∙ log [1 + (𝑡1 +

𝑡2

𝑇
+

𝑡3

𝑇2
) (

𝐼

𝐴
)] (35) 

Where (
𝐼

𝐴
) is the current density. The electrode area was assumed 𝐴 to be 0.25 m2. The 

parameters 𝑟𝑖, 𝑠𝑖 and 𝑡𝑖 in eq. (35) are obtained experimentally by Zhou, T. and Francois, 

B., (2009) and their values are presented in the Appendix I. 

The voltage calculations are done cell based for easy scaling up with the number of cells 

𝑁𝑐𝑒𝑙𝑙. The cells are assumed to be connected in series so same electrical current 𝐼 is passing 

through the cells. Faraday efficiency is used for the calculation of hydrogen production 

amount. Faraday efficiency 𝜂𝐹 is defined by an empirical correlation.  

𝜂𝐹 = 𝑎1 exp [
𝑎2 + 𝑎3𝑇

(
𝐼
𝐴)

+
𝑎4 + 𝑎5𝑇

(
𝐼
𝐴)

2 ] (36) 

The experimentally parameters for 𝑎𝑖 fount by Zhou, T. and Francois, B., (2009) can be 

found in the Appendix I. The hydrogen production mole amount is calculated with next 

equation: 

𝑛𝐻2
= 𝜂𝐹

𝑁𝑐𝑒𝑙𝑙𝑠𝐼

𝑧𝐹
(37) 

It is assumed that all water provided is turned to pure hydrogen and oxygen, so when hydro-

gen amount is known, water and oxygen amount can be calculated through mass balance and 

reaction stoichiometry. The thermal 𝜂𝑡ℎ efficiency of the electrolyser can be calculated with 

the next equation: 

𝜂𝑡ℎ =
𝑉𝑡ℎ

𝑉𝑐𝑜𝑟
(38) 
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And with the thermal efficiency, the heat produced 𝑄𝑝𝑟𝑜𝑑 can be calculated: 

𝑄𝑝𝑟𝑜𝑑 = 𝑃𝑒𝑙 ∙ (1 − 𝜂𝑡ℎ) (39) 

Where 𝑃𝑒𝑙 is the electrolyser electric power or the total electric power need for the electrol-

ysis. It is defined as: 

𝑃𝑒𝑙 =  𝑁𝑐𝑒𝑙𝑙𝑠𝑉𝑐𝑜𝑟𝐼 (40) 

The model is assumed to have no heat losses and the electrolyser is cooled to keep the oper-

ating temperature constant. Energy balance for the electrolyser model can be assumed to be: 

𝑄𝑝𝑟𝑜𝑑 + 𝑞𝑚,𝐻2𝑂,𝑖𝑛ℎ𝐻2𝑂,𝑖𝑛  = 𝑄𝑐𝑜𝑜𝑙 +  𝑞𝑚,𝐻2,𝑜𝑢𝑡ℎ𝐻2,𝑜𝑢𝑡 + 𝑞𝑚,𝑂2,𝑜𝑢𝑡ℎ𝑂2,𝑜𝑢𝑡 (41) 

Where 𝑄𝑐𝑜𝑜𝑙 is the cooling need of the electrolyser, 𝑞𝑚,𝐻2𝑂,𝑖𝑛  and ℎ𝐻2𝑂,𝑖𝑛 are the mass flow 

and enthalpy of water in the electrolyser, 𝑞𝑚,𝐻2,𝑜𝑢𝑡, 𝑞𝑚,𝑂2,𝑜𝑢𝑡, ℎ𝐻2,𝑜𝑢𝑡, and ℎ𝑂2,𝑜𝑢𝑡 are the 

hydrogen and oxygen mass flows and enthalpies out from the electrolyser, respectively. The 

electrolyser efficiency 𝜂𝑒𝑙 can be calculated with the LHV of the hydrogen, with the next 

equation: 

𝜂𝑒𝑙  =
𝑞𝑚,𝐻2,𝑜𝑢𝑡 𝐿𝐻𝑉𝐻2

𝑃𝑒𝑙
(42) 

The alkaline electrolyser is assumed to work in the models in operating temperature of 90 

˚C and pressure of 4 bars and no usage of electrolyte solution is taken into account. The 

electrolysis water is fed to the electrolyser at 25 ˚C, as is the cooling water also. The cooling 

water is assumed to leave the electrolyser at a temperature of 75 ˚C, and the oxygen and 

hydrogen leave at the operating temperature of the electrolyser. With these operating param-

eters the electrolyser model achieves efficiency of 70.7% with the lower heating value of the 

hydrogen which is assumed to be 120 MJ/kg. The alkaline electrolyser model is illustrated 

in IPSEpro in the Figure 32 below.  
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Figure 32. Alkaline electrolyser- model (right) in IPSEpro. 

 

6.3.4  Biomass dryer and gasifier  

Biomass is fed in hybrid and gasifier only models to a dryer before gasification. The biomass 

is assumed to be typical biomass from Higman C., et al, (2003) and its properties are pre-

sented in the Appendix I in detail.  

The biomass dryer is a user-built model to the IPSEpro. The biomass dryer is considered to 

use steam as its heat medium. The steam comes into the system in 94 ˚C and 0.8 bar and is 

assumed to leave at 70 ˚C from the dryer. The biomass is dried from 20% to 5% moisture. 

The dried fuel is assumed to leave at a temperature of 60 ˚C from the dryer. The heat and 

electricity usage for the biomass dryer are calculated through specific heat 𝑞𝑠𝑝𝑒𝑐,ℎ𝑒𝑎𝑡 and 

electricity usage 𝑞𝑠𝑝𝑒𝑐,𝑒𝑙𝑒𝑐𝑡., which are set to 1300 kWh/tevap and 32 kWh/tdry,fuel . The heat 

use for the dryer 𝑄𝑑𝑟𝑦𝑒𝑟  is defined as 

𝑄𝑑𝑟𝑦𝑒𝑟 =  3.6 𝑞𝑠𝑝𝑒𝑐,ℎ𝑒𝑎𝑡 ( 𝑞𝑚,𝑓𝑢𝑒𝑙,𝑤𝑒𝑡,𝑖𝑛− 𝑞𝑚,𝑓𝑢𝑒𝑙,𝑑𝑟𝑦,𝑜𝑢𝑡) = 𝑄𝑠𝑡𝑒𝑎𝑚 (43)   

Which is equal to the heat provided by steam 𝑄𝑠𝑡𝑒𝑎𝑚  . The electricity use 𝑃𝑑𝑟𝑦𝑒𝑟  for the 

dryer is defined as:  

𝑃𝑑𝑟𝑦𝑒𝑟 =  3.6 𝑞𝑠𝑝𝑒𝑐,𝑒𝑙𝑒𝑐𝑡. 𝑞𝑚,𝑓𝑢𝑒𝑙,𝑑𝑟𝑦,𝑜𝑢𝑡 (44) 

Where 𝑞𝑚,𝑓𝑢𝑒𝑙,𝑤𝑒𝑡,𝑖𝑛 and 𝑞𝑚,𝑓𝑢𝑒𝑙,𝑑𝑟𝑦,𝑜𝑢𝑡 are the mass flows of wet biomass in and dry bio-

mass out.  

After drying the biomass is fed to the gasifier. The gasifier model is a IPSEpro’s own model. 

There are two models to choose from: Homogeneous and heterogeneous model. For the 
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models used the homogeneous model was used.  The model uses homogeneous gas phase 

reactions, and it can be chosen whether the synthesis gas is in chemical equilibrium or not. 

In the models it is assumed to produce gases in equilibrium and this case the model works 

like an ideal stirred Gibbs reactor and is a better model for fluidized bed gasifier, as stated 

in the model library help.  

The gasifier is set to work with only oxygen or a with fifty-fifty ratio of oxygen and steam 

as medium that is fed to the gasifier at a pressure of 4 bars. In the case of oxy-steam gasifi-

cation the steam- oxygen mix is assumed to be fed to the gasifier at a temperature of 215 ˚C, 

and in oxy gasification, at electrolyser outlet temperature of 90 ˚C. The gasifier is assumed 

to have a 98% conversion efficiency from biomass to gas and a heat loss of 0.8%. The gasi-

fier operates in the temperature of 850 ˚C and has a pressure drop 0.2 bars in it. IPSEpro’s 

gasifier does not model, fly ash, tar and higher hydrocarbon formations and such their mod-

elling was left out of the models.  

In the Hybrid models the gasifier is fed with the oxygen produced from electrolysis and in 

the gasification only models it is assumed that the oxygen comes from an ASU (Air Supply 

Unit), which electricity consumption is assumed to be 0.37 kWh/kg,O2 in the gasification 

only process models. The difference in the modelled oxygen and oxygen-steam gasifier raw 

product gas with the assumed operating values is illustrated in the Figure 33 below. The 

model illustration for the biomass dryer and gasifier models in IPSEpro, is presented in the 

Figure 34 below. 

 

Figure 33. Raw product gas dry composition in mole fractions with oxy and oxy-steam gas-

ification models. 
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Figure 34. Biomass dryer- model (left) and Gasifier- model (right) in IPSEpro. 

 

6.3.5  Syngas cleaning 

As the tar or higher hydrocarbon forming is not modelled in IPSEpro gasifier models, their 

cleaning is also left out of the technological side of the model. Also, the methane and tar 

reforming were left out from the models, due to low concentration of methane in the raw 

product gas (see Figure 33) and the limitation of tar modelling. The syngas cleaning is done 

after the gasifier in conjunction with cooling in two stages. First stage is waters scrubbing 

and the second one is AGR model. 

The syngas coming from gasifier in hybrid and gasification only models is cooled to 200 ˚C 

before the water scrubbing model. Then the syngas is led to a water scrubber model which 

is modelled as two-stage water scrubber, like in Hannula I., (2016). All the water in the 

syngas is assumed to be removed in the scrubber, and no ammonia removal is modelled as 

IPSEpro does not model it. The model takes into account the energy balance used for the 

staged cooling of syngas stream and water condensation. In the model, water use for the 

scrubbing is not considered and the leaving scrubbed water is assumed to be at a liquid state, 

as a simplification. The scrubbed water properties are taken from Refprop, to take into con-

sideration the cooling need for condensing water. The energy balance for the water scrubber 

is presented below: 

𝑞𝑚,𝑆𝐺+𝐻2𝑂,𝑖𝑛ℎ𝑆𝐺+𝐻2𝑂,𝑖𝑛− 𝑞𝑚,𝐻2𝑂,𝑜𝑢𝑡ℎ′𝐻2𝑂,𝑜𝑢𝑡  − 𝑞𝑚,𝑆𝐺,𝑜𝑢𝑡ℎ𝑆𝐺,𝑜𝑢𝑡 = 𝑄𝑠𝑡𝑎𝑔𝑒 1 +  𝑄𝑠𝑡𝑎𝑔𝑒 2 (45) 

Where 𝑄𝑠𝑡𝑎𝑔𝑒 1  and  𝑄𝑠𝑡𝑎𝑔𝑒 2 are the cooling needs for the stage 1 and 2, 𝑞𝑚,𝑆𝐺+𝐻2𝑂,𝑖𝑛, 

ℎ𝑆𝐺+𝐻2𝑂,𝑖𝑛, 𝑞𝑚,𝐻2𝑂,𝑜𝑢𝑡, ℎ′𝐻2𝑂,𝑜𝑢𝑡, 𝑞𝑚,𝑆𝐺,𝑜𝑢𝑡 and ℎ𝑆𝐺,𝑜𝑢𝑡 are the mass flows and specific en-

thalpies of water vapour syngas mix, scrubber water out, as liquid, and water free syngas out 
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of the model, respectively. The scrubber has two cooling streams coming out of it, which 

have a set temperature of 60 ˚C at stage one cooling outlet and 30 ˚C at the second stage 

cooling outlet. The streams have an assumed temperature differences of 15 ˚C compared to 

the syngas stream so, the syngas stream leaves at 45 ˚C water free. The scrubbed water is 

assumed to leave the scrubber at the temperature between stages 1 and 2 or gas temperature 

at stage 1 outlet, which is 75 ˚C 

After water scrubbing the water free syngas is pressurized to 21 bar and cooled to 60 ˚C for 

the acid gas removal-model. The acid gas removal comes in two configurations: H2S only 

removal for hybrid model, and H2S and CO2 removal for the gasification only models. In 

both cases it is assumed that all H2S is removed from the syngas stream. In gasification only 

models the CO2 is removed to that extend that the COR is 0.02 at outlet, which is typical for 

methanol synthesis from gasification only plants. The removal is modelled to be done by 

Rectisol and the specific electricity 𝑞𝑠𝑝𝑒𝑐,𝑒𝑙𝑒𝑐𝑡. use associated to the use is set to 7600 

kJ/kmolremoved assumed from the study by Hannula I., (2016). The electricity power use 

𝑃𝐴𝐺𝑅 of AGR is defined as: 

𝑃𝐴𝐺𝑅 =  𝑞𝑠𝑝𝑒𝑐,𝑒𝑙𝑒𝑐𝑡. 𝑛𝑟𝑒𝑚𝑜𝑣𝑎𝑙 (46)  

Where  𝑛𝑟𝑒𝑚𝑜𝑣𝑎𝑙  is the mole amount removed in the AGR, consisting of H2S only or CO2 

and H2S mole amounts removed. No heat/steam use, pressure losses, and use of solvent is 

considered in the model made. The model illustration is presented in the Figure 35 below.

 

Figure 35. Water scrubber- model (left) and AGR-removal- model (right) in IPSEpro.  
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6.3.6  Auxiliary equipment models 

The auxiliary equipment in the models consist of compressors, heat exchangers, mixers and 

steam injectors. They are all IPSEpro’s own models. The compressors in the model work in 

different pressure levels and pressure ratios, but they all have been set to have same isen-

tropic efficiency of 90 %. The compressors are always attached to a motor which has elec-

trical efficiency of 95%. The compressors motor assemblies are assumed to have a mechan-

ical efficiency of 98% in total. 

Heat exchangers in the models work in different conditions and with different fluids. The 

minimum temperature difference for a gas-liquid can be set to 15 ˚C and gas-gas to be 30 

˚C. No maximum value was set. The pressure drop in a gas side of heat exchanger is assumed 

to be 0.05 bar and in the liquid side 0.5 bar. If mixers or steam injectors are situated in the 

model, their pressure drops are set to 0 bar, whenever this is possible. Auxiliary equipment 

are illustrated in the Figure 36 below. 

 

Figure 36. HTX- model (left) and Compressor motor assembly (right) in IPSEpro. 

 

6.3.7  Model process performance parameters 

Some overall process performance parameters are calculated with the help of IPSEpro’s ta-

bles, which results are presented in the individual process diagram figures of the process 

models. Methanol production efficiency 𝜂𝑀𝑒𝑂𝐻 is determined with the next equation: 

𝜂𝑀𝑒𝑂𝐻 =  
𝑞𝑚,𝑀𝑒𝑂𝐻,𝑝𝑟𝑜𝑑.𝐿𝐻𝑉𝑀𝑒𝑂𝐻

𝑞𝑚,𝑏𝑖𝑜𝑚𝑎𝑠𝑠,𝑤𝑒𝑡.𝐿𝐻𝑉𝑏𝑖𝑜𝑚𝑎𝑠𝑠,𝑤𝑒𝑡 + 𝑃𝑒,𝑡𝑜𝑡
(47) 
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Where 𝑞𝑚,𝑀𝑒𝑂𝐻,𝑝𝑟𝑜𝑑. and 𝑞𝑚,𝑏𝑖𝑜𝑚𝑎𝑠𝑠,𝑤𝑒𝑡. are produced methanol and used wet biomass mass 

flows, respectively, 𝐿𝐻𝑉𝑀𝑒𝑂𝐻 and 𝐿𝐻𝑉𝑏𝑖𝑜𝑚𝑎𝑠𝑠,𝑤𝑒𝑡 are the methanol and wet biomass lower 

heating values, respectively, and 𝑃𝑒,𝑡𝑜𝑡 is the total electricity power usage of the process. DH 

potential heat production  𝜂𝐷𝐻 efficiency can be calculated with the next equation: 

𝜂𝐷𝐻 =  
𝑄>90 𝐶 𝐻𝑒𝑎𝑡

𝑞𝑚,𝑏𝑖𝑜𝑚𝑎𝑠𝑠,𝑤𝑒𝑡.𝐿𝐻𝑉𝑏𝑖𝑜𝑚𝑎𝑠𝑠,𝑤𝑒𝑡 + 𝑃𝑒,𝑡𝑜𝑡
(48) 

Where 𝑄>90 𝐶 𝐻𝑒𝑎𝑡 is the heat over 90 ̊C temp produced, which is DH potential. The DH 

potential heat provided by the process is calculated with the energy balances of the different 

cooling streams with the associated cooling and heating stream mass flows 𝑞𝑚,𝑠𝑡𝑟𝑒𝑎𝑚,𝑖  and 

inlet ℎ 𝑠𝑡𝑟𝑒𝑎𝑚,𝑖,𝑖𝑛 and outlet ℎ𝑠𝑡𝑟𝑒𝑎𝑚,𝑖,𝑜𝑢𝑡 enthalpies to get specific stream heat en-

ergy 𝑄>90 𝐶 𝐻𝑒𝑎𝑡,𝑠𝑡𝑟𝑒𝑎𝑚,𝑖 , keeping  the heat sources and needs inside the stream. This is pre-

sented below. 

𝑄>90 𝐶 𝐻𝑒𝑎𝑡,𝑠𝑡𝑟𝑒𝑎𝑚,𝑖 = 𝑞𝑚,𝑠𝑡𝑟𝑒𝑎𝑚,𝑖 (ℎ 𝑠𝑡𝑟𝑒𝑎𝑚,𝑖,𝑜𝑢𝑡 − ℎ𝑠𝑡𝑟𝑒𝑎𝑚,𝑖,𝑖𝑛) (49) 

𝑄>90 𝐶 𝐻𝑒𝑎𝑡 is the sum of these streams that are DH heat potential in outlet temperature. Same 

is done to the low temperature heat. The total efficiency of heat and methanol production 

𝜂𝑡𝑜𝑡 can be calculated with the next equation: 

𝜂𝑡𝑜𝑡 =  
𝑞𝑚,𝑀𝑒𝑂𝐻,𝑝𝑟𝑜𝑑.𝐿𝐻𝑉𝑀𝑒𝑂𝐻 + 𝑄>90 𝐶 𝐻𝑒𝑎𝑡

𝑞𝑚,𝑏𝑖𝑜𝑚𝑎𝑠𝑠,𝑤𝑒𝑡.𝐿𝐻𝑉𝑏𝑖𝑜𝑚𝑎𝑠𝑠,𝑤𝑒𝑡 + 𝑃𝑒,𝑡𝑜𝑡
= 𝜂𝑀𝑒𝑂𝐻 + 𝜂𝐷𝐻 (50) 

The specific energy use 𝐸𝑠𝑝𝑒𝑐 per ton of methanol produced [MWh/ton,MeOH] can be calcu-

lated with the next equation: 

𝐸𝑠𝑝𝑒𝑐 =
𝐸𝑏𝑖𝑜𝑚𝑎𝑠𝑠,𝑤𝑒𝑡 + 𝐸𝑒,𝑡𝑜𝑡

𝑀𝑀𝑒𝑂𝐻
(51) 

Where 𝐸𝑏𝑖𝑜𝑚𝑎𝑠𝑠,𝑤𝑒𝑡 and 𝐸𝑒𝑙𝑒𝑐𝑡𝑟𝑖𝑐𝑖𝑡𝑦,𝑡𝑜𝑡 are the energy inputs from biomass and total electric-

ity use in MWh and 𝑀𝑀𝑒𝑂𝐻 is the yearly mass of produced methanol in tons. One last effi-

ciency parameter to look for is the carbon utilization to methanol 𝜂𝑐𝑎𝑟𝑏𝑜𝑛 𝑢𝑡𝑖𝑙𝑖𝑧𝑎𝑡𝑖𝑜𝑛,𝑀𝑒𝑂𝐻, 

which can be calculated with the next equation: 

𝜂𝑐𝑎𝑟𝑏𝑜𝑛 𝑢𝑡𝑖𝑙𝑖𝑧𝑎𝑡𝑖𝑜𝑛,𝑀𝑒𝑂𝐻 =  
𝑛𝑐𝑎𝑟𝑏𝑜𝑛,𝑀𝑒𝑂𝐻,𝑜𝑢𝑡

𝑛𝑐𝑎𝑟𝑏𝑜𝑛,𝑏𝑖𝑜𝑚𝑎𝑠𝑠,𝑖𝑛
(52) 
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Where 𝑛𝑐𝑎𝑟𝑏𝑜𝑛,𝑀𝑒𝑂𝐻,𝑜𝑢𝑡 is the carbon mole amount out of the process in methanol and 

𝑛𝑐𝑎𝑟𝑏𝑜𝑛,𝑏𝑖𝑜𝑚𝑎𝑠𝑠,𝑖𝑛 is the carbon mole amount in the biomass into the process. These param-

eters are essential in the technical comparison of the five different base case models with 

each other.  

 

6.4  Modelling results 

In the subchapters below are presented the technical results for the hybrid models and com-

paring cases. Also, the way of estimating the economic performance and the results for them 

is presented below. 

  

6.4.1  Technical results 

Below in the Table 8 are presented the technical results for the 2 hybrid methanol plant 

models (oxy- and oxy-steam- gasification hybrid) and their comparing cases of e-methanol 

(P2X) and 2 gasification bio-methanol plant models (oxy- and oxy-steam-gasification only). 

The same results are presented in the detailed process diagrams and the detailed pictures of 

the models are presented in the Appendix I. 

 



88 

 

 

Table 8. Technical results for the comparing cases. 

Parameter/ Model Unit Hybrid oxy gasification Hybrid oxy-steam-gasification P2X  Oxy gasification only Oxy-steam-gasification only 

Energy balance       

Energy in       
Biomass        
- Before drying MWLHV 53.9 54.9 - 107.0 106.7 

- After drying MWLHV 55.3 56.3 - 109.7 109.4 

Electricity   66.5 67.4 140.0 11.3 11.3 

- Electrolysis MWel 59.0 58.1 121.2 - - 

- Compression MWel 4.4 4.9 8.4 4.9 4.8 

- PSA, (AGR) and dryer MWel 3.0 4.4 10.5 6.4 6.5 

Energy out       

MeOH  MWLHV 74.1 74.1 74.1 74.1 74.1 

Heat  MWth 36.4 36.1 45.4 30.1 30.1 

- Low temperature (<90C) MWth 2.5 5.1 0.0 7.1 9.1 

- High temperature (>90C) MWth 33.9 31.0 45.4 23.0 21.0 
       

Carbon balance       

Carbon in       

Carbon in as biomass  kmol/s 0.127 0.130 - 0.253 0.252 

Carbon in as CO2 kmol/s - - 0.143 - - 

Carbon out       

Carbon out as MeOH  kmol/s 0.116 0.116 0.116 0.116 0.116 

Carbon out as CO2 from AGR  kmol/s - - - 0.125 0.127 

Carbon out as ash  kmol/s 0.003 0.003 - 0.005 0.005 

Carbon out as FG kmol/s 0.009 0.011 0.028 0.007 0.004 

Total Carbon out kmol/s 0.127 0.130 0.143 0.253 0.252 
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Table 8. Technical results for the comparing cases continued from the last page. 

 

Parameter/ Model Unit Hybrid oxy gasification Hybrid oxy-steam-gasification P2X  Oxy gasification only Oxy-steam-gasification only 

Mass balance       

Mass in  kg/s kg/s kg/s kg/s  

Biomass kg/s 3.56 3.62 - 7.06 7.04 

Water (electrolysis) kg/s 3.13 3.08 6.43 - - 

Steam injection gasification kg/s - 1.41 - - 2.75 

Steam injection WGS kg/s - - - 2.70 0.65 

O2 (ASU) kg/s - - - 2.61 2.75 

Air kg/s - - - 1.29 0.49 

CO2 kg/s - - 6.30 - - 

Mass out       

MeOH kg/s 3.70 3.70 3.70 3.70 3.70 

Distillation Water kg/s 0.24 0.69 2.11 0.02 0.02 

Water scrubbed kg/s 0.28 1.26 - 1.68 2.45 

Flue gas kg/s 0.52 0.59 1.38 1.50 0.65 

H2S (+ CO2 removed)  kg/s 0.003 0.003 - 5.48 5.57 

O2 left over kg/s 1.29 1.22 5.53 - - 

Biomass moisture removed. kg/s 0.56 0.57 - 1.11 1.11 

Ash from gasification kg/s 0.08 0.09  0.17 0.17 
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Table 8. Technical results for the comparing cases continued from the last page. 

Parameter/ Model Unit Hybrid oxy gasification Hybrid oxy-steam-gasification P2X Oxy gasification only Oxy-steam-gasification only 

Performance parameters       

Electrolyser efficiency % LHV,H2 70.7 70.7 70.7 - - 

MeOH production efficiency %, LHV,biomass,wet 61.5 60.6 52.9 62.6 62.8 

High heat/DH production efficiency %, LHV,biomass,wet 28.1 25.3 32.4 19.5 17.8 

Total production efficiency %, LHV,biomass,wet 89.6 85.9 85.3 82.1 80.6 

Carbon utilization to MeOH   % 90.9 89.3 80.8 45.8 46.0 

Specific energy use per ton methanol 

produced  MWh/t,MeOH 8.83 8.87 9.71 8.77 8.76 

MeOH synthesis reactor perfor-

mance parameters 
      

Stoichiometric number SN mol/mol 2.0 2.0 2.0 2.0 2.0 

Carbon Oxide Ration COR mol/mol 0.506 0.694 0.956 0.158 0.160 

Methanol per pass conversion % 43.8 34.9 24.6 58.2 60.7 
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6.4.2  Economic parameters and results 

To do a full comparison between cases, the economic performance needs to be also consid-

ered.  The economic comparison calculations are mostly based on the study made by Han-

nula I., (2016), as it has detailed description on the capital parameters on the plants compo-

nents, which are gathered from literature, sellers or from industry experts directly. Also cost 

of biomass, electricity and district heat are from the same source.  For components PSA, 

WGS-combustion, and costs of CO2 and for output Oxygen value, other references were 

used, to get estimation on the investment cost, product cost or value. Use of water is not 

considered in the financial estimations. Even though the technical model does not model tar 

and particle formation, its cost was taken into account in the investment cost estimation of 

the gasification utilizing plants. Typically, filters are used in product gas cleaning. Addi-

tional fuel treatment was also considered in the investment cost estimation.  

The Total Capital Investment (TCI) of the plants, and the Levelized Cost of Production 

(LCOP) or the breakeven price of methanol were estimated for the comparison between 

cases. TCI is calculated with Total Plant Cost (TPC), which consists of the sum of the indi-

vidual overnight investment on main process components construction, and installation and 

cost reservations. The one installed component investment cost 𝐶 is scaled to model size 𝑆 

and estimated with the next correlation: 

𝐶 =  𝐶0 (
𝑆

𝑆0
)

𝑘

(53) 

Where 𝐶0 is the cost and 𝑆0 is the size of installed reference equipment and k is the costs 

scaling factor. The specific values are presented in the Appendix II. In the calculation of 

TPC, additional cost reservations are added to the sum of installed main equipment cost. 

These are indirect costs, which covers engineering and fees, project consistency cost, and 

unscheduled equipment costs, which is assumed to estimate the cost of unlisted auxiliary 

equipment. These are evaluated as fraction of the sum of installed equipment cost and TPC 

from study made by Hannula I., (2016). TCI is the TPC plus the interest during construction. 

LCOP of methanol is determined with the next equation: 
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LCOP =
𝐹 + 𝐸 + 𝐶 + 𝑂 − 𝑅

𝑃
(54)  

Where 𝐹 is the annual cost of fuel, which is biomass in this case, 𝐸 is the annual cost of 

electricity, 𝑂 is the annual operating and maintenance costs and 𝑅 is the revenue from selling 

by-products like DH and oxygen generated in euros. 𝐶 is the annual capital charge calculated 

through annuity method with constant capital interest and constant payment amount, like for 

example in Peters, M. S., Timmerhaus, K. D., and West, R. E., (2002. 287-290).  𝑃 is the 

annual amount of methanol produced in MW, MWh, GJ, litres or tons. LCOP indicates the 

breakeven price of methanol for each model with the economic parameters and values as-

sumed in the Table 9 below. The economic investment estimation results and LCOP break-

down are presented in Table 10 and Table 11 below. As an additional interest a sensitivity 

study was made with the change of electricity and biomass price to see how it effects on the 

production or break-even price of the comparing cases. These are presented in the Figure 37 

and Figure 38 below. 

 

Table 9. Economic parameters and values of inputs and outputs 

Economic parameters value unit/fraction of 

Reference/assump-

tion 

Economic life for plant 20 years 
Assumed from Han-

nula I., 2016 

Capital interest rate 10 % per year Assumption 

Annual O&M cost factor 4 % Fraction of Total Plant Cost. Hannula I., 2016 

Annual operating hours 7500 hours/year Assumption 

Interest during construction 5 % Fraction of Total Capital Investment. Hannula I., 2016 

Indirect costs reservation 12.5 % Fraction of Sum of installed equipment cost 
Assumed from 

Hannula I., 2016 

Unscheduled equipment cost reservation 10 % Fraction of Sum of installed equipment cost 
Assumed from 

Hannula I., 2016 

Project Contingency reservation 20 % Fraction of Sum of installed equipment cost 
Assumed from 

Hannula I., 2016 

Values of inputs/outputs value unit Reference: 

Biomass 5 €/GJ Hannula I., 2016 

 18 €/MWh  

Electricity 14 €/GJ Hannula I., 2016 

 50.4 €/MWh  

District heat 11 €/GJ Hannula I., 2016 

 39.6 €/MWh  

CO2 15 €/ton 
Clausen LR., et al., 

2010 

O2 85 €/ton Anicic B., et al., 2014 
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Table 10. Installed equipment cost, Total plant Cost and Total Capital Investment estimates results. 

Parameter/ Model Unit Hybrid oxy gasification Hybrid oxy-steam-gasification P2X  Oxy gasification only Oxy-steam-gasification only 

Main equipment for cost estimate       

Alkaline electrolyser M€ 59.0 58.1 121.2 -  -  

Fuel handling and biomass belt dryer M€ 8.8 8.8 -  10.6 10.6 

Gasification (pressurised O2/steam-O2) M€ 9.9 10.0 -  16.6 16.5 

Ceramic hot gas filter M€ 1.9 2.4 -  3.7 3.8 

WGS-stage M€ -  -  -  2.3 2.3 

Water Scrubber M€ 1.4 1.7 -  2.7 2.8 

Acid gas removal M€ 11.5 12.6 -  20.1 20.1 

Methanol synthesis loop M€ 16.2 16.2 16.2 16.2 16.2 

Distillation M€ 7.2 7.2 7.2 7.2 7.2 

ASU inc. compression M€ -  -  -  12.9 13.2 

Compression (H2+CO2+syngas) M€ 3.6 3.8 6.6 3.1 3.1 

PSA M€ 0.1 0.1 0.3 0.1 0.1 

WG combustion M€ 4 3 4.7 5.8 3.2 

Sum of installed equipment cost M€ 123.8 124.2 156.2 101.2 99.2 

Indirect costs reservation M€ 15.5 15.5 19.5 12.7 12.4 

Unscheduled equipment cost reservation M€ 12.4 12.4 15.6 10.1 9.9 

Project Contingency reservation M€ 24.8 24.8 31.2 20.2 19.8 

Total plant cost M€ 176.4 177.0 222.5 144.2 141.3 

Interest during construction M€ 8.8 8.8 11.1 7.2 7.1 

Total capital investment M€ 185.2 185.8 233.6 151.4 148.4 

Capital investment per kW of MeOH €/kW, MeOH 2500 2509 3154 2045 2004 

Capital investment per ton of MeOH produced €/t, MeOH 1852 1858 2336 1514 1484 
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Table 11. LCOP of methanol estimation results. 

Parameter/ Model Unit Hybrid oxy gasification Hybrid oxy-steam-gasification P2X  Oxy gasification only Oxy-steam-gasification only 

Annual costs       

Biomass cost M€/year 7.3   7.4   -  14.4   14.4   

Operation and Maintenance cost M€/year 7.1   7.1   8.9   5.8   5.7   

Capital charge cost M€/year 21.8   21.8   27.4   17.8   17.4   

Electricity cost M€/year 25.1   25.5   52.9   4.3   4.3   

CO2 cost M€/year -  -  2.6   -  -  

Annual revenues        

District heat selling revenue M€/year 10.1   9.2   12.9   6.8   6.2   

O2 selling revenue M€/year 3.0   2.8   12.7   -  -  

LCOP of MeOH       

 M€/year 48.2   49.8   66.3   35.4   35.5   

 €/GJ 24.1   24.9   33.1   17.7   17.8   

 €/MWh, MeOH 86.7   89.6   119.3   63.8   63.9   

 €/ton 481.9   497.8   662.9   354.2   355.2   

 €/l, 0.79 kg/l density 0.381   0.393   0.524   0.280   0.281   
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Figure 37. Sensitivity of LCOP on electricity price at biomass price of 5 €/GJ. 

 

 

Figure 38. Sensitivity of LCOP on biomass price at electricity price of 50 €/MWh.
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7  Techno-economic comparison of modelling results 

In this chapter, the discussion and comparison on the technical and the economic results are 

made. The discussion is made as a comparison of hybrid models results on the parenting 

model cases. The result are presented in the Table 8, Table 10, Table 11, Figure 37 and 

Figure 38 in the previous chapter. 

 

7.1  Comparison of the technical results 

When comparing the technical results of the hybrid models to the other comparing cases the 

results seem promising, with the assumption, model parameters and simplifications used. 

The comparison of methanol producing efficiencies puts the hybrid methanol process mod-

els in the middle of comparing cases with efficiencies of 61.5% for hybrid oxy gasification 

and 60.6% for the hybrid oxy-steam gasification models. The best methanol synthesis effi-

ciencies are achieved with the oxy gasification only and oxy-steam gasification only models 

with 62.6% and 62.8% efficiencies, respectively. Lowest methanol production efficiency of 

52.9% is achieved with P2X methanol production model.  

The differences in the methanol synthesis efficiencies come from the differences in the COR 

and methanol per pass conversion. The higher the COR, the more water is produced as by-

product and lower the methanol per pass conversion gets and more recirculation plus hydro-

gen is needed.  

The hybrid models are also in the middle in DH or high heat production efficiencies, being 

at 28.1% and 25.3% for the hybrid oxy and oxy-steam gasification models, respectively. The 

best high heat efficiency is achieved by P2X model with 32.4% efficiency. The last are gas-

ification only models, with 19.5% efficiency with oxy gasification only model and 17.8% 

for oxy-steam gasification only model.  

The differences in the heat production efficiencies come from the heat integrations. P2X 

process model achieves high efficiency as all its produced heat can be utilized in DH, being 

over 90 ̊C temperature. Other models produce low temperature heat in the water scrubber 
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and utilize high heat in additional processes like steam injection and biomass drying, which 

lowers the heat amount for the DH production. 

When combining the earlier mentioned methanol production efficiencies and high heat pro-

duction efficiencies, the hybrid models excel in the overall efficiency. Having an overall 

efficiency of 89.6% with hybrid oxy gasification model and 85.9% for the hybrid oxy-steam 

gasification model. After these is the P2X model with 85.3% overall efficiency. The gasifi-

cation only models come last with 82.1% total efficiency for oxy gasification only model 

and 80.6% for oxy-steam gasification only model. 

The hybrid models also excel in the utilization of carbon to methanol, having a carbon utili-

zation of 90.9% for hybrid oxy gasification model and 89.9% for hybrid oxy-steam gasifi-

cation model. The P2X model has carbon utilization of 80.8%. The gasification only models 

have carbon utilization of 45.8% and 46.0% for the oxy and oxy-steam gasification models, 

respectively. 

The hybrid models have high carbon utilization due to the use of electrolyser and due to the 

utilization of CO2 for the methanol synthesis. The P2X process has lower carbon utilization 

due to the lower recirculation percent in methanol loop, due to the high heat need from waste 

gas combustion to syngas preheating. The gasification models have the lowest carbon utili-

zation due to not utilizing the CO2 produced from the gasification but removing it from the 

process in AGR. 

The hybrid models are close seconds in the specific energy need for the production of meth-

anol with 8.83 MWh/t, MeOH and 8.87 MWh/ t, MeOH, for hybrid oxy and oxy-steam gasifica-

tion models, respectively. With the lowest specific energy need, by small margin the first are 

gasification only models with 8.77 MWh/t, MeOH and 8.76 MWh/t, MeOH, for the oxy and oxy-

steam-gasification models, respectively. The highest specific energy need is concerning the 

P2X model with 9.71 MWh/t, MeOH. 

There is some difference in the performance between the gasification medium comparing 

hybrid cases. In hybrid models the oxy-gasification has 0.9% percent better MeOH produc-

tion efficiency, 2.8% better DH production efficiency and 3.7% better total production effi-

ciency, compared to oxy-steam-gasification. Also, the carbon utilization is higher in the hy-

brid oxy gasification by 1.6%, and the specific energy use is lower. For the hybrid models 
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the oxy gasification model is better at least by the parameters, assumptions and simplifica-

tion made and by the results acquired with them.  

The difference in gasification medium in gasification only models are small.  The oxy-steam 

gasification only model has 0.2% better MeOH production efficiency, but 1.7% lower DH 

production use, due to own steam use. The total production efficiency is 1.5% higher in the 

oxy-gasification only model and there is 0.1 % difference in the carbon utilization between 

the models. There is no clear choice which gasification media would be better for the gasi-

fication medium, at least by the parameters, assumptions and simplification made and by the 

results acquired with them. 

From the technical results the hybrid models seem competitional compared to the comparing 

cases, being second in almost all comparisons. The hybrid models excel in the total process 

efficiency and carbon utilization compared to the other cases. 

When comparing the performance parameters to some values in literature it seems that the 

hybrid model technical results of the models are in good order. Study made by Clausen, LR., 

et al., (2010), as previously discussed, gives result for a hybrid model performance overall 

efficiency of 96 % and a methanol production efficiency of 67 %. From study made by Han-

nula, I., 2016 it evaluated that methanol production efficiency of 57% is achieved in their 

hybrid methanol to gasoline model. Study made by Koytsoumpa EI., et al., (2020) reports 

methanol production efficiencies of 54-59% depending on the process parameters for hybrid 

gasification methanol production models. Study made by Butera G., et al., 2020 lists meth-

anol production efficiencies of 64-72 % to different models with different gasifier technolo-

gies hybrid methanol production with SOEC electrolysis.  The results for the methanol pro-

duction efficiency for this thesis sit in the between of the studies, but not as high total effi-

ciency is achieved, in the hybrid methanol production models in this thesis as in study made 

by Clausen, LR., et al., (2010).  

The gasification only model also compare nicely to the values in literature. Study made by 

Hannula I., and Kurkela E., (2013) gives an efficiency of 57.4-66.7% for the methanol pro-

duction and for overall efficiency of 60.8-77.8%, for their modelling calculations. The re-

sults gotten for the thesis sit in the range of methanol efficiency, and the overall efficiency 

found in the thesis is ca. 3-4% higher, which can result from that there was some heat utili-

zation for external steam cycle. Study made by Clausen, LR., et al., (2010) reports also, that 
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their P2X model methanol production efficiency was 53% and overall efficiency in their 

study was 86%, which are very close to the results 52.9% methanol production and 85.3% 

overall efficiency found in the thesis. The methanol synthesis efficiency also sits in the 50-

60% reported by IRENA and Methanol Institute (2021) for e-methanol production.  Overall, 

the technical performance values for all the models sit on the range or are close to the values 

reported by other studies. The differences can come from assumption, simplifications, pa-

rameters set, and components used in this thesis. 

 

7.2  Comparison of the economic results 

When comparing the economic results of the hybrid models to the other comparing cases, 

the results are in the between of the parenting plants, with the economic assumptions, pa-

rameters and technical results used. The hybrid models are in the middle with 185 M€ and 

186 M€ TCI estimates for the model plants, respectively. The lowest TCI is achieved with 

oxy-steam gasification only model plant with 148 M€ and second is the oxy gasification 

only model plant with TCI of 151 M€. The highest TCI of 234 M€ is associated with the 

P2X model plant. 

The reason why P2X models and hybrid models TCI is higher, comes from the high installed 

equipment cost of the electrolyser, estimated by Hannula I., (2016) to be ca. 1000 €/kWe 

with no scaling with power. As the hybrid models are a hybrid of P2X and gasification mod-

els they fall between these two in the TCI estimations due to lower energy need and invest-

ment to the installed electrolyser. The investment costs of electrolysers are estimated to de-

crease in the future, and they will make the P2X and hybrid processes competitional with 

gasification only processes in economic sense. 

The hybrid models also fall in the middle in the initial LCOP of methanol comparisons, with 

estimated breakeven price of methanol being for oxy gasification hybrid model plant 482 

€/ton (24 €/GJ) and for the oxy-steam gasification hybrid plant it is 498 €/ton (25 €/GJ). The 

lowest estimated breakeven prices of 354€/ton and 355 €/ton (18 €/GJ) are achieved with 

oxy gasification and oxy-steam gasification model plants, respectively. The highest esti-

mated breakeven price is associated with P2X process model with 663 €/ton (33 €/GJ). 
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The difference in prices come from the high use of electricity, the high yearly cost associated 

to electricity use and the higher annual capital charge cost due to larger investment. To make 

the hybrid models and P2X more competitional with the gasification only models, the in-

vestment on the electrolyser and the cost of electricity needs to decrease.  

Luckily in the future there can be large amount of low-cost renewable energy available, as 

investments in wind and solar power are done. This was illustrated in the sensitivity study 

of electricity price effect on the LCOP of methanol in Figure 37. It can also be seen that 

when the electricity price gets low enough the PTX and hybrid models LCOP becomes lower 

than the current maximum fossil methanol price and lower than the gasification only meth-

anol LCOP. The electricity price has a sharp effect on the LCOP of P2X model and not as 

significant effect on the gasification only models LCOP. The effect of electricity price on 

hybrid models is not as large as in P2X model and not as low as in gasification models. Also, 

in this comparison the hybrid models sit in middle of the comparing cases.  In the sensitivity 

study of biomass in Figure 38, it can be seen that the hybrid models are not as highly affected 

by the change in biomass price as the gasification only models. The lower the biomass costs 

the lower the hybrid and gasification only methanol production models LCOP gets.  

There cannot be seen a large difference in the TCI and LCOP between gasification media in 

the comparing cases of gasification media. Hybrid models have a larger difference in LCOP 

of methanol of ca. 15€/ton compared to of 1€/ton in gasification only models. It is cheaper 

to produce methanol with oxy gasification only, by the assumptions and parameters set for 

the models, but not by a large margin.  

These results give promising results on how competitive hybrid methanol production is com-

pared to the e-methanol and bio-methanol production. Also, it can be seen that hybrid models 

are not as sensitive to one feedstock change, because they utilize two different feedstocks as 

a hybrid. P2X and hybrid models also get lower LCOP than estimated maximum methanol 

price for fossil fuel process, when the electricity price goes low enough. Still the LCOPs of 

all models are higher than the estimated maximum production cost of fossil methanol. 

The specific investment cost of the hybrid models in the thesis sit in the range of plants listed 

in the study made by IRENA and Methanol Institute (2021) with assumption 1 USD is 0.9 

€. The whole specific investment costs for methanol production for the hybrid plants are 

estimated to be ca. 1460-3450 €/kW or 1000-2425 €/ton per year produced in the study, and 
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in this thesis, they are estimated to be 2500-2509 €/kW and 1852-1858 €/ton. For bio-meth-

anol production same study lists a range of 640-3850 €/kW, on which the results for gasifi-

cation only models from this thesis sit (2004-2045 €/kW). The e-methanol production spe-

cific investment is estimated to be in the same study in the large range of  290-4230 €/ton 

where the P2X model of this thesis sits (2336 €/ton). 

When comparing the LCOP of hybrid methanol to some values fount in literature, the esti-

mates gotten in this thesis seem higher, on limited comparison fount. Study made by 

Clausen, LR., et al., (2010) estimate in their study that a hybrid plant production cost is ca. 

14.0 €/GJ, which is ca. 10 €/GJ lower than estimated in the thesis. Study by Energy & Envi-

ronmental Science, (2020) reports that hybrid plant product costs, for three reported plants, 

are in the range of 325- 385 €/ton, which are ca. 100 €/ton lower than estimated in this thesis. 

The difference can come from the economic assumptions, like electricity price and electro-

lyser investment, and differences in technological assumptions, performance and capacity. 

This can be also seen in the sensitivity study, where price of hybrid methanol is dependent 

on the electricity price. At lower electricity prices, values reported by the studies can be 

achieved.   

On the other hand, the gasification only models seem to have good LCOP compared to lit-

erature. Hannula I., and Kurkela E., (2013) estimate in theirs study that gasification only 

producing models achieve LCOP of 58.4-65.1€/MWh. The gasification only models in this 

thesis sit in that range. The P2X models LCOP sit in the large range of 294-1100 €/ton meth-

anol price reported in the study of Energy & Environmental Science, (2020) for AEL plus 

CO2 e-methanol production. 

  



102 

 

 

8  Summary 

This is a summary of the thesis where main points discovered in the thesis are presented. As 

mentioned the thesis consisted of the theoretical literature part where the hybrid methanol 

production was the focus. The literature part covered hybrid gasification methanol plants 

different parts and subjects associated to it in more detail. The second part of the thesis was 

the practical techno-economical modelling analysis of hybrid methanol production. In that 

part the modelling procedures used, results acquired and comparison on the results are pre-

sented in detail. 

First, in literature part of the thesis, methanol production was covered in a general way fo-

cusing on the renewable methanol and its production methods. It was discovered that meth-

anol is currently produced almost fully from fossil sources. There is a large need for metha-

nol production and the need is expected to increase in the future. Even though methanol is 

produced mostly from fossil sources, still investments in renewable methanol production are 

made, with plants in construction or planning. The main ways of producing renewable meth-

anol are in the production of bio-methanol and e-methanol, but the hybrid of these two is 

also a possibility. It was also discovered that the production prices of renewable methanol 

are higher than fossil methanol today, but this is expected to change in the future. To back 

this up, some legislation changes are needed, to carbon tax the fossil methanol, so consumers 

are willing to pay premium on the renewable methanol.  

In the studying of methanol synthesis process loops, it was discovered that new trend has 

been on developing CO2 based stream synthesis loops for e-methanol production and the 

conventional synthesis process loop is CO based for bio-methanol production. The synthesis 

processes concerning hybrid process are in the between or a hybrid of these two, utilizing 

synthesis of combined or separated streams of  CO and CO2. The methanol synthesis is cat-

alytic reaction based, where syngas mostly consisting of H2, CO and/or CO2 react to form 

methanol and by products like water and higher alcohols. Full conversion to methanol is not 

achieved by one go, so recycle of the un-reacted gasses is needed, with some purge of inert 

gasses.  
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It was discovered that typically, today’s reactors operate in temperatures of ca. 200-300 ˚C 

and pressures of ca. 50 to 100 bars and use copper-based catalysts. Different catalysts are 

being developed for different stream compositions. Catalyst of the reactors last typically 4-

8 years, depending on the poisoning or deuteriation of the catalyst. Deuteriation can happen 

due to impurities in the syngas stream or from too high temperature, due to the reaction 

nature which is exothermic. Therefore, cooling is needed for the reactors.  

Also, a comparison was made with the CO and CO2 based streams, and it was discovered 

that CO based stream produces more impurities and less water compared to CO2 based syn-

thesis. In the combined stream, it is beneficial to keep the SN (stoichiometric ratio of H2, 

CO and CO2) optimal and COR (Carbon oxide ratio of CO2 to CO) as low as possible for 

the maximum conversion of methanol per pass, and for minimised recycle of gasses. Distil-

lation of methanol is needed to purify the methanol from water and other impurities after the 

reaction.  

When describing the hybrid gasification methanol plant, it was discovered it is combined 

from three main parts: feedstocks, product gas cleaning and conditioning, and methanol syn-

thesis loop. Also, it was discovered that the process has heat sources and heat need associated 

to it. In the Figure 11 is illustrated and summarized best, the hybrid gasification methanol 

plant and options for it. It was also listed that there are hybrid methanol production plants 

being developed in the world.  

In the product gas cleaning and conditioning part, it was discovered that the product gas 

from a gasification needs to be cleaned to high purity with various methods and stages. The 

gasifier can be optimized to produce less impurities. Cleaning can be done high temperature 

filters or low temperature scrubbers, for example. There is also a need to the gasification 

product gas to be conditioned with the electrolyser’s hydrogen for optimum synthesis con-

ditions for hybrid plant. Traditionally this has been done with WGS-reactor in bio-methanol 

production. Additional conditioning can be needed, like tar and methane reforming, depend-

ing on the product gas produced. Also, there are pressurisation and cooling/heating done to 

condition the product gas between processes. 

It was also discovered that the hybrid process has heat production and heat needs associated 

to it and these need to be utilized outside or integrated inside and optimised to achieve good 

overall efficiency of the process. There is a large potential for utilization of heat in a biomass 
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dryer, inside the process for heating or steam production and for production of DH outside 

the process. There is also a possibility of producing more heat from waste gas combustion 

and utilize it to other processes inside or outside the plant.  

For the last chapter of the literature part of the thesis, the feedstock sources of the hybrid 

plant were reviewed. The chapter reviews the renewable hydrogen and renewable carbon 

sources for the process. The renewable hydrogen sources focus mostly on the water electrol-

ysis technologies, where the basic theory for it is described and technologies are compared. 

Also, EUs policies toward electrolysis and hydrogen production are introduced and one pro-

ject from Shell is described. It was discovered that the most prevailing electrolyser technol-

ogies concern the AEL and PEM electrolysis, and largest built today electrolysers are in 10 

MW scale only. Also, there was mentioned a study on utilization of waste hydrogen which 

is also a possibility for the hybrid plant.   

Lastly in the renewable hydrogen sources, the cost of hydrogen and electrolysis is investi-

gated. It was discovered that the price of hydrogen is dependent on the price of renewable 

electricity and on the investment cost of the electrolysis technologies. Both the electricity 

price and electrolysis investment cost are high today, so also hydrogen production prices are 

high today. They are expected to decrease in the future. It was also mentioned that AEL 

specific cost is less than PEM.  

In the second part of the feedstock sources of the hybrid plant, the focus was on renewable 

carbon sources, describing the biomass gasification. Also, investigation on the cost of bio-

mass and gasification individually and as a system including the product gas cleaning, was 

made. In the biomass gasification, the theory of gasification was described, different tech-

nologies, different gasifier mediums were presented. It was discovered, that for biomass gas-

ification fluidized bed gasifier are used. Also, it was discovered that oxy and oxy-steam 

gasification produces product gas which has good consistency for  bio- and hybrid methanol 

production processes. These kinds of gasifiers and mediums are also used in the industry for 

biomass-to-liquid and -methanol processes.   

In the cost analysis of biomass and gasification, it was discovered that there are typically 

three cost groups for biomass, high, medium and low, depending on the type of biomass. 

When investigating the gasification system costs, it was discovered that, it consists typically 

of the investment of the gasification technology and on the investment on the cleaning 
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technology of the gasifier. The cleaning costs more with higher requirements and is the larg-

est portion on the whole investment on the gasification system.  

With all these theoretical parts, the base information for the practical part of thesis was ac-

quired. The practical part of the thesis consisted of building the process model for the hybrid 

gasification plant and the parent plants in IPSEpro and making of a techno-economic study 

based on the modelling results. The modelling targets, methodology and the process program 

IPSEpro and fluid property library Refprop implementation was described. Then the general 

model description was described. Also, the individual component modelled and used in the 

modelling of cases, with their assumptions, simplification, operating parameters and most 

important equations were presented in detail.  

Lastly the technical results were shown and based on them an economical estimations with 

assumptions were made, using values/estimations from literature. The technical and eco-

nomical results were used in the comparison of the hybrid methanol production model to its 

parenting cases of bio-methanol (gasification only) and e-methanol (P2X) models. With 

technical results it was discovered that the hybrid model is in the middle in the methanol 

synthesis efficiency and heat production efficiency and excels in total efficiency and carbon 

utilization of the plant.   

In the economic comparison the hybrid model was also discovered to be in middle of the 

parenting cases in the TCI and LCOP estimates of the plant. It was discovered in the sensi-

tivity study of LCOP to electricity price, that hybrid model is not as sensitive to electricity 

price change as P2X model is.  With a low enough electricity price, the hybrid model can 

have LCOP lower than the gasification only models. In the high electricity prices the esti-

mated hybrid methanol price is lower than P2X model. The sensitivity on biomass price 

fluctuation is not as high in hybrid as in gasification only methanol production models. With 

these sensitivity studies, it was discovered that hybrid model is not as sensitive to the changes 

in one feedstock price change, as it utilizes hybrid of the two. The change of gasification 

medium was discovered to have small effect on the technical and economical results. For the 

hybrid models the best option was discovered to be oxy-gasification.  

When comparing to the literature, the technical performance parameters of all the models 

seem good, as they sit in the range or are close to the values reported by literature. Also, the 

specific investment values of the plants where in the range reported by literature. The initial 



106 

 

 

LCOP estimations of the hybrid models are higher than reported in the studies, but this can 

come from the economic assumptions and the electricity price especially. The reported 

LCOP of the hybrid plant from studies can be achieved with lower electricity prices. The 

other plant models sit in the range of reported studies LCOP.   
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9  Conclusions 

The targets in the literature part were, to get an overall understanding on methanol produc-

tion, methanol synthesis process loops and the hybrid methanol plant with its different parts 

and feedstocks. These objectives were achieved as comprehensive literature review was 

made on these for the thesis. 

In the practical part of the thesis a techno-economical modelling study was made. Its objec-

tives of getting a comparison with the parent plants of the hybrid plant with performance and 

economical results were achieved also. Models in IPSEpro were able to be made and prom-

ising results were gotten in the thesis.  

The hybrid plant consists of many processes working together, and these were covered in 

detail in thesis’ literature part. The mentioned research gap in the introduction, of hybrid 

methanol production not covered in detail in previous studies, is filled with the literature part 

of the thesis. The literature part of thesis can work as an overview for someone interested in 

the hybrid production or methanol production general and processes associated to it.  

In the practical part the hybrid and its parenting plants were modelled and compared techni-

cally and economically. The results for the hybrid plant are promising and tell that hybrid 

methanol production can be competitional to its parent technologies. Also compared to the 

available results in previous studies, the results found in this thesis are in good order.  With 

the tecno-economic comparison of the hybrid and its parenting plants, the mentioned re-

search gap in the introduction is filled. The practical part can work as giving an overview on 

the technical and economic performance for someone interested in hybrid methanol produc-

tion or renewable methanol production possibilities. 

As a future work, there would still be more work to be done in modelling of hybrid processes 

and all the comparing cases, such is the work with modelling. For this thesis and for the 

comparison, the models are adequate, but for the further development of models, the future 

work could be done to improve the accuracy of the model by getting rid of some of the 

assumptions and simplifications, idealizations for the models. These three factors mentioned 

also work as limitation to the thesis. On the other hand, there always needs to be done some 

assumptions and simplifications in modelling to get results.  
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There could be also more work with the optimizations of values like recycle ratio, other 

process parameters, and heat integration inside and to outside processes to get improvements 

for the process models performance, individually. In this study the parameters were kept 

close to constant with comparing cases to get a direct comparison between the models, as a 

limitation. There could be a possibility of studying the model heat integrations to a steam 

process or waste gas to a gas turbine process as well, in the future, to see how the produced 

own electricity can affect the production prices.  In this study the heat outside the plant was 

studied and modelled in utilization for district heating, as a limitation. 

There could be also future work for dedicating more studying to the supporting processes of 

product gas cleaning, conditioning and the distillation processes of the model. These models 

in this thesis are limited by their simplifications and assumptions. Most of the modelling 

work was focused to the modelling of methanol synthesis reactor and Refprop fluid proper-

ties implementations, as a limitation. There could be also made a comparison of comparing 

different options for these processes between models to see if additional optimizations for 

the processes could be achieved. Also, there could be more work to be done in the product 

gas cleaning and reforming side on implementing a filter and reformer models to the process 

models, which are typical components for gasification cleaning systems. This would need 

future work to be done in the modelling of the gasifier and implementing tar and particle 

production properties to it. In this thesis this modelling is limited by the properties of tar and 

particles not modelled in IPSEpro. 

All in all, the findings in the thesis give promising results on the hybrid methanol production 

plant. It could be one of the more potential production methods of renewable methanol to 

achieve carbon neutrality and the limitation of climate change, in the near future. 
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Appendix I: Technical parameters and process diagrams for the models 

Table 12. Model parameters. 

Model/parameters value unit Reference/Assumption/Calculation 

Alkaline electrolysis    

- Efficiency 70.7 % Calculated with LHV and operating values 

- Operating pressure 4 bar Assumption, based on typical operating values and gasifier pressure 

- Operating temperature 90 ˚C Clausen, L., et al., 2010 

- Cooling outlet temperature 75 ˚C Assumption 

Biomass dryer    

- Specific heat consumption 7600 kWh/t,evap Hannula I., 2016 

- Specific electricity use 32 kWh/t, dryed fuel Hannula I., 2016 

- Fuel exit temperature 60 ˚C Assumption 

- Moisture in 20 % Higman C., et al., 2003 

- Moisture out 5 % Assumption based on Clausen, L., et al., 2010 

- Heat temperature in ~94 ˚C Hannula I., 2016 

- Heat pressure in 0.8 bar Hannula I., 2016 

- Hot side pressure drop 0.1 bar Assumption 

- Steam temperature out 70 ˚C Assumption 

Gasifier    

- Outlet temperature 850 ˚C Hannula I., 2016 

- Ash temperature 850 ˚C Assumption based on the outlet temperature by Hannula I., 2016 

- Carbon conversion of biomass to PG 98 % Hannula I., 2016 

- Heat loss 0.8 % Hannula I., 2016 

- Pressure 4 bar Hannula I., 2016 
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Table 12. Model parameters continued from previous page. 

Model/parameters value unit Reference/Assumption/Calculation 

- Pressure drop 0.2  Hannula I., 2016 

- Steam/O2 (if used) 1 kg/kg Hannula I., 2016 

- Steam/O2 temperature in (if used) 215 ˚C Hannula I., 2016 

Methanol synthesis reactor    

- Operating temperature 230 ˚C Peinado, C., 2021 

- Operating pressure 50 bar Peinado, C., 2021 

- Stochiometric number 2.00 mol/mol Assumption, based on typical operating values 

- Recirculation percentage, excluding PTX-process 95 % Clausen LR., et al., 2010 

- Pressure drop 5 bar Clausen LR., et al., 2010 

- Reactor cooling outlet temperature 215 ˚C Assumption 

Compressors    

- Isentropic efficiency 90 % Clausen LR., et al., 2010 

- Mechanical efficiency 98 % Clausen LR., et al., 2010 

- Electrical efficiency 95 % Clausen LR., et al., 2010 

ASU-unit (if used)    

- Specific electricity consumption 0.37 kWh/kg,O2 Aneke M., and Wang M., 2015. 

Water scrubber    

- Inlet temperature 200 ˚C Hannula I., 2016 

- Stage 1 cooling outlet temperature 60 ˚C Hannula I., 2016 

- Stage 2 cooling outlet temperature 30 ˚C Hannula I., 2016 

- Temperature differences between PG and cooling 

liquid in both stages 
15 ˚C Assumption 

- Pressure drop in cooling streams 0.5 bar Assumption 

- Combined stream of cooling temperature out 45 ˚C Assumption 
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Table 12. Model parameters continued from previous page. 

Model/parameters value unit Reference/Assumption/Calculation 

WGS-reactor (if used)    

- Temperature before steam injection 200 ˚C Hannula I., 2016 

- Outlet temperature 405 ˚C Hannula I., 2016 

- Pressure drop 0.2 bar Hannula I., 2016 

- Steam/CO ratio in 1.8 mol/mol Hannula I., 2016 

PSA-unit    

- Hydrogen recovery rate 90 % Anicic B., et al., 2014 

- Specific electricity consumption 20 kWh/kg,H2 Nordio M., et al., 2021 

Distillation unit    

- Operating pressure 3.5 bar Clausen LR., et al., 2010 

- Operating temperature ~101 ˚C Clausen LR., et al., 2010 and REFPROP-properties 

- Methanol and water leaving temp after cooling 45 ˚C Assumption 

Acid gas/ H2S-removal    

- Inlet temperature 60 ˚C Clausen LR., et al., 2010 

- Pressure in 21 bar Hannula I., 2016 

- Sulphur removal rate 100 % Hannula I., 2016 

- COR after CO2 removal, if used 0.02 mol/mol Assumption, based on typical operating values and Hannula I., 2016 

- Specific electricity use for the use of Rectisol 7600 kJ/kmol Assumption based on Hannula I., 2016 

Heat exchangers    

- Pressure drop in water side 0.5 bar Assumption 

- Pressure drop in gas side 0.05 bar Assumption 

- dT min (gas-water/steam) 15 ˚C Assumption, based on Hannula I., 2016 

- dT min (gas-gas) 30 ˚C Assumption, based on Hannula I., 2016 
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Table 12. Model parameters continued from previous page. 

Model/parameters value unit Reference/Assumption/Calculation 

HTX and Gas-Liquid-separator    

- Pressure drop 5 bar Assumption 

- Outlet temperature 60 ˚C Clausen LR., et al., 2010 

Mixers    

- Pressure losses on both feeds, if possible 0 bar Assumption 

Waste gas combustion    

- Flue gas outlet temperature after heat utilization, if 

possible 
~150 ˚C Assumption 

- Flue gas outlet pressure after heat utilization 1 bar Assumption 

- Air ratio 1.2 - Assumption 

Whole plant    

- Methanol production 100 kilotons/year Assumption 

- Operating hours per year 7500 h/year Assumption 

- Heat utilization limit for DH >90 ˚C Assumption, based on typical operating values 

- Water in temperature 25 ˚C Assumption 

- Water/heat out pressure, if possible 3 bar Assumption 

- Hydrogen LHV 120 MJ/kg Lampinen A., 2009 p. 430 

- Methanol LHV 20 MJ/kg Lampinen A., 2009 p. 430 
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Table 13. Model biomass properties 

Biomass properties value unit Reference/Assumption/Calculation 

C 42.94 % wt. af. Calculated from Higman C., et al., 2003 as dry basis 

H 4.71 % wt. af. Calculated from Higman C., et al., 2003 as dry basis 

O 30.54 % wt. af. Calculated from Higman C., et al., 2003 as dry basis 

N 0.24 % wt. af. Calculated from Higman C., et al., 2003 as dry basis 

S 0.08 % wt. af. Calculated from Higman C., et al., 2003 as dry basis 

Moisture 20.00 % wt. af. Calculated from Higman C., et al., 2003 as dry basis 

Ash 1.50 % wt. af. Calculated from Higman C., et al., 2003 as dry basis 

Total 100 % wt. af. Calculated from Higman C., et al., 2003 as dry basis 

Cp, 20% moisture 1.86 kJ/kgK Calculated from: Basu P., 2018 at 25 ˚C using wood 

Cp, 5% moisture 1.43 kJ/kgK Calculated from: Basu P., 2018 at 25 ˚C using wood 

Cp, ash 1.79 kJ/kgK Calculated from: Basu P.,, 2018 at 850 ˚C using wood 

LHVwet 20% moisture 15.161 MJ/kg Calculated in IPSEpro 

LHVwet 5% moisture 18.461 MJ/kg Calculated in IPSEpro 
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Table 14. Parameters for the Alkaline electrolysis model. From: Zhou and Francois, 2009. 

Parameter Unit Value  

𝑟1 [Ω m2] 7.3E-05 

𝑟2 [Ω m2 °C-1] -1.1E-07 

𝑠1 [V] 1.6E-01 

𝑠2 [V °C-1] 1.38E-03 

𝑠3 [V °C-2] -1.60E-05 

𝑡1 [m2 A-1] 1.60E-02 

𝑡2 [m2 °C A-1] -1.3 

𝑡3 [m2 °C2 A-1] 412.00 

𝑎1 [-] 0.995 

𝑎2 [m2 A-1] -9.58 

𝑎3 [m2 A-1 °C-1] -0.056 

𝑎4 [m4 A-1] 1502.7 

𝑎5 [m4 A-1 °C-1] -70.8 
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Figure 39. E-methanol (P2X) production plant process model in IPSEpro.  
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Figure 40. Oxy-Steam-gasification Hybrid methanol production plant process model in IPSEpro. 
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Figure 41. Oxy-gasification only bio-methanol production plant process model in IPSEpro.  
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Figure 42. Oxy-Steam-gasification only bio-methanol production plant process model in IPSEpro.
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Appendix II: Economical parameters 

Table 15. Specific values for the investment cost of equipment. 

Specific values: Cost scaling parameter C0 M€ S0 k Reference: 

Alkaline electrolyser Power MWe 9 9 1 Hannula I., 2016 

Fuel handling, additional Feed MWth 5.3 157 0.31 Hannula I., 2016 

Biomass belt dryer Water evap. kg/s 1.9 0.342 0.28 Hannula I., 2016 

Gasification (O2/steam-O2)  Dry biomass kg/s 37.7 17.8 0.75 Hannula I., 2016 

Methanol synthesis loop MeOH MWth 32.5 210 0.67 Hannula I., 2016 

Distillation (chem. grade) MeOH MWth 14.5 210 0.67 Hannula I., 2016 

ASU inc. Compressor  O2 production t/h 36.8 76.6 0.5 Hannula I., 2016 

PSA H2 capture kg/h 0.03 23 0.67 Anicic B., et al., 2014 

Syngas Compression Comp. Work MWe 5 10 0.67 Hannula I., 2016 

H2 compression Comp. Work MWe 5.7 10 0.67 Hannula I., 2016 

CO2 compression Comp. Work MWe 5 10 0.67 Hannula I., 2016 

WGS-stage Gasifier feed, MWth 12.6 1377 0.67 Hannula I., 2016 

Scrubber Syngas kmol/s 5 1.446 0.67 Hannula I., 2016 

AGR volume flow kNm^3/h 56.7 200 0.63 Hannula I., 2016 

Ceramic Hot gas filter Syngas kmol/s 6.8 1.446 0.67 Hannula I., 2016 

WG combustion unit MW,th ,LHV WG 17.73 18 0.67 Anicic B., et al., 2014 

 


