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H: has become crucial in the global shift toward sustainable energy, due to its decarbonizing
potential. However, most production technologies remain dependent on fossil fuels, leading
to significant greenhouse gas emissions. There is a growing focus on developing low-
emission technologies utilizing renewable energy or including carbon capture and storage
technologies (CCS). Biomass gasification integrated with water-gas shift (WGS) has been
particularly notable, generating high purity Hz and facilitating CO2 capture. Industries are
highly interested in developing and optimizing their operations. In Spain, Técnicas Reunidas
leads efforts to upgrade and clean syngas through WGS reaction, before CO2 capture. The
current work aimed to evaluate the use of catalysts, both in high-temperature shift (HTS)
and low-temperature shift (LTS) individually and in series, using syngas from biomass
gasification at laboratory scale. Key objectives included simulating the biomass gasification
process integrated to WGS system using Aspen Plus as a baseline for experimental studies,
investigating catalyst performance under near industrial conditions and validating results
experimentally. Simulations proved to be a useful tool to estimate the syngas composition,
also, the experimental results were consistent with theoretical, despite some discrepancies
due to the ideal conditions from simulation models. In the HTS reactor within the ranges
studied, higher CO inlet content led to increased CO2 production. Higher temperatures
improved CO conversion, while lower GHSV extended reactant-catalyst contact time
enhancing conversion. Pressure validation showed no variations in catalyst activity across
the range of industrial conditions, having no impact on CO conversion. For the LTS reactor,
lower temperatures enhanced CO conversion. The two-stage HTS and LTS process in series
was more effective than single-stage processes, achieving higher CO conversion and
improved Hz production, meeting the company's quality standards. The research provided
valuable insights into the catalytic WGS process integrated with biomass gasification,
offering a pathway for scaling up to pilot and industrial scales.
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Introduction

H> has emerged as a crucial element in the global transition towards sustainable energy
solutions, due to its versatility and potential to decarbonize various sectors. Its global
economy is quickly changing, with notable advancements in production, purification, and
application of clean technologies. However, most of the H> produced still relies on fossil
fuels, generating a significant amount of greenhouse gas emissions. To address this problem,
a greater focus is being placed on developing low-emission H2 manufacturing processes that
use renewable energy sources or incorporate CCS technologies. According to Global
Hydrogen Review 2023, since the number of announced projects related to this increased,
the annual production could reach 38 million tones (Mt) by 2030 if all projects are concluded.
This includes 27 Mt from projects based on electrolysis and low-emission electricity and 10
Mt on fossil fuels with carbon capture, utilization, and storage (CCUS) [1].

H2 can be produced through several methods, each having a different approach and
environmental impact. Traditional methods include: catalytic reforming, dry reforming,
steam reforming and water-gas shift, auto-thermal reforming, partial oxidation and coal
gasification, mostly carbon-intensive which normally produce syngas (mixture of Hz, CO,
and COz); and non-traditional methods which utilizes renewable sources such as biomass
gasification from agricultural waste or wood chips as feed source and water electrolysis that
uses electricity from renewable sources like solar, wind, or hydropower to produce green Hz
with lower greenhouse emissions [2].

This element can serve as a clean energy carrier and help to address several critical energy
challenges in multiple sectors. It is mainly used in fuel cells to provide electricity, power
vehicles and heat, emitting water as a byproduct. And serves as a crucial feedstock in various
industrial processes, like ammonia production, oil refining and methanol synthesis [3].

Depending on the end-use application, H> may require different degrees of purity.
Purification is an essential step to meet these requirements, since impurities such as CO,
COg2, and S, can affect the performance and durability of the processes, deactivate catalysts,
increase health risks and contribute to air pollution. Therefore, effective processes are
essential to ensure its quality and reliability. Common techniques include cryogenic
distillation, membrane separation and pressure swing adsorption (PSA) [4]. However, inside
catalytic purification methods the WGS process has been particularly notable, this approach
is used to convert as much the CO present in the syngas into CO2 and additional H2, making
it easier to capture and separate CO2 from the product stream, which gives a stream with
high-purity Hz [5].

WGS is widely adopted in Ha2 large-scale production facilities, providing a cost-effective
means to process. Due to its relevance, there is a growing interest among various industries
and research centers in developing and optimizing Hz purification processes to incorporate
them into their operations. In Spain, companies such as Técnicas Reunidas, Repsol, Naturgy,
CETIM, CIEMAT and EnergyLab are already at the forefront of this effort. These
corporations are leading extensive research understanding the production methods and
process parameters, to optimize them and thereby advance the H2 economy for a sustainable
energy future [6].



1. Literature review

1.1.Hydrogen: emerging technologies, challenges, and path to low-emissions

As the most abundant element in the universe, the energy sector has relied heavily on Hz
since the middle of the 20th century. Its demand is constantly growing, accounting for around
70 million tons per year (MtH2/y). The vast majority of Hz is produced by fossil fuels, with
6% of global natural gas and 2% of global coal going to its production. This represents
approximately 830 million tons of CO emissions annually (MtCO2/y) [1].

H: has grown in all major consuming regions aside from Europe, as seen in Figure 1. China
remains the largest consumer making up over almost 30%, even with a grew of 0.5%. The
United States follows as the second-largest consumer, contributing to North America’s 17%
share, and next the Middle East with 13%. Europe H: has declined significantly due to
reduced activity in chemical industry and the increase in natural gas prices followed by
geopolitical reasons, this led to nearly 6% reduction in its use, since several fertilizer plants
had to cut its production or reduce its output. Regarding applications, H> is widely used
industry and produced 53 Mt of Hz in 2022, which about 60% accounts for ammonia
production, 30% for methanol production and 10% for direct reduced iron, within the iron
and steel subsector, while, in refinery reached more than 41 Mt in 2022, which about 80%
produced onsite at the refineries themselves (55% from dedicated H2 production and 45%
produced as a by-product from different operations). Moreover, in road transport produced
around 0.032 Mt of Hz, which approximately inside the vehicle segment 44% for buses, 34%
for cars and 22% for commercial vehicles [1].

Hydrogen use by sector, 2020-2030 Hydrogen use by region, 2022
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Figure 1 H> use by sector and by region, historical and in the Net Zero Emissions by 2050 Scenario, 2020-
2030. Source: [1].

Figure 2, provides a comprehensive overview of how various energy sources, both renewable
and non-renewable, production technologies and utilization, integrate into the H> economy.
It shows the sources involved in H2 production such solar and wind, along with nuclear
power being feed into electric grid infrastructure, and the traditional methods utilized such
as coal and natural gas to produce Hz that often are integrated to CCUS [1].
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Conventionally, Hz is produced by two main processes: steam methane reforming (SMR)
and coal gasification. SMR of natural gas accounts for 76% of global production [7]. This
approach is the most well-established technology and economical for large-scale, it involves
the reaction of CHa4 with high T steam to produce H2 and CO. However, since it is carbon-
intensive, it generates significant CO2 emissions. Coal gasification accounts for 20% of
global production (primarily in China) and converts coal into syngas, involving a reaction
with Oz and steam at high 7 and P. This approach, like the previous one, includes high CO2
emissions and a complex process. To address the environmental impact, efforts have been
made to mitigate these emissions, integrating CCUS technologies, emerging what is called
the “blue H2” [7].

Emerging technologies, includes electrolysis and biomass gasification. In electrolysis, water
is split into Hz and Oz using electricity. This approach accounts for 2% of global production
offering a cleaner alternative producing zero-emission product, particularly when powered
by renewable energy, however, is more expensive and energy-intensive. Biomass
gasification involves the use of organic materials such as agricultural waste or forestry to
produce syngas. This approach provides a renewable and potentially carbon-neutral or
carbon-negative product; however, it requires the pre-treatment of the biomass feedstock, is
technologically complex and not yet as economically competitive as other methods [7].

Even with the development of advanced H2 production technologies, purification methods
remain crucial depending on the final application. Most of them generate a syngas mixture
that requires further processing to obtain high-purity Ha. In that way some processes can be
integrated to refine the outlet stream generated such as PSA, membrane separation and
catalytic purification. PSA utilizes adsorbent materials to selectively adsorb impurities at
high P and desorb them at low P. It’s an effective step that can provide high-purity levels
(up t0 99.99%vol) and is widely used in industrial scale, however, requires high energy input,
is less effective for small-scale operations and need multiple adsorption/desorption cycles,
which can lead to adsorbent degradation with time [4]. Membrane separation utilizes a
selective permeable membrane to separate the impurities from it. This method is energy-
efficient, can be integrated with existing systems and have a continuous process, however,
phenomenon such as membrane fouling and need for high-quality feed gas can limit its
performance and increase its cost [5]. Catalytic purification, involves the use of catalyst to
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convert impurities into harmless substances, for example WGS reaction, is highly effective,
suitable for several scales of operations, but can be expensive and demands accurate control
over the operating conditions [5].

Efficient H> storage remains a significant challenge. Currently, the most common methods
involve storing it as compressed gas or as a liquid in tanks, primarily used for small-scale
and stationary applications. Additionally, H2 can be stored through chemical production
systems, such as converting it into ammonia, or through nanomaterial-based and geological
containment. Compressed Hz in high P tanks is the most mature technology, however it
requires transportation either by tubes or pipelines, facing safety concerns and energy density
limitations. Liquid H2 storage requires cryogenic 7, making it an energy-intensive and costly
option. These methods are so far accepted, however, with market growth and seasonal
variations in the supply of electricity or heat demand, in the future will be required large-
scale operations, seeking a broader and long-term variety of storage options. In this way
finding more appropriate methods will depend on the volume and duration of the storage,
required discharged speed and geographic availability. For large-scale and long-term needs,
geological storage is the most suitable option, utilizing salt caverns, saline aquifers, depleted
natural gas or oil reservoir. This method is currently used for natural gas, offers low
operational and land costs, large economies of scale and high efficiency. For small-scale and
short-term storage, tanks provide high efficiency and high discharge rates in locations where
a local stock of fuel or feedstock must be easily accessible [8].

The development of low-emission H2 production faces many obstacles as cited previously,
even with so much grown, the future demand is uncertain, involves high production costs
compared to the fossil fuels, lack of delivery infrastructure and unclear regulations. These
barriers are interconnected and require a coordinated approach to overcome. For instance,
programs are already under development such as Low Carbon Hydrogen Business Model in
the UK, Important Projects of Common European Interest in the EU and Clean Hydrogen
Production Tax Credit in the US and regulations. Moreover, infrastructure and measures to
stimulate H> demand have recently begun to gain policy attention. Without robust demand,
the market remains non-viable, impacting developers’ ability to attract investment. Owing
to that, low-emission Hz relies on encourage demand to scale up production and reduce costs,
with supportive policies, targets, investments and with the government and the private sector,
exploring several technologies in alignment with the climate goals. For instance, the Spanish
government, along with Canada, Italy and Poland has provided grants for projects with the
target of low-emission in industry and refining sectors. These efforts are supported by the
European Commissions’ Innovation Fund, which approved EUR 5.2 billion for the Hy2Use
initiative to fund projects that aims at using renewable H2 in industrial applications. Figure
3 shows the announced projects so far in the world, including CCUS and electrolytic
technologies. In terms of electrolytic projects, Australia and Europe together accounts for
almost 50% of the total. The remaining ones are primarily located in countries such as the
United States, Latin America, China, Africa, and India [8].
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1.2.Biomass gasification: a promising pathway for renewable energy

Biomass gasification is a thermochemical process which transforms organic matter into
syngas. It occurs through the partial oxidation of a solid material at 7 that range generally
from 650-900°C, using gasifying agents such as air, O2, steam or CO responsible for
oxidizing the biomass, facilitate de carbon conversion and increase the yield of the process
[9]. It involves several stages as shown in Figure 4, drying, pyrolysis, oxidation, and
reduction [10]. Initially, the biomass is dried to remove the moisture, followed by pyrolysis,
which decomposes the organic material into volatile gases and char. In oxidation step, these
volatile gases react with a limited amount of oxygen generating heat and forming syngas.
Finally, in the reduction step, the remaining char reacts with CO2 and steam to produce
additional syngas. The overall reactions are endothermic, what requires precise 7 and P
control to optimize the yield and the syngas composition [9].
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Figure 4 The five stages of gasification process. Source: [10]

Considerable gasification technologies have been developed, diverging in how they operate
and build, showing advantages and limitations. Fixed-bed gasifiers, include updraft and
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downdraft designs, commonly used for small-scale applications due to their simplicity and
robustness. Fluidized-beds gasifiers, bubbling or circulating types, offer better 7 control and
higher efficiency, more suitable for large-scale operation. Entrained-flow gasifiers,
conducted at higher 7'and P, achieve high conversion efficiency, and produce cleaner syngas,
however, needs finely ground raw material and mature equipment [9].

The product generated by this process is a mixture of non-condensable gas, composed
normally of H2, CO, CH4, CO2 and N2, which is highly dependent on biomass choice as a
feedstock that affects the syngas composition and gasification process. Several types of
biomasses are currently in use such as: agricultural residues, wood, forestry waste, energy
crops and municipal solid waste. For instance, woody biomass produces a higher quality
syngas since it has lower ash content and higher energy density compared to agricultural
residues. Pre-treatment processes, like torrefaction and palletization also can contribute to
enhancing the feed properties and the process efficiency [9].

As mentioned previously, variations in the gasifying process can yield different product
compositions. Studies have shown that bubbling fluidized bed gasifier using as a feedstock
almond shells and steam as a gasifying agent generated a syngas composed in dry basis of
35-40%vol Ha2, 18-21%vol CO, 5-6%vol CHa, 16-18%vol CO2 and 17-21%vol Na.
Conversely, using the same equipment with an air-steam mixture and wood pellets generated
12-16%vol H2, 12-15%vol CO, 5%vol CHs, 16—-19%vol CO2 and about 50%vol N all
compositions in dry basis. Additionally, when using an air-steam mixture and wood pellets,
in a circulating fluidized bed gasifier, the syngas composition in dry basis changed to 29%vol
Ha, 22%vol CO, 7%vol CHa, 38%vol CO2 and 3%vol C2-C3[9].

Biomass gasification offers a promising pathway for renewable energy production. As a
clean and efficient way of producing Hz it can be integrated with other production
technologies such as WGS and purification PSA. Figure 5 shows the structure of this
combined process. Although few studies have thoroughly analyzed its performance, distinct
simulation analyses have demonstrated increased production efficiency and higher purity of
the H2 output [4].

Steam

Pressing

. : 3 ¥ i . _ |Hydrogen

Biomass | —¥ Cutting —*  Pyrolysis [— Dowr!d_raft yngas Water-Gas Shift | Separation Unit [~ *
Drying Gasifier Reactors

_Air

Figure 5 Structure of the biomass gasification-H, production process. Source: [4]

1.3.Water-gas shift reaction: technology and catalysts

The WGS reaction is a critical process in the production of Hz, it involves the reaction of
CO with H20 vapor, to produce CO2 and Hz. The reaction is represented by Eq.1. First
discovered in the 19th century, its reaction is integral to industrial processes such as SMR,
coal gasification, ammonia synthesis plant and diverse biomass conversion technologies.
Most prefer to convert as much CO as possible in the syngas into additional Ha, yielding the
maximum possible amount of Ha, since for the most hydrogenation processes CO is a
catalytic poison. Historically, since coal and coke were the main raw materials used in the
early 20th century to produce synthetic gas, the WGS was first used in industry in a single
step process, the most popular and cost-effective approach, at 7 around 450—-600°C, with the
use of Fe2Os3 [11].
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CO + H,0 = H, + CO, Eq.1

The WGS is an exothermic and chemical equilibrium-limited process, favored
thermodynamically at low 7, although kinetically favored at high, requiring constant control.
Considering this and to optimize the system, a second-stage reactor with a catalyst allows
operation at lower levels for the same conversion [5]. Figure 6, illustrates a typical
arrangement of WGS system in series, consisting of a HTS step followed by inter-bed
cooling and a LTS step. Additionally, it shows how the equilibrium affects the exit CO
composition, at various levels, and demonstrates that when the reaction is near equilibrium,
a decrease in 7 improves conversion, while an increase reduces it [12].

Initially, a process gas containing 10—15.0%vol dry basis CO from a previous process is
passed through a bed of Fe-based Cr-supported catalyst between 310-370°C, reducing the
CO level to 2—4%vol dry basis. Subsequently, using a Cu-based catalyst between 190-220°C
a second bed operates sufficiently actively until the CO content is lowered to 0.1-0.3%vol
dry basis. The shift reactor utilizes higher 7'in HTS to benefit from faster reaction rates, with
high CO content, and lower 7 in LTS to optimize equilibrium conditions for lower CO
concentrations, since it undergoes slow kinetics. This combination enables the feasible
adjustment of the final gas composition (H2/CO ratio) and faces fewer thermodynamic
limitations [12].
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Figure 6 Typical arrangement of WGS system. Source:[12]

Several catalysts are employed for each stage. Continued research and innovation have been
done depending on each process goal to improve its effectiveness and viability to Ha
production. Currently various strategies are under development, focused on its composition,
by the use of promoters and supports, structure, stability, performance, resistance to
deactivation or to poisoning, better activity and selectivity, to provide its full potential [11].

The most utilized industrial catalyst for HTS is a Fe2Os catalyst promoted by Cr203, which
normally consists of 80-90% Fe and 8—-10% Cr20s. In this catalyst, Fe2O3 serves as the active
component, while Cr203 acts as the stabilizer. In absence of Cr20s3, the catalyst lifetime is
severely limited due to thermal sintering. In addition, the catalyst experiences rapid
deactivation in the initial stages of use, but after 1500 h its activity stabilizes [5]. Figure 7,
shows the effect of 7 on CO conversion on modified Fe304/Cr203 catalyst, this study
reported that 7 positive influences the CO conversion, showing increased activity at higher
T. Additionally found that the addition of promoters changed its activity as follows:
Hg>Ag/Ba>Cu>Pb> unpromoted>B [13].
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Figure 7 CO conversion on Fe-based catalysts. Source.[13]

Regarding, LTS the most used industrial catalyst is a Cu based catalyst, normally consists of
32.7% CuO, 11% Al203 and 47% ZnO. In which, CuO serves as the active component, ZnO
structural promoter and Al203 chemical promoter. Normally this Cu-based catalyst can suffer
deactivation as a result of thermal sintering; however, many studies are already in progress
to improve its activity [11]. [5] showed that the Al203-ZnO support not only makes stable
the Cu crystallites in contrast to the thermal sintering but also reduced shrinkage during
reduction and strengthened the catalyst, increasing poison resistance depending on the
crystallite size of the components, the activity, and stability, Cu dispersion and synthesis
method [5]. Figure 8, shows the LTS WGS reaction study over several supports added to Cu
catalysts performed by [14], in which the objective was to screen the catalytic performance.
They reported that Cu supported with CeO:z reached the maximum CO conversion at or
above 320°C, since this support improves the catalytic performance by the efficient
reduction and great O2 storage capacity [14].
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Figure 8 CO conversion with reaction T over supported Cu catalysts. Source:[14]

Recent advancements in WGS technologies focus on improving catalyst performance,
enhancing reactor designs and integrating with others Hz production process as mentioned
before. Regarding the catalysts, noble metal catalysts although expensive have shown
superior performance and resistance to deactivation, Pt and Pd improve the activity and
stability at both HTS and LTS conditions. Additionally, perovskite catalysts with their
tunable properties and high thermal stability, have emerged as promising option since it can
achieve high CO conversion rates and durability. Regarding the reactor designs,
microchannel reactors offer enhanced heat and mass transfer properties, enabling more

15



efficient WGS reaction kinetics, precise control over reaction conditions for small-scale
systems, while membrane reactors since have selective membranes can simultaneously carry
out reaction and product separation, shifting equilibrium towards higher Hz yields [5].

Despite the mentioned advancements, WGS faces several challenges, including catalyst
deactivation due to sintering, poisoning and thermal degradation. This issue is particularly
critical for LTS catalysts, since it reduces the catalyst activity and effectiveness. Sintering is
responsible for reducing the surface area of the catalyst; poisoning can adsorb impurities
onto active site of the catalyst, such as S or Cl; and thermal degradation involves the
breakdown of the material due to exposure to high 7'[3]. Furthermore, the high cost of noble
metal catalysts and advanced reactor designs limits large-scale development, requiring more
cost-effective manufacturing processes. As well as the integration of WGS with other
processes, requiring consistent coordination and optimization. Thus, continued research and
innovation are essential to fully integrate this technology to the CO2 emission mitigation and
cleaner H2 production [5].

Sorption-enhanced water-gas shift (SEWGS) is a promising technique for COz capture pre-
combustion and H> storage, integrated to the WGS. It simultaneously converts CO and H20
to CO2 and H2 while capturing CO2 with solid sorbents in a single reactor, which generates
high-purity product and shifts the reaction equilibrium for greater H2 yield as shown in
Figure 9. This method reduces the need for extensive downstream purification, lowers
energy consumption, and supports CCS strategies. Normally utilizes K-HTC catalyst that
has quick adsorption kinetics, high cyclic working capacity and excellent thermal and
mechanical stability. Making it a superior and more sustainable alternative to traditional
WGS processes, since it offers operational efficiency, improved kinetics, flexibility, and

scalability [15].
Conventional process I_@_. H,

co,
2%-8% CO
syngas

H,
CO+H,0 = CO,+H,

SEWGS concept co,

Figure 9 Process schemes for pre-combustion CO, capture, conventional process WGS versus SEWGS.
Source: [16]

1.4.Técnicas Reunidas

Técnicas Reunidas S.A. (TRSA) is a Spanish multinational company which is specialized in
engineering, procurement, and construction services for industrial, refining, oil and gas,
petrochemical, power sector, low-carbon technologies (H2, circular economy and
bioproducts, CCS) and others. It assists a wide range of international clients to achieve their
emission reduction goals and implements sustainability policies with its technical expertise
[17].
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Over 63 years of experience, it has designed more than 1000 plants in industry in over 50
countries, including Europe, Middle East, Asia and the Americas. TRSA has a strong
research and development division focused on improving existing processes and developing
new ones, it has a dedicated R&D Centre in Madrid which focus on upscaling laboratory
testing to industrial scale operations and has worked on projects for gas processing plants,
upstream projects, design and construction of facilities for different applications, power
plants, including combined cycle, cogeneration and renewable energy plants and others [17].

It’s committed to sustainability and innovation, focusing on reducing environmental impacts,
improving energy efficiency, and incorporating more advanced technologies. Moreover, has
present in its sustainability strategy “Sustainability plan 2021-2023”, a goal of climate
neutrality which stands for the reduction of carbon footprint more than 40% by 2030 to
achieve carbon neutrality in 2040 [17].

Having more than 30 projects ongoing in different countries, inside low-carbon technologies
sector and the product and technology development department it has a current project
named ZEPPELIN, to investigate a flexible set of green H: production and storage
technologies based on the use of waste and byproducts, seeking to significantly improve the
costs and efficiency of the production of this energy sector. In this way, the project will
address the different technological challenges linked to the reforming of biogas and
bioethanol, dark fermentation, microbial electrolysis, gasification and H: storage,
establishing new models for obtaining green H> complementary to electrolysis with
renewable energies, integrated into a decarbonized energy model under the principles of the
circular economy and digitalization, in a scenario of water stress aggravated by phenomena
derived from climate change [6].

Inside the project is responsible for investigating the upgrading and cleaning reaction of
syngas obtained from lignocellulosic residues through the water displacement reaction with
simultaneous CO:2 capture, SEWGS to obtain a gas rich in Hz, with a 1-2% increase in
production. Additionally, include new H: separation processes using combinations of
membranes and refining systems to achieve H: suitable for vehicular use (>99.97%)
(Técnicas Reunidas, 2022).
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2. Aim and scope

The validation in the laboratory is an essential step in the development of new processes, it’s
the bridge between scientific research and engineering. It’s valuable for managing the
maturity of it, determine whenever the individual components will function as a system or
separately; asses’ risks; validates the basic components and provide proof of concepts
reducing technical uncertainties, that will support decision-making on whether to proceed
with further expansion for scaling-up. TRSA proposed within the framework of its project
investigations on upgrading and cleaning reaction of syngas through WGS reaction, before
moving into CO2 capture utilizing SEWGS process. Considering this, the current work
aimed to evaluate the use of catalysts pre-selected by the company, both in HTS and LTS
configurations, which when operated in series, will meet the quality standards defined by
them, using a syngas obtained from a biomass gasification process as feed stream at
laboratory scale.

To accomplish the general objective, four specific objectives were settled:

1. Develop a simulation using Aspen Plus® to model the H2 production through biomass
gasification, to obtain the inlet conditions required for integrating with a WGS system.

2. Investigate the influence of C_COinier, T, GHSV and validate the catalyst activity near
industrial condition of P in HTS process, to achieve an outlet stream with a composition
of CO between 2—4%vol dry basis.

3. Investigate the influence of 7 in LTS process, to achieve an outlet stream with a
composition of CO between 0.1-0.3%vol dry basis.

4. Verify the process of WGS operating in series, HTS followed by LTS, and check the
catalysts performance over time.
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3. Methodology

The experimental part was developed using a sequential evaluation of variables, in which
one variable was changed at a time while preserving the same value for the other variables.
Since catalytic reactions can be influenced by numerous factors, this methodology was
chosen due to its simplicity and ease during the introductory stages of the research for initial
screening, allowing to identify which variables significantly influence the process or
outcome, and determine the appropriate working range for each variable [18].

3.1. Chemicals, materials and equipment used

Table 1 to Table 3 provides a detailed description of all the materials, chemicals, and
apparatus used in the experimental part of the research, conducted at TRSA laboratory
located in University of Castilla-La Mancha (Ciudad Real-Spain). In addition, the chemicals
were used without further purification or processing.

Table 1 Chemicals used in the experimental part

Chemical Formula Purity Company Country
Nitrogen Na >99.999%vol AL Air Liquide Espaiia, S.A. Spain
Carbon Monoxide CO >99%vol AL Air Liquide Espaia, S.A. Spain
Carbon Dioxide CO; >99.7%vol AL Air Liquide Espaia, S.A. Spain
Hydrogen H, >99.9%vol AL Air Liquide Espaia, S.A. Spain
Methane CH,4 >99.5%vol AL Air Liquide Espafia, S.A. Spain

.. 2 .
Type-T water H,0 Conduct1v1t}1: 00((3)5160 gi g?*l Type-1 w?;;lge;nerator in Spain
Argon Ar >99.999%vol AL Air Liquide Espaiia, S.A. Spain
Helium He >99.999%vol AL Air Liquide Espafia, S.A. Spain

Table 2 Materials used in the experimental part

Material' Composition' Company' Country'
Catalyst A — HTS (pellets) n/a n/a n/a
Catalyst B — LTS (pellets) n/a n/a n/a

! Data not disclosed due to confidentiality agreements.

Table 3 Equipment’s used in the experimental part

Equipment Company Model Other information
Gas chromatograph Agilent Technologies  Process uGC  n/a
Microactivity-Effi PID Eng&Tech MAE-17 n/a!
Pump Gilson 307 Flowrate (0.02-5) mL min™!
Reactor n/a! n/a! Stainless steel, TR own design
Type-I water generator ~ Millipore Corporation  Milli-Q Water quality Compiles with ASTM

Gradient A 10 Type-I Reagent Grade Water

! Data not disclosed due to confidentiality agreements.

3.2. Experimental setup

Figure 10 provides the experimental setup used for the WGS reaction. The equipment MAE-
17 is a modular system for measurement of catalytic activity, and it’s equipped with
innovative process control technology which allows the user to program several experiments
through the computer software, inputting the process variables and controlling P, T and
liquid level via PID controllers. This setup ensures real-time results with high repeatability
and precision, serving as an effective catalyst screening tool.
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Figure 10 Equipment outside view: 1. Liquid pump, 2. Liquid water vessel; Inside view: 3. HTS reactor
Sfurnace, 4. LTS reactor furnace, 5. Inlet filter, 6. Evaporator, 7. Gas heat exchanger, 8. Multi-way rotary
valve, 9. Hot box fan. Source: (Author)

The experiments were conducted in packed bed reactors designed by TRSA and placed
inside the respective furnace, for HTS and LTS reactions. Figure 11, shows a conceptual
diagram of the reactor, where each catalyst was placed. Due to confidentiality, precise
information regarding dimensions cannot be disclosed.
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Figure 11 Reactor scheme packed with the catalyst. (Colors for illustration purposes only) Source: (Author)

LTS REACTOR

3.3. Analytical methods

The composition of the outlet gas stream in each experiment was analyzed via GC as shown
in Figure 12. The values were reported in %vol dry basis for the compounds of interest (Hz,
CO, CH4, N2 and CO2) defined by experience and TRSA laboratory personnel. This
chromatograph is connected in line with the equipment, and it is composed of two channels
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which work with two independent columns that are coupled to a thermal conductivity
detector.

Column 1 is a CP-Molsieve 5A which includes a molecular sieve coating PLOT capillary,
which allows accurately separation of permanent gases such as Oz, N2, CO, CH4 and Ho,
using Ar as the carrier gas.

Column 2 is a PoraPlot U made by polar porous polymer, designed to separate CO2, C1-C6,
ketones, solvents, and halogenated compounds, with He as carrier gas.

Figure 12 Gas Chromatograph equipment. Source: (Author)

3.4. Process simulation

A simulation of a biomass gasification integrated with WGS was done using the commercial
Aspen Plus® software. The composition of the syngas obtained in the biomass gasification
stage was used as the initial data for the experimental phase WGS reaction in the laboratory.
Later, the operation conditions used in WGS experiments were also integrated into the
model, to compare and evaluate the similarity of the experimental results to the equilibrium
values predicted by the simulation. Details of the software are provided in Table 4.

Table 4 Software used in methodology

Software name Version Year Company name Location
Aspen Plus® 12.1 2021 Aspen Technology Inc. Bedford, MA, USA

The gasification process was based in the methodology proposed by [19]. The fluid package
selected was Peng-Robinson equation of state with Boston-Mathias modifications, to
determine the conventional components physical properties in the process, a property
package recommended for use in refineries, petrochemical plants, and gas processing.
HCOALGEN and DCOALIGT models were used to measure the enthalpy and density of
biomass and ash, which were defined as non-conventional components. They were identified
as component attributes in Aspen named PROXANAL, SULFANAL and ULTANAL,
utilizing the ultimate and proximate analyses from the biomass obtained by TRSA (data not
disclosed due to confidentiality agreements). MIXCINC stream with three class sub streams
MIXED, CISOLID, and NC, were also taken into consideration in order to specify the ash
streams and biomass structure that are not present in the Aspen Plus® component database.
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In addition, the following assumptions were considered while creating the equilibrium
models:

e The system operates at steady-state conditions.

e The process followed a non-stoichiometric model.

e Ash was considered inert, exhibits no catalytic activity, and did not participate in the
gasification procedure.

e Char was defined entirely composed of carbon being 100% conversion efficient.

e Losses of P and heat were ignored.

e All reactions reach equilibrium conditions, without kinetic modelling being
considered.

e Drying and pyrolysis occur concurrently, producing volatile compounds such as Ha,
CHa4, CO, CO2, and H20.

e Tar formation was excluded from consideration.

e No impurities, such as S or halogenated compounds were present in the generated
syngas.

During biomass gasification several reactions between biomass char and gasifying agents
occur. In this study a mixture of air and steam was used as gasifying agents, furthermore, the
mains reactions considered in the process are summarized in Table 5.

Table 5 Chemical reactions involved in the gasification process

Reaction Reaction Name Heat of Reaction
number AH298x (kJ mol ™)
R-1 C(s) + 0, S CO, Carbon combustion reaction -394
R-2 C) +H,0 5 CO +H, Water-gas reaction 131
R-3 CO+ H,0 s CO, +H, Water-gas shift reaction -41
R-4 CH, + H,0 $ CO + 3H, Steam reforming reaction 206

The flow chart of the system simulated by using Aspen Plus* was shown in Figure 13. The
process starts with the biomass gasification, where the biomass inserted in the reactor FEED
was specified as non-conventional, later this stream goes to RYIELD (DECOMP) in which
pyrolysis occurs, and the biomass is fragmented into its principal constituent parts according
to mass balance. Next, using a FORTRAN subroutine, a calculator (BCONVRT) was used
to estimate the yields determined by the biomass feedstock's component attributes. The
stream generated from the previous process (ATOMIC) is fed to the RGIBBS (GASIFIER)
where occurs the chemical equilibrium together with all the reactions specified using a
reaction set (R-1, R-2, R-3, R-4), that represents the partial oxidation and gasification
reactions. Next, gasifying agents in this case, air and steam are supplied to the gasifier as
streams AIR-HOT and STEAM following the passage of two heaters (HEX-1 and HEX-2)
to increase the oxidizing agent 7. Product stream (GASIFOUT) proceeds to a separator block
FLASH (SEP-1) where the solid waste fraction remaining in the process is separated from
the gaseous product generated SYNGAS-H. This product is later cooled down (HEX-3)
generating SYNGAS-C. Next for the second process WGS system, the stream obtained
previously is fed to the first reactor REQUIL (HTS), where the HTS reaction takes place.
Then, the outlet stream generated HTS-OUT passes through an inter-bed cooling (HEX-4),
and later enters the second reactor REQUIL (LTS) for the LTS reaction. Finally, the product
stream (LTS-OUT) goes to a condenser block FLASH (SEP-2) to remove all the water from
the system, which generates a stream GAS rich in H2. Data on the operation conditions used
are not disclosed due to confidentiality agreements.
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3.5. Experimental procedures

Figure 14 displays the control panel of MAE-17, providing an overview of how the process
operates. The process starts with the feed of a liquid water (type-I water), which is pumped
using a HPLC pump (P-01) and subsequently evaporated in the EVP-01 evaporator,
transforming the water into vapor. This stream then continues to the mixer MIX-01 to blend
with the other incoming gases (N2, CO, CO2, H2, CH4) that comes from the outlet stream of
the mixer MIX-02. The resultant mixture is then filtered to prevent any particles from
entering and potentially harming the system. And introduced into the first reactor, where the
HTS WGS reaction occurs. Following this, the outlet stream enters the next reactor for the
LTS WGS reaction. The heat required for each reaction is provided by electrical resistances,
which help shift the reaction balance towards product formation. After the reaction, the outlet
gases pass through a second filter to remove any additional particles and circulate through a
liquid/gas condenser Peltier cell (PL-01), to cool down and condensate the stream facilitating
its removal. Finally, the gas flow free of water vapor passes through a mass flow meter
(MFM) and then through a gas chromatograph (GC), which accurately identifies the
concentration of each component present in the mixture.

The operational conditions for each experiment were continuously monitored and
automatically recorded on a computer desktop during the experiments. Next, the elemental
mass balances were performed to determine the output flowrates of each component, which
finally were used to calculate the performance indicator, Xco, as shown in Eq.2. This
calculation provided insight into the process’s efficiency and the extent to which CO was

converted into the desired products, being NC0;y,0¢ and NCO,yy¢10¢ in mol min™".

NCO; 0 — NCO Eq.2
Xco (%) — m;\.e,tCO outlet x 100
inlet
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To perform the WGS reaction, both catalysts were previously reduced in situ; to become
catalytically active and remove surface oxides. Next, the inlet gases and steam were
introduced as described above to perform the reaction and later the catalysts passed through
cooling step to be discharged. Firstly, experiments using HTS reactor were performed,
second using LTS reactor and finally both reactors were placed in series with the respective
catalysts. The procedures, process parameters and the molar proportions were based on the
suppliers’ instructions and adjusted in each experiment in accordance with the company's
preferences.

3.5.1. High-temperature shift reaction

For the HTS reaction, the catalyst was reduced as shown below:

- N2 was used to completely cleanse the reactor of any air, and the catalyst was heated
above the condensation 7 to prevent the condensation of steam before process gas
was admitted to the reactor (which can cause catalyst deactivation).

- After reaching 150°C inside the reactor, a flow of process gas containing (N2, CO,
COz2, Hz2, CH4) and steam was established through the reactor at a wet gas space
velocity in the range of 200-1000 h™! for approximately 1 h.

Next, the reaction conditions were introduced, together with the inlet gas flow and steam
according to the syngas composition obtained from previous process. The parameters used
to evaluate the influence of C_COinier; the influence of T the influence of GHSV and finally
to validate the catalyst activity in different P are shown in Table 6.

Table 6 Process parameters in the HTS process

Catalyst
Influence of C CO:; Influence of 7 Influence of activity near
u & Winet u GHSV industrial
condition of P
P, barg 4 4 6 6-10
GHSV,h! 2061 2034 2000-27000 6591
Tinter, °C 340 300-400 340 338

C_COiniet, %ovol dry basis 1.1-11.7 - - -

Finally, the catalyst bed was cooled as it follows:

- P was reduced in the reactor to a maximum rate of 1-2 barg min ™",

- N2 was purged into the reactor until the equipment cooled down to 150°C.

- The catalyst was removed after cooling to room 7 to check if there were any
irregularities.

3.5.2. Low-temperature shift reaction

For the LTS reaction, the catalyst reduction involves a more complex protocol which is
related to the type of catalyst. It also involves the use of N2 and other gases with different
compositions and requires strict 7' control, the detailed description is not disclosed due to
confidentiality agreements.

Next, the reaction conditions were introduced, along with the inlet gas flow and steam. The
values were taken from the outlet gas composition obtained in the HTS reactor (influence of

T at 350°C). The parameters used to evaluate the influence of 7" are shown below on Table
7.
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Table 7 Process parameters - Influence of T in the LTS process

P, barg 6
GHSV,h™! 2036
Tinlet, °C 180-270

Finally, the catalyst bed was cooled as it follows:

- P was reduced in the reactor to a maximum rate of 1-2 barg min ™",

- N2 was purged into the reactor until the equipment cooled down to less than 40°C.

- The catalyst was removed after cooling to room 7 to check if there were any
irregularities.

3.5.3. High-temperature shift and low-temperature shift reactions operated in
series

For the HTS and LTS in series reaction, since the catalysts were already reduced, the bed
was warmed to a 7 above the dew point with N2 circulation before the process gas was
introduced to the reactor.

Next, the reaction conditions were introduced, together with the inlet gas flow and steam
according to the syngas composition as mentioned before, shown below on Table 8, to
evaluate the catalyst performance over time. In addition, the composition of the outlet gas
from HTS was analyzed while bypassing the LTS reactor, to verify if the reaction had the
same results as the previous experiments with a CO composition 2-4%vol dry basis.

Table 8 Process parameters - Catalysts performance over time HTS and LTS in series

Inlet conditions
WGS section

P, barg 6
GHSV,h! 2034
Tinlet, °C 350

Finally, the catalyst bed was cooled as it follows:

- P was reduced in the reactor to a maximum rate of 1-2 barg min ™.

- N2 was purged into the reactor until the equipment cooled down to less than 40°C.
- The catalyst was removed after cooling to room 7 to check if there were any
irregularities.
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3.6. Methodology summary

The methodology used to perform the experiments in the current study is summarized in
Figure 15.

1 Process 2 HTS reaction 3 LTS reaction 4 HTS-LTS series

simulation

1.1 Biomass gasification
process integrated with
WGS system simulation
using Aspen Plus’

Biomass
gasification

WGS
System

>

2.1. Influence C_CO,,,
content

1.1-11.7%vol dry basis of
CcO

2.2. Influence of T
300-400°C

2.3. Influence of GHSV
2000-27000 h™!

2.4. Catalyst activity
validation in different P
6-10 barg

2.5. Analytical methods-

(c]o

2.6. Aspen simulation
comparison

3.1. Influence of T
180-270°C

3.2. Analytical methods
-GC

3.3. Aspen simulation
comparison

4.1. Catalysts
performance over time

=23 h

4.2. Analytical methods
-GC

4.3. Aspen simulation
comparison

Figure 15 Methodology summary flowchart for WGS process. Source: (Author)
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4. Results and Discussion

The experimental results presented in this work were obtained in four parts. First one,
regarding the simulation developed to model the biomass gasification to obtain the syngas
composition used as inlet for the WGS system experiment. Second one, from the HTS reactor
where the influence of three parameters (C_COinier, T and GHSV) and the catalyst activity
near industrial condition of P were studied. Third one, from the LTS reactor where one
parameter (7) was studied and the last one the combination of a HTS reactor in series with a
LTS reactor, to check the catalysts performance over time.

4.1.Process simulation

The biomass gasification process done in Aspen Plus® shown in Figure 13 and described
previously, obtained a product stream called SYNGAS-C. This stream was composed of
11.35%vol dry basis of CO and the rest of N2, CO2, H2, CH4 and was used as the inlet
composition for the HTS reaction performed experimentally. Data of the exact amount of
each component are not disclosed due to confidentiality.

Table 9 shows the experimental syngas composition published in other studies, each of them
utilized a different biomass as a feedstock and gasifier type. The results of the biomass
gasification simulation in current work showed similarity to the results reported by other
authors for CO composition, suggesting that this result lies within the range of a biomass
gasification process, thus results of the simulation were suitable as the starting point for the
experimental part for WGS system that will be discussed in the following section.

Table 9 Composition of syngas produced by biomass gasification from several feedstock

Feedstock Gasifier Component (%vol dry basis) Reference
biomass type H: CO CO: CHa4

Bubbling

Rubber wood  fluidized bed 6-8 10-14 16-18 n/a [20]

gasifier

Bubbling

Wood pellets fluidized bed 12-16 12-15 16-19 5 [9]

Oil palm wood n/a 60-70 10-30 20-50 5-10 [20]

. Circulating
Wood chips fluidized bed 40 12 28 17 [21]

Additionally, after performing all the methodology proposed, the biomass gasification
process simulated was integrated to the WGS system utilizing the operating conditions from
the experimental results, to have the full process, compare and evaluate the similarity of the
experimental results and the equilibrium values predicted by the simulation. These results
were displayed along with the results of composition and conversion in the figures discussed
in sections 4.2 and 4.3 and 4.4, in which experimental data was represented by dots, while
the predicted equilibrium data from Aspen was represented as lines.

4.2.High-temperature shift parameters evaluation

Depending on the biomass used and the conditions of the gasification process, the process
parameters and the composition of the syngas generated can vary significantly. Moreover,
the variation of the C_COinier and the presence of impurities can influence the formation of
unwanted byproducts and lead to catalyst deactivation or hazardous operating conditions.
Evaluating the influence of different CO content in the inlet gas stream, 7 and P, not only
allows to know how these variations affect the performance of the HTS reactor and catalyst,
but also, to understand how to adjust the reactor operating parameters to maintain optimal,
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have a constant performance and maximize its conversion, due to this all the parameters
considered relevant to the process were varied and studied, the results are shown below.

4.2.1. Influence of C_COiju.: inside high-temperature shift reactor

The performance of HTS reactor was evaluated by varying the C_COinier in the range of 1.1—
11.7%vol dry basis while holding constant the other operation conditions mentioned in the
methodology, as shown in Figure 16.
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Figure 16 Influence of C_COje: in the outlet compositions in the HTS process, P: 4 barg, GHSV: 2061 h™!
and Tinier: 340°C, experimental results as dots (exp.) and simulated results as lines (sim.)

The results demonstrate that while increasing the CO content in the syngas feed, the outlet
compositions for H2 and CH4 were almost constant. In addition, when the C_COinier was
increased more CO2 was present in the outlet stream, this can be explained according to Le
Chatelier's principle, which states that if a higher amount of CO reactant is available, the
equilibrium tends to shift to the right in the WGS reaction, producing more of the product,
in this case CO2 [5].

Regarding the overall syngas composition taking as an example the CO content inlet of
11.7%vol dry basis, when compared to the inlet stream, the outlet composition of Hz slightly
increased (from 74.61 to 74.80%vol dry basis), the CO decreased (from 11.67 to 3.09%vol
dry basis), while the CH4 was almost constant (from 0.83 to 0.80%vol dry basis) and the
CO:z2 increased (from 10.39 to 18.34%vol dry basis).
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The Xco was calculated following Eq.2 for each experiment and represented in Figure 17.
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Figure 17 Influence of C_COiner in the CO conversion in the HTS process, P: 4 barg, GHSV: 2061 h™' and
Tinter: 340°C, experimental results as dots (exp.) and simulated results as lines (sim.)

It was noticed that for values of C_COinier between 2.7 and 11.7%vol dry basis, the catalyst
had a similar conversion, showing that for this range the catalyst is limited to a maximum
conversion between 74 and 76%vol dry basis. However, for CO content between 1.1 and
2.7%vol dry basis, the conversion values were lower around 63%, which is likely due to
shift in the equilibrium of the water-gas shift reaction, thermodynamic constraints, kinetic
limitations, and bad gas distribution across the catalytic bed.

In a study conducted by [11], the author investigated the effect of CO content in the range of
10-40%vol dry basis on WGS reactor performance, using a Pd-Ag membrane reactor. He
reported that the conversion of CO decreased as the inlet concentration of CO increased,
varying between 80—-60% [11]. [5] investigated the effect of the steam to CO ratio in Xco as
a function of T in the range of 1-7, they reported that increasing the steam to CO ratio
improves the Xco by shifting the reaction toward product formation, achieving conversion
rates between 96-98% over iron-chromium catalysts [5]. In contrast, the findings obtained
by this work differ with those reported, the discrepancy among them could be attributed to
several factors since they were performed using different conditions and catalysts, such as:
range of inlet CO content studied in this project (1.1-11.7%vol dry basis), steam/CO ratio
(10-110), variations in catalyst properties and different ratios of the other components in the
feed. Therefore, since no studies similar to the one conducted here were found, further
research is needed to better understand the catalyst activity in other ranges of conditions, to
define if it is appropriate or not, and make a proper comparison.

Most of the results obtained in the experimental part showed a good degree of similarity to
the predicted equilibrium represented by lines, except for C_COouter. Several factors could
explain these differences. Regarding the experiments, bad gas distribution across the
catalytic bed and overlapping CO and CH4 peak tales in the GC might have introduced errors.
Respect to the simulation side, the ideal conditions assumed in the reactor model used in
Aspen (EQUIL) and the lack of detailed information on the catalyst, such as heterogeneous
catalytic reaction kinetics, specific activity and selectivity, likely contributed to
discrepancies between the experimental and simulated data [22,23].
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Moreover, it was noticed that for this range of C_COinier, it was possible to reach an outlet
composition value close to what was expected for HTS reaction which is between 2—4%vol
dry basis as mentioned previously. Showing that the catalyst has a good activity within the
range of CO content studied.

4.2.2. Influence of T inside high-temperature shift reactor

The performance of HTS reactor was evaluated by varying Zinier in the range of 300—400°C
while holding constant the other operation conditions mentioned in the methodology, as
shown in Figure 18.
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Figure 18 Influence of T in the outlet compositions in the HTS process, P: 4 barg and GHSV: 2034 h™/,
experimental results as dots (exp.) and simulated results as lines (sim.)

The results demonstrate that while increasing the 7 in the syngas feed, the outlet
compositions for H2 and CH4 were almost constant. At the same time, the CO composition
decreased, and the CO: increased, showing that the 7 had a positive influence on the process
converting more CO, for T between 340—400°C.

Regarding the overall syngas composition taking as an example the 7" at 400°C, when
compared to the inlet stream, the outlet composition of Hz slightly increased (from 72.46 to
74.84%vol dry basis), CHs was constant (from 0.79 to 0.72%vol dry basis), and CO2
increased (from 10.29 to 16.31%vol dry basis). Moreover, the CO highly decreased (from
11.35 to 1.33%vol dry basis), showing that the final composition expected for HTS was met
and that the goal of WGS was reached converting as much as possible the CO to CO2 while
increasing the Hz production.
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The Xco was calculated following Eq.2 for each experiment and represented in Figure 19.
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Figure 19 Influence of T in the Xco in the HTS process, P: 4 barg and GHSV: 2034 h™ !, experimental
results as dots (exp.) and simulated results as lines (sim.)

It was noticed that, while increasing 7"the Xco increased from 36 to 86%. This behavior was
expected since HTS can have a high initial Xco, however it is limited by the equilibrium at
higher 7" as discussed in the literature review in Figure 6. Consequently, for 7" higher than
450°C, the reaction rate is predicted to slows down and the conversion efficiency decrease
due to the increased reverse reaction rate [12].

In a study conducted by [24], the author investigated the Xco and H2 generation from WGS.
He reported that the increase in reaction 7" promotes the performance of the WGS HTS,
showing that for 7' between 300 and 500°C, the Xco increased from 56 to 90%. The findings
obtained by this work are consistent with these results, confirming that to achieve a better
conversion this range is acceptable for HTS [24].

Most of the results obtained in the experimental part showed a good degree of similarity to
the predicted equilibrium represented by lines, except for C_COoutierand C_CO2 outier. Several
factors could explain these differences. The catalyst conversion is more effective at higher
temperatures than lower, as indicated in the supplier's data sheet, converting less CO into
COz2. Regarding the experiments, bad gas distribution across the catalytic bed and
overlapping CO and CHa4 peak tales in the GC might have introduced errors. Respect to the
simulation side, the ideal conditions assumed in the reactor model used in Aspen (EQUIL)
and the lack of detailed information on the catalyst, such as heterogeneous catalytic reaction
kinetics, specific activity and selectivity, likely contributed to discrepancies between the
experimental and simulated data [22,23].
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4.2.3. Influence of GHSV inside high-temperature shift reactor

The performance of HTS reactor was evaluated by varying the GHSV in the range of 2000—
27000 h™! while holding constant the other operation conditions mentioned in the
methodology, as shown in Figure 20.
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Figure 20 Influence of GHSV in the outlet compositions in the HTS process, P: 6 barg and Tinjer: 340°C,
experimental results as dots (exp.) and simulated results as lines (sim.)

The results demonstrate that while increasing the GHSV in the syngas feed, the outlet
composition for H2 was almost constant, CH4 showed slight variation and for COz slightly
decreased. At the same time, the CO composition increased, showing that at higher GHSV
there is a negative influence on the process, converting less CO.

Regarding the overall syngas composition taking as an example the GHSV at 2034 h™!, when
compared to the inlet stream, the outlet composition of H: increased (from 72.46 to
74.83%vol dry basis), CHs was almost constant (from 0.79 to 0.74%vol dry basis), and CO2
increased (from 10.29 to 16.41%vol dry basis). Moreover, the CO highly decreased (from
11.35 to 1.19%vol dry basis), showing that the final composition expected for HTS was met
and that the goal of WGS was reached converting as much as possible the CO to CO2 while
maximizing the Hz production.
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The Xco was calculated following Eq.2 for each experiment and represented in Figure 21.
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Figure 21 Influence of GHSV in the Xco in the HTS process, P: 6 barg and Tiye: 340°C, experimental
results as dots (exp.) and simulated results as lines (sim.)

It was observed that as the GHSV increased, Xco decreased, from 87 to 45%. This behavior
was expected because, at higher space velocities, the contact time between the reactants and
the catalyst in the reactor decreases. With less time available for the reaction to occur, fewer
reactants are converted into products. The definition of GHSV is shown in Eq.3, where Vieea
is the feed gas volumetric flow rate and V the reactor volume. The residence time rrime
represented by Eq.4 [11].

V d Eq.3
GHSV (h~1) = L4
(h™h) 7
Eq.4
Ttime () = CHSV

In a study conducted by [11], the author investigated the effect of GHSV content in the range
of 2000-16000 h™! on WGS reactor performance, using a Pd-Ag membrane reactor. He
reported that an inverse relationship was observed between the GHSV and the conversion of
CO, showing that as GHSV increased, the Xco decreased. In addition, the highest Xco of 86%
was achieved at 2560 h™!.Our findings are consistent with these results, as it was observed
the highest Xco of 87% at a GHSV of 2034 h™', confirming that lower GHSV values
contribute to improved CO conversion for HTS [11].

Most of the results obtained in the experimental part showed a good degree of similarity to
the predicted equilibrium represented by lines, except for C_COoutierand C_CO2 outier. Several
factors could explain these differences. Regarding the experiments, bad gas distribution
across the catalytic bed and overlapping CO and CH4 peak tales in the GC might have
introduced errors. Additionally, changes in the GHSV impact the residence time of the
reactants in the reactor during experimental studies. However, in an equilibrium model, the
reaction proceeds to completion regardless of the residence time, because the reactor used
in Aspen (EQUIL) uses a theoretical model with infinite time resulting in a constant Xco
[25]. Also, respect to the simulation side, lack of detailed information on the catalyst, such
as heterogeneous catalytic reaction kinetics, specific activity, and selectivity, likely
contributed to discrepancies between the experimental and simulated data [22,23].
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4.2.4. Catalyst activity near industrial condition of P inside high-temperature shift
reactor

The catalyst activity was evaluated by varying the P in the range of 6—10 barg while holding
constant the other operation conditions mentioned in the methodology, as shown in Figure
22. In addition, the Xco was calculated following Eq.2 for each experiment and represented
in Figure 23. This study was performed to validate the catalyst use near industrial conditions
of P similar to those already employed in TRSA processes of biomass gasification.
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Figure 22 Influence of P in the outlet compositions in the HTS process, GHSV: 6591 h™! and Tier: 338°C,
experimental results as dots (exp.) and simulated results as lines (sim.)
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results as dots (exp.) and simulated results as lines (sim.)
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The results demonstrate that while increasing the P in the process, the outlet compositions
for H2, CHs, CO and CO:2 were almost constant. A similar trend was observed in the Xco,
showing that the P did not influence the process, allowing the catalyst to work near industrial
condition of P in the range of 610 barg.

In a study conducted by [3,26], the authors observed a similar trend in their WGS reaction
studies, reporting that the reaction proceeds without any change in the total number of moles.
Consequently, P has no effect on the conversion and does not influence the equilibrium
[3,26].

Regarding the overall syngas composition taking as an example the P at 6 barg, when
compared to the inlet stream, the outlet composition of the gases didn’t have a significant
variation for Hz (from 72.46 to 74.84%vol dry basis) and CH4 (from 0.79 to 0.70%vol dry
basis), while for COz increased (from 10.29 to 15.63%vol dry basis) and CO decreased (from
11.35 to 2.11%vol dry basis). These results confirmed that the final composition expected
for the HTS process was achieved.

Most of the results obtained in the experimental part showed a good degree of similarity to
the predicted equilibrium represented by lines, except for C COoutierand CCO2 ourier. Several
factors could explain these differences. Regarding the experiments, bad gas distribution
across the catalytic bed and overlapping CO and CH4 peak tales in the GC might have
introduced errors. Respect to the simulation side, the ideal conditions assumed in the reactor
model used in Aspen (EQUIL) and the lack of detailed information on the catalyst, such as
heterogeneous catalytic reaction kinetics, specific activity, and selectivity, likely contributed
to discrepancies between the experimental and simulated data [22,23].

4.3.Low-temperature shift parameters evaluation

The process parameters and the inlet composition considered for LTS reactor, were based on
the outlet stream obtained from HTS. These values were determined through experiments in
which it was possible to achieve the highest Xco and CO outlet composition closer to 2—
4%vol dry basis.

4.3.1. Influence of 7 inside low-temperature shift reactor

The performance of LTS reactor was evaluated by varying the Tiner in the range of 180—
270°C while holding constant the other operation conditions mentioned in the methodology,
as shown in Figure 24. In addition, the Xco was calculated following Eq.2 for each
experiment and represented in Figure 25.

36



100= 1.0
- ® Hyexp. — H;sim. m CH, exp. CH, sim.
= []
& 90~ S 0.8+
z £
g 80 5 0.6
§ e ® ® 1 ] g
< 707 k] 0.4
E 3
:E: 60- 0.2
9 o
50 T T T T 1 0.0 T T T T 1
180 200 220 240 260 280 180 200 220 240 260 280
Tinlel (oc) Tinlet (oc)
0.4 . 25+ .
0 CO exp. CO sim. ’%‘ CO, exp. CO, sim.
3 3 204
0.3+ >
E T
-]
3 o 15+
> >
2 0.2+ 2
VE g 104
3 i 3
0.1 5
o o
0.0 T T T T 1 0 T T T T 1
180 200 220 240 260 280 180 200 220 240 260 280
Tinlet (oc) Tintet (°C)

Figure 24 Influence of T in the outlet compositions in the LTS process, P: 6 barg and GHSV: 2036 h™,
experimental results as dots (exp.) and simulated results as lines (sim.)
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Figure 25 Influence of T in the Xco in the LTS process, P: 6 barg and GHSV: 2036 h™!, experimental
results as dots (exp.) and simulated results as lines (sim.)
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The results demonstrate that while increasing the 7, the outlet compositions for H2, CH4 and
CO2 were almost constant, while CO increased. At the same time, the Xco decreased from
97 to 87%, showing that 7 had a negative influence on the process converting less CO. As
previously mentioned, this chemical equilibrium-limited reaction is mildly exothermic and
thus thermodynamically favored at low 7, which aligns with the findings obtained by this
work [12].
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In a study conducted by [24], the authors investigated the Xco and H2 generation from WGS.
They reported that the LTS reaction would not initiate for 7 below 200°C. However, once
the 7' reaches 200°C, the reaction would take place with a decrease in the Xco, varying from
96 to 84% approximately, as the 7 increases until reach 400°C [24].

Regarding the overall syngas composition taking as an example the 7" at 210°C, when
compared to the inlet stream, the outlet composition of the gases didn’t have a significant
variation for Hz (from 74.72 to 74.54%vol dry basis), CH4 (from 0.71 to 0.64%vol dry basis)
and CO2 (from 15.55 to 15.79%vol dry basis), while for CO decreased (from 2.20 to
0.12%vol dry basis). These results confirmed that the final composition expected for the LTS
process was achieved between 0.1 and 0.3%vol dry basis.

The results obtained in the experimental part showed a good degree of similarity to the
predicted equilibrium represented by lines. However, several factors could explain some
slight differences. Regarding the experiments, bad gas distribution across the catalytic bed
and overlapping CO and CHa peak tales in the GC might have introduced errors. Respect to
the simulation side, the ideal conditions assumed in the reactor model used in Aspen
(EQUIL) and the lack of detailed information on the catalyst, such as heterogeneous catalytic
reaction kinetics, specific activity, and selectivity, likely contributed to discrepancies
between the experimental and simulated data [22,23].

4.4.High-temperature shift and low-temperature shift performance in series

Based on the previous experiments performed for HTS and LTS, the process parameters for
each reactor were determined. They were chosen on a range that was possible to achieve the
desired final compositions, operating at a lower 7, better conversion and lower heat
consumption as shown above in the Figure 26.

HTS REACTOR LTS REACTOR
CO;pio= 11.35%vol dry basis CO;ie=2.20 %vol dry basis
P= 6 barg P= 6 barg
T;,=350°C T;=205°C
T,.~353°C T,.~217°C

HTS REACTOR LTS REACTOR

HTS REACTOR LTS REACTOR
CO 0= 2.20%vol COyne= 0.20%vol
dry basis dry basis

Figure 26 WGS system arranged in series. Source: (Author)
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4.4.1. Catalysts performance over time in series configuration

The performance of WGS system was evaluated by placing the HTS reactor in series with
the LTS reactor. Both reactors were operated approximately 23 h, to evaluate the catalyst
stability and compare the outlet composition over time and the Xco as shown in Figure 27
and Figure 28. In addition, the LTS reactor was bypassed to check if the outlet composition
was similar to the already obtained in the experiments performed previously.
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Figure 27 Outlet compositions in the WGS system over time, P: 6 barg, GHSV: 2034 h™! and T 350°C,
experimental results as dots (exp.) and simulated results as lines (sim.)
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Figure 28 Xco in the WGS system over time, P: 6 barg, GHSV: 2034 h™" and T 350°C, experimental
results as dots (exp.) and simulated results as lines (sim.)

The results demonstrate that the catalysts maintained their activity consistently over time
with a maximum variation of 0.5% during the test time of approximately 23 h. The average
outlet composition was 0.20%vol dry basis of CO, 74.50%vol dry basis of Hz, 17.88%vol
dry basis of CO2 and 0.67%vol dry basis of CHa. These findings confirm that the final
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composition expected for the LTS process was achieved within the range of 0.1-0.3%vol
dry basis. Moreover, the average Xco was 98% indicating that most of the CO fed was
converted into CO2, with CO2 varying (from 10.29 to 17.88%vol dry basis) and CO from
(11.35 to 0.20%vol dry basis). Additionally, H2 production increased by approximately 3%,
(from 72.46 to 74.50%vol dry basis) and CH4 didn’t have a significant variation (from 0.79
to 0.67%vol dry basis).

The results obtained in the experimental part showed a good degree of similarity to the
predicted equilibrium represented by lines. However, several factors could explain some
slight differences. Regarding the experiments, bad gas distribution across the catalytic bed
and overlapping CO and CHa4 peak tales in the GC might have introduced errors. Respect to
the simulation side, the ideal conditions assumed in the reactor model used in Aspen
(EQUIL) and the lack of detailed information on the catalyst, such as heterogeneous catalytic
reaction kinetics, specific activity, and selectivity, likely contributed to discrepancies
between the experimental and simulated data [22,23].

As previously mentioned, using a two-stage HTS and LTS process in series allows higher
overall Xco and H2 production compared to a single-stage process. In which, HTS is
responsible for the high initial Xco and the LTS for the further conversion of the remaining
CO to Hz by taking advantage of the more favorable equilibrium at lower 7.
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Conclusions

The study evaluated the performance of catalytic WGS reactors, both HTS and LTS,
individually, which when operated in series met the quality standards defined by the
company’s criterion for laboratory-scale using syngas from biomass gasification. Overall,
the study achieved its objectives, demonstrating the feasibility of the catalytic WGS process
integrated to a preceding process, providing valuable insights to understand the robustness
and flexibility of the process in the face of variations in the quality of the syngas and different
operation conditions, which prepares it for scaling up decreasing the risks.

e A vigorous Aspen Plus® simulation was developed, integrating biomass gasification
and WGS processes, providing the outlet composition of the syngas, further used as
the feed for the HTS reactor in the experimental study. The results aligned to those
reported by other authors, confirming that Aspen is a useful tool to estimate the
syngas composition.

e In HTS, the C_COinier study showed a Xco close to 76% for 4.9-9.4%vol dry basis,
with an outlet composition of 2—4%vol dry basis. Indicating a good catalyst activity
within this range, which allows it to work in a wider variety of syngas composition.

e In HTS, the T study confirmed that higher 7 increased Xco, obtaining 86% at 400°C
with an outlet composition close to the expected values between 2—4%vol dry basis
as expected.

e In HTS, the GHSV study showed that lower GHSV values improved Xco due to
increased contact time between reactants and catalyst, with a conversion of 85% at
2034 h™! and an outlet composition close to the expected values between 2-4%vol
dry basis.

e In HTS, the catalyst activity near industrial condition of P in the range of 6—10 barg
showed that the Xco remained almost constant across the investigated range,
indicating that P did not significantly affect the process. Additionally, it allowed to
prove that the catalyst is able to work near industrial condition of P selected by the
company, with an outlet composition within 2—4%vol dry basis as expected.

e In LTS, the T study showed that lower T enhanced Xco. Which allowed a further
conversion of the remaining CO to Haz taking advantage of the more favorable
equilibrium at lower 7. Achieving a maximum of 97% at 180°C, with the desired
outlet CO composition between 0.1-0.3%vol dry basis.

e Verifying the WGS process in series, the reactors maintained consistent catalyst
performance over 23 h, with 0.5% variation in outlet composition, met the desired
specifications of an outlet CO composition within 0.1-0.3%vol dry basis of and
obtained an Xco rate of 98%.

e The two-stage process not only ensured a higher overall Xco but also improved Hz
production compared to single-stage operations, thereby confirming the efficacy of
the combined HTS and LTS approach in achieving optimal performance.

e Experimental results showed good agreement with Aspen Plus® simulations,
although some discrepancies were noted due to the ideal conditions assumed in the
simulation.
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Future perspectives

Potential future perspectives for this study include:

Continue the project proposed by TRSA by incorporating the SEWGS step,
which integrates solid sorbents with the WGS reaction to capture CO2 and store
Ha, in a single reactor.

Incorporate a gas cleaning step after the biomass gasification process to remove
impurities from the generated syngas, thereby protecting the catalyst and
enhancing process performance by preventing poisoning.

Evaluate the transition from laboratory-scale to pilot-scale and eventually to
industrial-scale operations to assess the feasibility, economic viability, and
scalability of the catalytic WGS process integrated with biomass gasification.
Conduct a techno-economic analysis to optimize the process, minimize
operational costs, and determine overall cost-effectiveness.

Develop more sophisticated simulation models that incorporate detailed kinetic
and thermodynamic data to improve predictive accuracy and process control.
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