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ABSTRACT

Arto Laari
Gas-liquid mass transfer in bubbly flow: Estimation of mass transfer, bubble size and
reactor performance in various applications

Lappeenranta 2005

86 p.

Acta Universitatis Lappeenrantaensis 229
Diss. Lappeenranta University of Technology

ISBN 952-214-139-9 ISSN 1456-4491

Gas-liquid mass transfer is an important issue in the design and operation of many chemical unit
operations. Despite its importance, the evaluation of gas-liquid mass transfer is not straightfor-
ward due to the complex nature of the phenomena involved. In this thesis gas-liquid mass transfer
was evaluated in three different gas-liquid reactors in a traditional way by measuring the
volumetric mass transfer coefficient {(k_a). The studied reactors were a bubble column with a T-
junction two-phase nozzle for gas dispersion, an industrial scale bubble column reactor for the
oxidation of tetrahydroanthrahydroquinone and a concurrent downflow structured bed. The main
drawback of this approach is that the obtained correlations give only the average volumetric mass
transfer coefficient, which is dependent on average conditions. Moreover, the obtained
correlations are valid only for the studied geometry and for the chemical system used in the
measurements. In principle, a more fundamental approach is to estimate the interfacial area
available for mass transfer from bubble size distributions obtained by solution of population
balance equations. This approach has been used in this thesis by developing a population balance
model for a bubble column together with phenomenological models for bubble breakage and
coalescence. The parameters of the bubble breakage rate and coalescence rate models were
estimated by comparing the measured and calculated bubble sizes. The coalescence models
always have at least one experimental parameter. This is because the bubble coalescence depends
on liquid composition in a way which is difficult to evaluate using known physical properties.
The coalescence properties of some model solutions were evaluated by measuring the time that a
bubble rests at the free liquid-gas interface before coalescing (the so-called persistence time or
rest time). The measured persistence times range from 10 ms up to 15 s depending on the
solution. The coalescence was never found to be instantaneous. The bubble oscillates up and
down at the interface at least a couple of times before coalescence takes place. The measured
persistence times were compared to coalescence times obtained by parameter fitting using
measured bubble size distributions in a bubble column and a bubble column population balance
model. For short persistence times, the persistence and coalescence times are in good agreement.
For longer persistence times, however, the persistence times are at least an order of magnitude
longer than the corresponding coalescence times from parameter fitting. This discrepancy may be
attributed to the uncertainties concerning the estimation of energy dissipation rates, collision rates
and mechanisms and contact times of the bubbles.

Keywords: bubble column; gas-liquid mass transfer; bubble size; bubble coalescence;
persistence time

UDC 544.431.11:532.529
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1. Introduction

A special case of multiphase flow called bubbly flow, defined in this thesis as a flow where
dispersed bubbles are flowing in liquid, is encountered in numerous applications over a large
number of industrial areas including the chemical and process industries, biological
wastewater treatment and energy production. A combination of bubbly flow with interfacial
mass transfer is usual in many applications. These applications include chemical reactors,
such as bubble columns, gas-liquid mixed tanks, static mixer reactors, aerobic wastewater
treatment plants, and mass transfer equipment, such as absorption and distillation plate
towers. The geometry and hydrodynamic conditions can vary considerably in different
applications, but the principal phenomenon, gas-liquid bubbly flow combined with interfacial

mass transfer, is the same for all applications.

Traditional methods to estimate the mass transfer characteristics of such reactors are based on
experimental measurement of gas holdup, volumetric mass transfer coefficient and bubble
size, the so called “nonadjustable parameters” (Deckwer, 1992). Numerous studies have been
presented (for example, Keitel and Onken, 1981; Linek and Vacek, 1981; Gibilaro et al.,
1985; Linek and Sinkule, 1991; Linek, Sinkule and Benes, 1992; Linek et al., 1993; Lara
Mirques, Wild and Midoux, 1994) on different methods to measure these parameters
including dynamic, steady-state and chemical methods. The main drawback of the traditional
approach is that in many cases it is not possible to use the real chemical system or real process
conditions, like temperature and pressure, because of insurmountable practical difficulties or
because of safety risks involved. Instead, the measurements are often limited to model
compounds and atmospheric conditions. Unfortunately, an unexpected deviation sometimes
exists between the parameters measured with model compounds and the parameters that can
be observed in a real system. Therefore, it is generally considered that the measured
parameters involve a great deal of uncertainty and caution is needed when using the measured
parameters or literature correlations in process design. The main cause for the uncertainty
related to the nonadjustable parameters is the complex effect of liquid physical properties and

composition on bubble size, surface mobility and mass transfer.



A more fundamental approach is to solve the bubble size distribution from bubble breakage
and coalescence rates. Several theoretical breakage models (Luo and Svendsen, 1996; Lehr,
Millies and Mewes, 2002; Wang, Wang and Jin, 2003) and coalescence models (for example,
Prince and Blanch, 1990; Colella et al., 1999; Lehr and Mewes, 2001; Lehr, Millies and
Mewes, 2002) have been presented in the literature. These models can be used to calculate the
local bubble size distribution using local flow conditions. However, at the present time the
coalescence and breakage of bubbles is not yet fully understood and more basic research is
needed in this area. Bubble coalescence depends on liquid properties and composition in a

way which is difficult to estimate without experimental work.

The principal goal of this thesis is to increase our knowledge about bubble breakage, bubble
coalescence and interfacial mass transfer in bubbly flows. Population balances are used in this
work to describe the variations in the bubble size distributions. The closure of population
balances requires specific models for bubble breakage and coalescence. Some models
presented in the literature are further developed or modified and the corresponding model
parameters are estimated based on experimental data. Another goal of this work is to study
gas-liquid mass transfer experimentally in some gas-liquid reactors by measuring the
volumetric mass transfer coefficient. Special attention is focused on the reliability of the
estimated parameters and advanced statistical methods are applied to study parameter
identifiability. In recent years simulation of multiphase flows by Computational Fluid
Dynamics (CFD) has developed fast. The benefits of using CFD in multiphase flows are
obvious. The solution of CFD code is independent of geometry and the same code can be
used for any type of system. Although multiphase CFD is not a topic in this thesis the
developed methods can be directly utilized in CFD to calculate local bubble size and

interfacial mass transfer.



2. Breakage of bubbles

Bubble size is an important parameter and in bubbly flow it controls gas holdup and
interfacial mass transfer area. The estimation of bubble size is, however, difficult because of
the complex nature of the phenomena involved. Bubble size in bubbly flow is governed by
several factors. These include the way the gas is fed into the flow (gas dispersion devices),
gas and liquid feed rates, the physical properties of the gas and liquid (density, viscosity),

flow conditions, like the level of turbulence, and the liquid phase composition.

Essentially, bubble size is determined by a dynamic balance between bubble breakage and
coalescence rates. Therefore, the most accurate method of estimating bubble size is the
solution of the population balance equation including phenomenological models for bubble

breakage and coalescence.

2.1 Maximum stable bubble size

In turbulent flow, turbulent pressure fluctuations tend to deform the bubbles. These
deformations may eventuaily lead to bubble breakage. Surface tension forces, on the other
hand, act to resist these deformations. The ratio of these forces is defined as the critical Weber
number. Levich (1962) also considers the balance between the internal pressure force and

capillary pressure force.

According to Levich (1962) the critical Weber number may be defined as

13
T Py
We, = - (1)
G/db.mux (pl )

The dynamic pressure force can be evaluated by

T=p u;, (2)



In isotropic homogeneous turbulence, the turbulent velocity fluctuations depend on the energy

dissipation rate per unit mass.

uf, =2(ed, )% 3)

Maximum stable bubble size can be obtained by solving Equation (1) with respect to bubble
size. The effect of viscosity was not included in the original work by Levich (1962).
According to Walter and Blanch (1986), the maximum stable bubble size is also proportional

to the viscosity ratiop, /it .

506 0.1
Ay e = Vve(c)'6 0204 [:ll_LJ 4)
G G

The value of the critical Weber number depends on physical properties and operating
conditions. Different values have been proposed in the literature. Lin, Tsuchiya and Fan
(1998) estimate it to be 0.70 at 72 °C and 1.36 at 27 °C. Hesketh et al. (1987) give a value of
1.1 for bubbles in horizontal tube flow and Prince and Blanch (1990) present a value of 2.3

for turbulent gas-liquid flow.

The effect of pressure and temperature on the maximum stable bubble size has been
considered by Lin, Tsuchiya and Fan (1998). Increase in pressure will decrease maximum
stable bubble size according to Equation (4) because of the increase in gas density. The
bubble size will also decrease at higher temperatures because both surface tension and

viscosity will decrease as temperature rises.

Evidence of the effect of pressure on the maximum stable bubble size presented in the
literature is substantial (for example, Wilkinson, Haringa and van Dierendonck, 1994; Lau et
al., 2004; Schiifer, Merten and Eigenberger, 2002; Lemoine, Behkish and Morsi, 2004). Based
on experimental results, Schiifer, Merten and Eigenberger (2002) present the following table
(Table 1) about the effects of physical properties and operating conditions on the maximum

stable bubble size. The results correspond well with Equation (4).
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Table 1. The effect 'of physical properties and operating conditions on the
maximurn stable bubble size (Schifer, Merten and Eigenberger, 2002).
Physical Effect on
property or Mechanism maximum
operating stable bubble
condition size
pe Inertia forces T s N U
p 4 Turbulence 1! dy ar ¥
ol Surface energy U dy rax U
pf po Moy, e,0l dy e ¥
T pod.u U, 0l dy e U
U, N Bubble density 1 dy e 1

' increase, U decrease, | minor decrease, < no effect

Equation (4) gives an estimate for the maximum size of bubble that can survive in a turbulent
flow. However, bubble size may be smaller than the maximum stable size because of a low
coalescence rate. It seems that the prevailing bubble size can only be estimated through

population balances by balancing the breakage and coalescence rates.

2.2  Bubble breakage rate models

Bubble breakage is a dynamic process and in order to follow the evolution of bubble size

distribution over time it is necessary to evaluate the bubble breakage rate.

Several breakage rate models have been proposed in the literature. Some of these models are
semi-empirical, like the ones by Prince and Blanch (1990) and Colella et al. (1999). In these

models at least one experimental parameter is required.

Some completely theoretical models have been also proposed in the literature by Luo and
Svendsen (1996), Lehr, Millies and Mewes (2002), Hagesaether, Jakobsen and Svendsen
(2002) and Wang, Wang and Jin (2003, 2004).

The original model by Luo and Svendsen (1996) is based on surface energy restriction. The

kinetic energy bombarding the bubble interface must be higher than the increase in surface
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energy caused by bubble breakage. As pointed out by Hagesaether, Jakobsen and Svendsen
(2002) and Wang, Wang and Jin (2003, 2004), the model by Luo and Svendsen (1996) is
inconsistent in the sense that it estimates an infinitely high probability of daughter bubbles
when the size of the daughter bubble approaches zero in the daughter bubble size probability
function. This is clearly physically unjustified, the probability should go to zero with zero size
daughter bubbles. The original model by Luo and Svendsen was later improved by
Hagesaether, Jakobsen and Svendsen (2002) by the addition of a restriction according to
which the energy density, defined as surface energy divided by bubble volume, cannot
increase in the bubble breakage. The model by Lehr, Millies and Mewes (2002), on the other
hand, is based on capillary pressure restriction. The capillary pressure ¢ /r of small bubbles

is very high and the dynamic pressure 0.5p,u; of the colliding eddy must exceed the

capillary pressure for the bubble to be able to break. The model by Wang, Wang and Jin
(2003, 2004) includes both the surface energy and capillary pressure restrictions and is in this

sense more fundamental.

It is difficult to distinguish between the proposed models because of a lack of reliable bubble
size data, especially at high gas feed rates. Furthermore, all the discussed theoretical models,
except the model by Colella et al., have the theoretical weakness that they do not include the

effect of gas density.

A summary of the breakage models is presented below.

2.2.1 Breakage rate model based on critical bubble velocity

In the breakage rate model proposed by Prince and Blanch (1990) breakage of the bubble is
caused by the collision of bubbles with turbulent eddies. Only some collisions lead to bubble
breakage. Eddies that are responsible for bubble breakage are of a size similar or smaller than
the bubbles. Eddies that are larger than the bubbles merely transport the bubbles, whereas

eddies much smaller than the bubbles do not have enough energy to break the bubbles.

The specific breakage rate of a bubble is expressed as a product of the collision rate and

breakage efficiency.
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Q,, =61, 5)

o Le

The collision rate between the bubbles and eddies can be estimated from

8., =NN,S, (u}, +u’)"” ©)

e Le

The number of eddies of size between A and A+dA, is according to Luo and Svendsen

(1996)

0 _C-g5)

s }\'4 (7)

where c, =0.82.

The total number of eddies taking part in the breakage process can be evaluated assuming that

eddies smaller than 0.2xd, do not have enough energy to break the bubbles and eddies larger

than d, merely transport the bubbles (Prince and Blanch, 1990).

Hence, the concentration of eddies per unit volume in breakage is

N = j cs(l—ec)dkzcs(l—ec)l%:33.9(1—80) ®)

A 3d} &

0.2d,,

Breakage efficiency may be estimated from

Ay =exp{—u—,;] )
u

The critical bubble velocity can be estimated from the definition of the Weber number

(Equation (1)), which gives the critical bubble velocity as

12
N =(Xv_e£] (o)
dyp,.

Turbulent eddy velocity is estimated from Equation (3)



22

2.2.1 Breakage rate model based on bubble wake mechanism

Colella et al. (1999) have proposed a breakage rate model based on a bubble-bubble wake
interaction mechanism. This mechanism differs from the usual bubble-turbulent eddy

mechanism, which neglects the interaction between bubbles and wakes.

Breakage rate is assumed to be a product of bubble-wake collision frequency and breakage

efficiency.
Qy, =600 (1

The bubble-wake collision frequency is estimated from

Vi
6" = NN u = 4 (12)

Ny
84

where V**¢is the volume of the wake of a bubble of size class i and s, is the average

distance between bubbles.

The volume of the wake is assumed to have a conical shape with the base defined by the
major axis and with a height equal to 5 times the major axis.
5 s
V. ake = 1 d; 13
i, wake 12 ] ( )
Colella et al. (1999) have developed the following model for breakage efficiency. Bubble
breakage may take place when the bubble is partly inside and partly outside of a wake created
by another bubble. The bubble is sucked towards the in-wake region tending to break the

bubble. The following expression can be developed

A = kw,/%um., (s=1)? (14)
L

where k, is an experimental parameter.
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The shape of the bubbles also affects the breakage efficiency. More elongated bubbles with
s >1 are more prone to breakage. The bubbles are assumed to be oblate ellipsoids. The ratio
of the major axis d, to the minor axis d,can be expressed as a function of the E6tvds number

(Clift, Grace and Weber, 1978)

d

d—‘: 1+0.163E6%™ (195)

S=
where the E6tvés number is defined as

Eoz_g_éf_).(_i;;_ (16)
5]

where d, is the equivalent bubble size defined as

d, =4d,d, a7
An important point in the proposed model for breakage efficiency is that the breakage is
dependent on gas density, which corresponds well with experimental results presented in the

literature.

2.2.2 Breakage rate model based on surface energy restriction

Luo and Svendsen (1996) have developed a theoretical breakage rate model for breakage of
drops or bubbles in a turbulent field. In the model, turbulence is assumed to be isotropic. Only
binary breakage is considered. The breakage volume fraction is assumed to be stochastic. The
occurrence of breakage is determined by the energy level of the arriving eddy. Only eddies of

a length scale smaller than or equal to the particle diameter can induce particle oscillations.
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The breakage rate of a particle of size d (or v) into sizes of vf,, and (1-vf,,)is given by the

equation

Qv _ (&) a+g) 12¢,0
(l ) ( ) I 1§3 BP _/3d5/3 11/3 dg, (18)
1 C

where £ . =A_./d, ¢, =0.923 and B, =2.05.

The proposed equation for breakage rate is completely theoretical. It has no experimental

parameters.

Ay is the minimum size of eddies in the inertial subrange.

The increase coefficient of surface area, ¢, , is defined as

¢, =fi +(1=1, )" -1 (19)

1

v . .
where f,, =— is the breakage volume fraction calculated as the ratio of the smaller daughter
v

bubble volume v’ and the volume of the parent bubble v.

2.2.3 Breakage rate model based on capillary pressure restriction

Lehr, Millies and Mewes (2002) have presented a breakage model which is based on the
capillary pressure constraint. Bubble breakage occurs if the dynamic pressure caused by the

colliding eddy is higher than the capillary pressure of the daughter bubble size.

0.5p,u’ 225.- (20)

where d is the diameter of the daughter bubble.
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The breakage rate from size v into size v'and (v —v') is given by

d 2
QB(V',V)=I‘\/§C5 o . (A+d) exp(— 20 ] Jdk @2n
& PLE ’

where ¢, =0.8413

Equation (21) can be split into the specific breakage rate and the daughter bubble size

distribution

Qv v)=Q,(V)B(V',v) 22)

using dimensionless time and length scales.

25 ]
(¢
o] = =
L
a/s ]
(¢
L=|—| —= 24
(PLJ e’ @9

The following equations are obtained for the dimensionless breakage rate and the daughter

bubble size probability distribution.

i

Q= o.5d;5’3exp(——d[§) (25)

9 7, *
e
ik T 323
Y dk" {l+el’f{%m(2”md: )}}

(26)

The dimensionless specific breakage rate, daughter size distribution and bubble size are

defined as

Q;I,i = Qﬂ.i T 27

B:k = Bi,k r (28)



d: =dyL (29)

The shape of the daughter bubble size probability distribution is presented in Figure 1. One
can see that for small bubbles the breakage for two equal sized bubbles is the most probable.
For larger bubbles, however, breakage for one larger and one smaller bubble is more
favourable. Also, one may notice that the probability approaches zero as the breakage fraction
approaches zero with all mother bubble diameters. This result is reasonable as the production

of infinitely small bubbles is not physically justified.

Figure 1. The shape of the daughter bubble size probability distribution predicted by the
breakage model of Lehr, Millies and Mewes (2002). Physical properties of
water and air at 293 K. Turbulent energy dissipation rate €= 0.1 W/kg.
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3. Bubble coalescence

In bubble coalescence, bubbles approach each other due to turbulence, different flow velocity
or wake interaction and after contact coalesce to form a larger bubble. Despite its importance,
coalescence phenomena are yet not well understood. Some models to estimate the coalescence
rate have been proposed in the literature by Prince and Blanch (1990), Lehr and Mewes
(2001), Lehr, Millies and Mewes (2002) and Kamp et al. (2001).

The coalescence of bubbles depends very much on the liquid composition. It is well-known
that even very small amounts of impurities or presence of electrolytes (see Figure 3) in the
liquid can change the coalescence properties dramatically. Evidence in the literature
concerning the effect of liquid composition is very large (for example, Yagi and Yoshida,
1974; Qels et al., 1978; Keitel and Onken, 1982; Kelkar et al., 1983; Oztiirk, Schumpe and
Declwer, 1987; Jamialahmadi and Miiller-Steinhagen, 1992; Del Pozo, Briens and Wild,
1994; Machon et al., 1996).

31 Film thinning model

In the coalescence theory developed by Marrucci (1969), it is assumed that when bubbles are
in contact a thin liquid film is left between the bubbles. This film thins due to drainage from
the initial thickness to some critical thickness where film rupture takes place and the bubbles
coalesce. Coalescence takes place if the contact time is longer than the time required for film
drainage. The contact time depends on turbulence. If the film does not have enough time to
drain, the bubbles are carried away by a turbulent eddy. When surface active compounds are
accumulated on the gas-liquid surface they change the behavior of the liquid film. As the film
between the bubbles stretches a concentration gradient is formed between the stretched film
and the other parts of the interface. This generates surface active forces, which tend to oppose
the film stretching and so increase the film thinning time. The liquid film thinning rate for

equal sized bubbles can be expressed by
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2 172
_d_h= 28 —4C(d_0) +h2(_2_0'+ Aﬂs) (30)
dt |r'p, | RT\de r 6rmh

where Ay is the Hamaker force.

Equation (30) includes Marrucci’s coalescence parameterc(do/dc)’. Since the gradient of
surface tension with respect to concentration in the coalescence parameter has a power of two,
the coalescence retardation effect is similar for compounds which increase or decrease surface
tension. For example, the surface tension increases for electrolytes and decreases for surface-

active compounds.

SURFACE TENSION (mN/m)

S 8 8 & 8 8 3 8

e W 0 & & o
CONCENTRATION (mol/n)
Figure 2. Effect of surface-active compounds on surface tension

(Kim and Lee, 1987). (1) sodium layry! sulphate,
(2) n-amyl alcohol, (3) 1-butanol.
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Figure 3. Effect of electrolyte concentration on coalescence

probability (Zahradnik et al., 1995).

Theoretically, the coalescence parameter and the coalescence properties of a solution can be
estimated by measuring the surface tension of the solution with different solute concentrations
(see Figure 2). In practice, this is not easy because the concentration of surface-active
compounds required to change the coalescence properties can be very low. In addition, the
solution is often a multicomponent system with small amounts of impurities or the nature and

the existence of the impurities is completely unknown.

Prince and Blanch (1990) have presented a coalescence rate model based on the film thinning
theory. According to Prince and Blanch, the coalescence rate can be calculated from the

bubble-bubble collision rate and coalescence efficiency.
Qc(vi,v)) =6, Ac,; (31)

Collisions between bubbles occur mainly by two mechanisms, by turbulent fluctuations of the

liquid phase and by different rising velocities of bubbles of different size.

The turbulent collision rate can be expressed as

0,;=0.089n NN (d, +d)*e"*(d}" +d}”)" (32)

The buoyancy-driven collision rate is defined as
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9,_J =N,NS, (u, -u,) 33

L)

S, ,is the cross-sectional area between the colliding bubbles defined as

S, =§(d, +d,)? (34)

In the film thinning model of Prince and Blanch (1990), a thin liquid film is left between the
bubbles when the bubbles collide. This film drains from the original thickness to some critical
thickness, where the film ruptures and coalescence occurs. Coalescence efficiency is assumed

to be a function of the ratio of film drainage time to the time the bubbles remain in contact.

t.
Ae,; =exp ("‘T—”‘} (35)
i

where t,, is the film thinning time required for film rupture and T, is the contact time of
bubbles.

The contact time of the two bubbles can be estimated from

_(0.5d, )™

T
uj R

(36)

For pure liquids, neglecting the Hamaker force, which is significant only for very small film
thickness prior to rupture, Prince and Blanch develop the following expression for film

thinning time.

(r, )}p 0.5 h
t, =| <= In-t (37
! 160 h,

where h, is the initial film thickness between colliding bubbles (1.0x10™ m) and h, is the
final film thickness at film rupture (1.0><10~8 m).

r, ,1s the equivalent radius for two different sized bubbles and may be expressed as
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-1
f, =(l+l] (38)
I I"i

The original film thinning time by Prince and Blanch (1990) does not include any parameters
for the effect of the liquid composition. Therefore, the film thinning time was modified by

Laari and Turunen (2003) to include an experimental coalescence parameter C .

0.5

0.5d..)

ti,j=C ﬂ mﬁ (39)
160 h;

In this thesis the coalescence efficiency is further modified by replacing the film thinning time
in Equation (35) by a coalescence time. An estimate for the coalescence time can be obtained
by parameter estimation using the experimentally obtained bubble size distributions in the

column. The modified coalescence efficiency is presented by

Tij

A =exp[—i] (40)

3.2  Bubble persistence time model

An alternative to the film-thinning model has been presented by Ghosh and Juvekar (2002)
and Ghosh (2004). The model was developed for a case when a bubble (or drop) rests at a free
liquid-gas interface. When the bubble hits the surface the adsorbate molecules are displaced in
the outward direction and a high concentration of adsorbate is formed in the barrier ring. The
model is based on the assumption that the bubble rests at the interface as a result of the
repulsive force generated by a high concentration of adsorbate molecules on the opposite
faces of the barrier ring. The repulsive force can be of double layer or steric/hydration force
type. The repulsive force decays in time as the adsorbate is diffused from the barrier ring to

the centre area where the adsorbate is initially depleted.



According to persistence time measurements the process is stochastic in nature. Instead of one
single value for the persistence time, a distribution is obtained. The main reason for this is the
inhomogeneity in the surface concentration on the barrier ring separating the bubble and the

main liquid.

The cumulative persistence time probability is given by

1 P,

1
+erf| —= 41
o 15 e

1
F(TR)=E erf

where A, are the roots of the Bessel function.

1, is the dimensionless persistence time, defined as t, = t/t where tis the characteristic

diffusion time given by

T

-I-IH
U|>c

(42)

D is the surface diffusivity of the adsorbate at the interface. For surfactants its value can be

taken as 1x107'® m%s and for amphiphiles as 2x 1'% m¥s.

R, is the radius of the barrier ring, which can be estimated from

R, =21 /ép—g (43)
3o

P, is the dimensionless coalescence threshold, defined as

p=te__ T _ |opeo (44)
al,  (w fa)l, 3

Sris the normalized standard deviation in surface excess, given by
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S, = (45)

—1.9

1

S;and P, are parameters that can be estimated by fitting the cumulative rest time distribution

of Equation (41) to the measured distribution.
3.3. Measurement of bubble persistence times

The method presented by Gosh and Juvekar (2002) and Ghosh (2004) was used to measure
persistence times of different solutions, including de-ionized water, tap water, 0.1 kg/m3 of
isopropanol in de-ionized water, 0.2 % monopropylenegylycol in de-ionized water and
solutions of 0.0025 dm*/m® and 0.1 dm*/m? of defoamer (Hercules™ BF 100) in tap water.

The results are presented in paper V.

Measurements were carried out in a transparent chamber with a volume of 1 dm’. A silicone
plug or a teflon septum penetrating the column wall was used at the bottom of the vessel,
which permitted direct injection of gas bubbles into the liquid. Each gas bubble was allowed
to grow slowly at the tip of the needle before its release in order to achieve surface
concentration equilibrium. Gas bubbles were released at the depth of 10 mm from the gas-
liquid interface. The bubbles accelerated rapidly into their terminal velocity within a distance

of a few millimeters.

The movement of the bubbles was followed using high-speed video camera with a maximum
frame rate of 1000 1/s. The size of the bubble was measured after the bubble had been
released from the tip of the needle. The bubble size was not controlled in the experiments and
it ranged from 2 to 3 mm. The effect of the bubble size on the persistence time in this size
range was found to be weak and the cumulative coalescence probabilities were calculated

using all data points.

The measured persistence times range from 10 ms to 15 s depending on the solution. The
observed coalescence was never instantaneous. When the bubble hit the free gas-liquid

surface, the bubble and the liquid film between the bubble and the gas phase oscillated up and
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down at least a couple of times before coalescence was observed. This fully support the

observations made by Ghosh and Juvekar (2002).

The surface tension of the studied solutions was measured by Du Noiiy ring method and the
obtained values are shown in Table 2. Table 2 shows that the surface tension decreases only

slightly and the changes in the coalescence behavior of the solutions cannot be explained by

the decrease in the surface tension.

Table 2. Surface tension of the studied liquids.
Liquid Surface tension, mN/m
De-ionized water 72
Tap water 72
0.1 kg/m’ isopropanol in de-ionized water 71
0.2 % MPG" in de-ionized water 69
0.0025 dm*m? defoamer™ in tap water 72
0.01 dm*/m’ defoamer** in tap water 72

*) monoprop¥'leneg]ycol
#*) Hercules ™ BF 100 defoamer

5 “ =E
= 0.9 o A
| 5 *XA‘
a 0.8 0 & a
[ oX A
a 0.7 oX 4
S 06 5 § a
3 o5 Ef s
% 0.4 1 o Me de-onized water
8 :g A (D tap water
® 0.3 1 : o : 4 0.1 kg/r Isopropanal
2 0.2 - o_‘,'_' o% L [xozwme
g 0.1 4 < g A |+ 0.0025 dma/ng defoamer
5 ) o?++ % 4 |0 0.1 dmams defoamer
o O t T T
0.01 0.1 1 10 100 1000
persistence time, s
Figure 4. Measured cumulative coalescence probabilities for the studied solutions.
g p

The parameters P and S in the persistence time probability model in Equation (41) were
estimated by fitting the parameters to the measured cumulative probabilities. Surface
diffusivity was assumed to be 1x107'® m%s. The results are shown in Table 3. The results

show that a good fit can be obtained in all cases with a high value for the coefficient of
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determination (RZ). The identifiability of the parameters is good with a low relative standard

error and low cross-correlation factor.

Table 3. Estimated persistence time model parameter values for the studied
solutions and their relative standard error. ccf = cross-correlation
factor.

P, o, % Sr 6,% | cef.- | R?, %
De-ionized water (DW) 2800 1.1 0.254 99 | 0.393 | 9338
Tap water (TW) 562 0.6 0.252 4.1 0.180 | 98.6
0.2 % MPG’ in DW 458 0.7 0.331 3.9 0.171 98.9
0.1 kg/m’ isopropanol in DW 279 0.5 0.201 4.8 0.191 98.3

0.025 dm’/m’ of defoamer** in TW | 2780 04 |0.0954| 86 | 0.187 | 953
0.1 dm*/m’ of defoamer** in TW 2860 08 | 0.157 | 94 | 0288 | 947

*) monopropyleneglycol
**) Hercules™ BF 100

The persistence times obtained in this work can be compared to the coalescence times
measured for two contacting bubbles by Chuang et al. (1984) and Ueyama et al. (1993).
Chuang et al. (1984) studied the coalescence of two bubbles grown on two adjacent orifices.
The coalescence time was measured using laser light and a light detector. The observed
coalescence time for n-amyl alcohol solutions ranged from 20 ms to 200 ms for
concentrations ranging from 10 to 75 ppm. The magnitude of the coalescence times observed
by Chuang et al. is similar to that observed in this work. Very similar experimental system
have been used by Ueyama et al. (1993) to measure the coalescence time of two bubbles
formed at two nozzles using also a laser beam and a light detector. In their experimental
system, however, a bubble formed at a movable nozzle was made to approach and contact the
other bubble at a fixed nozzle. The observed coalescence time was found not to depend on the
bubble approach velocity. The measured coalescence time for pure liquids is very low, around
0.3 ms, which indicates an almost instantaneous coalescence. For contaminated liquids the
coalescence time typically ranges from 5 ms to 100 ms. Also in this case the magnitude of the
measured coalescence times is similar to those observed in this work, except for the very low
values obtained for pure liquids. These discrepancies could be caused by the differences in the
shape of the film between the contacting bubbles and between the bubble and air in the
persistence time measurements. The film between the contacting bubbles is planar, whereas it
is curved in the persistence time experiments. Also, there are probably some differences in the

hydrodynamics around the bubble in the two cases.
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4, Estimation of coalescence parameters from bubble column measurements
4.1 Population balance model for bubble column

The changes in the bubble size distribution can be expressed by means of population balance
equations (PBEs). The population balance equation for bubbles in a flow system may be
expressed in a general form in one spatial dimension (Colella et al., 1999; Fleischer, Becker

and Eigenberger, 1996; Lehr and Mewes, 2001)

—a—n(t, v,z)+—§z—[n(t, v, 2u, (v, z)]+aiv{n(t, v,z)-éa-t- v(v,z)}

¥

(46)

= _8_ Ez(v,z)—a——f(t, v, z)}»B(t, v,2)+C(t,v,2)
ot oz

The meaning of the terms from left to right is:
1. variation in time
variation due to bubble transport
variation due to mass transfer or expansion caused by change in pressure
bubble dispersion term

source term due to breakage

A

source term due to coalescence

For a bubble column operating in homogeneous flow regime at steady state, the general
population balance equation can be simplified by neglecting the variation in time (term 1),
variation due to mass transfer (term 3) and variation due to dispersion (term 4). Variation due
to expansion can be neglected for short columns. For large columns this term can be neglected
by using bubble mass as the internal coordinate instead of bubble volume. The dispersion
term may be neglected for low gas superficial velocities. For higher gas superficial velocities
with churn-turbulent gas-liquid flow the dispersion term becomes important. An additional
problem then is that no data about bubble dispersion coefficients is available that could be

implemented in the model.
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The source terms for bubble breakage and coalescence can be expressed in a more detailed

form (Ramkrishna, 2000; Kumar and Ramkrishna, 1996)

B(v,z) =B, D, = [B(v,v)Q, (v)n(v', 2)dv
3 ' 47)
= [n(v,2n(v', Q. (v, VAV
0

C(v,z2)=B.-D, =—% In(v =v,z2)n(v,z)Q.(v=v',v)dv'
. ’ (48)
- In(v,z)n(v',z)ﬂc(v,v')dv'
0

where B is the birth term due to breakage, Dy is the death term due to breakage, B..is the

birth term due to coalescence and D,. is the death term due to coalescence.

The continuous population balance equation for flowing bubbles in a bubble column at steady

state undergoing breakage and coalescence is then

on(v,z) =J_
oz 2

u, In(v—- v,z2)n(v,z) Q. (v=v',v)dv'=Q,(v)n(v,z)
O

- - (49)
- In(v,z)n(v',z)QC(v,v')dv'+ IB(V,V')QB(V')n(v',z)dv'

where u, is the velocity of bubble with respect to the column wall.

The actual bubble velocity in the column depends on bubble size and radial position in the
column. The bubble velocity is highest in the column centre and lowest at the column wall.
Bubble velocity also depends on the presence of other bubbles (bubble swarm velocity). The
exact bubble velocity can only be estimated by solving the complete multiphase

hydrodynamics by using computational fluid dynamics.

Additional approximations to Equation (49) were made by neglecting the radial variation of
bubble velocity and assuming that each bubble rises with a velocity equal to the terminal

rising velocity. In practice, this is equal to the assumption of a stagnant liquid phase.
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The terminal rising velocity was calculated using the correlation presented by Rodrigue

(2001)

s, F*
="t 50)
Y 4s P (
where the parameters s,, s,, s, and s, have values
$,=U12, s, =1, s,=49/1000, s,=3/4.
The flow number F is defined as
2/3 g 5 \M3
F=Eo'(&) =g($9;—) (51)
Ca Ol
and the velocity number V, as
dz 5 \ M3
V, =(Re’Ca)” = uh(—he‘—) (52)
OHL
Ca is the capillary number defined as
Ca=blle (53)

g

4.1.1 Solution of population balances

Analytical solution of the population balance equation (49) or its transient counterpart in a

well-mixed system

Bn(a\l', v =—;— In(v =vLon(v, Q. (v=v',v)dv'=Q  (v)n(v,t)

0

. . (54)
= [n(v, On(v, ) Qc (v, v)dv'+ [Bev.v)Q, (vVn(v', v
4] v

is only possible for some limited cases.
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Several numerical methods have been proposed to solve the continuous population balance
equation. These include, according to Ramkrishna (2000), the method of weighted residuals,
method of moments, orthogonal collocation, and collocation on finite elements.

The method of discretization has been proposed by Kumar and Ramkrishna (1996) as a
computationally efficient alternative. In the method of discretization the particle population in

the size range {v,,v,,,} is assumed to be concentrated to one size pointx,, the so called

representative size (or grid/pivot point).

M
n(v,t) = > N3 (v-x,) (55)
=1
where M is the number of discretization points and § is the Kronecker delta function.

By introducing Equation (55) into the continuous PBE, the continuous PBE can be
transformed into a discretized form. Kumar and Ramkrishna (1996) have derived the

following discretized PBE.

dN (t 2 I S
MO 5 (-5, mee,NON O -N©D 2,1,

dt ix 2 k=1
Xig SO HXE)SKy (56)

M
+° 0,9, N () —Q, N,(D)
k=i

One should pay attention to the fact that after the discretization only the 0" moment of the
continuous distribution (number of bubbles) is conserved. To preserve another moment of the
distribution requires the implementation of some carefully chosen correction terms for the
coalescence and breakage birth terms. Usually preservation of the 0" and 3" moments of the
distribution (numbers and volume (or mass) of bubbles) is desired. Equation (56) includes one

correction term (1)) in the birth by coalescence term and one correction term in the birth by

breakage term (n;, ).

According to Kumar and Ramkrishna (1996), the general form of the correction term in the

coalescence birth term is
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[ vt
V.Xi+l v XiA+l X <v<x.
[ vyl ’ i = i+l
— ) XX T X Xy, (57)
M=) vixr, —v'xE
et X SVEX,
XX — XX,
T is given by the formula
X . =V
i+l
. —x X, SVSX,,
=yl (58)
.._i;l__’ xl_lSV<Xi
Xia —X;

for the conservation of numbers and mass.

The correction term for the birth term by breakage is

(«";) v (V) L, &) (v) 4
B X, =B ‘+| B; Ikxl =B lkx. | 59
ni‘k v g ( )
XX [y = X[ X5 XPX = XX

where B is given as

X

B = fvﬁﬁ(v, X, )dv (60)

Xi

The exact preservation of numbers and mass is achieved by setting {=0,v=1.

n, = fx B(v x, )dv+ I 2R B(v,x,)dv (61)

X; i+l T Xie ,,

The method by Kumar and Ramkrishna (1996) is suitable for any arbitrary discretization. An
additional benefit of this method is that it can be set to preserve any two moments of the

distribution, for example, numbers and interfacial area, if that is preferred.
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Another useful discretization method has been proposed by Hagesaether et al. (2002). In this
method, the discretization of bubble size is based on a geometrical scheme where the next

largest size class has a mass (or volume) of two times the mass of the previous class.

=2m, (62)

i+] i

m

As shown by Hagesaether et al. (2002), the coalescence and breakage birth and death terms
can be formulated in such a way that both numbers and mass are conserved. Hence, no other

correction factors are needed.

According to Hagesaether et al. (2002) the break-up death rate is

il
Dy(i)= D Qyu(m,.m,), for i=2..N (63)

k=]

and the break-up birth rate

N i i1
By()= > Qum,,m)+ D x,,Qum, m)+> (I-x,)Q,(m,m,),  (64)
k=]

k=it =N k=l =N,

for i =1..N,
The coalescence death rate is
Ne-l

Dc(i)= D Qc(m,,m)+Q.(m,m), for i=1..N, (65)

=l

and the coalescence birth rate

1] i—]
Be()= D x, Qc(m,m)+> (I-x_ )Q:(m_,m), fori=2.N.  (66)
1

=lieNg I

The terms x,, and x, ;in the birth terms of breakage and coalescence are defined as

xl'k — 2]+k——i , k < i (67)

X, =1-2"i2j (68)
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The population balance equation (49) is transformed by the discretization method into a set of
ordinary differential equations the number of which equals the number of bubble classes used

for the discretization.

ubszC+BB—DC—DB (69)

The differential equations can be solved numerically by integrating the equations starting

form the initial value at the bottom of the reactor.

4.2 Parameter estimation and parameter identifiability

The coalescence and breakage parameters can be estimated by comparing the measured and
calculated bubble size distributions or mean bubble sizes. In this work the Sauter mean bubble
size was chosen for the comparison. This was done because all the measured distributions
were found to be monomodal and convergence could be obtained more easily by using mean

sizes instead of complete distributions.

A good parameter fit can be characterized as having a good coefficient of determination (R* -
value), low standard error for the estimated parameters and good parameter identifiability.
Even though the estimated parameters would predict the measured values well with a good
regression coefficient, the estimated parameters can have large standard errors and be
substantially intercorrelated. In practical terms this means that a large number of parameter
combinations give equally good fit. In this case, the identifiability and reliability of the
estimated parameters is poor. Parameter identifiability can be studied by drawing contour
plots for constant R’ values, or values of objective function, with varying intervals between

the parameters that are most intercorrelated.

4.2.1 Cylindrical bubble column

Bubble size distributions were measured photometrically in a cylindrical bubble column with

a diameter of 0.078 m and height of 4.6 m by video recording the bubbly flow at several
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height positions, which were 0 m, 0.35 m, 0.9 m, 1.65 m and 2.4 m. Due to the limitations of
the technique only bubbles at the column wall can be detected. A set of 100 bubbles was
calculated manually at each height position. Gas superficial velocities were 1, 2 and 6 cm/s.
Eight different gas spargers were used in the experiments. Their characteristics are shown in

Table 4.

The measured Sauter mean bubble sizes are shown in Table 5 and in Figures 5 and 6. Sauter

mean bubble size is defined as

N
Z:nidi3

dy =5— (70)
nd;
i=]
Table 4. Properties of the gas spargers.
Distance
Name Sparger type Number of | Diameter of Free area of between
holes holes, mm holes, % holes, mm
Spl Tube 2000 0.07 - -
Sp2 Perforated plate 11 0.5 0.045 17.23
Sp3 Perforaled plate 22 0.5 0.090 12.18
Spd Perforated plate 66 0.5 0.27 7.03
Sp5 Perforated plate 6 1 0.090 23.32
Sp6 Perforated plate 382 0.12 0.090 2.92
Sp7 Porous plate - 0.04 - -
Sp& Perforated plate 1414 0.12 0.060 3.80




Table 5. Average gas holdup and Sauter mean bubble size in a cylindrical bubble
column with a diameter of 0.078 m and height 4.58 m. Temperature is 45 °C.
Superficial gas velocity is measured at 20 °C and normal pressure. Physical
properties of the process solution at 45 °C are: Density 1389 kg/m3, dynamic
viscosity 2.5 mPa s and surface tension 57-69 mN/m.
solution sparger U,. g, Sauter mean bubble size, mm
s % Z=0m | 7=035m | Z=09m | Z=1.65m | 724 m
Tap water Spl 0.01 36 2.45 3.56 3.98 4.53 5.31
Tap water Spl 0.02 6.8 222 4.61 5.13 5.45 5.75
Tap water Sp 1 0.06 14.8 3.14 6.20 6.00 5.10 5.93
Tap water Sp3 0.01 3.3 4.13 4.54 4.37 5.22 5.42
Tap water Sp3 0.02 6.8 4.60 5.04 5.30 5.34 6.84
Tap water Sp3 0.06 154 5.21 5.99 6.22 6.53 6.65
Tap water Spé 0.01 4.0 1.50 3.20 4.01 5.23 5.30
Tap water Sp6 0.02 74 1.63 4.36 481 5.51 6.18
Tap water Sp6 0.06 157 231 5.87 5.84 5.21 5.32
Tap water Sp7 0.01 3.2 1.53 3.96 5.66 5.91 6.50
Tap water Sp7 0.02 6.4 1.40 431 5.61 5.62 541
Tap water Sp7 0.06 144 2.38 4.60 6.18 5.83 5.05
Process solution Sp2 0.01 33 4.46 483 4.95 4.99 5.36
Process solution Sp2 0.02 6.8 5.41 4.87 4.68 5.50 5.29
Process solution | Sp3 0.01 3.6 4.28 4.30 470 4.53 5.07
Process solution | Sp3 0.02 8.0 4.78 4.79 472 4.81 5.08
Process solution | Sp 5 0.01 29 6.95 6.55 5.45 492 477
Process solution Sps 0.02 6.1 793 4.59 423 4.19 4.62
Process solution | Sp6 0.01 43 1.65 2.18 2.34 221 2.30
Process solution Sp6 0.02 10.1 1.87 2.39 2.32 2.48 277

Table 5 shows that the coalescence rate with tap water is faster than the breakage rate and the

Sauter mean bubble size increases with all spargers and gas flow rates and approaches a stable

bubble size.

For process solution the coalescence rate is slow and bubble size increases only slightly in

some cases. In some cases the initial bubble size at the bottom of the column is larger than the

maximum stable bubble size and the Sauter mean bubble size decreases as the bubbles move

upwards in the

column.,

The size distributions and the Sauter mean sizes were calculated by solving the differential

equations formed by the population balances of Equation (69).
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The estimated coalescence and breakage parameters are shown in Table 6 and the measured
and calculated Sauter mean bubble sizes in Figures 5 and 6. Two breakage models were
tested, the model by Prince and Blanch (1990), Equation (9), and the model by Colella et al.,
Equation (14). Coalescence efficiency was calculated by using the coalescence model of

Prince and Blanch, Equation (39), with one experimental parameter C .

The estimated values for the breakage parameter, the critical Weber number, 1.8 for tap water
and 1.7 for the process solution, are relatively close to the value of 2.3 given by Prince and

Blanch (1990) for pure water

Table 6. Estimated coalescence and break-up parameters for tap water and
process solution in a bubble column. ccf = cross-correlation
factor between coalescence and breakage parameters.

Case Liquid Coalescence Break-up Coalescence | Break-up R?, ccf, -
model model parameter parameter %
Case 1 | Tap Prince and Prince and C=393 We.=1.83 96.8 | 0.44
water Blanch (1990) | Blanch (1990)
Case2 | Tap Prince and Colella et al. C=347 ky, = 9560 97.0 | -0.89
water Blanch (1990) | (1999)
Case 3 | Process | Prince and Prince and C=9.51 We. = 1.67 95.6 | 0.05
solution | Blanch (1990) | Blanch (1990)
:| Case 4 | Process | Prince and Colella et al. C=3.34 ky,=21700 | 93.0{ -0.85
solution | Blanch (1990) | (1999)
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Figure 5. Measured and predicted profiles of Sauter mean bubble size with

different gas spargers and different gas superficial velocities.
Case 1: Tap water, coalescence model of Prince and Blanch,
break-up model of Prince and Blanch.
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Figure 6. Measured and predicted profiles of Sauter mean bubble size with

different gas spargers and gas superficial velocities.
Case 3: Process solution, coalescence model of Prince and Blanch,
break-up model of Prince and Blanch.

Parameter identifiability was studied by drawing LSQ —profiles and contour plots for the

estimated coalescence and breakage parameters. These are shown in Figures 7 - 10.
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Figure 7. LSQ profiles for the parameters of case 1 (Tap water, coalescence model

of Prince and Blanch, break-up model of Prince and Blanch).
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Figure 8. Contour plot for the parameters of case 1 (Tap water, coalescence model
of Prince and Blanch, break-up model of Prince and Blanch).

450
g
2
5]
=]
&
w
2
N
3
c
k-
%
=
E
d
0 . . . 0 . —
0 5 10 15 20 0 1 2 3 4
c,- We,, -
Figure 9. LSQ profiles for the parameters of case 3 (process solution, coalescence model

of Prince and Blanch, break-up model of Prince and Blanch).
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Figure 10. Contour plot for the parameters of case 3 (process solution, coalescence model

of Prince and Blanch, break-up model of Prince and Blanch).

The parameter identifiability study shows that for tap water the coalescence parameter is well
identified, a clearly distinguishable optimum can be seen with respect to the parameter value
(see Figure 7, on the left). For tap water the breakage parameter is not that well-identified,
only a weak optimum can be seen in Figure 7 (on the right). The same phenomenon can be
observed in the contour plot in Figure 8. The reason for the poor identifiability of the
breakage parameter for tap water is that all the experiments were done in conditions in which

the bubble size increases and bubble coalescence dominated over bubble breakage.

For the process solutions the situation is the opposite. Bubble breakage dominates and the
mean bubble size increases only slightly in some cases. The parameter identifiability study
shows that the bubble breakage parameter is well identified, as shown in Figure 9 on the right.
The coalescence parameter, however, is poorly identified and the only thing that can be said

about the coalescence parameter is that its value is over 5 (see Figure 9, on the left).

The parameter identifiability study clearly demonstrates the fact that to simultaneously obtain
reliable coalescence and breakage parameters the measurements have to be done so that at
least in some cases a clearly distinguishable increase and decrease in the bubble size can be

observed.
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4.2.2 Rectangular bubble column

Bubble size distributions were measured at five different height positions, which were 0 m,
0.25m, 0.5m, 1.0 m and 1.5 m, in a rectangular bubble column with a width of 0.15 m, depth
of 0.03 m and height of 1.5 m. A LED light panel was used at the back of the column to
illuminate bubbles rising in the liquid solution. A photographic method was used to obtain
bubble size distributions at each height position by video recording the bubbly flow with a
Canon MXI1 video camera using progressive frame mode, a shutter speed of 1/500 s and
aperture of {8 for two minutes. Frames were captured from the video recording and saved as

bitmap images.

ImageJ software was used to detect bubbles automatically and to analyze their size and shape.
Several shape describing parameters, presented in Table 8, were calculated for each bubble.
Even though the gas holdup was relatively low, some bubbles in the image were usually
overlapping. Based on the shape describing parameters shown in Table 8, some bubbles were
removed from the data and only those bubbles fulfilling the shape describing parameter
criteria were accepted. The shape descriptor limit values were roughly obtained by comparing

bubble shapes visually in some frames.

Table 7. Average gas holdup and Sauter mean diameter in a rectangular bubble
column. Temperature 20 °C, normal pressure.
solution Us. | &;. Sauter mean bubble size, mm
m/s %
Z=0m | Z=035m | Z=09m | Z=1.65m [ Z=24m
Tap water (TW) 0.0037 | 226 2.29 3.05 3.30 3.60 3.50
Tap water (TW) 0.0074 | 447 276 3.51 3.81 4.01 4.00
De-ionized water (DW) 0.0037 | 234 2.44 3.04 336 3.56 3.86
De-ionized water (DW) 0.0074 | 3.84 3.09 371 4.01 4.11 424
0.1 kg/m3 isopropanol in DW 0.0037 | 2.09 2.83 2.96 2.89 293 3.15
0.1 kg/m3 isopropanol in DW 0.0072 | 4.39 2.9 3.02 2717 2.87 3.18
0.2 % MPG* in DW 0.0037 | 2.35 121 1.26 1.25 116 1.33
0.0025 dm3/m3 defoamer** in TW | 0.0019 | 1.02 2.19 248 267 3.02 3.36
0.0025 dm3/m3 defoamer** in TW | 0.0037 | 2.04 2.59 3.04 3.24 3.52 3.69
0.01 dm3/m3 defoamer** in TW 0.0019 | 098 2.22 2.88 3.38 3.61 4.15
0.01 dm3/m3 defoamer** in TW 0.0037 | 185 2.81 3.56 3.9 4.39 5.05
0.03 dm3/m3 defoamer** in TW 0.0019 | 0.86 2.28 2.86 3.38 3.9 433
0.03 dm3/m3 defoamer** in TW 0.0037 | 1.73 274 352 4.48 5.33 6.00

*) monopropyleneglycol
**) Hercules' ™ BF 100 defoamer



Photograph of bubbly flow in 0.1 kg/m” isopropanol in de-ionized water (on
the left) and 0.01 dm*/m?® of Hercules BF 100 defoamer in tap water (on the
right) at the height of 1.5 m.

Air feed 1.0 dm"/min, 100 mg/dm® isopropanol Air feed 1.0 dm®min, 0.01 dm*/m" antifoam
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Figure 12. Measured bubble size distributions in the rectangular bubble column for a

slowly coalescing solution (on the left) and for a rapidly coalescing solution

(on the right).

Table 8. Rejection limit values for the shape describing parameters.
Shape parameter Definition Rejection
limit value
Form factor 4  area/(perimeter)’” <0.7
Roundness 4 area/ T (major axis)*’ <0.7
Compactness ((4/m) area)®*/major axis <0.6
Aspect ratio major axis/minor axis >3.0
Solidity area/ convex area <09
Convexity convex perimeter/perimeter <0.95
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Figure 13. Measured profiles of Sauter mean bubble size for superficial

gas velocity 0.19 cm/s.
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Figure 14. Measured profiles of Sauter mean bubble size for superficial

gas velocity 0.37 cm/s.

The coalescence parameter for the film thinning model and the coalescence time in equations
(39) and (40) were estimated by comparing the measured and calculated Sauter mean bubble
sizes. In all cases a good agreement between the measured and calculated values was
obtained, as can be seen from Figure 15. The coefficient of determination (R?) is over 96 %
for all studied solutions, except the case of 0.2 % MPG in de-ionized water. The estimated

parameters are shown in Table 9.



52

Table 9. Estimated coalescence parameter for film thinning model and
coalescence time.

Gas superficial velocity 0.19 cm/s | Gas superficial velocity 0.37 cm/s

Liquid Film thinning Coalescence Film thinning Coalescence

model time model time

C,-|RN%| (. s [RR%| C,-[RE%| t.s |R.%
’ ce i o

Tap water (TW) - - - - 740 | 96.7 |0.0941 | 95.8
De-ionized water (DW) 6.12 | 97.3 | 0.0726 | 97.2 | 6.42 | 98.0 | 0.0951 | 97.9
0.1 kg/m" isopropanol in DW - - - - 17.5 | 96.5 | 0.236 | 96.5
0.2 % MPG in DW - - - - 472 | 55.1 | 0.166 | 55.1
0.0025 dm’/m® defoamer in TW | 7.47 | 97.2 [ 0.0860 | 97.2 | 771 | 977 | 0.110 | 975
0.01 dm*/m” defoamer in TW 433 | 97.6 [0.0612| 97.2 | 4.67 | 98.6 | 0.0878 | 98.3

5.5 ¢ 0.1 kg/m3 isopropanol

= = = = 0.1 kg/m3 isopropanol, fit
x 0.0025 dm3/m3 defoamer
= 0.0025 dm3/m3 defoamer, fit
A tap w ater
tap w ater, fit
+ de-ionized w ater
= = = = de-ionized water, fit
o 0.01 dm3/m3 defoamer
e (0,01 dMB/MB defoamer, fit

Sauter mean, mm

height position, m

Figure 15. Measured and estimated profiles of Sauter mean bubble size
in the column. Gas superficial velocity 0.37 cm/s.

A comparison of the measured persistence times and the estimated coalescence times is
shown in Figure 16. For rapidly coalescing liquids with short persistence times the measured
persistence times and the estimated coalescence times are in good agreement. This suggests
that for rapidly coalescing liquids the film-thinning time can be replaced directly with the
persistence time. However, for slowly coalescing liquids the estimated coalescence times are
much shorter than the measured persistence times. The reason for this is that because the
persistence time for the slowly coalescing liquids is at least an order of magnitude higher than
for the coalescing liquids, the coalescence efficiency calculated from Equation (40) decreases
drastically. There might be several reasons for this discrepancy. First of all, the contact time

of bubbles in Equation (36) is an order of magnitude estimation of the actual contact time.
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There is no accurate information available about the contact times of bubbles in bubbly flows.
Also, the level of energy dissipation is probably overestimated, affecting the contact time and
the turbulent collision rate of bubbles. Furthermore, it is not clear whether the bubble-bubble
collision rate mechanism, including turbulent, rising velocity difference induced and shear
induced collision rates, resembles the real bubble-bubble interaction. For example, the wake
effect where a bubble is entrapped in the wake of the leading bubble is not included in the
model. Nevertheless, Figure 16 gives a simple correlation between the measured persistence
times and the coalescence time and it can be used to estimate the coalescence efficiency in a

population balance model.

0.25

e
N

estimated coalescence time, s
@

0 2 4 6 8 10

d mean perst time (0.5 probability), s
Figure 16. Comparison of the measured persistence times and the

estimated coalescence times. Gas superficial velocity 0.37 cmy/s.
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5. Gas-liquid mass transfer

5.1 Liquid-side mass transfer coefficient

Several empirical correlations have been proposed to estimate the liquid mass transfer
coefficient in bubbly flow, for example, Calderbank and Moo-Young (1961), Hughmark
(1967), Akita and Yoshida (1974) and Oels et al. (1978). In these correlations mass transfer

coefficient depends on average values of bubble size and gas velocity.

The accuracy of calculation of mass transfer in multiphase CFD would benefit a great deal if
the liquid side mass transfer coefficient could be evaluated from local conditions using local

particle size, local slip velocity between the particle and liquid and local turbulent intensity.

Theoretical models that can be applied for this purpose have been presented by Alves, Maia
and Vasconcelos (2004) for a gas-liquid mixed tank based on slip velocity, by Kawase,
Halard and Moo-Young (1987) for a bubble column, and by Garchia-Ochoa and Gomez
(2004) and Linek et al. (2004) for a gas-liquid mixed tank based on turbulence energy

dissipation rates.
All these models are based on Higbie’s penetration theory

k, =2 /f—t an

where t, is an exposure time for mass transfer

The exposure time can be estimated either based on bubble and liquid slip velocity or on

turbulence intensity.

For a fully mobile interface the exposure time can be estimated to be equal to the time it takes

for the bubble to travel a length equal to its diameter.
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2 u
L=—=./DL

VeV td,

(72)

For arigid interface, mass transfer can be estimated from Frossling’s theoretical equation for

k, =c_|=:D¥y" (73)
=cf Q.

where the coefficient ¢ = 0.6 according to Alves et al.

laminar flow.

In practice, the surface mobility lies between fully mobile and rigid surfaces and the mass
transfer coefficient is somewhere between the ones predicted by Equations (72) and (73). The
mass transfer coefficient calculated for a mobile surface from Equation (72) is five times as

high as for a rigid surface calculated from Equation (73).

For turbulent flow the exposure time in Equation (71) can be also estimated using
Kolmogoroff’s theory of isotropic turbulence. The gas-liquid surface is continuously

bombarded by turbulent eddies with a scale smaller than the bubble size.

According to Kolmogoroff’s theory, eddy length is

V3 14
n -(?) (74)

And the fluctuation velocity

u={(ve)”* (75)

Taking the exposure time to be equal to eddy length divided by fluctuation velocity and

inserting exposure time into Equation (71) gives

2 4
k; =:/?\/D_L(ﬂ)‘) (76)

u
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The experimentally obtained coefficients for Equation (76) ranging from 0.3 up to 0.6 are

significantly lower that the theoretical value 2/v/n (Linek et al., 2004). A possible reason for
this discrepancy could be the difficulties involved in the estimation of turbulence energy

dissipation rates in the dispersion.

It seems reasonable to assume that in turbulent gas-liquid flow both the surface renewal
mechanisms, by slip velocity and turbulence, should be included in the mass transfer model.
This can be done by assuming that both surface renewal mechanisms take place

simultaneously and that the surface renewal rates are additive.

For a fully mobile interface one obtains

172
2 |D_2 -2 u, [pe
S S T

and for rigid particles

D¥ |u )
k, =c— -;+(E-) (78)
v d, \u

The proposed model for gas-liquid mass transfer in bubbly flows above is new and it should
be verified by measurements in different conditions. This requires the development of

experimental techniques for the measurement of local slip velocities and turbulent intensities.

5.2 Turbulent energy dissipation rate

The turbulent energy dissipation rate is an important parameter in gas-liquid bubbly flow that
affects mass transfer, bubble coalescence and bubble breakage rates. The turbulent energy
dissipation rate can be evaluated numerically by solving the turbulence equations during CFD
simulation or experimentally by measuring velocity fluctuations using, for example, hot wire

anemometry, Laser Doppler Anemometry (LDA) or Particle Image Velocimetry (PIV). It is,
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however, difficult to exactly estimate the turbulence energy dissipation rate a priori without
numerical calculations or experimental work due to the complex nature of turbulent flow.

The total energy release rate from gas into liquid per unit mass of liquid may be calculated
from changes in pressure energy and potential energy, as expressed by Dhotre and Joshi

(2004) and Ekambara and Joshi (2005).

UG (pL _pG )g (79)
P1

£=

This total energy release rate is partly converted into large scale liquid circulations and partly

it is consumed by friction as gas bubbles move in the liquid.

When bubbles move in a liquid with a slip velocity ug the energy dissipation rate may be

calculated from the change in pressure and potential energy.

(PL —Pg )gEG Uy
Py,

£= (80)

If the bubble flow is in the turbulent regime (Re > 500) this energy dissipation rate is
converted into turbulence in the vicinity of bubbles and finally spent in viscous dissipation.
However, the turbulent eddies generated by the bubbles have a scale of bubbles, whereas the
turbulence generated in the bulk liquid movement have a scale corresponding to the column
dimensions. This issue has been discussed by Ekambra and Joshi and Dhotre and Joshi. They
conclude that only a part of the turbulence generated by the bubbles will enter the bulk liquid
motion and take part in the transport phenomena. This part is defined by a fraction C,. The
rest of the turbulence in small eddies is dissipated in the vicinity of the bubbles. Taking into

account the fraction C the bubble induced turbulence is defined as

€=CB (pl,_pg)ge(ius (8])
L

The rest of the total energy input rate expressed by Equation (80) is used to maintain liquid

circulations and may be calculated as.
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(pl, —Pg )g (UG _CBE(‘-US)
P

£=

(82)

The energy rate for maintaining liquid circulations is also mainly converted into turbulence
and finally consumed in viscous dissipation. However, a part of the energy rate is consumed
by laminar shear near the column wall or is converted into small scale turbulence which does

not enter the bulk liquid flow and is consumed by viscous dissipation.

When estimating the turbulent energy dissipation rate, it is necessary to consider several
factors. The actual turbulent energy dissipation rate is lower than the total energy input rate
because of column wall friction, energy consumed by laminar shear near bubbles for laminar

flow (Re < 500) and energy consumed by small scale eddies near the bubble surface.
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6. Estimation of volumetric mass transfer coefficient

In general, mass transfer between gas and liquid depends on several factors. These factors
include the way the gas is inserted into the column or reactor (gas dispersion device), the
volumetric flow rate of gas and liquid, geometry, flow arrangements (concurrent
flow/countercurrent flow of phases), liquid physical properties, liquid composition, presence
of impurities and gas density (or pressure). In three phase (slurry) columns the concentration

and nature of the solid particles also affects gas-liquid mass transfer.

Due to the complex nature of the phenomenon, it is difficult to obtain a universal correlation
for gas-liquid mass transfer in bubbly flows. Therefore, numerous experimental correlations
for a volumetric mass transfer coefficient have been presented in the literature (for example,
Akita and Yoshida, 1973; Nakanoh and Yoshida, 1980; Hikita et al., 1981; Oztiirk, Schumpe
and Deckwer, 1987). These correlations are usually obtained for model solutions at normal
conditions, usually for oxygen in water at room temperature. Therefore, the general validity of
the literature correlations is often questionable. Their validity is often limited to the chemical
system and conditions used in the measurements and care should be taken in using these

correlations in other conditions.

In this thesis, the volumetric mass transfer coefficient is estimated experimentally for three

different gas-liquid columns. These are:

1) A bubble column with a T-junction two-phase-nozzle for gas dispersion (paper I). In a two-
phase nozzle the kinetic and pressure energy is used to disperse gas into fine bubbles. A
dynamic method is used to measure volumetric mass transfer coefficient. This method is
based on measuring the concentration of dissolved gas as a function of time using a dissolved

oxygen Sensor.

2) A large scale industrial bubble column for oxidation of 2-ethyl tetrahydroanthra-
hydroquinone (paper H). An axial dispersion model in the form of a cell model with

backmixing was written for the liquid phase and a steady state method was used to solve



concentration profiles of reactants in the column. Concentration profile data was available

permitting estimation of volumetric mass transfer and axial dispersion coefficients.

3) A downflow concurrent bubble column with internal structured Katapak-S packing (Paper
). Plug flow was assumed for both phases and the volumetric mass transfer coefficient was
estimated by comparing the measured and calculated dissolved oxygen concentration at the
column outlet. The dissolved oxygen concentration was measured at the column inlet and

outlet.

6.1 Bubble column with a T-junction nozzle for gas dispersion

Mass transfer between gas and liquid was studied in a bubble column where a T-junction two-
phase nozzle was used to disperse the gas into fine bubbles. Two-phase nozzles, like the T-
junction nozzle, use the kinetic energy of liquid and gas to disperse gas into fine bubbles.
Kinetic energy is transferred into turbulence in the nozzle and finally lost in the column. The
bubble column was operated as a semi-batch column, with a batch of liquid and continuous

feed of gas through the column.

6.1.1 Experimental

Measurements were carried out in two different sizes of bubble columns. The smaller column
had a diameter of 0.19 m. Three column heights were used. These were 0.67, 1.26 and 1.765

m. The larger column had a diameter of 0.97 m and a height of 4.64 m.

The volumetric mass transfer coefficient was measured in both columns using a dynamic step
method. In the smaller column, the dissolved oxygen concentration was first lowered from
saturation concentration by purging nitrogen into the column. When the oxygen concentration
was less than 10 % of the saturation concentration, the nitrogen feed was stopped and the feed
of air was started. In the larger column a dynamic pressure method proposed by Linek and
Sinkule (1991) was used. In this method the pressure in the column is first increased
temporarily by about 20 kPa. After saturation has been achieved, the pressure is suddenly

reduced back to normal pressure. The changes in the dissolved oxygen concentration over
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time were followed and recorded using a MARVET J40 oxygen sensor, which was located in
the middle of the column. The sensor has a time lag of 4.5 -8 s depending on the age of the

sensor.

A more detailed description of the experimental apparatus and the two-phase nozzles used is

presented in paper 1.
6.1.2 Mass transfer model
A model of mass transfer in the bubble column was developed using the following
assumptions:
- a well-mixed liquid phase

- no depletion of oxygen concentration in the gas phase

The mass balance for oxygen in the liquid phase can be written as

d .
VR(l—eG)—d(ti=kLA(c -c) (83)
Dividing by V. (1-¢,) gives
d A . k .
Lo — (-0 =—2 (¢ =) (84)
dt V. (1-¢,) (1-€4)
After rearrangement
d k, ¢
€ - A8 g (85)

¢ —c) (I-g,)

Equation (85) can be integrated from initial concentration c,at t =0 to concentration ¢ at

time t.

¢ de k,a
= dt 86
J.(c'—c) (l_ec)é[ (86)

o

After integration and rearrangement the following equation is obtained
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t ¢ —c

ka= %) m(c' ‘COJ (87)

An estimate for k, a can be obtained by fitting Equation (87) to the measured c¢—t curve.

Possible sources of error in using Equation (87) for the estimation of k, a arise because of the

model assumptions. Usually the assumption of ideal mixing is reasonable except for very tall
and narrow columns. The assumption of insignificant depletion of oxygen concentration in
the gas phase is acceptable if the mass transfer rate is not too high (see paper I for more

details).

An additional error source comes from the use of dissolved oxygen sensors for the
measurement of the oxygen concentration in the liquid phase. Because of their structure, these
sensors have a time lag describing how fast they react to a change in liquid oxygen
concentration. This time lag depends mainly on the physical and chemical properties and the
thickness of the polymer film separating the studied liquid and the electrolyte solution inside

the sensor head.

The probe time lag can be taken into account by using the following differential equation if

the time lag is assumed to be first order with respect to time.

L (88)

Equation (88) can be used to correct the measured concentration c,, to the actual

concentrationc .

m

dt T,

e, _(c—cy) (89)

6.1.3 Results
The volumetric mass transfer coefficient was correlated to the jet kinetic power per nozzle

volume using an empirical correlation form. It was found that a critical kinetic power per

volume exists below which the nozzle does not disperse gas properly. Non-linear parameter
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estimation gave the following correlation for the average volumetric mass transfer coefficient

in the whole column for the studied column of height 1.765 m.

k,a=0851U%% , for (P, /V, ), <1945 W/m®  (90)

0.134
k,a=0.85 IU?;"‘”(%‘—) , for (P, /V,)u>1945W/m’  (91)
where Uy is the volumetric mass transfer coefficient in m/s and (P,,,/V,, )., is the critical

kinetic power per mixing volume.

Kinetic energy per mixing volume is defined as

P, | .
L U 92
v or Proes 92)

L3115,

where L is the nozzle length

The column was observed to be divided into two sections with different hydrodynamic and
mass transfer characteristics. Near the nozzle, mixing and mass transfer were intensive. This
section is called the spouting section and it has a height of 0.3 m. Above this section, mixing
was less intensive (calm section). By using the measured data obtained with three column
heights, the following correlation for the average volumetric mass transfer coefficient in the
whole column was obtained

0.33

VAY —

kLa=]5.] ]Ugm B.’_. _Pi_k_"J_/__m“_ +Ht<n Hs , (93)
HIUl (Pkin /mex )cr H

tot

for (P, /V,.),> 1945 W/m’,

where H, is the height of the spouting section (0.3 m) and H,, is the total height of the

ot

column (1.765 m).
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6.2 Large scale industrial bubble column with backmixing

The problem considered in this case was the oxidation of 2-ethyl tetrahydroanthra-
hydroquinone (THEAHQ) for the production of hydrogen peroxide. The oxidation is carried
out in a large scale industrial bubble column operated concurrently with liquid and gas feed
from the bottom of the column. In the column, oxygen is transferred from gas into liquid
where it reacts with THEAHQ to produce 2-ethyl tetrahydroanhtraquinone (THEAQ) and
hydrogen peroxide. Air is used as a source for the oxygen. The liquid phase is a mixture of
organic solvents where all the reactants are dissolved. The oxidation reaction is assumed to be

slow and to proceed in the bulk liquid phase.

Reaction kinetics is taken from Santacesaria et al. (1987).

Trieang = KiCrueang Co, (94)

with the reaction rate constant k,= 3.8 x 10~ m*/mol s.

Because of the scale of the column, pressure varies in the column along the height as
hydrostatic pressure decreases. Superficial gas velocity also changes because of changes in

pressure and because the reaction consumes oxygen, which is transferred from gas phase.

The volumetric mass transfer coefficient and axial dispersion coefficient in the liquid phase
were estimated from data obtained from the full-scale process. The data included oxygen
concentration in the gas phase at the reactor outlet and hydrogen peroxide concentration at

different locations along the reactor height.

Holdup was measured separately in laboratory scale in a bubble column with a diameter of
0.15 m. The liquid used in the measurement was the organic process solution at normal
pressure and room temperature without reactants. The following correlation was obtained for

gas holdup
g, =0.642 UMM (95)

where U, is in m/s.



65

The model used for parameter estimation is based on a cell model with backflow of both gas
and liquid. The model consists of mass balance equations for model components in the gas
and liquid phase and a momentum equation for each cell. Gas and liquid phase are connected
to each other by mass transfer of model components in each cell. Different levels of model
accuracy, plug flow of gas and ideally mixed liquid, axial dispersion in the liquid and gas
phase, were considered with respect to process development. The cases studied and the results
obtained are shown in Table 10. The estimated values for the volumetric mass transfer

coefficient were comparable to literature data (see Figure 21).

6.2.1 Axial dispersion model

Before presenting the cell model, the equations of the traditional axial dispersion model are
presented. A mathematical model for the bubble column describing convection, axial
dispersion in phases, pressure difference, mass transfer and reaction in the steady state may be

expressed by the following equations:

Momentum balance in the liquid phase

112:(212

_ 96
i dZ)dns g(EqPg +EP,) (96)

Total mass balance in the gas phase

du ldp_RT'w ' |
de A _[;HE_‘—p—- Z(kl,.a).(cL. —Cui) ©7)
=l

Mass balance of component i in the gas phase

deg;
dz

dC ] dU 3 »
d; +Cq, dz( +(k.a),(cy, —c,) (98)

egEq =U;

Mass balance of component i in the liquid phase

de,, . dc; . P
g Eg d; =z U, d; —(ka)(c,, —c)—¢g ;Vi,krk (99)
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With
+1 for concurrent gas/liquid flow
2’=40 for semibatch operation
-1 for countercurrent gas/liquid flow

6.2.2 Cell model with backflow

A cell model with backflow has been presented by Mecklenburgh and Hartland (1975) and
Schliiter, Steiff and Weinspach (1992) as an alternative way to solve the equations of the axial
dispersion model. Basically, the cell model with backflow is a finite difference approximation
of the axial dispersion model presented by Equations (96) ~ (99). The principle idea of the
cell model can be seen in Figures 17 and 18. The column length is divided into a number of
cells, which are connected to each other by the bulk flow of phases and the circulation

between the cells. The amount of circulation depends on the axial dispersion in the column.
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Figure 17.

Mass balances for component i in the gas phase (on right) and total gas phase

balance (on left) for the cell model with backflow according to Schliiter, Steiff

and Weinspach (1992).
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Figure 18. Mass balances for component i in the liquid phase for the cell model with
backflow according to Schliiter, Steiff and Weinspach (1992).
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Based on Figures 17 and 18 the following balance equations can be written for the cells from

1 (reactor bottom) to N¢ (reactor top).

Momentum balances:

[<j<Ne, p-p"¥ (Ap”’~+Ap‘~“”)

diss diss
(100)
o . . . .

_g(H‘c”(PUeG +pe )V HHI (pe +p,) )=
) A (N¢) H(NC)
J=NC, (Nr) pmp p;ms — (p(‘£(‘+p[£ )(Nr)_o (101)
Liquid phase mass balances:
Fori= (1 Feed (1) (2 ) i Nfl:‘))bl_N(fll) _
orj=1, N +Yy U e —-(+y")U ¢} ——A———O (102)

R
(1+'Y(J_l))ULC(Lj,,_'”_(1+Y(JI)ULC( ,Y(] HU C(J) +,Y(J)U C(]+l)
For | < j< N, +N;{)>S;;_ N(rjx) o (103)
R
: (Ne=1) (Ne=1) (Ne=1) (N) Nf‘:s(:,)_N(rTH
j=Ng, (I+y " DU c 7 —(0+y " HUc " +—r———=0 (104)
R
Gas phase mass balances:
. l‘f:;d N(l)
i=1 %%‘”(Uccc,,,)”’—(H&"’)(Uoc(;,,)‘”—AL"'=0 (105)
C R

I<j<Ng  (+E7M(Ugea ) =(1+E")Uge ) =87 (U e )Y

+§(J‘)(UGC(_}')(J#”*'—I\JEJ;S)'l =0 (106)

R
N(Nt’)

j= Nc, (1+§(NC—H)(UGCG'i )(N(~—l)_(1+§(Nr—”)(UGCGJ)(N()__;E&l_=0 (107)
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Total gas balance:

Ng*™ (.U _ij RS
i=1, ¢ __| X —— S¥'N% —¢o 108
J AR RT AR ; abs. ( )
- U p G4-b U»p i) 1 va.“
1<j<Ng, ( G ) | =5 —— Y N? =0 (109)
¢ RT RT A, Z, .

Axial dispersion is taken into account with backflow of phases between the cells. The

backflow ratio is calculated from the axial dispersion coefficient according to equations:

§,E, &Y
Vor _ 8 Ud 2

0 _ 110

E V,  (1+39)/2 o
—E 8(})

P =y Be U 2 (111)

vV, (1+39)/2

where Ag is the mean cell height in the forward direction and & is the backward/forward cell

height ratio defined as

1 ) .
Ag =5(H‘g’ +HI), (112)
1j)+H1j—l)
B =T (113
HY -HY

Absorption rate is calculated from

N, =kpale, —c ) Ve (114)
and the reaction rate from
N imeano = KiCrupang Co, Ve (115)

The volumetric mass transfer coefficient is correlated to the superficial gas velocity by

equation
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u, |
k,a=a & 116)
- l("’T(i.nmm ] (
and the axial dispersion coefficient in the liquid phase by equation
u, |’ |
ELzbl(——-—G———] (117)
G.mean

where U, ... is the mean superficial gas velocity with a value of 0.05 m/s.

Parameters a ,a,,b, and b,are experimental parameters, which can be obtained by solving

the model equations and comparing the measured and calculated concentrations of hydrogen

peroxide in the liquid phase and oxygen in the gas phase.

The number of the cells and the height of each cell in the model can be freely chosen,
although at least three cells must be used. The cell model forms a group of nonlinear

equations. The number of equations in the model is2xN__xN.+N,., where N__ is the

p

comp
number of components in the model and N is the number of cells. Model equations were
solved numerically with the HYBRDI routine from MINPACK software library routines
(Garbow, Hillstrom and More, 1980). HYBRDI is a modification of the Powell hybrid
method. This routine chooses the correction as a convex combination of the Newton and
scaled gradient directions and it is claimed to be globally convergent with almost all starting

values.

6.2.3 Results

The results from the parameter estimation are presented in Table 10 and in Figures 19 and 20.
Good agreement with the measured data and the calculated concentrations was obtained.
When the predicted values for k,aare compared to a literature correlation (Akita and
Yoshida, 1973) a reasonably good agreement can be seen at high gas superficial velocities.
The estimated high exponent for superficial gas velocity in Equation (116) is probably

attributed to the foaming nature of the liquid. According to the results from the sensitivity



72

analysis presented in Figures 22 and 23 the estimated parameters are well-identified and do

not correlate to each other.

Table 10. Fitted model parameters with different reactor models (ADM = axial
dispersion model, PF = plug flow, MF = ideally mixed flow).

“Case  Liquid/Gas a a; b, b, R%, %
A PF/PF 0.0261 1.51 - - 96.69
B MF/PF 0.0334 2.73 - - 96.91
C ADM/ PF 0.0281 2.08  0.0884 1.0" 97.35
D ADM/PF 0.0285 2.01 0.109 2.32x10°  97.41
E ADM/PF 0.0285 2.01 0.11 0" 97.41

*) fixed value, not fitted
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Figure.19.  Measured (o) and estimated (-) concentration profiles for H,O; in an empty

bubble column. Axial dispersion in the liquid phase, plug flow in the gas phase
(Case E in Table 10).

2

estimated O, outlet conc., Vol-%
~

4 5 6 7 8 9 10
measured O, outlet conc., Vol-%
Figure. 20. Comparison of measured and estimated oxygen concentrations in the
gas phase at reactor outlet. Axial dispersion in the liquid phase, plug flow
in the gas phase (Case E in Table 10).
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6.3

The volumetric mass transfer coefficient and gas holdup were estimated in a concurrent
downflow gas-liquid column with an internal structured catalytic bed formed by Katapak-S
elements (see Figure 24). The diameter of the column was 0.0849 m and its length was 2.35
m. The column was filled with 22 Katapak-S elements. Two different Katapak-S element

types, the laboratory element (LE) and 500Y, were tested. Their characteristics are shown in

Table 11.

1.7 18 19 2 21
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Sensitivity contour plot (R%) for the parameters aj, a; and b;. Axial dispersion

in the liquid phase, plug flow in the gas phase (Case E in Table 10).

Downflow structured packing
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Table 11. Properties of the Katapak-S elements

Element type Lab. element 500Y
Diameter, m 0.0849 0.0849
Contact angle, © 45 50
Wire, mm 0.25 0.25
Mesh, mm 0.5 0.5
Hydraulic diameter, mm 6.66 8.02
Element volume fraction 0.297 0.252
Stepsize, mm 12 10.2
Height of corrugation, mm 4 6.5
Surface/volume, m*/m’ 300 250

Figure 24. Katapak-S elements.

DN 80, L=2350 mm

Katapak-§ elements

Figure 25. Experimental set-up for the measurement of mass transfer and gas holdup
in Katapak reactors.

Estimation of k ain a concurrent gas-liquid downflow column is based on a steady-state
method where the dissolved oxygen concentration is measured simultaneously at steady state
from the column inlet and outlet. Detailed description of the experimental apparatus is given

in paper III.
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6.3.1 Model

A model for pressure drop in the structured bed may be presented as follows. Total pressure
drop is a sum of static and dynamic pressure drops. The expression for the dynamic pressure

drop has been taken from Piironen, Haario and Turunen (2001).

(4]
L 4+8 )p U;

T—+p al-g)+pgeg 118
dz dz  dz 2dy(I=¢,)’ P e(l—g5)+pgeg (118)

where o, and B, are experimental parameters.

The Reynolds number is defined as

- P dy Uy

(119)
u (1-¢€))

H

Assuming plug flow for gas and liquid, the differential mass balances for the gas phase

components may be written as

dN

—= =kja(c;, —c, N1-¢,) (120)
dz : :

dN”r—k D% (1, =y (1 121
o I'aDoz (cy, —cy ) —¢) (121)

The volume ink, a is defined as the total volume of gas and liquid, excluding the volume of

packings.

Similarly for the liquid phase

de,, —k . 1 5
dz 1a(Cq, =€, )(l_ep)‘{/? (122)
dey Dy 1

t=k a—=(cy —¢, =€ ) 123
o R, e e ) (123)
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The gas superficial velocity can be calculated from the total molar flow.

(NG +N RT
PAg

(124)

G

6.3.2 Results

The volumetric mass transfer coefficient and gas holdup were correlated to the liquid and gas

superficial velocities using the following empirical correlation forms.

€; =4, Y Us ) (125)
UL.mcan UG‘mean
k,a=c, U, Us (126)
UL.mcan UG‘mean

The effect of gas and liquid velocities and liquid properties on the gas holdup and mass
transfer is complex. An increase in liquid velocity will increase the pressure drop, turbulence
and bubble breakage, increasing the interfacial surface area and mass transfer. Due to a lower
rising velocity, small bubbles are, however, at the same time carried away from the column by
liquid flow, which tends to decrease gas holdup, interfacial area and mass transfer. The

overall effect on mass transfer depends on the liquid’s coalescence properties.

The parameters in the Equations (125) and (126) were estimated by comparing the measured

and calculated pressure drops and column outlet concentrations.

Table 12.  The estimated parameter values in the Equation (125) for
average gas holdup in the reactor.

Dispersion device/ liquid/ element type a, a, a, R, %
Venturi/ tap water/ LE 0.134 0.666 -1.83 98.87
Ring/ tap water/ LE 0.0982 0.657 -2.03 98.88
Ring/ organic solution / LE” 0.0642 2.00 -1.50 99.78
Ring/ organic solution/ LE 0.0585 2.60 -1.72 99.62
Ring/ organic solution/ 500Y* 0.0989 1.94 0.429 99.90

) no mass transfer in the experiments
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Table 13.  The estimated parameter values in the Equation (126) for the average
volumetric mass transfer coefficient in the Katapak reactor.
Dispersion device/ liquid/ element type c, C, c, R, %
Venturi/ tap water/ LE 0.463 0.667 0.428 98.87
Ring/ tap water/ LE 0.340 0.657 0.234 98.88
Ring/ organic solution/ LE 0.0487 2.62 -0.631 99.62
Ring/ organic solution/ 500Y 0.0712 2.01 1.15 99.59
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Figure 26. Sensitivity contour plots for the parameters c,, ¢z and c3 in the volumetric mass
transfer coefficient equation (126), organic solution, ring sparger.
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7. Conclusions

The subject of the present work is the estimation of mass transfer between gas and liquid in

reactors and columns where the gas is flowing as bubbles in the liquid phase.

The problem has been approached in two ways. First, the volumetric mass transfer coefficient
was estimated in gas-liquid reactors by measuring changes in the concentration of the
absorbing component. This can be done either in a transient way by following changes of
concentration in time, or in a steady-state way by recording local concentrations. This
approach has been used in this thesis to estimate volumetric mass transfer coefficient and gas
holdup in three different gas-liquid columns; a bubble column with a T-junction two-phase
nozzle for gas dispersion, a large industrial scale bubble column for production of hydrogen

peroxide, and a downflow gas-liquid column with internal structured catalytic bed.

In order to achieve as reliable and meaningful parameters as possible in the parameter
estimation the sensitivity and identifiability of the parameters was also studied. This is an

important issue in parameter estimation, which is usually not properly covered.

The main drawback of this traditional approach of measuring volumetric mass transfer
coefficient is that the method gives only average mass transfer in the system. In addition, the
estimated volumetric mass transfer coefficient is only reliable for the specific geometry and

chemical system used in the measurements.

A more fundamental and accurate approach is to estimate bubble size distribution by the
solution of population balance equations. The volumetric mass transfer coefficient can then be
evaluated by using a theoretical or experimental mass transfer model, estimated bubble size
distribution and measured gas holdup. Gas holdup can usually be measured easily and
accurately. A novel idea is introduced for the calculation of theoretical mass transfer
coefficient by applying simultaneously slip velocity and turbulent eddy concepts for the
calculation of the surface renewal rate. The actual mass transfer coefficient depends also on
interfacial surface mobility. The evaluation of interfacial surface mobility is, however, beyond

the scope of this work.
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Methods to estimate bubble size distributions were developed by solving population balance
equations together with specific models for bubble breakage and coalescence. Parameters of
breakage and coalescence models were estimated by comparing the measured and calculated
bubble sizes. The drawback of this method is that the method is rather laborious since it

requires the measurement of bubble size distributions in the column at several locations.

A method to estimate quantitatively coalescence properties by measuring the persistence time
of a bubble at the free gas-liquid interface was developed. The varying coalescence properties
of different solutions can be taken into account in coalescence models by replacing the film
thinning or coalescence time by the measured persistence time. The obtained persistence
times were compared with the coalescence times obtained from the bubble column
measurements. For short persistence times, the persistence and coalescence times are in good
agreement. For longer persistence times, however, the persistence times are at least an order
of magnitude longer than the corresponding coalescence times from parameter fitting. This
discrepancy may be attributed to the uncertainties concerning the estimation of energy
dissipation rates, bubble-bubble collision rates and mechanisms and contact times of the

bubbles.
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