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In the literature survey part of this thesis, a review is made of the previous
experimental studies related to the fuel and air mixing in the circulating
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and fuel density on the fuel mixing. However, the present results show that
three-dimensional models produce more realistic representation of the
circulating fluidized bed behavior.
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1 INTRODUCTION
The fluidized bed combustion has been used in energy production since 1970 and its
popularity has increased during the last few decades because of the environmental and
economical benefits it offers. Fluidized bed technology makes it possible to burn wet
and poor quality fuels with good combustion efficiency. Moreover, the NOx
emissions are low, and desulphurization is economical in fluidized bed boilers.
In fluidized bed combustion, the main idea is to inject the primary combustion air
through a bed, which mainly consists of fuel ash and make-up sand. Depending on the
velocity of the air, the different fluidization regimes may be reached. In bubbling
fluidized bed (BFB) combustion the fluidization velocity is high enough to keep the
solids in motion, and also creating rising bubbles into the bed. In circulating fluidized
bed (CFB) combustion, which is the main subject of this study, the fluidization air
velocity also exceeds the terminal velocity of the solid particles and the solids are
carried with the fluidization air. A part of these rising sand particles may collide into
the walls of the furnace and drops down creating the internal circulation of the bed
material. Another part of the fluidized sand is able to reach to the top of the furnace
and enter a cyclone. The cyclone separates the solids from the air and returns the
solids back to the bottom of the furnace maintaining the external circulation, so the
bed material is not lost during the fluidization process.
The above-mentioned conditions in fluidized beds, may offer a good environment for
combustion of many kinds of fuel. The high heat capacity of the bed material keeps
the temperatures stable in the furnace despite using fuels with different qualities. Also
the circulating fluidized bed structure makes it possible to feed the fuel into the bed in
many ways.
However, the mixing mechanisms of the fuel particles in a combustor and also the
role of secondary air jets in mixing are poorly understood. Although the circulating
fluidized bed combustion is a low-emission and high-efficiency way to burn various
fuels, the improper mixing of the fuel and secondary air may sap the efficiency and
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increase the emissions. In this study the mixing of fuel is the main subject, though
some information about the mixing of the secondary air is also presented.
In the literature survey of this work, the results of various, previous mixing studies are
collected by means of finding the effects of the different fluidization parameters and
furnace geometries on the mixing in circulating fluidized beds. The amount of the
previous mixing studies is quite high and the results vary dramatically. Fortunately,
many of the results have been gathered together earlier in Foster Wheeler Oy, as well
as in some larger documents.
In the simulation part of this study, the Eulerian multiphase model is applied in the
numerical simulation of the bed behaviour and fuel mixing. Only the hydrodynamics
are of interest this time and the model is assumed to be isothermal, so the combustion
is not included in this study. The theory of the used Eulerian model is also explained
briefly in the literature survey part. The commercial CFD-software, Fluent, is used in
the numerical simulations of cases calculated in this study. Various 2D-simulations
are simulated by means of finding the effects of the fluidization velocities, fuel
particle diameters and secondary air injection on the fuel mixing. Also the effect of
the fuel density is presented in one of those 2D-simulations. Note that a 3Dsimulation was calculated using a five-node cluster computer. In this 3D-case the
effects of the dimensionality and furnace geometry are tested on the simulation
process and results. This 3D-simulation also sets ground for the possibility of future
simulation studies.
Initially one objective of this study was to create a model description of mixing, but
that objective was dropped off due to lack of time and complexity of the observed
mixing phenomena. However, this objective is now replaced with new general
information of the effects of the different parameters on the mixing. Also some
significant information of the feasibility of the different computational models is
obtained and suggestions for future simulation projects are made.
The simulation data and files are stored so that continuation of the furnace simulation
will become easier with the available information.
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2 HYDRODYNAMICS OF CIRCULATING FLUIDIZED BED

2.1 Principles of Fluidization

Fluidized bed combustion has been used in energy production since 1970 and during
the last few decades it has become more popular because of certain benefits that
fluidization technology offers. With a fluidized bed it is possible to burn wet and poor
quality fuels, and even different fuels in same furnace with good combustion
efficiency. Moreover, due to the low combustion temperature the NOx emissions are
low in a fluidized bed boiler, and due to the possibility to feed lime directly into the
furnace desulphurization would be economical. (Huhtinen et al. 1994)

2.1.1 Circulating fluidized bed boiler structure
A fluidized state is generated by injecting gas with suitable velocity through granular
material to be fluidized. The velocity, which just starts fluidization, is called
minimum fluidization velocity (umf), and with this gas velocity granular particles in
the bed start to move and lose their contact to each other. When fluidization velocity
is increased enough, rising bubbles are generated, but the bed surface is still visible. It
is this state that operates bubbling fluidized bed boilers (BFB). When fluidization
velocity is near enough the free fall velocity of the particles, i.e. the terminal velocity
(ut), bubbles and the clear free bed surface disappear and turbulent fluidization regime
is established. When fluidization velocity exceeds the particles’ terminal velocity, a
great amount of particles is transported with the gas and separators are needed after
the furnace to keep the particles in circulation. This is the operating state for
circulating fluidized bed boilers (CFB). (Hyppänen & Raiko 1995)
Typical fluidization velocity in a CFB boiler could be 3-10 m/s and average particle
size is about 0.1-0.5 mm. Because of high fluidization velocity, cyclones are needed
to separate and return particles back to the furnace from flue gas flow. Figure 1
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presents a schematic picture of a CFB combustor and some terms that will be used in
this text.

Figure 1. Circulating fluidized bed combustor.
(Kallio et al. 1996)

In large CFB boilers there can be multiple cyclones and cyclone locations, and their
shapes can be different. Figure 1 also shows that the furnace is usually narrower in its
lower part and that cyclones can make the boiler structure very large.
Fuel can be fed to a CFB furnace from the front wall, both walls, or it can be mixed
into the bed material that is returning from cyclones via a loop seal. The purpose of a
loop seal is to prevent flue gases from flowing back to the furnace via a return leg. In
addition to primary fluidization air in a furnace, some fluidization air is also needed to
maintain bed material flow in the loop seal.
The air for combustion can be injected as primary and secondary air. The primary air
is the fluidization air from grid nozzles and its percentage can be about 40-75 % of the
total air, depending on the volatile amount of the fuel. The secondary air can be
injected into the furnace, for an example, on two different levels and some meters
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above the grid. The primary and secondary air amount is adjustable, but
understandably the primary air cannot be decreased below the minimum fluidization
velocity. (Huhtinen et al. 1994)
2.1.2 Circulating fluidized bed behaviour

When fluidization velocity reaches the values corresponding to that of circulating
fluidization regime, the suspension density increases in the upper parts of the furnace
and a portion of the upward moving particles forms clusters that move in the flow
field differently than single particles. The most easily observed of these clusters (also
known as ‘strands’ or ‘packets’) are located in the near wall region. In the wall region
the clusters are moving downwards due to the gravitational force, because the gas
velocities are lower near the walls. Because of downward moving clusters in the wall
region the mid-furnace volume can be divided horizontally into a dilute core region,
where particles move rapidly upwards, and a dense low velocity annulus region,
where clusters move downwards. In CFB technology this flow phenomena is called
‘internal circulation’. The thickness of the annulus region in commercial boilers can
be 0-30 cm depending on the elevation level and the suspension density, and this
region tends to balance temperature differences generated by the combustion reactions
and heat-exchanger surfaces. Some useful names for CFB-furnace regions are
presented in Figure 2. (Hyppänen & Raiko 1995)
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Figure 2. Regions and phases in a CFB combustor.
From Reh 1971 by (Niemi 2004)

In vertical direction the suspension density ρ can be presented, for an example, with
the correlation introduced by Kwauk et al. (Hyppänen & Raiko 1995 pages 432-434)

 h − hj 
ρ − ρa

= exp
ρd − ρ
 h0 

(1)

From Figure 3, it can be seen what these fit parameters (hj, h0, ρa, ρd) mean and what
kind of suspension density profiles can be seen in the commercial CFB furnaces.

9

Figure 3. Vertical suspension density profile in a CFB furnace. (Hyppänen & Raiko 1995)

In a full load running CFB furnace, suspension densities in the lower furnace part can
be high (over 300 kg/m3) and in the upper furnace part rather dilute (0-20 kg/m3).
When load is decreased, much of the suspension density in upper parts of the furnace
decreases, and finally, the bubbling fluidized bed regime can be onset. (Hyppänen &
Raiko 1995)
The basic problem in the theoretical analysis of a circulating fluidized bed is the effect
of the single particles and clusters on the flow field. Computationally it is very hard to
follow every single particle in a CFB furnace and thus continuous phase models tend
to be a feasible choice for numerical simulation of a CFB-furnace. Chapter 3 presents
the Eulerian multiphase model, which is used in this study for CFB simulations, but in
the following chapter, only some one-dimensional averaged equations are presented.
The one-dimensional mass conservation equations for gas and solid phases in
stationary state can be presented as follows:

d (ε g ρ g v g )

=0

(2)

d (ε s ρ s v s )
=0
dx

(3)

dx
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, where ε is volume fraction, ρ is density and v is velocity. Subscript ‘g’ means gas
phase and ‘s’ solids phase.
In all of these equations quantities are averaged with respect to the furnaces cross
sectional area. The velocities in these equations are mass averaged velocities. The
momentum equations in this case are:

εg

(

dp
= ε g ρ g g + Tgs
dx

)

d ε s ρ s v s2
dC s
dp
+
+ Tgs + ε s
− ε s ρs g = 0
dx
dx
dx

(4)
(5)

In these equations Cs represents velocity and density deviations generated by
averaging process and the term Tgs represents momentum transfer between fluid and
solid phases. The drag force is usually dominant in the Tgs term, but the correlations
for this term are usually based on the measurements in small experimental devices.
With suitable measurement data, the value of Tgs can be calculated from (4) and, as an
example, following correlation for drag force can be applied:
Tgs = β gs ε s ρ s (v g − v s )

(6)

The coefficient βgs can be found when value of Tgs is solved from (4). If multiple
particle types exist in the furnace, the momentum transfer between particles should
also be taken into account. (Hyppänen & Raiko 1995)

2.2 Mixing in Circulating Fluidized Bed

The mixing mechanisms of gas and solids in a CFB furnace are complex and current
information concerning mixing in commercial scale boilers is limited. However, it is
important for the reduction of emissions and efficiency of a CFB boiler to get the
combustion air, like secondary air, and the injected fuel particles mixed properly. The
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main purpose of this study is to gain a better understanding of fuel mixing, but in this
chapter both gas and solid mixing studies are summarized, to explain the reported
status of this subject in current public articles. Many thanks go to Piia Niemi, who
wrote a very useful literature survey to Foster Wheeler Energia Oy concerning the
present mixing studies. Her article has been of a great help and reference when
writing this chapter.
Mixing in a CFB boiler is useful to be divided to micro- and macro-mixing (van
Deemter 1985). Macro-mixing in a large scale is related to vertical velocity profiles in
a fluidized bed, bubbles carrying solids in their wake, fluidization regimes, and the
phenomena like different flows in the dilute core and the dense annulus regions. Also
different regions in vertical direction induce macro-scale mixing (Arena 1997).
Macro-mixing in a smaller scale (van Deemter 1985) or meso-mixing (Hartge et al.
1999) is related to turbulent motions such as eddies and formation and disintegration
of structures like clusters and strands. According to van Deemter 1985, large-scale
mixing is dominant in the vertical direction, while turbulent eddies are important in
mixing in the lateral direction.
Micro-mixing is of interest in the case of fast reactions. For an example, oxygen and
volatiles transported in combustion depends on micro-scale mixing. Also gas
diffusion inside or around a char particle is an example of the micro-scale mixing (van
Deemter 1985). In this study, micro-mixing is not discussed in details. However, it
could be possible that in numerical results signature of micro-mixing can be found
due to mass transfer between the solid and fluid phase.
2.2.1 Dispersion coefficient

In most of the mixing studies, the dispersion of gas or solids is described using a
dispersion coefficient D. The accurate prediction of the dispersion coefficient in the
turbulent flow is not possible, but Taylor 1953 has provided a very instructive
prediction for that of laminar pipe flow. According to the results of Taylor 1953, the
rapid diffusion leads to small axial dispersion and slow diffusion produces large axial
dispersion. This phenomenon sounds unexpected, but it is easily explained by the
diffusion in the laminar velocity field. If there is no diffusion, the laminar flow is
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itself able to distort the solvent pulse causing wide axial dispersion. On the other
hand, when the diffusion is fast, the solvent tend to diffuse from the fast flowing
center region towards the wall regions where the flow velocity is slower.
Simultaneously, the bed material that is left behind on the walls tends to diffuse
towards the fast flowing center. Thus, this radial diffusion inhibits the axial
dispersion. In this Taylor dispersion, the dispersion coefficient can be defined as
follows:

C =

M / π R02

4πDaxial t

e −(xaxial − v t )
0

2

/ 4 Daxial t

(R v )
=

0 2

and

Daxial

(7)

0

48 DM

, where DM is the diffusion coefficient, C is the concentration of the pulse, M is the
total solute in the pulse, xaxial is the distance along the pipe, R0 is the radius of the pipe
and v0 is the fluid’s velocity. (Cussler 1997)
In the experimental point of view, Sterneus et al. 2002 defined the (lateral) dispersion
coefficient as a measure of the time averaged displacement of moving particles:

Dl =

2 x 2 2 x 2U
=
4t
4z

(8)

, where x 2 is the mean square horizontal displacement, U is the vertical velocity, z is
the downstream distance from the injection point and t is the elapsed time.
One term used often in this study is the Peclet number, which is inversely
proportional to the dispersion coefficient. The mixing rate can also be expressed with
the Peclet number Pe:

Pel =

UL
Dl

(9)
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, where U is velocity and L is characteristic length. These terms; Peclet number Pe
and dispersion coefficient D will be used often in the following chapters, where Dg
means gas dispersion coefficient and Ds solid dispersion coefficient, also Dl mean
lateral (horizontal) and Dv vertical (axial) dispersion coefficient. So, for example, Dgl
means lateral gas dispersion coefficient. (Sterneus et al. 2002),(Niemi 2004)

2.2.2 Gas mixing

In this chapter, gas mixing and previous studies concerning it are discussed briefly.
This time a brief approach of the topic is enough, because the main concern in this
study is solids mixing.
When examining different mixing studies and experimental results, discrepancies
cannot be avoided. For the correct analysis of each study, it is important to know the
fluidization regime in the boiler and the particular zone where the study has been
carried out (i.e. core, annulus, dense bottom zone, dilute upper zones), (Arena 1997)
referring to Li and Weinstein 1989. Another problem in the comparison of studies is
that some studies are concerned with gas-conversion processes like FCC (fluid
catalytic cracking) and other studies are involved in combustion processes. These
processes are different by means of fluidization gas velocities and the solids
circulation rates. In FCC, high fluidization velocities and solid circulation rates are
essential and gas back mixing is undesirable. In contrast, the fluidization velocities
and solids circulation rates are much lower in combustion and gas back mixing is not
critical. Unfortunately many researchers have not taken these aspects into account
when performing laboratory-scale experiments, and moreover their results and
conditions could be completely different than those in industrial applications. (Arena
1997)

2.2.2.1 Vertical gas mixing

The vertical mixing consists mainly of gas back mixing, which is mainly determined
by the down flow of solid particles in all fluidization regimes (Niemi 2004), (Arena
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1997). Down flow of clusters and strands near the walls also force gas to descend in
that region, which causes back mixing (Knoebig & Werther 1999). In the bubbling
fluidized beds the gas mixing is produced mainly by bubbles transporting gas and
carrying solids in their wakes and clouds. As a consequence of the motion of bubbles
there are also solid particles moving downward and thus the gas back mixing may be
improved. (Arena 1997)
Contradictory results exist for the gas back mixing in the CFB furnaces. The reason is
that many authors haven’t taken in account the different flow regimes in a CFB
furnace. For example, the dilute core region can be treated as a plug flow without
vertical back mixing, but for other regions this assumption is not appropriate. (Niemi
2004), (Arena 1997)

2.2.2.2 Lateral gas mixing

Many articles consider that total lateral gas mixing is relatively poor in CFB furnaces.
Examples of this can be found in articles of Couturier et al. (Couturier et al. 1991) and
Zheng et al. (Zheng Q. et al. 1991). Zheng mentioned that particles dampen the effects
of gas turbulence and thus also gas dispersion decreases. However, there are different
regions in CFB boilers, where the extent of lateral gas mixing is also different.
According to Gayan et al. 1997, in the dense bottom region, lateral gas mixing is
rather large due to strong movements of solids and in the dilute upper zone, the lateral
gas dispersion is poor. (Gayan et al. 1997) This conclusion appears to be in contrast to
the solids damping effects on turbulent mixing. As can be seen in Fig. 4, the effect of
the bed density on the lateral gas dispersion coefficient is clearly a high degree
polynomial, which is completely different than a linear relation could be obtained if
concentrating in measurements only on low suspension density values.
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Figure 4. Effect of bulk density on gas dispersion in a CFB. (Zheng Q. et al. 1991)

Jovanovic et al. (1980), have found that the lateral gas mixing could be contributed by
two kinds of motion. If a gas plume is injected from a point source, small-scale
motion widens the plume, and the large-scale motion causes meandering motion of
the whole plume. (Niemi 2004) Sterneus et al. 2002 have also found some
characteristics related to these different scale motions and different regions in a CFB
boiler. According to them, the impact of large-scale motion is strongest above the
surface of the dense bed, because the eruption and collapse of bubbles introduces
large velocity fluctuations there. So the maximum mixing level can be found in the
splash zone near the free bed surface. Large-scale fluctuations can be also seen in the
upper part of the riser, but they are not as vigorous. According to Sterneus et al. 2002,
the effect of the large-scale motion is larger than the effect of the small-scale motion
when particles are present. So the small-scale motion, which is generated in the gas
phase and by the gas-particle interactions, is only dominant in very dilute regions.
Figure 5 is a schematic of the effects of small- and large-scale fluctuations on a
meandering plume. (Niemi 2004), (Sterneus et al. 2002)
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Figure 5. Schematic figure of the meandering plume. (Sterneus et al. 2002) after
Jovanović et al.

2.2.3 Solids mixing

It is important to understand the mechanisms and rates of solids mixing when
designing physical or chemical CFB processes. Insufficient solids mixing may cause
hot spots, which should be avoided, and a particles’ residence time in the furnace or
reactor depends on the degree of mixing. Also, the knowledge of lateral solids mixing
may be crucial for the performance of a combustor, because it can give useful
information of how the fuel feed points should be selected. One interesting
phenomena related to solids mixing is segregation, which may occur when particles of
different sizes or densities are fluidized. When smaller or lighter particles tend to
elutriate with fluidization air, heavier or larger particles remain in the lower parts of
the furnace. In some chemical applications segregation may be desirable, but by
means of uniform combustion, segregation may cause problems. (Werther &
Hirschberg 1997)
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Similarly to gas mixing, the solid mixing is also different in the different regions of
CFB boilers. A CFB boiler can be divided into four different regions such as bottom,
transition, dilute, and exit zones. In the dense bottom zone of a CFB, hydrodynamical
behaviour is similar to that of bubbling or turbulent fluidized beds, where voids rise
through the bottom zone and, when they break, eject solids from their wakes into the
transition zone. The wakes of voids also cause a lateral drift of the solids, but vertical
mixing is at least one order of magnitude greater than lateral mixing. (Werther &
Hirschberg 1997) and the cited articles therein.
The transition zone is in between the dense bottom zone and the dilute upper zone.
The transition zone is a region with high intensity of solids mixing. Note that, the
bursting voids eject solids from the dense bottom zone and down falling clusters carry
solids back from the dilute upper zone to the transition zone enhancing the solids
mixing. (Werther & Hirschberg 1997)
In the dilute upper zone, two different regions co-exist; a dilute core in the middle of
the furnace and a dense annulus near the walls. In a CFB combustor, solids and gas
flow up in the core region and down in the annulus region, and mixing is assumed to
be characterized by the solids transfer between these two regions. In the previously
developed mixing models a distinction has been made between two mass transfer
mechanisms between core and annulus, i.e. particle-particle collisions and particle
turbulent diffusion. (Werther & Hirschberg 1997)
In the exit zone the geometry at exit may have some effect on the solids mixing. In the
literature two possible exit geometries, sharp and smooth bend to the cyclone
entrance, have been tested and authors have noted that with the sharp take-off
particles impact more to the top of the riser. Because an abrupt exit causes more
distinct radial profiles of solids mass fluxes, it has been concluded (by Patience et al
1990), that an abrupt exit also causes more solids to be mixed. (Werther & Hirschberg
1997) referring to other articles.
It is worth noticing also that external circulation of solids may have effect on the
mixing in the bottom zone of a CFB furnace. (Teplinsky et al. 2003), (Schlichthaerle
& Werther 2001). Presented in Figure 6 are details of the solids flow field in the
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vicinity of the walls and the external circulation return inlet. These figures are
obtained from the results of a CFD simulation performed for this thesis.

Figure 6. Solids velocity vectors in a CFD simulation. Internal circulation in the vicinity of a wall (a) and
enhanced solids flow due to the external circulation (b).

2.2.3.1 Vertical solids mixing

As mentioned in the preceding section, vertical solids mixing in the dense lower part
of a CFB furnace occurs mainly via ascending voids, like in a bubbling fluidized bed
boiler. Some researchers, such as Schlichthaerle and Werther 2001, even have
assumed that vertical solids mixing in the bottom zone is ideal. (Schlichthaerle &
Werther 2001)
In the dilute transport zone two different mixing mechanisms can be seen: dispersion
of dispersed particles and dispersion of particle clusters. According to Wei and Zhu
1996, because the dispersed particles pass the furnace almost in a plug flow pattern,
the dispersion due to dispersed particles is very small compared to that due to particle
clusters. Because particle aggregations decrease the effective drag coefficient, the slip
velocity increases. In the near wall region the slip velocity reaches its maximum
value, indicating large solids aggregations there. Due to this high solids concentration
and high slip velocity, solids aggregations tend to travel with a very low velocity
upwards, or even flow downwards into the annulus region, causing high solids
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dispersion. This dispersion of particle clusters causes intense solids back mixing,
which is also known as internal circulation of solids. (Wei & Zhu 1996)
2.2.3.2 Lateral solids mixing

In the dense bottom zone of a CFB furnace the vigorous motion of solids phase and
high gas velocity, together with stirring voids, are important factors for lateral solids
mixing. Increasing the convective solids transport, also the external circulation of
solids may have a significant effect on the lateral mixing in the bottom zone of a CFB
boiler. At least a remarkable effect of external circulation was seen in the experiments
of Schlichthaerle and Werther 2001 with a cold model with a 0.3x1.0 m cross-section.
(Schlichthaerle & Werther 2001) In the upper part of the furnace the interphase mass
transfer, like the exchange of solids between the core and annulus regions, yields a
major contribution to lateral solids mixing in the near wall area. (Werther and
Hirschberg 1997 after Koenigsdorff and Werther 1995)
2.2.4 Parameters having effects on mixing
2.2.4.1 Solids flux

Vertical gas mixing
Many authors (Weinstein et al 1989, Brereton et al.1988 Li and Wu 1991, Bai et
al.1992) have recognized that the increase in the solids flux will have a positive effect
on the vertical gas mixing. This effect is due to the increased solids down flow, which
improves the vertical gas back mixing. Figure 7 shows various measurement results of
vertical gas dispersion coefficient as a function of solids mass flux. (Niemi 2004),
(Brereton et al.1988),(Bai et al.1992).
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Figure 7. Effective gas dispersion coefficient from residence time distribution.
Measurements for different gas velocities and solids mass fluxes. A collection
of results from various authors. (Arena 1997)

Lateral gas mixing
The effect of solids flux on the lateral gas mixing is more of a complex phenomena
and both decreasing and increasing effects can be seen (Sterneus et al. 2000). Various
authors like Adams 1988, Zheng Q. et al. 1992, van Zoonen 1962 have suggested that
the lateral gas dispersion is highest without solids flow, because the solids are
reducing gas turbulence. However, that is not always true, because the solids may also
increase the gas turbulence. (Some contradictory views are presented later when the
particle size effects are discussed) Zheng Q. et al. 1992 also found that when solids
are added to the gas flow, the lateral gas dispersion decreases at first, but after solids
flux is increased far enough, dispersion starts also to increase. The aforementioned
increase appears to be limited to a certain range of the solids flux. (Zheng Q. et al.
1992) Zheng Q. et al. 1992 also mentioned that the secondary air jet tends to be
damped because of greater momentum of solids flow, which can be easily realized by
the observations based on the CFD simulation performed in the past (Figure 8.).
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Figure 8. 2D-results of primary air volume fraction (a) without bed material using penetrating
secondary air as a secondary phase. Bed material volume fraction (b) using primary air and secondary
air as a same primary phase. In the both cases secondary air inlet velocity is 60 m/s and primary air is
2 m/s before heating.

When discussing lateral gas mixing it is important to mention the difference between
secondary air mixing and primary air mixing. The reason is that the effect of solids
flux on the primary air mixing can be considered to be enhancing, when that on the
mixing of secondary air tends to be suppressing. Generally speaking, it could be said
that the dense bottom bed is crucial for the primary air mixing as suggested by
Sterneus 2002. In addition, the secondary air, which is injected through the wall
region, can be easily prevented from reaching the mid-furnace region by the
momentum of solids flow.
Vertical solids mixing
There is not very much information available related to the solids flux effects on the
vertical solids mixing. Godfroy et al. 1999 found that the vertical solids dispersion
coefficient decreases when solids flux increases, as shown in Figure 9. (Godfroy et al.
1999).
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Figure 9. Effect of solids circulation rate on the vertical solids
dispersion coefficients. (Godfroy et al. 1999)

Lateral solids mixing
The information related to solids flux effects on the lateral solids mixing is also
limited. As suggested by Koenigsdorff and Werther (1995), the Peclet number
increases with the solids concentration, as illustrated in Fig. 10, implying that the
solids flux will have a damping effect on the lateral solids dispersion coefficient.
(Koenigsdorff & Werther 1995).
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Figure 10. Influence of lean-phase solids concentration on the lateral particle dispersion
Peclet number. (Koenigsdorff & Werther1995)

2.2.4.2 Gas velocity

Vertical gas mixing
The vertical gas mixing decreases when the fluidization velocity increases. This
happens because of the suspension density decreases when the gas velocity increases,
and thus the internal circulation of solids also decreases. Many experiments agree
with the aforementioned observations (see Figure 11.). E.g. (Brereton et al. 1988),
(Bai et al. 1992) Note that, if the solids mass flux is kept at a fixed value and the
fluidization velocity is increased, then the amount of gas back mixing is decreased.
(Arena 1997 after Li and Wu 1991) This behavior is quite expected, because the
internal circulation has to be reduced when the flow upwards is stronger.
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Figure 11. Dg/UL as a function of superficial gas velocity for several solids mass fluxes.
A collection of the results from various authors. (Arena 1997)

Lateral gas mixing
The effect of gas velocity on the lateral gas mixing is not as clear in the case of
vertical gas mixing. According to Gayan et al. 1997 and Sterneus et al. 2000, the
effect of gas velocity on the lateral gas dispersion is inversely proportional. Sterneus
et al. (2002) explains that this relation is due to large-scale motion, which is greatest
in the presence of erupting bubbles. Contradictory results exist as illustrated in Fig.
12. Werther et al. 1990 and Kruse et al. 1995 found out that the effect of gas velocity
on the lateral gas mixing is directly proportional. (Gayan et al. 1997), (Sterneus et al.
2000), (Sterneus et al. 2002), (Kruse et al. 1995). The exact simulation set-ups of the
aforementioned studies are not analyzed here, but it seems that Gayan et al. 1997,
Kruse et al. 1995 and Sterneus et al. 2000 used particles of the same density (2600
kg/m3) and the size class of the particles was quite similar as well (710/380 µm of
Gayan, 163 µm of Kruse and 320 µm of Sterneus). Also the solids fluxes were quite
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similar in Gayan et al. and Kruse et al. simulations. The information of the study of
Werther 1990 and solid fluxes of Sterneus et al. 2000 could not be found.

(a)

(b)

Figure 12. (a) lateral gas dispersion coefficient versus fluidization velocity by Sterneus 2000
et al. and (b) by Kruse et al. 1995. (Sterneus et al. 2000), (Kruse et al. 1995)

However, it is not easy to define the effect of the air velocity on the lateral gas
mixing, because the air velocity affects other parameters as well, that may also have
effect on the air mixing. For example, Sterneus et al. (2000) has found out that the
effect of solids concentration on the lateral gas dispersion is a U-shaped curve, but the
effect of velocity also satisfied the same curve. It is not simple to define the relation
between the lateral gas dispersion and the gas velocity due to difficulties in the
determination of the Peclet number using eq. (9) (Pe = UL/Dh). For instance, Sterneus
et al. (2002) have found that when the fluidization velocity is increased to the values
of the circulating conditions, the Peclet number becomes constant. According to the
eq. (9), the aforementioned observation means that with increasing the fluidization
velocity also the lateral gas dispersion coefficient would increase. Note that they
made their conclusions based on their results obtained in the transport zone. (Sterneus
et al. 2000), (Sterneus et al. 2002).
As the last example of the multiple parameters effects on the lateral gas mixing, the
effect of the furnace Reynolds number can be mentioned. Presented in Figure 13 is
the effect of the furnace Reynolds number on the ratio of lateral gas dispersion
coefficient and kinematical viscosity. (Sterneus et al. 2000).
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Figure 13. Ratio of lateral gas dispersion coefficient and molecular
viscosity versus furnace Reynolds number. The data of the filled symbols with solids
and the open symbols without solids. The bold line represents the turbulent
single-phase flow by Bischoff and Levenspiel 1962. (Sterneus et al. 2000)

Vertical solids mixing
According to Wei and Zhu (1996), gas velocity has only a notable effect on the
vertical solids mixing, when the gas velocity has increased so much that almost all of
particle clusters have been destroyed. The decrease in the vertical solids mixing in this
case is due to the elimination of solids dispersion of particle clusters, which has much
more significant effects than the solids dispersion due to dispersed particles. As
shown in Fig. 14, the increase in gas velocity in a normal CFB furnace cannot be so
high as to have a very important effect on the vertical solids mixing. (Wei and Zhu
1996) However, it can be speculated, that when the gas velocity increases enough, it
should be able to eliminate the internal circulation directly by its momentum, in
addition it is also able to eliminate the clusters that produce the internal circulation. In
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that case the fluidization regime is rather pneumatic transport than circulating
fluidized bed. (i.e for pneumatic transport see Kunii and Levenspiel 1991)

(a)

(b)

Figure 14. Vertical (a) solids Peclet number in the downer and the riser. Influence of the fraction
of the dispersed (b) particles on the overall vertical Peclet number in the riser. (Wei and Zhu 1996)

Lateral solids mixing
Currently, the information of the effect of gas velocity on the lateral solids mixing in
CFBs is limited. However, in the bubbling fluidized bed the lateral solids dispersion
increases if fluidization velocity increases. Intact, Schlichthaerle and Werther 2001
suggested that, ‘the high extent of solids mixing in the bottom zone of the circulating
fluidized bed may be due to the vigorous motion of the solids phase at the high gas
velocities which is interrupted and stirred by voids passing through the bed.’ In Fig.
15 some results are presented for the horizontal dispersion coefficient versus gas
velocity. (Schlichthaerle and Werther 2001)
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Figure 15. Solid dispersion coefficient as function of superficial gas velocity. Data taken
from Koenigsdorff and Werther 1995 and Bellgardt and Werther 1986.
(Schlichthaerle and Werther 2001)

2.2.4.3 Boiler geometry

In this chapter some miscellaneous geometry and structure characteristics effects on
the gas and solids mixing are collected.
Gas mixing
The effect of the bed diameter on the gas dispersion is, according to Yerushalmi and
Avidan 1985, more than linear in small diameter tubes, approximately linear in
medium-size tubes and less than linear in large tubes. Not much information is
available related to this, but some theories agree with their findings. (Yerushalmi &
Avidan 1985)
The roughness of walls may increase turbulence near the walls and the corners. This
causes more voidage near the walls and that could enhance the mixing. (Zhou et al.
1996) According to Arena 1997 after Wu et al. 1991, particles can be more easily
stripped off smooth walls by the rising suspension, than off of vertical membrane
walls. (Arena 1997) Interestingly, the particle exchange between the wall and core
regions was improved in the experiments of Jiang et al. 1991, when they added
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horizontal ring baffles into the catalytic CFB reactor. The rings broke up the wall
layer increasing the solids exchange, thus also increasing the lateral gas and solids
mixing. (Arena 1997 after Jiang et al. 1991)
The two most common types of exit geometries (entrance from the furnace to the
cyclone) discussed in the literature are an abrupt exit and a smooth exit. The smooth
exit is a smooth bend from the riser to the cyclone entrance and the abrupt exit is a
sharp perpendicular take-off just below the riser top. According to Werther and
Hirschberg 1997, which were referring to the results of Brereton and Grace 1993,
with an abrupt exit solids concentrations may be increased in the top zone. Because
heavier particles cannot follow the gas streamlines into the abrupt exit, they are
reflected at the top of the riser, causing an accumulation of solids in that region.
According to Arena 1997, this movement of solids could also increase the vertical gas
dispersion in this area making an abrupt exit more suitable for gas mixing. However,
Brereton et al. 1988 have found that at identical solids hold-ups the smooth exit
showed a dramatic increase in vertical gas dispersion compared to that of the abrupt
exit. (Arena 1997), (Brereton et al. 1988)
It would be interesting also to mention that how the lateral locations of the exits affect
the mixing, but articles addressing this question were not found during this study.
Solids mixing
According to Yerushalmi and Avidan 1985, the vertical dispersion of solids increases
linearly with the bed diameter to a diameter approximately 0.5 m, where it begins to
taper off. However, according to the same authors the solids dispersion increases after
0.5 m diameter, but at a slower rate, as illustrated in Fig. 16. The increase in solids
dispersion is explained by the turbulent eddy size; once the bed diameter is increased
beyond the 0.5 m, the turbulent eddies no longer grow to the diameter size and thus
vertical dispersion increases slower. (Yerushalmi& Avidan 1985)

30

Figure 16. The effect of the bed diameter on vertical solids mixing.
(Yerushalmi & Avidan 1985)

Werther and Hirschberg 1997 suggested that with increasing the bed diameter the
vertical solids dispersion coefficient increases in the dilute zone of a CFB boiler the
same way as it does in a bubbling bed. In Figure 17, their data collection is shown, but
it seems that more data should be included so that these results could be considered as
reliable. (Werther & Hirschberg 1997)
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Figure 17. Vertical gas and solids dispersion coefficient in the dilute zone of CFB risers
as a function of bed diameter. Collection of different measurements, one result from a BFB
model, others from CFB FCC models. (Werther & Hirschberg 1997)

Contradictory results exist concerning the effect of the bed diameter on the vertical
solids mixing. Rhodes at al. 1991 found out that the solids dispersion decreases in the
dilute zone when the bed diameter increases. Their measurements seem to be rather
adequate because they made all of their measurements in same laboratory scale CFB
conditions, while the results in Fig. 17 is a collection from various authors. According
to Rhodes et al. 1991, when the riser diameter increases, the proportion of downward
moving solids decreases at any point of the riser, and thus also the solids mixing may
be reduced. (Niemi 2004)
The roughness of walls may increase the solids mixing as it increases the gas mixing.
(See the previous comments related to gas mixing earlier in this chapter.)
The two most common types of exit geometries (entrance from the furnace to the
cyclone) discussed in the literature are an abrupt exit and a smooth exit. For the
further explanation of the effects of the exit geometries, see the previous comments
related to gas mixing earlier in this chapter. Shown in the Figure 18 are the results of
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Kruse and Werther 1995 that confirm that an abrupt exit causes more distinct upward
and downward solid mass fluxes near the riser top. According to Werther and
Hirschberg 1997, Patience et al. 1990 have therefore concluded that an abrupt exit
causes intensified vertical solids mixing. (Werther & Hirschberg 1997)

Figure 18. Effect of exit geometry on horizontal profiles of local upward and downward solid mass
fluxes. (Kruse & Werther 1995), (Werther & Hirschberg 1997)

The inclined walls in the lower part of a furnace might improve solids mixing in a

CFB, because they may enhance internal circulation in the bottom bed. (Leckner
1998)

2.2.4.4 Solid particle properties

According to Yerushalmi and Avidan 1985 powders with broad particle size
distributions cause larger gas dispersion coefficients than narrow particle size
distributions. They also found that if fine particles’ (d < 40 µm) content is higher than
15 %, the gas dispersion is smaller, probably because the bubbles are also smaller.
(Yerushalmi & Avidan 1985)
Zheng Q. et al. 1992 and Gayán et al. 1997 reported a small increase in mixing rate
with particle size. However, Mastellone and Arena 1999 observed the opposite
relation. The opinion of Sterneus et al. 2000, being aware of these results, was that
within range of bed materials used in CFB risers, the particle size and density are not
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controlling factors for the lateral gas dispersivity. Referring to the results of Gayán et
al. 1997, Sterneus suggested that the riser diameter rather than the bed material
controls the dispersivity. (Sterneus et al. 2000), (Zheng Q. et al. 1992), (Mastellone &
Arena 1999)
There are also theories that are based on the dimensionless numbers rather than a
single particle feature, i.e. diameter. A many times cited theory is that of Gore and
Crowe 1989, where the ratio of particle diameter and the size of turbulent eddies
(dp/le) defines the effect of a particle on turbulence. The turbulence intensity was
found to decrease when dp/le < 0.1 and increase when dp/le > 0.1. So the smaller
particles dampen the turbulence, because a part of the eddies energy is transferred into
the kinetic energy of the particles. On the other hand, the larger particles generate
more turbulence in their own wakes. This theory was objected by Mastellone and
Arena 1999, who have found that the larger, or heavier particles, decrease the lateral
gas dispersion. They stated that heavier, or larger, particles require more drag force to
be moved by turbulent eddies. (Mastellone & Arena 1999), (Niemi 2004)
The theory of Hetsroni 1998 is based on the particle Reynolds number:

Re p =

u slip d p (ρ p − ρ g )

µg

(10)

In this theory particles with Rep > 400 tend to enhance turbulence, when particles with
a smaller Rep suppress the turbulence. No further information of this theory will be
presented here. (Niemi 2004)
It should be also mentioned that larger particles might probably cause better mixing or
internal circulation near the exit zone, as explained in the chapter 2.2.4.3. This was
also highlighted in the study of Berruti et al.1995 and that of Patience and Chauki
1995. The results showed that larger particles have wider residence time distribution
(RTD) in the upper zone, which indicates that they are not leaving the furnace as fast
as smaller ones. On the other hand, in the lower part of the furnace (entrance zone) the
RTD results were the same for all particle sizes. (Berruti et al. 1995)
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2.2.4.5 Air injection

As shown in Figure 8, the secondary air jet tends to be suppressed by the momentum
of bed material. According to Zheng Q. et al. 1992 the secondary air jet may improve
gas mixing, but the effect decays in a short distance from the injection point. Figure
19 shows that the gas dispersion decreases rapidly above the injection point. Thus
according to Zheng Q. et al. the fuel feeding locations and the secondary air feeding
should be planned carefully when designing CFB boilers. (Zheng Q. et al. 1992),
(Arena 1997)

Figure 19. Effect of secondary air on gas dispersion as a function of solids fraction.
Spar is the secondary-to-primary air ratio and zrel is the distance from the secondary
air inlet level. (Zheng Q. et al 1992), (Arena 1997)

According to Moe et al. 1994 the lateral gas mixing cannot be improved much by
injecting the secondary air above the dense zone. They suggested that a better way to
improve mixing and, therefore, gas-solid contact is to distribute the fuel better inside
of the furnace. (Niemi 2004)
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Arena 1997, referring to Arena et al. 1993b and Marzocchella & Arena 1996,
mentions that the interaction between gas and solid phases is different when using
different injection devices. These effects seem to be clear, but their influence on
mixing seems to be too complex to be discussed further here. (Arena 1997) It would
be also interesting to know, for example, how the swirl of the secondary air affects the
mixing, but not many articles related to this topic were available during this study and
so it is also not discussed further here.

2.2.5 Conclusions of dispersion coefficients

Presented in Table 1 is a collection of gas dispersion coefficients obtained from the
articles referred to the literature survey chapters. This is a copy of the collection by
Niemi 2004. (Niemi 2004)
Table 1. Measured gas dispersion coefficients. (Niemi 2004)
Gas dispersion
coefficient
Vertical, Dgv

Lateral, Dgl

Lower part
Bottom zone
Splash zone
2
(m /s)
(m2/s)

Upper part
Wall region
Dilute core
2
(m /s)
(m2/s)
< 0.161
negligible
0.2 – 0.6
0.1 – 0.2
1 – 12 (0.01 - 0.12 ?) *)
0.002 – 0.0033 0.0025 – 0.051 0.00051 – 0.00087
0.029
0.002 to 0.023
(0.002 – 0.009/
0.01 – 0.025) **)

0.0002 – 0.0007
0.00015 – 0.019
*) Could be pseudo-dispersion coefficient (inverse Peclet) and wrongly scaled.
**) Cold model / boiler

Author
Bader et al. (1988)
Li and Wu (1991)
Bai et al. (1992)
Brereton et al. (1988)
Sterneus et al. (2002)
Sterneus et al. (2000)

Gayan et al. (1997)
Other

As it can be seen in Table 1, the vertical gas dispersion can be 1-3 order of
magnitudes greater than the lateral dispersion, except in the dilute core where a plug
flow can be assumed. The lateral gas mixing is greatest in the dense lower part of the
furnace. As it can be seen, the differences in the values are high and it would be
interesting to know which of them could be the most suitable values for a real CFBfurnace. It is difficult and risky to judge these experiments with a lack of knowledge
of the test set-ups, but it seems that (for example for the lateral gas mixing) the
experiment set-up of Sterneus et al. 2002 was well scaled and they have made
distinctions between the different zones of the circulating fluidized bed.
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Similarly, Table 2 presents a collection of solids dispersion coefficients collected
during the literature surveys. This is also a copy of the collection by Niemi 2004.
(Niemi 2004)
Table 2. Measured solids dispersion coefficients. (Niemi 2004)
Lower part
Splash zone
Solids
Bottom zone
(m2/s)
Dispr. coefficient (m2/s)
Vertical, Dpv

Upper part
Wall region
Dilute core
(m2/s)
(m2/s)
0.01 – 0.1
0.0001 – 0.09

Ideally mixed
0.2 – 1.7 (Pepv = 3.5 – 9)
3 – 19 ( 3 – 5 / 7 – 19) *)
0.1 – 4
Pepv = 1.8 –10
Pepv = 1.5 – 2.7
Lateral, Dpl

0.12
0.1
0.01 – 0.03
0.0025

Author
Avidan (1980)
Kojima et al. (1989)
Schlichthaerle and Werther (2001)
Patience et al. (1990)
Rhodes et al. (1991)
Hyppänen (1989)
Wei and Zhu (1996)
Zheng C. et al. (1992)
Schlichthaerle and Werther (2001)
Johnsson et al. (2004)
Leckner (1998)
Patience and Chaouki (1995)

*) Two experiments

As presented in Table 2, the vertical solids mixing is about one order of magnitude
greater than that of the lateral solids mixing. Both the vertical and lateral mixing is
better in the dense lower parts of the furnace and the annulus region than in the dilute
core zone. As can be seen, the differences in the values are high and it would be
interesting to know which of them could be the most suitable values for a real CFBfurnace. It is difficult and risky to judge these experiments with a lack of knowledge
of the experimental set-ups, especially for the vertical solids mixing, for which it is
very difficult to determine the correct value. But for the lateral solids mixing the
experimental device of Schlichthaerle and Werther 2001 seems to be quite good (i.e.
large) and their particle size and solids flux are also rather realistic. In contrast,
Leckner 1998 seems to base the contradictory values in his article to the other
sources. Note that, the main focus in the article of Leckner 1998 is not in mixing.
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3 NUMERICAL SIMULATION OF CFB FURNACE

3.1 Eulerian Multiphase Model

In comparison to single-phase flow, an additional set of conservation equations have
to be solved in multiphase-calculations. Also some modifications should be done to
original conservation equations. One of the important modifications is the volume
fraction α to be included in the equations and the other important modifications are
the exchange mechanisms of momentum and other quantities between the phases.
In this chapter the Eulerian multiphase model is explained based strongly on manuals
of the commercial CFD-software, Fluent. These manuals (Fluent 6, User Guide 2001)
of Fluent are used in this study because Fluent is the software used in the CFDcalculations. Possibly in future studies there will be a need to use other software like
MFIX for the model development purposes. In this chapter, the observation of
Eulerian multi-phase model is limited mainly to equations and phenomena that are
relevant to the simulations to be performed in this study. For an example, Fluid-Fluid
interactions and unused turbulence models are out of interest in this chapter.
3.1.1 Volume Fractions

Because in multiphase flow phases behave as interpenetrating continua, the phase
volume fractions have to be introduced and the conservation of mass and momentum
have to be satisfied for each phase individually. The volume of phase q is defined by
using the volume fraction of this phase αq as follows:
Vq = ∫ α q dV

(11)

V

The sum of the solid volume fractions of phases must be 1:

n

∑α
q =1

q

=1

(12)
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The effective density of a phase is the physical density multiplied by the volume
fraction.

ρˆ q = α q ρ q

(13)

(Fluent 6, User Guide 2001)
3.1.2 Conservation Equations

The continuity equation for phase q is

n
∂
(α q ρ q ) + ∇ ⋅ (α q ρ q v q ) = ∑ m& pq
∂t
p =1

(14)

, where vq is the velocity vector and m& pq is the mass transfer from pth phase to qth
phase and m& pq = − m& qp and m& pp = 0 . By applying the phase material time derivative;

d qφ
dt

=

∂φ
+ (v q ⋅ ∇ )φ
∂t

(15)

, the continuity equation (14) can be rearranged to the form that Fluent uses:
n
∂
(α q ) + ∇ ⋅ (α q v q ) = 1  ∑ m& pq − α q d q ρq 
∂t
dt 
ρ q  p =1

(16)

Fluent solves volume fraction for each secondary phase from this equation and based
on the (12), the primary phase volume fraction can be solved.
The momentum balance equation for the phase q is

n
∂
(α q ρq v q ) + ∇ ⋅ (α q ρ q v q v q ) = −α q∇p + ∇ ⋅τ q +∑ (R pq + m& pq v pq ) +
∂t
p =1

Fq + Flift ,q + Fvm ,q

(17)
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, where τ q is the stress-strain tensor for phase ‘q’ defined as follows

2 

τ q = α q µ q ∇v q + ∇v Tq + α q  λq − µ q ∇ ⋅ v q I
3 


(

)

(18)

, where µ is shear viscosity, λ is bulk viscosity and I is unit tensor. The term Rpq is
the interaction force between phases defined with an interphase momentum exchange
coefficient Kpq and the velocities of corresponding phases:

n

n

p =1

p =1

∑ R pq = ∑ K pq (v p − v q )

(19)

The exchange coefficient Kpq is explained further in chapter 3.1.3. For Rpq, Rpq = -Rqp
and Rpp = 0. The velocity vpq is the interphase velocity defined to be vpq = vp if m& pq >
0 and vpq = vq if m& pq < 0. The force Fq is the external body force and Flift is the lift
force
Flift = −0.5 ρ qα p (v q − v p )× (∇ × v q )

(20)

The lift force can be neglected in the simulations of this study, because it will be
small compared to the drag force for such small particles. The force Fvm is the virtual
mass force defined as follows.

 dq v q d p v p 

Fvm = 0.5α p ρ q 
−
dt 
 dt

(21)

The virtual mass force occurs when a secondary phase ‘p’ accelerates relative to the
primary phase ‘q’. This force is significant if the secondary phase density is much
smaller than the primary phase density, so this force is neglected in these simulations,
because the solid phase density is much higher than the primary phase density.
The form of the eq. (17), which is solved by Fluent for a fluid phase ‘q’, is as follows.
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∂
(α q ρq v q ) + ∇ ⋅ (α q ρ q v q v q ) = −α q∇p + ∇ ⋅τ q + α q ρ q g +
∂t
Fq + Flift ,q + Fvm ,q +
n

∑ (K (v
pq

(22)

− v q ) + m& pq v pq )

p

p =1

Where g is the acceleration due to gravity. The eq. (22) is suitable for fluid phases in
fluid-fluid and fluid-solid systems. For a solid phase ‘s’ the conservation equation has
the form:

∂
(α s ρ s v s ) + ∇ ⋅ (α s ρ s v s v s ) = −α s∇p − ∇ps + ∇ ⋅τ s + α s ρ s g +
∂t
Fs + Flift , s + Fvm , s +
N

∑ (K (v
ls

l

(23)

− v s ) + m& ls v ls )

l =1

The changes in solid phase momentum conservation equation (23) seems to be small
compared to liquid phase eq. (22), but the changes inside of the terms are more
visible. The stresses, viscosity and solids pressure ps are determined by particle
velocity fluctuations and the kinetic energy associated to these fluctuations is called
granular temperature Θ.
Although combustion and heat transfer are not observed in this study, the energy
conservation equation is used because the furnace and injected materials have
different temperatures. The enthalpy equation for phase ‘q’ has the form:

∂
(α q ρ q hq ) + ∇ ⋅ (α q ρ qu q hq ) = −α ∂pq + τ q : ∇u q − ∇ ⋅ q q + Sq +
∂t
∂t
n

∑ (Q
p =1

& pq h pq )
pq + m

(24)
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, where h is the specific enthalpy, q is the heat flux, S is a source term, Q is the
intensity of heat exchange between phases ‘p’ and ‘q’, and hpq is the interphase
enthalpy. For Q, Qpq = -Qqp and Qpp = 0.
(Fluent 6, User Guide 2001)
3.1.3 Interphase Exchange Coefficients

The fluid-fluid exchange coefficients are not presented here, because in this study
there are no other fluids than air. The fluid-solid exchange coefficient has the general
form:
K sl =

α s ρs f
τs

(25)

, where f is a coefficient that includes a model-dependent drag function and τs is the
particulate relaxation time defined as follows.

τs =

ρ s d s2
18µ l

(26)

, where ds is the diameter of a particle and ‘l’ means fluid phase and ‘s’ is for solid
phase. The coefficient f is different in different exchange-coefficient models. In the
Syamlal-O’Brien model f has the form:

f =

C D Re s α l
24v r2, s

(27)

, where CD is the drag coefficient, Res is the relative Reynolds number and vr,s is the
terminal velocity correlation for solids phase. In the Syamlal-O’Brien model the drag
function of Dalla Valle is used:


4. 8
C D =  0.63 +

Re s / v r , s







2

(28)
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The relative Reynolds number Res is defined as follows.

Re s =

ρl d s v s − vl
µl

(29)

And the terminal velocity correlation vr,s for solid phase has the form:
vr , s = 0.5 A − 0.06 Re s +


(0.06 Re s )2 + 0.12 Re s (2 B − A) + A2 


4.14
l

A = α

, where  B = 0.8α l1.28

2.65
B = α l

(30)
, α l ≤ 0.85
,α l > 0.85

As seen in (30), the terminal velocity correlation is based on volume fractions and
relative Reynolds number. In Syamlal-O’Brien model the fluid-solid exchange
coefficient has the form:

K sl =

 Re 
3α sα l ρ l
C D  s  v s − v l
2
4v r , s d s
 vr , s 

(31)

This model is based on measurements of terminal velocities of particles in fluidized or
settling beds and this model is appropriate if the solids shear stressed are also defined
using Syamlal et al. expression for kinetic solids shear viscosity µs,kin (Chapter 3.1.5).
In the simulations in this study, the granular phase is not dilute. Anyway for dilute
systems the model of Wen and Yu can be used. The fluid-solid exchange coefficient in
Wen and Yu model has the form:

α α ρ v − v l −2.65
3
K sl = C D s l l s
αl
4
ds
, where the drag function CD is defined as

(32)
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CD =

24
0.687
1 + 0.15(α l Re s )
α l Re s

[

]

(33)

In the Gidaspow model (Gidaspow et al. 1992) the Wen and Yu model is used for the
dilute part and Ergun based equation for the denser part. As the Syamlal-O’Brien
model, this model is also useful for simulations in this study. In the Gidaspow model
for the dilute part the fluid-solid exchange coefficient is the same as (32):

α α ρ v − v l −2.65
3
K sl = C D s l l s
αl
, if α l > 0.8
4
ds

(34)

, where CD is obtained from (33). For the dense part the fluid-solid exchange
coefficient is as follows.

K sl = 150

ρ α v − vl
α s (1 − α l )µ l
+ 1.75 l s s
, if α l ≤ 0.8
2
ds
αl ds

(35)

According to Karema 2005, the Gidaspow model is more macroscopic than the
Syamlal-O’Brien model, and thus the choice of the model should be based on the
element size of the grid. (Karema 2005)
For solid-solid exchange coefficient Syamlal-O’Brien-symmetric model can be used
in Fluent. Therefore the solid-solid exchange coefficient has the form:

π
π2
α s ρ sα l ρ l (d l + d s )2 g 0,ls
3(1 − els ) + C fr ,ls
8 
2
K sl =
vl − v s
2π ρl d l3 + ρ s d s3

(

)

(36)

, where the both, ‘l’ and ‘s’ are solid phases and e is the coefficient of restitution, Cfr,ls
is the coefficient of friction between solid-phases particles and g0 is the radial
distribution coefficient (which is explained later in the paper). The software assumes
that Cfr,ls = 0, which probably is not true enough in all of the cases to simulate.
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The energy transfer between phases is a function of the temperature difference
between phases:
Q pq = h pq (T p − Tq )

(37)

, where hpq is the heat transfer coefficient between phases ‘p’ and ‘q’. This heat
transfer coefficient is related to phase Nusselt number Nup with the relation:

h pq =

6k qα pα q Nu p

(38)

d p2

, where k is the thermal conductivity of phase ‘q’. For fluid-fluid multiphase flow,
Fluent uses Ranz and Marshall correlation for Nusselt number:

Nu p = 2.0 + 0.6 Re1p/ 2 Pr 1 / 3

(39)

, where Rep is the relative Reynolds number and Pr is the Prandtl number for phase
‘q’:

Pr =

c pq µ q

(40)

kq

, where cp is the specific heat at constant pressure. For the granular phases the Gunn
correlation can be applied for Nus:

(

)(

) (

)

Nu s = 7 − 10α f + 5α 2f 1 + 0.7 Re 0s .2 Pr 1 / 3 + 1.33 − 2.4α f + 1.2α 2f Re 0s .7 Pr 1 / 3 (41)
, which is applicable to porosities 0.35-1.0 and Re < 105. The Prandtl number in eq.
(41) is for the phase ‘f’.
(Fluent 6, User Guide 2001)
3.1.4 Solids Pressure

When a granular phase is in the compressible state, the solids pressure ps for
momentum conservation eq. (23) is calculated by using following expression:
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p s = α s ρ s Θ s + 2 ρ s (1 + ess )α s2 g 0, ss Θ s

(42)

In the eq. (42) both of the terms, the kinetic term (first term) and the collision term
(second term) are dependent on granular temperature Θ. The coefficient ess is the
coefficient of restitution and g0 is the radial distribution function, which tells how
compressed the granular material is. The radial distribution can be considered as
dimensionless distance between particles and g0 -> 1, when particles phase is dilute
and g0 -> ∞, when particles are packed. In Fluent this function has the following form:

g 0,ll


 α
= 1 −  l
α
  l ,max






1
3






−1

(43)

, where αl,max is the packing limit (0.63 for an example). The radial distribution
coefficient is also needed in the solid-solid exchange coefficient (36) and so for
phases ‘l’ and ‘s’ it can be calculated as follows.

g 0,ls =

d s g 0,ll + d l g 0, ss
ds + dl

(44)

(Fluent 6, User Guide 2001)
3.1.5 Solids Shear Stresses

The viscosity for solids stress tensor is sum of collisional, kinetic and possibly
frictional viscosity parts.

µ s = µ s ,col + µ s ,kin + µ s , fr

(45)

The collisional part of viscosity is modeled as follows. (Gidaspow et al. and Syamlal
et al.)

46
1/ 2

µ s ,col

4
Θ 
= α s ρ s d s g 0, ss (1 + ess ) s 
5
π 

(46)

With Syamlal-O’Brien exchange coefficient selected, the kinetic part of viscosity
should be modeled using the equation of Syamlal:

µ s ,kin =

2

1 + 5 (1 + ess )(3ess − 1)α s g 0, ss 



α s d s ρ s Θ sπ 
6(3 − ess )

(47)

Also the Gidaspow expression is available:

µ s ,kin

10 ρ s d s Θ sπ
=
96α s (1 + ess )g 0, ss

 4

1 + 5 g 0, ssα s (1 + ess )

2

(48)

The shear stresses may include bulk viscosity λs that in granular flows is related to the
particles resistance to compression and expansion. In Fluent Lun et al. the expression
can be used:
1/ 2

4
3

 Θs 

π 

λs = α s ρ s d s g 0, ss (1 + ess )

(49)

, which is very similar to eq. (46). When the solids volume fraction is near the
packing limit, the friction between particles is important. The frictional part of shear
viscosity can be defined in Fluent using Schaeffer’s expression:

µ s , fr =

ps sin φ
2 I2D

(50)

, where φ is the angle of internal friction and I2D is the second invariant of the
deviatoric stress tensor.
(Fluent 6, User Guide 2001)
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3.1.6 Granular temperature

The granular temperature is proportional to the kinetic energy of the random motion
of particles. From kinetic theory the following form of transport equation can be
derived.
3∂
(ρ sα s Θ s ) + ∇ ⋅ (ρ sα s v s Θ s ) = − ps I + τ s : ∇v s

2  ∂t

+ ∇ ⋅ (kΘs ∇Θ s ) − γ Θs

(

)

(51)

+ φls
, where the first term on the right hand side is the generation of energy by the solid
stress tensor and the second term is divergence of the diffusion of energy where kΘs is
the diffusion coefficient. The third term γΘs is the collisional dissipation of energy and
the last term φls is the energy exchange between phases. When Syamlal et al. model is
used, the diffusion coefficient has the form:

k Θs =

15d s ρ sα s Θ sπ
4(41 − 33η )

16
 12 2

1 + 5 η (4η − 3)α s g 0, ss + 15π (41 − 33η )ηα s g 0, ss 



(52)

, where η:

η=

1
(1 + ess )
2

(53)

If the Gidaspow et al. model is used, then Fluent uses the following expression.

k Θs

150 ρ s d s Θπ
=
384(1 + ess )g 0, ss

2

Θs
 6

2
1 + 5 α s g 0, ss (1 + es ) + 2 ρ sα s d s (1 + e ss )g 0,ss π

(54)

For the collisional dissipation of energy Fluent uses the expression derived by Lun et

al.:
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γ Θs =

(

)

12 1 − ess2 g 0, ss

ds π

ρ sα s2 Θ 3s / 2

(55)

The kinetic energy transfer from the phase ‘l’ to the phase ‘s’ is calculated in Fluent
as follows.

φ ls = −3K ls Θ s

(56)

Fluent calculates the granular temperature by neglecting convection and diffusion in
the eq. (51). In the newest Fluent version the differential equation form is also
available for the granular temperature, but due to convergence problems it was not
used in the 3D-simulation, although it was already possible.
(Fluent 6, User Guide 2001)
3.1.7 Turbulence Models
In comparison to single-phase flows, modelling of turbulence in multiphase
simulations is very complex, because the number of terms to be modelled in the
momentum equations is large. For the Eulerian multiphase calculations Fluent offers
k-ε-based models for turbulence modelling. The newest version of Fluent also offers
the Reynolds Stress Model (RSM), but this has not been used in these simulations,
because it was not available when the most of simulations were performed, and it
would be unnecessary to try to model the turbulence in this case with such a
computationally heavy and sensitive model.
According to Karema 2005, the importance of turbulence modelling in a dense bed
depends on what phenomena are observed. He mentions that in macroscopic study
turbulence can be neglected. This makes, according to previous experiences, a lot of
sense. Karema also mentions, that in dilute suspension the turbulence modelling is
important. Anyway, in this study turbulence is modelled. (Karema 2005)
There exist three possible k-ε-models in Fluent and, additionally for multiphase
calculations; there also exist three different methods to handle turbulence between the
phases, so there are nine possible ways to simulate turbulence in the Eulerian
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multiphase calculations. The available k-ε-models in Fluent are the Standard k-εmodel, the RNG k-ε-model and the Realizable k-ε-model. The available turbulence
modelling methods in the Eulerian multiphase model are the mixture turbulence
model, the dispersed turbulence model and the turbulence model for each phase. In
these simulations the most used combinations are the Standard or the RNG k-ε-model,
used with the mixture turbulence modelling. In the final 3D-simulation the standard k-

ε-model was used with the dispersed turbulence modelling.
In two-equation turbulence models, two separate transport equations are solved
allowing the turbulent velocity and length scales to be independently determined. In
the Standard k-ε-model these equations are for the turbulent kinetic energy (k) and the
dissipation rate (ε). The standard k-ε-model is a semi-empirical model where the
transport equation for ε was obtained using physical reasoning. Robustness, economy
and reasonable accuracy for a wide range of turbulent flows have made the standard
k-ε-model very popular in industrial simulations. However, the Standard k-ε-model
assumes that the flow is fully turbulent, so this model is valid only for fully turbulent
flows. Some weaknesses of the Standard k-ε-model are fixed in its modifications
such, as are the RNG and the realizable k-ε-models. (Fluent 6, User Guide 2001)
The RNG k-ε-model was derived using the renormalization group theory, which is a
rigorous statistical technique. The form of this k-ε-model is similar to the form of the
standard model, but some refinements have been done. In the RNG model an extra
term is included in its ε-equation, which improves the accuracy in rapidly strained
flows. Also the effect of swirl on turbulence and an analytical formula for turbulent
Prandtl number are included. However, the main reason to use/test this model in these
simulations was that the RNG model also provides an analytically derived differential
formula for effective viscosity that accounts for low-Reynolds-number effects.
(Effective use of this feature does, however, depend on an appropriate treatment of
the near-wall region, which cannot be achieved usually in simulations of this scale.)
The RNG-model has been criticized also i.e by Siikonen 2000, because of its dodgy
development history. The opinion of Siikonen 2000 is that this model should be used
only if the Standard model calculates faulty, especially because of its high viscosity.
(Fluent 6, User Guide 2001), (Siikonen 2000)
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The realizable k-ε-model (Shih et al. model) contains a new formulation for the
turbulent viscosity and a new transport equation for the dissipation rate ε. The term
“realizable” means that this model satisfies certain mathematical constrains on the
Reynolds stresses thus being more physical than the other models. The benefits of this
model are the accuracy in the spreading rate of planar and round jets and
improvements in the flow features including streamline curvature, vortices and
rotation. Problems in use of this model could occur if the computational domain
contains both rotating and stationary fluid zones. Although these simulations include
jets, the realizable k-ε-model was not tested in this time. (Fluent 6, User Guide 2001)
In multiphase turbulence modelling methods the mixture turbulence model is the
default setting in Fluent. This model is applicable when phases separate, for stratified
multiphase flows, and when the density ratio between phases is near to 1. The mixture
model uses mixture properties and velocities to capture important turbulence features.
This model was the choice for these simulations. (Fluent 6, User Guide 2001)
The dispersed turbulence modelling method is suitable when the concentrations of the
secondary phases are dilute. In this case interparticle collisions are negligible and the
dominant process in the random motion of the secondary phases is the primary-phase
turbulence. This model was not used in the 2D simulations, because the case should
not be very dilute, but in the final 3D simulation the dispersed turbulence model was
used, because it is still better defined than the mixture model. Especially, there are
interphase transport terms in k- ε-equations in the dispersed model, which makes this
model more sophisticated than the mixture model. On the other hand, this model is
not as heavy as turbulence modelling for each phase.(Fluent 6, User Guide 2001)
The turbulence modelling for each phase means that the model solves a set of k and ε
equations for each phase. This turbulence modelling method is a good choice when
the turbulence transfer among the phases is important. This model was not used in
these simulations because it is more computationally intensive than the others and
convergence problems could also occur. (Fluent 6, User Guide 2001)
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In the single phase standard k-ε-model the transport equations for the turbulent
kinetic energy (k) and its dissipation rate (ε) are as follows:


µ
∂
(ρk ) + ∂ (ρku i ) = ∂  µ + t
σk
∂t
∂xi
∂xi 

 ∂k 

 − ρε + Gk + Gb − YM + S k
 ∂xi 

(57)

and

∂
(ρε ) + ∂ (ρεui ) = ∂  µ + µ t
σε
∂t
∂xi
∂xi 

 ∂ε 
ε
ε2

ρ
+
C
(
G
+
C
G
)
−
C
+ Sε (58)

1ε
k
3ε b
2ε
k
k
 ∂xi 

In these equations, Gk represents the generation of turbulence kinetic energy due to
mean velocity gradients. Gb is the generation of turbulence due to buoyancy and the
YM is the dilatation dissipation due to compressibility in high Mach number flows. S
represents user defined source term, σk and σε are turbulent Prandtl numbers for k and

ε, and C1ε, C2ε and C3ε are model constants. From the exact transport equation for k,
the term Gk can be defined as follows:

Gk = − ρ ui,u ,j

∂u j
∂xi

= τ ij

∂u j
∂xi

(59)

Where τij is Reynolds stress. In the single phase standard model the term Gk has the
Boussineq hypothesis based form:

G k = µ t S 2 , where

S ≡ 2S ij S ij

(60)

, where S is the modulus of the mean rate-of-strain tensor. In the multiphase standard

mixture-k-ε-model the transport equations for the turbulent kinetic energy (k) and its
dissipation rate (ε) are defined same way as in the eqs.

µ

∂
(ρ m k ) + ∇ ⋅ (ρ m v m k ) = ∇ ⋅  t ,m ∇k  + Gk ,m − ρ mε
∂t
 σk

and

(57) and (58):

(61)
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µ

∂
(ρ mε ) + ∇ ⋅ (ρ m v m ε ) = ∇ ⋅  t ,m ∇ε  + ε (C1ε Gk ,m − C 2ε ρ m ε )
∂t
 σε
 k

(62)

As can be seen, dilatation dissipation YM, and buoyancy Gb terms have been removed
and the single phase values have been replaced with the mixture values. The mixture
density, velocity and turbulent viscosity are computed from:

N

ρ m = ∑α i ρ i

(63)

i =1
N

∑α ρ v
i

vm =

i

i

i =1
N

∑α ρ
i

(64)
i

i =1

µ t ,m = ρ m C µ

k2

(65)

ε

The eq. (65) is same for the single phase k-ε-model, but the phase density is used in
that case. In the eq. (65) Cµ is a model constant. The clear difference to the standard
single phase k-ε-model is, however, the term for production of turbulence kinetic
energy Gk,m, which has now the form:

(

)

G k ,m = µ t , m ∇v m + (∇v m ) : ∇v m
T

(66)

The model constants are same in the both single phase and multiphase models. These
constants for the Standard k-ε-model are as follows:
C1ε = 1.44 , C 2ε = 1.92 , C µ = 0.09 , σ k = 1.0 , σ ε = 1.3

(67)

In the single-phase RNG k-ε-model the transport equations for the k and ε are as
follows.



∂
(ρk ) + ∂ (ρkui ) = ∂ α k µ eff ∂k  + Gk + Gb − ρε − YM + S k
∂t
∂xi
∂xi 
∂xi 
and

(68)
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2


∂
(ρε ) + ∂ (ρεu i ) = ∂ α ε µ eff ∂ε  + Ciε ε (Gk + C3ε Gb ) − C 2ε ρ ε − Rε + S e (69)
∂t
∂xi
∂xi 
∂xi 
k
k

In these equations many terms are same as in the previously explained standard k-εmodel. In the RNG k- and ε-transport equations, αk and αε are the inverse effective
Prandtl numbers, µeff is the effective viscosity which can be now calculated with a
differential equation and Rε is an extra term which is explained later. C1ε and C2ε are
model constants like in the standard k-ε-model, but their values are slightly different.
The Fluent-manual doesn’t report the multiphase versions for (68) and (69), but they
are derived similarly than the ones for the standard k-ε-model. Thus, the transport
equations for the k and ε in the multiphase RNG k-ε-model should be as follows.

∂
(ρ m k ) + ∇ ⋅ (ρ m v m k ) = ∇ ⋅ (α k µ eff ,m ∇k ) + Gk ,m − ρ m ε
∂t

(70)

and
∂
(ρ mε ) + ∇ ⋅ (ρ m v mε ) = ∇ ⋅ (α ε µ eff ,m ∇ε ) + ε (C1ε Gk ,m − C 2ε ρ m ε ) − Rε ,m
∂t
k

(71)

The differential equation (assumed multiphase mixture version) for turbulent viscosity
in RNG theory has the form:

 ρ2k 
µ eff ,m
νˆ
d  m  = 1.72
dνˆ , where νˆ =
and Cν ≈ 100
 εµ 
3
µ
ˆ
ν
−
1
+
C
m


ν

(72)

If the high-Reynolds-number limit is reached or differential viscosity option is turned
off in Fluent, the effective viscosity is (for multiphase mixture):

µ t ,m = ρ m C µ

k2

ε

(73)

, where Cµ = 0.0845. There is also a swirl flow modification available for the effective
viscosity in the RNG-model, but because it is not used in theses simulations and it is
not fully reported in Fluent-manuals, it is not explained here.
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The inverse effective Prandtl numbers αk and αε are calculated based on the RNG
theory using the formula (assuming this form for multiphase mixture):

α − 1.3929
α 0 − 1.3929

0.6321

α + 2.3929
α 0 + 2.3929

0.3679

=

µ mol ,m
, where α 0 = 1.0
µ eff ,m

(74)

It is not explained how or if αk and αε differ from each other, but in high-Reynoldsnumber limit (µmol/µeff << 1) their values are same αk = αε ≈ 1.393.
The extra term in the RNG ε-equation (mixture multiphase) is given by:

Rε =

C µ ρ mη 3 (1 − η η 0 ) ε 2
1 + βη

3

k

, where η ≡ S

k

ε

, η 0 = 4.38 , β = 0.012

(75)

, where S is the modulus of the mean rate-of-strain tensor. This extra term causes the
RNG-model to yield lower turbulent viscosities in rapidly strained flows, which
makes the RNG-model more responsive to the effects of rapid strain and streamline
curvature than the standard k-ε-model. The model constants of the RNG k-ε-model
are as follows:
C1ε = 1.42 , C 2ε = 1.68 , C µ = 0.0845

(76)

Although the concentrations of the bed material can not to be considered as dilute in
the many regions of the furnace, still the dispersed standard multiphase k-ε-model
was used in the final 3D-simulation case. The reason for the choice of this model was
its more sophisticated definition including interphase turbulence momentum transport.
The main assumption in the dispersed turbulence model is that the interparticle
collisions are negligible and the turbulence of the continuous primary phase has the
dominant effect on the random particle phase motion. Thus the mean characteristics
of primary phase and the ratio of particle relaxation time to eddy-particle interaction
time define the fluctuating quantities of the secondary phase.
In the dispersed turbulence model a modified standard k-ε-model is used. This
modification contains interphase turbulent momentum transfer terms, which were not
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included in the mixture turbulence model. These momentum exchange terms contain
the correlation between the instantaneous distribution of dispersed phases and the
turbulent fluid motion. Tchen-theory of dispersion of discrete particles by turbulence
is used for the dispersed phases’ turbulent quantities in this dispersed model. A phaseweighted averaging process is used as averaging process in this model. This averaging
process prevents the appearance of the turbulent fluctuations in the volume fractions
and (thus) the choice of the averaging process has also effect on the modelling of
dispersion.
In the dispersed model the eddy viscosity model is used for averaged fluctuating
quantities. For the continuous phase the following form of the Reynolds stress tensor
is used.

τ '' = −

2
(ρ q k q + ρ q µ t ,q ∇ ⋅ U q )I + ρ q µ t ,q ∇U + ∇U T
3

(

)

(77)

, where U is phase-weighted velocity. According to dimensional analysis, this
velocity is obtained by multiplying velocity with specific volume (inverse density).
Although the Fluent manual doesn’t specify it, this Reynolds stress of eq. (77) is
probably used in the momentum equation of the primary phase eq. (17) or (22) and
in the enthalpy equation (24). The turbulent viscosity is almost like in the mixture
model, but now primary phase values are used instead of mixture values:

µ t ,q = ρ q C µ

k q2

εq

(78)

, where Cµ = 0.09. In the dispersed phase model, the k- and ε-equations are as
follows:

∂
(α q ρ q k q ) + ∇ ⋅ (α q ρ q U q k q ) = ∇ ⋅ α q µ t ,q ∇k q  + α q Gk ,q − α q ρ q ε q + α q ρ q Π kq (79)
σk
∂t


and
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∂
(α q ρ q ε q ) + ∇ ⋅ (α q ρ q U q ε q ) = ∇ ⋅ α q µ t ,q ∇ε q  + α q ε q (C1ε Gk ,q − C 2ε ρ q ε q )
∂t
kq
σε
(80)


+ α q ρqΠ εq

,where Π-terms are the influence of dispersed phase on the continuous phase. The
Gk,q is the production of the turbulence kinetic energy and, according to manual, it is
defined as in the single phase case (eqs. (59) and (60) ), but it is not mentioned is the
Boussineq hypothesis form (60) used instead of the exact form (59) and the
Reynolds stress of eq. (77).
The term Πkq derived from the instantaneous equation of the continuous phase has
the form:

K pq

M

Π kq = ∑

p =1 α q ρ q

(< v

,,
q

⋅ v ,p, > + (U p − U q ) ⋅ v dr

)

(81)

, which is simplified to the form;
M

K pq

p =1

αq ρq

Π kq = ∑

(k

pq

− 2k q + v pq ⋅ v dr )

(82)

In these equations M represents the number of the secondary phases, Kpq is the
interphase momentum exchange coefficient, kpq is the covariance of the continuous
and dispersed phases’ velocities, vpq is the relative velocity and the vdr is the drift
velocity (explained later). According to Elgobashi et al., the Πεq is modelled as
follows:
Π ε q = C 3ε

εq
kq

Π kq

(83)

, where C3ε = 1.2.
Time and length scales of motion are used for determination of the dispersed phase
turbulent kinetic energy, dispersion coefficients and correlations. The characteristic
particle relaxation time with inertial effects is defined for a dispersed phase as
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 ρp


+ CV 

 ρq


−1 
τ F , pq = α p ρ q K pq


(84)

, where CV is added-mass coefficient set to CV = 0.5. The Lagrangian integral time
scale along particle trajectories is defined as follows:

τ t , pq =

τ t ,q
1 + Cβ ξ 2

,

where ξ =

v pq τ t ,q
Lt ,q

(85)

In this equation τt,q is a characteristic time of the energetic turbulent eddies and Lt,q
is the length scale of the turbulent eddies. The τt,q and Lt,q can be calculated from the
continuous phase turbulence values:

3
2

τ t ,q = C µ

kq

εq

(86)

and
Lt ,q =

k q3 / 2
3
Cµ
2
εq

(87)

, where the constant Cµ = 0.09. The coefficient Cβ in eq. (85) is defined as
C β = 1.8 − 1.35 cos 2 θ

(88)

, where θ is the angle between the mean particle velocity and the mean relative
velocity. The ratio of the Lagrangian integral time scale to characteristic particle
relaxation time is

η pq =

τ t , pq
τ F , pq

(89)

In Fluent, this ratio is used to calculate turbulent kinetic energy of dispersed phase
according to Simonin and Viollet 1990:
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 b 2 + η pq
k p = kq 
 1 + η pq







(90)

 b + η pq
k pq = 2k q 
 1+η
pq







(91)

, where the coefficient b is defined as

 ρp
b = (1 + CV )
+ CV
ρ
 q






−1

(92)

Using these kinetic energy values the dispersion (diffusivity) coefficients are
calculated:
1
Dt , pq = k pqτ t , pq
3

(93)

1
2

D p = Dt , pq +  k p − b k pq τ F , pq
3
3


(94)

The diffusivities can be used in the calculation of the drift velocity vdr. The drift
velocity can be calculated as follows:
 Dp

Dq
v dr = −
∇α p −
∇α q 
σ α

σ pqα q
 pq p


(95)

, where σpq is the dispersion Prandtl number and as a default σpq = 0.75. Fluent uses
Tchen theory in multiphase flows assuming Dp = Dq = Dt,pq. The drift velocity has
not enabled as a default in the Fluent calculation, but it would have effect on the
momentum equation and small effect on the turbulence equations. If the drift
velocity is enabled the effects on the momentum equation appear in the changed
drag term:
K pq (v p − v q ) = K pq (U p − U q ) − K pq v dr

(96)
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In the turbulence equations the effect of the drift velocity appears in the interphase
turbulence transfer terms eq. (82) and thus also in eq. (83). In the 3D-simulation
simulated in this study, the drift velocity was not enabled. In the future simulations
the effects of this term would be tested.
(Fluent 6, User Guide 2001)

3.1.8 Solution Method

For the pressure-velocity coupling, Fluent uses the Phase Coupled SIMPLE (PCSIMPLE) algorithm, which is an extension of the SIMPLE algorithm (Semi-Implicit
Method for Presssure-Linked Equations, by Patankar and Spalding 1972). The
velocities are solved coupled by phases. Although velocities are still solved in a
segregated fashion, the block algebraic multigrid scheme of Fluent’s coupled solver is
used to solve the vector equation formed by the velocity components of all phases
simultaneously. Instead of using mass continuity, the pressure correction is then
formed based on total volume continuity. Pressure and velocities are corrected to
satisfy the continuity constraint. For the incompressible multiphase flow, the pressurecorrection equation has the form:

n

∂

∑  ∂t α
k =1



k

+ ∇ ⋅ α k v ′k + ∇ ⋅ α k v *k −

1

ρk

n

∑ m&
l =1

lk


=0


(97)

, where subscripts k and l are phases, v’k is the velocity correction and v*k is the
velocity at the current iteration. Velocity corrections are also themselves functions of
the pressure corrections.
The volume fractions obtained from the phase continuity equations and the discretized
form of the kth phase volume fraction has the form:

a p ,k α k = ∑ (a nb,k α nb, k ) + bk = Rk
nb

(98)
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, where a and b are coefficients used for solving the discretized equation. The
subscript ‘p’ denotes to the central grid point and ‘nb’ denotes to the neighbour
points. The coefficient b may contain a source term and Rk is the residual aimed to be
zero. More information related to these basics of numerical calculations can be
obtained from ‘Patankar 1980: Numerical Heat Transfer and Fluid Flow’.
Additionally, the sum of the volume fractions has to be, of course, one,

n

∑α

k

=1

(99)

k =1

(Fluent 6, User Guide 2001), (Patankar 1980)

4 SIMULATION SET-UPS IN CFD SOFTWARE
There are two major simulation projects, 2D- and 3D-CFD-simulations, performed in
this fuel simulations study. The most of time reserved for this study was consumed in
the various 2D-Fluent simulations, where different parameters of fluidization were
tested. These 2D-cases were simulated in Foster Wheeler R&D center in Karhula
using a single computer and a single Fluent license. After the most of these 2D
simulations were completed, the 3D-study was started in the Laboratory of
Computational Fluid Dynamics in the Lappeenranta University of Technology. This
3D-study was based on the most informative 2D-simulation and it was simulated
using five parallel processors with five Fluent licenses. The simulations set-ups in the
3D-simulation were as similar as possible to the set-ups in the 2D-cases, but the
geometry in the 3D-case was more detailed to ensure maximum information to be
obtained from that unique and computationally costly simulation case. In this chapter
the set-ups and geometries used in these 2D- and 3D-cases are explained.
4.1 2D-CFD-simulations of a CFB-furnace
The furnace geometry observed in these simulations was obtained from a commercial
real scale CFB-boiler. Also the coal and the bed-material properties were based on the
real values of the fuel and bed-materials used in that boiler. Various 2D simulations
were computed changing fuel properties like particle diameter and fluidization
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parameters like fluidization velocity. Also adaptive computational grids were used in
the all of the simulations.
4.1.1 Model geometry and Mesh
The furnace geometry used in the 2D simulations is presented in figure 20. This
geometry is a simplified version of the real geometry, because then a better mesh can
be obtained and some calculation problems can be avoided.

Figure 20. The geometry of the CFB furnace used in 2D CFD-simulations.

As can be seen in figure 20, the furnace geometry in the lower part of the furnace is
very simple. There are no details of the real CFB furnace included in this 2D-model.
The vertical dimension of the furnace is limited to the 15 m part from the furnace
bottom, because the simulation of the whole furnace could be unreasonably slow to
compute and it could offer only a small amount of extra information. The inlet zones,
like fuel and secondary air inlets, are projected to the inclined walls, because if they
were in correct angle they could produce small details, which are difficult to mesh
very well. Instead of the correct geometrical angles of inlets, properly set velocitycomponents are used to produce the correct jet directions and magnitudes. The
primary air inlet contains 27 nozzles, which perforate the whole bottom wall.
Although the nozzles are separate inlets, their boundary value is set like to a single
velocity inlet, so the velocity magnitude of a single nozzle cannot be adjusted
separately.
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The mesh for these 2D-simulation cases is presented in figure 21. This mesh is
usually adapted automatically after every 3rd time step, so the amount of grid cells
changes during the calculation.

Figure 21. An example of adapted computational grid. Non-adapted grid contains 15456 nodes
and the 2-level adapted grid in this figure contains 43940 nodes.

As shown in figure 21, the grid size can be increased much during dynamic
adaptation. In these simulations the base grid size was 15189 cells and 15456 nodes
and after adaptation the size could be at maximum about 40000-60000 cells or
nodes. The adaptation criterion was the scaled value of the gradient of volume

fraction of the bed material, which causes grid to be refined where volume fraction
gradients are large and coarsened where the volume fraction gradients are small. The
main benefits of the dynamic adaptation in these simulations are the more detailed
results in the lower part of the furnace and saved computation time because the base
grid can be coarser than the grids in the non-adapted simulations. However, the grid
cannot be coarsened during this dynamic hanging-node adaptation below the level of
the base grid, which makes this simulation rather risk-free and easy-care.
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4.1.2 Simulated cases
In the table 3 are presented the guidelines of the all of the 2D-simulations meaningful
for this study. The exact boundary conditions and the settings are presented later.

Table 3. Guidelines of the simulated 2d-cases.
Case n:o

1

Purpose

Bed
Init.

2
Size
fract.
test

3
Size
fract.
test

4
Size
fract.
test

5
Size
fract.
test

6
Size
fract.
test

7
Size
fract.
test

8
Size
fract.
test

Bed
Init.

10
Size
fract.
test

11
Size
fract.
test

SA
Init.

13
Size
fract.
test

14
Size
fract.
test

15
Density
test

no

no

no

no

yes

yes

yes

yes

yes

yes

yes

yes

yes

yes

yes

-

2271
(avg)

32

4000

94

1250

4000

32

-

4000

32

-

4000

32

4000

0-2

2

2

2

2

2

2

2

4

4

4

4

4

4

4

0

0

0

0

0

0

0

0

0

0

0

60

60

60

60

1262

1262

1262

1262

1262

1262

1262

1262

1262

1262

1262

1262

1262

1262 300

High
treshold
adapt.
2-lvl

High
treshold
adapt.
3-lvl

Low
treshold
adapt.
2-lvl

Low
treshold
adapt.
2-lvl

Low
treshold
adapt.
2-lvl

Low
treshold
adapt.
2-lvl

Low
treshold
adapt.
2-lvl

Low
treshold
adapt.
2-lvl

Low
treshold
adapt.
2-lvl

Low
treshold
adapt.
2-lvl

Grid
adaption
Fuel
Particle
fraction
[µm]
Fluidis.
Inlet
velocity
[m/s]
Sec. Air
Velocity
[m/s]
Fuel density
[kg/m3]

Special

Bed
Mat.
Diam.
300µm
->
175µm

9

12

Three initialisation and 12 test simulations are listed in the table 3. The meaning of
the initialisation simulations is to initialise suitable bed conditions for the actual test
simulations when the fluidization properties are changed. Great changes of the
fluidization or secondary air velocities are such changes. In the ‘special’ row in the
table 3, a note like ‘High threshold adapt.’, means that during the adaptation of the
grid, the threshold of the gradient for the adaptation is high and thus adaptation is
used less often than in the low threshold cases, and the ‘2-lvl’ means that in the
maximum adaptation a cell is split twice. ( In 2d-cases, a quadrilateral cell is divided
to four cells during an adaptation. If adaptation level is, for an example, two, the cells
that are born during the first adaptation can be also adapted once.) The main benefit of
the adaptation, especially low threshold adaptation, is that there can be seen much
more details in the volume fraction profiles than in the case with the normal coarser
grid.

Low
treshold
adapt.
2-lvl
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4.1.3 Material properties
In the table 4 are presented the material properties of the bed material, the fluidization
air and the fuel used in these 2D-simulations.
Table 4. The material properties used in 2D-simulations.
Primary/sec.
Bed
Fuel
air
material
air-1
sand
coal
Material
Name in Fluent
bed
coal
air_prim
Phase name
(primary phase) (secondary phase) (secondary phase)
In Fluent
Incompressible 2548
300 or 1262
Density [kg/m2]
Ideal-gas
1091
795
1220
cp [J/(kgK)]
0.0242
0.071
0.0454
T.conductivity
[W/(mK)]
1.72e-5 *)
Viscosity [kg/(ms)] Sutherland law 1.72e-5 *)
28.966
76.94
12.01115
Molec. Weight
[kg/(kmol)]
298.15
298.15
298.15
Reference
Temperature [K]
*) Too low values for granular material, but the viscosity of
granular materials is calculated different way and elsewhere.

The values presented in the table 4 are same for all of these 2D-simulations. For the
granular materials, sand and coal, there exist also properties (like viscosities) that are
not listed in this table, but they are listed in the next boundary conditions chapter. The
coal is assumed to be certain Polish coal, for which particle size fractions and other
properties are analysed. Also the bed material properties are known.

4.1.4 Boundary conditions and simulation parameters
In the table 5 are presented the all of the simulation parameters and boundary
conditions common to the most of the simulations.
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Table 5. Boundary conditions and simulation parameters.
Models:
Solver:
Multiphase:
Energy equation:
Viscous:
Solution controls:
Materials:
Phases properties:
Material:
Diameter [m]:
Granular visc. [kg/(ms)]:
Gran. bulk visc.[kg/(ms)]:
Frictional visc. [kg/(ms)]:
Angle of inter. friction [˚]:
Granular temp. [m2/s2]:
Solids pressure [Pa]:
Radial distribution:
Elasticity modulus:
Packing limit:
Phase interactions:
Drag:
Lift:
Restit. coeff:
Heat:
Mass:
Operating conditions:
Op. pressure [Pa]:
Gravity [m/s2]:
Op. Temperature [K]:
Spec. op. density [kg/m3]:
Boundary conditions:
‘bottomwall’,‘lwall’,‘rwall’
‘external_circ’ ***)

‘fuelin’ ***)

Segregated-2D-1st order implicit unsteady solver
Eulerian, 3 phases
Enabled
RNG-k-ε-mixture turbulence model, Diff. Viscosity enabled
Pressure-velocity coupling:
Phase-Coupled SIMPLE
Discretization of momentum, volume fraction, k, ε and energy: 1st order upwind
Air,sand,coal. See chapter 4.1.3
Fluid:’air-prim’
Granular:’bed’
Granular:’coal’
(prim. phase)
(sec.phase)
(sec.phase)
air-1
sand
coal
0.000175 (case dependent)case dependent
Syamlal-Obrien
Syamlal-Obrien
Lun et al.
Lun et al.
Schaeffer
Schaeffer
30
30
algebraic *)
algebraic *)
Lun et al. *)
Lun et al. *)
Lun et al. *)
Lun et al. *)
Derived *)
Derived *)
0.652 **)
0.652 **)
Bed-Air
Coal-Air
Coal-Bed
Syamlal-Obrien
Syamlal-Obrien
Syamlal-Obrien-symmetric
None
None
None
0.9 (coal-bed,coal-coal,bed-bed)
Gunn
Gunn
101325
-9.81 in y-direction
1073.15
0.328984
Walls. No heat transfer, no slip. (Roughness constant 0.5)
Velocity inlet from external circulation.
Turb. Intensity: 10 %
Bed velocity: UDF
Hydr. Diameter: 0.5183 m
Bed T: 1073.15 K
Air velocity: 0 m/s
Bed Gran.T: 0.0001m2/s2**)
Air T: 1073.15 K
Bed vol. fraction: 0.5
Fuel velocity inlet.
Turb. Intensity: 10 %
Bed velocity: 0 m/s

Coal velocity: 0 m/s
Coal T: 1073.15 K
Coal Gran.T: 0.0001 m2/s2 **)
Coal volume fraction: 0
Coal x-velocity: 0.00866 m/s
Coal y-velocity:-0.005 m/s
Coal T: 303.15 K
Coal Gran. T: 0.0001 m2/s2 **)
Coal volume fraction: 0.5998

Hydr. Diameter: 0.791 m
Bed T: 1073.15 K
Air velocity: 0 m/s
Bed Gran.T: 0.0001 m2/s2 **)
Air T: 1073.15 K
Bed volume fraction: 0
‘lowerair’ ***)
Lower secondary air velocity inlet.
Turb. Intensity: 10 %
Bed/coal velocity: 0 m/s
Hydr. Diameter: 0.18 m
Bed/coal T: 473.15 K
Air x-velocity: 51.9711 m/s
Bed/coal Gran. T: 0.0001 m2/s2 **)
Air y-velocity:-21.9833 m/s
Air T: 473.15 K
Bed/coal volume fraction: 0
‘outlet’
Pressure outlet.
Gauge pressure: 0 Pa
Bed/coal backflow T: 1073.15 K
Backflow k: 1 m2/s2
Bed/coal backflow gran. T: 0.0001 m2/s2 **)
Backflow ε: 1 m2/s3
Bed/coal backflow vol. fraction: 0
Air backflow T: 1073.15 K
‘primaryair’
Velocity inlets of primary air.
k: 1 m2/s2
Bed/coal velocity: 0 m/s
ε: 1 m2/s3
Bed/coal T: 473.15 K
Air velocity: case dependent (0-2 or 4 m/s)
Bed/coal Gran. T: 0.0001 m2/s2 **)
Air T: 473.15 K
Bed/coal volume fraction: 0
‘upperair’
Upper secondary air inlet. Not used. Set to be a wall.
‘fluid’
Continuum. Contents of the furnace.
Fixed temperature 1073.15 K for ‘air_prim’ and ’bed’.
UDF for bed mass calculation, UDF for external circulation velocity,
UDFs
UDF for saving/reading bed mass information, in early cases UDF for primary air velocity
and in the first initialization case UDF for variable time-step.
*) Optional in the newest Fluent version, but fixed in the Fluent version used for these simulations.
**) Probably a little bit too high value, but doesn’t cause much errors, ***) Where available.
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As can be seen in the table 5, there is a great amount of boundary conditions to be set
in multiphase calculations and it is not relevant to explain all of those here.
As mentioned earlier the multiphase model is the Eulerian 3-phase model and the
turbulence is modeled with the RNG k-ε-model using mixture model in all of the
cases. The main reason for using the RNG-model is the possibility for the differential
viscosity option. It would be as agreeable to use the standard or Shih et al. k-εmodels. The solver itself is now the Segregated-2D-unsteady solver. In the segregated
solver the governing equations are solved segregated from one another and the
segregated solver is the only option for the multiphase calculations with this software.
These simulated phenomena are very time dependent and the unsteady-1st order
implicit solver is used. The energy equation is enabled, because the expansion of the
injected cool air should be modeled some way. The other heat transfer phenomena are
not in interest in these simulations and thus the internal part of the furnace, the ‘fluid’continuum, is set to be in the fixed temperature for the gas- and bed-material phases.
The energy equation in this case causes only the primary and secondary airs to be
expanded and the fuel phase warmed up properly (fuel phase also cannot be set to
fixed temperature in this software). The discretization method for the governing
equations is the 1st order upwind scheme. It is not the best option, but its accuracy and
speed is sufficient enough for these simulations. For the pressure-velocity coupling
the Phase-Coupled SIMPLE algorithm is the only option in these multiphase
simulations.
Although the phases’ material properties are listed in the previous chapter, there are
still various additional parameters to be set to make the granular phases work
properly. The most interesting granular boundary condition varied in these
simulations was the particle diameter, but the other options and their weaknesses are
very crucial for the successful multiphase simulations. For the granular viscosity and
the interphase drag forces the Syamlal-O’brien-models were used. Also the optional
Gidaspow model can be as good or poor choice. For the granular bulk viscosity, the
solids pressure and the radial distribution function the models of Lun et al. were used
as only reasonable options in that Fluent version. Also the granular temperature had to
be modeled as an algebraic phase property in this Fluent version. The Gunn model
was used to model the heat transfer between the granular and gas phases. The one
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minor mistake in these simulations was to select the maximum packing limit of the
granular phases as high as 0.652 for these materials. The better value could be
something between 0.6 and 0.63. Fortunately this was not a very big problem in these
quite stable 2D-simulations.
For the operating conditions 101325 Pa operating pressure and 1073.15 K operating
temperature were suitable choices and the operating density was set to be the air
density at the operating temperature. Gravity, of course, should be included in these
simulations.
In the boundaries, the boundary conditions are requested for the mixture and for the
each phase separately. These values are presented in the table 5. For the mixture
boundary conditions in the inlets, hydraulic diameter and turbulence intensity were
given as boundary conditions. The applied, 10 %, turbulence intensity was a bit too
high, but it did not cause problems in these simulations. When the definition of the
hydraulic diameter was difficult or the turbulence was not important (like in backflow
at the outlet), the default k- and ε-boundary values were used instead of the turbulence
intensity. In the inlet from the external circulation a User Defined Function (later
UDF) was used to set the bed material velocity to compensate the mass loss from the
outlet. In the fuel inlet the fuel velocity was given in components, because the
geometry of the inlet hole was simplified to be in the same line with the furnace wall.
Also in the secondary air inlet, for the same reason, the air velocity was given in
components. In the air and fuel inlets the temperatures of the injected materials were
set to the realistic entrance values. The furnace temperature was assumed for the
backflow temperature in the outlet and the entrance temperature from the external
circulation. The default granular temperature boundary condition values were used in
the inlets, but they are probably too high for the high granular volume fractions.
Fortunately this did not cause problems in these 2D simulations, but for the more
unstable 3D-simulations the granular temperature boundary values were decreased.
Some minor UDFs were used during these 2D-simulations. In all of the simulation
cases an UDF was set to calculate the bed mass and the loss of it in the furnace. This
mass information was used in the higher bed mass loss cases to adjust the velocity
profile UDF of the bed material feed from the external circulation. This velocity UDF

68
was very simple and it wasn’t designed to exactly compensate the bed material loss.
Anyway, the amount of bed material elutriated from the model volume was small and
the bed material control UDFs were not employed very much. An auxiliary UDF was
used with the bed material control UDFs to save and read the bed material mass
information to the auto-saved data files. In the first initialization simulation, an UDF
for the primary air velocity (also used in some other early simulations) and an UDF
for time-step control were used. The primary air velocity UDF increased the primary
air velocity gradually from 0 to 2 m/s between the time-steps in order to keep up good
convergence without possible unphysical velocity values. The time-step control UDF
was used to increase the time-step size gradually from 1e-6 to 0.01 second in periods
of a certain number of the time-steps. In this kind of initialization simulations, it is
useful to use an automatic method to increase the time-step, because the initial timestep should to be very small, but it may be usually increased when the sufficient
convergence is reached. Of course, in the more complicated and unstable simulations,
like in 3D-simulations, the continuous manual care taking could be needed.
There are also some general settings, like automatic saves, that are not included in the
table 5. The most common automatic save interval used in these simulations was 20
time-steps, which corresponds 0.2 seconds of simulated time if the most used timestep is 0.01 s. The mostly used iteration amount per time-step was 75 iterations and
the grid was adapted, because it was fast enough, once in 3 time-steps. The
animations of the bed and the coal volume fractions were recorded during the
simulation in all of the cases. Also the animations of the grid were recorded in the
cases where the automatic adaptation was used. These animations give easy-to-figureout information of the bed and fuel behavior and some of the possible simulation
problems can be seen afterwards. The bed suspension density and mass balance is also
plotted and saved during the simulation. Also the coal volume fraction at the nine
selected furnace points is saved in the later simulations.

4.1.5 Simulation process
The share time of the 2D-simulations is presented in Table 6. The form of the results
data is mentioned in the Results column of Table 6.
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Table 6. The share of time of the 2D-simulations.
Case
N:o
1

Description
Bed Init.

Simulated Start
time [s]
date
36.73
7.10.04

End
date
19.10.04

Simulation
Days ±1 d
13

2

Fu.2271µm

4.54

19.10.04

21.10.04

3

3

Fu. 32 µm

9.15

21.10.04

25.10.04

5

4

Fu.4000µm

3.97

27.10.04

28.10.04

2

5

Fu.94 µm, adp 15.670

29.10.04

2.11.04

5

6

Fu.1250 µm,
adp
Fu.4000 µm,
adp
Fu.32 µm,
adp
Bed Init.

18.970

2.11.04

8.11.04

7

15.9

11.11.04

17.11.04

7

15.49

17.11.04

23.11.04

7

15.01

23.11.04

28.11.04

6

15.01
adp,

29.11.04

3.12.04

5

15

3.12.04

7.12.04

5

5.49

7.12.04

9.12.04

3

15adp,

9.12.04

14.12.04

6

adp,
15

14.12.04

19.12.04

6

16.91
adp,

22.12.04

31.12.04

10

7
8
9

Fu.4000µm,
hi.vel.
Fu.32 µm,
11
adp, hi.vel.
Bed Init.
12
Sec. Air.
Fu.4000µm,
13
hi.vel,SA
Fu.32µm,
14
hi.vel,SA
Fu.4000µm,
15
hi.vel,SA,
low dens. fuel
TOTAL
10

217.84

Results
Initial bed condition with low fluidiz.
velocity. Autosaved data and animations.
Fuel D=2271 µm, low fluid. veloc.
Autosaved data and animations.
Fuel D=32 µm, low fluid. veloc.
Autosaved data and animations.
Fuel D=4000 µm, low fluid. veloc.
Autosaved data and animations.
Fuel D=94 µm, low fluid. veloc.
Autosaved data, animations, 9point vof.
Fuel D=1250 µm, low fluid. veloc.
Autosaved data, animations, 9-point vof.
Fuel D=4000 µm, low fluid. veloc.
Autosaved data, animations, 9-point vof.
Fuel D=32 µm, low fluid. veloc.
Autosaved data, animations, 9-point vof.
Initial bed condition with high fluidiz.
velocity. Autosaved data and animations.
Fuel D=4000 µm, high fluid. veloc.
Autosaved data, animations, 9-point vof.
Fuel D=32 µm, high fluid. veloc.
Autosaved data, animations, 9-point vof.
Initial bed condition with sec.air.
Autosaved data and animations.
Fuel D=4000 µm, high fluid. veloc. + SA
Autosaved data, animations, 9-point vof.
Fuel D=32 µm, high fluid. veloc. + SA
Autosaved data, animations, 9-point vof.
Fuel D=4000 µm, high fluid. veloc. + SA, ρfu=300 kg/m
Autosaved data, animations, 9-point vof. data.

90 ± 15

As shown in Table 6, a basic simulation of 15 seconds with an adaptive grid took
about 5-7 days. The grid size and the amount of the simulated phases have a
significant effect on the simulation speed. In total, these simulations took about three
months time, and after these simulations the 3D simulations were started.
During the 2D-simulations, the full simulation data was saved usually once per 20
time-steps, and this data was back up copied for future use and deeper analysis. The
most interesting time-dependent results, like grid adaptation situation and volume
fractions (vof) of fuel and bed material were also saved as animations capturing a
frame once per 2-10 time-steps. In most of the simulations the data of the fuel volume
fraction was saved at 9 points of the furnace. These points of the furnace are presented
in Figure 22.
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Figure 22. The points for saving the fuel volume fraction data.

4.2 3D-CFD-simulations of a CFB-furnace

Based on the 2D-simulation case n:o 13 the 3D-simulation of the same furnace was
performed in the Laboratory of Computational Fluid Dynamics at the Lappeenranta
University of Technology. Because of the great amount of computation time
requirements needed, only one 2D-simulation case was computed as a 3D-simulation.
The main purposes were to test the feasibility of three-dimensional multiphase
calculations and to set grounds for future 3D-modelling studies.
4.2.1 Model geometry and Mesh
The furnace geometry used in the 3D simulation is presented in Figure 23. This
geometry is a more detailed version of the previously used 2D-geometry, because a
maximum amount of information should be obtained from this unique and timeconsuming 3D-simulation case. The simulation geometry of the furnace is a 2 m wide
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slice of the real furnace’s geometry, but the primary air nozzles, upper secondary air
inlet and the inlet from the external circulation are not included in this geometry.

Figure 23. The geometry of the CFB furnace used in 3D CFD-simulations.

As can be seen in Figure 23, the furnace geometry in the lower part of the furnace is
now more detailed than the geometry used in the 2D-simulations. The most dramatic
changes to the 2D-geometry are the detailed fuel and secondary air inlets. In this 3Dgeometry the vertical dimension of the furnace is limited to the 15 m part of the
furnace bottom, like the geometry was in the 2D-simulations, and the observed
furnace depth (z-direction) is limited to the 2 m wide slice around the fuel and
secondary air inlets. Wall boundaries were used to limit this slice of the furnace,
because the other more ‘realistic’ boundary conditions may be difficult to define and
cause instabilities in this sensitive calculation. It can also be assumed that the wall
boundary condition doesn’t produce much error in the results, compared to the other
possible error sources. The fuel and secondary air inlets are now modelled with the
realistic details and there is no need anymore to give velocities in the components as
had to be done in the 2D-simulations. Correspondingly the requirements for the mesh
near the inlets are now much higher. For this reason, the primary air inlet nozzles are
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not included in this 3D-geometry, and thus a User Defined Function is needed to
properly set the non-uniform velocity profile to this uniform inlet.
The mesh for this 3D-simulation case is presented in Figure 24. Some other versions
of the mesh were tested, but this hexahedral-cell mesh slightly outperformed the other
tetrahedral-cell versions. Unlike the 2D-mesh, this mesh is not adapted during the
simulations because the computation costs could be high, and the functionality of the
simulation in this first 3D-simulation is more desirable than having very accurate
results.

Figure 24. The computational 3D-grid containing 245737 nodes. (a) The whole grid. (b) An example
of the grid on the boundaries. (c) The denser part of the grid near the inlets. (d) A detail of the grid
on the fuel inlet.

As shown in Figure 24, the grid is very dense in the lower part of the furnace and near
the inlet and outlet zones. The grid size is 216200 cells and 245737 nodes and it is
not adapted further during the simulation. This mesh is a rather complex one, because
the fuel and secondary air inlets are very detailed in this geometry. For this reason the
mesh was created in the Lappeenranta University of Technology, by Professor
Zamankhan, using more suitable mesh generation tools rather than the Gambitsoftware of the Fluent package.
4.2.2 Simulated case
Presented in Table 7 are the settings of the 3D-simulation meaningful for this study.
The exact boundary conditions and the settings are presented later.
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Table 7. Guidelines of the simulated 3D-case.
Case n:o

16

Purpose

3D-test

Bed
initialisation
data

From 2D-case
n:o 9

Grid
Fuel
adaption Particle
fraction
[µm]
No

4000

Fluidis. Sec. Air Fuel
Inlet
Velocity Density
Velocity [m/s]
[kg/m3]
[m/s]
4

60

1262

Special

Detailed sec.air
and fuel inlets.
UDF for
primary air
velocity.

As can be seen in Tables 3 and 7, the parameters of the 2D-case n:o 13 and the 3Dcase are almost the same. The 2D-case number 13 was selected to be the reference
case because it contains secondary air injection and the particle size 4000 µm, which
can burn longer in the CFB-furnace than the small particles, thus being a more
realistic choice. The initial condition for the bed was obtained from the 2Dinitialization-case n:o 9. In case number 9 the bed was initialised with the higher
primary air inlet velocity, without yet using the secondary air or fuel injections. The
reason why the secondary air initialisation case n:o 12 wasn’t chosen instead, is that
the two dimensional data will be interpolated into the three dimensional volume
during the initialisation, and then the secondary air field would also be initialised to
the areas which are not in connection with the secondary air inlet. The initialisation of
the secondary air was done in this 3D-simulation by simulating at first a number of
time steps then gradually increasing the secondary air feed without yet using the fuel
injection. When the satisfactory secondary air jet was reached, the fuel injection was
started by gradually increasing the fuel inlet velocity.
4.2.3 Material properties
Presented in Table 8 are the properties of the bed material, the fluidization air and the
fuel used in this 3D-simulation.
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Table 8. The material properties used in 3D-simulations.
Primary/sec.
Bed
Fuel
air
material
air-1
sand
coal
Material
Name in Fluent
air_prim
bed
coal
Phase name
(primary phase) (secondary (secondary phase)
In Fluent
phase)
Incompressible 2548
1262
Density [kg/m2]
Ideal-gas
1091
795
1220
cp [J/(kgK)]
0.0242
0.071
0.0454
T.conductivity
[W/(mK)]
1.72 *)
Viscosity [kg/(ms)] Sutherland law 1.72 *)
28.966
76.94
12.01115
Molec. Weight
[kg/(kmol)]
298.15
298.15
298.15
Reference
Temperature [K]
*) Not exact value, but the viscosity of
granular materials are calculated a different way and elsewhere.

The values presented in Table 8 are almost same as those in the 2D-simulations. For
the granular materials, sand and coal, there exist also properties (like viscosities) that
are not listed in this table, but are listed in the next boundary conditions chapter. The
coal is assumed to be the same Polish coal as in the 2D-simulations, for which particle
size fractions and other properties are analysed. Also the bed material properties are
the same. In this 3D-simulation the viscosity of granular materials is now set to a
more realistic value, but it is not very important, because the viscosity is determined
for the granular materials in the phases’ settings, not in the material properties.

4.2.4 Boundary conditions and simulation parameters
Presented in Table 9 are all of the simulation parameters and boundary conditions in
this 3D-simulation.
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Table 9. Boundary conditions and simulation parameters in the 3D-simulation.
Models:
Solver:
Multiphase:
Energy equation:
Viscous:
Solution controls:

Segregated-3D-1st order implicit unsteady solver
Eulerian, 3 phases
Enabled
Standard-k-ε-mixture or dispersed turbulence model.
Pressure-velocity coupling:
Phase-Coupled SIMPLE
Discretization of momentum:
1st order upwind
Discretization of volume fraction:
1st order upwind
Discretization of k:
1st order upwind
Discretization of ε:
1st order upwind
1st order upwind
Discretization of energy:
Air,sand,coal. See chapter 4.2.3
Materials:
Fluid:’air-prim’
Granular:’bed’
Granular:’coal’
Phases properties:
(prim. phase)
(sec.phase)
(sec.phase)
Material:
air-1
sand
coal
Diameter [m]:
0.000175 (case dependent) case dependent
Granular visc. [kg/(ms)]: Syamlal-Obrien
Syamlal-Obrien
Gran. bulk visc.[kg/(ms)]: Lun et al.
Lun et al.
Frictional visc. [kg/(ms)]: Schaeffer
Schaeffer
Angle of inter. friction [˚]: 30
30
Granular temp. [m2/s2]:
algebraic *)
algebraic *)
Solids pressure [Pa]:
Lun et al. *)
Lun et al. *)
Lun et al. *)
Lun et al. *)
Radial distribution:
Derived *)
Elasticity modulus:
Derived *)
Packing limit:
0.652 **)
0.652 **)
Phase interactions:
Bed-Air
Coal-Air
Coal-Bed
Drag:
Syamlal-Obrien
Syamlal-Obrien
Syamlal-Obrien-symmetric
None
None
None
Lift:
0.9 (coal-bed,coal-coal,bed-bed)
Restit. coeff:
Heat:
Gunn
Gunn
Mass:
Operating conditions:
Op. pressure [Pa]:
101325
Gravity [m/s2]:
-9.81 in y-direction
Op. Temperature [K]:
1073.15
3
Spec. op. density [kg/m ]: 0.328984
Boundary conditions:
‘back’,‘front’,
Walls. No heat transfer, no slip. (Roughness constant 0.5)
‘sideleft’,’sideright’
‘fuel’ ****)
Fuel velocity inlet.
Turb. Intensity: 5 %
Bed velocity: 0 m/s
Coal velocity: 0.01 m/s
Hydr. Diameter: 0.55 m
Bed T: 303.15 K
Coal T: 303.15 K
Air velocity: 0 m/s
Bed Gran. T: 0.0001 m2/s2 ***) Coal Gran. T: 0.000001 m2/s2
Air T: 303.15 K
Bed volume fraction: 0
Coal volume fraction: 0.5998
‘second’
Lower secondary air velocity inlet.
Turb. Intensity: 5 %
Bed/coal velocity: 0 m/s
Hydr. Diameter: 0.18 m
Bed/coal T: 473.15 K
Air velocity: 60 m/s
Bed/coal Gran. T: 0.0001 m2/s2 ***)
Air T: 473.15 K
Bed/coal volume fraction: 0
‘top’
Pressure outlet.
Gauge pressure: 0 Pa
Bed/coal backflow T: 300 K ***)
Backflow turb. intensity: 10 %
Bed/coal backflow gran. T: 0.0001 m2/s2 ***)
Backflow hydr. diameter: 6.3 m
Bed/coal backflow vol. fraction: 0
Air backflow T: 1073.15 K
‘bottom’
Velocity inlet of primary air.
k: 1 m2/s2
Bed/coal velocity: 0 m/s
ε: 1 m2/s3
Bed/coal T: 473.15 K
Air velocity: UDF-profile (4 m/s)
Bed/coal Gran. T: 0.0001 m2/s2 ***)
Air T: 473.15 K
Bed/coal volume fraction: 0
‘created_material_13’
Continuum. Contents of the furnace.
Fixed temperature 1073.15 K for ‘air_prim’ and ’bed’.
UDF for primary air velocity
UDFs
*) Optional in the newest Fluent version, but fixed in the Fluent version used for these simulations.
**) Probably a little bit too high value, but doesn’t cause much errors, ***) Wrong, but ineffective default value,
****) Where available.
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As can be seen in Table 9, the boundary conditions are not changed much from those
set in the 2D-simulations, so it is only relevant to explain the changes from the 2Dsettings. The explanations of the 2D-settings and boundary conditions can be found in
Chapter 4.1.4
Also in this 3D-simulation the multiphase model is the Eulerian 3-phase model, but
the turbulence is modeled this time with the standard k-ε-model. The main reason for
using the standard model instead of the RNG-model was the assumption that the
RNG-model is not that much better than the standard one, and the reliability of the
results and stability of the calculation cannot be risked in this 3D-simulation. For the
multiphase turbulence calculation the mixture model was used at first, but it was
changed during the simulation to the dispersed model. The change of the model was
done because the dispersed turbulence model is still better defined although it is
designed for the dilute multiphase calculation. The change of the model did not
produce problems to the calculations, and its effect on the realism of the simulation
seems to be either negligible or slightly positive.
The solver itself is now the Segregated-3D-unsteady solver. These simulated
phenomena are very time dependent and the unsteady-1st order implicit solver is used.
As means to keep the computation speed as high as possible, the discretization
method for the governing equations is the 1st order upwind scheme, as it was in the
2D-simulations. For the pressure-velocity coupling the Phase-Coupled SIMPLE
algorithm is the only option in these multiphase simulations.
The phases’ material properties are listed in the previous chapter, and there are no
parameters that are different from those in the 2D-simulations. However, in the
version of Fluent used for this 3D-simulation, there exist various new options for the
important granular properties, like the solids pressure and the granular temperature.
These new properties were not employed in this simulation, because their adequacies
have not been tested yet for this type of simulation and it is also reasonable to use the
same parameters as in the 2D-simulations. However, the differential granular
temperature option was tested, but it produced too many instabilities and convergence
problems in this complex 3D-simulation, so the algebraic model was used instead.
The packing limit for the granular phases was still the same 0.652 as it was in the 2D-
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simulations. This did not cause serious problems in the 3D-simulation, although the
better value could be something between 0.6 and 0.63.
In the boundaries, the boundary conditions are requested for the mixture and for each
phase separately, if the mixture model is used. If the dispersed model is used instead,
there are no boundary conditions for the mixture, but the same turbulence boundary
conditions must be defined for the primary fluid phase. These values are presented in
Table 9. For the turbulence definition in the inlets, the hydraulic diameter and the
turbulence intensity were given as boundary conditions. This time the 5 % turbulence
intensity was applied, because the 10 % used in the 2D-simulations was considered to
be too high for the inlets. Because the definition of the hydraulic diameter was
difficult for the primary air inlet, the default k- and ε-boundary values were used
instead of the turbulence intensity boundary condition. The bed material inlet from the
external circulation was not used in this 3D-simulation. It was assumed that the
furnace mass cannot decrease significantly during the short time period which is
simulated in this time consuming 3D-case. In the fuel and the secondary air inlets
there was no need anymore to give the velocities in components, because the inlet
geometry details were included in this 3D-geometry. The more reasonable granular
temperature boundary conditions were also used in the inlets in the 3D-simulation to
increase the simulation stability.
In this 3D-simulation only one User Defined Function (UDF) was used, because the
furnace mass control, and thus the bed material injection from the external circulation,
were not necessary in this simulation, and also the time-step controlling had to be
done manually. The one UDF was the velocity profile of the primary air inlet, which
was needed because the nozzles were not modeled in this geometry. The main
purpose of this UDF is to produce a non-homogenous primary air velocity profile
with the 4 m/s maximum value to the bottom of the furnace. The velocity profiles
used in this simulation are presented in Figure 25.
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(a)

(b)

Figure 25. The primary air velocity profiles used in the 3D-simulation. The profile planned to use,
used at the end of the simulation (a). The profile used during the most part of the simulation (b).
The upper figures correspond exact profiles and the lower ones are corresponding profiles, altered
by the grid, in Fluent.

Presented in Figure 25 are the figures of the primary air velocity profiles in the exact
form and in the corresponding form in Fluent. The reason for the highly
inhomogeneous profiles in the Fluent is probably somehow related to the structure of
the grid, because these problematic mathematical functions seem to be dependent on
the divisions of the plotting axis. However, the different form of the velocity profile in
the Fluent is not a problem, because the most important thing is to have the correct
magnitude of the velocity and the sufficiently inhomogeneous shape of the profile.
The ‘correct’ form of the profile was planned to be Figure 25 (a), but profile (b) was
more or less accidentally used instead. As Figure 25 shows, there is not much of an
effect with the exact profile on the true profile in Fluent, so profile (b) is as acceptable
as (a). Though it would still be desirable to use a more realistic velocity profile in
future simulations.
There are also some general settings, like automatic saves, that are not included in
Table 9. The most common automatic save interval used in these 3D-simulations was
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100 time-steps, and the time-step size was adjusted between 1e-6 s – 1e-3 s. The
iteration amount mostly used per time-step was 20 iterations. Neither the animations
nor the plotted data was saved during the 3D-simulation, because sufficient
information can be obtained from the automatically saved data, and it is difficult to
maintain the animation recording because the simulation has to be interrupted
frequently. The bed mass information is plotted on the screen during the simulation,
but it is not saved.

4.2.5 Simulation process
Some initial 3D-simulations were performed already at the Lappeenranta University
of Technology at the end of the December 2004, but the simulation of the final
version of the 3d-mesh was started on 5.1.2005. The simulation of the final case was
finished on 4.3.2005. The history of this simulation is presented in Table 10.
Table 10. The history of the 3D-simulation
Time [s]
0
0.028 0.25
0
0.25287
Exact time [s]
1e-5-1e-6 4e-5
8e-5
Time step [s]
9.1.05 20.1.05
Date dd.mm.yy 5.1.05
239
3133
Cells >100 m/s N/A
Cells > 200 m/s N/A
26
624
Cells >300 m/s N/A
10
231
Cells >400 m/s N/A
4
122
Cells >500 m/s N/A
1
62
Of 216200 cells

0.5
0.50515
1.2e-4
26.1.05
2083
474
150
46
21

1
0.99387
1.5e-4
1.2.05
3071
530
176
109
87

1.5
1.5039
1.5e-4
8.2.05
9564
3826
2317
1637
1154

2
1.9989
2e-4
23.2.05
5676
1181
384
165
112

2.48
2.4802
1e-6
4.3.05
6492
787
191
40
19

As can be seen in Table 10, the simulation is very slow at the beginning, but the time
step can be increased later in the simulation process and in this case a simulation
speed, clearly over 1 second per month, can be reached. The highest simulation speed
during this case (just after 2 s of the simulated time) was 3.14 s/month, but maybe the
longer time steps can still be used. Unfortunately, the main limiting factor is the poor
convergence of the fuel phase velocities, which may lead to the high velocity values if
the time step is too long. However, the time-step size should not be accepted as an
explanation for these high velocity values because, for an example, the model
problems, like the problems of the pressure correction, cannot be avoided completely
in reasonable computation time by decreasing the time-step size.
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5 RESULTS AND DISCUSSION
In this chapter the basic results of the simulations are presented. These results include
the time dependent volume fraction information of the fuel and the bed material. Also
some velocity profiles, suspension density profiles and mass conservation information
are shown. It is obvious that there also exist many other characteristics, like i.e. the
temperature information, which could be obtained from the simulation data, but there
is not much place for those results and they are not very important for this study.
5.1 CFB-Furnace 2D-simulations

The results of the 2D-simulations are presented here in chronological order starting
from the first initialisation simulation and ending up with case number 15. The
suspension density and velocity profile information is presented in the bed
initialisation cases, while the fuel volume fraction information is the main subject in
the other cases.
5.1.1 Case 1: Bed initialisation

In the first simulation case the aim was to reach the reasonable bed behaviour before
the fuel injection could be started. At the first initialisation try-outs the simulation was
tried to start by setting a bed volume fraction profile to the furnace as an initial
condition and trying to fluidise it with the primary air. This caused enormous
unphysical velocities and thus the slower but the more stable method had to be used.
In this more stable way to initialise the bed, all the bed material is resting at the
bottom of the furnace and the fluidization air velocity is increasing gradually to the
desired value. This simulates the real starting of the fluidization process.
In Figure 26 the profile of the bed material volume fraction in the furnace is presented
at 0, 9.22 and 36.7 seconds from the initial state. The colour scale is logarithmic,
because it was found to be a more illustrative way to present the volume fraction
values. The same logarithmic scale is also used in the rest of the 2D-volume fractionresults, but in the 3D-case the scale is different in many of the figures.
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Figure 26. The volume fraction of the bed material in simulation case number 1.
(a) The initial condition of the bed material (volume fraction at the beginning 0.6 and dp = 0.3 mm),
(b) Time 9.22 s and dp = 0.275 or 0.25 mm, (c) The end of the simulation, dp = 0.175 mm.

As mentioned in Figure 26, the particle size of the bed material was decreased during
the simulation. The reason for this was the surprisingly poor fluidization with the
initial particle size. The aim was to reach the circulating fluidized bed conditions, but
the plans changed when the particle diameter was decreased to 0.175 mm and the bed
was still not circulating. Now the first fuel mixing simulations were to be simulated
with this bed condition and the later ones with the higher fluidization velocity and the
circulating bed conditions.
In Figure 27 the corresponding suspension density profile for the bed volume fraction
in Figure 26(c) is presented. Also the suspension density profiles are presented using
the logarithmic scale.
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Figure 27. The bed suspension density at the end of case 1.

The graph version of this suspension density is shown in Figure 28.

Figure 28. The graphs of the bed suspension density at the end of the case 1.

The suspension density in Figure 28 is plotted along the three vertical lines in the
furnace. As can be seen in the figure, the real CFB’s suspension density cannot be
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reached, because a fluidization velocity of 2 m/s is not sufficient for the circulating
fluidized bed conditions. However, for the first fuel mixing simulations this noncirculating condition was accepted. At least, the solid concentration at the lower
furnace can be simulated within reasonable accuracy.
In Figure 29 the vertical velocity component of the bed material is presented at
different elevations in the furnace.

Figure 29. The vertical velocity component of the bed material at different elevations in
the furnace.

Figure 29 shows that the vertical velocity of the bed material is clearly negative at the
vicinity of the furnace walls. This result is realistic and desirable, indicating that the
internal circulation of the bed material occurs. At the 0.5 m elevation a high velocity
value exists in the middle of the furnace. This value shows the place of where the
primary air tends to penetrate the bed. This phenomenon can be seen in the all of the
simulations. Although the primary air is injected from the various nozzles, it still
tends to gather to one place where it pushes through the lowest part of the bed. A
similar kind of behaviour is possible in real conditions as well, especially if the
airflow distribution at the furnace bottom is not uniform. Although this is realistic
with the boundary conditions used in these simulations, the reality in a CFB is that
part of the nozzles are under the higher pressure of the bed material and thus the other
part is injecting with the higher velocity. For obtaining the more realistic fluidization
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conditions, the velocity boundary condition of the primary air could be dependent on
the pressure in possible future simulations.
5.1.2 Cases 2-4: Fuel simulations without adaptation

Cases 2-4 are not the most important simulations of these 15 2D-simulations, but their
results are presented here as well. These simulations are the very first fuel mixing
cases computed from the initial bed condition obtained from case number 1. In these
cases no grid adaptation has been used and the simulated time is much less than in the
later cases.
In Figure 30 the volume fractions of the bed material and fuel in case 2 are presented
after 1 s, 2 s, 3 s simulation and at the end of the simulation at 4.5 s. The later
simulation results are reported on in the same way to make the results easier to
compare. The fuel particle size 2271 µm is the average fuel particle size obtained
from the analysis results and this is the only simulation case where this average fuel
particle size has been used.
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Figure 30. Case 2, Fuel dp= 2271 µm. The volume fraction of the bed material (a) and the fuel (b)
at the different moments of time.

As Figure 30 shows, the fuel is at first pushed down to the furnace bottom by the
momentum of the down flowing bed material near the wall. After that the fuel starts to
mix to the bed above it, but it’s mixing is strongly dependent of the momentum of the
bed material. As can be seen in Figure 30 the volume fraction profiles of the fuel and
the bed material have very similar densest regions, indicating that the bed material
carries the most of the injected fuel and fuel is not easily dispersed in to the gas
dominant regions. The simulated time in case 2 is too short a time for it to be seen if
the fuel phase will mix into the zone above the dense bed region. On the other hand,
because of combustion of the fuel particles, a longer simulation time would not
provide any useful information about the mixing of the fuel.
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In Figure 31 the corresponding results of the volume fractions in case 3 are shown.

Figure 31. Case 3, Fuel dp= 32 µm. The volume fraction of the bed material (a) and the fuel (b) at the
different moments of time.

The results of case 3 are rather similar to the results of case number 2. The fuel is
mixing into the bed amongst the vigorously moving bed material, but in this
simulation case it can be seen for the first time that the small particle size fuel is able
to escape from the dense bed. However, in the real boiler the smallest fuel fractions
tend to be combusted a long time before they could escape from the bottom region of
the bed.
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Presented in Figure 32 are the volume fraction results of case 4, which is the last of
the cases without adaptation and the other regular set-ups that are used in the rest of
the simulations.

Figure 32. Case 4, Fuel dp= 4000 µm. The volume fraction of the bed material (a) and the fuel (b)
at the different moments of time.

The results of case 4, with the largest fuel size fraction, show that the larger particles
tend to be captured more easily at the bottom part of the bed. This can be seen if the
first three seconds results of cases 2, 3 and 4 are compared to one another. However,
the simulated time in case 4 is too short to properly compare the results to those of
case 3.
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These cases 2-4 were the first simulations and the method of collecting the
comparable results was not yet chosen. The simulations after case 4 are more
comparable.
5.1.3 Cases 5-8: Fuel simulations with adaptation and low fluidization velocity

Cases 5-8 are the simulations based on the non-circulating bed condition initialised in
case 1. In these four simulations the grid was adapted dynamical, but the ‘standard’
adaptation criterions were not yet chosen in cases 5-6. This may cause a little bit of a
lower accuracy in the bed volume fraction than in the cases to come after case 6. In
case 5 and in the all cases after that, the volume fraction information is also collected
in the nine points of the lower furnace part. The positions of these points are presented
in Figure 22.
In Figure 33 the volume fractions of the bed material and fuel in case 5 are presented
after 1 s, 2 s, 3 s, 5 s simulation, and at the end of the simulation at 15.67 s. The later
simulation results are reported on in the same way to make the results easier to
compare. The fuel particle size in this case is 94 µm and this is the only simulation
case where this fuel particle size fraction has been used. The reason for not using this
fraction in the later simulations is that the two extreme particle sizes, 32 µm and 4000

µm, give the limits of the results between which the other fractions should fall.
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Figure 33. Case 5, Fuel dp= 94 µm. The volume fraction of the bed material (a) and the fuel (b)
at the different moments of time.

As Figure 33 shows, the fuel is at first pushed down to the furnace bottom by the
momentum of the down flowing bed material near the wall. After that the fuel starts to
mix into the bed above it, but it’s mixing is strongly dependent of the momentum of
the bed material. As can be seen in Figure 33 the volume fraction profiles of the fuel
and the bed material have very similar density regions indicating that the bed material
carries the most of the injected fuel and the fuel is not easily dispersed in to the gas
dominant regions. In the later part of the simulation (5 s – 15 s) it seems that the fuel
is also mixing into the dilute regions showing that this fuel size fraction cannot be
captured completely by the bed material in the dense region. Although the fuel
particles are able to escape to the upper part of the furnace, it is clear that the lowest
part of the furnace, below the fuel inlet, has the largest concentrations. Especially at
the end of the simulation (15 s), there was a very high fuel concentration at the bottom
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of the furnace just at the point where the down flowing bed material is packed on the
bottom wall.
The fuel volume fraction information of case 5 is also saved for the certain nine points
located in the lower part of the furnace. Unfortunately points 11 and 12 were
corrupted, so for simulation case 5 only the data of seven points is presented. This
volume fraction information is shown in Figure 34.

Figure 34. Case 5, Fuel dp= 94 µm. The volume fraction of the fuel at different points of the
furnace during the first six seconds of the simulated time.

Figure 34 shows the volume fraction of the fuel at the selected points in the beginning
(0-6 s) of the simulation. The data for the whole simulated period is not shown
because most of the comparable and relevant mixing phenomena occurred during the
first seconds of the simulated time, and the later volume fractions are larger and too
chaotic to be presented in the same figure. However, in Appendix I the data for each
point, in each simulation, is shown for the whole period. The purpose of the volume
fraction plots, as in Figure 34, is that the fuel mixing measurements with the real CFB
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boilers are often made using certain tracer particles, i.e. radioactive tracers, and the
form of such measurement data is very similar to the presentation used in Figure 34.
Therefore, this data could be more useful in the future use.
In Figure 35 the volume fraction profiles of the fuel and bed material are shown for
case 6. The fuel particle size in this case is 1250 µm, and this is the only simulation
case where this fuel particle size fraction has been used. The reason for not using this
fraction in the later simulations is that the two extreme particle sizes, 32 µm and 4000

µm, give the limits of the results between which the other fractions should fall.

Figure 35. Case 6, Fuel dp= 1250 µm. The volume fraction of the bed material (a) and the fuel (b)
at the different moments of time.

When comparing the results in Figure 35 to the results of the previous smaller fuel
particle case in Figure 33, it can be easily seen that the fuel with the size fraction of
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1250 µm cannot escape at all from the dense bottom bed as the small fractions can.
The fuel of this diameter size is strongly following the movement of the bed material.
The fuel volume fraction information of case 6 is also saved for the certain nine points
located in the lower part of the furnace. Unfortunately points 11 and 12 were
corrupted, and thus also for simulation case 6 only the data of seven points is
presented. This volume fraction information is shown in Figure 36.

Figure 36. Case 6, Fuel dp= 1250 µm. The volume fraction of the fuel at the different points of the
furnace during the first six seconds of the simulated time.

Figure 36 shows the volume fraction of the fuel at the selected points at the beginning
(0-6 s) of the simulation. (For the further explanation of this figure see the paragraph
after Figure 34.) In the results of case 6 it is interesting that there are no very high fuel
concentrations in the lowest corner below the fuel inlet, although this fuel fraction
tends to be captured to the lower furnace parts, as Figure 35 shows. Instead of it, it is
easily understandable that the fuel concentration is higher in the lower parts of the
furnace in general, and for a long period of time, as can be seen at the other points in
Figure 36.
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In Figure 37 the volume fraction profiles of the fuel and bed material are shown for
case 7. The fuel particle size in this case is 4000 µm and this is also a reference
fraction in the later various simulations corresponding with the largest fuel particle
size.

Figure 37. Case 7, Fuel dp= 4000 µm. The volume fraction of the bed material (a) and the fuel (b)
at the different moments of time.

The fuel, of the size fraction 4000 µm, is also following the bed material flow and
bound to the lowest part of the furnace. If comparing the results in Figure 37 to those
of the previous cases, there are more details in the volume fraction profiles. The
reason for this is the adaptation threshold, which is lower in this case and in the rest of
the cases.
The fuel volume fraction information of case 7 is also saved for the certain nine points
located in the lower part of the furnace. Unfortunately points 11 and 12 were
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corrupted, and thus also for this simulation case only the data of seven points is
presented. This volume fraction information is shown in Figure 38.

Figure 38. Case 7, Fuel dp= 4000 µm. The volume fraction of the fuel at the different points of the
furnace during the first six seconds of the simulated time.

Figure 38 shows the volume fraction of the fuel at the selected points in the beginning
(0-6 s) of the simulation. (For a further explanation of this figure see the paragraph
after Figure 34.) As was in the results of case 6, in this case is there are no very high
fuel concentrations in the lowest corner below the fuel inlet, although this fuel
fraction tends to be captured to the lower furnace parts. Instead of it, and as it was in
case 6, the fuel concentration is higher in the lower part of the furnace in general, and
for a long time, unlike in the cases of the smaller fuel particle size.
In Figure 39 the volume fraction profiles of the fuel and bed material are shown for
case 8. The fuel particle size in this case is 32 µm, and corresponding the smallest fuel
particle size, this is also a reference fraction in the various later simulations.

95

Figure 39. Case 8, Fuel dp= 32 µm. The volume fraction of the bed material (a) and the fuel (b)
at the different moments of time.

As shown in Figure 39, the small fuel particles are not as bound to the movement of the bed
material as are the larger fuel particles. The interesting thing is that although this smallest
fuel size fraction is able to escape the bed and reach every region in the lower furnace part
before the 15 seconds of simulated time is achieved, it does not very easily reach the wall
opposite to the fuel inlet. Instead of mixing widely in the lowest furnace part, this fuel size
fraction seems to rise more directly up on the fuel inlet side of the furnace, and possibly
back mix down in the vicinity of the wall of the fuel inlet side. Compared to the results of
the previous 4000 µm case these results, with the fuel particle size 32 µm, are clearly
different and thus these two fractions were the best choices for the reference cases in the
rest of the simulations of this study. However, it should be remembered that in a real boiler
the very small fuel particles, like the 32 µm, are usually combusted far before the conditions
of Figure 39 are met.

96
The fuel volume fraction information of case 8 is also saved for the certain nine points
located in the lower part of the furnace. Unfortunately points 11 and 12 were corrupted, and
thus also for this simulation case only the data of seven points is presented. This volume
fraction information is shown in Figure 40.

Figure 40. Case 8, Fuel dp= 32 µm. The volume fraction of the fuel at the different points of the
furnace during the first six seconds of the simulated time.

Figure 40 shows the volume fraction of the fuel at the selected points at the beginning
(0-6 s) of the simulation. (For further explanation of this figure see the paragraph after
Figure 34.) As can be seen, the fuel volume fraction in the lowest bottom corner just
below the fuel inlet is much higher than in the cases with the larger fuel particle size.
Local mixing by dispersion seems to be faster with a smaller particle size, which
increases the volume fraction at point 31. The explanation of this phenomenon is not
exactly known, but it could be that because the fuel of this size seems to rise up and
flow back on the fuel inlet side of the furnace, there must be all times more fuel
passing by this point. Thus the volume fraction of the fuel in this point have to be
higher than in the larger fuel particle size cases, where the fuel is mixed in the wider
but lower part of the furnace.
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5.1.4 Case 9: Bed Initialisation for higher fluidization velocity

In the bed initialisation simulation case number 9, the fluidization air inlet velocity is
increased from 2 m/s to 4 m/s. As Figure 41 shows, this is enough to change the
bubbling bed condition of initialisation case 1 to the more circulating fluidized bedlike condition.

Figure 41. The volume fraction of the bed material in simulation case number 9.
(a) The initial condition of the bed material (volume fraction after case n:o 1, dp = 0.175 mm),
(b) Time 3 s, (c) The end of the simulation.

As can be seen in Figure 41, at the end of the simulation the bed material is spread to
the all regions of the interior of the geometry. There are denser areas near the walls
and near the bottom, but otherwise there is no clear denser bottom zone and a clearly
dilute upper zone of the bed. This can be considered as an unrealistic feature and thus
as a problem of the multiphase simulation model. One possible reason for this could
also be the 2D-assumption, and another reason could be the pressure-independent
boundary condition of the fluidization air inlets. One important feature of these
simulations with the circulating fluidized bed is the external circulation, which is now
enabled. By enabling the external circulation of the bed material, the high loss of the
bed material is avoided in these simulations. The external circulation creates also a
very dense region of solids near the bottom just below the inlet from the external
circulation.
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In Figure 42 the corresponding suspension density profile for the bed volume fraction
in Figure 41(c) is presented.

Figure 42. The bed suspension density at the end of case 9.

The graph version of this suspension density is shown in Figure 43.

Figure 43. The graphs of the bed suspension density at the end of case 9.
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As the graphs in Figure 43 show, the suspension density of the bed at the end of this
initialisation case differs somehow from the values of the real boiler. The bed in this
simulation is not dense enough in the lowest part of the furnace and it is too dense in
the upper part of the furnace. This phenomenon was seen also in the volume fraction
profiles in Figure 41. Despite of this, the rest of the simulations were carried out with
this initial condition, because not much could be done to fix this feature within the
timeframe of this study. However, the time-averaged suspension density profiles
might be better, but unfortunately they were not plotted at this time.
In Figure 44 the vertical velocity component of the bed material is presented at
different elevations in the furnace.

Figure 44. The vertical velocity component of the bed material at different elevations in
the furnace.

Figure 44 shows that the vertical velocity of the bed material is clearly negative at the
vicinity of the furnace walls. This result is realistic and desirable indicating that the
internal circulation of the bed material occurs. At the 0.5 m and 2.5 m elevations high
velocity values exist in the point a little bit left from the middle of the furnace. This
value shows the place of where the primary air tends to penetrate the bed. This
phenomenon can be seen in all of the simulations. Although the primary air is injected
from the various nozzles, it still tends to gather to one place where it pushes through
the lowest part of the bed. The reason for this penetration point to be a little bit left
from the middle of the furnace is probably the wide dense zone of the bed material

100
produced by the external circulation. Although this is realistic with the boundary
conditions used in these simulations, the reality in a CFB is that part of the nozzles are
under the higher pressure of the bed material and the other part is injecting with the
higher velocity. For obtaining more realistic fluidization conditions, the velocity
boundary condition of the primary air could be dependent on pressure in possible
future simulations.
Case 9 is the first of the cases where the external circulation is used to keep a
sufficient amount of the bed material in the furnace interior. The mass balance of case
9 is shown in Figure 45.

Figure 45. The mass balance of the bed material during simulation case number 9.

As can be seen in Figure 45, the amount of the bed material increases about 120 kg
during this simulation. The relative increase is small and the amount of the bed
material is sufficient for further simulations. The main reason for the increase is that
the external circulation was turned on before the circulating fluidized bed conditions
were met and thus some extra bed material was stored in the furnace.
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5.1.5 Cases 10-11: Fuel simulations with adaptation and high fluidization velocity

The first fuel mixing simulation case with the circulating fluidized bed conditions was
case number 10, with the fuel particle size of 4000 µm. The volume fractions of the
bed material and the fuel at certain moments of the simulated time are presented in
Figure 46.

Figure 46. Case 10, Fuel dp= 4000 µm. The volume fraction of the bed material (a) and the fuel (b)
at different moments of time.

Figure 46 shows the volume fractions of the bed material and the fuel (4000 µm) at
the 1, 2, 3, 5 seconds from the beginning and at the end of the simulated time. At the t
= 1 second the situation is almost the same as in the simulations with the low
fluidization velocity, where the fuel was pushed down along the wall by the down
flowing bed material. At the t = 2 seconds the fuel seems to be snatched up by the
primary air and nearby bed material which is penetrating through the dense layer in
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the bottom bed. After that, the bed material momentum starts to have more effect on
the fuel and most of the fuel follows the clusters of the bed material. The smaller part
of the fuel is able to rise to the upper furnace parts, but the largest part of the fuel, of
this size fraction, is carried along the bed material clusters to the right furnace wall
and circulated down in the vicinity of the wall. As the volume fractions of the fuel
indicate, the point where the primary air penetrates through the dense bed material
layer seems to have an important effect on the ability of the fuel to transport to the
lower mid-furnace region during the whole simulation. If in the real furnace the air
penetrates through the bed in many points, it would be desirable to find a way to get
the same behaviour in future CFD simulations.
The fuel volume fraction information of case 10 is also saved for the certain nine
points located in the lower part of the furnace. Also in this case the data of points 11
and 12 is available. This volume fraction information is shown in Figure 47.

Figure 47. Case 10, Fuel dp= 4000 µm. The volume fraction of the fuel at different points of the
furnace during the first six seconds of the simulated time.

Figure 47 shows the volume fraction of the fuel at the selected points at the beginning
(0-6 s) of the simulation. (For further explanation of this figure see the paragraph after
Figure 34.) As the figure shows, the concentrations of the fuel are very small in
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general, but the fuel is able to reach all of the points. The concentration of the fuel in
the lower corner point ‘31’ is also small for a long time. The main reason for this
exception from the previous simulations in this case is probably that the fuel is
penetrating up at the point just between the data recording points and thus the
concentration remains at low values. This clearly shows how random measurement
points may lead to the wrong interpretation of the mixing process. The reason for the
smaller concentrations in general should be that the fuel is now dispersed to many
regions.
The mass balance of case 10 is shown in Figure 48.

Figure 48. The mass balance of the bed material during simulation case number 10.

As can be seen in Figure 48, the mass of the bed material is reduced about 60 kg, and
after that, increased about 30 kg during this simulation. This mass change is very
small and its effects on the simulation results are negligible.
Another fuel mixing simulation case with the circulating fluidized bed conditions was
case number 11 with a fuel particle size of 32 µm. The volume fractions of the bed
material and the fuel at certain moments of the simulated time are presented in Figure
49.
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Figure 49. Case 11, Fuel dp= 32 µm. The volume fraction of the bed material (a) and the fuel (b)
at different moments of time.

The fuel with smaller particle size (32µm) seems to behave almost as the larger size
fuel did at the beginning of the simulation (0-2 s). At first, the fuel falls down along
the wall with the internal circulation and then it penetrates vigorously up with the bed
material and primary air at the point where the primary air penetrates through the
dense bottom bed layer. During the first second, especially in this particular
simulation case, the lateral dispersion of the smaller particles is clearly faster than the
lateral dispersion of the larger ones. After that the route of these fuel particles starts to
differ even more from the route of the larger fuel particles. Although this fuel size
fraction is also flowing among the bed material clusters, this time the largest part of
the fuel seems not to fall so early into the internal circulation. Instead of this, the
concentration of the fuel is also increased in the upper part of the interior. However,
in the real CFB furnace the small fuel particles, like the fraction in this case, are
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combusted early before they can leave the bottom part of the bed as shown in this
figure.
The fuel volume fraction information of case 11 is also saved for the certain nine
points located in the lower part of the furnace. Also in this case the data of the points
11 and 12 is available. This volume fraction information is shown in Figure 50.

Figure 50. Case 11, Fuel dp= 32 µm. The volume fraction of the fuel at different points of the
furnace during the first six seconds of the simulated time.

Figure 50 shows the volume fraction of the fuel at the selected points at the beginning
(0-6 s) of the simulation. (For further explanation of this figure see the paragraph after
Figure 34.) The volume fraction of the fuel in the lower corner point ‘31’ in this case
is very high compared to the data of the same point in the previous large fuel particle
case. Local mixing by dispersion seems to be faster with a smaller particle size, which
increases the volume fraction at point 31. Another reason for this is probably that the
point where the fuel ascends most vigorously up is now more to the left in the
furnace. In general the fuel concentrations are clearly smaller in the other points of the
furnace than in the case of the larger fuel particle size. The likely explanation for the
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low concentrations is that in this case the fuel is dispersed into all regions of the
furnace and also there is a more significant amount of the fuel in the upper part of the
furnace, so there cannot be as much fuel available for the data recording points as was
in the previous case.
The mass balance of case 11 is shown in Figure 51.

Figure 51. The mass balance of the bed material during simulation case number 11.

As can be seen in Figure 51, the mass of the bed material is reduced about 110 kg
during this simulation. Somehow the bed mass control UDF was not able to maintain
the bed mass very efficiently during this simulation. However, this mass change is
still very small and its effects on the simulation results are negligible.
5.1.6 Case 12: Bed initialisation for secondary air cases

In the bed initialisation simulation case number 12, the secondary air injection is
initialised using 60 m/s inlet velocity. This velocity is given in the components
ensuring that the injection angle is correct. Otherwise the fluidization conditions are
the same as after the initialisation simulation case number 9. As Figure 52 shows, the
5.5 seconds of the simulated time seems to be enough to add the secondary air
injection to the previous initialisation case.
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Figure 52. The volume fraction of the bed material in simulation case number 12.
(a) The initial condition of the bed material (volume fraction after the case n:o 9, dp = 0.175 mm),
(b) Time 0.2 s, (c) Time 1 s, (d) The end of the simulation.

Figure 52 shows that the effect of the secondary air on the bed density is very
significant in the 2D-simulations. As can be seen, the secondary air jet pushes the bed
material towards the right wall and the lower corner, having thus much effect on the
bed suspension densities in the lower furnace part. So strong of an effect of the
secondary air is not very realistic, because in the real and in the 3D environment the
jet would be less effective due to its limited size in the depth dimension.
In Figure 53 the corresponding suspension density profile for the bed volume fraction
in Figure 51(d) is presented.
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Figure 53. The bed suspension density at the end of case 12.

The graph version of this suspension density is shown in Figure 54.

Figure 54. The graphs of the bed suspension density at the end of the case 12.

As the graphs in Figure 54 show, the suspension density of the bed at the end of this
case differs less from the values of the real boiler than those in the previous
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initialisation case without the secondary air. The bed in this simulation is almost
correctly dense in the lowest part of the furnace, but it is still too dense in the upper
part of the furnace. This can also be seen in the volume fraction profiles in Figure 52,
and the explanation of this is the strong effect of the secondary air on the bed material
in the 2D-environment.
In Figure 55 the vertical velocity component of the bed material is presented at
different elevations in the furnace.

Figure 55. The vertical velocity component of the bed material at different elevations in
the furnace.

Figure 55 shows that the vertical velocity of the bed material is clearly negative at the
vicinity of the furnace walls and on the right side of the furnace. The negative flow
direction on the walls is realistic and desirable indicating that internal circulation of
the bed material occurs, but the negative flow direction on the right side of the furnace
is caused by the secondary air injection. The high velocity values exist on the left side
of the furnace showing the point where the secondary air jet and the primary air
penetrate upwards. The reason why the secondary air jet is turned upwards is probably
the high momentum of the up flowing bed material (shown also in Figure 8). Another
view: Gas is finding and formulating its way through lowest friction route to upper
regions of the furnace.
The mass balance of case 12 is shown in Figure 56.
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Figure 56. The mass balance of the bed material during simulation case number 12.

As can be seen in Figure 56, the mass of the bed material is increased about 30 kg
during this simulation. This mass change is very small and its effects on the
simulation results are negligible.
5.1.7 Cases 13-14: Fuel simulations with adaptation, high fluidization velocity and
secondary air injection

After initialising the secondary air injection, the fuel mixing cases were simulated for
the 4000 and 32 µm fuel size fractions. For case 13, with the fuel of 4000 µm particle
size, the volume fractions of the bed material and the fuel at the certain moments of
the simulated time are presented in Figure 57.
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Figure 57. Case 13, Fuel dp= 4000 µm. The volume fraction of the bed material (a) and the fuel (b)
at different moments of time.

The bed behaviour in these 2D secondary air injection cases is unsteadier than in the
other cases, because the momentum of the inhomogeneous bed material flow changes
the direction of the secondary air jet continuously. Because the secondary air jet is too
strong in the 2D-environment, the effects of this unsteady jet on the bed material and
fuel flow are significant. However, some more general effects of the secondary air jet
on the fuel and bed material can be seen in Figure 57. In general the high velocity
secondary air jet pushes the bed material and the fuel on the wall opposite to the jet
inlet. Along that right wall, most of the fuel of this size fraction is falling down
amongst the internal circulation bed material. The other, smaller part of the fuel is
transported in the bed material clusters at the front of the secondary air jet to the upper
part of this furnace section. When the top of the strong jet is reached the fuel and the
bed material, or part of them, are dropped on the backside of the jet, and after that to
the internal circulation on the left wall. The effects of the secondary air injection on
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the fuel mixing are twofold, because now a part of the fuel meets the secondary air
front and is also mixed to the left side of the furnace, but on the other hand the largest
part of the fuel is now pushed on the right wall of the furnace.
The fuel volume fraction information of case 13 is also saved for the certain nine
points located in the lower part of the furnace. In this case the data of points 11 and 12
is also available. This volume fraction information is shown in the figure 58.

Figure 58. Case 13, Fuel dp= 4000 µm. The volume fraction of the fuel at different points of the
furnace during the first six seconds of the simulated time.

Figure 58 shows the volume fraction of the fuel at the selected points at the beginning
(0-6 s) of the simulation. (For further explanation of this figure see the paragraph after
Figure 34.) In these secondary air cases the graphs are not as informative as in the
other cases, because the secondary air jet is highly unsteady and the volume fractions
of the fuel may change at any moment of time during the simulation. That is probably
information about a tendency to more stochastic fluid bed flow in the vicinity of sec.
air. The whole time interval of this data is included in Appendix I. One interesting
phenomenon in this secondary air case is that the fuel is not falling at first, all of the
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time, to the bottom corner and to point ‘31’. As can be seen in Figure 57(b) at t = 5 s
and in Figure 58, the fuel can also be driven directly with the secondary air jet to the
right side of the furnace.
The mass balance of case 13 is shown in Figure 59.

Figure 59. The mass balance of the bed material during simulation case number 13

As can be seen in Figure 59, the mass of the bed material is increased about 40 kg
during this simulation. This mass change is very small and its effects on the
simulation results are negligible. The total mass increase, about 200 kg, after the first
simulation is relatively small enough.
For case 14, with the fuel of 32 µm particle size, the volume fractions of the bed
material and the fuel at the certain moments of the simulated time are presented in
Figure 60.
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Figure 60. Case 14, Fuel dp= 32 µm. The volume fraction of the bed material (a) and the fuel (b)
at different moments of time.

As was in the previous case, the bed behaviour in this 2D secondary air injection case
is also unsteady, because the momentum of the inhomogeneous bed material flow
changes the direction of the secondary air jet continuously. Because the secondary air
jet is too strong in the 2D-environment, the effects of this unsteady jet on the bed
material and fuel flow are significant. However, in this case, some more general
effects of the secondary air jet on the fuel and bed material can also be found. Like in
the previous case, as Figure 60 shows, the high velocity secondary air jet pushes the
bed material and the fuel towards the wall opposite to the jet inlet, but in this case the
greatest part of the fuel is not colliding anymore with that wall and ended up to the
internal circulation. In this case, it seems that the major part of the fuel is transported
in the bed material clusters, at the front of the secondary air jet to the upper part of
this furnace section, dispersing simultaneously to the right side of the interior. Also in
this case, above the top of the strong jet, the smaller part of the fuel and bed material
is dropped behind the jet and moved after that to the internal circulation on the left
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wall. One explanation of this different fuel mixing, in comparison to the previous
case, is the small fuel particle size, but another reason is probably the different
behaviour of the secondary air jet in this case. It is difficult to say if the volume
fraction profiles would be more similar if the jet behaviour was the same.
The fuel volume fraction information of case 14 is also saved for the certain nine
points located in the lower part of the furnace. In this case the data of the points 11
and 12 is also available. This volume fraction information is shown in Figure 61.

Figure 61. Case 14, Fuel dp= 32 µm. The volume fraction of the fuel at different points of the
furnace during the first six seconds of the simulated time.

Figure 61 shows the volume fraction of the fuel at the selected points at the beginning
(0-6 s) of the simulation. (For further explanation of this figure see the paragraph after
Figure 34.) In these secondary air cases the graphs are not as informative as in the
other cases, because the secondary air jet is highly unsteady and the volume fractions
of the fuel may change at any moment of time during the simulation. The whole time
interval of this data is included in Appendix I. In comparison to the previous case, the
interesting phenomenon in this secondary air case is that this time, the fuel forms in a
very high concentration to the bottom corner and to the point ‘31’. This can be seen in
Figure 60(b) at t < 15 s and in Figure 61, but the most likely reason for this happening
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in this case is the different behaviour of the jet and the bed material. Proof of this can
be found in the animations of the volume fractions, where the concentration of the
fuel in that point is periodically increasing and collapsing in both cases 13 and 14.
The mass balance of case 14 is shown in Figure 62.

Figure 62. The mass balance of the bed material during simulation case number 14.

As can be seen in Figure 62, the mass of the bed material is increased about 75 kg
during this simulation. This mass change is very small and its effects on the
simulation results are minor. The total mass increase, about 225 kg, after the first
simulation is relatively small enough. The mass control UDF was not very effective in
this case, allowing more bed material increase than in the previous case.
5.1.8 Case 15: Low density fuel simulation based on the case 13

The last of the 2D-simulations is case 15, which is identical to case 13, but now with a
lower density of fuel. In case 15 the fuel density is 300 kg/m3, instead of the 1262
kg/m3 used in the other cases.
For case 15, the volume fractions of the bed material and the fuel at certain moments
of the simulated time are presented in Figure 63.
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Figure 63. Case 15, Fuel dp= 4000 µm, ρ = 300 kg/m3. The volume fraction of the bed material (a)
and the fuel (b) at different moments of time.

If the volume fractions of the fuel of case 15 are compared to the ones of case 13, the
clearest difference is the amount of the fuel pushed by the secondary air jet to the
right wall of the furnace. In case 15 the fuel concentration in the internal circulation
on the right side wall is clearly smaller than in case 13. Like in case 14 with the small
particle size fuel, the greater part of the low-density fuel in this case is moved to the
upper part of the furnace section, on the front of the secondary air jet. Otherwise the
fuel mixing behaviour is somehow similar to that in cases 13 and 14. Similar features
to case 14 with the small fuel particles are the tendency of the fuel to transport
upwards in the front of the secondary air jet and the low internal circulation on the left
and right walls. The similar features to case 13 with the higher density fuel are the
lower dispersion in the furnace and the higher internal circulation than in case 14. As
a conclusion, the larger particles have a lower dispersion and higher tendency to

118
participate in internal circulation than the smaller particles. Correspondingly, the
high-density particles have a lower dispersion and higher tendency to participate in
internal circulation than the low-density particles. Of course, also in this case, the bed
material and the secondary air jet behaviour is unsteady and thus the bed conditions
are different than in cases 13 and 14, and thus it is a bit uncertain to make final
conclusions of the effects of the particle density on the mixing.
The fuel volume fraction information of case 15 is also saved for the certain nine
points located in the lower part of the furnace. In this case the data of the points 11
and 12 is also available. This volume fraction information is shown in Figure 64.

Figure 64. Case 15, Fuel dp= 4000 µm, ρ = 300 kg/m3. The volume fraction of the fuel at different
points of the furnace during the first six seconds of the simulated time.

Figure 64 shows the volume fraction of the fuel at the selected points at the beginning
(0-6 s) of the simulation. (For further explanation of this figure see the paragraph after
Figure 34.) In these secondary air cases the graphs are not as informative as in the
other cases, because the secondary air jet is highly unsteady and the volume fractions
of the fuel may change at any moment of time during the simulation. The whole time
interval of this data is included in Appendix I. In comparison to the previous cases,
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the interesting phenomenon in this secondary air case is that the fuel concentrations
now change periodically from very high concentrations to very low concentrations in
the bottom corner, and thus in point ‘31’. This can be seen easily in Figure 64, but
hardly in Figure 63(b). The most likely reason for this could be the unstable behaviour
of the jet and the bed material in this case, while the effects of the lower fuel density
are difficult to determine. Proof of this, in these all secondary-air-injection cases, can
be found in the animations of the volume fractions, where the concentration of the
fuel in the lower corner of the furnace is periodically increasing and collapsing
depending on the movement of the secondary air jet and the bed material. Of course,
it is also reasonable to note, that the fuel with the lower density and the large particle
size is captured more easily by the strong secondary air jet, and carried to the right
side of the furnace instead of falling to the internal circulation of the left wall.
The mass balance of case 15 is shown in Figure 65.

Figure 65. The mass balance of the bed material during simulation case number 15.

As can be seen in Figure 62, the mass of the bed material is increased about 90 kg
during this simulation. This mass change is very small and its effects on the
simulation results are minor. The total mass increase, about 240 kg, after the first
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simulation is relatively small enough. The mass control UDF was not very effective in
this case allowing more bed material increase than in the previous cases.

5.2 CFB-Furnace 3D-simulations
In this chapter the results of the final version of the 3D-simulation-case are presented.
At first the volume fraction profiles of the bed material and the fuel are presented at t
= 0.25, 0.5, 1, 1.5, 2 s of simulated time. Some information of the high fuel velocity
values at those moments of time is also presented. At the end of the chapter the results
of the end of the simulation, t = 2.48 s, are presented. In addition to the volume
fraction profiles, these finishing results include suspension density profiles, velocity
profiles, and some secondary air jet figures.

5.2.1 Condition after 0.25 second
For the simulated moment at 0.25 seconds, the volume fractions of the bed material
and the fuel are shown in Figure 66, as they were presented and scaled in the 2Dsimulations.

Figure 66. Volume fractions of the bed material (a) and the fuel (b) at the moment t = 0.25 s.

As can be seen in Figure 66(a), the volume fraction profile is very similar to the
profile at the end of the 2D initialisation case number 9. This is reasonable, because
the volume fraction profile of case 9 was given as an initialisation profile at the
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beginning of the 3D-simulation, and the bed had not yet reformed much during this
short simulation period. As can be seen in Figure 66(a), this scale of the volume
fraction legend is not as illustrative as in the 2D-cases and so most of the volume
fraction profiles of this 3D-case are presented using the scale from 1e-5 to 0.16. As
Figure 66(b) shows, the volume fraction profile of the fuel is clearly different to the
volume fraction profiles of the 2D-cases. In this case the fuel is dispersed rapidly in
every direction of the furnace. One reason for the x- and y-directions is the high
velocities developed near the fuel inlet; another reason is probably the different inlet
geometry, which alters the internal circulation. And, of course, now the fuel has also
the z-direction for motion, which certainly affects various mixing phenomena.
According to Karema 2005, the pressure correction problems in the multiphase
calculations may grow up when the amount of phases is increased. According to him,
the pressure correction is difficult when the density differences between phases are
high and even more difficult when the small amount of new phase is added on. These
pressure correction problems may be the reason for the high velocity values of the
fuel phase. He mentions that a way to decrease the problems could be to gradually
increase the phase’s density to the normal value in order to keep up the convergence.
This idea may be tested in future simulations, but in mixing studies the idea is a little
bit problematic, because it affects the behaviour of the phase itself. (Karema 2005)
The volume fraction profiles of the bed material using the scale from 1e-5 to 0.16 at t
= 0.25 s are shown in Figure 67.
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Figure 67. Volume fractions of the bed material at moment t = 0.25 s.

As can be seen in Figure 67, the volume fraction profiles of the bed material are rather
uniform in the z-direction. The reason for this is that the bed has not yet developed
much from the initial condition obtained in case 9. However, some small differences
can still be seen in the x-profiles, especially in the lower furnace, the volume fractions
are also different in the z-direction.
The plotting planes for these profiles are shown in Figure 68. These planes are the
same in the rest of the observations.
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Figure 68. The locations of the plotting planes and the vertical plotting lines in the 3D-simulation
results.

The same plotting planes in Figures 67 and 68 are used for the fuel volume fraction
profiles. The volume fraction profiles of the fuel using the scale from 1e-5 to 0.16 at t
= 0.25 s are shown in Figure 69.

Figure 69. Volume fractions of the fuel at the moment t = 0.25 s.
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Figure 69 shows that the fuel is dispersed rapidly in all directions of the furnace. This
result differs a lot from the results in the 2D-cases, where the fuel was at first pushed
to the bottom of the furnace by the bed material of the internal circulation. In this 3Dcase, at this moment of time, some high and partly unphysical high velocities of the
fuel phase are developed in the vicinity of the fuel inlet pushing the fuel rapidly into
the furnace. Also the geometry is now more detailed, and the fuel is no longer in the
range of the internal circulation at the moment of its entrance into the furnace.
Concerning the high fuel velocities at t = 0.25 s, the areas of the grid containing
velocities above 200 m/s are shown in Figure 70.

Figure 70. The locations of the fuel velocity values >200 m/s.

As Figure 70 shows, the high fuel velocity values at t = 0.25 s are located in the fuel
inlet region. The corresponding velocity vectors are presented in Figure 71.
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Figure 71. The fuel velocity values >200 m/s (a) and >50 m/s (b).

As can be seen in Figure 71, the highest fuel velocity vectors are pointing chaotically
to many directions at the fuel inlet area, but the moderately high velocity vectors are
almost normal to the inlet plane, or they are slightly refracted on the edges of the fuel
entrance hole to the furnace. As Figs. 70 and 71 show, the high velocity locations are
limited to the vicinity of the fuel inlet, and they do not exist anymore deeper in the
furnace. This is good news, because the momentum due to high velocities would not
be able to spoil completely the results of the fuel mixing in the other parts of the
furnace.

5.2.2 Condition after 0.5 second
For the moment of 0.5 seconds simulated, the volume fractions of the bed material
and the fuel are shown in Figure 72, as they were presented and scaled in the 2Dsimulations.
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Figure 72. Volume fractions of the bed material (a) and the fuel (b) at the moment t = 0.5 s.

As can be seen in Figure 72(a), the bed material volume fraction profile is still
somehow similar to the profile at the end of the 2D case number 9. This is reasonable,
because only 0.5 seconds have been simulated from the initialisation with the data of
case 9. As can be seen in Figure 72(a), this scale of the volume fraction legend is not
as illustrative as in the 2D-cases and so the most of the volume fraction profiles are
presented in this 3D-case using the scale from 1e-5 to 0.16. As Figure 72(b) shows,
some clear changes have occurred in the fuel volume fractions since the situation at t
= 0.25 s. The volume fraction of the fuel is still clearly different to the volume
fractions of the 2D-cases. At this moment, t = 0.5 s, the fuel has reached the right
bottom corner of the furnace and a greater concentration is formed there. One reason
for this movement is the high velocities normal to the fuel inlet in the vicinity of the
fuel entrance, and another reason is probably the different inlet geometry, which alters
the internal circulation. Also it can be seen that the bed material concentration in the
lower furnace, below the fuel inlet, is dilute, and thus it is possible that the effect of
the bed material momentum on the vertical fuel motion is not very strong. However,
on the other hand, the momentum of the bed material could be also the reason for the
very high fuel velocities. Maybe the transport of the momentum between the highdensity small bed material particles and the low-density large fuel particles is
calculated on the way, which makes the overestimations in the fuel velocities. Maybe
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there could also be something wrong between particle-wall collisions, because the
highest velocities of the fuel are met on the boundary zones.
The volume fraction profiles of the bed material using the scale from 1e-5 to 0.16 at t
= 0.5 s are shown in Figure 73.

Figure 73. Volume fractions of the bed material at the moment t = 0.5 s.

As can be seen in Figure 73, the volume fraction profiles of the bed material are still
rather uniform in the z-direction. Although the bed has not yet developed much from
the initial condition, there is a visible change in the lower furnace area limiting from
the bottom to just above the fuel inlet geometry. In that area, the high concentration
bed material cluster, which initially was lying on the bottom just below the former
external circulation of the 2D-cases, is moved to the area above the fuel inlet. Thus
the primary air injection seems to have a stronger effect on the bed material in this
3D-environment.
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The plotting planes used in Figure 73 are shown in Figure 68. These planes are also
used in Figure 74, where the corresponding volume fraction profiles for the fuel are
presented.

Figure 74. Volume fractions of the fuel at the moment t = 0.5 s.

In Figure 74 it shows that the fuel has reached the right bottom corner of the furnace
when 0.5 seconds of the simulated time is achieved. This result differs a lot from the
results in the 2D-cases, where the fuel was first pushed to the bottom of the furnace
by the internal circulation and then was pushed up by the primary air and the bed
material clusters. Although in this 3D-case, at this moment of time, most of the high
velocities of the fuel exist in the right bottom corner of the furnace, the former high
velocities at the fuel inlet area probably have pushed the fuel into this corner. Because
the geometry is now more detailed and the primary air has pushed most of the bed
material above the fuel inlet’s elevation, the fuel is not in the range of the momentum
of the bed material clusters anymore, at the moment of its entrance into the furnace.
However, the presence of the bed material and the nearby boundaries is still sufficient
to agitate the fuel momentum, if it is really the reason for the high fuel velocities.
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Concerning the high fuel velocities at t = 0.5 s, the areas of the grid containing
velocities above 200 m/s are shown in Figure 75.

Figure 75. The locations of the fuel velocity values >200 m/s (a), the fuel velocity vectors (b).

As Figure 75 shows, the highest velocity values of the fuel can now be found on the
bottom boundary where the largest fuel concentrations also now exist. It is difficult to
determine what the reason for such behaviour of this phase is. It has to be mentioned,
that in those high velocity points there are higher bed material concentrations and the
boundary zones are also available. They could be the possible catalysts for the ill
behaviour of the fuel phase in this simulation model.
5.2.3 Condition after 1 second
For the moment of 1 second simulated, the volume fractions of the bed material and
the fuel are shown in Figure 76 as they were presented and scaled in the 2Dsimulations.
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Figure 76. Volume fractions of the bed material (a) and the fuel (b) at the moment t = 1 s.

As can be seen in Figure 76(a), the bed material volume fraction profile is no longer
similar to the profile at the end of the 2D-case number 9. The stronger effect of the
primary air has risen the densest bed part from the bottom, to the mid part of the
furnace, and there is now a large dilute zone in the lower furnace part. As can be seen
in Figure 76(a), this scale of the volume fraction legend is not as illustrative as in the
2D-cases and so the most of the volume fraction profiles are presented in this 3D-case
using the scale from 1e-5 to 0.16. As Figure 76(b) shows, one change in the fuel
volume fractions since the situation at t = 0.5 s is the wider dispersion of the fuel in
the lower part of the furnace. When the fuel had just reached the left bottom corner in
the 2D-simulations at the 1 second of simulated time, in this 3D-simulation at the
same moment the fuel has reached the whole furnace section below the fuel inlet.
However, the changes in the fuel volume fractions are not very high during t = 0.5-1
s, if compared to the changes in the earlier moments. It is reasonable, because the
highest fuel velocity values were moved to the bottom boundary and those velocity
vectors there are also pointing towards the bottom boundary, that the effect of the
high fuel velocities is not as strong as earlier. It also seems, that now the primary air
and the bed material have driven a part of the fuel from the right bottom corner into
the other regions of the bottom part of the furnace.
The volume fraction profiles of the bed material using the scale from 1e-5 to 0.16 at t
= 1 s are shown in Figure 77.
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Figure 77. Volume fractions of the bed material at the moment t = 1 s.

As can be seen in Figure 77, the volume fraction profiles of the bed material are still
rather uniform in the z-direction, but some small, but clear changes can be found in
the lower furnace parts. In the xy- planes (z-a, z-b, z-c) the high-density bed material
cluster, originated from the bottom of the furnace, has been transported and dispersed
to the mid-furnace and towards the left wall. According this result, the primary air
seems to push the bed material vigorously upwards and the bed material behaves like
a plug at first. Later that bed material plug is dispersed and the internal circulation of
the bed material is developed.
The plotting planes used in Figure 77 are shown in Figure 68. These planes are also
used in Figure 78, where the corresponding volume fraction profiles for the fuel are
presented.
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Figure 78. Volume fractions of the fuel at the moment t = 1 s.

In Figure 74 it shows that the fuel is advanced, partly from the right bottom corner of
the furnace, to the other regions of the lower furnace section during the period t = 0.51 seconds of the simulated time. As observed already in the previous moments of
time, this result clearly differs from the results of the 2D-cases, where the fuel was
first pushed to the left bottom corner of the furnace by the internal circulation (it just
used to be seen at the 1 s of simulated time) and after that was pushed up by the
primary air and the bed material clusters. However, at this moment of time, in this
3D-case, the effects of the high velocity fuel values are now smaller than at the earlier
moments of the observations. Now the very rapid movements of the fuel seem to be
calmed down, and the fuel is probably transported mainly by the primary air and the
bed material to the other lower parts of the furnace. Interesting, in the results of
Figure 78, is the fuel motion in the z-direction. As can be seen, for some reason, part
of the fuel is transported to the front wall of this furnace slice producing a splash.
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Concerning the high fuel velocities at t = 1 s, the areas of the grid containing
velocities above 200 m/s are shown in Figure 79.

Figure 79. The locations of the fuel velocity values >200 m/s (a), the fuel velocity vectors (b).

As Figure 79 shows, the highest velocity values of the fuel can now be found on the
bottom boundary where the largest fuel concentrations also now exist. It is difficult to
determine what is the reason for such behaviour of this phase. In those high velocity
points there are higher bed material concentrations and the boundary zones are also
near. They could be the possible reasons for such behaviour of the fuel phase.

5.2.4 Condition after 1.5 seconds
For the moment of 1.5 seconds simulated, the volume fractions of the bed material
and the fuel are shown in Figure 80, as they were presented and scaled in the 2Dsimulations.

Figure 80. Volume fractions of the bed material (a) and the fuel (b) at the moment t = 1.5 s.

134

As can be seen in Figure 80(a), the primary air has driven the densest bed part from
the bottom to the upper mid part of the observed furnace section and there is now a
large dilute zone in the lower furnace part. Also some internal circulation has been
developed on the mid-left wall and the lower right wall. Also it can be seen in Figure
80(a), the scale of the volume fraction legend is not as illustrative as in the 2D-cases
and so the most of the volume fraction profiles are presented in this 3D-case using the
scale from 1e-5 to 0.16. As Figure 80(b) shows, the change in the fuel volume
fractions since the previous situation at t = 1 s, is the increased fuel volume fraction
near the right bottom corner of the furnace. It seems, that the high fuel velocity values
in the fuel inlet region have returned during t = 1-1.5 s and the inlet is pushing the fuel
towards the right bottom corner.
The volume fraction profiles of the bed material using the scale from 1e-5 to 0.16 at t
= 1.5 s are shown in Figure 81.

Figure 81. Volume fractions of the bed material at the moment t = 1.5 s.
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As can be seen in Figure 81, the volume fraction profiles of the bed material are still
somehow uniform in the z-direction, but some small, but clear changes can be seen in
the lower furnace parts. In the xy- planes (z-a, z-b, z-c) the high-density bed material
cluster, originated from the bottom of the furnace, has been transported and dispersed
to the upper mid-furnace and towards the left and right walls. According to this result,
the primary air seems to push the bed material vigorously upwards and the bed
material behaves like a plug at first. Later that bed material plug is dispersed towards
the walls and the internal circulation of the bed material is developed. There is not
very visible internal circulation of the bed material on the front and back walls, but
the internal circulation due to the upward moving bed material cluster on the left and
right walls seems to be very strong.
The plotting planes used in Figure 81 are shown in Figure 68. These planes are also
used in Figure 82, where the corresponding volume fraction profiles for the fuel are
presented.

Figure 82. Volume fractions of the fuel at the moment t = 1.5 s.
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Figure 82 shows that the fuel is concentrating to the lower right corner area of the
furnace during the period t = 1-1.5 seconds of the simulated time. The high fuel
velocity values near the fuel inlet could help this phenomenon to appear, but it is not
very likely, because the high velocities of the fuel are still limited to the fuel inlet
region and thus the momentum of the fuel does not seem to be high enough to send
the fuel rapidly to the bottom corner. The reason for the very high fuel velocities near
the fuel inlet is not known.
Concerning the high fuel velocities at t = 1.5 s, the areas of the grid containing
velocities above 200 m/s are shown in Figure 83.

Figure 83. The locations of the fuel velocity values >200 m/s (a), the fuel velocity vectors (b).

As Figure 83 shows, the highest velocity values of the fuel are now located in the
vicinity of the fuel inlet. There are many high velocity points in this region and they
probably have visible effects on the fuel flow at this moment of the simulation. It is
difficult to determine yet what is the reason for such behaviour of this phase. It could
be that there is at this moment a larger bed material concentration visiting in the inlet
zone, which may agitate the pressure correction problems mentioned by Karema
2005. (Karema 2005) However, there is no proof for this at this moment of the study,
because the data is no longer easily available.

137
5.2.5 Condition after 2 seconds
For the moment of 2 seconds simulated, the volume fractions of the bed material and
the fuel are shown in Figure 84, as they were presented and scaled in the 2Dsimulations.

Figure 84. Volume fractions of the bed material (a) and the fuel (b) at the moment t = 2 s.

As can be seen in Figure 84(a), the primary air has driven the densest part of the bed
from the bottom to the upper mid part of the furnace section and further towards the
left wall of the furnace. A great mushroom-shaped dilute zone is created in the lower
furnace part by the ascending primary air. Clear internal circulation regions have been
developed on the mid-left wall and the lower right wall. In Figure 84(a)it can also be
seen that this scale of the volume fraction legend is not as illustrative as in the 2Dcases, and so most of the volume fraction profiles are presented in this 3D-case using
the scale from 1e-5 to 0.16. As Figure 84(b) shows, the visible changes in the fuel
volume fractions since the previous situation at t = 1.5 s are small. Most of the fuel
seems to be still located in the lower right furnace corner, but the dispersion of the
fuel in the lower part of the furnace is now greater. Also the high fuel velocity points
are decreased dramatically in the fuel inlet area giving more opportunity to the other
mixing mechanisms to transport the fuel farther from the right bottom corner.
The volume fraction profiles of the bed material using the scale from 1e-5 to 0.16 at t
= 2 s are shown in Figure 85.

138

Figure 85. Volume fractions of the bed material at the moment t = 2 s.

As can be seen in Figure 81, the volume fraction profiles of the bed material are still
somehow uniform in the z-direction, but some small, but clear changes can be seen in
the lower furnace parts. In the xy- planes (z-a, z-b, z-c) the high-density bed material
cluster, originated from the bottom of the furnace, has been transported and dispersed
to the upper furnace and towards the left and right walls. According to this result, the
primary air seems to push the bed material vigorously upwards and the bed material
behaves like a plug at first. Later that bed material plug is dispersed towards the walls
and the internal circulation of the bed material is developed. At this moment of the
simulated time, some small-scale internal circulation can also be observed on the front
and back walls of this furnace slice. This can especially be seen in the lower furnace
on the planes x-a and x-b.
The plotting planes used in Figure 85 are shown in Figure 68. These planes are also
used in Figure 86, where the corresponding volume fraction profiles for the fuel are
presented.
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Figure 86. Volume fractions of the fuel at the moment t = 2s.

Figure 86 shows that the highest fuel concentration is located in the lower right corner
area of the furnace during the period t = 1.5-2 seconds of the simulated time.
However, the fuel velocity values in the fuel inlet are not as high as in the previous
moment of the observation. Now the fuel is dispersed widely in the lower part of the
furnace, but it is still not very eagerly carried to the upper furnace parts by the other
phases. As it was in the 2D-cases, the reason for this is probably the large particle size
of the fuel. Also these unexplained high downward velocities of the fuel on the
bottom boundaries might have some negative effects on the fuel mixing, but this is yet
uncertain.
Concerning the high fuel velocities at t = 2 s, the areas of the grid containing
velocities above 200 m/s are shown in Figure 87.
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Figure 87. The locations of the fuel velocity values >200 m/s (a), the fuel velocity vectors (b).

As Figure 87 shows, the highest velocity values of the fuel can now be found on the
bottom boundary where the largest fuel concentrations now also exist. It is difficult to
determine what is the reason for such behaviour of this phase. In those high velocity
points, there may be higher bed material concentrations and the boundary zones are
also available. They could be the possible catalysts for the ill behaviour of the fuel
phase in this simulation model.

5.2.6 Condition at the end of the simulation and further discussion
For the end moment of the 3D-simulation, the volume fractions of the bed material
and the fuel are shown in Figure 88, as they were presented and scaled in the 2Dsimulations.

141

Figure 88. Volume fractions of the bed material (a) and the fuel (b) at the end of the simulation.

As can be seen in Figure 88(a), the primary air has driven the densest part of the bed
from the bottom to the upper part of the furnace section and further towards the left
wall of the furnace. A great mushroom-shaped dilute zone is created in the mid and
lower furnace parts by the ascending primary air. Clear internal circulation regions
have been developed on the mid-left wall and the lower right wall. In Figure 88(a) it
can also be seen that this scale of the volume fraction legend is not nearly as
illustrative as in the 2D-cases, so these volume fraction profiles are also presented in
this 3D-case using the scale from 1e-5 to 0.16. As Figure 88(b) shows, there are no
very clear changes since the previous situation at t = 2 s. The dispersion area of the
fuel is now wider in the lower furnace than at the previous moments, but otherwise
the fuel is not transported to higher locations in the furnace. Most of the fuel seems to
be still located in the lower right furnace corner, although the high fuel velocity
values in the fuel inlet area are decreased and the push of the fuel towards the bottom
corner is thus smaller.
The volume fraction profiles of the bed material using the scale from 1e-5 to 0.16 at
the end of the simulation are shown in Figure 89.
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Figure 89. Volume fractions of the bed material at the end of the simulation.

As can be seen in Figure 89, the volume fraction profiles of the bed material are
somehow not very clear anymore and uniform in the z-direction. In the xy- planes (za, z-b, z-c) the high-density bed material cluster, originated from the bottom of the
furnace, has been transported and dispersed to the upper furnace and towards the right
and, especially, left walls. According to this result, the primary air pushes the bed
material vigorously upward and the bed material behaves like a plug at first. Now this
bed material plug is dispersing towards the walls and so the internal circulation of the
bed material is developing. At this moment of the simulated time, some small-scale
internal circulation can also be observed on the front and back walls of this furnace
slice. Found interesting at this finishing moment of the 3D-simulation is the possible
future outcome if the simulation was to be continued. It seems, that if the simulation
continues, a great part of the bed material would be lost to the outlet of this furnace
geometry. On the other hand, another large part of the bed material would soon fall
back to the furnace bottom as the internal circulation on the left and right walls. These
events may require some awareness when continuing this simulation, because the loss
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of the bed material should probably be compensated, while the sudden strong internal
circulation may lead to other unsteady events, which may require further attention as
well. However, the behaviour of the developing bed, as observed, shows that it would
be better at first to simulate, for an example, a 10 second period without the fuel
injection until the bed is ‘stabilized’. After that it would be more reasonable to add the
fuel injection.
The plotting planes used in Figure 89 are shown in Figure 68. These planes are also
used in Figure 90, where the corresponding volume fraction profiles for the fuel are
presented.

Figure 90. Volume fractions of the fuel at the end of the simulation.

Figure 90 shows, that at the end of the simulation, the highest fuel concentration is
still located in the lower right corner area of the furnace, but otherwise the fuel is
dispersed almost homogeneously in the z-direction and also widely in the x-direction.
Concerning the vertical direction, there is a small dilute concentration of the fuel in
the lower mid-furnace, but otherwise the fuel is not currently reaching the middle part
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of the furnace. Probably the large particle size prevents the fuel from being caught by
the primary air, and the bed material concentration is too dilute in the lower part of
the furnace to have a significant upward momentum on the fuel particles. The very
high fuel velocity values are not very common at this moment of the simulation,
because before the simulation was finished, the time-step size was shortened
temporarily to the 1e-6 s, which enhanced the convergence of the fuel velocity values.
Concerning the high fuel velocities at the end of the simulation, the areas of the grid
containing velocities above 200 m/s are shown in Figure 91.

Figure 91. The locations of the fuel velocity values >200 m/s.

As Figure 91 shows, the high velocity values of the fuel can now be found on the
bottom boundary, on the bottom of the fuel entrance hole and on a couple of the
corner points of the bottom details. It is difficult to determine what is the reason for
such behaviour of this phase. In those high velocity points, there may be higher bed
material concentrations and also detailed boundary zones. They could be the possible
reasons for such behaviour of the fuel phase. The velocity profile of the primary air
was changed during the finishing calculation, so it is rather unlikely that the profile
causes these velocity values in the bottom boundaries. As mentioned earlier, the most
likely reason for the convergence problems of the velocity is the pressure correction
problem, which becomes worse when the new phase is added to the multiphase
calculation. (Karema 2005)
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The suspension density graphs at the end of the 3D-simulation are shown in Figure
92. The locations of the plot lines used in Figure 92 are presented in Figure 68.

Figure 92. The suspension density profiles at the end of the 3D-simulation.

As presented in Figure 92, the suspension density profile is not similar to that in a real
furnace. The concentrations of the bed material in the lower part of the furnace are too
small and they are too high in the upper part of the furnace. However, this situation is
not so bad, because the reasons for this behaviour of the bed can be seen in the
previous volume fraction profiles. Namely, the volume fraction profiles indicates that
the bed has not settled down yet and the bed material cluster, which causes the high
suspension density in the upper furnace, will be lost or transported to the internal
circulation, which will furthermore increase the suspension density in the lower part
of the furnace. Thus more simulation time for the bed is needed, before further
conclusions of the applicability of the Eulerian model for CFB simulations can be
done.
More suspension density graphs at the end of the 3D-simulation are shown in Figure
93. The locations of the plot lines used in Figure 93 are presented in Figure 68.
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Figure 93. The suspension density profiles at the end of the 3D-simulation.
(At the edges of the bottom wall.)

As can be seen in Figure 93, the values of the suspension density are not very
different at the edges of the bottom wall than those in Figure 92. Of course, the
suspension density is higher near the walls. In Figure 94, the corresponding volume
fraction graphs of Figures 92 and 93 are presented.

Figure 94. The volume fraction graphs of the bed material at the end of the 3D-simulation.

The reason why the upper volume fraction limit in the legends of the volume fraction
profiles was 0.16 in these 3D-results can be seen in Figure 94. As Figure 94 shows,
the maximum volume fraction of the bed material reached in the real CFB-furnace is
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about 0.16, and it seems to be rather unlikely, that the simulated values will frequently
exceed this limit.
The velocity vectors of the primary and secondary airs at the end of the 3D-simulation
are presented in Figure 95.

Figure 95. The air velocity vectors at the end of the simulation. (NOTE: the maximum/minimum
values in the legends may not be global or absolute values)

As the volume fraction profiles of the bed material showed, the primary air is
penetrating through the bed as a mushroom- or tree-shaped jet. In Figure 95 the
velocity vectors of the air-phase are shown limited to the 25 m/s maximum value. In
the lower furnace, between the pincers formed by the bed material, the air velocity is
high and in the upper part of the furnace the velocity is lower. Also some circulating
motion of the air can be seen on left and right sides of the furnace where the internal
circulation is developed.
In future it would be useful if the secondary air is separated from the primary air, so it
could be tracked down easier in further mixing studies. In theory this could be done
using an additional phase in the model, but in the simulation this could cause
convergence problems. However, according to Karema 2005, there is an option in
Fluent that makes it possible to separate the secondary air from the primary air
without creating a new phase. In future simulations this option would probably be
tested. (Karema 2005)
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For the end moment of the simulation, the velocity profiles of the bed material are
shown in Figure 96.

Figure 96. The velocity profiles of the bed material at the different elevations at the end of the
3D-simulation. (NOTE: the maximum/minimum values in the legends may not be global or
absolute values)

Figure 96 shows the velocity profiles of the bed material, at different elevations in the
furnace, at the end of this 3D-simulation. The elevation planes are the same as the
ones used with the 2D-simulation results. As Figure 96 shows, the bed material
velocity is downwards in the vicinity of the walls and strongly upwards in the places
where the primary air gathers together to penetrate the bed. These results are very
similar to the corresponding results of the 2D-simulations.
In Figure 97 some figures of the secondary air jet at the end of the simulation are
shown.
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Figure 97. The velocity vectors of the secondary air (a) top view, (c) side view. The contours of
the secondary air velocity (b) inlet view, (d) side view. (NOTE: the maximum/minimum values in
the legends may not be global or absolute values)

As can be seen in Figure 97, the secondary air jet does not penetrate very deeply into
the furnace in the 3D-environment. Although the secondary air accelerates to the high
velocity values when it comes to the hot furnace, there are not very many signs of the
secondary air jet after the fuel inlet structures. Or, of course, the air can penetrate
deeply, but its velocity is decreased dramatically. The secondary air jet in this 3Denvironment should be more realistic than in the 2D-cases.
In Figure 98 the effect of the secondary air jet on the bed material is shown.
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Figure 98. The contours of the bed material velocity in the secondary air jet (a) side view, (b)
inlet view. (NOTE: the maximum/minimum values in the legends may not be global or absolute
values)

As can be seen in Figure 98, the secondary air jet clearly improves the local bed
material velocity, blowing the internal circulation bed material off the eaves above the
fuel inlet canal.
Figure 99 shows the contours of the secondary and primary air velocities in the lower
part of the furnace.

Figure 99. The contours of the air velocity near the secondary air jet, side view.
(NOTE: the maximum/minimum values in the legends may not be global or absolute
values)
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As Figure 99 shows and Figures 95 and 97 confirm, the secondary air velocity
decreases rapidly when it penetrates into the furnace and the primary air tends to
gather together and penetrate the bed at the certain point where the concentration of
the bed material is lowest.

6 CONCLUSIONS
In this study, the mixing of the fuel in circulating fluidized beds (CFB) was
investigated using a numerical simulation approach. An important question to be
addressed was the feasibility of the computational fluid dynamics simulation in
predicting the dispersion coefficient in CFB combustors. The literature survey of this
study was based on the previous mixing studies of various authors, and the simulation
part of this study reports the results using model set-ups for the 2D- and 3Dgeometries. Here, a commercial computational fluid dynamics software was used to
obtain the numerical results.
Based on the literature survey, a comprehensive theory of dispersion in circulating
fluidized bed conditions is not yet fully determined and the dispersion coefficients
reported by different researchers may vary quite a bit. It seems to be more reasonable
to rely more on the reported results where a clear distinction was made between the
different regions of the boiler. Moreover, the proper scaling and size of the
experimental apparatus should be checked, taking into account flow conditions like
solids loading, gas velocity, particle diameter and the geometry of the apparatus.
According to the literature survey, the solids mixing in the bottom zone of a CFB is
similar to that in the bubbling or turbulent fluidized beds. The transition zone is a
region with the high intensity solids mixing, whereas in the dilute zone the solids
mixing is characterized by the solids transfer between the dense annulus and dilute
core zones. Studies in literature are mostly based on small-scale devices, which may
exaggerate the effects of walls. In the exit zone, the abrupt exit perpendicular to the
furnace was found to enhance the mixing. According to the literature survey, an
increase in the solids flux may decrease the solids mixing, and a strongly increased
fluidization velocity may decrease the solids mixing by eliminating the particle
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clusters and internal circulation. Interestingly, the particle size and density are not
playing important roles in mixing according to the literature observed.

In the

literature, particle size effects are also argued. There was also much information about
the gas mixing and many further details of the solids mixing included in the literature
survey, but they are not mentioned in this concluding chapter.
The numerical simulations with the unsteady Eulerian-Granular multiphase model
showed, that at least in the 2D-simulations, the larger or denser particles have shown
lower dispersivity than the smaller or lighter particles. In the 2D-simulations the
momentum of the bed material had a very strong effect on the fuel mixing, forcing the
fuel to follow the certain paths of the larger bed material concentrations. In contrast,
in the 3D-simulation more of the dispersive type mixing was observed. Dispersed
phase turbulence model was used in the 3D-simulation, but it is not known yet that if
the choice of the model had some effects on the dispersion. When it comes to the bed
behaviour, the vertical velocity profiles in the 2D- and 3D-simulations were very
good and the clear internal circulation was observed in the all of the cases. Unlike the
velocity profiles, the suspension density profiles were not realistic in the 2D-cases.
Also in the 3D-simulation the suspension density profile appears to be incorrect, but it
is very promising, because the bed is still developing in a positive and predictable
way unlike in the 2D-simulations. Simplification of the fuel inlet geometry was not a
reasonable approximation made in the 2D-simulations, because it enhanced too much
the effect of the internal circulation on the fuel mixing. The simplification of the
secondary air inlet geometry did not produce such strong effects and it was easily
possible to see the damping effect of the bed momentum on the secondary air jet. In
the 3D-simulation, one problem was the local high velocity values of the fuel phase.
These high velocity values were probably generated by the pressure correction
problems in the computational model when the third phase was involved. Shorter
time-steps should be used when many phases are involved, but it increases
computation time. In this 3D-simulation, the high velocity effects were considered to
be only a local phenomenon, which did not have too significant effects on the major
results. In the future, basing on the CFD simulations, it will be possible to develop a
simpler ‘dispersion’ model, if the numerical simulations are continued and the realism
of the results is ensured.
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Because the 2D-calculations cannot simulate the mixing and bed behaviour in very
realistic manner, the future calculations should be performed in the 3D-environment.
At first the bed behaviour should be simulated in a large geometry without fuel
injection, letting the bed to settle down (about 10 seconds of simulated time). In this
case, the 2D-results may produce an approximation for the initial condition of the bed
material. After the bed is settled down, the geometry can be, or should be, limited to
the lowest part of the furnace and the fuel injection could be started. By means of the
fuel phase values convergence, the reasonable short time steps should be used, but, on
the other hand, only 1-5 seconds of the simulated time would be needed to reveal the
fuel behaviour. In the future, the primary air injection could be improved by using, for
example, bed pressure dependent velocity profiles in the primary air inlets. In the
future simulation, there would be also a possibility to earmark the secondary air inside
the primary air phase for better tracking properties. Thus the problematic extra phases
could be avoided and the new mixing information could be more clearly obtained.
Because knowledge of the certain simulation model problems and benefits is quite
poor, further testing and improving of the turbulence and drag models would be
needed in the future. It could be, for example, that the dispersed phase turbulence k-εmodel may be a more reasonable choice than the mixture turbulence k-ε-model. Also
in the future, although the journey to combustion modelling with the 3D-CFD-models
may be long yet, it would be interesting to try to also simulate the combustion and
micro-scale mixing by setting the interphase mass transfer between the solid fuel and
the gaseous air phases. This would make it possible to convert the fuel to gas if it had
resided long enough in the furnace.
When it comes to the defining the dispersion coefficients with the CFD-models, it
seems to be reasonable to change the approach used in this thesis. In order to calculate
the dispersion coefficients in a vertical riser of the gas particle flows the following
steps would be required:
1) To develop a model for simple geometries same as those in which the dispersion
coefficients have been measured by others, e.g gas mixing experiments of
Sterneus et al. 2002.
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2) To run the simulations using boundary conditions as close as those applied in the
measurements.
3) To use a tracker technique to calculate the dispersion coefficients in the model and
to compare the numerical results with those reported from the measurements.
4) To apply the technique in step (3) for calculating the dispersion coefficients in the
multicomponent gas particle flows in an industrial geometry for which no reliable
measurement does exist.
5) To develop a simple model for gas and particle dispersivity in industrial scale
geometries.
In this thesis the direct use of industrial scale geometry made the simulation times
longer and the comparison of the measurements and simulated phenomena too
complex.
Given the lesson learned in this study, the three-dimensional numerical modelling of
the bed behaviour and mixing in industrial scale geometries can be computationally
reasonable, if the possibilities of the parallel computing are taken into account and the
grid size policy, proposed in this work, is used. When it comes to defining the
dispersion coefficients with the numerical simulations, the aforementioned step-wise
procedure would be the most reasonable approach. The qualitative results from the
numerical simulation of this work can be used when observing the certain mixing
parameters like i.e. particle size and fluidization velocity.
The computational experiments performed in this study represent the most promising
avenue to learn more about mixing in the multicomponent gas particle flows.
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