Lappeenranta University of Technology
Faculty of Technology
Master’s Degree Programme in Chemical and Process Engineering

Emrah Topcu

POTENTIALS OF PROCESS INTENSIFICATION IN THE
FINNISH PETROCHEMICAL INDUSTRY

Master of Science Thesis

Supervisor: Professor Ilkka Turunen

Examiner: Arto Laari



ABSTRACT

Lappeenranta University of Technology
Faculty of Technology
Chemical Technology

Emrah Topcu
Potentials of process intensification in the Finnish petrochemical industry

113 pages, 42 figures, 20 tables and 7 appendices.
Supervisor: Prof. Ilkka Turunen

Examiner: Arto Laari
Master’s Thesis

2010

This research was motivated by the need to examine the potential application areas of
process intensification technologies in Neste Oil Oyj. According to the company’s
interest membrane reactor technology was chosen and applicability of this technology
in refining industry was investigated. Moreover, Neste Oil suggested a project which is
related to the CO, capture from FCC unit flue gas stream. The flowrate of the flue gas
is 180t/h and consist of approximately 14% by volume CO,. Membrane based
absorption process (membrane contactor) was chosen as a potential technique to model

CO, capture from fluid catalytic cracking (FCC) unit effluent.

In the design of membrane contactor, a mathematical model was developed to describe
CO, absorption from a gas mixture using monoethanole amine (MEA) aqueous
solution. According to the results of literature survey, in the hollow fiber contactor for
laminar flow conditions approximately 99 % percent of CO, can be removed by using
a 20 cm in length polyvinylidene fluoride (PDVF) membrane. Furthermore, the design
of whole process was performed by using PRO/II simulation software and the CO,
removal efficiency of the whole process obtained as 97 %. The technical and
economical comparisons among existing MEA absorption processes were performed

to determine the advantages and disadvantages of membrane contactor technology.
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1. INTRODUCTION
1.1 Background

The global chemical industry faces a range of challenges nowadays and in case of
petrochemical industry, main problems can be summarized as; decreasing profit
margins, increasing oil prices, market competition and compulsive environmental
regulations etc. Over the past decades, petrochemical industry has made impressive
efforts to increase energy efficiency and reduce energy consumption in its processes.
These have been accomplished mainly through shut downs of older, smaller facilities,
plant heat integration, recovery of waste heat, continued improvements in technology
and application of new catalysts. However, the petrochemical industry should strive for
more radical improvements to develop and implement novel technologies instead of
currently used inefficient, energy-intensive technologies and improve the energy
efficiency of existing technologies. All of these features are routing petrochemical

industry towards process intensification.
1.2 Structure of the thesis

The thesis is structured as follows:

e The first chapter presents the definitions, the fundamentals and goals of process

intensification.

e PI Roadmap is a project that is performed by the contribution of leading Dutch
companies and technology providers. PI Roadmap reflects the state-of-the-art
knowledge in the year 2007 and it describes barriers for implementing PI
technologies. It also specifies actions needed and potential benefits. In the third
chapter the PI Roadmap is explained in details and it is taken as a reference guide
for the selection of technologies which are possible to apply in petrochemical

industry.

e The selected seven technologies were offered to Neste Oil Oyj and the company
has shown interest to the application of catalytic membrane type reactors. In the
fifth chapter, types and application areas of catalytic membrane type reactors are

discussed.



Neste Oil Oyj offered a case study which is related to the removal of CO, from
FCC unit flue gas stream. The flue gas composes of approximately 14 % by
volume CO,, the temperature of flue gas is between 250 and 280°C and the
pressure is close to atmospheric pressure. While taking PI Roadmap as a reference
guide, a membrane contactor is selected for detailed studies. In the sixth chapter,
both the design of the membrane contactor and the design of the whole process are

performed.



1. PROCESS INTENSIFICATION
2.1 Definitions and principles of process intensification

When first introduced in the 1970s, as a general approach, process intensification was a
design strategy that aimed at reduction in the processing size, compared with the
existing technology without any reduction in process output and quality. However, over
the years meaning of process intensification has changed and during the last two
decades many definitions have been proposed. One of the first definitions was proposed
by Ramshaw (1983). He defined process intensification as follows: “Process
intensification is a term used to describe the strategy of reducing the size of chemical

plant needed to achieve a given production objective.” [1]

The BHR Group describes process intensification as follows: “Process intensification is
a revolutionary approach to process and plant design, development and implementation.
Providing a chemical process with the precise environment it needs to flourish results in
better products, and processes that are safer, cleaner, smaller, and cheaper. Process
intensification does not just replace old, inefficient plant with new, intensified
equipment. It can challenge business models, opening up opportunities for new
patentable products and process chemistry and change to just-in time or distributed

manufacture.” [2]

In the European roadmap of process intensification, process intensification is defined as,
“ radically innovative principles ( paradigm shift) in process and equipment design
which can benefit (often with more than a factor or two) process and chain efficiency,

capital and operating expenses, quality, wastes, process safety and more.” [3]

As shown in the above definitions, process intensification was aimed at the idea of size
reduction but now it is an important element of sustainable development. However,
understanding the concept and idea of process intensification by looking the definitions,
which were proposed by many authors, is not enough. To clarify the concept of process
intensification, Gerven and Stankiewicz (2009) successfully addressed the fundamentals
of process intensification. In their study, four principles were mentioned and totally
intensified process should achieve all of these principles. The principles of process

intensification are as follows: [4]



Principle 1: Maximization of the effectiveness of Intra and Intermolecular Events

In the classical understanding of process intensification, as being in microreactor
technology, by increasing the surface to volume ratio mass transfer and heat transfer
limitations are solved in great extend but still the reaction rate stays as the limiting
factor for further increase both in productivity and in selectivity. In this first principle
the importance of changing the kinetics of process is also discussed. Gerven and
Stankiewicz (2009) explain this concept by collision theory. [4] Collision theory
explains how chemical reactions occur and why rates of reaction change. To start a
reaction reactant particles must collide and some certain fraction of total collisions
result in chemical change, these are called successful collisions. These successful

collisions have sufficient energy, activation energy, to break and form new bonds.

According to this theory, a reaction efficiency is determined by a couple of factors such
as; number/frequency of collisions, geometry of approach, mutual orientation of
molecules in the moment of collisions and their energy. Engineering methods should be
developed and more attention should be given to the first principle of process
intensification. The challenges that should be overcome to develop the first principle are
shown below according to collision theory. The challenges that should be overcome to

develop the first principle of process intensification are shown in Figure 1.
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Figure 1. Challenges related to the first principle of process intensification. [4]



Principle 2: Giving each molecule the same processing experience

In the second principle of process intensification proposed by authors, the importance of
uniformity of molecules in a process is discussed. Macroscopic residence time
distribution, dead zones, meso- micromixing, and temperature gradients play an
important role for processes which deliver ideally uniform products and minimum
wastes. This principle was explained using a well-known example: The stirred tank
reactor with a heating jacket and plug flow reactor. In a stirred tank reactor, the
residence time, concentrations and temperature of molecules show more non-
uniformities when compared to plug-flow reactor. A successfully intensified process

should achieve this principle. This principle is explained in Figure 2.

b
i
|

T tme T tme

(@) (b)

Figure 2. Stirred-tank reactor with a heating jacket (a) contradicting the second
principle of process intensification. The residence time of molecules is widely
distributed, their trajectories vary, and both concentration and temperature
nonuniformities are present. On the other hand, a plug-flow reactor with a gradientless,
volumetric (e.g., dielectric) heating (b) enables a close realization of that principle. [4]

Principle 3: Optimization of the driving forces at every scale and maximization of

the specific surface area to which these forces apply

In this principle, the authors mentioned that the resulting effect of the driving forces
should be maximized. The driving force in any process can be a concentration

difference or a temperature difference. This maximization can be achieved by the
5



maximizing the interfacial area. Microreactor technology is a good example for this
principle. In microreactor technology, heat and mass transfer significantly increased

because of increased interfacial area or surface to volume ratio.

Principle 4: Maximization of the synergistic effects from partial processes

The last principle is related to searching and maximizing the synergistic effects.
Synergy can be defined as the difference between the combined effect and the sum of
individual effects resulting from the interaction of a group of agents, forces or
processes. The application of this principle in process intensification has many
examples in macroscale. Integration of functions is done in a way that both functions
benefit from the integration. Hybrid separation systems like membrane reactors, reactive
distillations and HEX (Heat exchanger/reactors) reactors are good examples of the

application for this principle.
2.2 Goals of process intensification

Although the capital cost reduction and size reduction of equipments and/or processes
are the original target for process intensification, other benefits become important as
well. Cost reduction, safety, energy and environmental aspects of process intensification

are discussed in this section.
2.2.1 Cost reduction

As stated earlier, the process intensification concept arose from the question: “If we
could make a dramatic reduction in the size and/or volume of all the process plant
components, without compromising output, would there be a significant impact on the

total plant capital cost?” [5]

The concept of process intensification is opposite of the two thirds power rule which
has been used to consider capital costs at various production scales. The rule is based on
the term that the plant component cost (C) varies in proportion to the equipment’s
surface area and production capacity is proportional to its volume. A plant item having a

characteristic dimension D, the cost varies in proportion to area, i.e:

C aD?



whereas production capacity (P) is proportional to D?, i,e:

PaD’
So, C o.P?? and C/P a. 1/D

This concept is used in traditional plant design philosophy. However, for an expanding
market, this rule tends to encourage capital investment to be made in large increments,
which may destabilize a market. A technology, which allows production capacity to be

adjusted economically in smaller increments, proves to be attractive. [5]

As conventional approach has changed in chemical plant design, new design strategies
have developed. Microengineering and microtechnology are new tools for process
intensification and good examples of both size and cost reduction efforts. Their main
impact focuses on intensifying mass and heat transport as well as improving flow
patterns. Moreover, due to short diffusional distances, conversion rates of reactions can
be significantly enchanced in microreactors. For a given chemical process, using
conventional technology and a microreactor, it may be possible that the amount of
catalyst needed can be decreased by miniaturization approximately a factor of 1000 and

the size by a factor of 10 compared to conventional technology. [6]

From the industrial point of view, Worz et al. (2001) list three basic tasks that an
industrial reactor has to fulfill. These are: Provision of the residence time needed for

reaction;

¢ Efficient heat removal or supply;

e Provision of sufficiently large interface (for multi-phase reactions). [7]

Many studies published in literature show that these three tasks are successfully
achieved by microreactor technology. In addition, some successful industrial
applications proved the success of micro technology. One commercial application is in
Leipzig, Germany. The plant has been in operation since 2006, producing high added-
value pharmaceuticals with a range from 1 to 100 kg/h. Synthacon has started
production of a multipurpose unit with 20 t/a capacity. The second example is Sigma-

Aldrich Company. Sigma-Aldrich installed a standard Cytos® in Buchs, Switzerland.
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Many of Sigma-Aldrich’s catalog products, out of 2,000 compounds in this portfolio,

about 800 could be produced in microreactors. [8]

Although, there are successful industrial applications of microreactors, so far, there is
limited amount of publication on the cost saving for the industry when using
microreactors. Concerning capital expenditures, microreactor costs can be equal or
higher than traditional technologies costs. The detailed Capex and Opex analysis should
be done carefully when investing in this technology for any specific reaction process. In
following part of economical analysis some specific chemical productions are

discussed.

Investment costs analysis for the production of nitroglycerin was performed by The
University of Eindhoven in the Netherlands. Their study was based on the known
examples of microtechnology implementations. In Figure 3, the investment costs of the
microreactor technology for nitroglycerin production is shown. Microtechnologies have
a rather high investment cost, at least as, as there is no mass production of

microdevices. How is the Capex cost offset by savings on operating costs Opex?

Accessories [ Process & plant engineering I

| .
Benchmarking : Chemical processes
Bronkhorst MFC 5kE | I
‘ | . '
Commercial lab evaporator 15 kE : Production plants
Industrial pilot 450 k€ : | I
! ' |
Nitroglycerin production plant 4-5 MioE Pilot plants :
1 ] | =
! Lmr .‘n;eﬂ ] ! | Laboratory plants |
| [ Reactorengincering ] | . - |
i : i Pilot apparatus proeduction apparatus
! | | . I |
! ! l Laboratory apparatus l : :
Microstructures/ | N ' ! !
I
I
|
]

] ]
| |
H | |
] ] { | } f | >
1€ 10€ 100 € 1,000 € 10 k€ 100 ke 1 Mio€ 10 MicE

Figure 3. Investment costs of nitroglycerin production. [8]

The aniline production by hydrogenation of Nitrobenzene is highly a exothermic

process. In current process, the reaction is run in tubular fixed beds. This reaction in

8



tubular fixed beds has many drawbacks; poor performance, renewal of catalyst that
requires the operator to unload and load the old and reload the new catalyst, frequent
catalyst regenerations. But the microreactor technology solution offers: Immobilized
catalyst, lower hydrogen recycle rate, better temperature control and thus less by-
product formation, elimination of any previously necessary catalyst unloading and
loading. It is a fact that microreactor technology solves many technical problems of the
production of aniline but the cost analysis of this new technology should be considered
seriously. A cost analysis was conducted by CMD International in 2002 for 50kt per
year aniline production, It was calculated that in microreactor technology option a profit
of 200kUS$ per year was possible. [8] Here, the important decision is to decide if 5
USS per ton of saving is high enough reduction of the manufacturing costs to invest in

microreactor technology and take the risk of totally new technology.

In microreactor technology, the ratio of construction material to reactor volume is high,
and fabrication methods need to be taken into account if the economies of mass
production are to challenge the economies of scale. In that respect highly parallel
manufacturing methods such as etching, embossing, injection moulding may provide

the required cost reduction. [9]

Although process intensification techniques have advantages for the reduction of both
investment and operating costs in general, detailed economical analysis should be

performed for specific applications.
2.2.2 Safety aspect of process intensification

One of the most promising aspects of process intensification is the safety advantages.
Especially in the nuclear and oil industries in which hazardous and explosive chemicals
are processed, the application of process intensification reduces both the amount of such
chemicals and reduces the size of process equipment. Obviously these properties of

process intensification offer better possibilities in the control of processes.

The Bhopal Disaster, which is still the world’s worst industrial disaster, was an
industrial accident in Bhopal, India. It is estimated that nearly 5,000 people died within
2 days, and the number of death eventually reached more than 20,000. Reaction of

methyl isocyanide (MIC) with water generates heat far above its boiling point. During



the cleaning operation, a small quantity of water went through the pipe into the MIC
Tank. The heat generated by the reaction between the water and MIC transformed the
liquid MIC into gas. The pressure became significantly high, rupturing the disc, and
MIC spread through the vent into the atmosphere. [10]

Etchells et al. (2005) focused on the benefits of process intensification in regards to
safety. [12] Some of the examples of the benefits of process intensification are as

follows:

e By process intensification the number of process operations can be reduced
which leads to fewer transfer operations and less pipework and these further

leads to prevent source of leakages.

e [t can be easier to design a smaller vessel to contain the maximum pressure of
any credible explosion, so that further protective devices such as emergency

relief valve systems, are not needed

e Many incidents are related with process start-ups and shutdowns. These are

reduced during continuous and intensified processes.

¢ For exothermic reactions, the enhanced specific surface area of intensified plants
makes heat transfer easier and it is obvious that few runaway reactions occur in

continuous processes.

Although safety can benefit from process intensification, in some cases it should be
ensured that new hazards are not created. In the study performed by Luyben and
Hendershot (2004), the affect of process intensification on the dynamics of a process
was investigated. In their extensive study, four different intensified processes were
analyzed and compared with conventional processes. The first process was a distillation
system with two columns in series. The effect of minimizing inventory in the column
base was analyzed for benzene-toluene-xylene mixture. In the second process effects of
reduced reactor volume on the system dynamics in CSTR was analyzed for benzene
nitration reaction.The third example compared a large fedbatch reactor system, in which
a highly unstable reaction mixture can be reliably avoided, with a much smaller CSTR
process. The final example considers a distillation in which hydrogen cyanide is
separated from water. The dynamic response of a conventionally designed column is

compared with that of a column. [13]
10



Their results showed that intensification can sometimes adversely affect the dynamics
of a process and results in larger disturbances from normal process operations because
of changes in process conditions or external environmental factors. At the end of their

study, they suggested that process intensification should not be blindly followed.

Apart from the safety problems caused by the dynamics of the systems, Etchells et al.
(2005) summarized potential problems that intensification can create. These are as

follows:

* In microreactors, higher reaction rates are achieved as a results of improved
mixing. This could lead to a greater rate of energy release than in conventional
reactors. Moreover, some cases, may result in a change in the reaction chrmistry.
If the reaction is not adequately assessed at the beginning, this could have

adverse affects on safety.

e Rotating equipment may not be suitable for friction sensitive substances since
some substances can either deflagrate or detonate due to friction. The hazard of

ignition should be assessed.

¢ In some intensified processes, process pipework can be more complex and there

may be a higher potential for equipment failure or operational errors.

e Some alternative energy sources such as microwaves and electromagnetic
radiation require high energy inputs or require operations at elavated
temperatures and pressures. The usage of these new technologies require more

attention.

e The high-energy sources may introduce new hazards that have to be considered
when applied to hazardous substances, e.g., whether or not it is safe to use

microwaves on thermally unstable substances or mixtures.
2.2.3 Energy aspect of process intensification

Nowadays, in Europe, the chemical industry is threatened by competitiveness because
of high costs of production compared to newly industrialized economies. To remain
profitable under this high pressure of production costs is to continue with the
improvements in the area of process intensification. For example, the CEFIC

competitiveness study performed for four future scenarios with a 2015, in the most
11



optimistic scenario, the net trade balance falls and Europe could become a net importer
of chemicals by 2015. [14] In the case of petroleum refining and petrochemical
industry, the situation remains same. Global competition and low profit margins cause
restructuring throughout the industry. Refineries have to deal with the economic
impacts of changing crude prices, crude quality variability, and transport margins, while
meeting increased demand for refined products. The industry must continue to find
ways to balance the demand for better and more products with the desire for increased

profitability and capital productivity. [15]

One way of improving the competitiveness of chemical industry is the reduction of
energy consumption. Process intensification supply tools to integrate different
phenomena and operations. Chemical industry show great interest such kind of
integrations. The integration of different phenomena and operations not only reduce the
size of equipments but also reduce the energy consumption for the same production
capacity. For example, distillation is commonly used separation technique in
petrochemical and chemical plants. It contributes about 40% to the total energy
consumption of these industries. [15] Because of high energy consumptions of
conventional distillation columns, many new technologies have been developed. One of
the interesting method is dividing wall columns (DWC) which reduces the energy
requirement by around 30 % compared to that of conventional two-column
configurations and more than 70 packed DWC columns are operated by BASF
worldwide. [16] The other method is reactive distillation which is the front-runner of
industrial process intensification combines reaction and separation mechanisms in a
single unit. Advantages of reactive distillation are lower energy requirements, higher
yields, good product purity and lower capital investment. This field of process
intensification has gained interest in petrochemical industry and successfully applied to

etherification, alkylation and hydrolysis processes.

Process intensification not only offers energy saving applications by combining
different phenomena and operations but also offers alternative sources and forms of
energy in order to intensify a chemical process. Stankiewicz et al. (2006), summarized
and examined the most five important types of alternative energy sources in his study.

[17] These are;

S Energy of high-gravity fields;
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W v W

Energy of electric fields;

Energy of acoustic fields and

Energy of flow.

Energy of electromagnetic radiation- microwaves and light;

Some alternative energy types, form of application and magnitude of possible

improvement as compared to conventional technologies are shown in Table 1.

Tablel. Process intensification effects of the sources and forms of energy. [17]

Energy source

Intensified element

(examples)

Possible
magnitude of
intensification

Potential
sustainability-
related effects

Reaction time 1000 times Energy, material
High gravity field Equipment size 100 times efficiency, waste
Liquid-side mass transfer | 200 times reduction, safety |
: Interfacial area 500 times
St e Heat transfer 10 times Energy |
Electromagnetic field - | Reaction time 1250 times Energy, material
microwaves Distillation time 20 times efficiency
Several times, in some
: cases 100% selectivity can | Material efficiency,
IEi Ier;:timmagneilc el Product yield/selectivity be achieved, not waste reduction,
9 achievable by safety
conventional methods
AeoREtie T E:Z?:i:];;lﬁss transfer Eii?e‘lgs Enerqy, material
et Liquid-solid mass transfer | 20 times SRy
Supersonic shockwave Gas-llq_md mass transfer 10 times Energy, material
coefficient efficiency

(Stankiewicz, Chem. Eng. Res. Des_, 2006)

1.2.4 Environmental aspect of process intensification

In recent decades, global warming and greenhouse gas emissions have become one of
the important technological and social challenges. In the European Commission report
titles as “Combating climate change”, it is mentioned that if the temperature of earth
rises more than 2°C above pre-industrial levels, climate change is likely to become
irreversible and consequences could be severe. Unfortunately, since 1850 when the
first accurate measurements obtained, temperature has arised 0.76°C and it is assumed
to rise further 1.8-4°C in this century. [18] CO, is believed to be principal gas
contributing to global warming. Exxon Mobil estimated that CO, emissions from
energy use would increase 28 percent by 2030. [19] Even though the usage of clean

energy types like nuclear energy and renewable energy types like wind power
13



increased, there is still huge amount of increase on CO, emission in near future. This
increase shows that energy consumptions of conventional processes will continue to

increase.

It is a fact that process intensification has a great contribution to the reduction of CO,
emission and environmental pollution in a number of ways. These contributions can be
classified as the indirect and direct affects of process intensification. Indirect
contributions can be seen easily from the definitions of process intensification and they

can be listed as follows;

e Less energy usage of new technologies reduces the CO, emission;

e Less raw material needs;

e Reduction in equipment size and number of equipments prevent the leaks;
¢ Increased process safety;

e [ess waste formation.

Many intensification examples can be given for the items in above list but one of the
interesting studies was performed by Gadalla and coworkers (2006). They investigated
the impact of internally heat-integrated distillation (HIDiC) for proplylene-propane
splitter on the reduction of CO, emissions. According to their result, CO, emission can
be reduced 83 % compared to conventional alternatives for proplylene- propane

distillation. [20]

Direct contribution of process intensification is related about the innovative
technologies which capture and store CO,. The European FP6 research project on
Carbon Dioxide Capture and Hydrogen Production from Gaseous Fuels (CACHET) is

a good example of process intensification directly related about environmental issues.

Research project CACHET is an collaborate project developed by the Dalian Institute of
Chemical Physics (DICP) from China, SINTEF from Norway, National Technical
University of Athens (Greece), Process Design Center (PDC) from Germany and the
Energy Research Centre of the Netherlands (ECN). In this innovative technology,
hydrogen membrane reactor is used for pre-combustion CO, capture in gas fired power
stations. In reactor, high conversion of natural gas into H, for power production with

capture of the remaining CO, is occurred. This technology reduces the cost of CO,
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capture while producing H, from natural gas fuel. Existing CO; capture costs are in the
range of 50 to 60 €/ton CO, captured and CACHET aims to reduce this cost 20 to 30
€/ton CO; captured. Membrane reactor that is used in study shows 90 % selectivity of
capturing CO; in a natural gas combined cycle power plant and this will reduce the
greenhouse gas emission by 90 % in power plants. [21] In Figure 4 a schematic

presentation of the membrane reactor is showed.

Feed side s Catalyst
- e
Feed: Syngas or P CH.+H 04> CO+3H, Retentate >
natural gas + steam CO+H,Q <> CO,+H, CO,, H,0,
| ! ! Membrane ! H | (Hp, CO, CH,)
< Permeatewith | “/H, “rH, H |
hydrogen | -— Sweep

Permeate side

Figure 4. Operating principle of the CACHET project membrane reactor. [21]
2.3 Barriers for the implementation of process intensification

Although process intensification has many proved advantages as discussed during this
part of the thesis, and many successful commercial applications exists, there are many
obstacles which retard the advancement of this concept. The important ones are
categorized in three titles; technical and financial risks, lack of knowledge and know-

how and insufficient awareness about process intensification.

High technical and financial risks of the first implementation of process intensification
technologies to an existing plant are the most important barrier. Generally, the strategy
of chemical process industry is growing via trade instead of via R&D. Companies are
focusing on reaching clearly defined short-term business targets rather than investing in
risky long term development projects. Because of high technical and financial risks of
the first implementation of process intensification technologies, companies seek
opportunities via optimization of business work processes or via debottlenecking of
existing plants. Even though new technologies are developed and studied in universities
and research companies, many of these technologies are not proved in industrial scale.

Because of this reason plant managers are hesitant to take first risks. [22]

The second barrier is the lack of necessary knowledge and know-how of the industry.

Many of process intensification technologies are different in nature and unpredictable in
15



their results. Especially in pharmaceutical industry, process development is based on
scale up from laboratory procedures used to establish manufacturing protocols.
Development of new methodologies or equipments requires new laboratory equipments

to evaluate and verify the results. [23]

The third barrier is related about insufficient awareness of manufacturing and process
technologists. Chemical engineers in industry are not familiar with the subject of
process intensification. Although process intensification have entered the regular
chemical engineering education programs of many universities especially in Europe,
still chemical engineering education is based on the unit-operation, onionskin
methodology of process development (first the reactor, then separation/purification,

then heat integration, then process control, safety, etc.). [22]
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3. INTENSIFICATION ACTIVITIES IN EUROPE

It is a fact that process intensification has gained attraction both from the industry and
from the academic community during the last decades. Six international conferences,
several symposia and workshops, books and scientific papers have clearly proved this
attraction. Engineers at many universities and industrial research centers are working on
process intensification. They are developing either novel equipments or techniques to
transfer conventional processes into compact, safer, energy efficient processes.
Moreover, this subject starts to enter the regular chemical engineering education

programs of universities in Europe.

Because of the potential of process intensification to transform chemical engineering
into new era and the acceleration of process intensification activities, knowledge
networks in different European countries were formed. The Dutch Agency for the
Environment and Energy (Novem) decided in 1997 to found the PIN-NL knowledge
network on process intensification. After the formation of PIN-NL, the platform had
reached about 50 members from industry, centers of expertise and consultancy agencies.
Currently, the network’s president is Andrzej Stankiewicz, professor at the Technical
University of Delft (TU Delft) and initiator of the European Federation of Chemical
Engineering (EFCE), Working Party on Process Intensification. [24] In 2004 Dutch
Member Society (NPT) submitted a formal proposal for the formation of a new
Working Party on Process Intensification (WP PI) to the Executive Board of the EFCE
and on 14 July 2005 the General Assembly of the EFCE approved the establishing of

the Working Party on Process Intensification.

The Working Party on Process Intensification aims at:

e To set technologies in the European chemical industry;

e To supply education and exchange of knowledge on process intensification,
especially in the countries where little or no activities take place in the field of
process intensification;

e To stimulate collaborative R&D projects, especially between those less-advanced
countries and the countries leading in the field of process intensification;

e To collaborate with other European organizations, such as CEFIC’s Technology

Platform on Sustainable Chemistry;
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e To collaborate with similar initiatives in non-European organizations (e.g. AIChE,

SCE Japan, CIES China, etc)

Lately, in order to see the full picture of the current situation and application potential of
various process intensification technologies and also to determine R&D needs, the
Dutch Chain Efficiency Platform in collaboration with the Working Party on Process
Intensification of the European Federation of Chemical Engineering (EFCE WPPI),
Process Intensification Section of DECHEMA/VDI (ProcessNET) and several other
national organizations has initiated the creation of the Action Plan of PI (APPI) and the

European Roadmap of Process Intensification (EUROPIN).
3.1 The Action Plan of Process Intensification (APPI)

The project team “Action Group PI” has started its activity at the fourth quarter of 2006.
A preliminary study performed in 2006 suggested that the use of PI Technologies in
Dutch process industry can reduce the energy consumption and CO, emissions by more
than 20 % and in specific cases by more than 50 %. Moreover, safety, quality and other
relevant factors can be improved. [3] Before starting the action plan, it was believed that
European-wide cooperation would broaden the scope of the program. Because of these

reasons different communities participitated in this study. European partners are:
¢  ProcessNet (DECHEMA/VDI - Fachsektion Prozessintensivierung)

e The European Federation of Chemical Engineering (Working Party on Process

Intensification)
e The European Technology Platform for Sustainable Chemistry (SusChem)
e Société Francaise de Génie des Procédés

Also apart from above communities, the action plan has been communicated to
responsible management of leading Dutch companies (AKZO, DMV, DOW, DSM,
ECN, Huntsman, Lyondell, Rohm and Haas, Shell, Unipol Holland, Zeton) and with
branch organizations (VNCI, MKB) and have received full support. Furthermore, Delft
University of Technology participitated in this project as a technology provider and The
Dutch Government has been leading in setting up strategy for the future of the chemical

industry (Regiegroep Chemie) and a sustainable energy situation (Taskforce Energy
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Transition). The Government has supported by partially funding this PI project. Some
senior officers of SenterNovem, a Branch of the Ministry of Economic Affairs (EZ), are

actively cooperating in preparation of the project. [25]

It was believed that implementation of action plan would accelerate the implementation
of process intensification in the Dutch process industry. Extensive preparation
performed by Action Group PI and the action plan consists of mainly three elements:

gathering facts & figures, performing quick scans and developing the PI Roadmap.

In fact & figures part the status of process intensification identified by questionnaires
sent to 70 experts, searching nearly 1000 patents and scientific publications. Finally 72
process intensification technologies identified where 46 described in technology reports
by globally recognized experts. The second part of Action Plan PI consists of so called
“Quick Scan”. The aim of Quick Scan is to provide information to companies about
potential opportunities to achieve substantial efficiency improvements in production
facility by implementing process intensification technologies. [26] In Action Plan PI,
Dutch chemical industry was divided into four main sectors. These are petrochemical
and bulk chemicals (PETCHEM), specialty chemicals and pharmaceuticals
(FINEPHARM), food ingredients (INFOOD) and consumer food (CONFOOD). From
the Quick Scans performed in 2005/2006, the expectation of chemical companies for

four chemical sectors in Dutch industry is shown in Figure 5.

'R D mE D E D R T R WS SN N S N S TEN N TEN N M N M M N M M B N BN SR WD R WD mm mm w0
1 1
1 Short/mid-term Long-term i
1 Benefits from PI potential potential I
1 1
i PETCHEM « Owerall higher energy 5% (10-20 years) 20% (30-40 years) g
1 efficiency 1
| ] i
1 FINEPHARM « Overall cost reduction 20% (5-10 years) 50% (10-15 years) 1
i from higher selectivity i
I and process step I
I integration 1
| : T i
i INFOOD = Higher energy efficiency 5% (10-20 years) 75% (10-15 years) 1
1 in water removal i
1 » Lower costs through PI 30% (10 years) 60% (30-40 years) 1
aleng the value chain
1 [ |
: CONFOOD * Higher energy efficiency: 10-15% (10 years) :
i » In preservation process 30-40% (40 years) i
) « Through capacity increase 60% (40 years) 1
i = Through batch to continuous 30% (40 years) i
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Figure 5. Potential benefits of PI per industry sector in Netherlands. [25]
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The third element of Action Plan PI is the establishment of roadmap. Roadmap reflects
the state-of-the-art knowledge in the year 2007. It consists of roadmaps of four main
chemical sectors of Dutch industry, which mentioned earlier, describes barriers for
implementing PI technologies, and specifies actions needed and potential benefits. The
report is also an informative manual for any process technologist who wants to improve
his/her knowledge in process intensification and/or use process intensification
technologies on his/her production process. The details of PI Roadmap for

petrochemical industry are discussed in next part of this thesis.

The aim of Action Plan PI is the implementation of process intensification in the Dutch
process industry in three main activities: research program, piloting & demonstration
facility and knowledge & technology transfer. The relationship of these three activities

is shown in Figure 6.

Research Piloting &

program Fundamental = - Applied Piloting & demonstration
research research demonstration facility

Knowledge & g’s ‘5 gx ‘5 g ‘5

technology

Figure 6. Activities of Action Plan. [25]

In the research program field, new process intensification technologies through
fundamental and applied research are developed. The program is organized in eleven
program lines along three axes: PI Thrust Areas, PI Enabling Technologies and PI
Special Themes. Each program integrates fundamental applied research and piloting &

demonstration activities.

Piloting & demonstration facilities are the most important part of process intensification
activities because many barriers for implementing process intensification technologies

are arise from the lack of piloting & demonstration facilities or possibilities on existing
20



production lines. In addition, high technical and financial risks exist in the development
of industrial prototype and implementation in existing production line or plants. To
manage the barrier caused by the lack of piloting & demonstrating facilities, the Action
Plan PI establishes a facility where PI technologies can be piloted and demonstrated on

a semi-industrial scale and confirm feasibility and control of PI technologies.

Knowledge & technology transfer aims to support and accelerate the application of
existing process intensification knowledge and Technologies. Knowledge & technology
transfer consists of two activities: intelligence and transfer. In the intelligence activity
knowledge and know-how are collected through worldwide and the transfer activity

conveys knowledge and know-how through seminars and workshops.
3.2 The European Roadmap of Process Intensification (EUROPIN)

As mentioned in previous part, 72 process intensification technologies were listed. The
list is shown in Appendix I. This list was prepared after an extensive study and there is
no doubt that it is the most detailed list which reflects the state-of-the-art knowledge in
the year 2007. In addition, these technologies were briefly described in the appendix
part of PI Roadmap. [27] After defining the process intensification technologies, in the
next step, assessments of each reported technology were performed qualitatively by the
sector teams. All technologies are summarized for the potential benefits and barriers to
their implementation. Assessments were performed according to four main criteria and
eight sub criteria. These assessments are shown in Appendix II. The sector teams further
built their sector PI Roadmaps using the list of technologies. As mentioned in previous
part, the Dutch chemical industry divided into four main activities and for each sectors
specific potentials and barriers for every technologies were specified detaily and
showed in Appendix III. According to results of this study, a common barrier was

concluded as the unfamiliarity with or lack of knowledge of PI technologies. [3]

Apart from the barriers and benefits of each defined technologies, in PI Roadmap
detailed studies was performed for each sector. The petrochemical sector team
(PETCHEM) started to develop PI Roadmap this sector in August 2007. The sector

team members are as follow;
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Hans Feenstra — Akzo Nobel (chairman)
Peter Alderliesten — ECN

Peter Arnoldy — Shell

Frits Hesselink — Lyondell

Michiel Schenk — DOW

Hans Veenenbos — VNCI

Hans de Wit — Action Group PI

Firstly, sector team determined the requirements of petrochemical industry. The

important requirements of this sector determined as; energy saving, safety, CO,

emissions reduction, cost competitiveness and reliability. Then, processes in

petrochemical industry were arranged in five categories which also included the major

energy consumers ethylene cracking and ammonia processes. Improvement potential of

each five categories was compared to a list of 72 defined PI technologies and was

assessed for the next 10-40 years. The assessment of five categories is shown in

Figure 7.
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Ammonia Energy efficient separation |
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Figure 7. Objectives defined by petrochemical sector team (PETCHEM) for five areas.

[3]

According to results of the study, petrochemical industry can benefit much from the

implementation of PI technologies. The sector team focused on the energy saving

potential of the PI technologies in near future but many possible improvements can be

achieved in capital cost reduction, emissions reduction, safety improvements and space
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savings. Some of the important results and advices of petrochemical sector team are as

follows;

e The energy efficiency improvement target of petrochemical industry was defined
as 50 % for the year 2050 and it was envisioned that process intensification can
contribute 20 % energy saving in absolute terms;

e Space reduction potential in absolute terms was identified as 10% and for specific
cases this can be as much as 80 %;

e Number of research activities should be initiated to overcome technological
barriers for improving energy efficiency( e.g hybrid reactors)

¢ The Northwest European area is the home for the strongest chemical cluster in the
world. Process intensification technologies offer great opportunities for
maintaining the competitive leadership position;

e Knowledge transfer about the development and implementation of process
intensification should be accelerated;

e Shared piloting and/or scale up facilities should be created.

In addition, sector team defined the barriers for the implementation of process

intensification in petrochemical sector. These are;

® In current plants there is high cost to retrofit process intensification Technologies;

e There is risks of commercializing the new technologies;

e Scale-up of process intensification;

e There is an unfamiliarity and not enough knowledge in the industry about process
intensification technologies;

¢ Developments of new technologies require long time.
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4. PETROLEUM REFINING INDUSTRY IN FINLAND
4.1 Current situation and future trends of petroleum refining industry in the world

Because refining industry throughout the world show similar trends, looking through
the current situation and future trends of refining industry in general would also give

correct informations about Finnish refining industry.

The refining industry is a momentous sector on the national economy. The refining and
petrochemical industry uses oil and gas as feedstock and these feedstock are processed
to manufacture a variety of petrochemical products. Most of the chemical products,
which are used in either industry or household, are composed of approximately 300
basic chemicals and 90% of these molecular compounds are obtained from crude oil and
natural gas. Because of these characteristic, many countries regard petrochemical

industry as a basic industry in the early stage of industrialization.

Currently the refining industry has many difficulties; some of these difficulties can be
characterized by decreasing profit margins, increasing oil prices, market competition
and compulsive environmental regulations. Moreover, further interests of refineries are

to produce green fuels, such as city diesel and reformulated gasoline.

One of the ways to cope with all of these difficulties is increasing the energy efficiency
of a refinery. Refining industry is well known as energy intensive industry and mostly
energy is consumed by a few processes. Some processes such as atmospheric and
vacuum distillation are not necessarily the most energy intensive but because of high
amount of feedstock processed, approximately 35-40 percent of total process energy
consumed in these units in the refineries. The other example is hydrotreating process
which is using approximately 19 percent of total process energy for removing sulfur,
nitrogen and metal contaminants from feeds and products. On the other hand, some
processes are energy intensive but produce excess steam or hydrogen which is used by
other processes. Fluid catalytic cracking and catalytic reforming are the examples of this
kind of processes. [15] In Figure 8, the relative energy use for heat and power among

the major refinery processes (steam and hydrogen produced not included) is shown.
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Figure 8. Relative energy uses of some primary refining processes. [15]

Over the last years, many efforts are performed by industry to reduce energy
consumption. This has been achieved either by using advanced engineering tools such
as advanced process control, process optimization, scheduling etc. or by continued
improvements in technology. All of these efforts and many others have resulted in

energy saving by approximately 30 percent. [15]

In the roadmap of U.S petroleum industry, an ideal refinery in 2020 has identified with
the performance targets for energy efficiency and process improvement. Two main
themes has been emphasized for achieving these targets: (1) development and
implementation of totally new energy efficient technologies for replacing currently used
inefficient ones and (2) improvements of the energy efficiency of existing technology,

where possible.

It is easy to realize that the refineries of future must be sustainable, profitable and
environmentally friendly. Future characteristics of refineries according to energy

efficiency has been classified in the roadmap as follows;
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e Energy use is optimized in all refinery complex,

* Energy efficiency and process controls are integrated,

¢ Fouling of heat exchangers are mainly eliminated,

¢ Innovative heat exchangers are replaced with existing ones

e Usage of cogeneration in refineries are optimized and refineries are power
producers,

e Usage of very energy intensive processes such as distillation, furnace is
minimized,

® Source of heat losses (e.g. pipes) are easily identified by monitoring.

Also in the roadmap of U.S petroleum industry similarly to European PI Roadmap,
research and development needs for the petroleum industry has been identified.
Primary research area is the development and use of equipment that combines mass and
heat transfer mechanisms and catalysis to achieve the desired products more efficiently.
In both roadmaps there is a great emphasize on the process intensification for increasing
the energy efficiency in petroleum industry. In Figure 9 research and developments

needed to improve energy efficiencies of refineries in following years are shown.
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refineries. [15]
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4.2 Finnish petroleum refining industry

Finland’s primary energy supply is diverse. The largest contributor is oil which account
for approximately 29 % of TPES ( Total primary Energy Supply). The amount of five
other energy sources in 2004 is shown in Figure 10. Although the use of oil as energy
supply will decline in time, it will stay as important energy supply in near future.

Finland has no domestic production of oil and imports crude oil from the international

market.
Other
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Solid fuels
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168% o il
20%
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Figure 10. Primary energy supply in Finland, 2004. [28]

Neste Corporation is a Finnish oil and chemicals company operating worldwide. The
largest division of Neste Oil is oil refining and also produces a wide range of petroleum
products. Neste Oil has two refineries, at Porvoo and Naantali, which have total refining
capacity account for over 20 % of the Nordic region’s total refining capacity. In
addition, the company is one of the region’s largest wholesale suppliers of petroleum

products.

The history of Neste Oil’s goes back to 1948 but it was in 1957 that the first refinery
was commissioned in Naantali which is located in on Finland’s South-west coast. Initial
refinery capacity was 800,000 tones a year and in 1962 its capacity was increased to 2,5
million t/a. To meet the growing demand for petroleum products, Neste decided to build

a second refinery especially serve consumers in the Helsinki region and Eastern Finland
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in 1963. The Porvoo refinery, around 40 kilometers east of Helsinki, was commissioned
with a capacity of 2.2 millon t/a. Shortly after its establishment, Neste Oil became the
largest company in Finland. Today, after capacity increases and new projects, in Porvoo
refinery the capacity of crude oil processing has reached approximately 9,8 million t/a
and in Naantali the capacity of the refinery is 3 million t/a. According to information of
year 2008, total sales of Neste Oil have reached 15,043 million € and comparable
operating profit have reached 602 million €. Neste Oil currently employs 5,100 people.

The basic flow diagrams of the refineries are shown in Appendix V and VL.

The strategy of Neste Oil is based on its ability to use its refining expertise to produce
lower emission traffic fuels from a wide range of low-cost feedstock. In accordance
with the company’s strategy, first commercial renewable diesel production process
which can use vegetable oil or animal fat as feedstock was developed by R&D activities
of Neste Jacobs, which is an engineering company partly owned by Neste Oil. Neste Oil
built two NExBTL renewable diesel plants in Porvoo. Total capacity of these plants are
170,000 t/a of NExBTL. The first was commissioned in summer 2007 and the second
was commissioned in summer 2009. Moreover, the company built NExBTL renewable
diesel plant with a capacity of 800,000 t/a in Rotterdam and start to build a plant with a

same capacity in Singapore. New projects of Neste Oil are shown in Figure 11.
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Figure 11. New projects in Neste Oil. [30]

In addition to its two refineries in Finland, Neste Oil has totally owned or joint

venture production plants at the following locations:

e ETBE plant at Sines, Portugal

® Base oil plant at Beringen, Belgium

¢ Qil refinery at Nyndhamn, Sweden

e [so-octane plant at Edmonton, Canada
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5. POTENTIAL PROCESS INTENSIFICATION TECHNOLOGIES IN THE
FINNISH PETROCHEMICAL INDUSTRY

Although the concept of process intensification has existed for several years, there is
still rejection from industries against the application of process intensification. The
reasons for rejection to the implementation of process intensification were discussed in
the previous part of this thesis. However, companies like ICI, Akzo Nobel Chemicals,
Shell, Dow, SmithKline Beecham and many other companies have realized the
importance of process intensification and developed processes and/or equipments with

great commercial success.

The petrochemicals sector is perhaps ultimately the area of greatest potential for PI, but
one in which large investments in conventional process plant over the years can inhibit
any enthusiasm to adopt new process technology. Here the demands of physical
processes are coupled most closely with the chance to manage and exploit reaction
kinetics in different ways. The generic benefits of PI might well be harnessed to
increase the effectiveness of large tonnage commodity chemical production, but
additional specific opportunities exist to differentiate through enhanced product
properties and the possibilities of distributing processing. The upstream part of
petrochemicals has perhaps the dirtiest fluids in the sector and fouling is often a concern

inhibiting PI. [5]
5.1 Seven potential technologies

While taking PI Roadmap as a reference, 72 potential technologies were reviewed and
seven technologies were selected which are possible to be applied in the petrochemical
industry. Then the selected technologies were sent to the company with short
descriptions. The selected technologies with their code number as in Roadmap are
shown below. In Appendix VII, the short descriptions of the technologies, which were

sent to the company, are shown.

¢ Distillation-Pervaporation, Code: 2.1.5

e Heat integrated technology, Code: 2.1.4

e Membrane assistant reactive distillation, Code: 2.2.8
e Spinning disc reactors, Code : 3.1.5

e Membrane reactors (Non-selective), Code : 1.2.3
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e Membrane reactors (Selective, catalytic), Code: 2.2.2

e Advanced shell and tube heat exchangers, Code: 1.1.2

Neste Oil is interested in membrane reactor (selective, catalytic) technology and in the

following section membrane reactors and their applications are discussed in detail.
5.2 Catalytic membrane-type reactors

Membrane operations offer great potential in the field of process intensification. In
addition to the ability of membrane operations to combine both thermodynamic and
kinetic partitioning, it represents a real model of intensification and shows a higher
efficiency over conventional separation and reaction operations. [31] The benefits of
different types of membrane operations over conventional processes are summarized as

follow;

° In membrane gas separation process, the separation takes place without phase
transition. This saves energy during operation;

e In membrane technology relatively simple and non-harmful materials are used
and this is better for environment;

. Compared to conventional processes, membrane operations are simple, easy to
operate and less maintenance required;

e  The recovery of valuable minor components from main stream can be performed
without additional energy supply;

. The developments of new materials in membrane gas separation technology
such as organic polymeric and hybrid organic-inorganic would open new

application fields in the petrochemical industry. [32]

Combining reaction and membrane separation in a single unit has many benefits over
conventional processes. In the reaction occurred in the membrane, the end product is
removed selectively for shifting the reaction to the right side and as a result the
conversion rate or the concentration of final product enhances. From PI point of view,
it is very important to give each molecule the same processing experience. By
continuously removing the reactants from the system would prevent further formation

of unwanted products. This fits with the second principle of the process intensification.
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Moreover, catalytic membrane—type reactors are good example with the forth principle
of process intensification “Maximization of the synergistic effects from partial

processes”.

Membrane reactors are not only a good example of process intensification but also they

have many advantages over conventional reactors. Some important advantages are:

¢ Enhancement of equilibrium limited reactions compared to conventional reactors;

e In membrane reactors, the interaction between two reactants can be controlled;

e (Combination of catalytic reactor and downstream separation unit will reduce the
capital costs;

¢ The stoichiometry of the reaction can be easily maintained;

* Many different types of reactions can be carried out at relatively low temperatures

compared to conventional packed bed reactors. [33]
According to their function, membrane reactors can be classified into three groups:

e  Extractor, selectively removing the products from the reaction mixture;
¢ Distributor, controling the addition of reactants to the reaction mixture ;

e (Contactor, intensifying the contact between reactants and catalyst .

Extractor membrane reactors are the most common type. These types of reactors can be
further classified according to their function as selective product removal and catalyst
retention. In selective product removal type extractors, one component of product
generated in the reaction is continuously and selectively removed from the reaction
mixture. If the reaction rate of undesired reaction is higher than that of desired reaction,
selectivity can be increased by removing the desired intermediate species. The
properties of this type of extractor reactor provide advantage over packed bed reactors.
Another significant advantage of this type of reactor over packed bed reactors is that
selectively removal of the valuable product prevents further separation or reducing the
separation efforts by increased product concentration. The most common applications of
this type of reactor in petrochemical sector are catalytic dehydrogenations of light
alkanes or reactions for hydrogen generation, such as steam reforming or water-gas

shift. [34] In the next part the details of these processes are discussed.
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Selective Catalyst

T

Figure 12. Principles of extractor membrane reactor. [34]

In the distributor membrane reactor, one reactant is specially added to the reaction
mixture through the membrane. In this concept, a membrane can perform two different
functions; Distribution of the limiting reactant along the reactor can prevent hot spots
and especially side reactions. As a second function, the membrane can be used in

upstream separation unit.

In Figure 13, sequential reaction is illustrated in distributor membrane reactor. The
reactants A, B react to form desired product P and further the reaction between P and B
form the undesired product Q. Here if the power laws kinetics is assumed, membrane
reactor can reach a higher selectivity to desired product P than in a conventional reactor.
As the reactant A is consumed in membrane reactor, one remaining problem is the
reduction of the A to B ratio, if B is constantly added. This phenomenon is worsened by
the influence of pressure drop across the catalyst bed on the permeate side. This leads to
increase in pressure gradient and therefore permeate rate towards the reactor end

increases. [34]
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Controlled Selective Addition
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Figure 13. Principle of distributor membrane reactor. [34]

Contactor membrane reactors with a gas and a liquid flowing on different sides of the
membrane control the contact between different phases of a reaction mixture. The
membrane can spatially separate gas—liquid or aqueous-organic systems and is often
catalytically active. In Figure 14, working principle of membrane contactor is

illustrated. Membrane contactors are discuused in case study part in detail.

Interfacial Forced
Contactor Flow-Through
A@ 3" P A+B
B P P
A+B (—:1» P A+B g P

Figure 14. Principles of contactor membrane reactor. [34]

5.3 Applications of catalytic membrane-type reactors in petrochemical industry

Refinery operations consist of unit operations involving multiple processing units for
massive production of different types of fuels and other products. In many steps of
complex refinery operations, different types of reactions occur. Many of these reactions
are already operated efficiently mainly in fixed bed reactors for optimal productivity
and selectivity. However, there is an apparent opportunity for membrane operations in
refineries. This opportunity has been arisen because of increasing H, demand of

refineries. The main reasons for increasing demand for H, of refineries can be
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summarized in three factors. Firstly, environmental regulations for emission controls
restrict benzene usage in gasoline as octane enhancer. Before restrictions, H, demand of
all refining processes easily met during the formation of aromatics by dehydrogenation
reactions Secondly, legislation on sulfur content in fuels has increased the need for
hydrotreating. Thirdly, the reduced market for heavy fuel oil forced refineries to use
hydrocracking for upgrading. [35, 36] All of these three factors lead to hydrogen deficit
in refineries and refineries have made investments for hydrogen production facilities.
Opportunities within Refineries:

¢ Dehydrogenation reactions;

e Alkanes to simple olefins;

e Reforming of alkanes by dehydrocyclization;

¢ Oxydehydrogenation;

e (atalytic decomposition of H,S; HI, H,O;

¢ Hydrogenation reactions;

¢ Steam reforming with membrane reactors;

e Water gas shift reaction;

¢ Conversion of remote natural gas to syngas and liquid fuels. [35]
5.3.1 Dehydrogenation reactions

Dehydrogenation reactions are one of the important petrochemical reactions by which

hydrogen is produced. Some of the dehydrogenation reactions are shown in Table 2.
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Table 2. Reactions in catalytic membrane reactors. [32]

Dehydrogenation  Ethane — ethylene
Propane —» propylene
Cyclohexane — benzene
Cyclohexane — cyclohexene
ethylbenzene — styrene
Butane — butadiene
Isopropylalcohol — acetone
Isobutane — isobutylene

Hydrogenation Propene —» propane
Butene — butane
Ethylene — ethane

Oxidation Carbon monoxide — carbon
dioxide
Ethylene — ethylene oxide
Propylene — propylene oxide

For the dehydrogenation of cyclohexane to benzene a classical study performed by Itoh
et. al. (1987). In the study, he used a 0.05 in thick Pd/Ag membrane tube which
contains 0.5 Pt/Al,O3 catalyst. His reactor design is illustrated in Figure 15. In this
membrane reactor, 99 % conversion was achieved and argon sweep gas was used to
carry away the H, permeating through the Pd membrane. The reaction conditions over
the catalyst were at 200°C and 1 atm pressure using an argon stream saturated with

cyclohexane vapor. [37]

77% PdI23% Aqg

Argon Sweep alloy

0.5% Pt/alumina

Figure 15. Dehydrogenation of cyclohexane. [37]
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5.3.2 Water gas shift reaction

The water gas shift (WGS) reaction is another important process operation in refining
process. Currently hydrogen is produced by reforming and/or partial oxidation of light
hydrocarbons such as natural gas. In this production system, a membrane system can be
integrated for upgrading of the streams coming from the reformer, generally in water
gas shift reaction. This reaction reduces CO content and produces H,. The experimental

set-up performed by Tosti et al. [38] is shown in Figure 16.

CO + H,0 — CO, +H,

to isotopic
separation
— <
[
coIco, { H, make-up
storage ot Pd membrane reactor
vessel \
Y
I
—/ 4 [
4 >
condenser heater <},
(RSN N
tritiated waste
o O
tritiated water
from cryotraps recycle pump

Figure 16. Scheme of closed loop process for water gas shift reaction. [38]

5.3.3 Steam reforming

The primary large-scale industrial hydrogen production route is via methane steam
reforming. The process involves two equilibrium-limited reactions: the reforming and
gas shift reaction. As CHj is a stable hydrocarbon, extremely high reaction
temperatures and pressures, around 800°C and 20 atm are required for endothermic
reaction (2). Carbon monoxide is further reformed with steam to CO, and H, by

exothermic reaction (3).
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Figure 17. Scheme of pure hydrogen production by steam reforming of natural gas in a

conventional system (up) and on a membrane reactor (down). [39]

Reforming CH4 + H,O < CO + 3H,; AH= 206 kJ mol™!
Water gas shift CO + H,O < CO + Hy; AH=-41kJ mol™!

If Hs is selectively removed from the reaction system, thermodynamic positions of these
reactions are shifted to the product sides and highly efficient conversion of CH4 to CO,
and H; can be attained and it can be accomplished even at low temperatures. Selective
removal of hydrogen in a membrane reactor enabled the hydrogen production by steam
reforming at lower reaction temperatures than conventional processes. [32] In a
membrane reactor the highly endothermic steam reforming reaction can reach the same
yield at a conventional process operating at 850-1000°C when hydrogen is extracted
from the reaction zone through membrane. For slightly exothermic limited water gas
shift process, a higher yield can be obtained by shifting the equilibrium. In membrane
reactor concept for hydrogen production, the compatibility of the amounts of hydrogen

produced and removed is essential.
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Figure 18. Membrane reactor for methane steam reforming. [32]

5.3.4 Naphtha reforming

Mostafazadeh et. al.(2009) [40] has evaluated the performance, optimal operating
conditions and increasing the aromatic production in a Pd—Ag membrane reactor for
catalytic naphtha reforming. A reactor configuration has been used with perm-selective
Pd-Ag (23 wt.% Ag) wall to hydrogen. The reactants are flowing through the tube
side and hydrogen is flowing through the shell side. Hydrogen penetrates from reaction
side into the carrier gas due to the hydrogen partial pressure driving force. Hydrogen
permeation through membrane leads to shift the reaction towards the product side

according to the thermodynamic equilibrium.

In the study, the naphtha reforming process occurred in the membrane reactor is similar
to that in conventional reactors. The difference is that in membrane systems the walls of
reactors in the second reactor is hydrogen perm-selective membrane. By the help of
pressure difference between the shell and tube in membrane reactors, hydrogen can
diffuse through the Pd-Ag membrane layer. The membrane reactor is considered to be
made up of two concentric pipes. The inner pipe is catalytic reaction side and the other
pipe is shell side. The inner tube supports a dense film of Pd—Ag (23 wt.% Ag) and the
outer one is the non-permeable shell. The materials are flowing through the reaction and

shell sides in cocurrent flowmode. Hydrogen permeates along the reactor in order to
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control amount of hydrogen for better operation and efficiency. The thickness of the

membrane is equal to 10um and it has been

reported in figures captions. Pore size of the membrane equals 4 nm and the Pd—Ag

(23 % Ag) membrane is supported by stainless steel

R: Reactor
E: Heat Exchanger

C: Compressor

S-1: Separator Off Gas
S-2: Stabilizer

r‘] Reformate to Storage

|—
Naphtha Feed C-1 I
Hydrogen Rich Make Gas

Figure 19. A simple process flow diagram for catalytic naphtha reforming. [40]

5.3.5 Methane to syngas

Natural gas is preferably converted to liquid fuels for use in the transport sector via the
so-called gas-to-liquid (GTL) process. In the GTL process firstly syngas is produced via
the partial oxidation of CH4 with pure O, and then converted to higher hydrocarbons via

the Fischer—Tropsch reaction:

CH4 + 1/20, — CO + 2H,»
nCO + 2nH, — (CH3)n + nH,O

GTL processes are currently being commercialised by SasolChevron, Shell and other
companies, with which enormous investment costs (about 25,000 US$/daily barrel) are
associated. Moreover, in this area, a large multiyear effort has been funded by United
States Department of Energy. Over a period of eight years $84 million has been
awarded. This total award has supported a cooperative agreement administered by Air
Products & Chemicals of a consortium including several major laboratories and
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companies, such as Chevron and ARCO. The final goal of the program is to construct a
pre-commercial plant to handle 15 million ft3/day of natural gas and is to produce

refined products equivalent to those made from crude oil at $20/barrel.

In Figure 20, a shematic view of catalytic membrane reactor (RFCMR) concept with
porous membranes is shown. The syngas and O, compartments are separated by a
porous membrane. Porous membrane is located in the centre of the reactor. The gas
streams are fed co-currently to the compartments and the flow directions are
periodically alternated to create the reverse flow behaviour. At the centre, the syngas
compartment is filled with catalyst for the partial oxidation reaction, while at the in- and
outlet of this compartment inert material is positioned for additional heat capacity and to

prevent back-reactions.

| heat exchange | g + Hggf CH.) | heat exchange |

= | permeation & reaction |
CO+H,

Figure 20. Schematic overview of the RFCMR concept with porous membranes in a
shell and tube configuration. The colour gradient represents the axial temperature

profile, a darker colour indicates a higher temperature. [41]
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6. CASE STUDY: SEPARATION OF CO; FROM THE FCC UNIT EFLUENT

In Porvoo Refinery, there is 180 t/h flue gas, which is an effluent of fluid catalytic
cracking unit (FCC). The flue gas composes of approximately 14 % by volume COs,.
The temperature of flue gas is between 250 and 280°C and pressure is close to
atmospheric pressure. The case is to find a solution by using one of the process

intensification techniques to separate CO, from flue gas flow.
6.1 Overview of whole process

Fluid catalytic cracking (FCC) plays a key role in an integrated refinery as the main
conversion process. For many refiners, the cat cracker is the key to profitability in the
successful operation. The main purpose of the unit is to convert high boiling petroleum

fractions to high-octane gasoline and heating oil.

The gas oil feed, which is the portion of crude oil that commonly boils in the 330°C to
550°C range, comes from the atmospheric column, the vacuum tower and delayed
coker. Moreover, some refiners blend atmospheric or vacuum resides into the feedstock
to be processed in the FCC unit. The FCC process is a complex process. The process
description can be broken into six separate sections:

e Feed Preheat

e Riser-Reactor-Stripper

e Regenerator- Heat/Catalyst Recovery

e  Main Fractionator

e Gas Plant

e Treating Facilities

The flow diagram of a typical FCC process is shown in Figure 21. Also the place of
FCC process in Porvoo Refinery and the detailed unit figure are shown in Appendix V

and Appendix VII respectively.
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Figure 21. Process flow diagram of a typical FCC Unit.

During the reaction, in reaction chamber, coke is formed and deposited on the surface of
the catalyst; because of deposition, catalyst becomes deactivated. To reactivate spent
catalyst, coke is burned in the regenerator with air. The spent catalyst entering the
regenerator contains between 0.4 wt. % and 2.5 wt. % coke, depending on the quality of the
feedstock. Components of coke are carbon, hydrogen, and trace amounts of sulphur and

nitrogen. Reactions in the regenerator are as follows:

C+12 0, — CcO

CO + 1/2 O, — CO,
C+0, - CO,
H,+ 120, - H,0
S + xO — SO,
N + xO - NO,

For the design of a novel system following flue gas compositions obtained from Neste
Oil were used. The compositions are measured daily by the company and average

values of the year 2009 are as follow;
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Table 3. Flue gas composition.

Composition Value
H,0 (vol %) 10,20
CO; (vol %) 13,42
CO (vol ppm) 173,18
NOx (vol ppm) 419,84
SO, (vol ppm) 47,59

Apart from the above compositions, flue gas composes of O, (partial combustion) and
N,. The compositions of these gases are not measured by the company. In literature O,
composition is obtained approximately 3 % by volume. [42] The rest of the gas is Ny,
approximately 73 % by volume. The yearly average value of flue gas flowrate is
calculated as 175,56 t/hr. Throughout the calculation used for simulations in the

following parts, CO, NOy and SO, gases are neglected.
6.2 Generation of design concept

For generating design concept, 72 process intensification technologies, which were
mentioned in the European PI Roadmap, was investigated in detail. According to the
results of investigation, the most proper technology for separating CO, from flue gas
stream is to use membrane hybrid systems technology with a code of 2.1.5 and sub-
technology is chosen as membrane absorption/stripping with a sub-technology code

2.1.5.1. The selected technology is described in detail in this part of the thesis.

A membrane contactor has the advantages of both membrane technology and an
absorption technology. It offers a unique way to perform gas—liquid absorption
processes in a controlled fashion and it has a high operational flexibility. In a membrane
contactor the membrane serves as an interface between the feed gas and the absorption
liquid. In the case of separation of CO; from flue gas stream, CO, diffuses from the feed
gas side through the membrane pores and is then passed to the liquid phase and
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absorbed in the absorption liquid. The selectivity of the process is not only depending

on the membrane system, but it is also depending on the absorption liquid. [43]

A membrane contactor has many advantages over conventional contacting devices such
as high surface area per unit volume of contactor, separate control of gas and liquid flow
rates without any flooding, weeping, foaming or entrainment problem, smaller size,
known gas—liquid interfacial area, modular and being easy to scale up or down. [44] For
example, The absorption rate of CO, per unit volume of the membrane contactor is 2,7
times higher than that of the packed column because of the increased gas-liquid

contacting area. [43]

Absorption process can be classified to physical absorption and to chemical absorption.
In the physical absorption mechanism, the gas component physically dissolves in the
liquid phase. On the other hand the gas component reacts with liquid phase in chemical
absorption mechanism. In ideal case, non-wetted mode, the pores of the membrane
should be filled with gas. Thus, mass transfer resistance due to presence of membrane is
minimized and the membrane doesn’t offer any selectivity for the gas to be separated.
This role is performed by the liquid absorbents. From this information, it is obvious that
the liquid absorbent plays an important role in the operation of the membrane contactor.
Reactive liquid absorbents should be chosen because their absorption rates and
capacities are usually much better. This characteristic not only results in a reduction in

the size of the membrane contactor but also the solvent circulation rate. [44]

Although above advantages of hollow fiber membrane contactors, there are some
disadvantages and some technical obstacles which should be evaluated in acid gas

absorption.

e The presence of a membrane adds another resistance to the mass transfer process
which is not encountered in absorption columns. This resistance negatively affects

the overall mass transfer and significantly lower the selectivity.

e The membrane wetting caused by absorbents is an important problem for the
practical application of this technology. The membrane wetting increases the

membrane resistance.
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¢ In addition the membrane resistance problem, operating conditions such as
temperature and pressure of the gas phase and liquid absorbent, flowrates of both

phases and concentration can also affect the membrane absorption significantly.

The pressure of the liquid side should be kept higher than that of the gas side to prevent
bubble formation in the liquid side in the hollow fibers. Bubble formation in the liquid
side cause loss of gas components and operating stability. However, a higher pressure in
the liquid side could cause membrane wetting in long-term operations. Operating
temperature is also an important parameter in the operation of membrane contactor.
High temperatures of liquid phase can increase the reaction rate between gas and
absorbents but it can decrease the liquid surface tension significantly and results in
membrane wetting. The other parameter that should be optimized is the flowrates of the
phases. An increase in the gas flow rate reduces the residence time which results in
lower gas absorption rate. An increase in the liquid flow rate can prevent liquid

saturation by disturbing liquid boundary layer results in higher gas absorption. [44]

As a result, selection of operating conditions and controlling the operating parameters

are important for the best performance of membrane contactors.

6.3 Design of the concept
In this step the process is designed. In the first stage of the design of membrane process,

module geometry and flow pattern of fluids, material type and absorbent are selected
according to studies in literature. In the second stage, the steady state mass transfer
equations are developed in the tube, membrane and shell side of the membrane
contactor for selecting required tube length and checking if the selected dimensions of
the membrane contactor meet the requirements to separate CO, from flue gas stream.
The the required amount of membrane tube is calculated. In the last stage, the whole

process is designed and economical analysis of the whole process is performed.
6.3.1 Module geometry and flow pattern selection

Successful design of membrane process design should consider not only membrane
chemistry and structure, but also flow configuration and module geometry. The design
of a device which has mass transfer in gas-liquid or liquid-liquid system, hollow fiber

membrane module is extensively preferred on gas absorption/stripping, extraction,
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membrane distillation, etc. Hollow fiber membrane module is a bundle of porous

hollow fibers packed in parallel alignment into a shell.

The other important issue in the design of membrane contactor is to choose flow pattern
for the operation. Based on the flow directions of the gas and liquid phase, the hollow
fiber membrane contactor can be used in two different modes of operation: A parallel

flow mode and cross flow mode.

In parallel flow mode, the flow of the phases is parallel to the axis of the fiber and both
fluids flow either in same direction (co-current) or in opposite direction (counter-
current). In cross flow mode, the shell-side fluid flow perpendicular to the axis of fiber.

Thus the two fluids flow at right angles to each other.

Shell side
fluid out
Fiber side
fluid in
— —
Fiber side
fluid out
Shell sideT
(a) fluid in
T Shell side T
/‘ fluid out ’\
Fiber side Ffilb‘?rSide
fluid in uid out
\A T Shell side T J
(b) fluid in

Figure 22. (a) Parallel-flow hollow fiber module; (b) cross-flow hollow fiber module.
[45]

In parallel flow mode, if counter-current mode is chosen, the highest average
concentration driving force is obtained. Counter current mode is preferred where
membrane or fiber side mass transfer resistance controls. Cross-flow mode is preferred
when the shell side mass transfer resistance controls. Cross flow mode offers several
advantages such as high mass transfer coefficients, minimized shell side channelling

and lower shell side pressure drop when compared to the parallel flow mode. [45]
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As shown in equation 1 and explained in the following part the resistance to gas
diffusion from the bulk gas to the membrane external surface can be ignored. According
to this information, parallel flow mode with counter-current flow is chosen as operating

mode.

Figure 23 shows more detailed representation of membrane contactor module which

chosen for design case.

Fluid #2 out Fluid #2 in

Distribution tube

Hollow fiber membrane .
Cartridge Collection tube  Housing

Figure 23. Parallel flow mode with counter-current membrane contactor modules. [46]

6.3.2 Membrane material selection

Symmetric hydrophilic porous membranes or asymmetric membranes with ultra-thin
layer can be used as a gas-liquid membrane contactor. In both types, the membrane
should be able to separate the contacting gas and liquid. Typical membranes are
prepared from hydrophobic polymer materials which have a high porosity, a membrane
thickness of 10-300um and providing microfiltration properties with pore size of 0.1—

Ium. In Table 4 different membrane types and their properties are showed. [44]
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Table 4. Characteristics of hollow fiber membranes used in gas absorption contactors.

[44]

Membrane ID (pm) 0D (pm) Pore Size (jum) Porosity® Process

Polysulfone(PS) 200 400 0.05 = 50; ahsorption with NaOH, Na;C03, Na; 505 and
NaHCO; solutions

Polysulfone(PS) 560 880 0102 = H,5 absorption with NaOH solution

Polyethersulfone(PES) 460 850 = = H,5 absorption with NaOH solution

Polyethylene(PE) 482 706 = 0.82 C0; absorption with MEA solution

Polytetrafluoroethylene (PTFE) 1000 1700 - 040 C0; absorption with MEA solution

PP 600 1000 0.265 0.79 (0, absorption with CORAL 20 solution

PP 270 300 0.015 0.30 (€0, absorption with water, DEA and NaOH solutions

PP 344 442 0.02-02 >045 (€0, absorption with PG, MEA and MDEA solutions

Poly(vinylidene fluoride} (PVDF) 300 514 - 0.698 C0; absorption with pure water

PVDE 607 907 0.04 = H,5 and C0O; absorption with Na;C0; solution

PP 244 300 - 0.35 C0; absorption with MEA and AMP

PTFE 1000 2000 - 0.50 C0; absorption with MEA and AMP

Membrane material not only affects the permeability and hydrophobicity but also the
absorption and chemical stability under operating conditions. Among various
hydrophobic polymers, polyproplene (PP), polyethylene (PE) and

polytetrafluoroethylene (PTFE) are the most popular membrane materials.

Recently, Khaisri and co-workers (2009) tested three different membranes, including
PTFE, PP, and polyvinylidene fluoride (PVDF) in gas absorption system for CO,
capture according to performance in both physical and chemical absorption. They
obtained PTFE and PP membranes from commercial vendors and prepared Tailor-made
PVDF membranes were prepared via a phase inversion method containing lithium

chloride (LiCl) as a non-solvent additive in the manufacturing process.

For physical absorption experiments, pure CO, at a constant gas flowrate of 300 ml/min
was used. As absorbent de-ionized water was used. The absorbent was fed into the
module shell side while the pure CO, gas was fed into the membrane lumen side. At
steady conditions, the feed gas stream was measured using a bubble flow meter. The
membrane resistances were determined using the Wilson plot method. According to
their results, that the PTFE, PP and PVDF membranes have membrane resistances of
39%, 43% and 47%, respectively. [47] The difference in resistances of different
membrane types can be explained by membrane wetting. Membrane wetting causes

extra resistance and thus reduces the overall mass transfer coefficient. [44]
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The other physical experiment was performed for comparing the CO, flux with an
increasing liquid velocity. As expected CO; flux increases with an increasing liquid
velocity due to an increse in the mass transfer coefficient. Both PTFE and PVDF
membranes shows higher CO; flux than PP membrane, and PTFE shows higher CO,
flux over PVDF membrane at higher liquid velocities. The comparison of CO; flux for

these membranes is shown in Figure 24.
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Figure 24. Effect of liquid velocity on CO; flux in physical absorption experiments
(pure CO,—water, Q, = 300 ml/min). [47]

In chemical absorption experiments, aqueous solutions of MEA and a simulated flue gas
stream containing 15 % and 85 % air was prepared as a feed gas. A counter-current
mode of operation was used with the gas flowing inside the membrane tube and the

liquid flowing in the module shell side.

In Figure 25 the absorption performance of PTFE, PVDF and PP membranes in
chemical absorption in terms of CO, flux with increasing liquid flowrate are shown. As
a result, it was concluded that the membrane performance was in order of PTFE >
PVDF > PP in terms of the absorption flux. For liquid flowrate below 20 m/hr, the

difference between PTFE and PVDF membrane is not significant.
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Figure 25. Effect of liquid velocity in chemical absorption experiments (1.0M aqueous
MEA solution, CO; loading 0,20-0,21 mol CO,/mol amine, 15% CO,, inert gas flow
rate 0,30 mol/min). [47]

As discussed in the disadvantages of membrane contactors part in this thesis, membrane
wetting has a significant effect on CO, absorption flux and it can be regarded as one of
the main disadvantages of membrane contactors. The hydrophobicity of membranes is
defined in terms of contact angle between the water and membrane. Wetting problem
can be prevented by a high contact angle or in other terms by a higher hydrophobicity.
The hyrophobicity of these three membranes is in the order of PTFE > PP > PVDF. It
can be concluded that PTFE membranes prevents water penetration into membrane
pores better than PP and PVDF membranes. Thus, PTFE membrane resistance was less

than the PP and PVDF membranes because of its hydrophobicity. [47]

As previously mentioned, Membrane material has a significant effect on the chemical
stability of gas absorption membrane system. Thermal stability of the membrane
material determines the membrane performance and economy of the operation. Under
high temperatures, the membrane material can undergo degradation or decomposition.
The extent of membrane degradation or decomposition depends on the glass transition
temperature, T,, for amorphous polymers or the melting point, T,, for crystalline

polymers. When taking into account the membrane performance and the economy of the
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operation, membrane materials with suitable T, should be applied. For the CO,
absorption from flue gases, membrane with high T, must be applied because flue gases
are often emitted at high temperatures. Under such high temperatures, thermal stability
of the membrane material become more important issue. [48] In Table 5, the glass

transition of different polymers is shown.

Table 5. Glass transition temperature of different polymers. [48]

Polymer T, ("C)
Polytetrafluoroethylene 126
Polypropvlene —15
Polyethylene —120
Polyether sulfone 230
Polysulfone 190
Polyvinylidenefiuoride —40
Polydimethylsiloxane —123
Kapmn@ polyimide 300

Table 6. Costs of three different membranes. [47]

Membrane Cost- (SUS/m) Supplier

PVDF 0.36 Wenzhou New Century International Ltd. (China)
PTFE 11.50 Sumitomo Electric Fine Polymer (Japan)
PP 0.01 Mitsubishi Rayon Ltd. (Japan)
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6.3.3 Criteria for the selection of liquid absorbents

According to the study performed by Li et al. (2005), the selection criteria of liquid

absorbents should be based on following six criteria:

e High reactivity of liquid absorbent with CO,: In wetted mode, liquid absorbent
starts to contact with CO, in the membrane pores. A high reactivity leads to higher

absorption rate and mass fluxes;

® High surface tension of liquid absorbents with membrane: Generally liquids with
low surface tension have a tendency to permeate the pores of hydrophobic
membrane. In wetted mode, the resistance from the stagnant liquid layer in the
pores is much larger and it determines the overall mass-transfer rate. even at a
marginal wetting (<2%) of the pores, it could result in an increase in a membrane

resistance as high as 60% of the total mass-transfer resistance;

e Chemical compatibility with membrane material: Chemical compatibility is an
important factor while choosing liquid absorbent. Mainly the long term stability of
membrane module depends on the interaction of membrane with liquid absorbent.
The wetting of membrane can be caused by reaction of the liquid absorbents with
the membrane, which causes changes in surface and pore morphology and

reduction of breakthrough pressure;

e Low vapour pressure: If the solvent can easily volatile, the vapour of solvent can
fill the membrane pores and penetrate through the membrane into gas phase. This
will cause to increase the total mass transfer resistance. Thus, solvents with low

vapour pressure should be preferred;

®  Good thermal stability: The solvent should possess good thermal stability and be
chemically stable within a large range of temperature, thus its thermal degradation

can be avoided;

e FEasiness of regeneration. If the absorbent is recycled frequently in the process,

this factor should be taken into account. [48]

Apart from the above six factor mentioned by author, a good absorbent should not pose

a corrosion problem for all piping system of the process and should be cheap.
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The solvent should have a low viscosity to avoid high pressure drop over the fiber
length. A high solvent viscosity also reduces the mass transfer rates thereby increasing

the membrane area requirement.

MEA, MDEA, ammonia and potassium carbonate are the most commonly used
absorbents in industry and in literature. These absorbents are compared according to the

seven important factors. The results of comparison are shown in Table 7.

According to the Table 7, most suitable absorbents are MEA and Ammonia. When
considered industrial application for regeneration processes, MEA is most commonly

preferred solvent.

When CO, is absorbed into absorbent, it reacts with an aqueous MEA solution.

According to Edali et al. [49] the reaction scheme is as follows:

Ionization of water:

H,O < OH + H" (R.1)
Dissociation of dissolved carbon dioxide to carbonic acid:

CO,+H,0 < HCO; + H' (R.2)
Dissociation of bicarbonate:

HCO; < CO;* + H' (R.3)
Formation of bicarbonate:

CO, + OH < HCO5 (R.4)

Reaction of CO, with primary amine:

RNH, + CO, <> H' + RNHCOO (R.5)
RNH, + H* <> RNH," (R.6)
RNHCOO + H,0 <> RNH, + HCO; (R.7)

The whole reaction scheme can be considered as first order with respect to the
concentration of CO, and the concentration of MEA, [50] as shown below:

Rco2-mea = kvea[CO2[[MEA]
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Table 7. Comparison of different solvents.

Cost Volatality Degredation | Corrosion | Stripper steam | Renegeration Compatabl
(US$/1b) ™" | (atm*10° at req. e
40°C) with PDVF
MEA 40 0.1 High High 4.2 Easy Compatible
MDEA 300 0.003 Moderate Moderate 3.3 Easy Compatible
Ammonia 5 200 None High None Easy Compatible
Potassium 50 0 None High 3.5 Easy Compatible
Carbonate
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6.3.4 Mass transfer in hollow fiber membrane contactor

The mass transfer process in a membrane contactor consists of the following steps:
e Transfer of a gas from the bulk gas phase to the membrane surface;
e Transfer of a gas through the membrane pores to the liquid interface;
e Transfer of a gas from the liquid interface into the liquid bulk.

There is two model developed to describe CO, absorption by liquid; non-wetted and
wetted modes of operation. In the first model (Figure 26-a), the liquid flows under
laminar conditions through the fiber lumen and gas flows in the shell side, but the pores
of the membrane are filled with gas. In the second model pores of membrane are filled

with liquid (Figure 26-b).

| Liguid-gas interface |
[ 4 i i r Liquid-gas interface

membrane 3

e
]

membrane

o | ﬂ
UMY

s | aqueous amine 03
solution

aqueous amine
solution |

i
(a) Non-wetted mode (b) Wetted mode

Figure 26. Two operating modes of hollow fiber membrane contactor. [51]

In most of the researches, non-wetted mode was taken into account for numerical
simulation of the system. Partial wetting or total wetting can of membrane pores can
occur in real situations especially when polypropylene (PP) or polyvinylidene florid
(PVDF) is employed for gas absorption or stripping. Capillary condensation of water
vapour in the pores, as well as pressure difference between shell side and lumen side,
can be possible reasons for partial wetting. In case of wetting mode, mass transfer is

much lower due to lower diffusivity of CO, in liquid. Therefore, the liquid phase
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pressure in a hydrophobic membrane should not exceed breakthrough pressure of the

membrane to prevent membrane wetting. [51]

The other configuration is the place where gas and liquid phases flow. Two possible
configurations are showed in Figure 27. The case where bulk gas flows in the tube side

of the membrane contactor is chosen for the design.

I
\Bulk of liquid  Membrane Bulk of gas * Bulkofgas  Membrane Bulk of liquid

7
%

Figure 27. Mass transfer in hydrophilic membrane contactors in wetted mode. a) Liquid

in fiber lumen while gas in shell, b) Liquid in shell while gas in fiber lumen. [52]

As mentioned, the overall process consists of three main steps. For a hydrophobic
hollow fiber membrane with wetted mode and liquid absorbent in shell side, the overall

liquid phase mass transfer coefficient (K,) can then be expressed by:

1 _oom m 1
Ko ~ kgdo/d, " Km@im/d; " EK E.D)
where;

Ko, Ky, and K; are the individual mass transfer coefficients (m/s) of gas phase, membrane
and liquid phase, respectively;

d,, d; and dy,, are the outer, inner and log mean diameters of hollow fiber membrane;

m is the distribution coefficient between gas and liquid phase;

E is the enhancement factor due to chemical reaction.
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For gas absorption, the resistance to gas diffusion from the bulk gas to the membrane

external surface can be ignored compared to other resistances. [53]

In this section of the thesis a mathematical model developed to describe and simulate
CO, absorption from a gas mixture using MEA aqueous solution. According to above
descriptions, gas mixture is flowing inside the tubes of membrane and aqueous solution

is following parallel to gas flow on the shell side of the membrane.

CO, diffuses from the tube side of the membrane wall and then through liquid filled
membrane pores and finally followed by liquid phase diffusion/ chemical reaction. The

following assumptions are done for deriving the mathematical expressions:

e Fully developed laminar flow in the tube (lumen) side;

e [deal gas behaviour;

e The steady state and isothermal operating system;

e (Constant tube- and shell side pressures;

¢ Uniform pore size distribution and membrane wall thickness;
e Wetted mode model is used;

® Negligible axial dispersion in the tube side.

The first assumption is valid when the Reynolds number is not exceeding 2100 and the
last one is valid when the flow velocity in the tube side (z direction) is greater than axial

diffusion (r direction).

The steady state continuity equation for each species during the simultaneous mass
transfer and chemical reaction in a reactive absorption system can be expressed as
follow:

aC,

— VN, £R =V, —= (E2)
oz

Where C;, N, R;, V,, and z are the concentration mass flux, reaction rate of species i,
velocity, and distance along the length of the membrane, respectively. To determine the

flux of species I, either Fick’s law of diffusion or Maxwell-Stefan theory can be used.
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The left hand side of the Equation 2 represents the diffusion and reaction terms, whereas

the right hand side of the equation is the convection term.

Diffusive flux can be expressed by:

N,=-D,— (E.3)

v

Figure 28. A shematic diagram for the membrane contactor.
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Tube side mass transfer

Because there is no reaction inside the tube, the steady state continuity Equation 2 can

be written as follow;

oy, -y .
0z

For a cylindrical differential volume element of thickness Ar and length Az, as shown in

Figure 28, mass balance is expressed as follow;
Z+AZ 27ZTAZ ] = 0

(N, |, 2mAz+ N, |. 2m8r) =[N,

2(r+Ar)Az+ N,

r+Ar

Dividing above equation by 2nArAz and taking the limit as Ar—0 and Az—0 gives:

. (}"N r)r_(rNrr r) . N _N
lim A Al 4 Jim 2R AR (E.4)
Ar——0 Ar Az——>0 AZ
The above term can be written in differential form as follow;
1 0(rN oN
r o or 0z
The molar flux in r direction and z direction can be expressed as follows:
N. =—D .?fZEQL
Ar co, ar (E.6)
N, =Dy, 20 e,y
Az = Yco, + co, "’z (E.7)

0z

After substitution of Equation 6 and 7 into Equation 5, the following partial differential

equation is obtained:

2
v aCc02 _ Dco2 d - acco2 d Cco2
—tub - N co 2 rpo=0<r<r E.8
9z r o or or >0z t €S
N e’ b v / N e’
Convection Diffusion Diffusion
in z-direction in r-direction in z-direction
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After differentiating and rearranging;

2
e e s e

The velocity distribution in the tube is assumed to follow Newtonian laminar flow and

described as follow:

2
.
V=2V | 1= (—) (E.10)

h

<V> is the average velocity.
Boundary conditions are;

atz=0, Ccoz-tube = Cco-iitiar= Co

B B D aCCOZ—tube _ D aCCOZ—membmne o
atr =r, CO,—tube B = = Do, membrane — 5 » Flux continuity
r or
a CCO 2—tube __ O
atr=0, —a — U, symmetry
r

Mass transfer in membrane

The steady state continuity equation which is considered to be due to diffusion alone

and reaction, can be written as (Eq.2) as follow;

~VN, £R,=0

In steady state mass balance for the transport of CO, inside the membrane, which is

considered to take into account diffusion and reaction is as follow:

(N,

2mL)+(N,,

27rL) — 2mrArL)R, =0 (E.11)

r+Ar

Dividing by (2nLLAr) and taking limits, yields

d
——(rNA)-rR, =0 (E.12)
dr

62



Where Ra equals to kCoCpg for CO,-MEA reaction.

Introducing flux Equation 3 into Equation 12 gives:

1 d dC
A;E(r drAj_kCA C;=0 r<r<r (E.13)

After differentiating above equation and rearranging;

d*C 1dC

dr? r dr D,

CO,—membrane CO,—membrane k MEA C

c02-memp. Crga =0 (E.14)

Boundary conditions are;

— D aCCOZ —membrane _ D aCCOZ —tube Fl . .
atr = Iy, - CO,—membrane - CO,—tube ) ux Contlnulty
or or
_ -D a(jCOz —membrane D a(jCOz—shell ..
atr=rn, CO,—membrane T - CO,—shell ar s Flux Contlnulty

Shell side mass transfer

The steady state continuity equation for each species during the simultaneous mass
transfer and chemical reaction in a reactive absorption system can be expressed as

follow:

—VN,.iR,:VZ%
- dz

As it was done in tube side following differential equation is obtained:

oC
GOl <1 <13 (E.15)
0z

2
a CCOZ*Shgll +laCC027shellA

k
_ MEA C C =y
CO2-shell. ~ MEA -5
arz r ar ( she. Z—shell

D,

The velocity distribution in the shell side is assumed to follow Newtonian laminar flow

and described as follow:

2
Vo =2 (V)| 1= Lr—ZJ (E.16)
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Boundary conditions are;

atz=L, Ccooshen =0, concentration of CO, at z =LL assumed to be zero

a(:'COZ—shell _ 0 . .
atr=r3, ———— = U, insulation
or
-D aCCOZ—Shell aCCOz—membmne I
atr=rn CO,~—shell ar = CO,—membrane T ’ Flux COIltlIlLth

6.3.5 Determination of required length of a tube

In the design of membrane contactor, one of the important design considerations is the
determination of tube length. To do this Equation 9 is solved. To determine the required

length of a tube following further assumptions are done:
e Peclet number, Pe>>1 ;
e (Constant wall concentration of CO, at the tube and membrane interface.

The steady state mass balance in the tube side of membrane contactor was described as

follow:

oC D. o oC 2’C
v co, _ co, —(r COZJ n Dcoz co, (E.9)

e 9z r or or 2z7°

The physical meaning of above equation means that CO, is transported by both
convection and diffusion. The ratio of convective flux to the molecular flux is known as

the Peclet number, Pe, and can be described as follow:

Convective flux VL
Molecular flux D

At the beginning Pe is assumed to be Pe>>1 This means convective transportation of

CO; is the main transport mechanism of CO, and Equation 9 can be simplified as

follow:

aCCO DCO a aCCO
V.. = 2 O E.17
embe 9z roor or ( )
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Instead of the local concentration Ccoa, the bulk concentration of CO, in the tube should
be defined for determining the required length of one tube. For forced convection mass

transfer in a circular pipe of radius r, the bulk concentration defined as;

27ZR

[[V. e Ceps rarae

C — 00
CO4b 27R (E.18)
jjv rdrd@

z—tube
00

To determine the equation for the bulk concentration of CO,, it is necessary to integrate

Equation 17 over the cross-sectional area of the tube.

27 R 27T R
oC 1 9( oC
V. =0 drd@=D —— | r—=%22 \rdrdé@
_([.([ z—tube oz COZ'(['([rar( or j (E.19)

The left hand side of Equation 19 can be arranged as follow:

27 R aC d 27 R
‘!A.!‘VZ_mbe%rdr de = d_Z( _([_!Vz—tube CC02 rdrd6 ) (E.20)

Substitution of Equation 18 into Equation 20 yields

MRV ICo, drdé = d (C 2”RV drdé )
_([_([ z—tubea—zr r _d_Z C02b.([.([ z—tube rar (E.21)
Q
— dCCOZb
dz

where Q is the volumetric flow rate.
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aC,
or

integral on the right hand side of Equation 19 becomes as follow:

Since = =0 as a result of symmetry condition at the center of the tube, the

27[R
drd@=m -D—C02
-”rar or rar or

r=R (E.22)

Substitution of Equation 21 and 22 into Equation 19 gives the equation for the bulk

concentration profile of CO,.

dccozb =7 D DCO acc02
dz > or

Q

r=R (E.23)

The diffusion of CO; to the wall of membrane can be represented by;

— |, =k, '(Ccozw - Ccozb) (E.24)

Substitution of Equation 24 into Equation 23 and after rearrangement yields;

€co2b dcC cob Z
o | “c =7-D[k dz (E.25)
Ccorm = COLw CO,b 0

The second assumption is the constant wall concentration. This means that close to
surface of the membrane, CO, forms a film layer and its concentration is constant. After

this assumption, integration of Equation 25 yields;

Ceo.. —Coroni
Q ln CO,w CO,bin =7 D . <kc> -z (E.26)

— Z
CCOZW CCOZb

where <kc>, is the average mass transfer coefficient from the entrance to the point z

defined as:
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1 Z
<kc>z :_Ikcdz (E.27)

If the Equation 26 is solved for Ccoop,

7-D-(k,.).
CCOZb = Ccozw - (Ccozw - CCOZin )eXP - 0 "z (E.28)
If the above equation is evaluated over the total length of tube, L:
z-D-(k,)
Ceoprou = Ccorin €XP| — 0 L (E.29)

For know parameter and determined purity above equation can be solved to determine

required length of a tube.

7-D-(k,)
Ceopron=Ce,, , &P =| — > |'L (E.30)

Average mass transfer coefficient can be estimated by use of Higbie’s penetration
model.

DCO
k. )=2 |— E.31
(ko)=2,— (E3D)
Where the mass transfer co-efficient is proportional to the square root of diffusion
coefficient of the species and the inverse square root of the time (t) it takes for a particle

to move from the bulk liquid to the VLE interface. The actual formula is an empirical

formula that has been derived from thousands of experiments over the years. [54]

After deriving the Equation 30, outlet bulk concentration of CO, for the hollow fiber

used in this thesis can be calculated as follows:
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t is the contact time or residence time of CO, in membrane and defines as:

L

)

Following parameters, as mentioned in Table 8, are the design parameters selected for

=

this study.

ri: 0.0033 m

Ccoosin: 6.3 mol/m>

Qube: 2133 ml/min or 35.5%10° m*/s

<V>: 1.04 m/s

From the above set of equation, bulk CO, concentration at the outlet of membrane tube,
Ccozp,out, can be calculated with a selected tube length.

If tube length is selected as 20 cm, Cconp,out 1S calculated as follow:

3.14><0.0066><0.011j
. 0.2
35.5%10

Ceop,,, =03 exp{—(

CCOZ,b, out= 1.89 IIlOl/IIl3
The CO, removal efficiency is defined by the following equation:

100

The CO, removal efficiency (%) = [C COyin CcC Oyb.out ].—C (E.32)
CO, ,in

The removal efficiency is calculated as 70 %. However, while obtaining this result,

effect of any absorbent flowing through the outside of the membrane was excluded. In

the next section, effect of absorbent on the CO, removal is discussed.
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6.3.6 Literature survey for the determination of CO, removal efficiency of the
membrane contactor

The important criteria that can affect the results of the simulation of complete process
and economical analysis is the removal efficiency of CO, in the membrane contactor. In
this part of thesis, different studies are discussed to determine the removal efficiency of
membrane contactor. Dimensions of membrane contactor used in this study and

parameters are shown in Table 8.

Table 8. Dimensions of the membrane contactor and model parameters.

Parameter Value Reference

Dcoa-wbe (25°C), m’/s 1.855%107 Obtained from literature [56]

Dcoa-membrane (25°C), m°/s 8*10” Obtained from literature [50]
2,35%10°%-2119/T)*

Dcoa-sheit (25°C), m*/s 1,96%10” Obtained from literature [56]

Inner tube diameter,r; (mm) 3,3 Selected

Outer tube diameter,r, (mm) 5,4 Selected

Shell diameter,r3 (mm) 12,7 Selected

Module length, L, (mm) 200 Calculated

kmEea ( 25°C) for CO,-MEA 5,88 Obtained from literature [50]
10(1099-2152/T) 11 59

Quube ( Ml/min) 2133 Calculated

Qshen (ml/min) 2133 Calculated

V wbe-intet (IM/8) 1,04 Calculated

Vishell-intet (/) 0.08

Ccon-inlet mol/m’ 6.3 Calculated

Peas inler(25°C, 1 atm), kg/m’ 1,23 Calculated

u viscosity of gas mixture (25°C) 17,1%10° Calculated

pa.s

Re(Reynold number ) 500 Selected

Pressure Drop (mbar) 0,026 Calculated
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Kim et. al (2000) studied experimentally the separation of CO,-N, mixtures in
membrane contactor which made of polytetrafluoroethylene (PTFE) . In the study,
different absorbents included aqueous solutions of different kinds of amines were used.
The initial volume fraction of CO; in the feed stream was 40 % by volume. Moreover,

in the study fiber length of 24 cm with an inner diameter of 2.0 mm was used. [70]
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Figure 29. Removal efficiency of CO; as a function of the absorbent flow rate through
module 1. ¢, ¢ for distilled water; o, o for IMEA; m, o for AMP; V¥,V for MEA; open
symbols at 20°C filled symbols at WC [70]

In Figure 29, the removal rates of CO, by water and different amine solutions were
compared. By using MEA solution, even at very low liquid flow rates, high removal of
CO, was attained. Moreover, the removal rate of carbon dioxide was found to increase
with the increase of the volumetric flow rate of an absorbent. [70] For the design criteria
of this thesis, absorbent flow rate was selected as 2133 ml/min which is a higher value

than performed in the above study.

70



In the study performed by Mavraudi et. al, (2003) , the absorption of CO; from a CO,—
N, mixture was investigated using a commercial hollow fiber membrane contactor (A
Liqui-Cel Extra Flow membrane contactor was used) and water or diethanolamine as
absorbing solvents. A gas mixture containing 15% CO,—85% N, was selected as the
feed gas. The effective length of fiber is 15,24 cm and inner diameter of fiber is 0.024

cm. The experiments were carried at 23°C. [55]
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Figure 30. CO, absorption in water [55]

In Figure 30, water was used as absorbent. Dimensionless CO, gas outlet concentrations
were obtained with different gas and liquid flowrates. From the result of the study,
Significant CO, removal (up to 75 %) was achieved with the use of pure water as

absorbent in an effective length of 15,24 cm membrane tube.
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Figure 31. Removal of CO; in various absorbents. Feed gas: 100 N cm’/s. [55]

Percentage CO; removal is given in Figure 31 versus liquid flow rate for a constant gas
flow rate of 100 N cm®/s. Compared to water performance improved considerably,
reaching up to 99% CO, removal. [55] Moreover, from the above figure it is evident

that the usage of higher molarities of absorbent would increase the CO, removal.

Al-Marzouqi et al. (2008) performed computational and experimental studies on
membrane contactor. He investigated the effects of diffusion and convection (tube and
shell) on the removal rate and concentration profiles of CO, from CO,-CH,4 gas mixture.
The model was based on “non-wetted mode” where the gas mixture filled the membrane
pores for countercurrent gas—liquid contact. Only water was used as solvent. [55] In
Figure 32 velocity distribution of CO; inside the tube of membrane contactor is shown.
Moreover, Design parameters are included into Figure 32. The concentration profile is

calculated with using different Peclet numbers, Pe.
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Figure 32. Effect of axial diffusion on the average CO, concentration along the length
of the contactor. Parameters used: r; = 0.11 mm, r, = 0.15 mm, r; = 0.315 mm, L=20
cm, Dype = 1.85¢7> m?/s, Diembrane = 3.71¢° m%/s, Dshell = 1.92¢™ m%/s, m= 0.8314, and
Qtube = O-Sszhell- [50]

As it can be referred from Figure 32, in each selected Peclet number, Pe, membrane

contactor shows good CO, removal efficiency

From the above three studies, it can be concluded that it is possible to reach 99 % CO,

removal in the membrane contactor.
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6.3.7 Literature survey for selecting MEA concentration in liquid absorbent.

The other important design parameter is the concentration of MEA in liquid absorbent.
As it was mentioned in the previous part, the usage of higher percentage of absorbent
will increase the CO, removal. However, the usage of high percentage of MEA would
bring the process corrosion problems and operational costs. To determine the optimum
concentration of MEA in liquid, reaction mechanism of MEA and CO, should be

carefully investigated.

The reaction mechanism of CO, with solvent-water system is complex (The reactions
of CO, were shown in section 6.3.3). However, many studies have been performed on
the reaction mechanisms of CO, with MEA-water system. Abodheir et. al (2003) [67]
studied this mechanism and tried to determine the optimum ratio of CO, and MEA in
the aqueous solution. He performed his study in 2,5 M MEA solution with CO; loading
from O to 1 at 313 K. Similar trends were obtained by Austgen et al. (1989) [68] and Liu
et al. (1999) [69] using the Electrolyte-NRTL model for presenting vapor-liquid-

equilibria in acid gas—alkanolamine—water system.

Concentration, kmol/m?

3.0
OH-. CO5~. and H3O" are located close to the x-axs
(small values relative to the shown species)
2.5+
S RNH, RNH;™
15 HCO;’
1.0 4
ENHCOO
0.5 1
co,
00 L} T T L)
0.0 02 0.4 0.6 0.8 1.0

C0O; Loading. kmol CO-/kmol MEA

Figure 33. Liquid-phase speciation and concentration in 2.5M MEA solution with CO,
loading from O to 1 at 313 K. Compositions were predicted by the VLE model. [67]
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As shown in Figure 33, further CO, loading after 0,6 kmol CO,/kmol MEA, CO,
absorption causes carbamate reversion to bicarbonate (R.7 at section 6.3.3).
Furthermore, in industral CO,- MEA absorption plants this ratio is between 0,5 to 0,6
mol CO,/mol MEA. The ratio 0.5kmolCO»,/ kmol MEA is decided to be used.
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6.3.8 Required amount of membrane tubes to separate CO; from flue gas stream
In previous part tube side flow rate, Q pe, 1S determined as 2133ml/h. The average
amount of flue gas leaving the FCC unit is 175,6 tons/h at 250°C and 1 atm. In Table 9,

average % by volume and molar compositions of the flue gas stream are shown.

Table 9. Vol. % and molar composition of flue gas after FCC Unit, 250°C, l1atm.

Composition Vol. % Molar(kmol/hr)
0, 35 210,3
N, 72.8 4368,1
CO; 13.4 804,0
H,0O 10.3 618,0

The design objective in mass transfer with membrane contactors depends on the
application. For industrial applications, the objective should be to minimize the cost per
amount of mass transferred. Because of this reason, the first aim is to take away H,O
from the gas composition by decreasing temperature. The gas stream composes of
approximately 10 % by volume. H,O and there is no need to directly sent H,O to the
membrane contactor. When H,O is directly sent to the membrane contactor, extra
membrane tubes are needed and it will probably increase the wetting problem in the
membrane contactor. The temperature is decided to be decreased to 25°C. Lower flue
gas temperature will decrease the load of membrane contactor by decreasing the total

volumetric flow rate.

Table 10. Dry gas composition and design parameter.

Dry gas composition, and Value
design parameter

O, (vol. %) 3.36
N, (vol. %) 81.6
CO; (vol.%) 15.04
Ccoz (mol/m”) 6.3
Density at 25°C, 1 atm 1.25
Volumetric flow rate,(m3/h) 131,307
Mass flow rate (t/hr) 164,134
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By using the above information, number of tubes for separating CO, from flue gas

stream is calculated as 1,026,000 with the dimensions which mentioned in the previous

part and total membrane area is calculated as 6958 m”.

6.3.9 Determination of membrane contactor module’s dimension and amount
N= Number of Hollow fibers

L= Lenght of Hollow fiber and also lenght of reactor
ODuorLow= Outside diameter of Hollow Fiber

ODgurr 1= Outside diameter of Reactor Shell

_ surfaceareaof hollow fiber x N

" Cross Sectional Areaof Shellx L

N
G zxdhollOWxLxN
2
oo Lshen)” > L
4

A

Then S becomes;

3' — 4 X dlmllow X N
(dshell ) ’

dShell

According to our literature survey S should be between;

AN

1500 < S <4000

|
l

T dhollow

(E.33)

In the previous part, the outside diameter of the hollow fiber is chosen as 0.0108 m. For

A

calculations, S is selected in the upper limit as 4000 (m*/m®) and the number of tubes

in one module is selected as 5000. When these selections are put into Equation 33, the

diameter of the module is calculated as 23 cm. The required amount of tubes is

calculated as 1,026,000 and the total amount of modules required to process 164.13 t/h

dry flue gas is 200.
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6.4 Design of complete CO, capturing process
The process is designed to capture CO2 from flue gas and to recover CO,. The process

has been broken down into four separate sections: a flue gas wet scrubbing,
dehumidification and cooling, membrane contactor section, and a CO2 recovery section.

The basic flow diagram of the process is shown in Figure 34.

H20
+ To
NaOH Wet > Gas .| Membrane Atmosphere
Scrubbing » Dehumidification > —
Unit and
Flue > Cooling < Contactor |«
Gas l l — HO
tewat H,O
wastewater Solvent
treatment <
Regeneration >
CO, Storage of CO,
or <«
liquafaction

Figure 34. Basic Block diagram of CO, capture process.

In the wet gas scrubbing section, the hot raw flue gas is fed to a blower which raises the
gas stream pressure to 2 atm for handling through the process equipment. The flue gas
then enters the venturi and scrubber unit for removal of oxides of sulfur, particulates
and the oxides of nitrogen. The active component of the scrubbing solution is sodium
sulfite, which reacts with sulfur dioxide to form bisulfite. The resulting bisulfite is
converted back to sulfite, with make-up caustic soda, prior to recirculation to the
scrubber. The waste liquor contains particulates,sulfate, sulfite, bisulfite and halides of

sodium.

In the second section, excess water is removed and cooled from the flue gas stream. The
flue gas stream is cooled to the operating temperature of membrane contactor and
pressure is decreased to the designed operating pressure of membrane contactor which

are 25°C and slightly higher atmospheric pressure.
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In the third section, membrane contactor technology is applied for the separation of CO,
from the flue gas stream. The studies in literature showed that membrane contactors
have excellent CO, removal efficiencies and 99 % of total CO, can be separated from

flue gas stream.

In the last section of the process, the solvent which passes through the shell sides of
membrane contactors are fed to the MEA recovery column. The CO; rich solvent
solution from the bottom of the absorber is heat exchanged and stripped in a trayed
column to obtain CO,. The stripping vapor is provided by a steam-heated reboiler. For
the MEA-based capture technology, the predominant species in the system are COz2,
MEA, and water. The bottom product of the stripper is circulated for further CO,
absorbtion. The top product stream which is rich in CO, is compressed and purified
from the remaining water. The final step can be the liquafaction of CO, or it is possible
to bring the CO,-quality up to food-grade standard bu further purification and storage

but this depends on the company and further processing is not included in this thesis.

PRO/II simulation software is used to simulate process. Each section is simulated
separately because different thermodynamics methods are needed. In wet scrubbing unit
scrubber model (SRCX), In gas dehumudification and cooling unit Redlich-Kwong-
Soave cubic equation of state and in regeneration unit (AMINE) package is used as

thermodynamics methods.
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6.4.1 Flue gas wet scrubbing unit

Wet scrubber unit forms an important part of a multi-pollutant control program. By the
help of this method it is possible to reach a high level of regulation of various pollutants
at the same time such as; acid gas, SO,, NOy, fine particles and heavy metals. Apart
from environmental benefits, removal of these substances is important for the whole
process. Firstly, proper pretreatment design is critical to the performance of membrane
operations. Particles in flue gas stream can block the membrane flow area. Secondly, the
process for recovery of carbon dioxide from flue gases employs monoethanolamine
(MEA) as the solvent. Other acid gases present in the flue gases (SO,, SO3;, NO and
NO,), and fly ash (particulates) result in high amine losses (predominantly through the
formation of aqueous acids that react with MEA to form amine salts that cannot be
regenerated through the steam stripping process). It is preferable to remove these from
the gas stream prior to the carbon dioxide recovery step. This is performed in the flue

gas scrubbing section.

In the wet scrubbing unit, a liquid absorbent is injected into the flow of flue gas. The
gas phase or solid pollutants come into direct contact with absorption solution and
diffuse into the solution. Most scrubbing units use alkali solution of lime or NaOH as an
absorbent agent. SO2 reacts with this solution when CaSO3 or Na2SOs3 is formed.
Absorption of pollutants by alkali absorbents leads to the creation of solid wet by-
products which may require additional treatment. [57] The reactions involved in the

scrubbing process are as follows:

SOQ +- HgO +—> HgSOj

SO, + NaOH +—» NaHSO;

SO, + 2NaOH <*—* Na,SO3; + H),O
SO, + H,O + Na,SO; +—» 2NaHSO;
2Na>SO3; + Oy —» 2Na>SO4

Oxides of nitrogen present in the flue gases are likely to be nitrogen dioxide and nitric

oxide. Nitrogen dioxide will form nitrate and nitrite as follows:

2NaOH + 2NO,; +—* NaNO; + NaNO, + H,O
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The most common lay-out of wet scrubbing absorption units is a combination of a
Venturi scrubber and packed column. Venturi scrubber functions as to capture solid
parts and reduce the flue gas temperature, which has positive effect on the absorption
process in the packed column. Capturing of solid particulates is required in order to
protect the packed column and membrane system from clogging. Conventional wet

scrubbing absorption unit is shown in Figure 35.

Wet scrubber units have relatively low space requirements; low investment costs and
they can operate at high temperatures, high acidity and high humidity of flue gas flow.
The disadvantage of some units, for example Venturi scrubbers, is a high pressure loss.
Another problem is the need for a large supply of clean water and the generation of
waste water which can be dangerous waste. These have to be further processed resulting

in higher investment and operation costs.

For the design of the flue gas scrubbing system, the venturi system is excluded because
there is not related equipment in the database of PRO/II. The built-in thermodynamic
method, scrubber model (SRCX), in PRO/II simulate scrubbing systems in a wide range
of industrial applications. The models apply to fixed component lists with a pre-defined
set of thermodynamic methods for K-values, enthalpies and densities. The available
scrubber models compose: H,O, CO,, HCL, HCN, HCOOH, N,, O,, SO3;, NAOH,
CACO;, CACL,, NACL, NA,CO3;, NAHCO3;, NACOOH, CAOH,. In the database of
chosen thermodynamic system, nitrogen dioxide and nitric oxide are not included. In

the simulation NOy is assumed as SO, and the total amounts of NOy and SO, are 467

The absorbent is chosen as caustic in water with 0,2 % by volume. According to result
of simulation the SO2 removal efficiency in scrubber tower is around 95 %. Moreover,
NaOH loss is obtained as 0,0604 kmol/h ( total amount of NaOH converted to Na,COs3

and Na,SOs3). The material balance of flue gas scrubbing unit is shown in Table 11.

81



1
|
i
|
I
I
I
I

-

|
| 1w
Combuston
Wasta | [
Gases o o Ten N
&caﬂﬂ‘w M-I‘ﬂf l I l
Chamber I |
| |
= |
! L
|
I
Fe——— .
I
'
. o —
I
Maxe up ot
Waler i _1 r
Causbc i J
Feed |
| Scrubber
| Liquar
I Recycle
| Tank
|
| I |
| | TR S L
| |
| L =9
| I
| [
I P I
N oo it i i i il

Figure 35. Flue gas wet scrubbing process. [57]

-

TR

SIS

Mist
Eliminator

Stack

Fan

82



Figure 36. Pro/II Simulation flow diagram for wet scrubbing unit.
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Table 11. Pro/Il material balance results for wet scrubbing unit.

S1 S2 S3 S5
Temperature °C 15 250 110 110
Pressure, atm 2 2 2 2
Vapor Fraction 0 1 1 0
Enthalphy, Kcal/kmol
Total Flowrate, kmol/hr 2217 5979,5 8184,75 12,48
Composition Flowrate, kmol/hr
H,O 2212 615,88 2823,69 4,9
CO, - 801,25 798,75 2,55
N, - 4353 4353 Trace
(0)) - 209,28 209,28 Trace
SO, - 0,027 1,5.10° 0
Na,CO3 - - 0 0,0348
NaOH 491 - 0 4,84
Na,SO0; - - 0 0,0256
NaHSO; - - 0 0
H,S0; - - 0 0
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6.4.2 Gas dehumidification and cooling

Gas dehumidification and cooling section is designed to remove excess water and cool
the flue gas stream to the operating temperature of membrane contactor. Flue gas stream
after FCC unit consists of 10,2 % by volume water or 615,88 kmol/h water (Stream S2
in table 12). After treatment in the gas scrubbing unit, flue gas water composition
increases to 2823,69 kmol/h (Stream S3 in Table 11). The removal of water from flue
gas stream is important because of two reasons. Firstly, by removing the water, the total
required amount of membrane contactor tube decreases. Secondly, water entered the
membrane contactor would increase the wetting problem and this decreases the
efficiency of membrane contactor. Cooling is required because the volume of gas
decreases after cooling and as previously mentioned the total required amount of

membrane contactor tube decreases.

For this section, the base physical property model selected from the thermodynamic
database of PRO/II Simulation software was Redlich-Kwong- Soave cubic equation of

state. This property method is recommended for gas processing applications.

The stream, which comes from gas scrubbing unit, is cooled with using water-cooled
heat exchangers (HX1, HX?2). After heat exchangers water is separated in flash column
(F1). The pressure of the stream leaving the flash column is decreased to operating
pressure of membrane contactor. After processing, 97 % of water is separated before
entering the tube side membrane contactor. The details of the streams are shown in

Table 12.
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Figure 37. Pro/Il Simulation flow diagram for gas dehumidification and cooling unit.
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Table 12. Pro/Il material balance results for gas dehumidification and cooling unit.

Cwi1 cw2 cw3 cw4 S8 S9 TUBECONTACT S10
Temperature °C 15 15 16,84 85,39 100 25 25 25
Pressure, atm 2 2 1,95 1,95 1,85 1,8 1,8 1,8
Vapor Fraction 0 0 0 0 1 0,67 1 0
Enthalphy, Kcal/kmol 270,39 270,39 303,63 1537,36 4948,5 4948.,5 762,36 450,37
Total Flowrate, k-mol/hr 27714,86 27714,86 27714,86 27714,86 8184,73 8184,73 544,83 2728.,9
Composition Flowrate,
k-mol/hr
H,O 27714,86 27714,86 27714,86 27714,86 2823,7 2823,7 94,75 27289
CO, 798,75 798,75 798,75 Trace
N, 4353 4353 4353 Trace
0, 209,28 209,28 209,28 Trace
S0, 0,0015 0,0015 0,0015 Trace
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6.4.3 Membrane contactor

The design of the membrane contactor was performed previously. According to the
results of the design, 1,026,000 PDVF based hollow fiber tubes, which have 20 cm
lengths, are required to process flue gas stream and they are placed in 200 shells which
each shell consists of 5000 tubes and has a diameter of 23 cm. Moreover, total amount

of contact area was calculated as 6958 m?.
6.4.4 Regeneration of CO,

Before choosing and designing a regeneration system for separating CO;, from
absorbent, it is needed to calculate the required amount of absorbent. As shown in
Table 8, the velocity of the liquid folowing around one tube was calculated as 0.08 m/s.
This velocity corresponds to the velocity in the shell module of the membrane
contactor. From the following formula, the required flow of absorbent (MEA+ water)

can be calculated as 11.9 m’/h.

ﬂ.'dvhellz
= X| ——
0= x{ ™

For the total system the required amount of membrane modules was calculated as 200
and total amount of absorbent required for total system was 2380 m’/h or 132,223
kmol/h. From the results of simulation of gas dehumidification and cooling section, the
amount of CO, entering the membrane contactor was obtained as 798,75 kmol/h.
Membrane contactor’s CO, removing efficiency was assumed 99 % based on the
literature survey in the design part of membrane contactor (section 6.3.6). From this
information the amount of CO, absorbed by the aqueous solution is 790,76 kmol/h.
According to the results obtained from literature, for preventing carbamate reversion
MEA should be twice as much CO; in the liquid which equals to 1582 kmol/hr. (0,5
kmol CO,/kmol MEA).
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The other gases such as O, and N, pass through the shell side of the membrane
contactor. These gases are not taken into consideration because the amounts of those

gases were not known and they will behave as inert gas in the regeneration system.

Table 13. Molar composition of the stream leaving the membrane shell side, 25°C,

latm.
Composition Molar(kmol/hr)
H,O 132223
CO, 790,76
MEA 1582

For the regeneration of CO, from MEA and water mixture, a stripper column is chosen.
Regeneration process is simulated by using Pro/Il simulation software. This software is
preferred because the thermodynamic system (AMINE) is well suited and specially
included for simulating the H,S and CO, removal from natural gas stream and flue gas
streams. Amines included in the package are primary amines and DGA, secondary

amines DEA and DIPA, and the tertiary amine MDEA.

The loaded rich amine leaves the membrane contactor at 25°C and after heating in HX-1
and HX-2 heat exchanger enters the stripper at 54°C. The stripper contains 12 theoritical
equilibrum stage and the feed enters at the fifth stage (S13). A small percentage of the
water from the bottom of the tower is evaporated into steam. This steam is the stripping
gas providing heat to increase the temperature of the rich mixture which in turn reverses
the chemical reactions and reduces the solubility of CO, in the liquid phase. As the
stripping gas flows up the tower in a countercurrent direction to the liquid the

concentration of CO; in the gas increases.

A condenser (F) at the top of the tower cools the outlet vapour from the tower

condensing the steam and MEA in the vapour phase resulting in a concentrated CO,

outlet gas stream. The condensed H,O and MEA are retuned to the top of the tower

which somewhat dilutes the rich mixture and increases the liquid flow rate in the tower.

From the top of the column CO; obtained as 97,8 % purity. (S15)
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The liquid from the stripper enters the reboiler where it is heated by steam. A certain
percentage of the liquid flow is boiled into vapour. The majority of the vapour is HO
and because MEA has a low vapour pressure that it does not tend to vaporize. The ions
in the solution can not boil and the other concentrations of CO, N, and O, coming from
the reboiler are minimal. At the bottom outlet of the stripper (S21), all of the MEA 1is
recovered. The simulation flowsheet is shown in figure 35 and streams material balance

is shown in Table 14.
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Figure 38. Pro/II Simulation flow diagram for regeneration unit.



Table 14. Pro/Il material balance results for regeneration unit

CONTACTOROUT S12 S13 S14 S15 S16 S17 S18 S19 CONTACTORIN CO2RICH
Temperature °C 25 25,02 59,43 60,36 49 222,9 70 50 50 78,15 50
Pressure, atm 1.09 1,09 1,08 1,07 1 8 8 8 7,85 1,3 7,85
Vapor Fraction 0 0 0 0 1 1 0,9 0,85 0 0 1
Enthalphy, Kcal/kmol 376,08 376,43 1005 1020 4306,2 | 5968,8 | 1261,3 | 901,9 901,9 1420 3480,68
Total Flowrate, kmol/hr 134594 134684,5 | 134684,5 | 134684,5 | 875,5 875,5 875,5 | 875,08 | 89,74 133809 785,35
Composition Flowrate,
k-mol/hr
H,O 132222 132311,5 | 132311,5 | 132311,5 | 101,5 101,5 101,5 101,5 89,46 132210 11,94
CO, 790,76 791,03 791,03 791,03 774 774 774 773,67 0,27 17,06 773,4
MEA 1582 1582 1582 1582 Trace Trace Trace Trace Trace Trace Trace

92




Table 15. Column design specifications.

Specification Value

Feed Temperature(°C) 53,95
Feed Pressure (atm) 1,08
Top Pressure (atm) 1
Bottom Pressure (atm) 1.2
Reflux Ratio 3
Number of Theoretical

Stage 12
Feed Stage 5
Plate Type Sieve
Tray Efficiency 80%
Diameter (m)* 1,4
Length (m)* 7,5
Condenser Heat -9,11%* 10°
Duty(MJ/h)

Reboiler Heat 9,69%10°
Duty(MJ/h)

CO; recovery in column 97,8%

* For the calculation of distillation column diameter and height, sieve plate type with

plate spacing of 0,5 m is selected. A design velocity of vapor is selected as 85% of the

flooding velocity.
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6.5 Economical evaluation of the CO, capture plant

Price estimations for the main and supporting equipments, pumps and heat exchangers
have been estimated by using Matche web page [58], which provides quality decision
support for development of new products, new process technology or improvements in

chemicals, energy, manufacturing and metallurgy to improve investment efficiency.

The prices obtained from the page of Matche represents the price of 2007, therefore old
prices for equipments does not represent the real prices. The index is taken into account

by equation:
price= original price* 1,02'

where t is the time in years gone by after the original price setting. [59] In Table 16,
main equipments costs obtained from Matche web page are shown. By using the
equipments costs and approximations capital investment cost (CAPEX) is obtained and
shown in Table 17. The costs have also been reported in US dollars to facilitate

comparisons.
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Table 16. Purchased Equipment Cost.

Unit Equipment Pos. Material Cost $ Extra notation
Flue gas wet scrubbing
Blower B-101 | Carbon steel 39,800 Turbo, large
Venturi V-101 |Epoxy coated Cs 39,000
Scrubber Column D-101 | Epoxy coated Cs 63,000
Scrubber Liquor Recycle Tank | T-101 | Stainless steel 304 47,000
Liquor Recycle Pump P-101 | Stainless steel 8,800 Rotary, sliding Vane
Gas Dehumidification and cooler | Condenser H-201 | Stainless steel 304 400,000
H-202 400,000
Flash separator D-201 | Stainless steel 304 150,000
Membrane Contactor
PDVF tubes, total
length=205200m 73,872
Catridge, total amount=200 Stainless steel 304 40,000
CO2 regeneration and purification
Regenerator R-301 | Stainless steel 304 200,000
Condenser Stainless steel 304 70,000
Reboiler Stainless steel 304 300,000
Heat Exchangers H-301 | Stainless steel 304 115,400
H-302 | Stainless steel 304 115,400
H-303 | Stainless steel 304 80,000
Compressor C-301 1,056,200 | Reciprocating, 1610hp
Flash Separator D-301 | Stainless steel 304 100,000
Gear, Chemical Double
Recycle Pump P-301 | Stainless steel 380,000 Mech. Seal
Water Pump P-302 |Cast Iron 2,000 Rotary, sliding Vane
Chemical Injection, Variable
MEA Pump P-303 | Stainless steel 6,000 Speed
MEA Tank T-301 | Stainless steel 304 4,000
Water Tank T-302 | Carbon steel 1,2500
Utilities
Cooling water pumps (4) Stainless steel 1,300,000 | Piston, Large
Total plant equipments 5,002,972
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After correlation of prices for this year, purchased equipment cost obtained as 5,400,0008.

Table 17. Total Capital Investment (CAPEX) for CO, capturing process.

Component Cost
Equipments, E 5,400,000
Equipment Installation, 39% 2,106,000
Instrumentation, 43% 2,322,000
Piping( installed), 31% E 1,674,000
Electrical(installed), 10% E 540,000
Service facilities, S5%E 2,970,000
Total direct plant cost, D 15,012,000
Engineering and supervision, 32% E 1,728,000
Construction expenses, 34% E 1,836,000
Legal expenses, 4%E 216,000
Contractor's fee, 19%E 1,026,000
Contingency, 37%E 1,998,000
Total indirect plant cost, I 6,804,000
Fixed-capital investment(FCI), D+I 21,816,000
Working Investment, 25% FCI 5,454,000
Start-up + MEA Cost, 8% FCI 1,745,280
Total Capital Investment(CAPEX) 29,015,280




Table 18. Economic evaluation assumptions and values.

Component Value
Plant life time(yr) 20
Plant operating(h/year) 7500
Interest rate(%) 7
Salvage value($) 0
Maintenance cost(% of fixed capital
investment) 4
Annual CO; production (tonne/yr) 259710
MEA degredation rate (kg/tonneCO,) 0,1
NaOH degredation rate (tonne/yr) 18
MEA price ($/tonne) 1500
NaOH price ($/tonne) 100
Electiricity price($/100kWh) 8,19
Operating labor, two job per shift, $/h 60

To calculate cost of producing CO; per kg, the annual cost of production should be
calculated.
The annual costs are divided into three categories:
e The amortised capital cost (which is calculated over 20 years, with 7 % interest rate
and $0 salvage value);
e Operating costs, which include O&M, MEA and NaOH make-up costs;

e Energy costs of main energy consumers in the process;

The total capital is annualisated by using following formula;

(1+ r)h r

Annualisation of the investment cost: [ =1 -
a+r) -1

(34)

where I"", the annual investment [$/yr]; I, total investment cost [$]; r, interest rate [%/100];
and It, technical lifetime [yr].

From the above formula, the amortised annual investment is calculated as 2,820,0009.
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Table 19. Total Manufacturing Cost (OPEX).

Component Cost ($/year)

Raw Material 0
MEA make-up (0,1 kg/tonne CO,) 38,500
NaOH make-up ($/yr) 1,800
Maintanence(M) 200,000
Operating Labor(OL) ( 15% of
maintenance) 450,000
Operating Supplies 26,700
Plant overhead cost (60% of M+OL) 126,500

Total Operating Cost (OPEX) 843,500

In the process, energy is mainly consumed by three equipment; compressor, reboiler and
circulation pump (P-301). Although steam used for supplying heat to the reboiler. It is

assumed that cost of steam is equal to cost of electricity.

Table 20. Cost of annual energy consumption.

Energy Requirements
Component (MWh)-annual Annual Cost
Compressor 14025 1,114,800
Reboiler 17863 1,465,000
P-301 45000 3,685,500
Total cost of annual energy 6,265,300

Total annual costs, which are the sum of amortised capital cost, operating cost and annual
cost energy consumptions, are calculated as 9,928,8003%. Total CO, production is 255225

tonne/yr. The production cost of CO, is calculated as 38 $/tonne.
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6.6 Comparison with current technologies and discussion

There are several commercially available process technologies which can in principle be
used for CO, capture from flue gases. However, comparative assessment studies have
shown that absorption processes based on chemical solvents are currently preferred option
for post-combustion CO, capture. [60] Because this technology is mostly preferred and it
is similar to the process designed in this thesis, comparison is performed based on this

process. *

6.6.1 Technical comparison

The process flow diagram of a commercial absorption system is shown in Figure 40. After
cooling the flue gas, it is brought into contact with the solvent absorber. The absorption
temperatures are typically between 40 and 60°C. CO; is bound by the chemical solvent in
the absorber. The flue gas then undergoes a water section to balance water in the system
and to remove any solvent droplets or solvent vapour carried out, and then it leaves the
absorber. The rich solvent, which contains the chemically bound CO;, is then pumped to the
top of a stripper (or regenerator). The regeneration of the chemical solvent is carried out in
the stripper at elevated temperatures (100°C-140°C) and pressure not very much higher than
atmospheric pressure. Heat is supplied to the reboiler to maintain the regeneration

conditions. The stripper part of this process is same with proposed design in this thesis.
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Figure 40. Conventional absorption process for CO, capture. [60]

The key parameters selected for technical comparisons are; CO, removal efficiencies,

energy requirements, solvent requirements.

In a typical CO; absorption plant, which uses absorption column and MEA as solvent, CO,
recovery, can be between 80 % and 95 %. [61] The exact recovery choice is an economical
trade-off, a higher recovery can be reached by using a taller absorption column, higher
energy and hence increased costs. From the simulation results when membrane contactor is
used total CO; recovery of the plant is 97 % (ratio between the streams CO2RICH+S5 and
S2). The higher CO, removal efficiency in membrane contactor is because of its high

surface area per unit volume and hence improved mass transfer.

In industrial absorption plants, generally 15- 30% by weight MEA solutions are used. For
example, the industrial process called The Fluor Daniel ® ECONAMINE™ which was
acquired by Fluor Daniel Inc. from Dow Chemical Company in 1989 is MEA based
process which uses 30 % by weight aqueous solution. [62] The Kerr-McGee/ABB Crest
process, recovers CO, from coke and coal-fired boilers, uses 15-20 % by weight aqueous
MEA solution. [63] The higher percentages of solvents are required to maintain higher CO,

recoveries in conventional absorption plants. [61] The usage of high percentage of MEA
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would bring the process corrosion problems and operational costs. In the design of
membrane contactor based process in this thesis, 4 % by weight MEA aqueous solution was

initially selected.

In case of solvent comsumption, in conventional plants typical values for solvents
consumption are between 0,2 and 1.6 kg/t CO, and consumption mainly occurs in
absoption column. [61] The consumption of solvent mainly arises from the losses in vapour
streams and operational disturbance. In membrane contactor, aqueous solution following in
the shell side of the contactor cannot pass to the tube side and according to the simulation

result, MEA consumption in the stripper is in trace amount.

The energy consumption of the process is the sum of thermal energy needed to regenerate
the solvents and the electrical energy required to operate liquid pumps and the flue gas
blower or fan. Energy is also required to compress the CO, recovered to final pressure
required for transport and storage. The main energy consumers in both processes are
strippers. The energy consumption in stripper is depends on the amount of MEA in the inlet
stream of the stripper. To see the effect of the MEA percentage to the energy consumption
of the stripper, the simulation of regenerator system is performed with different inlet MEA

percentage for a fixed CO, purity.

18000 +
16000
14000 +
12000
10000
8000
6000 -
4000
2000

Energy consumption in reboiler(kW)

2 4 10 15
% by weight aqueous MEA solution

Figure 41. Effect of MEA concentration on the reboiler duty. (CO, flowrate: 775kmol/hr)
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As it can be seen from Figure 41, reboiler duty is highly dependent on the MEA
concentration. Membrane contactor was designed to operate for 4 % by weight of MEA

which has significant energy savings when compared with conventional processes.

6.6.2 Economical comparison

Many researches have focused on the design and costs of CO, capture for fossil-based
power plants. The results of the studies, which use MEA absorption process, are used for
comparison with the data obtained in the study of this thesis. CO, capture costs are
compared to the studies from Mohammad et al., (2007) [64], Mariz et al., (1998) [65] and
Singh et al., (2003). [66]. Figure 42 compares the different results in terms of USD per
tonne of CO, removed for the amine process to this study and it ranges from 34$ to 55$ per
tonne of CO, removed. Cost estimates for CO, capture processes schemes vary
significantly in the literature. This is reasonable as different authors consider different

technologies, scenarios, reference cases etc.

60 .
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30 4 Mariz et al,
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40
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Figure 42. Comparison of CO, capture cost.

Capture Cost ($tonne CO2 removed)
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An economic baseline for post-combustion CO, capture from 600MW bitumonous coal-
fired plant was performed by Mohammad et al. (2007) [64]. A process model was
simulated by using Aspen Plus simulation programme where 30 % (by weight) aqueous
solution of MEA was used as solvent. The overall process economic analysis showed that
process optimization will reduce the overall cost of a CO, capture process. The removal

cost was equal to 53$ per tonne of CO,.

Mariz (1998) [65] illustrates the variation in total plant cost with volume percent of CO, in
the flue gas for a fixed plant size of 290 ton/day. A summary of the operating costs for a 13
vol% CO; in the flue gas producing 907 ton/day CO; is provided by the author. The CO,
capture cost with this condition based on the data given by Mariz (1998) is approximately

$48/ton or in metric unit $43.5/ tonne CO; captured.

Singh et al. (2003) [66] studied CO, capture from an existing coal fired power plant with
the conventional amine scrubbing method as well as an alternative O,/CO, recycle
combustion method. The cost of CO, capture for the amine case was reported to 55$ per
tonne of CO; avoided. The CO, composition in the flue gas was 14.59 % on molar basis.
The value obtained in this study is $ 38 per tonne of CO, captured, which lies under the
range estimated by other researchers. The cost advantage of membrane reactor based
capture process is mainly due to less energy consumption of whole process and less MEA

degredation rate.
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7. CONCLUSION

Process intensification has gained attraction both from the industry and from the academic
community during the last decades. Process intensification enables processes to operate in
more optimal conditions, where better yields, shorter residence time, raw material and
energy savings, and smaller amounts of waste are possible. This clearly has a beneficial

effect on the future of chemical industry.

PI Roadmap reflects the state-of-the-art knowledge in the year 2007 and process
intensification technologies identified by globally recognized experts. Moreover, it
describes barriers for implementing PI technologies, and specifies actions needed and
potential benefits. While taking PI Roadmap as a reference guide, seven process
intensification technologies were defined and suggested to the Neste Oil Company.
According to the company’s interest membrane reactor was chosen and the applicability of
this technology in refining industry was investigated. Moreover, Neste Oil offered a case
project which is CO; capture from FCC flue gas stream. The database of PI Roadmap was
reviewed and it was decided to choose membrane contactor technology for capturing CO,

from the flue gas stream.

A number of important conclusions can be drawn with respect to the validity and

performance of membrane contactor based CO, capture process for FCC unit.

e A counter-current mode of operation was used with the gas flowing inside the

membrane tube and the liquid flowing in the module shell side.

e As hollow fiber metarial in membrane contactor, PVDF was selected in gas
absorption system for CO, capture according to performance in both physical and

chemical absorption and cost consideration.

e MEA+ Water ( 4 % by weight MEA) system was selected as liquid absorbent while

taking into account different selection criteria.
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* A mathematical model was developed to describe CO, absorption from a gas mixture
using MEA aqueous solution. According to the results of literature survey, in the
hollow fiber contactor for laminar flow conditions approximately 99 % of CO, in flue

gas stream could be removed.

e The complete CO, capture process was designed to process 180 t/h flue gas which
composes of approximately 14 % by volume of CO,. According to the results of the
design, 1,026,000 PDVF based hollow fiber tubes which have 20 cm lengths are
required to process flue gas stream and they are placed in 200 shells where each shell

consists of 5000 tubes and has a diameter of 23 cm.

e The CO, removal efficiency of the whole plant is 97 % which is higher than in

conventional MEA based absorption plants.

e The capture cost obtained in this study are under the range obtained by other
researchers. Singh et al. (2003) reported for conventional amine scrubbing the CO,
capture cost $53 per tonne of CO, captured. Mariz (1998) reported the CO, capture
cost approximately $43 per tonne CO, captured. The value obtained in this study ($38

per tonne CO; captured) lied under the range estimated by other researchers.

According to the results of this study, membrane reactors bring many benefits both in
technical and economical perspective when compared to the existing absorption processes.
However, the main disadvantage of this technology is that it is not commercially applied
process. The interest of the industry to this technology will give more confidence in the

membrane contactor and can lead to a new world of membrane contactor applications.
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APPENDICES

Appendix I. List of technologies mentioned in PI Roadmap

Class Code Technology/Subtechnology
Structured devices Non-reactive 11 Advanced plate-type heat exchangers
112 Advanced shell-and-tube heat exchangers
113 Structured internals for mass transfer operations
114 Static mixers
Reactive 121 Structured catalyst-based reactors
1211 Catalytic foam reactors
1212 Maonalith reactors
1213 Millisecond (gauze) reactors
1214 Other catatytic structures (e.g. KATAPAK)
I Microreactors (including Micromixers)
123, Membrane reactors (non-selective)
124 Static mixers-reactors




Technaiogy/Subtecanelogy

Class Coge
Hybrid Kie-reactive 21 Atsorptive distillation

2L Extractive Crystallization

213 Extractve distiliation

214 Hest-inteqrated distiiltion

215 Mamirane hybrid systems
2151 Hembrane absarplion/siripping
2152 Hembrane adswplion
2153 Wamrane Crystalization
2154 Weambrane distiation
2155 Cistiliation - parvaporation systems
2156 Weamirane extraction

Ruartiva 22l HEX Reactors

222 MEmArang TeaCtors (seiective, Catal tic)

223 Reactive adsorpiion
223 Simuizted moving bad reactors
2232 Fotating annubus chromatographic reactor
2233 Bas-s0lad-soiid frickia flow reactor

224 Raactive condansation

225 Raactive exfraction

226 Reactive absorption

221 Reartive crystaiization/precipitation

L2B. Raactive distillation
22481 Reactive distilation
2287 Pervaporation-assisted raactive gistillation

229 Dther reactive
2291 FReacthe comminution
2292 Reacthe exirusion




Class

TechnolegySubtechnotogy

£ A

Cestrifuyal adsarption technatoqy

Ry

Centrifugal Liguid-Liguid Contactors

113

Rotating Packed Bads {incl. Rotating Foam Reactor)

114

Rotor-stzior mimers

115

Spinning Désc Reactnr

iLs

Viscous heating devices

Impulse

11

Elector (Venturi) -based resciors

122

113

1L

ils

Ultrasound-sahance phase dispersion | mass transfer

115

Supersanic shockwane for phase dspersion

1281 Supersanic gas-fiquid rectors

3282 Supersanic gas-selid reactors

Bectromagnetic

Electric finld-enhanced operateans

331 Extraction & dispersion

g Heat fransler

1113 Wi

1314 Oher

132

iavduction/atmiz heating

133

Microwave-sahanced pperation:

1i: Drying

3132 {Prevheating

3333 Separations

13341 Reactions Kon-catalytic or fomogensously cats-

byzed

13347 Besctione Heterogeneous catalyiic

13343 Rezctions Polymermation and polymer processing

334

Photochemica! reactors

135

Plzzma (GlidArc) reactors




Dynamic 41 Dsciliatary Baffied Reactors
412 Reversa ffow reactor operation
413 Pulsing operation of muitiphase reactars
414 Pulsé COmbestion drying
Supercritical 511 Supercritical reactions
512 Supiercritical separations
513 Cryagenic saparations




Appendix II. General overview of PI technologies review
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Appendix I1I. Potentials and barriers of each technology
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Apendix IV. Oil refining process at the Porvoo Refinery
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Appendix V. Oil Refining process at the Naantali Refinery
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Appendix VI. Seven potential process intensification technologies offered to Neste Oil

1. Class : Hybrid, non-reactive, membrane hybrid system
PI Roadmap Code: 2.1.5.5
Sub-technology : Distillation-pervaporation

Technical Description:

In this technology a pervaporation membrane is coupled with conventional distillation
column and called as hybrid membrane distillation process. In this system the membrane
unit can be installed on the overhead vapour of the distillation colum or can be installed on
the feed of the distillation column. Both cases are shown below fort he case of proplylene
propane splitting and aromatic/aliphatic hydrocarbon seperation. Examples for potential
application are breaking the azeotrope (without adding a solvent), increasing the capacity of
a distillation column and improving quality of the bottom and overhead products. The
potential of the technology has been widely demonstrated, e.g., dehydration alcohols and

separation isomeric hydrocarbons.

_ (90%)
propylene
- aliphatics
ropyleng/propane e
propylene/prop ﬁ_L’= (90%)
. propane
PERVAPORATION -
PERVAPORATION
gliﬁure DISTILLATION
DISTILLATION A l
aromatics
‘ c.' \-|5= alicyclics
| = product >
e
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2. Class: Hybrid, non-reactive
PI Roadmap Code: 2.1.4
Sub-technologies

- Dividing-Wall Columns
- Heat-Integrated Distillation Columns (HIDiC)

Technical Description:

Dividing wall columns represent an improved type of distillation column. They are
equipped with one or more vertical partitions inside the column shell. In contrast to
conventional distillation columns they are able to deliver pure side fractions. This feature
reduces the number of necessary distillation columns in a separation sequence.

In Heat-Integrated Distillation Columns (HIDiCs) the integration is done by combining the
rectifying and stripping columns in an annular (or similar suitable) arrangement so that they

exchange heat along their lengths, and elevating pressure in the rectifying section.

B A,B,C

x-S
B 18,

A,B.C
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3. Hybrid, reactive
PI Roadmap Code: 2.2.8
Sub technology : Membrane assisstant reactive distillation

The combination of chemical reaction and distillation in one apparatus (Reactive
Distillation, RD) is favourable to equilibrium limited reactions. In case of further
limitations by e.g. azeotropes additional unit operations can be helpful. In this technique
reactive distillation is coupled with membrane separation. It is an extension of catalytic
distillation and useful when the latter can not be applied, e.g., when azeotropes interfere.
Two commercial applications have been reported, viz., the production of methyl borate and
the production of fatty acid

esters. Considerable energy savings and cost reductions are claimed.

|
I
I
I
I
I
or : Decanter
I
I
I
|
|

Fatty acid Waste water
Different separation possibilites,
depending on the alcohol

Alcohol

» Fatty acid ester
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Evaluation

Potential for energy savings Hiah
Potential for eco impact CO, High
Potential to improve cost competitiveness Hiagh
Ripeness of application in X years 510
Ripeness of related technology fields Hiah
Likeliness of overcoming barriers Medium
Potential for innovative high guality products | High
Character of required R&D Applied

4. Class: Energy transfer, Rotating

PI Roadmap code: 3.1.5

Sub-technology: Spinning disc reactors

The Spinning Disc Reactor is particularly effective when high heat fluxes or viscous liquids

are involved. The objective is to generate a highly sheared liquid film when a liquid is

supplied to the unit at or near its centre. In SDR the smooth inner film always broke down

into an array of spiral ripples and the liquid film flow over a surface is intrinsically

unstable. High heat transfer rates present the most important feature of SDR’s and heat

transfer coefficients exceeding 20 kW/m2K are reported. Spinning Disc Reactors are

particularly attractive for applications in fast, highly exothermic reactions, also involving

highly viscous liquids.
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High Gravity
poscts |, High Shear

5. Class: Structured devices, reactive

PI Roadmap code:1.2.3

Subtechnology: Membrane reactors (non-selective)

In a membrane reactors based on nonselective membranes, the membrane is used to provide
a structure for the reaction. The reaction can take place either inside the pores of the
membrane

or on the outside, different flow types can be found, the catalyst can be coated on the
membrane itself, but the membrane reactor can also be a packed bed or fluidized bed

reactor.
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Evaluation

Potential for energy savings Medium
Potential for eco impact €O, Low
Potential to improve cost competitiveness Low
Ripeness of application in X years 15

Ripeness of refated technology fields Low
Likeliness of avercoming barriers Low
Potential for innovative high quality products | Medium
Character of reguired R&D Fundamental

6. Class: Hybrid, reactive

PI Roadmap Code: 2.2.2

Subtechnology: Membrane reactors (selective, catalytic)

In most cases application of selective membranes in membrane reactors is considered to

obtain a high(er) conversion in equilibrium limited reactions. Removing one of the products

enables the reaction to proceed beyond the equilibrium. This application is shown in figure

(a).
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a) Equilibrium limited reaction

A + B—»C -=» D
ww ||| W

V.

h) Enhancing selectivity toward

an intermediate

+ [nert/Poison

B
=
[ L ®.7y

V

A+ B —8» (C

¢} Purification of a reactant

by selectivity

There are many different types of
membranes and selectivity can be
based on many different
mechanisms. In dense membranes
the functional layer a gastight
material which transport a specific
component, usually in atomic or
ionic form. Two well-known
examples are hydrogen conducting
membranes based on palladium and
oxygen conducting membranes
based on perovskites.

Other separation principles include
molecular sieving, capillary
condensation and difference in
adsorption and diffusion properties

of gasses.
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7. Class: Structured devices, non-reactive

PI Roadmap Code: 1.1.2

Subtechnology: Advanced shell and tube heat exchangers

HELIXCHANGER®
Rod Baffle

EM Baffle

Low-fin tube
Twisted tube

Tube insert

Static mixers-heat exchangers

Descriptions:

In Advanced Shell-and-Tube Heat Exchangers the intensification effects are

achieved by:

- replacing the conventional baffles by quadrant shaped baffles;

- (HELIXCHANGER® ), rods (Rod Baffle) or slit sheets of expanded metal (EM Baffle);
- modifying the tube form by finning or twisting;

- placing elements inside the tube to increase flow turbulency or to decrease fouling;
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Appendix VII. Parts of FCC process

Second stage Flue Gas To Fractionator
aerator €«

Riser termination
device Reactor

Reactor
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First stage 1Zen el - ; Regenerafc
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Steam
Recirculating .

Slide Vatve

Combustion
Air

oil

Lift air

Air
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