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Today the limitedness of fossil fuel resources is clearly realized. For this reason 

there is a strong focus throughout the world on shifting from fossil fuel based 

energy system to biofuel based energy system. In this respect Finland with its 

proven excellent forestry capabilities has a great potential to accomplish this goal. 
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It is regarded that one of the most efficient ways of wood biomass utilization is to 

use it as a feedstock for fast pyrolysis process. By means of this process solid 

biomass is converted into liquid fuel called bio-oil which can be burnt at power 

plants, used for hydrogen generation through a catalytic steam reforming process 

and as a source of valuable chemical compounds. Nowadays different 

configurations of this process have found their applications in several pilot plants 

worldwide. However the circulating fluidized bed configuration is regarded as the 

one with the highest potential to be commercialized.  

In the current Master’s Thesis a feasibility study of circulating fluidized bed fast 

pyrolysis process utilizing Scots pine logs as a raw material was conducted. The 

production capacity of the process is 100 000 tonne/year of bio-oil. The feasibility 

study is divided into two phases: a process design phase and economic feasibility 

analysis phase. The process design phase consists of mass and heat balance 

calculations, equipment sizing, estimation of pressure drops in the pipelines and 

development of plant layout. This phase resulted in creation of process flow 

diagrams, equipment list and Microsoft Excel spreadsheet that calculates the 

process mass and heat balances depending on the bio-oil production capacity 

which can be set by a user. These documents are presented in the current report as 

appendices. In the economic feasibility analysis phase there were at first 

calculated investment and operating costs of the process. Then using these costs 

there was calculated the price of bio-oil which is required to reach the values of 

internal rate of return of 5%, 10%, 20%, 30%, 40%, and 50%.  
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PROJECT GOALS 

The goal of the current Master’s Thesis project is to conduct feasibility study of 

fast pyrolysis process taking place in circulating fluidized bed installation. The 

feasibility study consists of two phases. The first phase includes process design 

aimed at bio-oil production capacity of 100 000 tonne/year and layout of the plant 

utilizing the process. During the second phase investment cost calculation and 

profitability analysis of the designed process are carried out.   

1 INTRODUCTION 

Today energy issues receive significant attention all over the world. Such 

problems as limitedness of fossil fuels, rapidly expanding world population and 

greenhouse effect give rise to a research on alternative renewable environmentally 

neutral energy sources and to development of technologies utilizing these sources 

[1, 2, 3]. 

Biomass is viewed as a major world renewable carbon-neutral energy source [1]. 

Combustion of fuels derived from biomass is believed to be less polluting than 

that of fossil fuels. For these reasons conversion of biomass into fuels is gaining 

significant popularity worldwide [2]. 

Technologies of biomass to energy and fuels conversion can be divided into three 

major groups: biochemical technologies, thermochemical technologies and 

chemical technologies. Biochemical methods of biomass conversion are anaerobic 

digestion and bioethanol production. Thermochemical techniques group is the 

largest one and it includes such technologies as direct combustion, gasification, 

pyrolysis and liquefaction. Production of biodiesel from biomass is carried out 

through a chemical route [2, 4, 5, 6]. 

Anaerobic digestion is a treatment of biomass by bacteria in absence of oxygen 

which is usually applied for wet organic wastes. It leads to formation of biogas 

which mainly consists of methane and carbon dioxide [2, 7]. Biogas can be 

upgraded to natural gas quality and can be used for liquefaction into methanol and 

chemical feedstocks [7]. Drawbacks associated with anaerobic digestion are large 
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area and long residence time of the digesters and also substantial emissions of 

strong greenhouse gases produced while biogas burning [2]. 

Conversion to bioethanol is carried out either by direct fermentation of sugar or 

by first conversion of starch obtained from corn to sugar with its subsequent 

fermentation. Disadvantage of biomass to bioethanol conversion is low energy 

efficiency of the production process and competing with food industry, as well as 

intensive waste material generation [2].  

Biomass is directly burned to produce heat and electricity [2, 4, 8]. If to compare 

coal and biomass combustion characteristics, biomass is similar to low-rank coals, 

but deposits produced after biomass combustion are harder to remove. Direct 

combustion of biomass is associated with substantial pollution. For this reason 

biomass should be converted to gaseous or liquid fuels [4]. 

Gasification is a partial oxidation of biomass at high temperatures (600-1300 
0
С) 

leading to formation of gaseous fuel, char and ash. The produced gas typically 

contains hydrogen, carbon monoxide, methane and small amount of other 

hydrocarbons, carbon dioxide, water, and nitrogen. Composition of the produced 

gas is highly dependent on the process conditions and type and moisture content 

of the feed biomass [2, 4, 5, 9]. The produced gas can be either burnt for heat and 

electricity production or used for synthesis of liquid transportation fuels, 

hydrogen, methanol, or chemicals [9]. 

Pyrolysis is a thermal decomposition conducted in oxygen-free conditions. 

Pyrolysis of biomass leads to formation of biochar and vapour consisting of 

condensable and non-condensable gases. Quenching of vapour after its separation 

from char yields a liquid product which is known as bio-oil. Also a gaseous by-

product that is referred to as non-condensable gas is obtained after quenching [2, 

10, 11, 12]. 

Pyrolysis process can be operated at several modes depending on what ratio of 

bio-oil, non-condensable gas and biochar is desired to be obtained. Temperature, 

heating rate and vapour residence time impact on the distribution between the 

yields of pyrolysis products. Low temperature and low heating rate pyrolysis 
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yields mostly biochar. Low temperature, high heating rate and short vapour 

residence time pyrolysis is suitable for bio-oil yield maximization. High 

temperature, low heating rate and long vapour residence time pyrolysis is the best 

one for non-condensable gas production [13]. 

Pyrolysis methods are divided into two groups according to the heating rates used: 

slow pyrolysis (0.1 – 1 
0
C/s) [14, 15, 16] and fast pyrolysis (100 – 10

5
 

0
C/s) [3, 

10, 12, 13, 17, 18]. 

Therefore according to the pyrolysis characteristics stated above main product of 

slow pyrolysis is either biochar, if a low temperature is used, or non-condensable 

gas, when a high temperature is used, and main product of fast pyrolysis is bio-oil, 

if a proper temperature is selected. 

Hydrothermal liquefaction is a process where water acts as a reaction medium and 

high temperature (250 – 350 
0
C) and pressure (5 – 25 MPa) are utilized. Because 

of the water being a reaction medium the necessity for feed drying is eliminated. 

After the temperature and pressure are returned to normal conditions self-

separation of bio-oil from water occurs  [6, 14]. Bio-oil produced by hydrothermal 

liquefaction has a relatively high heating value. By-products of hydrothermal 

liquefaction are biochar, water soluble substances and gas. Addition of various 

alkaline catalysts can increase bio-oil yield and improve its quality [6]. 

Conversion of biomass to biodiesel is performed through a transesterification 

process in which vegetable oils such as rapeseed oil, soybean oil and palm oil 

react with methanol or ethanol in the presence of alkaline catalyst. The process 

also yields a co-product which is glycerol and is contaminated with alkali. The 

major problem about biodiesel usage as a fuel is that it has 10-25% higher 

nitrogen oxide emissions than conventional fuels. Similar to bioethanol 

production biodiesel manufacturing competes with food industry and generates 

too much waste materials [2]. 
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Summary of biomass valorization techniques is presented below in the table 1. 

Table 1: Summary of biomass processing technologies. 

Valorization 

technique 
Process principles Resulting products 

Anaerobic 

digestion 

Treatment by bacteria in absence of 

oxygen 

Biogas which mainly 

consists of methane and 

carbon dioxide 

Bioethanol 

production 

Direct fermentation of sugar or first 

conversion of starch obtained from 

corn to sugar with its subsequent 

fermentation 

Bioethanol 

Combustion Direct burning Heat 

Gasification 
Oxidation of at high temperatures 

(600-1300 
0
С) 

Gaseous fuel, char, ash 

Pyrolysis 
Thermal decomposition conducted in 

oxygen-free conditions 

Bio-oil, biochar, non-

condensable gas 

Hydrothermal 

liquefaction 

Water acts as a reaction medium at 

high temperature (250 – 350 
0
C) and 

pressure (5 – 25 MPa) 

Bio-oil, biochar, non-

condensable gas 

Biodiesel 

production 

Transesterification reaction of 

vegetable oils with methanol or 

ethanol in the presence of alkaline 

catalyst 

Biodiesel 

 

2 FAST PYROLYSIS PROCESS REVIEW 

2.1 Raw materials 

Biomass is a broad term which is used to denote both phytomass or plant biomass 

and zoomass or animal biomass. Plant biomass consists mainly of cellulose, 

hemicellulose and lignin. For this reason it is sometimes referred to as 
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lignocellulosic biomass. Plant biomass also contains small amount of water, 

lipids, proteins, simple sugars, starches and ash (inorganic compounds) [4, 13]. 

Any form of biomass is regarded as a suitable feedstock for fast pyrolysis process. 

This is confirmed by the fact that approximately 100 different types of biomass 

were tested as a fast pyrolysis feed at a laboratory scale [10, 12]. 

In order to investigate the influence of type of biomass, its composition and 

process conditions on yield and characteristics of fast pyrolysis products tables 2, 

3, 4 and 5 were prepared.  

 

 

 



 

 

 

Table 2: Examples of wood biomass fast pyrolysis 

Type of 

wood 
Process conditions 

Bio-

oil 

yield, 

wt% 

Bio-oil 

HHV, 

MJ/kg 

Notes Reference 

Beech 

sawdust 

BFB reactor (stainless 

steel) + 2 consecutive 

cyclones (operated at 400 

0
C) + scrubber (Isopar

TM
 V 

quenching agent, room 

temperature) + ESP, feed 

particle size 1.2-1.8 mm 

and moisture content 10.6 

wt%, 0.6-0.7 mm silica 

sand as a bed material, 

pyrolysis temperature 500 

0
C, vapour residence time 

0.9 s 

59.9 - 

Feed composition, wt% 

(db): ash content 0.6, 

nitrogen content 0.11 

Non-condensable gas yield 

13.3 wt%; composition of 

non-condensable gas (N2 

free), vol%: CO 43.1, CO2 

44.2, CH4 7.5, H2 3.1, 

C2H4+C2H6 2.1 

[19] 

Yellow 

poplar 

wood 

(Liriodend

ron 

tulipifera) 

(debarked) 

BFB reactor + cyclone + 2 

consecutive condensers 

(operated at 0 
0
C) + ESP, 

feed particle size 0.5 mm 

and moisture content 8%, 

~ 0.5 mm silica sand as a 

bed material, N2 as a 

fluidizing gas, pyrolysis 

temperature 500 
0
C, 1.2 s 

vapour residence time 

68.5 

(wb) 
17.2 

Feed composition, %: 

holocellulose 

(cellulose+hemicellulose) 

78.3, lignin 21.3, ash 

content 0.58 (db) 

Bio-oil viscosity 31 cSt, 

pH 2.4; bio-oil 

composition, wt%: water 

content 21.6, nitrogen 

content 0.3 (wb), oxygen 

content 52.2 (wb) 

Biochar yield 10 wt% 

(wb), HHV 28.7 MJ/kg; 

biochar composition: trace 

of nitrogen, carbon content 

80 wt% 

[20] 

Japanese 

red pine 

(debarked) 

Internally CFB reactor (6 

mm thick stainless steel) + 

scrubber + 2 consecutive 

condensers (operated at 3 

35.7 

(wb) 
23.9 

Feed ash content 0.3 wt% 

Bio-oil yield was 

calculated by subtracting 

water from bio-oil; bio-oil 

[21] 
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0
C, filled with methanol 

which was then removed 

from bio-oil by 

evaporation), feed particle 

size ~ 2 mm and moisture 

content 9.8 wt%, 0.16 mm 

silica sand as a bed 

material, N2 as a fluidizing 

gas, pyrolysis temperature 

500 
0
C, ~ 1 s vapour 

residence time 

composition, wt%: water 

content 24.7, nitrogen 

content 1 (db), sulphur 

content <0.1 (db), oxygen 

content 37.4 (db) 

Non-condensable gas yield 

22.2 wt% (wb) 

Type of 

wood 
Process conditions 

Bio-

oil 

yield, 

wt% 

Bio-oil 

HHV, 

MJ/kg 

Notes Reference 

Japanese 

larch 

sawdust 

BFB (SUS 306 stainless 

steel) + cyclone (kept at 

400 
0
C) + hot filter (kept at 

400 
0
C) + 2 consecutive 

condensers (operated at -

25 
0
C) + ESP, feed particle 

size 0.7 mm (smaller 

decrease in bio-oil yield, 

bigger only a tiny 

decrease) and moisture 

content  <1wt%, 40 µm 

Emery (NANKO 

ABRASIVES, Japan) as a 

bed material, produced 

non-condensable gas as a 

fluidizing gas, pyrolysis 

temperature 450 
0
C 

64 
22.2 

(db) 

Feed composition, wt%: 

cellulose 58.6, 

hemicellulose 13, lignin 

20.1, ash 0.2, no sulphur 

was detected 

Bio-oil pH 2.1; bio-oil 

composition, wt%: water 

content 28, nitrogen 

content 1.8 (db), oxygen 

content 34.2 (db), no ash 

detected 

Non-condensable gas yield 

~ 21 wt%; non-

condensable gas 

composition, wt%: CO2 

51.5, CO 41, C1-C4 7.5 

[22] 

Radiata 

pine 

sawdust 

BFB reactor (SUS 304 

stainless steel) + cyclone 

(kept at 400 
0
C) + hot filter 

(kept at 400 
0
C) + series of 

quenching columns 

(minimum temperature -30 

0
C), feed particle size 1-2 

67 23 

Feed composition, wt%: 

cellulose 44.8, 

hemicellulose 34.1, lignin 

27.5,  ash 0.19,  

nitrogen 0.1 

Bio-oil pH 2.5; bio-oil 

composition, wt%: water 

[23] 
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mm and moisture content  

7.61 wt%, sand as a bed 

material, produced non-

condensable gas as a 

fluidizing gas, pyrolysis 

temperature 474 
0
C 

content 27, nitrogen 

content 0.07, oxygen 

content 39.2,  

ash content 0.01  

Non-condensable gas yield 

23.2 wt% 

Biochar yield 9.7 wt%; 

biochar from cyclone 

carbon content 73.5 wt%, 

biochar from hot filter 

carbon content 40 wt%, no 

nitrogen and sulphur was 

detected in both biochars 

from cyclone and from hot 

filter; HHV of biochar 

from cyclone 26 MJ/kg 

Oak 

(debarked) 

BFB reactor + cyclone + 2 

consecutive condensers 

(operated at 0 
0
C) + ESP, 

feed particle size <0.5 mm 

and moisture content ~ 

5%, N2 as a fluidizing gas, 

pyrolysis temperature 500 

0
C, ~ 2 s vapour residence 

time 

65.7 

(db) 
17 

Feed composition (wt% 

db): holocellulose 80, 

lignin 24.7, extractives 2.8, 

ash 0.8 

Bio-oil viscosity 34.6 cSt 

(at 40 
0
C), bio-oil pH 2.4; 

bio-oil composition, wt%: 

water content 20.2, 

nitrogen was not detected, 

oxygen content 51.3 

Non-condensable gas yield 

20.2 wt% (db) 

Biochar yield 14.1 wt% 

(db), HHV 30.2 MJ/kg; 

biochar carbon content 

85.9 wt% (db), only a trace 

of nitrogen detected in 

biochar 

[24] 
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Type of 

wood 

    

     Process conditions 

Bio-

oil 

yield, 

wt% 

Bio-oil 

HHV, 

MJ/kg 

 

Notes 

 

Reference 

Eucalyptu

s 

(debarked) 

BFB reactor + cyclone + 2 

consecutive condensers 

(operated at 0 
0
C) + ESP, 

feed particle size <0.5 mm 

and moisture content ~ 

5%, N2 as a fluidizing gas, 

pyrolysis temperature 500 

0
C, ~ 2 s vapour residence 

time 

59.2 

(db) 
15.5 

Feed composition (wt% 

db): holocellulose 81.4, 

lignin 25.6, extractives 1.5, 

ash 0.4 

Bio-oil viscosity 19.4 cSt 

(at 40 
0
C), bio-oil pH 1.7; 

bio-oil composition, wt%: 

water content 26.4, 

nitrogen was not detected, 

oxygen content 54.6 

Non-condensable gas yield 

25.9 wt% (db) 

Biochar yield 14.9 wt% 

(db), HHV 32.2 MJ/kg; 

biochar carbon content 90 

wt% (db), only a trace of 

nitrogen detected in 

biochar 

[24] 

Pitch pine 

(debarked) 

BFB reactor + cyclone + 2 

consecutive condensers 

(operated at 0 
0
C) + ESP, 

feed particle size <0.5 mm 

and moisture content ~ 

5%, N2 as a fluidizing gas, 

pyrolysis temperature 500 

0
C, ~ 2 s vapour residence 

time 

61.6 

(db) 
18.3 

Feed composition (wt% 

db): holocellulose 76.1, 

lignin 28.4, extractives 6.9, 

ash 0.5 

Bio-oil viscosity 10.3 cSt 

(at 40 
0
C), bio-oil pH 2.5; 

bio-oil composition, wt%: 

water content 23.6, 

nitrogen was not detected, 

oxygen content 49.1 

Non-condensable gas yield 

21.9 wt% (db) 

Biochar yield 16.5 wt% 

(db), HHV 31.5 MJ/kg; 

biochar carbon content 

88.7 wt% (db), only a trace 

of nitrogen detected in 

[24] 
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biochar 

 

 

 

Type of 

wood 

 

 

 

Process conditions 

 

 

Bio-

oil 

yield, 

wt% 

 

 

Bio-oil 

HHV, 

MJ/kg 

 

 

 

Notes 

 

 

 

Reference 

Japanese 

cedar 

(debarked) 

BFB reactor + cyclone + 2 

consecutive condensers 

(operated at 0 
0
C) + ESP, 

feed particle size <0.5 mm 

and moisture content ~ 

5%, N2 as a fluidizing gas, 

pyrolysis temperature 500 

0
C, ~ 2 s vapour residence 

time 

62.6 

(db) 
18.9 

Feed composition (wt% 

db): holocellulose 73.3, 

lignin 35.1, extractives 3.6, 

ash 0.4 

Bio-oil viscosity 45.9 cSt 

(at 40 
0
C), bio-oil pH 2.4; 

bio-oil composition, wt%: 

water content 20.5, 

nitrogen was not detected, 

oxygen content 43 

Non-condensable gas yield 

23.5 wt% (db) 

Biochar yield 13.9 wt% 

(db), HHV 31.2 MJ/kg; 

biochar carbon content 

87.8 wt% (db), only a trace 

of nitrogen detected in 

biochar 

[24] 

Radiata 

pine 

sawdust 

BFB (SUS 306 stainless 

steel) + cyclone (kept at 

400 
0
C) + hot filter (kept at 

400 
0
C) + 2 condensers + 

ESP, feed particle size 0.7 

mm (smaller and bigger 

particles result in decrease 

in bio-oil yield) and 

moisture content  <1 wt%, 

40 µm Emery (NANKO 

Abrasives, Japan) as a bed 

material, N2 as a fluidizing 

gas, pyrolysis temperature 

400 
0
C 

51 22 

Feed composition, wt%: 

cellulose 44.8, 

hemicellulose 34.1, lignin 

27.5, ash 0.2, nitrogen 0.1 

Bio-oil pH 2.3; bio-oil 

composition, wt%: water 

content 28.8, nitrogen 

content 1.7, oxygen 

content 36.7, no ash 

detected 

Non-condensable gas yield 

~ 21 wt%; non-

condensable gas 

composition (wt%): CO2 

[25] 
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52.1, CO 40, CH4 4, C2-C4 

3.9 

Biochar yield ~ 28 wt%, 

HHV 29.9 MJ/kg; biochar 

carbon content 82.8 wt%, 

no nitrogen detected in 

biochar 

 

Table 3: Examples of herbaceous and agricultural biomass. 

Type of 

biomass 
Process conditions 

Bio-

oil 

yield, 

wt% 

Bio-oil 

HHV, 

MJ/kg 

Notes Reference 

Wheat 

straw 

BFB reactor + 2 

consecutive cyclones 

(kept at 400 
0
C) + 

scrubber (Isopar
TM

 V 

quenching agent, room 

temperature) + ESP, 

feed particle size 0.8-2 

mm and moisture 

content 9.9 wt%, 600-

710 µm silica sand as a 

bed material, pyrolysis 

temperature 500 
0
C, 

vapour residence time  

1.1 s 

40.5 - 

Feed ash content 6.8 

wt% (db), feed nitrogen 

content 0.72 wt% (db) 

Bio-oil in two phase 

form (oil and aqueous 

phase) 

Non-condensable gas 

yield 17.1 wt%; 

nitrogen free 

composition of non-

condensable gas, 

vol%:CO2 52.7, CO 

35.8, CH4 6.5, H2 2.8, 

C2H4+C2H6 2.2 

[19] 

Cassava 

rhizome 

BFB reactor (SUS 304 

stainless steel) + 2 

consecutive cyclones + 

water cooled condenser 

+ ESP + 2 consecutive 

dry ice/acetone 

condensers, feed 

particle size 250-425 

µm and moisture 

content 1.8 wt%, 250-

69.1 

(db) 
24.8 

Feed ash content 3.6 

wt% (db) 

Bio-oil viscosity 18 cSt 

(at 40 
0
C), pH 3.3, 

density 1.1 kg/L; bio-oil 

composition, wt%: 

water content 16.8, 

nitrogen content 0.4 

(db), oxygen content 

22.1 (db), ash content 

[26] 
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425 µm silica sand as a 

bed material, N2 as a 

fluidizing gas, 475 
0
C 

0.2 

Non-condensable gas 

yield ~ 4 wt% (db) 

Biochar yield ~ 26.9 

wt% (db), HHV 25.49 

MJ/kg (db); biochar 

composition, wt% (db): 

carbon content 66.76, 

nitrogen content 1.05 

Cassava 

rhizome 

BFB reactor (SUS 304 

stainless steel) + 2 

consecutive cyclones + 

hot filter + water cooled 

condenser + ESP + 2 

consecutive dry 

ice/acetone condensers, 

feed particle size 250-

425 µm (smaller and 

bigger particles result in 

decrease in bio-oil 

yield) and moisture 

content 1.8 wt%, 250-

425 µm silica sand as a 

bed material, N2 as a 

fluidizing gas, pyrolysis 

temperature 472 
0
C 

63.2 

(db) 
22.1 

Feed ash content 3.6 

wt% (db) 

Bio-oil viscosity 5.1 cSt 

(at 40 
0
C), pH 3.1, 

density 1.1 kg/L; bio-oil 

composition, wt%: 

water content 18, 

nitrogen content 0.5 

(db), oxygen content 

27.8 (db), ash content 

<0.01 

Non-condensable gas 

yield ~ 12 wt% (db) 

Biochar yield ~ 24.8 

wt% (db), HHV 25.49 

MJ/kg (db); biochar 

composition, wt% (db): 

carbon content 66.76, 

nitrogen content 1.05 

[26] 

Type of 

biomass 
Process conditions 

Bio-

oil 

yield, 

wt% 

Bio-oil 

HHV, 

MJ/kg 

Notes Reference 

Cassava 

stalk 

BFB reactor (SUS 304 

stainless steel) + 2 

consecutive cyclones + 

water cooled condenser 

+ ESP + 2 consecutive 

dry ice/acetone 

condensers, feed 

61.4 

(db) 
24.3 

Feed ash content 5.2 

wt% (db) 

Bio-oil viscosity 15.6 

cSt (at 40 
0
C), pH 3.4, 

density 1.1 kg/L; bio-oil 

composition, wt%: 

water content 19, 

[26] 
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particle size 250-425 

µm and moisture 

content 2.4 wt%, 250-

425 µm silica sand as a 

bed material, N2 as a 

fluidizing gas, pyrolysis 

temperature 469 
0
C 

nitrogen content 1.2 

(db), oxygen content 

21.7 (db), ash content 

0.2 

Non-condensable gas 

yield ~ 14 wt% (db) 

Biochar yield ~ 24.6 

wt% (db), HHV 24.66 

MJ/kg (db); biochar 

composition, wt% (db): 

carbon content 64.16, 

nitrogen content 1.37 

Cassava 

stalk 

BFB reactor (SUS 304 

stainless steel) + 2 

consecutive cyclones + 

hot filter + water cooled 

condenser + ESP + 2 

consecutive dry 

ice/acetone condensers, 

feed particle size 250-

425 µm and moisture 

content 2.4 wt%, 250-

425 µm silica sand as a 

bed material, N2 as a 

fluidizing gas, pyrolysis 

temperature 475 
0
C 

54.1 

(db) 
22.2 

Feed ash content 5.2 

wt% (db) 

Bio-oil viscosity 6.4 cSt 

(at 40 
0
C), pH 3.7, 

density 1.1 kg/L; bio-oil 

composition, wt%: 

water content 32.4, 

nitrogen content 0.7 

(db), oxygen content 15 

(db), ash content <0.01 

Non-condensable gas 

yield ~ 24 wt% (db) 

Biochar yield ~ 21.9 

wt% (db), HHV 24.66 

MJ/kg (db); biochar 

composition, wt% (db): 

carbon content 64.16, 

nitrogen content 1.37 

[26] 

Sweet 

sorghum 

BFB reactor + cyclone 

(kept at 450 
0
C) + 2 

consecutive ice cooled 

condensers, feed 

particle size 0.5 mm and 

moisture content 5.83 

wt% (db), highly 

spherical Ottawa sand 

as a bed material, N2 as 

63 

(db) 
- 

Feed ash content 3.1 

wt% (db) 

Non-condensable gases 

yield, wt% (daf): CO2 

9.7, CO 2.4, CH4 0.2 

Biochar yield 21.4 wt% 

(db) 

[27] 
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a fluidizing gas, 

pyrolysis temperature 

450 
0
C, vapour 

residence time 0.5 s 

Sweet 

sorghum 

bagasse 

BFB reactor + cyclone 

(kept at 510 
0
C) + 2 

consecutive ice cooled 

condensers, feed 

particle size 0.5 mm and 

moisture content 10.05 

wt% (db), highly 

spherical Ottawa sand 

as a bed material, N2 as 

a fluidizing gas, 

pyrolysis temperature 

510 
0
C, vapour 

residence time 0.5 s 

69.4 

(db) 
- 

Feed ash content 9.2 

wt% (db) 

Non-condensable gases 

yield, wt% (daf): CO2 

7.8, CO 3, CH4 0.4, C2 

0.4 

Biochar yield 13.4 wt% 

(db) 

[27] 

Type of 

biomass 
Process conditions 

Bio-

oil 

yield, 

wt% 

Bio-oil 

HHV, 

MJ/kg 

Notes Reference 

Corncob 

BFB reactor (316 

stainless steel) + hot 

filter (kept at 400 
0
C) + 

condenser, feed particle 

size 1-2 mm and 

moisture content 8.6 

wt%, 0.1-0.2 mm silica 

sand as a bed material, 

CO as a fluidizing gas, 

pyrolysis temperature 

550 
0
C 

49.6 23.7 

Feed composition, wt% 

(db): cellulose 41.78, 

hemicellulose 31.84, 

lignin 12.44  

Bio-oil water content ~ 

22 wt% 

Non-condensable gases 

yield, wt%: CO2 ~ 15, 

CO ~ 6, CH4 ~ 1 

[28] 

Corncob 

BFB reactor (316 

stainless steel) + hot 

filter (kept at 400 
0
C) + 

condenser, feed particle 

size 1-2 mm and 

moisture content 8.6 

wt%, 0.1-0.2 mm silica 

57.1 17.8 

Feed composition, wt% 

(db): cellulose 41.78, 

hemicellulose 31.84, 

lignin 12.44 

Bio-oil water content ~ 

20 wt% 

Non-condensable gases 

[28] 
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sand as a bed material, 

N2 as a fluidizing gas, 

pyrolysis temperature 

550 
0
C 

yield, wt%: CO2 ~ 8, 

CO ~ 6, CH4 ~ 1 

Corncob 

BFB reactor (316 

stainless steel) + hot 

filter (kept at 400 
0
C) + 

condenser, feed particle 

size 1-2 mm and 

moisture content 8.6 

wt%, 0.1-0.2 mm silica 

sand as a bed material, 

CO2 as a fluidizing gas, 

pyrolysis temperature 

550 
0
C 

55.3 20.2 

Feed composition, wt% 

(db): cellulose 41.78, 

hemicellulose 31.84, 

lignin 12.44 

Bio-oil water content ~ 

20 wt% 

Non-condensable gases 

yield, wt%: CO2 ~ 7, 

CO ~ 6, CH4 ~ 1 

[28] 

 

Type of 

biomass 

 

 

Process conditions 

 

Bio-

oil 

yield, 

wt% 

 

Bio-oil 

HHV, 

MJ/kg 

 

Notes 

 

Reference 

Corncob 

BFB reactor (316 

stainless steel) + hot 

filter (kept at 400 
0
C) + 

condenser, feed particle 

size 1-2 mm and 

moisture content 8.6 

wt%, 0.1-0.2 mm silica 

sand as a bed material, 

CH4 as a fluidizing gas, 

pyrolysis temperature 

550 
0
C 

58.7 17.2 

Feed composition, wt% 

(db): cellulose 41.78, 

hemicellulose 31.84, 

lignin 12.44 

Bio-oil water content ~ 

22 wt% 

Non-condensable gases 

yield, wt%: CO2 ~ 6, 

CO ~ 4, H2 ~ 1 CH4 ~ 

0.2 

[28] 

Corncob 

BFB reactor (316 

stainless steel) + hot 

filter (kept at 400 
0
C) + 

condenser, feed particle 

size 1-2 mm and 

moisture content 8.6 

wt%, 0.1-0.2 mm silica 

56.4 24.4 

Feed composition, wt% 

(db): cellulose 41.78, 

hemicellulose 31.84, 

lignin 12.44 

Bio-oil water content ~ 

28 wt% 

Non-condensable gases 

[28] 
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sand as a bed material, 

H2 as a fluidizing gas, 

pyrolysis temperature 

550 
0
C 

yield, wt%: CO2 ~ 9, 

CO ~ 4, CH4 ~ 1 

Rice 

husk 

BFB reactor, feed 

particle size 0.45-1 mm, 

pyrolysis temperature 

520 
0
C, vapour 

residence time <1s 

46.36 13.36 

Feed composition, %: 

cellulose 37.15, 

hemicellulose 23.87, 

lignin 12.84, extractives 

18.59, ash 7.55 

Bio-oil viscosity 82.43 

cSt (at 40 
0
C), pH 3.36, 

density 1.21 kg/L; bio-

oil composition, wt%: 

water content 33.8, no 

nitrogen detected, 

oxygen content 57.37 

Yield of non-

condensable gas ~ 25 

wt% 

[29] 

 

Maize 

stalk 

 

BFB reactor + 2 

consecutive cyclones + 

condenser, feed particle 

size 0.1-0.5 mm and 

moisture content 7.67 

wt%, 0.45 mm sand as a 

bed material, N2 as a 

fluidizing gas, pyrolysis 

temperature 500 
0
C 

 

66 

 

 

19.6 

 

Feed ash content 8.33 

wt% 

Bio-oil viscosity 129 

cSt (at 20 
0
C), pH 3.2, 

density 1.22 kg/L; bio-

oil composition, wt%: 

water content 22.5, 

nitrogen content 0.6, 

sulphur content 0.3, 

oxygen content 47.5 

Non-condensable gas 

yield 15.9 wt%; non-

condensable gas 

composition, wt%: N2 

85, CO2 5.78, CO 2.37, 

CH4 0.78, C2H4 0.62, H2 

0.03 

 

[30] 
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Type of 

biomass 

 

Process conditions 

Bio-

oil 

yield, 

wt% 

Bio-oil 

HHV, 

MJ/kg 

 

Notes 

 

Reference 

 

 

 

 

 

 

 

 

Coffee 

grounds 

 

 

 

 

BFB reactor (SUS 316 

stainless steel) + 

cyclone + condenser + 

ESP, feed particle size 

0.2-0.3 mm and 

moisture content 1.31 

wt% (wb), sand as a bed 

material, N2 as a 

fluidizing gas, pyrolysis 

temperature 550 
0
C, 

vapour residence time 

1.07 s 

 

 

 

 

 

 

 

 

54.85      

(wb) 

 

 

 

 

 

 

 

 

20.38 

 

Bio-oil viscosity 87.7 

cP (at 20 
0
C), pH 3.1, 

density 1.15; bio-oil 

composition, wt%: 

water content 31.11, 

nitrogen content 3.06 

(daf), no sulphur was 

detected, oxygen 

content  35.26 (daf), ash 

content 0.17 

Non-condensable gas 

yield ~ 16 wt%; non-

condensable gas was 

almost totally composed 

of CO2 and CO with the 

ratio of 2:1 between the 

former and the latter 

one 

 

 

 

 

 

 

 

 

[31] 
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Table 4: Examples of sewage sludge fast pyrolysis. 

Type of 

sewage 

sludge 

Process conditions 

Bio-

oil 

yield, 

wt% 

Bio-oil 

HHV, 

MJ/kg 

Notes Reference 

Dehydrated 

anaerobically 

digested 

sewage sludge 

Internally CFB reactor (6 

mm thick stainless steel) + 

scrubber + 2 consecutive 

condensers (operated at 3 

0
C, filled with methanol 

which was then removed 

from bio-oil by 

evaporation), feed moisture 

content 11.5 wt%, feed 

pulverized to ~ 2 mm, 0.16 

mm silica sand as a bed 

material, N2 as a fluidizing 

gas, pyrolysis temperature 

500 
0
C, ~ 1s vapour 

residence time 

28 

(wb) 
27 

Feed ash content 30 wt% 

Bio-oil yield was 

calculated by subtracting 

water from bio-oil; bio-

oil composition, wt%: 

water content 32.1, 

nitrogen content 12.3 

(db), sulphur content 

(db),  bio-oil oxygen 

content 19.2 (db), 

Non-condensable gas 

yield 7.2 wt% (wb), non-

condensable gas 

contained relatively high 

amount of CH4 and C2 (~ 

20 vol%) 

[21] 

Dehydrated 

sewage sludge 

BFB reactor (SUS 306 

stainless steel) + cyclone 

(kept at 400 
0
C) + hot filter 

(kept at 400 
0
C) + 2 

consecutive condensers 

(operated at -25 
0
C) + ESP, 

feed particle size 0.7 mm 

(smaller and bigger 

particles result in decrease 

in bio-oil yield) and 

moisture content 5.1%, 

40 µm Emery [Al2O3, 

(NANKO ABRASIVES, 

Japan)] as a bed material, 

produced non-condensable 

gas as a fluidizing gas, 

pyrolysis temperature 450 

50.4 

(wb) 
- 

Feed ash content 26.9%, 

feed chlorine content 881 

ppm (daf) 

Bio-oil contained large 

amount of nitrogen  

compounds, no ash was 

detected in bio-oil, 

bringing pyrolysis 

vapour into contact with 

fixed catalyst bed of CaO 

reduced Cl content in 

bio-oil from 498  ppm 

(without using of 

catalyst) to 73 ppm 

Non-condensable gas 

yield 10.5 wt% (wb) 

[32] 
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0
C 

 

 

 

 

Dehydrated 

anaerobically 

digested 

sewage sludge 

1 

 

 

 

 

BFB reactor + cyclone + 

hot filter + 2 condensers, 

feed particle size 250-500 

µm and moisture content 

5.3 wt% (wb), 150-250 µm 

sand as a bed material, N2 

as a fluidizing gas, 

pyrolysis temperature 550 

0
C 

 

 

 

 

 

45 

(daf) 

 

 

 

 

 

30.6 

(db) 

 

 

 

 

Feed ash content 52 wt% 

(wb) 

Bio-oil water content 

44.5 wt% (db), bio-oil 

viscosity 7.92 cSt (db), 

density 0.972 kg/L (db) 

Non-condensable gas 

yield ~ 35 wt% (daf); 

non-condensable gas 

composition (N2 fb), 

vol%: CO2 ~ 40, H2 ~ 25, 

CO ~ 15, CH4 ~ 10, H2S 

~ 2, C2 ~ 2 

[33] 

Type of 

sewage 

sludge 

Process conditions 

Bio-

oil 

yield, 

wt% 

Bio-oil 

HHV, 

MJ/kg 

Notes Reference 

Dehydrated 

anaerobically 

digested 

sewage sludge 

2 

BFB reactor + cyclone + 

hot filter + 2 condensers + 

ESP, feed particle size 250-

500 µm and moisture 

content 7.1 wt% (wb), 150-

250 µm sand as a bed 

material, N2 as a fluidizing 

gas, pyrolysis temperature 

550 
0
C 

50 

(daf) 

31.2 

(db) 

Feed ash content 41 wt% 

(wb) 

Bio-oil water content 

46.6 wt% (db), bio-oil 

viscosity 16.91 cSt (db), 

density 0.975 kg/L (db) 

Non-condensable gas 

yield ~ 30 wt% (daf); 

non-condensable gas 

composition (N2 free), 

vol%: CO2 ~ 60, CO ~ 

15, H2 ~ 10,  CH4 ~ 5, 

H2S ~ 2, C2 ~ 1 

[33] 
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Table 5: Examples of microalgae fast pyrolysis. 

Type of 

microal-

gae 

Process conditions 

Bio-

oil 

yield, 

wt% 

Bio-oil 

HHV, 

MJ/kg 

Notes Reference 

Remnants 

of solvent 

extraction 

of 

microal-

gae 

(Chlorel-

la 

vulgaris) 

for lipid 

recovery 

FB reactor (316 stainless 

steel) + 2 cyclones + 2 

condensers  (operated at 

20 
0
C) + ESP + 

condenser (operated at 1 

0
C), feed moisture 

content 4.39 wt%, 0.55 

mm silica particles as a 

bed material, pyrolysis 

temperature 500 
0
C 

53 

(47 

oil 

phase 

and 6 

aque-

ous 

pha-

se) 

24.57 

(oil 

phase) 

Feed ash content 8.34 wt% 

Bio-oil in two phase form (oil 

and aqueous phase), the largest 

amount of bio-oil collected from 

ESP 

Oil phase composition, wt%: 

water content 15.89, nitrogen 

content 12.8, oxygen content 

27.46 

Aqueous phase composition, 

wt%: water content 90.02, 

nitrogen content 1.78 

Biochar yield ~ 31 wt%, HHV 

23.04 MJ/kg; biochar 

composition, wt%: carbon 

content 61.96, nitrogen content 

9.43 

Non-condensable gas yield ~ 10 

wt%, HHV 5.1 MJ/kg; non-

condensable gas composition, 

vol%: CO2 71.7, CO 14.7, CH4 

6.6, C2-C3 ~ 5 

[34] 

Microal-

gae 

(Chllorel-

la 

protothe-

coides) 

BFB reactor + cyclone + 

series of condensers, 

feed particle size <0.18 

mm and moisture content 

5.39%, N2 as a fluidizing 

gas, pyrolysis 

temperature 500 
0
C, 

vapour residence time 2-

3 s 

17.5 

(oil 

phase

, db) 

30 (oil 

phase) 

Feed ash content 6.36% 

Bio-oil in 2 phase form (oil and 

aqueous phase); bio-oil 

composition, wt%: nitrogen 

content 9.74, oxygen content 

19.43 

Non-condensable gas yield ~ 

27.5 wt% 

Biochar yield ~ 55 wt% 

[35] 

Microal-

gae 

BFB reactor + cyclone + 

series of condensers, 

23.7 

(oil 

29 (oil 

phase) 

Feed ash content 13.26% 

Bio-oil in 2 phase form (oil and 
[35] 
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(Micro-

cystis 

aerugi-

nosa) 

feed particle size <0.18 

mm and moisture content 

4.4%, N2 as a fluidizing 

gas, pyrolysis 

temperature 500 
0
C, 

vapour residence time 2-

3 s 

phase

, db) 

aqueous phase); bio-oil 

composition, wt%: nitrogen 

content 9.83, oxygen content 

20.95 

Non-condensable gas yield ~ 56 

wt% 

Biochar yield ~ 20.3 wt% 

 



 

 

 

According to the tables presented above lignocellulosic biomass appears to be 

better feedstock for fast pyrolysis process than sewage sludge or microalgae, 

because it gives higher yields of bio-oil, which is homogeneous and contains 

much less nitrogen, sulphur and other elements and substances which are 

associated with environmentally harmful emissions. Among all the types of 

lignocellulosic biomass wood biomass is superior to herbaceous and agricultural 

biomass, as it generally contains much less ash and gives higher yields of bio-oil 

with higher heating values.  

Bark pyrolysis yields much less bio-oil than pyrolysis of stem wood. Also bio-oil 

produced from bark is of inferior quality in comparison to the bio-oil produced 

from stem wood: it is highly susceptible to phase separation because of bark 

elevated concentration of extractives and waxy materials. High inorganic species 

bark content is another bark drawback in terms of bio-oil production, as if 

sufficient retention of the inorganic species in biochar is not achieved, these 

species will end up in bio-oil significantly speeding up its aging [36]. Therefore it 

has to be noted that only debarked wood is a really attractive feedstock for bio-oil 

production.  

Presumably because of the advantages of wood biomass in terms of the bio-oil 

production and may be also because of the existing very well arranged handling 

infrastructures, wood biomass is used as a raw material in some commercial scale 

fast pyrolysis installations. In Canada commercial scale bubbling fluidized bed 

fast pyrolysis plants with capacity of 30 tonne/day and 200 tonne/day utilize wood 

waste as a feedstock [2]. In Finland Metso, UPM, Fortum and VTT have 

constructed an up to 7 tonne/day bio-oil production pilot unit integrated with a 

conventional fluidized bed boiler. The unit has already produced more than 100 

tonne of bio-oil from sawdust and forest residues. Around 40 tonne of that bio-oil 

has been combusted in Fortum's 1.5 MW district heating plant [37]. 
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2.2 Products 

2.2.1 Bio-oil 

Bio-oil can be regarded as a microemulsion of organic macromolecules stabilized 

in an aqueous solution of smaller organic molecules. The following types of 

organic compounds are mostly found in bio-oil: hydroxyaldehydes, 

hydroxyketones, sugars and dehydrosugars, carboxylic acids, phenolic 

compounds, furans, nitrogen compounds and multifunctional compounds [3, 10, 

12, 17].  

Bio-oil is a viscous (on average around 0.01-0.1 Pa·s at 40 
0
C), odorous, dark 

brown, free flowing, dense (around 1200 kg/m
3
) liquid with pH 2-4. It is 

corrosive, immiscible with petroleum fuels, and susceptible to ageing during 

storage, which results in an increase in its viscosity and water content, and may 

lead to a phase separation and deposition of solids. The fact that bio-oil is 

thermally unstable gives rise to a necessity to store it at a room or lower 

temperatures, as elevated temperatures accelerate its ageing [3, 10, 11, 12, 17]. 

Addition of methanol and ethanol into bio-oil is regarded to be a method of 

improving bio-oil stability during its storage and also of reducing its viscosity [2, 

10, 17]. A few examples of this phenomenon are described below. 

It was observed that addition of 10 wt% of methanol and 10 wt% of ethanol to 

bio-oil sample obtained from fast pyrolysis of mixture, comprised from poultry 

litter and pine wood with ratio of 1:1 between each other, decreased the sample 

viscosity 6.4 and 5.12 times, respectively, and decreased the rate of viscosity 

increase of the bio-oil sample while is storage for six months under room 

temperature 11.5 and 14.3 times, respectively [38]. Methanol addition has also 

been noticed to improve combustion of poor quality bio-oils [39]. 

The following effect of 10 wt% of methanol addition to bio-oil produced from 

pyrolysis of hydbrid poplar has been observed: after 96 hours of exposure of the 

methanol containing sample to 90 
0
C it was still a single phase liquid, while the 

pure bio-oil sample formed a waxy precipitate floating on its surface only after 8 

hours of exposure to 90 
0
C [40].  
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Bio-oil can be used as a fuel, for hydrogen generation through a catalytic steam 

reforming process [41] and as a source of valuable chemical compounds [2, 10, 

11, 12, 17]. Higher heating value of bio-oil is considerably lower than that of 

petroleum fuels [3, 17, 11, 12]. This is associated with the presence of water in 

bio-oil and with the fact that almost all constituents of bio-oil are oxygenated [2, 

3, 12, 17]. The latter is also believed to be the reason of such bio-oil drawbacks as 

immiscibility with petroleum fuels, corrosiveness and instability [3, 17]. 

High bio-oil water content (20-30 wt% on average, see tables II, III, IV, V) results 

from raw biomass moisture and from the dehydration reactions taking place 

during the pyrolysis process [3, 17, 18]. Much bio-oil water is attached to polar 

compounds by hydrogen bonds while some of the bio-oil water is in the form of 

aldehyde hydrates [3]. 

2.2.2 Biochar 

Biochar can be used for carbon sequestration [2, 42] and soil amendment [2, 42, 

43]. Biochar can be used instead of coke derived from fossil fuels in some 

metallurgical processes which will result in carbon neutral emissions of those 

processes [2]. Activated carbon with BET surface area of 788 m
2
/g, average pore 

size of 2.2 nm and mineral content of 10 wt% was produced from biochar 

obtained during pyrolysis of chicken litter at 360 
0
C [44].  

2.2.3 Non-condensable gas 

Using of non-condensable gas as a fluidizing gas in fluidized bed fast pyrolysis 

installations is beneficial for bio-oil production. There was observed an increase 

in bio-oil yield by 7.8 wt% when fluidizing gas was switched from nitrogen to 

produced non-condensable gas, char yield remained almost the same and non-

condensable gas yield declined by 6.7 wt% [32]. Bio-oil yield increase of 9 wt% 

was observed for the identical reason, char yield and non-condensable gas yield 

exhibit the same pattern in this case – the former one stayed almost the same 

while the latter one decreased by ~ 5 wt%, change in non-condensable gas 

composition was negligible [22]. In another case when fluidizing gas was 

switched from nitrogen to the produced non-condensable gas there was around 10 
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wt% rise in the bio-oil yield and a decline in the non-condensable gas yield of 

approximately the same level, while biochar yield remained the same [45]. 

N2, CO2, CO, CH4 and H2 have been evaluated as fluidizing gases for bubbling 

fluidized bed fast pyrolysis. The results of the evaluation revealed that using of 

CO2 and CO as a fluidizing gas leads to formation of bio-oil with smaller amount 

of methoxy-containing compounds in comparison to other tested gases. Methoxy-

containing compounds are believed to have a potential of causing polymerization 

reactions in bio-oil and thus contribute to its instability [28].  

Therefore using of CO2 and CO as fluidizing gases allows to produce more stable 

bio-oil. This is another reason in favour of using non-condensable gas as a 

fluidizing gas in fluidized bed fast pyrolysis installations, as CO2 and CO are 

major components of non-condensable gas.  

2.2.4 Products summary 

The table 6 presented below summarizes characteristics and possible applications 

of fast pyrolysis products. 

Table 6: Fast pyrolysis products overview.  

Product Composition Characteristics Applications 

Bio-oil 

Hydroxyaldehydes, 

hydroxyketones, 

sugars and 

dehydrosugars, 

carboxylic acids, 

phenolic compounds, 

furans, nitrogen 

compounds and 

multifunctional 

compounds 

Viscous, corrosive, 

unstable, HHV 15-25 

MJ/kg 

Fuel, precursor for 

hydrogen generation, 

feedstock for 

synthesis of various 

chemicals  

Biochar 

Carbon content up to 

80%, accumulates 

almost all ash  

HHV 25-30 MJ/kg 

Fuel, fertilizer, carbon 

sequester, precursor 

for activated carbon 

production  

Non-condensable gas 
CO2 (major 

component can be up 

Heating value is very 

dependent on the type 

Fuel in case CO2 

content is low enough, 
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to 70%), CO (on 

average ~ 40%), CH4 

(on average ~ 5%), C2 

(on average ~ 2%), H2 

(on average a trace) 

of biomass, usually 

low   

increases bio-oil yield 

and stability when 

used as a fluidizing 

gas in fluidized bed 

installations 

 

Based on the applications of fast pyrolysis products presented in the table 2.5 one 

should note that non-condensable gas and biochar can be used as fuels and 

therefore can be utilized within the process of fast pyrolysis to satisfy its internal 

heat and energy needs [1, 10, 12]. 

2.2.5 World bio-oil production rate 

No direct data about the world bio-oil production rate were found. However based 

on the available data about the rate of raw biomass consumption by existing today 

in the world industrial scale fast pyrolysis installations it is possible to estimate an 

annual bio-oil production rate in the world.  

In Netherlands there were built 4 rotating cone fast pyrolysis units with a 

maximum throughput of biomass of 2 tonne/hour [10]. On the  presumption that 

they operate on the continuous basis 24 hours per day and have totally 1 month of 

shutdowns per year, their maximum rate of biomass consumption is 2·24·11·4 = 

2112 tonne/year. 

In Canada there were built 4 bubbling fluidized bed fast pyrolysis units with a 

maximum throughput of biomass of 8 tonne/hour [10]. Using exactly the same 

assumptions as for the rotating cone units, their maximum rate of biomass 

consumption is 4 times higher and therefore is 8448 tonne/year. 

In Canada there were also built 8 circulating fluidized bed fast pyrolysis units 

with a maximum throughput of biomass of 4 tonne/hour [10]. Using the same 

assumptions as for the previous two estimations again, the maximum rate of 

biomass consumption by these circulating fluidized bed units is equal to the one in 

the previous case and is 8448 tonne/year.   

Therefore total maximum annual worldwide biomass consumption by the 

industrial scale fast pyrolysis installations is 2112 + 8448 + 8448 =  
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19008 tonne/year. Assuming the lower limit of the bio-oil yield of these 

installations is 40 wt% and the higher limit of the bio-oil yield of these 

installations is 70 wt%, the maximum worldwide rate of the industrial scale bio-

oil production lies in the range of 7603.2 tonne/year to 13305.6 tonne/year. 

 

2.3 Process description 

2.3.1 Process overview 

Block diagram of fast pyrolysis bio-oil production process from wood biomass is 

shown in the figure 1. 

 

 

Figure 1: Block diagram of fast pyrolysis bio-oil production process. 

At first raw biomass undergoes preprocessing which consists of debarking, 

grinding of the debarked wood to less than 2 mm particles and subsequent drying 

to less than 10 % moisture content. After the preprocessing stage the actual fast 

pyrolysis takes place: ground and dried biomass particles are pyrolysed into bio-

oil vapour, non-condensable gas and biochar. Then bio-oil vapour and non-

condensable gas are separated from biochar and in case of fluidized bed 

installations also from bed material. At the final stage of the fast pyrolysis process 

the mixture of bio-oil vapour and non-condensable gas is quenched. This leads to 

condensation of bio-oil and thus it gets separated from the non-condensable gas.   

2.3.2 Preprocessing 

Grinding of feed biomass to less than 2 mm particles and drying of those particles 

to less than 10 % moisture content are necessary for providing of required rate of 
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heat transfer during the pyrolysis process and for achieving low bio-oil water 

content in order to increase its heating value [10, 11, 12, 18]. 

One can assume that by grinding the feed biomass to particles of a very small size 

and by subsequent drying of them to a very low moisture content it is possible to 

maximize the bio-oil yield and its quality. However results of some research 

studies have demonstrated the opposite. 

It was observed that decrease of the size of feed particle to less than 0.7 mm led to 

a decrease of bio-oil yield and to an increase of non-condensable gas [22]. This 

phenomenon is attributed to the fact that reducing feed particle size beyond a 

certain level causes their overheating which results in an undesirable cracking of 

pyrolysis vapour into non-condensable gas [22, 25, 32].  

Even though pyrolysis of biomass with the lowest moisture content will result in 

production of bio-oil with the lowest water content, nevertheless some minimal 

amount of moisture in the feed biomass is necessary for efficient heat transfer and 

biomass decomposition [18]. 

2.3.3 Fast pyrolysis 

Pyrolysis is an endothermic process which requires continuous, intensive heat 

transfer to the reacting matter. Fast pyrolysis is conducted at the heating rates 

ranging from 100 to 10
5
 

0
C/s. Biomass pyrolysis results in formation of biochar 

and of product vapour consisting of condensable and non-condensable gas [2, 10, 

11, 12]. Almost regardless of the type of the feedstock biomass the highest yields 

of bio-oil are obtained at the reaction temperature of approximately 475-525 
0
C if 

the vapour residence time is short (around 0.2-0.6 s) [3, 10, 18, 46]. 

When biomass particles are heated to temperatures below 300 
0
C during their 

pyrolysis the following processes mainly occur in them: free radical formation, 

water evaporation and depolymerization. When temperature is in the range of 300 

0
C to 400 

0
C breaking of glycosidic linkages of polysaccharides is the prevailing 

reaction. When biomass particles are heated to the temperature above 400 
0
C, 

dehydration, rearrangement and fission of sugar units take place. Finally when the 
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temperature exceeds 450 
0
C a combination of all the processes described for every 

temperature range occur simultaneously [13]. 

While pyrolysis of biomass particles takes place their surfaces become covered 

with char. This char layer prevents efficient heat transfer and therefore it is needed 

to be removed [2]. For this reason a friction of biomass particles over a surface 

heated to the necessary temperature in order to provide attrition of the char layer 

and required rate of heat transfer can significantly intensify the pyrolysis process. 

From this point of view fluidized bed reactors should be very efficient pyrolysers, 

in case a bed of erosive granular material is used, as this provides a very high 

specific surface, resulting in effective heat transfer and ablation of the char layer 

from the surface of biomass particles. 

2.3.4 Gas-solid separation 

Cyclone separators appear to be the most feasible option for separation of product 

vapour from biochar and in case of fluidized bed installations also from bed 

material. However efficiency of cyclone separators, depending on their design, is 

limited to particle of 5-10 µm size [47]. Therefore some char fines will always 

penetrate into the bio-oil contributing to its instability and thus decreasing its 

efficiency when being utilized as a fuel [3].  

Filtration of hot product vapour prior to its condensation allows to get a char free 

bio-oil, though the yield of bio-oil in case of hot vapour filtration is reduced 

because of the cracking of the vapour by char accumulating on the filter surface 

[12]. Also it is impossible to remove the filter cake from the filter [10]. It was 

observed that after an incorporation of a hot vapour filter into the process the bio-

oil yield dropped by 6-7 wt% (db), water content increased by 1.2 wt% in case of 

cassava rhizome feed and by 13.4 wt% in case of cassava stalk, non-condensable 

gas yield rose by 8-10 wt% (db) [26]. The increase in water content the authors 

explain by secondary reactions taking place on the surface of the hot vapour filter. 

2.3.5 Quenching  

Quenching of product vapour after its separation from biochar and in case of 

fluidized bed installations also from bed material is conducted either in an earlier 

condensed bio-oil or in an immiscible hydrocarbon solvent [12]. While being 
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quenched bio-oil tends to form stable aerosols of sub-micron droplets in non-

condensable gases, thus in order to recover those aerosols and therefore to obtain 

the highest yields of bio-oil, non-condensable gases should be treated with 

electrostatic precipitators prior to their internal or external reuse [2, 48]. 

2.3.6 Fast pyrolysis chemical kinetics models 

Van de Velden et al. ([49]) proposed a model for biomass fast pyrolysis process 

which includes three primary parallel reactions and one secondary reaction. The 

primary parallel reactions are conversion of raw biomass into non-condensable 

gas, conversion of raw biomass into bio-oil vapour and conversion of raw biomass 

into biochar. The secondary reaction is cracking of bio-oil vapour into non-

condensable gas. Each of the reactions has its own rate constant. The principle of 

this model is depicted below in the figure 2 where k1, k2, k3 and k4 represent 

reaction constants of corresponding reactions. 

 

 Non-condensable gas 

                            k1                     k4    

    Raw biomass           k2          Bio-oil vapour 

                            k3 

                                               Biochar 

Figure 2: Biomass fast pyrolysis model [49]. 

Van de Velden et al. ([49]) state that the proposed model has been developed 

based on certain assumptions, which namely are: 1) the secondary reaction is 

much slower than the primary ones  and it can be suppressed by short residence 

time of product vapour and by fast separation of product vapour from biochar; 2) 

small size of biomass particles and high heat transfer rate in the pyrolyser make 

the internal thermal resistance of the particles negligible which results in their 

immediate heating to the pyrolysis temperature; 3) reaction rate equations of an 
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individual biomass particle are of the first order and follow the Arrhenius 

expression. 

Van de Velden et al. ([49]) represent fast pyrolysis reaction rate equations in the 

following way: 

                                                                                                            (1) 

                                           
   

  
                                                                   (2)     

                                           
   

  
                                                           (3) 

                                           
   

  
                                                           (4) 

                                           
   

  
                                                                    (5) 

where     t      time, s 

              k      overall reaction rate constant, s
-1

  

              mB    mass of residual biomass divided by mass of initial biomass  

              mG    mass of formed non-condensable gas divided by mass of initial 

biomass 

              mO    mass of formed bio-oil vapour divided by mass of initial biomass 

              mC    mass of formed biochar divided by mass of initial biomass. 

Taking into account that mG = 0, mO = 0 and mC = 0 when t = 0 the solutions for 

the equations 1 – 5 are:     

                                                                                                               (6) 

    

 
  [                                                                    ]

    
      (7) 

                                                     
            [               ]

    
                     (8) 
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                                             (9) 

 

Van de Velden et al. ([49]) claim that the amount of char after the completion of 

the pyrolysis reaction remains nearly constant and hence a relation between the 

three primary reaction constants can be written as: 

                                                     
    

      
                                             (10) 

where mC,∞ the amount of char after the completion of the pyrolysis reaction. 

Van de Velden et al. ([49]) used their model to simulate their own fast pyrolysis 

experiments conducted in circulating fluidized bed pyrolyser at 510 
0
C. In order to 

perform calculations they used overall rate constant k obtained from 

thermogravimetric experiments conducted by Van de Velden et al. ([50]) who 

determined that overall rate constant k for spruce wood at  

500 
0
C is 0.824 s

-1
. Using of this value may be a source of significant inaccuracy 

as heating rate in the thermogravimetric experiments performed by Van de Velden 

et al. ([50]) was  

1.7 
0
C/s, whereas in order to consider a process to be fast pyrolysis heating rate 

should exceed 100 
0
C/s.  

To find out rate constants k1 and k4 Van de Velden et al. ([49]) used 

preexponential coefficients (A1 = 14300 s
-1

 and A4 = 7900 s
-1

 respectively) and 

activation energies (E1 = 106.5 KJ/mole and E4 = 81 KJ/mole respectively) 

obtained by Di Blasi et al. ([51]). However it is not stated under which conditions 

(feedstock, heating rate, type of pyrolyser) these preexponential coefficients and 

activation energies were obtained, thus it is unclear whether they can be applied 

for prediction of distribution of products of pine wood fast pyrolysis process. Van 

de Velden et al. ([49]) calculated rate constants k2 and k3 by using the proposed 

equation 10 validity of which is questionable. 

Despite of all the listed above drawbacks the results calculated by means of the 

proposed by Van de Velden et al. ([49]) model are in good agreement (around 1% 

error) with the results of their own fast pyrolysis experiments conducted in 
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circulating fluidized bed pyrolyser at  

510 
0
C with unspecified biomass.  

Luo et al. ([52]) proposed a fast pyrolysis model (identical to the model proposed 

by Van de Velden et al. ([49]) presented in figure 1) and obtained a good 

agreement between the results calculated by the means of their model and 

experimental data which they got through pyrolysis of wood particles in their sand 

bed bubbling fluidized bed pyrolyser. Parameters which they used to calculate 

reaction rate constants are shown below in the table 7. 

Table 7: Parameters used for calculation of reaction rate constants by Luo et al. 

([52]). 

Number of reaction in 

the model scheme 

Preexponential coefficient, 

s
-1

 

Activation energy, 

kJ/mole 

1 1.08·10
7
 121 

2 2·10
8
 133 

3 1.3·10
8
 140 

4 3.09·10
6
 108 

 

Blondeau et al. ([53]) have a special approach to biomass fast pyrolysis modeling. 

In their model three main biomass components, namely cellulose, hemicellulose 

and lignin, are pyrolysed separately from each other and no interaction between 

them is assumed. 

Blondeau et al. ([53]) proposed two sets of chemical reactions taking place while 

pyrolysis of biomass. The first set consists of primary reactions which lead to 

volatilization of biomass and biochar formation. Corresponding kinetic 

parameters and enthalpies of formation are provided for these primary reactions. 

The second set contains secondary reactions of cracking of some of the products 

emitted to the gas phase during the primary reactions. Only corresponding kinetic 

parameters are provided for these secondary reactions. Both sets of reactions are 

presented below in the table 8. 
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Table 8: Biomass pyrolysis reactions and their parameters [53]. 

Primary reactions 

Reactant Products 

Preexponential 

coefficient in 

reaction rate 

constant 

equation, s
-1

 

Activation 

energy, 

kJ/mole 

Enthalpy 

of 

reaction, 

kJ/kg 

CELL CELLA 2.8·10
19

 242.4 447.7 

CELLA 

0.95 HAA + 0.25 GLYOX +  

0.2 CH3CHO + 0.25 HMFU + 

0.2 C3H6O + 0.16 CO2 +  

0.23 CO + 0.9 H2O + 0.1 CH4  + 

0.61 Char 

1.3·10
10

 150.5 899.6 

CELLA LVG 3.28·10
14

 196.5 732.2 

CELL 5 H2O + 6 Char 8·10
7
 133.9 -1087.8 

HCE 0.4 HCEA1 + 0.6 HCEA2 2.1·10
16

 186.7 548.1 

HCEA1 

0.75 G{H2} + 0.8 CO2 + 1.4 CO 

+ 0.5 CH2O + 0.25 CH3OH + 

0.125 ETOH + 0.125 H2O + 

0.625 CH4 + 0.25 C2H4 +  

0.675 Char 

2.6·10
11

 145.7 447.7 

HCEA1 XYL 8.75·10
15

 202.4 707.1 

HCEA2 

0.2 CO2 + 0.5 CH4 + 0.25 C2H4 + 

0.8 G{CO2} + 0.8 G{COH2} + 

0.7 CH2O + 0.25 CH3OH +  

0.125 ETOH + 0.125 H2O + 

Char 

10
10

 138.1 259.4 

LIG-C 

0.35 LIG-CC +  

0.1 pCOUMARYL +  

0.08 PHENOL + 0.41 C2H4 + 

H2O + 0.495 CH4 + 0.32 CO + 

G{COH2} + 5.735 Char 

4·10
15

 202.9 602.5 
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LIG-H LIG-OH + C3H6O 2·10
13

 156.9 523 

LIG-O LIG-OH + CO2 10
9
 106.7 510.4 

LIG-CC 

0.3 pCOUMARYL +  

0.2 PHENOL + 0.35 C3H4O2 + 

0.7 H2O + 0.65 CH4 + 0.6 C2H4 + 

G{COH2} + 0.8 G{CO} +  

6.4 Char 

5·10
6
 131.8 288.7 

LIG-OH 

LIG + H2O + CH3OH +  

0.45 CH4 + 0.2 C2H4 +  

1.4 G{CO} + 0.6 G{COH2} + 

0.1 G{H2} + 4.15 Char 

3·10
8
 125.5 100.4 

LIG FE2MACR 1.5·10
9
 143.8 577.4 

LIG 

H2O + 0.5 CO + 0.2 CH2O +  

0.4 CH3OH + 0.2 CH3CHO +  

0.2 C3H6O + 0.6 CH4 +  

0.65 C2H4 + G{CO} +  

0.5 G{COH2} + 5.5 Char 

7.7·10
6
 111.4 -209.2 

G{CO2} CO2 10
5
 100.4 0 

G{CO} CO 10
13

 209.2 0 

G{COH2} CO + H2 5·10
11

 272 0 

G{H2} H2 5·10
11

 313.8 0 

Secondary reactions 

Reactant Products 

Preexponential coefficient 

in reaction rate constant 

equation, s
-1

 

Activation 

energy, 

kJ/mole 

HAA 2 CO + 2 H2 4.28·10
6
 10

8
 

GLYOX 2 CO + H2 4.28·10
6
 10

8
 

C3H6O 
0.5 CO2 + 0.5 H2 + 1.25 

C2H4 
4.28·10

6
 10

8
 

C3H4O2 CO2 + C2H4 4.28·10
6
 10

8
 

HFMU CO + 1.5 C2H4 4.28·10
6
 10

8
 

LVG 2.5 CO2 + 1.5 H2 + 1.75 4.28·10
6
 10

8
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C2H4 

XYL 2 CO2 + H2 + 1.5 C2H4 4.28·10
6
 10

8
 

pCOUMARYL CO2 + 2.5 C2H4 + C 4.28·10
6
 10

8
 

PHENOL 
0.5 CO2 + 1.5 C2H4 + 2.5 

C 
4.28·10

6
 10

8
 

FE2MACR 2 CO2 + 3 C2H4 + 3 C 4.28·10
6
 10

8
 

List of abbreviations 

Abbreviation Name Atomic composition 

CELL Cellulose C6H10O5 

CELLA Activated cellulose C6H10O5 

HCE Hemicellulose C5H8O4 

HCEA1 Activated hemicellulose 1 C5H8O4 

HCEA2 Activated hemicellulose 2 C5H8O4 

LIG Lignin C11H12O4 

LIG-C Carbon-rich lignin C15H14O4 

LIG-H Hydrogen-rich lignin C22H28O9 

LIG-O Oxygen-rich lignin C20H22O10 

LIG-CC Carbon-rich lignin 2 C15H14O4 

LIG-OH OH-rich lignin C19H22O8 

G{CO2} Trapped CO2 CO2 

G{CO} Trapped CO CO 

G{COH2} Trapped COH2 COH2 

G{H2} Trapped H2 H2 

HAA Hydroxyacetaldehyde C2H4O2 

GLYOX Glyoxal C2H2O2 

C3H6O Propanal C3H6O 

C3H4O2 Propanedial C3H4O2 

HMFU 5-hydroxymethyl-furfural C6H6O3 

LVG Levoglucosan C6H10O5 

XYL Xylose monomer C5H8O4 

pCOUMARYL Paracoumaryl alcohol C9H10O2 

PHENOL Phenol C6H6O 
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FE2MACR Sinapaldehyde C11H12O4 
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Blondeau et al. ([53]) assumed that the proposed reactions follow first order 

chemical kinetics. Based on this assumption they used their model to simulate rate 

of biomass mass loss in pyrolysis experiments conducted by Lu et al. ([54]) with 

unspecified hardwood sawdust in an entrained-flow pyrolyser. It turned out that 

the results calculated by means of the model are in good agreement with the 

experimental data (around 5% error). 

2.4 Commercial processes 

2.4.1 Alternatives overview 

Even though there has been invented a lot of techniques of fast pyrolysis process, 

nevertheless nowadays only a few of them are operated on a pilot scale, namely 

ablative fast pyrolysis and rotating cone fast pyrolysis, while the only type of fast 

pyrolysis technology that finds its applications on a commercial scale is fast 

pyrolysis utilizing fluidized bed reactors [2, 10]. Other fast pyrolysis techniques 

that are either at an early stage of development or do not exhibit promising results, 

and for these reasons are left out of the scope of the current report, are vacuum 

fast pyrolysis, entrained flow fast pyrolysis, fixed bed fast pyrolysis, microwave 

fast pyrolysis and fast pyrolysis integrated with bio-oil upgrading units, such as 

hydrotreating and catalytic cracking [1, 10, 55]. 

2.4.2 Ablative fast pyrolysis 

Ablative fast pyrolysis process is based on bringing biomass particles into contact 

with a hot externally heated metal surface. Intensity of contact of biomass 

particles with the surface should be high enough so that suitable rates of heat 

transfer and char ablation are achieved. Main advantage of the process is 

possibility to use large biomass particles and therefore avoid high grinding costs. 

Disadvantages of this type of pyrolysers are complexity and difficulty of scale-up 

[2, 10]. 

2.4.3 Rotating cone fast pyrolysis 

Rotating cone pyrolyser is a relatively new type of fast pyrolysis reactors which is 

based on a principle of transported bed. The bed transport is provided by 

centrifugal force occurring in a heated rotating cone. An integrated rotating cone 

fast pyrolysis process flows as follows: biomass particles and sand are fed into the 
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cone where the former ones are pyrolysed. Product vapour escapes from the top of 

the cone and is quenched elsewhere. Char and sand drop into a fluid bed 

surrounding the cone where gas carrier entrains them to a separate fluid bed 

combustor in which sand is reheated by burning the char. The reheated sand is 

then transferred back to the cone [1, 10]. The main advantage of the technology 

utilizing rotating cone pyrolyser is that no carrier gas is used for product vapour 

transport and therefore its pressure is high. This makes the quenching procedure 

relatively easy. However the integrated process is admitted to be too complex in 

operation and difficult for scale-up [1]. Simplified rotating cone reactor and the 

integrated process are shown below in the figure 3. 

 

Figure 3: Simplified rotating cone reactor and the integrated rotating cone fast 

pyrolysis process [10]. 

2.4.4 Fluidized bed fast pyrolysis 

The gist of the fluidized bed fast pyrolysis process is that biomass is fed to a 

reactor containing fluidized bed of inert (usually sand) hot particles which provide 

a very good heat transfer and rapidly heat biomass to around 500 
0
C leading to its 

pyrolysis [2].  

Two kinds of fluidized beds are used for fast pyrolysis: bubbling fluidized bed 

and circulating fluidized bed. In bubbling fluidized bed fast pyrolysis reactors heat 

required for the reaction is provided by indirect heating of bed by burning of the 
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produced during the pyrolysis process non-condensable gas or char in heat 

exchange tubes inside the reactor. Biochar and product vapour generated in the 

reactor are separated from bed material in an internal reactor cyclone. Biochar 

particles are entrained by carrier gas and product vapour out of the reactor and 

separated from the gaseous matter in a cyclone separator (or in a series of cyclone 

separators) [1, 2, 10]. Schematic bubbling fluidized bed fast pyrolysis 

configuration is presented below in the figure 4. 

 

Figure 4: Schematic bubbling fluidized bed fast pyrolysis configuration [10]. 

In circulating fluidized bed fast pyrolysis reactors bed particles exit the reactor 

along with the product vapour and biochar. Bed particles and biochar are then 

separated from product vapour into a cyclone separator (or in a series of cyclone 

separators) and are transferred to a combustor where bed particles are directly 

reheated by combustion of biochar. Produced during the pyrolysis process non-

condensable gas also can be combusted to reheat the bed particles [1, 2, 10]. 

Another way to reheat bed particles which is considered to be a more effective 

alternative is to conduct at first gasification of biochar and then to burn the 
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resultant syngas to get the necessary heat for restoring bed particle temperature 

[10]. A typical simplified lay-out of circulating fluidized bed fast pyrolysis 

installation is depicted below in the figure 5. 

 

Figure 5: Typical simplified lay-out of circulating fluidized bed fast pyrolysis 

installation [10]. 

The bubbling fluidized bed fast pyrolysis reactors are characterized by relatively 

long vapour and particle residence time (around 5-10 s for vapour and much 

higher for particles), which ensures complete conversion of feed biomass and thus 

means a possibility to use large feed biomass particles. In the circulating fluidized 

bed fast pyrolysis reactors vapour residence time is around 0.5-1 s and particle 

residence time is around 1s. Such a high ratio between vapour and particle 

residence time gives rise to the following requirements: finer feed biomass 

particles (significantly increases the grinding costs) to ensure necessary rates of 

heat transfer, quick and effective mixing of feed biomass particles with hot bed 
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material to minimize the amount of unreacted biomass particles, and very quick 

separation of the exiting the reactor vapour from the hot solids [2]. The latter 

requirement is caused by the fact that biochar and ash particles present in the 

exiting the reactor stream act as a catalyst in the vapour cracking reactions and 

therefore reduce the yield of bio-oil [2, 10, 11, 12]. 

In comparison to bubbling fluidized bed installations circulating fluidized bed 

installations are more compact, produce less undesirable by-products because of 

the shorter vapour residence time and are less sensitive to density differences 

between heat carrier particles and biomass particles because all the solids are 

entrained out of the circulating fluidized bed pyrolyser. However circulating 

fluidized bed technology has a set of disadvantages and these are complexity, 

need of a bigger amount of fluidizing gas, necessity of fast separation of exiting 

the reactor vapour from the hot solids, need of finer biomass particles and much 

less flexibility in terms of produced biochar usage [2]. 

Circulating fluidized bed fast pyrolysis provides more intensive ablation of 

biomass particles which implies that it gives the higher bio-oil yield but short 

solid residence time can give rise to relatively high amount incompletely reacted 

feed particles and therefore the effect of the intense ablation will be neutralized 

[2]. 

Longer solid residence time in bubbling fluidized bed pyrolysers ensures complete 

conversion of feed biomass particles and therefore allows usage of larger feed 

biomass particles in comparison to circulating fluidized bed pyrolysers. On the 

other hand with regard to bubbling fluidized bed pyrolysers very careful selection 

of mean size and size distribution of feed biomass particles (which significantly 

increases the screening costs) should be done, as too big feed biomass particles 

will result in too big biochar particles which will not be effectively entrained out 

of the pyrolyser and thus will stay in the reaction zone acting as a cracking 

catalyst and reducing the bio-oil yield [1].  

Bubbling fluidized bed fast pyrolysis units are simple in construction and 

operation [10]. At the same time reliability of circulating fluidized bed technology 

for high capacity production has been proved by its wide implementation in 
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petroleum and petrochemical industry [10], namely in Fluid Catalytic Cracking 

and in Fluid Coking processes [2]. 

The table 9 below summarizes main advantages and disadvantages of both 

bubbling fluidized bed and circulating fluidized bed fast pyrolysis technologies. 

 

 

 

 

 

 

Table 9: Advantages and disadvantages of bubbling fluidized bed and circulating 

fluidized bed fast pyrolysis technologies. 

Fast 

pyrolysis 

technologies 

Advantages Disadvantages 

Bubbling 

fluidized bed 

Lower grinding costs 

Less fluidizing gas needed 

All the produced biochar is 

collected 

Higher screening costs 

Bigger more complicated 

pyrolyser 

Circulating 

fluidized bed 

Lower screening costs  

Compact simple pyrolyser 

Higher grinding costs 

More fluidizing gas needed 

All the produced biochar is 

burnt 

 

2.5 Environmental impacts 

If the produced during the fast pyrolysis biochar is not sent to an external 

consumer, it is burnt at the fast pyrolysis plant in order to provide heat required 
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for running the process. Along with the heat generation the result of its 

combustion is production of ash and hot flue gas [10, 12].    

According to the results of fast pyrolysis experiments conducted with wood 

biomass, on average there is only a trace of nitrogen in the biochar produced from 

wood biomass. Also the content of sulfur in wood biomass is almost zero [56]. 

Hence it can be assumed that there are virtually no SOX and NOX emissions when 

biochar produced from wood biomass pyrolysis is combusted. 

There have been reported only a few studies on biomass ash application as an 

adsorbent, raw material for ceramics, and as a cement and concrete additive. 

However the fact that fly ash produced during coal combustion finds its 

applications as an adsorbent, as a precursor for low grade zeolites, in cement 

industry and in construction of roadways, together with the fact that biomass ash 

does not contain toxic metals, give grounds to assume that in the nearest future 

biomass ash will be also widely used [57]. 

In [58] there was conducted an evaluation of 19 bio-oil fast pyrolysis samples. 

The results showed that all the samples were mutagenic, however none of them 

was found to be ecotoxicological. 

In Netherlands in 9 MWth industrial boiler facility there was conducted a 

comparison between combustion of bio-oil produced from fast pyrolysis of pine 

wood and combustion of a heavy fuel oil. The results of the test showed that NOX 

emissions of bio-oil combustion were 4.1 times lower, particulate emissions of 

bio-oil combustion were 1.5-2.3 times lower, and that the fouling tendency of the 

ash from bio-oil was twice lower than that of the heavy fuel oil [59]. 

Biodegradability of bio-oil is considerably higher than biodegradability of diesel 

fuels and moreover it can be accelerated by neutralization of bio-oil with basis 

such as lime [3]. Bio-oil biodegradability is also is confirmed by the results 

obtained in [58]. This fact gives grounds to assume that in case of accidental 

leakage of bio-oil during its storage or transportation it will be much easier to deal 

with the consequences of such a leakage than in the case of the diesel fuel 

accidental leakage. 
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3 INTEGRATION OF BIOMASS FLUIDIZED BED 

COMBUSTION WITH BIOMASS FLUIDIZED BED FAST 

PYROLYSIS 

3.1 Biomass fluidized bed combustion overview 

Oxidation of biomass with excess amount of air is called biomass combustion. It 

is conducted in boilers where the resultant hot flue gas produces steam in heat 

exchange elements. The produced steam is used for electricity generation [60]. 

Fluidized bed combustion is the most suitable type of combustion for biomass [4].  

In bubbling fluidized bed biomass combustion air is used as both fluidizing and 

oxidizing gas and sand or limestone is used as a bed material. The bottom part of 

the bubbling fluidized bed biomass boiler has such a cross-sectional area that 

superficial velocity of the fluidizing gas is above the minimum fluidization 

velocity and therefore the bed is kept in a fluidized state. There is an increase in 

the cross-sectional area of the boiler along its vertical axis so that the superficial 

velocity of the air is below the minimum fluidization velocity in the upper part of 

the boiler above the bed. This upper part functions as a disengaging zone and is 

usually referred to as freeboard. In the freeboard there may be placed an internal 

cyclone for circulation of fines entrained by upward flowing flue gas back to the 

bed. Also an overfire air may be injected into the freeboard to insure complete 

combustion of fines. An external burner fired by a conventional fuel is usually 

used for bed preheating to the biomass ignition temperature which is around  

540 
0
C. After the biomass is fed into the bottom section of the boiler the bed 

temperature rises to its operating range (790-870 
0
C). The bed temperature should 

be kept below the fusion temperature of the ash contained in the biomass under 

combustion. Temperature of the freeboard zone where the combustion is 

completed may be up to around 1000 
0
C. Complete ash carryover usually takes 

place in bubbling fluidized bed biomass boilers, so some gas-solid separation 

devices, such as cyclones or bag filters, are normally placed downstream the 

boilers [60].  

As in the bubbling fluidized bed boilers in circulating fluidized bed boilers air is 

used as both fluidizing and oxidizing gas and sand or limestone is used as a bed 
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material. In circulating fluidized bed boilers the air superficial velocity is higher 

throughout the boiler and due to this substantial amount of solids is entrained by 

the flue gas out of the boiler. Then solids are separated from the flue gas and 

circulated back to the boiler [60]. 

3.2 Integration alternatives 

Both bubbling fluidized bed and circulating fluidized bed combustion units have 

all the necessary preconditions for an integration with fast pyrolysis fluidized bed 

technology. There can be two options for the integration of each of the 

combustion methods: the bubbling fluidized bed combustion is integrated with 

either bubbling fluidized bed or circulating fluidized bed fast pyrolysis 

technology, and identically the circulating fluidized bed combustion is integrated 

with either bubbling fluidized bed or circulating fluidized bed fast pyrolysis 

technology.  

1) Integration of bubbling fluidized bed combustion with bubbling fluidized bed 

fast pyrolysis technology.  

The necessary modifications to the bubbling fluidized bed combustion unit are as 

follows: a bubbling fluidized bed pyrolyser and an external gas-solid separation 

system attached to the pyrolyser outlet are installed upstream the bubbling 

fluidized bed boiler. The solid outlet of the pyrolysis gas-liquid separation system 

is connected to the boiler, while the gas outlet of the pyrolysis gas-solid separation 

system is connected to the quenching system. This arrangement enables to 

transport biochar produced in the pyrolyser to the boiler where it is burnt for the 

heat production and to transport the vapour produced during the pyrolysis process 

to the quenching system where bio-oil and non-condensable gas are separated 

from each other. 

2) Integration of bubbling fluidized bed combustion with circulating fluidized bed 

fast pyrolysis technology. 

The necessary modifications to the bubbling fluidized bed combustion unit are as 

follows: a circulating fluidized bed pyrolyser and an external gas-solid separation 

system attached to the pyrolyser outlet are installed upstream the bubbling 
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fluidized bed boiler. The solid outlet of the pyrolysis gas-liquid separation system 

is connected to the boiler, while the gas outlet of the pyrolysis gas-solid separation 

system is connected to the quenching system. The pyrolyser bed material and 

biochar produced during the pyrolysis process exit the pyrolysis gas-solid 

separation system and are transported to the boiler where biochar is burnt for heat 

production and simultaneously for the pyrolyser bed material reheating. After 

being reheated the pyrolyser bed material is transported back to the pyrolyser. The 

vapour produced during the pyrolysis process exits the pyrolysis gas-solid 

separation system and is transported to the quenching system where bio-oil and 

non-condensable gas are separated from each other.  

3) Integration of circulating fluidized bed combustion with bubbling fluidized bed 

fast pyrolysis technology.  

The necessary modifications to the circulating fluidized bed combustion unit are 

as follows: a bubbling fluidized bed pyrolyser and an external gas-solid separation 

system attached to the pyrolyser outlet are installed upstream the circulating 

fluidized bed boiler. The solid outlet of the pyrolysis gas-liquid separation system 

is connected to the boiler, while the gas outlet of the pyrolysis gas-solid separation 

system is connected to the quenching system. This arrangement enables to 

transport biochar produced in the pyrolyser to the boiler where it is burnt for the 

heat production and to transport the vapour produced during the pyrolysis process 

to the quenching system where bio-oil and non-condensable gas are separated 

from each other. 

4) Integration of circulating fluidized bed combustion with circulating fluidized 

bed fast pyrolysis technology.  

The necessary modifications to the circulating fluidized bed combustion unit are 

as follows: a circulating fluidized bed pyrolyser and an external gas-solid 

separation system attached to the pyrolyser outlet are installed upstream the 

circulating fluidized bed boiler. The solid outlet of the pyrolysis gas-liquid 

separation system is connected to the boiler, while the gas outlet of the pyrolysis 

gas-solid separation system is connected to the quenching system. The pyrolyser 

bed material and biochar produced during the pyrolysis process exit the pyrolysis 
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gas-solid separation system and are transported to the boiler where biochar is 

burnt for heat production and simultaneously for the pyrolyser bed material 

reheating. The produced during the biochar combustion flue gas entrains the ash 

remained after the biochar combustion and the reheated pyrolyser bed material to 

the external boiler gas-solid separation system where the reheated pyrolyser bed 

material is separated from the flue gas and ash. The separated reheated pyrolyser 

bed material is then recycled back to the pyrolyser. The vapour produced during 

the pyrolysis process exits the pyrolysis gas-solid separation system and is 

transported to the quenching system where bio-oil and non-condensable gas are 

separated from each other.  

4 COMPARISON OF FLUIDIZED BED FAST PYROLYSIS 

TECHNOLOGIES DESIGN CONSIDERATIONS 

Internal heat transfer elements of the bubbling fluidized bed pyrolyser are difficult 

to design and scale up. Another design difficulty with regard to bubbling fluidized 

bed pyrolysers is associated with the importance of providing as much turbulence 

in the bed zone as possible in order to achieve the highest attrition of biochar 

particles so that they become sufficiently small and therefore are entrained by 

vapour and fluidizing gas out of the pyrolyser as effectively as possible [1].   

Design of a sweep gas introduction to the top of the bubbling fluidized bed 

pyrolyser is very important, as not enough narrow feed biomass particle size 

distribution will result in a considerable amount of biochar particles with such a 

size that will be small enough to make them float in the top section of the 

pyrolyser but at the same time will be big enough not to be entrained out of the 

pyrolyser by the rising product vapour and fluidizing gas [1]. 

A core aspect of the design of the circulating fluidized bed fast pyrolysis process 

is design of the bed material circulation system. Another important design 

consideration concerning circulating fluidized bed pyrolysers is the requirement 

of quick and effective mixing of feed biomass particles with hot bed material in 

order to minimize the amount of unreacted biomass particles. This gives rise to a 

necessity of very careful design of raw biomass feeding. 



58 

 

 

 

A crucial aspect of design of both bubbling fluidized bed and circulating fluidized 

bed fast pyrolysis installations is the temperature at which it is required to keep 

the product vapour line and external gas-solid separation system in order to 

prevent premature condensation of product vapour. 

A summary of design considerations peculiar to each of the fluidized bed fast 

pyrolysis technologies is presented in the table 10. 

Table 10: design considerations peculiar to each of the fluidized bed fast pyrolysis 

technologies. 

Fast pyrolysis 

technology 
Design considerations peculiar to the technology 

Bubbling 

fluidized bed 

Internal heat transfer elements 

Turbulent conditions in the bed zone 

Sweep gas introduction 

Circulating 

fluidized bed 

Bed material circulation system 

Raw biomass feeding 

 

5 PROCESS DESIGN 

5.1 Process description 

Schematic process diagram is depicted below in the figure 6. At first Scots pine 

logs are debarked. After that debarked wood and bark are ground to 2 mm 

particles. Bark and excess wood are transported to the sand reheater. The residual 

wood is dried to 10 wt% (wb) moisture content and fed to the pyrolyser. In 

pyrolyser feed particles come into contact with hot sand and are converted into 

bio-oil vapour, non-condensable gas and biochar. After leaving the pyrolyser bio-

oil vapour and non-condensable gas are separated from sand and biochar in 

cyclone 1. Sand and biochar are transported to the sand reheater where biochar, 

bark and excess debarked wood are burnt in order to restore the sand temperature 

to the necessary value. Reheated sand flows back to the pyrolyser. After being 

separated bio-oil vapour and non-condensable gas are transported to the quench 
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column where bio-oil vapour is condensed by drops of cooled bio-oil sprayed 

from the top of the quench column. Condensed bio-oil is transported to storage 

while bio-oil which was used for condensation is cooled in the bio-oil cooler and 

sprayed from the top of the quench column again. The part of non-condensable 

gas which was produced in the pyrolyser is discharged from the quench column to 

the environment while the other part of non-condensable gas is used in the 

pyrolyser as a fluidizing gas.   

 

Figure 6: Schematic process diagram. 

5.2 Feed selection and characteristics 

Scots pine accounts for half of the Finnish forest resources [61]. For this reason 

Scots pine wood is chosen as a feed for current fast pyrolysis process design 

study.  

Sable et al. ([62]) investigated wood composition of 27-year old Scots pine grown 

in Latvia and determined that it contained 49% of cellulose, 27.1% lignin, 20.7% 

of hemicellulose, 2.9% of extractives and 0.3% of ash on dry basis. As there was 

http://www.metla.fi/ohjelma/vmi/vmi-mvarat-en.htm
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found no composition of Scots pine grown in Finland and because of the 

relatively close geographical position of Latvia to Finland, the data obtained by 

Sable et al. ([62]) will be used to describe the composition of feed material in the 

current report. 

 

5.3 Pyrolyser material and heat balances 

5.3.1 Material balance 

It is designed that prior to be fed to the pyrolyser debarked ground Scots pine is 

dried to the moisture content of 10 wt% on wet basis. Thus when it is fed to the 

pyrolyser its composition is the following (wb): 44.1 wt% of cellulose, 24.4 wt% 

of lignin, 18.63 wt% of hemicellulose, 2.6 wt% of extractives, 0.27 wt% of ash 

and 10 wt% of water. 

Blondeau et al. ([63]) proposed mass fractions of fixed carbon in each of the main 

wood constituents: 0 for cellulose, 0.075 for hemicellulose and 0.3 for lignin. By 

means of this hypothesis it was calculated that fixed carbon content in Scots pine 

wood fed to the pyrolyser is 8.7 wt% (wb).  

The sum of fixed carbon content and ash content in Scots pine wood fed to the 

pyrolyser is necessary for determination of mass fraction of feed that will remain 

in solid form after complete pyrolysis. In our case it is 8.97 wt% (wb). 

This value of mass fraction of feed that will remain in solid form after complete 

pyrolysis was used to simulate the pyrolyser product distribution in the current 

design study by means of models proposed by Van de Velden et al. ([49]) and Luo 

et al. ([52]), but in both cases the mass balance was not converged. However in 

case of using the model proposed by Van de Velden et al. ([49]) quite reasonable 

value of 2.93 s for the time required for complete pyrolysis of the feed under 

consideration in the current design study     
     

 was obtained. This value of     
     

 

is used in the module 5.5 for determining the necessary pyrolyser height. The 

model proposed by Blondeau et al. ([53]) was not used for fast pyrolysis product 

distribution simulation due to its complexity. 
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In order to predict pyrolyser product distribution experimental results ([21], [23], 

[24], [25]) obtained with different types of pine wood were used. Based on these 

results it is assumed that in the current design study 1 kg of Scots pine wood fed 

to the pyrolyser is converted into 0.6 kg of bio-oil, 0.25 kg of non-condensable 

gas and 0.15 kg of biochar. 

The desired production capacity is 100 000 tonne of bio-oil per year. Taking into 

account the assumption about product distribution it was calculated that feed 

throughput to the pyrolyser that satisfies the production capacity requirement GF 

is 5.36 kg/s. Therefore the flow rate of bio-oil vapour produced in the pyrolyser 

GBO is 3.216 kg/s, the flow rate of non-condensable gas produced in the pyrolyser 

GNG is 1.34 kg/s, and the flow rate of biochar produced in the pyrolyser is 0.804 

kg/s.  

5.3.2 Heat balance 

The heat balance in pyrolyser is expressed below by the equation 11: 

                                             
     

   
     

                                     (11) 

where    GF        feed throughput, kg/s  

                 
     

  flow rate of the fluidizing gas supplied to the pyrolyser, kg/s 

             QP        specific heat required for pyrolysis, kJ/kg 

             LP         heat losses in pyrolyser, kW 

    
     

  specific heat required to heat the fluidizing gas supplied to the 

pyrolyser to the pyrolysis temperature, kJ/kg 

             GS        sand flow rate, kg/s  

             QS        specific heat transferred to sand in sand reheater, kJ/kg. 

Specific heat required for pyrolysis is assumed to be comprised of several 

components which are presented below in the table 11. 
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Table 11: Components of specific heat required for pyrolysis and their 

calculations procedures.   

Component of specific heat 

required for pyrolysis 
Symbol Unit Calculation procedure 

Sensible specific heat 

required to heat the water 

containing in the feed to  

100 
0
C 

QW,S kJ/kg                                   

Latent specific heat required 

to evaporate the water 

containing in the feed 

QW,L kJ/kg         
    

Sensible specific heat 

required to heat the water 

vapour to the pyrolysis 

temperature 

QV,S kJ/kg                                   

Sensible specific heat 

required to heat the feed to 

the pyrolysis temperature 

QF,S kJ/kg 
                 

              

Specific heat required for 

endothermic pyrolysis 

reactions 

QE kJ/kg                                         

 

Explanation of the symbols used in the table I: 

w              water mass fraction in feed on wet basis, - 

cpW            water specific heat capacity at 1 bar (4.2 kJ/kg 
0
C [64]) 

cpV            water vapour specific heat capacity at 1 bar (2 kJ/kg 
0
C [64]) 

TP              pyrolysis temperature (500 
0
C) 

TF              feed temperature (20 
0
C) 

  
             enthalpy of water vaporization at 100 

0
C and 1 bar (2256.43 kJ/kg [64]) 



63 

 

 

 

cpF              feed specific heat capacity, kJ/kg 
0
C 

QR             total sum of enthalpies of pyrolysis reactions, kJ/kg. 

Thus after all the components presented in the table 11 are calculated we can find 

the heat required for pyrolysis by adding all the components together: 

                                                                                      (12). 

 

The formula for calculation of the specific heat required to heat the fluidizing gas 

supplied to the pyrolyser to the pyrolysis temperature    
     

 is given below: 

                                            
          

                                                   (13) 

where         
     

   specific heat capacity of fluidizing gas supplied to the pyrolyser, 

kJ/kg 
0
C 

              Tquench  temperature of bio-oil and non-condensable gas leaving the 

quench column, 
0
C. 

 

In order to calculate QF,S we need to know specific heat capacity of dry Scots pine 

wood. Heat capacity of dry wood is virtually species independent and can be 

calculated as [65]: 

                                        [                        ]             (14) 

where    TDF    mean temperature of dry feed during its heating to pyrolysis 

temperature, 
0
C. 

It is assumed that the feed is heated from 20 
0
C to 500 

0
C, so TDF = 260 

0
C. Then 

the cp(F) is 2.302 kJ/ kg 
0
C. 

Rath et al. ([66]) performed simultaneous Thermogravimetric-Differential 

Scanning Calorimetry measurements in which they heated spruce wood particles 

(0.25 – 1 mm) from 75 to 500 
0
C at 10 

0
C/min. They determined that the enthalpy 
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of reaction of bio-oil vapour formation was 1277 kJ/kg. Using this value QE was 

calculated to be 1149.3 kJ/kg. 

Calonaci et al. ([67]) proposed that enthalpy of cellulose pyrolysis is 991.7 kJ/kg, 

enthalpy of hemicellulose pyrolysis is 1962.3 kJ/kg and enthalpy of lignin 

pyrolysis is 2393.2 kJ/kg.  Using the data obtained by Sable et al. ([62]) for our 

calculations QE was calculated to be 1386.62 kJ/kg.  

In order to ensure that enough heat is supplied for the pyrolysis process the latter 

value of QE was used for calculation of heat required for pyrolysis. 

Using the latter value of QE for calculation of heat required for pyrolysis (in order 

to ensure that enough heat is supplied for the pyrolysis process), GFQP was 

calculated to be 14.6 MW.  

   
     

 and Tquench which are required for calculations will be determined later in 

the course of calculating material and heat balances in the quench column and bio-

oil cooler. 

Heat losses in pyrolyser are assumed to account for 20% of       

   
        

      , then the amount of heat that is had to be supplied to the pyrolyser 

is               
        

       MW. 

The amount of heat that must be contained in the sand entering the pyrolyser is 

equal to the value presented above: 

                   
        

       MW. 

 

5.4 Condensing section material and heat balances in winter 

5.4.1 Quench column heat balance equation derivation 

Condensing section consists of a quench column where bio-oil is condensed and 

of a cooler where part of the condensed bio-oil is cooled and then returned back to 

the quench column where it is used as a condensing agent. This cooled 

recirculated bio-oil is referred to as “condensing bio-oil” and it is designed that it 
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enters the quench column at the temperature of  

20 
0
C. Condensing bio-oil is cooled to this temperature in a cooler. Pyrolysis 

vapour enters bottom of the quenching column and while it rises to the top of the 

quench column it comes into contact with droplets of the condensing bio-oil 

sprayed from the top of the quench column. As a result bio-oil vapour is 

condensed on the droplets of the condensing bio-oil. It is designed so that the 

temperature of bio-oil and non-condensable gas leaving the quench column Tquench 

is 40 
0
C. 

The amount of heat that is needed to be absorbed in the quench column Hquench is 

calculated according to the following formula: 

                                                                    
                       (15)   

where   HBO     heat required to be absorbed from bio-oil vapour, MW 

            HNG     heat required to be absorbed from non-condensable gas produced in 

the pyrolyser, MW 

                
     

  heat required to be absorbed from fluidizing gas supplied to the 

pyrolyser, MW. 

The coefficient 1.2 in the formula 15 is needed to ensure that sufficient amount of 

the condensing agent is used and therefore bio-oil condensation is complete. 

Mass fraction of water vapour in bio-oil vapour is assumed to be 0.25. Then the 

heat required to be absorbed from bio-oil vapour in the quench column is 

calculated as follows: 

                    [    
                    

                ]   

                         [   
            

       
              ]               (16) 

where        
     specific heat capacity of bio-oil vapour, kJ/kg 

0
C 

                  
     specific heat capacity of liquid bio-oil, kJ/kg 

0
C 

             EBO     enthalpy of bio-oil condensation, kJ/kg 
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             Tcond    temperature of bio-oil condensation, 
0
C 

             Tquench  temperature of bio-oil and non-condensable gas leaving the 

quench column, 
0
C 

                 
       specific heat capacity of water vapour (2.0268 kJ/kg 

0
C [64]) 

                 
       specific heat capacity of liquid water (4.2 kJ/kg 

0
C [64]). 

  

The heat required to be absorbed in the quench column from non-condensable gas 

produced in the pyrolyser is determined using the following formula: 

                                                                                                 (17) 

where        specific heat capacity of non-condensable gas produced in the 

pyrolyser, kJ/kg 
0
C. 

Calculation procedure of the heat required to be absorbed from fluidizing gas 

supplied to the pyrolyser is presented below: 

                                           
         

          
                                   (18) 

where        
        

    specific heat capacity of fluidizing gas supplied to the 

pyrolyser, kJ/kg 
0
C. 

Physical properties of bio-oil are modeled by those of phenol. Boiling point of 

phenol at 1 bar is 181.8 
0
C [64]. Based on this     

  is taken as specific heat 

capacity of gaseous phenol at 340.9 
0
C which is 1.97 kJ/kg 

0
C [68] and     

  is 

taken as specific heat capacity of liquid phenol at 110.9
0
C which is 2.41 kJ/kg 

0
C 

[68]. EBO is taken as heat of vaporization of phenol at boiling point which is 

503.33 kJ/kg [68]. Therefore HBO is 6.22 MW. 

Specific heat capacity of non-condensable gas produced in the pyrolyser is taken 

as specific heat capacity of carbon monoxide at 1 bar and 327 
0
C which is 1.087 

kJ/kg 
0
C [64]. Therefore HNG was calculated to be 0.67 MW. 
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Specific heat capacity of fluidizing gas supplied to the pyrolyser is also taken as 

specific heat capacity of carbon monoxide at 1 bar and 327 
0
C which is 1.087 

kJ/kg 
0
C [64]. Thus    

     
 is        

     
 MW. 

Therefore the amount of heat that is needed to be absorbed in the quench column 

Hquench is              
       MW. 

5.4.2 Determination of the flow rate of the fluidizing gas supplied to the 

pyrolyser 

The same amount of heat as Hquench is needed to be absorbed in the cooler in order 

to restore the condensing bio-oil temperature to 20 
0
C. Therefore the heat transfer 

area of the cooler must be sufficiently large so that not less than Hquench is 

transferred. 

Shell and tube heat exchanger with counter-current flow mode is chosen to 

perform cooler functions. Thus logarithmic mean temperature difference      is 

calculated as follows: 

                                                           
               

  
       

       

                                   (19) 

where    T1    hot fluid temperature at the inlet, 
0
C 

             T2    hot fluid temperature at the outlet, 
0
C 

             t1    cold fluid temperature at the inlet, 
0
C 

             t2    cold fluid temperature at the outlet, 
0
C. 

Cooling water is used for recovering of the used condensing bio-oil to the 

temperature of 20 
0
C from 40 

0
C. It is designed so that the cooling water enters 

the cooler at the temperature of 5 
0
C and leaves it at the temperature of 15 

0
C. 

Under these conditions      is 19.6 
0
C. The overall heat transfer coefficient U in 

the cooler is taken as 250 W/m
2
 
0
C [69]. 

Guidelines concerning outer diameter of tubes, height of tubes, tube arrangement, 

shell outer diameter and shell wall thickness given in [69] were used in order to 

calculate approximate heat transfer areas and amounts of heat that can be 
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transferred through them using the selected values for overall heat transfer 

coefficient (250 W/m
2
 
0
C) and logarithmic mean temperature difference (19.6 

0
C) 

for various cooler configurations. The results are presented below in the table 12. 

Table 12: Various cooler configurations and their corresponding approximate 

characteristics. 

Outer 

dia-

meter 

of 

tubes, 

mm 

Height 

of 

tubes, 

m 

Shell 

outer 

diame-

ter, m 

Shell wall 

thickness, 

mm 

Approxi-

mate 

number of 

tubes 

Approxi-

mate heat 

transfer 

area, m
2
 

Approxi-

mate heat 

transfer-

red, MW  

19 4.88 0.976 9.5 1744 508 2.5 

19 6.10 1.22 11.1 2732 995 4.9 

19 7.32 1.464 11.1 3960 1729 8.5 

25 4.88 0.976 9.5 1008 386 1.9 

25 6.10 1.22 11.1 1578 756 3.7 

25 7.32 1.464 11.1 2288 1314 6.4 

32 4.88 0.976 9.5 616 302 1.5 

32 6.10 1.22 11.1 964 590 2.9 

32 7.32 1.464 11.1 1396 1027 5 

 

According to the table 12 the most economical way to provide heat transfer area 

required to absorb Hquench from the used condensing bio-oil is to use in parallel 

two heat exchangers with tubes of 32 mm outer diameter and 7.32 m height. It 

means that the used condensing bio-oil stream is split into two equal parts and 

then each part is cooled separately. The highest amount of heat that can be 

transferred using this configuration is 10 MW. This value was assigned to Hquench 

and the maximum value of the flow rate of the fluidizing gas supplied to the 

pyrolyser that can be allowed was found to be 2.9 kg/s. 
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In order to ensure fulfillment of all the stated above requirements the flow rate of 

the fluidizing gas supplied to the pyrolyser    
     

 is designed to comprise 80% of 

its maximum value and thus is 2.3 kg/s. Therefore the amount of heat that is 

needed to be absorbed at first in the quench column and then in the two parallel 

coolers Hquench is 9.65 MW. 

5.4.3 Material balances 

The flow rate of the condensing bio-oil    
     that is required to absorb Hquench 

was calculated according to the following formula: 

                                               
     

       

                      
                                 (20) 

where                 specific heat capacity of condensing bio-oil, kJ/kg 
0
C. 

Specific heat capacity of the condensing cooled bio-oil is taken as the specific 

heat capacity of liquid phenol at 50 
0
C which is 2.25 kJ/kg 

0
C [68]. Using the 

value of the flow rate of the fluidizing gas supplied to the pyrolyser    
     

 

determined in the previous module, it was calculated that the amount of heat that 

is needed to be absorbed at first in the quench column and then in the two parallel 

coolers Hquench is 9.65 MW. Thus the flow rate of the condensing bio-oil    
     is 

214.45 kg/s. 

Specific heat capacity of cooling water used for recovering of the used condensing 

bio-oil to the temperature of 20 
0
C from 40 

0
C is taken as 4.2 kJ/kg 

0
C [64]. Then 

the required amount of cooling water   
     (it enters the cooler at the temperature 

of 5 
0
C and leaves it at the temperature of 15 

0
C) was calculated to be 229.8 kg/s. 

5.5 Condensing section material and heat balances in summer 

During the summer period it is designed that the temperature of bio-oil and non-

condensable gas leaving the quench column Tquench is 50 
0
C and that condensing 

bio-oil enters the quench column at the temperature of 30 
0
C. The cooling water 

enters the cooler at the temperature of 15 
0
C and leaves it at the temperature of  

25 
0
C.  
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Under these conditions Hquench is 9.5 MW, required heat transfer area in the cooler 

is 1939 m
2
, the flow rate of the condensing bio-oil    

     is 211 kg/s and the 

required amount of cooling water   
     is 226 kg/s. As these values are almost 

identical to those of the winter case, there is no need to calculate the size of the 

quench column and bio-oil cooler separately for each period. 

 

5.6 Pyrolyser sizing 

5.6.1 Introduction 

Pyrolyser is a vertical column to the bottom of which biomass particles and sand 

are introduced. Below the feed point there is a distributor plate through which 

fluidizing gas is blown. It entrains the particles and conveys them to the top of the 

pyrolyser where the exit point is situated. In the current design study diameter and 

height of the pyrolyser are estimated. The diameter calculations are based on the 

superficial velocity of fluidizing gas required for particle conveying and on the 

volumetric flow rate of the fluidizing gas. The height calculations are based on the 

time required complete pyrolysis     
     

. 

5.6.2 Fluidizing gas superficial velocity determination 

The diameter calculations are based on the superficial velocity of fluidizing gas 

required for particle conveying and on the volumetric flow rate of the fluidizing 

gas. At first the required superficial velocity of fluidizing gas was determined. 

The value of fluidizing gas superficial velocity should satisfy two requirements: 

1) it should be higher than the terminal velocity of particles; 2) it should exceed a 

minimal safe fluidizing velocity to avoid shutdown in the pyrolyser. At first 

terminal velocities of sand and biomass particles are calculated. The following 

formula is used for calculation of particle terminal velocities [70]: 

                                                           √
 

 

          

              
                                  (21) 

where         ut    particle terminal velocity, m/s 
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    ρp   particle density, kg/m
3
 

    ρg   fluidizing gas density, kg/m
3
 

         g    acceleration of gravity, m/s
2
 

 dp    particle diameter, m 

       partile spericity, -. 

The density of gas in the pyrolyser is approximated as a density of CO2 at 1 atm 

and 250 
0
C, which is 1.012 kg/m

3
 [71]. 

Diameter of feed biomass particles is 2 mm. Sphericity of feed biomass particles 

is taken as 0.63 (sphericity of broken solids [72]) and density as 510 kg/m
3
 [65]. 

Using these data terminal velocity of feed biomass particles ut(fb) was calculated 

to be 2.43 m/s. 

Diameter of biochar particles is assumed to be its mass yield fraction (0.15) 

multiplied by diameter of feed biomass particles, and therefore is 0.3 mm. 

Sphericity of biochar particles is assumed to be the same as of feed biomass 

particles. Density of biochar particles is calculated based on the densities and 

mass fractions of its constituents. Density of lignin is taken as density of feed 

biomass and density of ash is taken as density of CaO. Calculation of biochar 

density is presented below in the table 13. 

Table 13: Calculation of biochar density. 

Biochar component Mass fraction Density, kg/m
3
 

Carbon 0.8 2200 [64] 

Lignin 0.182 510 

Ash 0.018 3340 [64] 

Biochar overall 1 1913 

 

Based on the presented above assumptions about biochar particles their terminal 

velocity ut(c) was calculated to be 1.82 m/s.  
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The average terminal velocity of biomass in the pyrolyser   
      was taken as a 

mean of terminal velocities of feed biomass particles and biochar particles and 

therefore is equal to 2.125 m/s. 

Terminal velocity of sand particles ut(s) should equal the average terminal 

velocity of biomass         
      so that they are transported by the fluidizing 

gas at the same pace as biomass and thus the most efficient heat transfer in the 

pyrolyser is ensured. Hence we need to find such diameter of sand particles dS that 

satisfies this requirement. Sphericity of sand particles is taken as 0.66 (sphericity 

of sharp sand [72]) and density as 2648 kg/m
3
 (density of α-quartz [64]). 

   
   

               

         
      mm. 

As the flow rate of sand particles is much more than that of biomass particles, 

parameters of sand particles are used to estimate the required superficial velocity 

of fluidizing gas in the pyrolyser UFF. It was found out that minimal safe 

fluidizing velocity for sodium sulphate particles with density of 1280 – 1440 

kg/m
3
 and size not exceeding 0.5 mm is 3.1 m/s [72]. Size of the sand particles 

used in the system under design is 0.3 mm and their density is around two times 

the density of the sodium sulphate particles. Hence it is a reasonable 

approximation to assume that the minimal safe fluidizing velocity for the sand 

particles used in the system under design is two times higher than that for the 

sodium sulphate particles and therefore is 6.2 m/s. Based on this approximation 

the superficial velocity of fluidizing gas in the pyrolyser UFF is taken as 7 m/s.  

5.6.3 Fluidizing gas volumetric flow rate determination 

In order to determine the volumetric flow rate of the fluidizing gas in the 

pyrolyser the following factor should be taken into account: vertical pneumatic 

transport of solids can be conducted in either a dilute phase flow regime or in a 

dense phase flow regime. The former one is preferable to the latter one because in 

the dilute phase flow transport regime the pressure drop across the pyrolyser 

height is much smaller and the solids mixing is more intensive. Dilute phase flow 

is usually characterized by 0.01/1 to 15/1 solids to gas mass ratios, while dense 

phase flow is usually characterized by 15/1 to 200/1 solids to gas mass ratios [70]. 
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The pyrolyser hydrodynamics is designed so that the operation takes place in the 

upper region of the dilute phase flow regime – the ratio between the mass of 

solids and the mass of fluidizing gas is taken as 10 to 1. In our case the mass flow 

rate of solids is comprised of the mass flow rate of sand and of the mass flow rate 

of biomass particles. The latter ones undergo pyrolysis as they travel along the 

pyrolyser height and thus their mass flow rate varies from the mass flow rate of 

the feed biomass to the mass flow rate of the produced during the pyrolysis 

biochar. Hence the mass flow rate of biomass particles in the pyrolyser was taken 

as a mean between the mass flow rate of the feed biomass and the mass flow rate 

of the produced during the pyrolysis biochar. Therefore the mass flow rate of 

solids in the pyrolyser Gsolids was calculated as follows:   

        
      

 
             kg/s. 

Then the mass flow rate of the fluidizing gas in the pyrolyser GFG is: 

    
       

  
               kg/s.  

The fluidizing gas in the pyrolyser is composed of the gas supplied to the 

pyrolyser through the pyrolyser distributor plate and of the gas produced during 

the pyrolysis. The mass flow rate of the gas produced during the pyrolysis varies 

from zero to the sum of mass flow rates of bio-oil vapour GBO and non-

condensable gas produced in the pyrolyser GNG. Thus the mass flow rate of the 

gas produced during the pyrolysis is taken as a mean between zero and the sum of 

mass flow rates of bio-oil vapour and non-condensable gas. Taking this into 

account the mass flow rate of fluidizing gas that is needed to be supplied to the 

pyrolyser    
        

 is: 

   
             

        

 
               kg/s. 

Since mass flow rate of fluidizing gas that is needed to be supplied to the 

pyrolyser    
        

 is 2.3 kg/s, the mass flow rate of the fluidizing gas in the 

pyrolyser GFG and the sand flow rate GS are: 

       
         

        

 
               kg/s, 
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                               kg/s. 

Using the value of the mass flow rate of the fluidizing gas in the pyrolyser GFG 

and the approximation that the fluidizing gas density is equal to the density of 

CO2 at 1 atm and 250 
0
C, which is 1.012 kg/m

3
 [71], its volumetric flow rate in 

the pyrolyser VFG was calculated to be 4.53 m
3
/s. 

5.6.4 Diameter and height calculations 

The pyrolyser cross-sectional area Apyr is: 

     
   

   
      m

2
. 

Then the pyrolyser diameter Dpyr is: 

     √
     

 
     m. 

The required height of pyrolyser Hpyr is determined as a product of multiplication 

of the velocity of particles in the pyrolyser   
   

 by the time required for their 

complete pyrolysis     
     

 calculation procedure of which is discussed above in 

the module 5.3. Velocity of particles in the pyrolyser is defined as follows: 

                                                                  
   

       
                                (22). 

Thus the required height of pyrolyser Hpyr is: 

         
             

         m. 

5.6.5 Pressure drop calculation 

The formula for calculation of the pressure drop across the pyrolyser height ΔPpyr 

is presented below [70]: 

      
   

   

 
          

   
 

       
     

    
 

                 

√     
 

            

  
 

                                                                                                                   (23)   

where    f    gas-wall friction factor, -. 
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The value of the gas-wall friction factor f depends on the value of the pyrolyser 

Reynolds number Repyr which is defined as follows: 

                                                                
         

 
                                     (24) 

where    µ    viscosity of gas in the pyrolyser, Pa·s. 

If Repyr lies in the range from 3·10
3
 to 10

5
, then the gas-wall friction factor f is 

[72]: 

                                                               
                                             (25). 

If Repyr lies in the range from 10
5
 to 10

8
, then the gas-wall friction factor f is [72]: 

                                                                     
                             (26). 

Using the approximation that viscosity of gas in the pyrolyser is equal to viscosity 

of CO2 at 250 
0
C, which is 24.28 µPa·s [73], the pyrolyser Reynolds number Repyr 

was calculated to be 2.6·10
5
. This allowed to determine that the pressure drop 

across the pyrolyser height ΔPpyr is 0.02 bar. 

 

5.7 Cyclone sizing 

By means of simulation in Aspen Plus it was determined that in order to achieve 

99% separation efficiency two consecutive cyclones are required. Pressure drop in 

each cyclone is 0.015 bar. Cyclone dimensions (in meters) are depicted in the 

figure below. 
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Figure 7: Cyclone dimensions. 

 

5.8 Quench column sizing 

Bio-oil vapour and non-condensable gas enter the quench column from its bottom 

at the temperature of 500 
0
C. Condensed bio-oil cooled to the temperature of 20 

0
C is sprayed from the top of the column. When bio-oil vapour comes into contact 

with the liquid drops it condenses. Resulting bio-oil condensate exiting the 

column from its bottom has the temperature of 40 
0
C. The non-condensable gas 

also cools to 40 
0
C and leaves the column from its top. 

Densities of bio-oil vapour and non-condensable gas were calculated at 270 
0
C 

and 1 bar. Bio-oil was approximated as phenol. By means of the equation of state 
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of an ideal gas bio-oil vapour density was calculated to be 2.1 kg/m
3
. Non-

condensable gas composition based on the data presented in the table 2 in the 

module 2.1 is assumed to be as follows: CO2 60 wt%, CO 40 wt%. Using the 

equation of state of an ideal gas for this gas mixture its density was calculated to 

be 0.833 kg/m
3
. Mass fraction of bio-oil vapour in the gas mixture entering the 

quench column is 0.47, thus density of gas phase in the quench column is 1.43 

kg/m
3
.  

Density of liquid drops was taken as 1054.5 kg/m
3
 [64]. Sphericity of liquid drops 

was taken as 1. When diameter of liquid drops is 0.5 mm their terminal velocity 

(according to the formula 21) is 3.35 m/s. It is assumed that 2 m/s is safe velocity 

for the gas phase from flooding point of view. Volumetric flow rate of gas phase 

is 4.8 m
3
/s. Then if gas velocity is 2 m/s, diameter of the quench column DQQ is 

1.75 m. 

It is assumed that 5 s is sufficient contact time between bio-oil vapour and liquid 

drops to get complete condensation of the vapour. Based on this assumption 

height of the quench column HQQ is 10 m. 

Pressure drop in the quench column by means of simulation in Aspen Plus was 

determined to be 7.5∙10
-6

 bar. 

 

5.9 Bio-oil cooler sizing 

Bio-oil cooler is used to cool bio-oil that is sprayed from the top of the quench 

column for condensation of the bio-oil vapour coming out of the pyrolyser. While 

calculating the flow rate of the fluidizing gas supplied to the pyrolyser    
     

 in 

the module 5.4.2, it was determined that bio-oil cooling requires two shell and 

tube heat exchangers with shell outer diameter of 1.464 m and tubes of 32 mm 

outer diameter and 7.32 m height. Approximate number of tubes is 1396. The heat 

exchangers are used in parallel.  
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It is designed that bio-oil flows in tubes and water flows in the shell space. By 

means of simulation in Aspen Plus it was determined that pressure drop in tubes is 

0.06 bar and pressure drop in the shell space is 0.2 bar.  

 

5.10 Sand reheater material and heat balances 

5.10.1 Introduction 

Sand and biochar after being separated from bio-oil vapour and non-condensable 

gas are transported to the sand reheater where the sand must be reheated to such a 

temperature so that it provides enough heat for the pyrolysis when it flows back to 

the pyrolyser.  

At first it was verified whether the sand reheating can be achieved by means of 

biochar combustion only without any external fuel addition. Solving the heat 

balance for the situation when only biochar is burnt in the sand reheater revealed 

that it is impossible and therefore addition of some external fuel is needed. 

Then it was verified whether the sand reheating can be achieved by burning of 

biochar and totally dry bark obtained after the debarking step. It was determined 

that in this case sand temperature is also not restored to the necessary value. 

Finally it was calculated what value of raw undebarked Scots pine throughput 

gives enough bark and excess debarked wood to be burned in the sand reheater at 

its green moisture content along with biochar so that sand is reheated to the 

required temperature.   

In all heat balance equations it is assumed that heat losses in the sand reheater 

comprise 20% of all the heat produced in and supplied to the sand reheater. In all 

combustion reactions the required amount of oxygen was calculated as 1.1 of the 

stoichiometric amount on the presumption that 10% excess of oxygen is needed in 

order to ensure complete combustion. 

5.10.2 Reheating based on biochar combustion 

Biochar composition is assumed to be as follows [21, 23, 24, 25]: 80 wt% of 

carbon, 18.2 wt% of lignin and 1.2 wt% of ash. Oxidation of carbon and lignin 
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during the biochar combustion produces heat which is transferred to the resulting 

flue gas and sand. Part of the heat is lost to the environment. Thus if only biochar 

combustion is used to obtain the heat necessary to reheat the sand to the required 

temperature and no other fuels are added, the heat balance of sand reheater is 

expressed by the following equation: 

                     [                    
     

  ]         
      

            (27) 

where    GCh      biochar flow rate, kg/s 

             c          carbon mass fraction in biochar, - 

             HVC     carbon heating value (32.8 MJ/kg [64])          

             l            lignin mass fraction in biochar, - 

  LHVL   lignin lower heating value, MJ/kg 

     
         ash free biochar flow rate, kg/s 

     
        specific heat transferred to ash free biochar, kJ/kg 

    
        biochar combustion flue gas flow rate, kg/s 

    
       specific heat transferred to biochar combustion flue gas in sand 

reheater, kJ/kg. 

Temperature of both biochar and sand entering the sand reheater is taken as TP 

(500 
0
C). It is also assumed that all the products generated in the sand reheater 

leave it at the same temperature Tcomb [72]. Based on these assumptions the 

expressions for    
  ,   

     and QS were written in the following way 

                                              
                                                           (28) 

                                             
                                                        (29) 

                                                                                                        (30) 

where    cpCh_AF   specific heat capacity of ash free biochar, kJ/kg 
0
C 
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             cpG_Flue   specific heat capacity of biochar combustion flue gas, kJ/kg 
0
C 

             cpS         specific heat capacity of sand, kJ/kg 
0
C. 

In order to simulate combustion of lignin it was represented by a pseudo 

component. One of the lignin monomers appeares to be the most suitable 

substance for this purpose. There are three lignin monomers, namely trans-p-

coumaryl (C9H10O2), trans-coniferyl (C10H12O3) and trans-sinapyl (C11H14O4) 

[74, 75]. As atomic composition of trans-coniferyl is an average of all three lignin 

monomers, trans-coniferyl was chosen to be the pseudo component for lignin 

combustion simulation. Combustion reaction of trans-coniferyl (C10H12O3) is as 

follows: 

            C10H12O3 + 11.5O2 = 10CO2 + 6H2O 

Combustion reaction of carbon is as follows: 

             C       +      O2      =     CO2 

The necessary flow rate of air required for complete combustion of biochar GAIR 

is 9.62 kg/s. The composition of flue gas resulting from complete biochar 

combustion and specific heat capacities of its components are presented below in 

the table 14.  

Table 14: Composition of flue gas resulting from complete biochar combustion 

and its specific heat capacity. 

Gas Flow rate, kg/s 
Mass 

fraction 

Specific heat capacity 

at 427 
0
C and 1 bar,  

kJ/ kg 
0
C 

N2 7.27 0.7 1.098 [64] 

CO2 2.718 0.26 1.127 [64] 

H2O 0.088 0.008 2.0867 [64] 

O2 0.223 0.02 1.031 [64] 

Ar 0.129 0.012 0.5205 [64] 

Flue gas total 10.428 1 1.105 
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Higher heating value of lignin HHVL (MJ/kg) was calculated using formula 

proposed in [74]: 

                                                                                   (31) 

where    C, H and O    carbon, hydrogen and oxygen content respectively, wt%. 

Carbon content of trans-coniferyl (C10H12O3) is 66.67 wt%, oxygen content is 

26.66 wt% and hydrogen content is 6.67 wt% which means that HHVL is 27.72 

MJ/kg. Heat of vaporization of the released water QVW during combustion of 1 kg 

of lignin was determined to be 1.35 MJ/kg. Thus lower heating value of lignin 

LHVL is 26.37 MJ/kg. Carbon heating value HVC is 32.8 MJ/kg [64]. Therefore 

the total amount of heat produced during complete combustion of biochar 

                is 24.96 MW.          

According to the table 14 the heat that is transferred to the flue gas GG·QG was 

calculated as follows: 

  
      

       
                                             kW. 

The heat that is transferred to sand GS·QS is: 

                                         kW. 

The ash free biochar flow rate    
   is:  

   
                   kg/s. 

Specific heat capacity of ash free biochar         was approximated as a sum of 

specific heat capacities of graphite (1.2 kJ/kg 
0
C at 227 

0
C and 1 bar [64]) and 

lignin in accordance with their mass fractions in the ash free biochar (0.815 for 

graphite and 0.185 for lignin). The lignin heat capacity was taken as the wood 

heat capacity at 260 
0
C (2.302 kJ/kg 

0
C). Based on these presumptions the amount 

of heat contained in the ash free biochar can be calculated was calculated as 

follows: 

   
     

      
                         kW. 
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Using the knowledge that GSQS = 18.9 MW the temperature at which flue gas 

resulting from complete biochar combustion, ash and sand leave the sand reheater 

Tcomb was calculated to be 778 
0
C. 

5.10.3 Determination of the required combustion temperature 

It was calculated in the module 5.3.2 that GSQS is equal to         

        
        

       MW. The flow rate of the fluidizing gas supplied to the 

pyrolyser    
     

 is 2.3 kg/s. Specific heat of fluidizing gas supplied to the 

pyrolyser during the pyrolysis process    
     

 was calculated in the following way: 

   
          

                       kW. 

Thus the amount of heat that is had to be contained in the sand leaving the sand 

reheater GSQS is: 

                  
        

           MW. 

Combustion temperature in the sand reheater at which GSQS = 18.9 MW      
   

 

was calculated by means of the formula given below: 

                                                            
    

        

   
                                          (32) 

where           is specific heat capacity of sand, kJ/kg 
0
C. 

As it was calculated in the module 5.5.3 GS is 42.7 kg/s and therefore QS is  

442.6 kW. Specific heat capacity of sand was taken as a mean value in the range 

from 700 to 1000 K at 1 bar – 1.2 kJ/kg 
0
C [64]. Then the required combustion 

temperature in the sand reheater      
   

 is: 

     
    

        

   
 

             

   
     

0
C. 

As the required combustion temperature is higher than the temperature generated 

by the biochar combustion, addition of some external fuel is needed.  
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5.10.4 Reheating based on combustion of biochar and bark 

Bark obtained after the debarking step was selected to serve as an additional fuel. 

At first the case for absolutely dry bark was calculated in order to find whether the 

heat requirement can be satisfied by means of addition only the bark obtained 

after the debarking step. 

Moisture content of raw scots pine is 79 wt% (db) or 44.134 wt% (wb) [65]. 

Therefore feed throughput of raw debarked material   
    is 8.635 kg/s. Burk 

comprises 8.77 wt% of the Scots pine industrially usable stemwood [76]. Thus 

flow rate of raw undebarked material having 79 wt% (db) or 44.134 wt% (wb) 

moisture content       
    and of raw bark coming out of the debarking unit    

    

are 9.465 kg/s and 0.83 kg/s respectively. Bark ash content is around five times 

higher than wood ash content [77], therefore it is reasonable to assume that in our 

case bark ash content is 1.5 wt% (db). Taking into account that raw bark flow rate 

is 0.83 kg/s and that its moisture content is 79 wt% (db) or 44.134 wt% (wb), dry 

bark flow rate    
   

 is 0.457 kg/s. 

Bark composition of coniferous trees can be presented as C0.537 H0.06O0.403 [78]. 

Therefore bark combustion reaction is as follows: 

C0.537 H0.06O0.403 + 0.3505O2 = 0.537CO2 + 0.03H2O 

The required oxygen flow rate is 0.435 kg/s which means that 1.875 kg/s of air is 

needed. Based on this the composition of the flue gas resulting from complete 

bark combustion was found: 

Table 15: Composition and specific heat capacity of the flue gas resulting from 

the combustion of absolutely dry bark. 

Gas Flow rate, kg/s 
Mass 

fraction 

Specific heat capacity 

at 427 
0
C and 1 bar, 

kJ/kg 
0
C 

N2 1.415 0.6 1.098 [64] 

CO2 0.834 0.36 1.127 [64] 

H2O 0.0193 0.008 2.0867 [64] 
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O2 0.0435 0.018 1.031 [64] 

Ar 0.025 0.014 0.5205 [64] 

Flue gas total 2.337 1 1.11 

 

The equation for heat balance in the sand reheater with bark used as an additional 

fuel is as follows: 

                    
     

                
        

         
        

        (33) 

where              heat released during biochar combustion, kJ/s  

                        heat released during bark combustion, kJ/s  

      
       mass flow rate of flue gas resulting from biochar combustion, 

kg/s 

      
       mass flow rate of flue gas resulting from bark combustion, kg/s 

      
       specific heat of flue gas resulting from biochar combustion, 

kJ/kg 

      
       specific heat of flue gas resulting from bark combustion, kJ/kg. 

Specifc heats of flue gas resulting from biochar combustion    
      and flue gas 

resulting from bark combustion    
      were calculated as follows: 

                                            
                      

                                     (34) 

                                            
                      

                                    (35). 

Dry Scots pine bark LHV is 19.53 MJ/kg [79]. Thus heat released during 

combustion of absolutely dry bark    
   

 is: 

   
   

    
   

                kW. 

 

http://www.woodenergy.ie/woodasafuel/listandvaluesofwoodfuelparameters-part2/
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Heat that is contained in the flue gas resulting from combustion of absolutely dry 

bark: 

   
                                             kW. 

The combustion temperature in the sand reheater Tcomb when absolutely dry bark 

is used as an additional fuel was calculated to be 819 
0
C. This value of Tcomb is 

lower than      
   

 and therefore the only way to create      
   

 in the sand reheater 

is to increase undebarked raw Scots pine throughput so that there is more bark 

available for burning and also there is some excess of debarked wood that also can 

be burned in the sand reheater. 

5.10.5 Reheating based on combustion of biochar, bark and excess debarked 

wood 

The idea is to determine such a flow rate of raw undebarked Scots pine that will 

allow to create      
   

 in the sand reheater by burning bark and excess debarked 

wood at their green moisture content thus avoiding spending of energy required 

for their drying. 

The equation for heat balance in the sand reheater with raw bark and excess 

debarked raw wood used as an additional fuel in order to make the combustion 

temperature Tcomb be equal to the      
   

 is as follows: 

                  
     

                      
        

      

    
        

                                                                                                          (36) 

where              heat released during excess debarked raw wood combustion, 

kJ/s  

      
         mass flow rate of flue gas resulting from raw bark and excess 

debarked raw  wood combustion, kg/s 

                  
        specific heat of flue gas resulting from raw bark and excess 

debarked raw wood combustion, kJ/kg. 
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Dry scots pine debarked stem wood LHV is 19.31 MJ/kg [79]. LHV of bark and 

excess debarked wood with green moisture content was calculated as follows: 

                                                                 
                       (37) 

where            lower heating value of dry material, MJ/kg 

                
          enthalpy of water vaporization at 25 

0
C and 1 bar (2441.67 kJ/kg 

[64]) 

  M           moisture mass fraction, -. 

It was calculated that the raw bark flow rate    
    and excess debarked raw wood 

flow rate        
    required to generate      

   
 in the sand reheater are 0.982 kg/s and 

1.582 kg/s respectively. Thus the necessary throughput of raw undebarked Scots 

pine      is 11.2 kg/s. 

Based on the Scots pine composition [62] combustion reaction of debarked wood 

is as follows: 

C6.9H10.12O4.22 + 7.32O2 = 6.9CO2 + 5.06H2O 

The required air flow rate supplied to the sand reheater GAir is 18.04 kg/s. 

Composition and specific heat capacity of the flue gas leaving the sand reheater is 

given below in the table 16: 

Table 16: Composition and specific heat capacity of the flue gas leaving the sand 

reheater. 

Gas Flow rate, kg/s 
Mass 

fraction 

Specific heat capacity 

at 427 
0
C and 1 bar,  

kJ/ kg 
0
C 

N2 13.546 0.636 1.098 [64] 

CO2 5.370 0.252 1.127 [64] 

H2O 1.733 0.081 2.0867 [64] 

O2 0.416 0.02 1.031 [64] 

Ar 0.235 0.011 0.5205 [64] 

http://www.woodenergy.ie/woodasafuel/listandvaluesofwoodfuelparameters-part2/
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Flue gas total 21.3 1 1.178 

 

5.11 Sand reheater sizing 

5.11.1 Introduction 

The sand reheater is designed so that it consists of three sections: 1st section is the 

bottom one, 2nd section is the middle one, and 3d section is the top one. The 

supplied air is used as both fluidizing gas and as an oxidizing agent for 

combustion. While biochar, bark, wood and sand rise through the 1t section, 

biochar, bark and wood are burned by the supplied air. The idea behind the sand 

reheater configuration is to design the height of the 1st section so, that by the time 

biochar, bark and wood reach the 2nd section they are completely converted into 

ash and therefore all the heat resulting from their combustion is released in the 1st 

section. The diameter of the 2nd section must be designed so that the fluidizing 

gas velocity becomes lower than the terminal velocity of sand particles but at the 

same time stays higher than the terminal velocity of the ash particles. This ensures 

that sand particles fall down to the collection ports while ash particles are 

transferred higher to the 3d section of the sand reheater. 

The same formulas as in the module “Pyrolyser sizing” were used for calculation 

of particle terminal velocities and pressure drops in the sand reheater sections. 

5.11.2 First section 

Density of fluidizing gas in the 1st section was calculated to be 0.52 kg/m
3
 at 427 

0
C and 1 bar. It was taken as a mean between the air and flue gas densities. Data 

for both air and flue gas were taken from [64]. The same formula as in the module 

“Pyrolyser sizing” was used for calculation of particle terminal velocities: 

   √
 

 

          

              
 

Terminal velocity of sand particles in the 1st section   
       was calculated to be 

2.93 m/s. Density of Scots pine at green moisture content is 660 kgm
3
 [65]. 

Sphericity of wood particles is taken as 0.63 (sphericity of broken solids [72]). 
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Based on these parameters terminal velocity of wood particles in the 1st section 

  
       was calculated to be 3.84 m/s. Terminal velocity of biochar particles in 

the 1st section   
       was calculated to be 2.54 m/s. Density of ash was taken as 

3340 kg/m
3
 (density of CaO [64]) and based on this terminal velocity of ash 

particles in the 1st section   
       was calculated to be 0.45 m/s. It is designed 

that terminal velocity of bark particles is equal to the terminal velocity of sand 

particles. Density of bark is taken as half of the density of wood at its green 

moisture content. Size of bark particles db in this case was determined to be 2.3 

mm. Terminal velocities of particles in the 1st section of the sand reheater are 

summarized below in the table 17. 

Table 17: Terminal velocities of particles in the first section of the sand reheater. 

Type of particles Terminal velocity, m/s 

Sand 2.93 

Bark 2.93 

Wood 3.84 

Biochar 2.54 

Ash 0.45 

 

Mass gas flow rate in the 1st section of the sand reheater   
    is taken as a mean 

of flue gas flow rate and air flow rate and is 19.67 kg/s. Therefore volumetric gas 

flow rate in the 1st section of the sand reheater   
    is 37.83 m

3
/s. As it was 

determined in the module 5.6 fluidizing velocity for sand particles UFF is 7 m/s. 

Therefore cross-sectional area    
    and diameter    

    of the 1st section of the sand 

reheater are: 

   
    

  
   

   
     m

2
, 

   
    √     

   

    
     m. 

It was assumed that time required for complete combustion of biochar particles 

does not exceed 2 s [80]. Time required for complete combustion of wood and 



89 

 

 

 

bark particles was also assumed not to exceed 2 s. Velocity determining the height 

of the sand reheater 1st section was taken as a mean of those particles which are 

transferred at highest velocities, namely biochar and ash particles. Therefore 

height of the 1st section of the sand reheater    
    is: 

   
           

  
         

      

 
     m. 

The flow rate of solids in the sand reheater 1st section        
    was taken as a sum 

of sand flow rate and of a mean of biochar, wood, bark and ash flow rates and was 

calculated to be 44.4 kg/s. The ratio between the mass of solids and fluidizing gas 

in the sand reheater 1st section is 2.3. This corresponds to dilute phase flow 

regime [70] and therefore pressure drop in the 1st section of the sand reheater 

    
    was calculated by identical formula as in the module “Pyrolyser sizing”: 

    
    

   
   

 
        

     
    

       
    

   

   
    

            
      

    

√    
   

 
       

      
    

  
 

     
    . 

Viscosity of fluidizing gas in the 1st section was calculated to be 33.19 µPa·s at 

427 
0
C and 1 bar. It was taken as a mean between the air and flue gas viscosities. 

Data for both air and flue gas were taken from [64]. Based on this pressure drop in 

the sand reheater 1st section     
    was calculated to be 0.012 bar. 

5.11.3 Second section 

2nd section has an inverted conical shape: lower diameter is smaller and equals 

the 1st section diameter while upper diameter is larger and is equal to the 3d 

section diameter. Velocity of gas in the 2nd section as it reaches top of the section 

should become less than terminal velocity of sand particles but higher enough 

than terminal velocity of ash particles. If this requirement is satisfied ash is 

entrained to the 3d section while sand particles fall down to the collection ports 

and flow back to the pyrolyser. 

Only flue gas, sand and ash are present in the 2nd section of the sand reheater and 

their temperature is 869 
0
C. Density of flue gas at this temperature and 1 bar was 

calculated to be 0.331 kg/m
3
. It was calculated by means of the equation of state 
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of an ideal gas. Based on this density using the same formula as earlier terminal 

velocity of sand particles in the 2nd section   
       was calculated to be 3.675 

m/s and that of ash particles   
       was calculated to be 0.56 m/s.  

Fluidizing gas velocity at the top of the sand reheater 2nd section    
       

 was 

selected to be 2.5 m/s according to the calculated values of sand and ash particle 

terminal velocities. Volumetric gas flow rate in the 2nd section of the sand 

reheater   
    is 64.35 m

3
/s. Therefore cross-sectional area    

       
 and diameter 

   
       

 of the top of the sand reheater 2nd section are: 

   
        

  
   

   
              m

2
, 

   
        √     

       

    
     m. 

Height of the 2nd section of the sand reheater    
    was designed to be 1.5 m. 

Pressure drop in the sand reheater 2nd section is neglected. 

5.11.4 Third section 

Diameter of the sand reheater 3d section    
   is equal to the diameter of the top of 

the sand reheater 2nd section    
       

 and therefore is 5.7 m. Height of the 3d 

section of the sand reheater    
   was designed to be 3 m. Pressure drop in the sand 

reheater 3d section is neglected. 

5.11.5 Summary  

Height of the sand reheater HSR is 15.5 m. Its other basic dimensions are depicted 

in the figure 8 below. 
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Figure 8: Basic dimensions of sand reheater. 

Pressure drop of the sand reheater      was calculated to be 0.012 bar. 

 

5.12 Electrostatic precipitator sizing 

ESP sizing was carried out by means of simulation in Aspen Plus. ESP with the 

efficiency of ash removal equal to 99% has 35 plates with height 8.1 m and length 

6.3 m. Total width of the ESP is 7.752 m. Power requirement of the ESP is  

16.4 kW. Pressure drop in the ESP is 0.0001 bar. 

 

5.13 Drying section material and heat balances 

5.13.1 Introduction 

The flue gas produced in sand reheater is used to dry the incoming raw biomass to 

the required moisture content, which is 10 wt% (wb). The temperature of the flue 

gas is 869 
0
C which is too high, as it can cause the incoming raw biomass to 

pyrolyse in the drying section. For this reason the flue gas is diluted by the 



92 

 

 

 

ambient air so that the temperature of the mixture is 200 
0
C (the temperature 

which is supposed to be safe in terms of premature pyrolysis). This gas mixture is 

then used as a drying agent in the drying section. 

Heat capacity of air is taken at 107 
0
C and 1bar and is 1.012 kJ/ kg 

0
C [64]. 

According to the values of air and flue gas heat capacities the flow rate of air 

GDrying_Air required to obtain the 200 
0
C gas mixture was calculated in the 

following way: 

           
       

  
                  

   
     

             
 

                    

              
      kg/s, 

           
       

  
                  

   
     

             
 

                    

              
      kg/s. 

The flow rate of water that must be removed from the biomass during the drying 

process   
    was calculated to be 3.275 kg/s. 

5.13.2 Summer period 

The water content of the ambient air with which the flue gas is mixed is assumed 

to be 0.01 kg(water)/kg(dry air) which corresponds to relative humidity of 80% at 

the temperature of 20 
0
C. It is also assumed that the drying capacity of the gas 

mixture comprises 90% percent of the air with the same water content. Using the 

theoretical adiabatic drying model and Mollier air psychrometric chart [47], it was 

determined that 62.1 kg/s of gas mixture is needed when the temperature of the 

gas mixture leaving the dryer is 50 
0
C. As in the theoretical adiabatic drying 

model heat transfer to the material under drying is neglected, the value of the 

required gas mixture flow rate determined by this model was multiplied by a 

correction coefficient 1.2 and therefore the required flow rate of the gas mixture in 

the real dryer is 74.5 kg/s. Thus 39 kg/s of the gas mixture is left during the 

summer time. 

5.13.3 Winter period 

The ambient air during the winter period was assumed to have the same water 

content. Using the same assumptions as while calculating the required gas mixture 

flow rate for the summer period, required flow rate of the gas mixture in the real 
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dryer during the winter period was determined to be 77.25 kg/s and therefore 

19.45 kg/s of the gas mixture is left during the winter period. 

 

5.14 Dryer sizing 

Commercially available belt dryer with the following dimensions [81]: width  

4.3 m, length 3.98 m and height 3.1 m was selected for drying purposes.   

 

5.15 Pressure drops in pipelines 

5.15.1 Introduction 

Stated diameters of pipelines are inner diameters [82]. Roughness of pipeline 

walls is taken as 150 µm [83]. Pressure drops in the pipelines were determined by 

means of simulation in Aspen Plus. Valves and fittings were not taken into 

account while determining the pressure drops.  

5.15.2 Pipeline connecting pyrolyser to first cyclone and between cyclones 

Cross-sectional area of the cyclone inlet is 0.18 m
2
. It was decided to make the 

cross-sectional area of the pipeline connecting the pyrolyser outlet and the cyclone 

inlet to be as close as possible. Thus diameter of this pipeline was selected to be 

475.4 mm. Length of the pipeline was designed to be 0.5 m. In Aspen Plus 

pressure drop in this pipeline is 0.001 bar. 

Diameter of pipeline connecting the 1
st
 cyclone with the 2

nd
 one is 675.2 mm. 

Height of the vertical part is 0.5 m and length of the horizontal part is 1.2 m. 

Pressure drop in this pipeline without taking the bend into account is 0.006 bar. 

The bend is assumed to give the pressure drop of 0.01 bar. Thus the pressure drop 

in the pipeline is 0.016 bar. 

5.15.3 Pipeline connecting second cyclone to quench column 

The diameter is 675.2 mm. The horizontal part is 1 m long. The vertical part is 

14.8 m. Pressure drop in the horizontal part is 0.00005 bar. Pressure drop in the 

http://www.ela-vt.de/belt-dryer/belt-dryer.htm
http://www.engineeringtoolbox.com/pe-pipe-dimensions-d_321.html
http://www.efunda.com/formulae/fluids/roughness.cfm
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vertical part is 0.0008 bar. Thus pressure drop in the whole pipeline is  

0.00085 bar. 

5.15.4 Pipeline connecting quench column to pyrolyser 

Total length of the pipeline is estimated to be 15 m. The diameter is 190.2 mm. It 

is assumed that the pipeline has three bends. Pressure drop without taking the 

bends into account is 0.03 bar. Pressure drop taking the bends into account is  

0.15 bar. 

5.15.5 Pipeline connecting pump 1 to quench column 

Vertical part of the pipeline is 12 m. Diameter is 314.8 mm. Frictional pressure 

drop in the vertical part is 0.035 bar. Pressure drop associated with the head of the 

bio-oil in the pipeline was calculated to be 1.4 bar (bio-oil density was taken as 

1200 kg/m
3
 [3, 10, 11, 12, 17]). Pressure drop in horizontal parts of the pipeline 

was taken to be 0.1 bar (including bio-oil coolers). Pressure drop in the control 

valve was estimated using the number of velocity heads lost at the valve [69]. 

Velocity of bio-oil in the pipeline is 2.31 m/s and thus velocity head is 0.28 m of 

bio-oil. Number of velocity heads lost was taken as 50 [69] and therefore pressure 

drop in the control valve was estimated to be 1.65 bar. Therefore pressure drop in 

the whole pipeline is 3.185 bar. 

5.15.6 Pipeline connecting pump 2 to bio-oil coolers 

Diameter of the pipeline is 369.4 mm and thus velocity of cooling water in the 

pipeline is 2.3 m/s. Using the same method as in the module 5.15.5 it was 

estimated that pressure drop in the control valve is 1.33 bar. Pressure drop in the 

whole pipeline was estimated to be 2.5 bar. 

5.15.7 Pipeline connecting sand reheater to electrostatic precipitator 

Total length of the pipeline is estimated to be 17 m. The diameter is 532.6 mm. It 

is assumed that the pipeline has three bends. Pressure drop without taking the 

bends into account is 0.11 bar. Pressure drop taking the bends into account is 0.25 

bar. 
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5.15.8 Pipeline connecting electrostatic precipitator to the point where flue 

gas is mixed with the ambient air 

Total length of the pipeline is estimated to be 12 m. The diameter is 532.6 mm. It 

is assumed that the pipeline has two bends. Pressure drop without taking the bends 

into account is 0.075 bar. Pressure drop taking the bends into account is 0.15 bar. 

 

5.16 Plant layout 

 

Figure 9: Bio-oil plant layout. 
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6 ECONOMIC FEASIBILITY ANALYSIS 

6.1 Investment cost calculation 

Total investment cost is comprised of fixed capital investment and working 

capital. Fixed capital investment consists of ISBL (inside battery limits) 

investment, off-site investment, design and engineering costs, and contingency 

charges. ISBL investment is the cost of the plant itself which includes all the 

process equipment, piping, instruments, installation labour, civil works, etc. Off-

site investment is the cost of the site infrastructure modification necessary for 

accommodation of potential future expansion. Contingency charges must be 

added to the project budget to cover inaccuracies of cost estimates and unexpected 

expenses [69]. 

Factorial estimates method is used to calculate the ISBL investment. In this 

method purchased equipment cost Ce is multiplied by the sum of a set of factors in 

order to be transferred into capital equipment cost C which takes into account not 

only the cost of the equipment itself but also the cost of buildings and structures, 

installation labour, piping, materials, instruments, and civil works required for 

installation and future operation of the equipment. When capital costs of all the 

equipment items are added together the ISBL investment is obtained. 

According to the equipment list presented in the Appendix II we have equipment 

made from carbon steel, stainless steel 316 and Inconel. Installation factors used 

for all these materials are given below in the table 18. 

Table 18: Installation factors (fluids-solids process type) [69]. 

Item for which the 

factor is used 

Factor value for 

carbon steel 

Factor value for 

stainless steel 

316 

Factor value for 

inconel 

Equipment 

erection 

0.5 0.385 0.294 

Piping 0.6 0.6 0.6 

Instrumentation 0.3 0.23 0.18 
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and control 

Electrical work 0.2 0.154 0.12 

Civil engineering 

work 

0.3 0.23 0.18 

Structures and 

buildings 

0.2 0.154 0.12 

Lagging and paint 0.1 0.077 0.06 

Overall 

installation factor 

2.2 1.83 1.554 

  

Purchased equipment costs were obtained for the year 2007 in $ [84]. They were 

at first transferred to costs in $ for May 2013 by means of cost indices which were 

613.4 in March 2007 [85] and 692.8 in May 2013 [86]. Then costs in € in May 

2013 were calculated using average euro to dollar ratio in May 2013 which was 

1.2975 [87]. Off-site cost was taken as 40% of ISBL cost [69]. Engineering cost 

was taken as 30% of sum of ISBL cost and off-site cost [69]. Contingency charges 

account for 30% of the fixed capital investment. Breakdown of fixed capital 

investment for each equipment item is presented below in the table 19. 

http://matche.com/toc.htm
http://www.currency.me.uk/convert/eur/usd
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Table 19: Breakdown of fixed capital investment for each equipment item. 

Equipment 

item 

Purchased 

cost, € 

Erection 

cost, € 

Piping 

cost, € 

Instru-

mentation 

cost, € 

Electri-

cal work 

cost, € 

Civil 

work 

cost, € 

Structures 

and 

buildings 

cost, € 

Lagging 

and paint 

cost, € 

Off-site 

cost, € 

Engineering 

cost, € 

Contingency 

charges, € 

Debarker 741 850 285 327 445 110 171 196 114 131 171 196 114 131 57 065 840 002 882 003 1 638 005 

Dryer 446 690 171 804 268 014 103 082 68 722 103 082 68 722 34 361 505 791 531 080 986 292 

Pyrolyser 32 400 12 462 19 440 7 477 4 985 7 477 4 985 2 492 36 687 38 521 71 539 

Cyclone 1 27 430 13 715 16 458 8 229 5 486 8 229 5 486 2 743 35 110 36 866 68 465 

Cyclone 2 27 430 13 715 16 458 8 229 5 486 8 229 5 486 2 743 35 110 36 866 68 465 

Sand reheater 207 970 61 168 124 782 36 701 24 467 36 701 24 467 12 234 211 395 221 965 412 221 

Electrostatic 

precipita-tor 
388 600 194 300 233 160 116 580 77 720 116 580 77 720 38 860 497 408 522 278 969 946 

Quench tower 56 440 21 708 33 864 13 025 8 683 13 025 8 683 4 342 63 907 67 103 124 620 
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Equipment 

item 

Purchased 

cost, € 

Erection 

cost, € 

Piping 

cost, € 

Instru-

menta-tion 

cost, € 

Electri-

cal work 

cost, € 

Civil 

work 

cost, € 

Structures 

and 

buildings 

cost, € 

Lagging 

and paint 

cost, € 

Off-site 

cost, € 

Engineering 

cost, € 

Contingency 

charges, € 

Cooler 1 445 470 171 335 267 282 102 801 68 534 102 801 68 534 34 267 504 409 529 630 983 598 

Cooler 2 445 470 171 335 267 282 102 801 68 534 102 801 68 534 34 267 504 409 529 630 983 598 

Pump 1 25 520 9 815 15 312 5 889 3 926 5 889 3 926 1 963 28 896 30 341 56 348 

Pump 2 27 960 10 754 16 776 6 452 4 302 6 452 4 302 2 151 31 659 33 242 61 736 

Blower 1 52 600 26 300 31 560 15 780 10 520 15 780 10 520 5 260 67 328 70 694 131 290 

Blower 2 459 400 229 700 275 640 137 820 91 880 137 820 91 880 45 940 588 032 617 434 1 146 662 

Blower 3 1 188 900 594 450 713 340 356 670 237 780 356 670 237 780 118 890 
1 521 

792 
1 597 882 2 967 494 

Storage tank 

1 
466 230 179 319 279 738 6 452 71 728 107 592 71 728 35 864 487 460 511 833 950 547 

Storage tank 

2 
466 230 179 319 279 738 6 452 71 728 107 592 71 728 35 864 487 460 511 833 950 547 
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Potentially 

missing items 
1 500 000 750 000 900 000 450 000 300 000 450 000 300 000 150 000 

1 920 

000 
2 016 000 3 744 000 
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Based on the data given in the table 19 total investment cost was calculated. 

Working capital was taken as was estimated to be as high as 15% of fixed capital 

investment [69]. Breakdown of the total investment cost is presented below in the 

table 20. 

Table 20: Breakdown of the total investment cost. 

Equipment cost, € 7 006 590 

Equipment erection cost, € 3 096 525 

Piping cost, € 4 203 955 

Instrumentation cost, € 1 655 640 

Electrical work cost, € 1 238 610 

Civil work cost, € 1 857 915 

Structures and buildings cost, € 1 238 610 

Lagging and paint cost, € 619 305 

Off-site cost, € 8 366 860 

Engineering cost, € 8 785 200 

Contingency charges, € 16 315 375 

Working capital, € 8 157 690 

Total investment cost, € 62 542 275 

 

6.2 Operating cost calculation 

6.2.1 Raw material 

Average wood energy price in Finland in 2013 is 19 €/MWh. It is assumed that 

wood energy content is 0.8 MWh/loose m
3
 (or 2900 MJ/ loose m

3
). By 

multiplying these two values we get the price 15.2 €/loose m
3
. As 1 loose m

3
 is 

equal to 0.38 dry solid m
3
, price per 1 dry solid m

3
 is 40 €. Density of dry solid 

wood is taken as 445 kg/m
3
 and therefore final price is 0.09 €/kg of raw material 

which means that annual cost of the raw material is 31 062 060 €/year [88]. 

6.2.2 Utilities 

It is supposed that the bio-oil production site will be located by a lake or a river 

hence cooling water will be pumped from the water body. Therefore electricity is 
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only utility price of which should be taken into account. According to the 

equipment list given in the appendix II total electricity consumption is 9966 kW. 

However in order to take into account electricity consumption of potentially 

missing equipment items a factor of 1.5 was used and therefore annual electricity 

consumption is 14949 kW. Electricity price is taken as 6.44 cents/kWh [89]. 

Therefore annual expenses for electricity account for 8 317 860 €/year. 

6.2.3 Maintenance 

Maintenance is referred to both materials and labour and is taken as 5% of ISBL 

investment [69] which is 750 225 €/year. 

6.2.4 Operating labour and associated expenses 

It is assumed that there are 20 workers operating the bio-oil production site and 

that their annual salary is 840 000 €/year. It is also assumed that expenses 

required for supervision account for 100 000 €/year. Based on these assumptions 

expenses for fringe benefits, payroll taxes and health insurance are 376 000 €/year 

[69]. Thus operating labour and associated expenses are 1 316 000 €/year. 

6.2.5 Other expenses 

Other expenses comprising operating cost are property taxes and insurance, rent 

of land, and allocated environmental charges [69]. Their values and ways of 

calculation are presented below in the table 21. 

Table 21: Calculation of other expenses comprising operating cost. 

Expense item Cost, €/year Way of calculation 

Property taxes and 

insurance 

418 345 2% of ISBL investment 

[69] 

Rent of land 1 087 690 2% of fixed capital 

investment [69] 

Allocated environmental 

charges 

543 845 1% of fixed capital 

investment [69] 

Total 2 049 880 Sum of all the items 
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6.2.6 Total operating cost 

Total operating cost and its breakdown are given below in the table 22. 

Table 22: Total operating cost breakdown. 

Expense item Cost, €/year 

Raw material 31 062 060 

Utilities 8 317 860 

Maintenance 750 225 

Operating labour and associated 

expenses 

1 316 000 

Other expenses 2 049 880 

Total 43 496 025 

 

6.3 Profitability estimation 

The main aim of the current profitability estimation is to calculate how much 

should be the bio-oil price in order to reach certain values of IRR (internal rate of 

return). A set of assumptions was used while calculations: residual value was 

taken as zero, it was assumed that every year all the produced bio-oil is sold for 

the same price and therefore cash flow is the same every year. In case of uniform 

cash flows NPV (net present value) is calculated according to the following 

formula: 

                                                         
         

 
                          (38) 

where      AI    annual income, € 

               OC    operating cost, € 

                IC     total investment cost, € 

                i        interest rate 

                n       lifetime, years. 

As IRR is such an interest rate when NPV is zero, the equation 38 was equated to 

zero and bio-oil price was calculated at several values of IRR. Lifetime was set to 
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be 15 years. Based on the calculated bio-oil price there was determined payback 

period PP corresponding to each value of IRR using the following formula: 

                                                                 
  

     
                                           (39). 

 Results are given below in the table 23. Density of 1200 kg/m
3
 [3, 10, 11, 12, 17] 

was used to convert bio-oil price per kilogram into bio-oil price per liter. 

Table 23: Bio-oil price, cash flow and payback period at different values of IRR. 

IRR, % Bio-oil 

price, €/kg 

Bio-oil 

price, 

€/liter 

Payback 

period, 

years 

5 0.50 0.60 10.4 

10 0.52 0.62 7.6 

20 0.57 0.68 4.68 

30 0.63 0.75 3.3 

40 0.69 0.82 2.5 

50 0.75 0.90 2 

 

According to the tables given in the module 2.1 it is reasonable to assume that 

energy content of bio-oil is 18 MJ/kg. Based on this assumption there was 

calculated bio-oil price with regard to the thermal energy produced. Results are 

presented below in the table 24. 
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Table 24: Bio-oil price with regard to the thermal energy produced. 

IRR, % Energy 

price, 

€/MWh 

5 99 

10 103.4 

20 113.75 

30 125.3 

40 137.35 

50 149.7 

 

For comparison 30.5 €/MWh is the price for natural gas in europe in January 2013 

[90]. Price for crude oil is around 46 €/MWh [91]. Average wood energy price in 

Finland in 2013 is 19 €/MWh [88]. 

 

 

 

 

 

 

 

 

 

 

 

 

http://ycharts.com/indicators/europe_natural_gas_price
http://www.oil-price.net/
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CONCLUSIONS 

Biomass fast pyrolysis is a process which yields liquid biofuel called bio-oil. Bio-

oil can be burnt in thermal power stations and used as a precursor for production 

of hydrogen and valuable chemical compounds. After an upgrading step bio-oil 

can be used as a transport fuel. Therefore biomass fast pyrolysis is a process 

which produces a biofuel that potentially can replace conventional fossil based 

fuels. 

According to the literature survey conducted in the current master’s thesis woody 

biomass is the best type of biomass for fast pyrolysis as bio-oil produced from 

woody biomass has superior qualities in comparison to bio-oil produced from 

other types of biomass. For this reason woody biomass was selected to be the raw 

material in the current master’s thesis. Scots pine wood was chosen among the 

woody biomass as it comprises half of the Finnish forest resources. 

There was carried out a comparison of different existing biomass fast pyrolysis 

concepts and the results revealed that circulating fluidized bed installations have 

the highest potential to grow into commercial scale plants. Hence there was made 

a feasibility study for Scots pine wood circulating fluidized bed fast pyrolysis 

process with a bio-oil production capacity of 100 000 tonne/year. Process design 

and profitability estimation were performed within the feasibility study.  

As a result of a process design there were developed several documents. The first 

one is “Balance calculator” Excel spreadsheet calculating temperatures and mass 

flow rates of all the process streams depending on the value of the bio-oil 

production capacity. The second one is  process flow diagram stating temperature, 

pressure, mass flow rate and pipe diameter of all the process streams and 

dimensions of the main equipment for bio-oil production capacity of 100 000 

tonne/year. Both documents are presented in the current master’s thesis as 

appendixes. 

During the profitability estimation it was determined that investment cost for the 

bio-oil plant of 100 000 tonne/year production capacity is 62 545 275 € and 

operational cost is 43 496 025 €/year. It was also calculated that in order to 

achieve 20% internal rate of return bio-oil price per MWh of generated thermal 
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energy must be 113.75 € which is around 6 times higher than that of wood, 4 

times higher than that of natural gas and 2.5 times than that of crude oil.  

This means that bio-oil cannot enter the fuel market at the current stage of 

development of the biomass circulating fluidized bed fast pyrolysis process and 

therefore subsidies from the government and further improvement of the 

technology are required in order to enable bio-oil be a competitive product in the 

fuel market.  
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APPENDIX I  

BALANCE CALCULATOR DESCRIPTION 

There was developed an Excel spreadsheet which calculates mass balances in all 

the equipment items so that values for all the inflow and outflow streams are 

displayed. Those cells where the input parameters required for calculations should 

be entered are highlighted with the yellow colour. The spreadsheet calculates 

mass balances by means of formulas contained in the module 5 of the current 

document and also formulas derived from them.  
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APPENDIX II 

BALANCE CALCULATOR EXAMPLE 

 



120 

 

 

 

APPENDIX III 

EQUIPMENT LIST 

Name Type Technical parameters Material 

Debarker Drum Diameter 5 m, length 28 m Stainless 

steel 316 

Dryer  Belt Length 3.98 m, width 4.3 m, height 

3.1 m 

Stainless 

steel 316 

Pyrolyser  Horizon-

tal 

column 

with 

round 

ends 

Diameter 0.9 m, height 14.3 m Stainless 

steel 316 

Cyclone 1  Reverse-

flow 

Cylindrical part: diameter 1.35 m, 

height  

2 m 

Conical part: bottom diameter 0.5 m, 

height 3.35 m 

Gas inlet: width 0.27 m, height 0.67 m 

Gas outlet: diameter 0.67 m, height 

0.67 m  

Carbon steel 

Cyclone 2  Reverse-

flow 

Cylindrical part: diameter 1.35 m, 

height  

2 m 

Conical part: bottom diameter 0.5 m, 

height 3.35 m 

Gas inlet: width 0.27 m, height 0.67 m 

Gas outlet: diameter 0.67 m, height 

0.67 m  

Carbon steel 

Sand 

reheater  

Riser 

reactor 

Dense bed section: diameter 2.6 m, 

height 11 m 

Inconel 
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with a 

free-

board 

and no 

internal 

cyclones 

Conical section: bottom diameter 2.6 

m, top diameter 5.7 m, height 1.5 m 

Freeboard section: diameter 5.7 m, 

height  

3 m 

Electrosta-

tic 

precipita-

tor 

Dry Length 6.3 m, width 7.752, height 8.1 

m, power 16.4 kW 

Carbon steel 

Quench 

tower  

Horizon-

tal 

column 

with 

round 

ends 

Diameter 1.75 m, height 10 m Stainless 

steel 316 

Cooler 1  Shell and 

tube heat 

exchan-

ger 

Shell outer diameter 1.464 m, 1396 

tubes of 32 mm outer diameter and 

7.32 m height, approximate heat 

transfer area 1027 m
2
 

Stainless 

steel 316 

Cooler 2  Shell and 

tube heat 

exchan-

ger 

Shell outer diameter 1.464 m, 1396 

tubes of 32 mm outer diameter and 

7.32 m height, approximate heat 

transfer area 1027 m
2
 

Stainless 

steel 316 

Pump 1  Centri-

fugal 

Power 106.6 kW Stainless 

steel 316 

Pump 2  Centri-

fugal 

Power 66 kW Stainless 

steel 316 

Blower 1  Centri-

fugal 

Maximum capacity 92 m
3
/min, power  

99 kW 

Carbon steel 

Blower 2  Centri-

fugal 

Maximum capacity 1825 m
3
/min, 

power 2983 kW 

Carbon steel 
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Blower 3  Centri-

fugal 

Maximum capacity 4800 m
3
/min, 

power 6711 kW 

Carbon steel 

Storage 

tank 1 

Storage 

tank 

Volume 3250 m
3
 Stainless 

steel 316 

Storage 

tank 2 

Storage 

tank 

Volume 3250 m
3
 Stainless 

steel 316 
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APPENDIX IV 

PROCESS FLOW DIAGRAMS 
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